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Foreword
During the middle of the last century, when the first synthetic membrane with tailor-made separation properties became
available, a multitude of technically and commercially interesting applications were identified. Today, 50 years later,
membranes and membrane processes have indeed become valuable tools for the separation of molecular mixtures. They are
the key components in artificial organs and in devices for the controlled release of active agents, or in energy conversion and
storage systems. Seawater and brackish water desalination using reverse osmosis and electrodialysis are energy efficient and
highly economic processes for large-scale production of potable water. Micro- and ultrafiltration are used for the production of
high-quality industrial water and for the treatment of industrial effluents. Blood detoxification by hemodialysis and hemofiltra-
tion improves the quality of life for more than 1.3 million people suffering from acute and chronic renal failure. Membrane
processes have found a multitude of applications in chemical and pharmaceutical industries as well as in food processing and
biotechnology. They are used on a large scale in gas separation and as tools in analytical laboratories. Today’s membrane-based
industry is serving a rapidly growing multibillion euro market with a large number of products and processes. The development
of membranes with improved properties will most likely increase the importance of membranes and membrane processes in a
growing number of applications for the sustainable growth of modern industrial societies.

The term ‘‘membrane’’ refers not to a single item, but covers a large variety of structures and materials with very different
properties. The same is true for membrane processes, which can be very different in the way they function. However, all
membranes and membrane processes have one feature in common, i.e., they can perform the separation of certain molecular
mixtures effectively and economically at ambient temperature, and without any toxic or harmful reaction by-products.

In the early days of membrane science and technology, research was mainly concentrated on elucidating the membrane
mass transport mechanism and on developing membrane structures with specific mass transport properties. The fundamentals
of most membrane processes and membrane preparation procedures are described in great detail in a large number of
publications in various scientific journals and in several excellent textbooks. However, the application of membranes and
membrane processes is much less comprehensively covered in today’s literature. Only a relatively small number of applications
of membrane processes such as reverse osmosis, micro- and ultrafiltration, and gas separation and pervaporation are treated in
textbooks and reference books. A large number of interesting membrane applications in the food and drug industry, in chemical
and electrochemical synthesis, and in artificial organs are often not adequately treated in the membrane-related literature, but
are published in journals specific for certain industries, which are outside of the interest of many membrane scientists.
Furthermore, application-oriented membrane studies that are often carried out in industrial enterprises are described only as
patents, or are not published at all. Therefore, it is difficult to obtain a reasonably complete overview of the very large and
heterogeneous field of membrane applications without reading a number of very different journals and patents where most of
the publications are not really membrane related.

The aim ofHandbook of Membrane Separations: Chemical, Pharmaceutical, Food, and Biotechnological Applications is to
fill the gap in the presently available membrane literature by providing a comprehensive discussion of membrane applications in
the chemical, food, and pharmaceutical industries, in biotechnology, and in the treatment of toxic industrial effluents. The
applications of membranes in different areas are described by scientists and engineers who not only are experts in membrane
science and technology but also have extensive experience in the specific field of membrane application. This book is not
competitive, but rather complementary to other textbooks and handbooks on membrane science and technology presently
available in the market. It provides enough background information on the various membrane components and processes to
evaluate their potential applications without a detailed treatment of the fundamental aspects of membrane mass transport theories
and membrane structure development. The book should, therefore, be of great value to scientists and engineers who are not
necessarily membrane experts but are interested in using membrane processes in solving specific separation and mass transport
problems. It is equally suited for the newcomers in the field of membrane science as for engineers and scientists, who do have
basic knowledge inmembrane technology but are interested in obtainingmore information on specific present and potential future
membrane applications. It also provides an excellent base for courses and lectures in postgraduate education.

Professor Heiner Strathmann
University of Stuttgart

Germany
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Preface
During the past two decades, membrane technology has grown into an accepted unit operation for a wide variety of separations
in industrial processes and environmental applications. Tighter environmental legislation calls for equipment that is able to deal
with the removal of components across a wide range of concentration levels and that offers considerable flexibility and
efficiency. Membrane technology first became important during the 1960s and 1970s in water treatment and in processes such
as reverse osmosis, ultrafiltration, dialysis, electrodialysis, and microfiltration. During the 1980s, membrane technology began
to be applied on a large scale in the field of gas purification. The successful introduction of membrane technology in these fields
was mainly the result of the development of reliable and selective polymeric membranes.

There are a number of reference publications in the field of membrane technology, such as handbooks, monographs, and
compendia of conference and workshop proceedings. The relative abundance of such works begs the questions, ‘‘Why
another?’’ and ‘‘How will this one be different?’’ These questions are probably best answered by considering what the
Handbook of Membrane Separations: Chemical, Pharmaceutical, Food, and Biotechnological Applications has to offer. The
handbook covers the full spectrum of membrane technology and discusses its advancement and applications in a series of
chapters written by experts, prominent researchers, and professionals from all over the world.

The handbook is divided into three main sections: The first section deals with membrane applications in chemical and
pharmaceutical industries, and in conservation of natural resources; the second section covers membrane applications in
biotechnology, food processing, life sciences, and energy conversion. Finally, the third section deals with membrane
applications in industrial waste management (including nuclear), environmental engineering, and future trends in membrane
science. Each section is divided into chapters that deal with the subject matter in depth and focus on cutting-edge advancements
in the field. Several authors were commissioned to write the chapters under the supervision of the editors, and each chapter was
peer-reviewed for content and style before it was accepted for publication. The aim was to maintain the perspective of a
practical handbook rather than merely a collection of review chapters.

The editors would like to acknowledge the contributions of a number of authors and institutions that have played a major
role in drafting the handbook from conception to publication. The handbook would not have been possible without their input.
These contributors are leading experts in their fields and bring a great wealth of experience to this book. The editors would also
like to acknowledge the efforts of the reviewers who devoted their valuable time to revising the chapters before the deadlines
and suggested improvements to maintain the high standard of the handbook. Finally, we would like to acknowledge the support
of our home institutions at every stage in the handbook’s conception: the Bhabha Atomic Research Centre, Mumbai, India;
Cornell University, Ithaca, New York; and the Universitat Politècnica de Catalunya, Barcelona, Spain.

Anil Kumar Pabby
Syed S.H. Rizvi

Ana Maria Sastre
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Editors
Anil Kumar Pabby is affiliated with one of the pioneering research centers of
India, the Bhabha Atomic Research Centre (Department of Atomic Energy),
Tarapur, Mumbai, Maharashtra. He received his PhD from the University of
Mumbai and subsequently completed his postdoctoral research at the Universitat
Politècnica de Catalunya, Barcelona, Spain. Dr. Pabby has more than 150
publications to his credit including 4 book chapters and a patent on nondisper-
sive membrane technology. He was invited to join the team of associate editors
at the Journal of Radioanalytical and Nuclear Chemistry during 2002–2005. He
has also served as consultant to the International Atomic Energy Agency (IAEA)
for developing a technical document on the application of membrane technolo-
gies for liquid radioactive waste processing. Dr. Pabby has been a regular
reviewer for several national and international journals and also serves on the
editorial board of various journals. His research interest includes pressure-driven
membrane processes, nondispersive membrane techniques, extraction chromato-
graphy, solvent extraction, and macrocyclic crown compounds. In 2003,

Dr. Pabby was elected fellow of the Maharashtra Academy of Sciences (FMASc) for his contribution to membrane science
and technology. In 2005, he received the prestigious Tarun Datta Memorial Award (instituted by Indian Association for Nuclear
Chemists and Allied Scientists) for his outstanding contribution to nuclear chemistry and radiochemistry.

Syed S.H. Rizvi is an international professor of food process engineering and has
served as director of graduate studies at the Cornell Institute of Food Science,
Cornell University, Ithaca, New York. He has a PhD from Ohio State University,
an MEng (chemical engineering) from the University of Toronto, and a BTech
from Panjab University, India. Dr. Rizvi teaches courses devoted to engineering
and processing aspects of food science and related biomaterials. His laboratory is
engaged in research on experimental and theoretical aspects of bioseparation
processes using supercritical fluids and membranes, high-pressure extrusion with
supercritical carbon dioxide, physical and engineering properties of biomaterials,
and novel food processing technologies. An invention of Cornell researchers, and
subsequently patented, supercritical fluid extrusion offers several advantages over
the conventional high-shear cooking extrusion and is being used to investigate the
dynamics of the process and the mechanics of the microcellular extrudates
generated for both food and nonfood applications. A major long-term goal is to

develop new and improved unit operations for value-added processing of food and biomaterials. Derivative goals include new
techniques for measurement and control of processes and properties for industrial applications. Dr. Rizvi has published more than
140 technical papers, coauthored=edited 6 books, served on the editorial board of several journals, and holds 7 patents.

Ana Maria Sastre is a professor of chemical engineering at the Universitat
Politècnica de Catalunya (Barcelona, Spain), where she has been teaching
chemistry for more than 28 years. She received her PhD from the Autonomous
University of Barcelona in 1982 and has been working for many years in
the field of solvent extraction, solvent impregnated resins, and membrane
technology.

She was a visiting fellow at the Department of Inorganic Chemistry, the
Royal Institute of Technology, Sweden, during 1980–1981 and carried out
postdoctoral research from October 1986 to April 1987 at Laboratoire de Chimie
Minerale, Ecole Europeenne des Hautes Etudes des Industries Chimiques de
Strasbourg, France. Professor Sastre has more than 190 journal publications and
more than 80 papers in international conferences. Dr. Sastre also holds four
patent applications, guided 11 PhD and 16 master thesis students, and is a
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reviewer of many international journals. In 2003, she was awarded the Narcis Monturiol medal for scientific and technological
merits, given by the Generalitat de Catalunya for her outstanding contribution to science and technology.

Professor Sastre was the head of the chemical engineering department from 1999 to 2005 and is presently vice rector (vice
chancellor) for academic policy at the Universitat Politècnica de Catalunya.
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1 Membrane Applications in Chemical
and Pharmaceutical Industries
and in Conservation of Natural
Resources: Introduction

Ana Maria Sastre, Anil Kumar Pabby, and Syed S.H. Rizvi
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In the last 40 years, membranes have developed from a research topic to a mature industrial separation technology. This
increase in the use of membrane technology is driven by spectacular advances in membrane development, the wider acceptance
of the technology in preference to conventional separation processes, increased environmental awareness and, most import-
antly, strict environmental regulations and legislation. Various membrane processes are currently applied in the chemical
(including petrochemicals), pharmaceutical, and food and beverage industries. Particularly, strong development and growth of
membrane technology can be observed in the purification of wastewater and the production of drinking water.

This statement summarizes the discussions at a conference on the ‘‘Exploration of the potential of membrane technology for
sustainable decentralized sanitation’’ held in Italy (at Villa Serbelloni, Bellagio) on 23–26 April 2003 [1].*

Due to plummeting costs and dramatically improving performance, water-treatment applications based on membranes are blossoming.
In particular, membrane bioreactors (MBRs) are today robust, simple to operate, and ever more affordable. They take up little space,
need modest technical support, and can remove many contaminants in one step. These advantages make it practical, for the first time, to
protect public health and safely reuse water for non-potable uses. Membranes can also be a component of a multi-barrier approach to
supplement potable water resources. Finally, decentralization, which overcomes some of the sustainability limits of centralized
systems, becomes more feasible with membrane treatment. Because membrane processes make sanitation, reuse, and decentralization
possible, water sustainability can become an achievable goal for the developed and developing worlds.

A membrane can essentially be defined as a barrier that separates two phases and selectively restricts the transport of
various chemicals. It can be homogenous or heterogeneous, symmetric or asymmetric in structure, solid or liquid, and can carry
a positive or negative charge, or be neutral or bipolar. Transport across a membrane can take place by convection or by
diffusion of individual molecules, or it can be induced by an electric field or concentration, pressure or temperature gradient.
The membrane thickness can vary from as little as 100 mm to several millimeters.

A membrane separation system separates an influent stream into two effluent streams known as the permeate and the
concentrate. The permeate is the portion of the fluid that has passed through the semipermeable membrane, whereas
the concentrate stream contains the constituents that have been rejected by the membrane.

The correct choice of membrane should be determined by the specific objective, such as the removal of particulates or
dissolved solids, the reduction of hardness for the production of ultra pure water or the removal of specific gases=chemicals.
The end use may also dictate the selection of membranes in industries such as potable water, effluent treatment, desalination, or
water supply for electronic or pharmaceutical manufacturing.

Membrane technology covers various chemical technology disciplines, such as material science and technology, mass
transport and process design. By manipulating material properties, membranes can be tailor-made for particular separation tasks

* From Fane, A.G., Editorial, J. Membr. Sci., 233, 127, 2004. With permission.

3

Pabby et al./Handbook of Membrane Separations 9549_C001 Final Proof page 3 13.5.2008 12:54pm Compositor Name: BMani



to be performed under specific separation conditions. Membranes are manufactured as flat sheets, capillaries, or in tubular
shapes and are applied in various module configurations. The following membrane modules are commonly used for industrial
applications: (a) the plate and frame module; (b) the spiral wound module; (c) the tubular membrane module; (d) the capillary
membrane module; and (e) the hollow fiber membrane module.

Membrane separation processes have numerous industrial applications and provide the following advantages: They offer
appreciable energy savings; they are environmentally benign; the technology is clean and easy to operate; they replace
conventional processes like filtration, distillation, and ion exchange; they produce high-quality products; and they offer greater
flexibility in system design. Pressure-driven processes such as ultrafiltration, nanofiltration, and microfiltration are already
established and various applications have been commercialized in the fields of pharmaceutical and biotechnology. Recently,
the development of a means of characterizing, controlling, and preventing membrane fouling has been proved vital. The
development of tailored membranes, fouling prevention, and optimization of chemical cleaning will ensure a high level of
membrane process performance. In the last five years, the development of new techniques for membrane characterization and
the improvement of existing techniques have increased our knowledge of the mechanisms involved in membrane fouling. More
advanced techniques, such as environmental scanning electron microscopy (ESEM), have been used to study membrane
fouling during the microfiltration of high metal content solutions with aluminum oxide membranes [2]. This will provide not
only useful insight into the fouling mechanism but also a better understanding of the factors that affect membrane fouling.

The combination of molecular separation with a chemical reaction, or membrane reactors, offers important new oppor-
tunities for improving the production efficiency in biotechnology and in the chemical industry. With regard to the future of
biotechnology and pharmaceutical processes, the availability of new high-temperature-resistant membrane contactors offers an
important tool for the design of alternate production systems appropriate for sustainable growth.

Membrane technology has widespread applications in chemical and pharmaceutical industries and its use in various other
fields is increasing rapidly. It has established applications in areas such as hydrogen separation, the recovery of organic vapors
from process gas streams, and the selective transport of organic solvents, and it is creating new possibilities for catalytic
conversion in membrane reactors. It provides a unique solution for industrial waste treatment and for the controlled production
of valuable chemicals. Since it deals with the smallest penetrants in the size spectrum, gas separation requires extremely precise
discrimination of size and shape—often in the range of 0.2–0.3 Å—between permeated and rejected species. Such demands
truly push the state of the art in materials science for these specific applications. In addition to polymeric media, ceramic,
carbon, zeolite, and metal membranes are attractive options as they provide both precise separation and robustness. Vision and
commitment are required to make the most of the large energy savings (and CO2 emission reductions) offered by membranes
when compared with traditional, thermally driven separations and energy conversion. The use of membranes for extraction in
analytical chemistry has increased recently. The main aim is to selectively extract and enrich the compounds to be determined
(analytes) from samples of varying chemical complexity. In contrast to many technical uses of membranes, in analytical
applications it is essential to recover the extracted analytes as efficiently as possible so that they can be transferred to suitable
analytical instruments for the final quantitative determination.

Similarly, membrane contactors have proved to be efficient contacting devices, due to their high area per unit volume that
results in high mass transfer rates. They are not only compact but also eliminate several of the problems faced in conventional
processes such as ion exchange, solvent extraction, and precipitation. Membrane contactor processes, in which phase
contacting is performed or facilitated by the structure and shape of the porous membrane, provide new dimension to the
growth of membrane science and technology and also satisfy the requirements for process intensification. In addition,
membrane contactors represent a significant step forward from the initial success of blood oxygenators. Their integration
with other membrane systems, including membrane reactors, could lead to the redesign of membrane-based integrated
production lines.

This introductory section outlines several established applications of membranes in the chemical and pharmaceutical
industries, reviews the membranes and membrane processes available in this field, and discusses the huge potential of these
technologies. In addition, other important topic dealing with conservation of natural resources (zeolite membranes) is also
presented in this section. Each chapter has been written by a leading international expert with extensive industrial experience in
the field.

Chapter 1 (the current chapter) presents an overview of different membrane processes and a description of all of the
chapters presented in Section I. Chapter 2 explains the potential of hollow fiber contactors in the field of chemical technology
and how they have changed industrial preferences regarding contacting devices. This chapter gives an introduction to
membrane contact technology, its principles of operation, and the benefits obtained from the use of membrane contactors.
Important applications, new product development requirements, and future directions are also discussed. Chapter 3 deals with
membrane chromatography. This chapter discusses the latest developments in membrane-based stationary phases (affinity
membranes and mixed matrix membrane adsorbers) and monolithic separation media (organic and inorganic). It also provides
information on new types of chromatographic support, focusing on membrane materials, properties, and preparation. Finally, it
considers possible applications of chromatographic membranes in various process conditions. Chapter 4 focuses on the
important aspects of membrane application in gas separation. It deals with the subject comprehensively, providing an
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introduction and discussing transport mechanisms, different membrane materials for gas separation, module design, current and
potential applications, and novel developments in this field. Chapter 5 presents developments in pervaporation (PV). It first
gives a brief introduction to the theory of pervaporation and then discusses sorption thermodynamics in polymers, the solution
diffusion model, the criteria for membrane polymer selection, and important applications of PV in different cases of aqueous
and organic separation. Chapter 6 focuses on advances in the field of ceramic membranes, covering interesting applications in
this area. Chapter 7 describes important developments in the fields of supercritical fluids and membrane technology. Chapter 8
presents the various methodologies or techniques for improving the membrane performance of microfiltration, ultrafiltration,
nanofiltration, and reverse osmosis. The aim is to present the techniques that attempt to minimize concentration polarization
(and fouling) and allow the membrane to perform closer to its intrinsic capability. The methods range from the critical flux
approach to the suite of hydrodynamic techniques and other potential strategies. Chapter 9 records important developments in
the field of polymeric membranes for the separation and removal of hydrocarbons. It provides an introduction to the subject,
discusses the background and physicochemical regularities of hydrocarbon permeation in membrane-based glassy and rubbery
polymers, and lists some important applications. Chapter 10 describes some of the main characteristics of the use of zeolite
membranes in separation applications. Zeolite membranes separate molecules based on the differences in their adsorption and
diffusion properties. They are therefore suitable for separating gas and liquid phase mixtures by gas separation and pervapora-
tion, respectively. This chapter reviews the basic mechanisms of gas separation and pervaporation through zeolite membranes
and presents examples of industrial applications. Chapter 11 focuses on membrane fouling and the strategies used to reduce it
relative to pressure-driven processes. This chapter highlights recent strategies for minimizing membrane fouling. In particular,
it discusses the literature on fouling phenomena in reverse osmosis and ultrafiltration membrane systems, the analytical
techniques employed to quantify fouling, preventive methods, and membrane cleaning strategies. Specific recommendations
are also made on how scientists, engineers, and technical staff can help to improve the performance of these systems by
minimizing membrane fouling phenomena. Chapter 12 describes membrane extraction and its use in preconcentration,
sampling, and trace analysis. Chapter 13 presents applications of aqueous hybrid liquid membranes (AHLM) and organic
hybrid liquid membranes (OHLM) in the separation of organic and metal species, respectively.

Chapter 14 provides an introduction to membrane applications in the pharmaceutical industry, its current status, and future
potential in this very important area. Chapter 15 is devoted to membrane applications in the drug delivery field with emphasis
on the mechanisms governing mass transport to modulate the release kinetics. Hydrogel membranes, as a derivative construct of
hydrogels, have become increasingly attractive for precisely controlling the drug delivery rate via chemical sensing and
triggering. Their current status, challenges, and opportunities are highlighted in Chapter 16.

REFERENCES
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2.1 INTRODUCTION

Membrane contactors as a type of membrane device have been known for quite a few years now [1–2]. They involve a unique
class of membrane-based mass transfer and separation technologies, which have grown beyond academic curiosity and found
commercial applications across various industries and markets. It has been found to be a cost-effective technology and is
therefore used to supplant or replace other technologies that might or might not be based on membranes. In some situations,
membrane contacting has emerged as an enabling technology that is filling some previously unmet commercial needs.

By the standard of business size, membrane contactor technology is currently a minor player compared to other much
better-known membrane separation technologies such as reverse osmosis (RO), membrane filtration, membrane gas separation,
diffusion dialysis, and electrodialysis. By its very nature, the membrane contactor does not function or compete with the other
membrane devices, and the capability and functionality of contactors are significantly different from the other devices.
But membrane contactor technology seems to have the potential to be applicable over a much wider array of industries. Use
of membrane contactor devices in various forms is growing continuously. In many applications the contactor is not even called
a contactor but is referred to by other names depending on the specific application it is deployed in. Examples include blood
oxygenator (the earliest use of membrane contactor), gas transfer membrane, membrane degasifier, membrane deaerator,
membrane distillation device, osmotic distillation device, membrane gas absorber, membrane extractor, and membrane
humidifier.

2.2 SCOPE OF THIS CHAPTER

Considering the wide applications of membrane contactors and the evolving nature of this technology, it is difficult to cover
every aspect in a monograph. The intent of this article is to first explain the technology and the principles of operation, with
some remarks on the mass transfer process in membrane contactors. This is followed by description of various types of
contacting possibilities and review of a wide sampling of literature on the technology to date. Design options of membrane

The authors’ references to the various patents mentioned in this article do not constitute a grant of a license to practice any of these technologies, nor do they
imply the authors’ acknowledgment of the validity of any of the referenced patents.
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contactors are then reviewed. Finally, some current and emerging commercial applications at different stages of development
are discussed in detail.

2.3 DESCRIPTION OF MEMBRANE CONTACTOR

From outward appearance membrane contactors look similar to other membrane devices. However, functionally the membranes
used in contactors are very different. They are mostly nonselective and microporous. Membrane contactors can be made
out of flat sheet membranes and there are some commercial applications. Most common commercial membrane contactors
are, however, made from small-diameter microporous hollow fiber (or capillary) membranes with fine pores (illustrated in
Figure 2.1) that span the hollow fiber wall from the fiber inside surface to the fiber outside surface. The contactor shown as
an example in Figure 2.1 resembles a tube-in-shell configuration with inlet=outlet ports for the shell side and tube side. The
membrane is typically made up of hydrophobic materials such as Polypropylene, Polyethylene, PTFE, PFA, and PVDF.

The membrane in a contactor acts as a passive barrier and as a means of bringing two immiscible fluid phases (such as gas
and liquid, or an aqueous liquid and an organic liquid, etc.) in contact with each other without dispersion. The phase interface is
immobilized at the membrane pore surface, with the pore volume occupied by one of the two fluid phases that are in contact.
Since it enables the phases to come in direct contact, the membrane contactor functions as a continuous-contact mass transfer
device, such as a packed tower. However, there is no need to physically disperse one phase into the other, or to separate the
phases after separation is completed. Several conventional chemical engineering separation processes that are based on mass
exchange between phases (e.g., gas absorption, gas stripping, liquid–liquid extraction, etc.) can therefore be carried out in
membrane contactors.

2.4 PRINCIPLE OF OPERATION

Principle of membrane contactor operation is based on the natural phenomenon of capillary force. When one side of a
hydrophobic microporous membrane is brought in contact with water or an aqueous liquid, the membrane is not ‘‘wetted’’
by the liquid, i.e., the liquid is prevented from entering the pores, due to surface tension effect. The interface between a liquid
and a solid substrate can be characterized by the parameter ‘‘contact angle’’ (Figure 2.2). The wettability of a solid surface by a
liquid surface decreases as the contact angle increases. A contact angle of less than 908 implies that the liquid will tend to wet
the substrate (hydrophilic), whereas if contact angle is greater than 908 the liquid will not tend to wet the surface (hydrophobic).
Table 2.1 lists the contact angle values for few different materials in water at ambient temperature.

If a dry microporous hydrophobic hollow fiber membrane with air-filled pores was surrounded by water there would not be
any penetration by water into the pores until the water pressure exceeds a certain critical breakthrough pressure. The magnitude

Lumen fluid
outlet

Lumen fluid
inlet

Microporous
hollow fibers

Shell
fluid

outlet

Shell fluid
inlet

Potting

Pores

FIGURE 2.1 Microporous hollow fiber membrane in a membrane contactor.
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of this critical breakthrough pressure ‘‘differential’’ (water pressure minus air pressure) DPC has been mathematically derived,
and is expressed [3] by the following equation that is often referred to as the Young–Laplace equation:

DPC ¼ � 4l cos u
d

(2:1)

where
l is the surface tension of water
u is the contact angle for the system air–water–membrane in degrees
d is the effective diameter of the membrane pore, assuming pores are circular in shape

For a hydrophobic porous material with contact angle greater than 908, the DPC is >0 and depends on the liquid surface
tension and the membrane pore size. As an example, considering water–air–polypropylene system, one can calculate that for a
dry membrane with a pore size of 0.03 mm (30 nm) the critical entry pressure of water is more than 300 psi (>20 bar).

Since the liquid phase does not enter the pores, a stable gas–liquid phase interface can be created and maintained
(as illustrated in Figure 2.3) as long as the liquid phase pressure is higher than the gas phase pressure and the phase pressure
differential DP is between 0 and DPC. The pores remain air filled at this condition. The liquid and the gas phases could
be flowing at different flow rates on either side of the membrane wall, but the phase interface remains stable all along the
membrane. Thus, by proper control of pressures, the two immiscible phases come in constant contact without a need to disperse
one into the other. This allows mass transfer or mass exchange between phases [4–5], such as gas absorption or gas stripping
(desorption).

The same principle of operation as described above is applicable also to liquid–liquid extraction where an aqueous
liquid and an organic liquid contact each other inside the contactor for extraction of a solute selectively from one phase to
another [6–8]. The critical breakthrough pressure for liquid–liquid system could be calculated by Equation 2.1, except that the
term l would now be the interfacial tension between the two liquids. Further variation of membrane contacting technology is
called gas membrane or gas–gap membrane where two different liquid phases flow on either side of the membrane, but the
membrane pores remain gas filled [9–10]. In this situation two separate gas–liquid contact interfaces are supported on each side
of a single membrane.

Liquid
droplet

Contact
angle (q )Vapor

Solid surface

FIGURE 2.2 Representation of contact angle.

TABLE 2.1
Contact Angle for Various Materials in Water
at Ambient Temperature

Substrate Contact Angle (In degrees)

Ordinary glass 20
Platinum 40
Anodized aluminum 60
PMMA 74

Nylon 79
Polyethylene 96
Polypropylene 108

Teflon 112
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2.5 BENEFITS OF MEMBRANE CONTACTOR TECHNOLOGY

Primary list of features and resulting benefits for the technology are shown in Table 2.2.

2.6 MASS TRANSFER PROCESS IN MEMBRANE CONTACTOR

In gas–liquid, liquid–liquid, or liquid–gas–liquid contactors there is no convective flow of any phase across the membrane.
Mass transfer occurs only by diffusion across the immobilized phase in the pores. The direction of mass transfer of any
molecular species depends on the concentration driving force maintained across the membrane for that species. The presence of
the stationary phase in the membrane pore creates an extra diffusional mass transfer resistance. However, it can be shown that in
many cases the membrane resistance is negligible, and that in most cases the high active mass transfer area created inside a
membrane contactor more than compensates for any additional mass transfer resistance [4–5].

Mass transfer resistance in a continuous-contact separation device is the inverse of the mass transfer coefficient. In
membrane contactors, the total resistance could be expressed as three resistances in series. These include the individual
resistances in each flowing phase and the membrane resistance (Figure 2.4). For a liquid–gas contact system Equation 2.2 could
be written for each diffusing species:

1
dOUTKTOTAL

¼ 1
dOUTkSHELL

þ 1
HdAVGkM

þ 1
HdINkTUBE

(2:2)

where
K is the overall coefficients
k is the individual mass transfer coefficients

Gas flow

Pores on hollow
fiber wall

A single hollow
fiber wall

Gas phase flowing inside
hollow fiber,

gas pressure PGAS

Two required conditions for stable phase interface,

1.  PLIQUID > PGAS, and

2.  0 < (PLIQUID–PGAS) < ∆PC

Liquid water phase flowing
around hollow fibers;

Liquid pressure PLIQUID

Liquid-gas phase
interface at 

stable condition

FIGURE 2.3 Liquid–gas interface in a membrane contactor.

TABLE 2.2
Benefits of Membrane Contactor Technology

Features Benefits

High concentration of active phase contact area Profile or footprint of membrane contactor systems are small; fit into existing building; no additional

structure needed
Flow rates of phases in contact can be controlled
independently

No physical limitations such as flooding or loading; contact area constant irrespective of phase
flow rates; process more flexible

Modular in nature Easier to add system capacity incrementally; can often be retrofitted into existing systems;
easier scale-up

Mass transfer does not depend on gravity Contactor can be mounted vertically or horizontally; will also work in microgravity; able to process
two fluid phases of same densities

No need to disperse or coalesce phases Eliminates extra steps; more efficient utilization of device volume
Can be operated with high fluid outlet pressures Eliminates or reduces need for transfer pumps or booster pumps after contactor

Pabby et al./Handbook of Membrane Separations 9549_C002 Final Proof page 10 13.5.2008 12:56pm Compositor Name: BMani

10 Handbook of Membrane Separations



Each term on right side of Equation 2.2 represents an individual resistance as depicted in Figure 2.4. Hollow fiber diameters
are dOUT and dIN. The term H is the Henry coefficient (liquid–gas equilibrium constant) for the species in question. In the case
of liquid–liquid contact, the term H in Equation 2.2 should be replaced by mD, the equilibrium distribution coefficient between
tube side liquid and shell side liquid.

The membrane transfer coefficient kM is a function of (1) the diffusion coefficient in the phase occupying membrane pores
and (2) various membrane geometric parameters. Assuming pure Fickian diffusion in a symmetric microporous membrane, kM
can be shown as [5]

kM ¼ 2D«M
tM dOUT � dINð Þ (2:3)

where
D is diffusivity in the pore phase
«M and tM are membrane porosity and tortuosity factors, functions of the membrane morphology

In case of complex membrane morphology such as asymmetric or composite membranes, or when Fickian diffusion is not
valid, evaluating kM will be more complex. Individual mass transfer coefficients in Equation 2.2 depend on multiple factors
such as temperature, pressure, flow rates, and diffusion coefficients and could often be estimated from empirical correlations
available in literature [1,2,6].

The rate of mass transfer, R, for each species from shell side to tube side at any point inside the contactor is given as

R ¼ KTOTAL A CSHELL � CTUBE½ � (2:4)

where
A is the membrane transfer area based on outside diameter of the hollow fiber
CSHELL and CTUBE are bulk concentrations of the species in shell side and tube side, respectively

Strictly speaking Equations 2.2 and 2.4 are valid only locally within the contactor. The concentrations in each phase could
change continuously inside the contactor. It is also possible for one of the mass transfer coefficients to change within the
contactor. In such cases rate of mass transfer will be varying continually within the contactor, and the average overall mass
transfer will be obtained by integrating over the entire contactor.

Total mass transfer resistance

Membrane
resistance

Outer phase (shell
side) resistance

CSHELL

For composite
membrane,

multiple
resistances

possible

CTUBE

DIN/2

DOUT/2

Inner phase (tube
side) resistance

Hollow fiber wall
(membrane)

FIGURE 2.4 Mass transfer resistances in membrane contactor.
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Useful simplifications are often made in Equation 2.2. We will use gas–liquid contact as an example, and assume gas-filled
homogeneous membrane of high porosity, thin wall, and low tortuosity. Since diffusion in gas phase is generally of three
orders of magnitude faster than in liquid phase, one can show that kM and kG are quite high in this case compared to kL, and so
the controlling resistance to mass transfer is in the liquid phase. This means KTOTAL is essentially the same as kL. If kL is
constant within the contactor the total mass transfer rate in Equation 2.4 can be approximated for the entire contactor as

R ¼ kL ATOTAL DCLOG---MEAN (2:5)

DCLOG�MEAN is the log mean of the concentration differential (CSHELL�CTUBE) from one end of the contactor to the other.

2.7 LITERATURE REVIEW ON MEMBRANE CONTACTOR APPLICATIONS

Over the years many research and development groups, both academic and industrial, have investigated membrane contactor
technology and suggested or developed a wide range of possible applications. There is quite a spectrum of patent and published
literature on this subject. Markets and industries that benefit from the development of this technology include medical,
biotechnology, pharmaceutical, semiconductor and electronics, food and beverage, environmental, and other special process
industries that are finding new uses. It is impossible to mention all the work done to date.

2.8 USE OF GAS–LIQUID OR LIQUID–GAS–LIQUID CONTACT

As mentioned earlier, membrane blood oxygenators probably would qualify as the earliest form of membrane contactors.
Reference [11] is a good illustration of a hollow fiber device. However, most work on liquid–gas membrane contactor over the
years has focused mainly on two categories: (1) separation, purification, and treatment of water or aqueous media and (2)
absorption of gaseous species from air either for purification or for recovery, which will be discussed separately. Applications
in multiple markets and industries have been investigated in each category.

An early example of a patent on membrane contactor for gas transfer is in Ref. [12]. Harvesting of oxygen dissolved in
water and discharging of CO2 to the water is presented in Ref. [13]. A membrane device to separate gas bubbles from infusion
fluids such as human-body fluids is claimed in Ref. [14]. A hollow fiber membrane device for removal of gas bubbles that
dissolve gasses from fluids delivered into a patient during medical procedures is disclosed in Ref. [15]. Membrane contactors
have also found application in dissolved gas control in bioreactors discussed in Refs. [16–17].

Application of membrane contactors for water degasification has been thoroughly investigated and reported in Refs. [18–21].
During the last few years this has been one of the most successful applications of membrane contactors on large commercial
scale. Specifically, oxygen removal and gas transfer from ultrapure water for semiconductor industry have been discussed in
Refs. [22–27]. Deaeration process for beverage water is discussed in Ref. [28]. Oxygen removal from boiler feed water as
substitute for steam deaerator or oxygen scavenger is presented in Ref. [29]. Membrane contactors have also been used to
carbonate water [30], to nitrogenate beer [31], to simultaneously nitrogenate and decarbonate beer, to control CO2 level in beer,
and to control dissolved gas profile in beverages using mixed sweep gases of CO2 and N2 [32–33].

Removal of dissolved volatile organic compounds (VOC) from water in membrane contactors has been the subject of
several investigations. VOC can be separated from water by applying a vacuum, the process is often termed vacuum membrane
distillation [34–36]. Alternately, air can be used as a sweep gas to strip VOCs from water across the membrane [37]. Air
stripping of water in packed or spray columns is a widely accepted process for ground water or process water treatment. If
membrane contactors were used broadly for this purpose, the market potentials are certainly high. A variation of membrane air
stripping process is discussed in Ref. [38] where the driving force for VOC stripping of water is established using methano-
tropic bacteria. Total organic carbon (TOC) reduction from ultrapure water during membrane degassing has been reported in
Ref. [39]. Removal of tri-halo methane (THM) compounds, a chemical class of undesirable species, from ultrapure water has
been discussed in Ref. [40]. Use of microporous membranes in combination with RO to separate dissolved gases from water is
disclosed in Ref. [41]. Study on removal and recovery of volatile aroma compounds from water was presented in Ref. [42].

Adding oxygen or other beneficial gas species to water without forming gas bubbles is another application of membrane
contactors. This subject has been discussed in Refs. [43–46]. Membranes in module form and hollow fibers in unconfined form
have been investigated. Use of membrane contactors for supplying oxygen to a biofilm is claimed in Ref. [47]. A similar
process where gaseous hydrogen is added to aqueous liquid without bubble formation is disclosed in Ref. [48]. The purpose for
such a process would be to use dissolved hydrogen to biologically or catalytically remove oxygen, nitrite, or nitrate from water.
Membrane contactors are also used to add trace quantity of CO2 into ultrapure water to control water resistivity and prevent
formation of static electricity [49]. A more recent and significant application of membrane contactors is the addition of gaseous
ozone to water for the purpose of disinfection and removal of organic contamination, such a process is disclosed in Ref. [50].

A number of applications of the previously termed gas membrane have also been studied over the years to remove or
recover volatile species from water or other aqueous media. The primary drivers for these investigations are the intriguing and
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creative possibilities of the gas membrane, which in effect combines two gas–liquid contact processes (stripping and
absorption) within a single microporous membrane. Some of the early-published studies include recovery of bromine [51],
cyanide [52], ammonia [53–55], and ethanol [56]. Applications of this technology for commercial purposes are in various
stages of development [57].

Membrane processes termed as osmotic distillation or membrane distillation could be shown to be applications of
membrane contactor technology also. Both of these processes are based on gas membranes. Osmotic distillation, sometimes
called osmotic evaporation, involves transfer of water vapor across a gas-filled membrane, the process is driven by a difference
in water vapor pressure maintained across the membrane [58–59] by separate aqueous liquids. Membrane distillation is a
process where water vapor transfer is driven solely by a temperature difference across the gas-filled membrane [60–61]. Water
evaporates from a hot aqueous phase and condenses on a cooler surface. This process may be useful in desalinating water or
producing pure water if a good natural source of warm water is available, such as in a geothermal process.

As mentioned in Table 2.2, one unique feature of membrane contactors is the ability to operate without the aid of gravity.
This, along with the advantage of smaller sizes for contactor systems, has led to the interest in possible use of this technology
in microgravity and confined spaces such as spacesuits, manned spacecrafts, and space station. Primary applications are
(1) separating gas and liquid phases in microgravity and (2) removal of unwanted gas species from liquids [62–64].

We now discuss the second category of applications that focus on treatment and conditioning of air or gas streams. This
is done either (1) by capturing (absorbing) gaseous species from air or other gases into water or aqueous liquids or (2)
by controlling the properties of air or gas phase by other means of heat and mass transfer across membrane in a contactor.
The first detailed investigation of absorption of a gas species (CO2) in a liquid using a membrane contactor was discussed
in detail in Refs. [4,5]. The mass transfer analysis in these early papers has been most influential for understanding the
technology.

Absorption of various gases such as CO2, SO2, NH3, and carbon monoxide in water using membrane contactors was
studied by many other research groups and reported in Refs. [65–70]. Removal of CO2 as a greenhouse gas from air and bulk
removal of CO2 from air in contactors using conventional absorbents have been reported in Refs. [71–73]. The topic of
scrubbing CO2 from air for self-contained breathing systems using microporous membrane is discussed in Ref. [74]. Capturing
CO2 from atmosphere using membrane contactors, as part of a hydrogen storage process, was suggested in Ref. [75]. Use of
membrane contactors for recovery of VOCs from air was reported in Ref. [76]. A hollow fiber membrane bioreactor, for the
purpose of destroying toxic compounds from air, is shown in Ref. [77].

Controlling temperature and humidity of process air or ambient air is another unique application of membrane contactors.
Membranes are used to humidify or dehumidify air by bringing air in contact with water or a hygroscopic liquid. Mass transfer
in such processes is very fast since mass transfer resistance in the liquid phase is negligible. Heat transfer and mass transfer are
directly related to these processes, since latent heat of evaporation (or condensation) creates temperature profiles inside the
contactor. Some of the references in Literature are shown in Refs. [78–79]. Application of such processes has been proposed for
conditioning air in aircraft cabins [80], in buildings or vehicles [81], or in containers to store perishable goods [82].

2.9 USE OF LIQUID–LIQUID CONTACT

A historical perspective on aqueous–organic extraction using membrane contactor technology is available in Refs. [1,6,83].
The mechanism of phase interface immobilization was first explored in Ref. [84], while application of membrane solvent
extraction for a commercial process was first explored in Ref. [85]. Two aspects of liquid–liquid contact in membrane
contactors that are different from typical gas–liquid contact are (1) the membrane used could be hydrophobic, hydrophilic,
or a composite of both and (2) the membrane mass transfer resistance is not always negligible. Ensuring that the right fluid
occupies the membrane pores vis-à-vis the affinity of the solute in the two phases can minimize membrane resistance. These
aspects have been discussed in detail in Refs. [6,86,87].

Membrane contactor applications in the liquid–liquid extraction field fall in two categories: (1) removal of unwanted
species from water and (2) removal and recovery of valuable species from water. Many investigations have been conducted
over the year by academia as well as by industry. Below we are providing some samples from the wide range of applications
reported in literature. The examples presented are divided roughly into three sections: (a) biotech and pharmaceutical products,
(b) industrial chemicals and VOC, and (c) metals.

Processes for production of ethanol and acetone–butanol–ethanol mixture from fermentation products in membrane
contactor devices were presented in Refs. [88,89]. Recovery of butanol from fermentation was reported in Ref. [90]. Use of
composite membrane in a membrane reactor to separate and recover valuable biotechnology products was discussed in
Refs. [91,92]. A case study on using membrane contactor modules to extract small molecular weight compounds of interest
to pharmaceutical industry was shown in Ref. [93]. Extraction of protein and separation of racemic protein mixtures were
discussed in Refs. [94,95]. Extractions of ethanol and lactic acid by membrane solvent extraction are reported in Refs. [96,97].
A membrane-based solvent extraction and stripping process was discussed in Ref. [98] for recovery of Phenylalanine.
Extraction of aroma compounds from aqueous feed solutions into sunflower oil was investigated in Ref. [99].
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Extraction of phenol from aqueous solution using hollow fiber membrane contactor was first investigated in Ref. [100].
However, the membrane used was not completely microporous. Instead, it was a dialysis-type membrane. A commercial plant
to separate phenol from hydrocarbon fraction using microporous membrane contactors was reported in Ref. [101]. Soda lye was
used to react with the phenol transferred from the feed phase to create and maintain the driving force for separation. This
industrial-scale application enabled the processing of hydrocarbon fraction to a full-value raw material for phenol and acetone
synthesis.

The first known commercial membrane-based liquid–liquid extraction system involved extraction of by-products from a
wastewater stream using an aromatic solvent [102]. Before the membrane system was installed, the entire wastewater stream
had to be incinerated leading to high costs for the gas fired incinerator per year. The membrane system lowered the contaminant
concentration to adequate levels before the biological wastewater treatment plant, and saved significant operating cost.

A process to separate naphthenes from paraffins is claimed in Ref. [103]. It involves the use of a polar solvent for separation
in a microporous membrane device. Use of membrane extraction to remove p-nitrophenol in wastewater from dye and pesticide
synthesis was investigated in Ref. [104]. Removal of nonvolatile pesticide components from water is presented in Ref. [105].
Removal of several important organic pollutants such as phenol, chlorophenol, nitrobenzene, toluene, and acrylonitrile from
wastewater was investigated in Ref. [106].

Removal of VOC contaminants from water was discussed in Ref. [107]. This particular process used sunflower oil to
absorb the VOC compounds transferred from water across a gas-filled microporous membrane. However, to prevent any
possibility of liquid breakthrough, a plasma-polymerized di-siloxane coating was applied on the oil side of the membrane.
Report [108] presents results from a pilot trial where organic pollutants such as chlorinated organic compounds and aromatic
organic compounds were removed from plant wastewaters.

Various investigators have also explored removal or recovery of metals from aqueous process or waste streams. Liquid–
liquid extraction is particularly useful for metal removal since alternate technologies such as distillation are not feasible.
A process to separate molybdenum from tungsten leachate using a microporous membrane was disclosed in Ref. [109]. Copper
extraction in a membrane contactor using metal chelating agent was presented in Ref. [110]. Other applications suggested in
literature include extraction of gold from aqueous solutions [111], removal of copper from edible oil [112], separation of
yttrium from heavy rare-earth metals [113], removal of copper and chromium from wastewater [114], and extractions
of mercury, copper, and nickel from water [115].

2.10 REVIEW OF MEMBRANE CONTACTOR DESIGN OPTIONS

Although membrane is the heart of the membrane contactor technology, appropriate internal design of the contactor device or
module is critical for any commercial advancement of the technology. Internal design dictates how the two phases flow inside
the contactor and how the hydrodynamics in each phase is managed. As shown in Equation 2.2, the rate of mass transfer is
directly dependent on the mass transfer coefficients in each of the phases, which in turn is dependent on the internal
hydrodynamics. As the devices become larger to serve large commercial-scale process capacities, dependence on internal
flow management becomes more critical. The device design is also important in developing the processes for large-scale
manufacturing of the contactors. In the following section, we are reviewing various design options investigated over the years.

Designs of membrane contactors with hollow fiber membranes fall in one of the two categories: (1) the primary fluid being
treated flows through the inside (lumen) of the hollow fibers and (2) the primary fluid being treated flows on the outside (shell)
of the hollow fibers. Another consideration is the flow direction of the fluid in each phase with respect to the axis of the
membrane and with respect to each other. In most membrane contactors of early commercial designs, the contactor housing was
of cylindrical shape with tube-in-shell configuration (as in tubular heat exchangers) where the primary fluid flows on the lumen
side from one end of the fiber to the other and the other fluid flows on the shell side in parallel direction. This design is generally
called the parallel-flow design and is illustrated schematically in Figure 2.5a. The contactors of such a design are relatively easy
to manufacture. However, the main drawback of the parallel-flow design is the nonuniform spacing of hollow fibers and the
resulting poor flow distribution or flow channeling on the shell side, particularly as the contactor diameter increases.

A significant improvement over this parallel-flow design is the transverse-flow design where the primary fluid flows on
outside of the hollow fiber membrane at a transverse direction to the fiber axis, while the other fluid flows on lumen side of the
hollow fibers. The relative merits of the two designs were first analyzed comprehensively in Ref. [116]. It determined that
transverse flow on shell side significantly improves the mass transfer coefficient compared to the parallel-flow design.
However, it was still difficult to ensure that the transverse flow on shell side is completely uniform along the fiber length.
Most investigations on membrane contactors continued to focus on parallel-flow design, since they are easier to fabricate on
small scale. The effect of shell side hydrodynamics in parallel-flow contactors was investigated and reported in Ref. [117].

The twin problems of (1) ensuring transverse flow uniformly along the length of fibers and (2) ensuring even flow
distribution on shell side were solved largely by adopting the concept of hollow fibers in fabric array form that was wound
around a central hollow mandrel with porous wall. The shell side fluid could be introduced in the membrane contactor through
the central distribution mandrel. It could then flow radially outward, in a direction transverse to hollow fiber axes. The central
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hollow mandrel ensures axial uniform flow distribution whereas the hollow fiber array ensures constant fiber-to-fiber distances
and uniform transverse-flow distribution. A further improvement was the use of one or multiple flow-directing baffle inside the
shell, just as practiced in commercial heat exchangers, which made the contactor more efficient and facilitated commercial
production. Figure 2.5b schematically illustrates a transverse-flow contactor with flow-directing baffle. Detail investigations of
this design are shown in Refs. [118–120], and both cylindrical and rectangular contactors are investigated in Ref. [118].

An interesting variation of the contactor design with baffle is disclosed in Ref. [121] for a degassing application. This
shows a spiral-wound contactor similar to that shown in Ref. [120], but the baffle was placed on the gas side of the device and
the water flow was on lumen side. Since most of the mass transfer resistances in liquid degassing process are essentially in the
liquid phase, it is not clear how such a design would improve the hydraulic efficiency of the device.

In addition to what was discussed above, there have been many other contactor designs proposed over the years. A
membrane contactor of rectangular design is disclosed in Ref. [122] made by laminating hollow fiber fabric sheets, and
preventing flow channeling by specifying the densities of the hollow fibers and the warp fiber of the fabric. A similar structure
of membrane contactor apparatus is claimed in Ref. [123]. Reference [124] discloses a contactor with multiple frames of square,
polygonal, or circular, where the longitudinal directions of the fibers or tubes of adjacent frames are substantially perpendicular
to each other. Stackable sub-modules with multiple frames of hollow fiber membranes in each sub-module were suggested in
Ref. [125]. A rectangular contactor was also suggested in Ref. [75]. A tubular hollow fiber membrane contactor of parallel-flow
design, with special spacers on shell side to reduce flow channeling, was disclosed in Ref. [50]. A radial-flow transverse-flow
membrane contactor without any flow-directing baffle was shown in Ref. [126]. In some applications, particularly in degassing
processes using deep vacuum, it has been shown that presence of flow-directing baffle such as claimed in Ref. [119] could
actually be detrimental to performance because of internal diffusion in the gas phase. A hollow fiber membrane contactor that
does not use a shell at all has been disclosed in Ref. [127].

2.11 COMMERCIAL OR PRECOMMERCIAL INSTALLATIONS OF LARGE-SCALE
MEMBRANE CONTACTORS

Applications of membrane contactor technology in commercial processes are in various stages of development. Early success
has come mainly in water degassing or gas addition applications. Membrane contactor systems of a wide range of flow
capacities are currently in operation in various parts of the world. Systems with large capacities were possible only after
membrane contactors of sufficiently large size and cost competitiveness could be produced commercially on a routine basis.
Currently, the largest known commercially produced membrane contactor module has an active contact area of about 220 m2

[128]. Commercial availability of such products has greatly facilitated the large-scale acceptance of this technology. A few
examples of various installed contactor systems are provided below.
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FIGURE 2.5 Primary design options for membrane contactors.
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Figure 2.6 schematically illustrates sections of a typical semiconductor ultrapure water (UPW) production process in a
semiconductor plant. The water circuit consists of two main sections: (1) makeup (or central) system and (2) polishing loop,
which provides water at the point of use. There are multiple locations in such a water process where membrane degassing could
be needed as shown in the figure. Reverse osmosis is mostly used in makeup line as the primary purification means in such
processes. In the past, large and inflexible vacuum towers were frequently used after RO to remove dissolved gases, such as O2,
N2, and CO2. Membrane contactors are the norm today for replacement or supplement to vacuum towers in makeup lines, as
shown in Figure 2.6.

A second place where membrane contactors are often used is before the electro deionization (EDI) step in UPW plants to
remove residual CO2 gas. Removal of CO2 improves efficiency of EDI unit. Membrane contactors allow the opportunity
to decarbonate water inline and under pressure just prior to EDI.

Contactors are also used in polishing loop for final degassing and to treat recycled or reclaimed water (Figure 2.6). The
exact UPW process configuration depends on the specific needs in the plant and on quality of water supply to the plant. But no
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FIGURE 2.6 (See color insert following page 588.) Part of semiconductor plant ultrapure water production process.
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FIGURE 2.7 Relative system sizes of vacuum tower and membrane contactors.
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matter what configuration is adopted, membrane contactors are used in most of the modern plants because of their various
advantages (smaller footprint, flexibility, and cost). As Figure 2.7 shows membrane systems occupy much smaller space and
eliminate need for ground preparation or a permanent structure.

Figures 2.8 and 2.9 show photographs of commercially installed membrane contactor systems. Figure 2.8 shows that of a
central UPW degasification system and Figure 2.9 that of a polishing loop degasification system in a DRAM facility.
Each system is built from large membrane contactor modules. As explained earlier, one advantage of a membrane contactor
system is the modularity. Similar size contactors could therefore be used in large or small UPW research degasification systems.
Figure 2.10 shows the photo of a smaller capacity water supply system used in a research facility.

Another frequent use of membrane contactors is to help optimize the deionization step in water purification systems. The
contactor is placed between the cation exchange bed and anion exchange bed (Figure 2.11). The pH after the cation bed is very
low, which favors formation of gaseous CO2 from bicarbonates present in water. By using a membrane contactor, most of the
bicarbonate alkalinity can be removed from water as CO2, thus significantly reducing the load on the anion exchange bed that
follows the contactor. The life of the anion bed can be doubled or tripled using contactor, resulting in large cost savings. In
addition, sizes of the cation and anion beds could be equalized, helping in cost savings. Compared to existing technology, the
membrane contactor is less expensive to operate and can operate in a closed system with little minimal chance of external
contamination.

Boiler feed water is another excellent application for membrane degasification. Dissolved oxygen is unwanted in boiler
feed water. Lowering dissolved oxygen level saves chemical costs and reduces blow down costs and energy costs. Figure 2.12
shows a typical schematic flow diagram in a boiler plant. As shown in this figure, degassing steps can be implemented in more
than one location in such plants. A photograph of an actual installed membrane degasifier system is shown in Figure 2.13.

Contactors

System capacity: 600 gpm (136 m3/ h)

System design:

3 Trains of 3 large contactors in series

9-Contactor system expandable to 16 contactors

System performance spec:

<2 parts per billion dissolved O2

FIGURE 2.8 Central ultrapure water degasification system.

Contactors

System capacity: 880 gpm (200 m3/h)

System design:
4 large contactors in parallel

System performance spec:
<1 parts per billion dissolved O2

FIGURE 2.9 (See color insert following page 588.) Polishing loop degasification system.
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System capacity: 79 gpm (18 m3/h)

System design:
1 train of 3 large contactors in makeup
1 additional contactor in polishing loop

System performance spec:
3 Parts per billion dissolved O2

FIGURE 2.10 (See color insert following page 588.) Small-scale ultrapure water supply system.
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FIGURE 2.11 Membrane contactor to reduce size of anion exchange bed.
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FIGURE 2.12 Schematic diagram of a boiler plant.
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FIGURE 2.13 (See color insert following page 588.) Boiler water degasification system using membrane contactors.
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A photo of a small-scale membrane contactor system that could be used to simultaneously carbonate and deoxygenate
water is shown in Figure 2.14. This is accomplished by passing CO2 gas stream under pressure as a sweep on the lumen side of
the contactor while water flows through the shell side. Water absorbs CO2 under pressure and becomes carbonated while the
presence of excess CO2 gas creates a driving force for removing dissolved oxygen from the water.

Membrane contactors can be used in osmotic distillation process to transfer water vapor, as discussed in Section 2.8. Such a
process has been investigated as a means of concentrating fruit juice [58] using concentrated brine as the receiving phase for
water vapor. A photograph of a pilot system is shown in Figure 2.15.

Contactor

System performance:
Water flow 10–30 m3/h
Temperature: 2°C to ambient
Carbonation level: upto 8 g/L of CO2
O2 removal upto 97%

FIGURE 2.14 Membrane contactor for simultaneous carbonation and deoxygenation.

FIGURE 2.15 (See color insert following page 588.) Membrane contactor for fruit juice concentration using membrane distillation
process.
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Infusion of ozone into ultrapure water has become an excellent application of membrane contactors, as mentioned earlier.
Ozone is generated in gas phase from air or oxygen, and the ozone-containing gas and ultrapure water are brought in contact
with each other in the membrane contactor [50].

As mentioned in Section 2.9, liquid–liquid extraction has also been employed on a commercial scale in membrane
contactors to remove environmentally toxic species from wastewater before incineration. Photograph of such a system is
shown in Figure 2.16. Multiple banks of contactors are used in the system. The solvent used for extraction is returned to the
chemical process that produces the toxic compounds.

In conclusion, membrane contactor technology has been creating a distinct application base for itself in recent years. The
installed base of membrane contactors is still small compared to other membrane technologies. However, use of this technology
cuts across diverse industries and markets, and in many instances membrane contactors are enabling customers with new
opportunities that did not exist before. Many well-known producers of membrane and membrane modules today offer
commercial membrane contactors as part of their product portfolio. It is our belief that new installations of membrane
contactors will continue and new applications of this technology will be found in coming years.
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3.1 INTRODUCTION

In the pharmaceutical and biotechnological industry, the downstream processing of fermentation broths normally involves
numerous steps for biomass removal and product purification. In the early days of biomolecule purification, the only practical
method used for protein separation from complex mixtures was based on protein precipitation by water miscible organic
solvents [1]. Alteration of the solvent properties by the addition of neutral salts and organic solvents leads to precipitation of the
macromolecule due to differences in solubility. Alternative processes including adsorption techniques, gel filtration, liquid
phase partitioning, electrophoretic methods, and membrane technologies have been developed recently for protein purification.
Adsorption techniques often result in purification steps that give the greatest increase in protein purity. Therefore, they became
widely employed especially when adopted in combination with chromatographic and membrane processes.

Column chromatography is a highly developed method used as a final step (in both capturing and polishing) in the
purification of biomolecules out of crude mixtures. Despite their large static adsorption capacity, conventional stationary phases
involved in chromatographic separations are generally not suitable for operating with high linear velocities of the mobile phase.
The first chromatographic columns were realized in packed beds with ~100 mm beads. Their main drawback is the compression
and compaction at high velocities [2]. The pressure drop over the column is high even for low flow rates and increases during
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the process time due to bed consolidation and plugging. For a given pressure drop across the bed, the throughput is inversely
proportional to the bed height. For these reasons other column configurations were investigated, which range from stacked
configurations (a number of short beds connected in series–parallel combinations) to radial flow arrangements (a short, wide
bed curled up end-to-end upon itself).

For an efficient use of the adsorptive sites inside the chromatographic support, a certain residence time dependent on
the particle size and porosity is required. Short diffusion distances lead to fast flows of the feed solution. This results in the
development of chromatographic columns with smaller diameter particles, with the drawback that smaller particles pack more
densely and create higher pressure drops. The pressure drop in conventional chromatographic columns with particles with a
diameter of 2 mm is usually high, up to 25 MPa [3]. The use of nonporous, rigid particles as chromatographic media can
partially solve this problem. Furthermore, for such supports, the ligands are located on the particle surface and not inside the
pores, thus the solute diffusion into the particle pores is no longer a limiting factor allowing for much faster mass transfer.
Unfortunately, the use of nonporous supports usually causes lower protein-binding capacities (due to a small binding surface),
low reproducibility, and high process costs [4]. Micropellicular stationary phases, prepared by coating a very thin sorbent layer
onto the nonporous particle surface, also showed improved chromatographic characteristics [5].

In the last few decades, in parallel with the development of nonporous chromatographic particles, new types of stationary
phases including perfusive and super-porous beads were investigated. The particles for perfusion chromatography have large,
interconnected canals allowing the solute molecules to pass quickly through the support at lower backpressure. Moreover, the
binding capacity for perfusive media is higher than for nonporous supports leading to a more efficient separation process [6,7].
Furthermore, since neither binding capacity nor flow rate is the limiting factor, the scaling up of a perfusive chromatographic
column can be relatively easy.

A different approach to lowering the pressure drop present in classical packed beds was the development of chromato-
graphic shallower adsorption columns with larger cross section. In fact, the ideal column has an infinitely short bed height to
minimize operating pressure and maximize throughput, and an infinite width so that the ligand loading and binding capacity are
maximized. In recent years, hollow fiber membranes have also been proposed as an attractive alternative to porous beads as an
affinity substrate in chromatographic separation processes (Figure 3.1).

In this chapter, the latest developments in stationary phases based on membranes (affinity membranes as well as mixed
matrix membrane adsorbers) and monolithic separation media (both organic and inorganic) will be discussed. In the following
sections, we first give some background information regarding the new types of chromatographic supports, focusing on the
membrane materials, their properties, and preparation. Membrane activation and ligand coupling are discussed separately for
polymers containing different types of functional groups. Advantages of membrane chromatography, as well as an introduction
to the mass transfer in different affinity supports, are then presented. An outlook to possible applications of the chromatographic
membranes in various process conditions is finally given.

3.2 NEW TYPES OF MEMBRANE CHROMATOGRAPHY SUPPORTS

The chromatographic separation process based on membranes has recently become an attractive and competitive method for
purifying proteins and other biomolecules from biological fluids [8–13]. The membrane chromatographic system was originally
designed to bypass the fundamental limitations of packed-bed adsorbers. The system consists of one or more microporous
membranes as stationary phase, carrying adsorptive moieties based on ion exchange, affinity or hydrophobic interactions. The
individual membranes can have different geometries, from disks, flat or layered sheets to full or hollow fibers. Since the

(a)

(b)

(c)

FIGURE 3.1 Evolution of affinity column bed geometry: (a) packed bed (100 mm beads), (b) short ‘‘fat’’ bed (1 mm beads), and
(c) microporous hollow fiber (pore size >1 mm).
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adsorption capacity of a single membrane is limited, multiple membrane layers may be stacked together in series and housed
within the filtration modules. Depending on the type of module involved in the separation process, different operation modes
(dead-end, cross-flow, or radial flow) may be used.

Based on a literature survey, affinity-based chromatography seems to be the largest segment in membrane chroma-
tography. In affinity membranes, the ligand is immobilized on the membrane surface (Figure 3.2). When the solution
containing the compound of interest is filtrated, the desired molecule binds selectively and reversibly to the ligand immobilized
on the membrane surface. In case of sterical hindrance the so-called spacer molecule can be introduced between the
polymeric support and the ligand. These spacers permit free rotation of the ligand and thus provide more opportunities for
the orientations necessary for ligand–ligate complex formation to occur. The conditions of the surrounding milieu determine the
stability of the ligand–ligate complex. Changes in the physical or chemical environment conditions can disrupt the biological
complexes.

In chromatographic separations using flat sheet membranes, compact porous disks, fibers, tubes, or rods, the interaction
between the ligate molecule and the immobilized ligand takes place in the through-pores of the matrix and not in the dead-end
pores of the conventional packed-bed particles. This method resembles affinity membrane separation with a very short affinity
chromatography column [2].

Solid phase extraction using particle-loaded membranes (mixed matrix membrane adsorbers) and particle-embedded fibers
became a widely used laboratory technique to isolate and concentrate selected analytes before chromatographic processes
[14,15]. The incorporation into a porous polymeric membrane of functional particles, such as silica and its derivatives
(containing, for example, ethyl, butyl, phenyl, octyl, octadecyl, or cyanopropyl functional groups), styrene=divinylbenzene-
based ion-exchange resins, or fibrous cellulose derivatives, results in adsorptive structures that can be applied to isolate
peptides, proteins, nucleic acid, or other organic compounds from complex mixtures [16–18]. Most suitable particles display, in
combination with the porous matrix morphology, rapid adsorption kinetics, a capacity and selectivity commensurate with the
specific application and allow for fast desorption of the targeted molecule. The affinity of suitable adsorptive particles for
specific molecules can be defined in terms of hydrophobic, hydrophilic or charged functionalities, molecular (imprinted)
recognition, or other specific interactions. However, these materials differ from the classical affinity membranes because the
binding process takes place at the small particles embedded in the porous matrix and not at the pore wall itself. Nevertheless
they show hydrodynamic advantages similar to those of the adsorptive chromatographic membranes.

Monolithic stationary phases (also called continuous beds) have emerged as an alternative to traditional packed-bed
columns since the late 1980s, due to their easy preparation with good reproducibility, versatile surface chemistry, low
backpressure, and fast mass transport. Their advantages are similar to membrane chromatography, but differ from the classical
membrane media in terms of material, preparation, and morphology [19–21]. The monoliths are prepared mainly by in situ
polymerization of organic species or silicon alkoxides and consolidation inside the column. Fusion of the porous packing
material inside the column tubing by a sintering process has also been reported. As a result of the polymerization conditions
(ratio and concentration of monomer and cross-linker, temperature and presence of porogenic solvents), the bed macroporous
structure can be adjusted. If necessary the surface modification of the obtained porous matrix may be performed to improve the
chromatographic-binding capacity.

The monoliths usually posses a bimodal pore size distribution consisting of large micrometer-size through-pores
(which allow the liquid to pass through the matrix under low pressure even at high flow rates) and much smaller
pores in the 10 nm range that contribute significantly to the overall surface area. Due to their well-defined bimodal pore size
distribution, the monolithic supports provide high separation power offering good chemical stability and flow characteristics
[22]. The continuous beds have a longitudinal dimension usually exceeding their lateral dimension. This brings the monoliths
closer to the packed-bed columns than to membrane chromatography. Nevertheless, they were recently successfully used for
high-speed separation in reverse-phase, ion exchange, hydrophobic interaction, or affinity modes especially for separation of
biomolecules.

Ligand
Membrane

SpacerLigate

Feed
solution

FIGURE 3.2 Principle of affinity membrane chromatography.
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3.3 TYPES OF MATERIALS USED IN ADSORPTIVE MEMBRANES PREPARATION

Numerous natural and synthetic polymers such as polysaccharides, polyamide, polysulfone (PSf) and its derivatives, poly-
ethylene and polypropylene, acrylic copolymers, polycarbonates, polyvinyl alcohol, have been explored as potential materials
in chromatographic processes. The substrates used in successful membrane chromatography applications should fulfill several
conditions including: (i) high macroporosity with large internal and external surface areas to maximize interaction of matrix-
bound ligands with the ligate during the binding step; (ii) high mechanical stability and resistance to compaction under
pressure; (iii) high chemical and physical stability under harsh conditions used for the ligand coupling and ligand�ligate
complex formation; (iv) hydrophilic surfaces to minimize the nonspecific adsorption of bioactive species, and to minimize
competition for the desired ligates; and (v) high density of reactive groups for subsequent coupling of spacer arms and ligand
molecules [8]. Because very few materials fulfill these conflicting requirements, the choice of the support for a particular
application is very often a compromise among the above-mentioned conditions. In this section, a number of often-used support
materials is described.

Polysaccharides including cellulose and its derivatives, agarose, dextran, starch, chitin, and chitosan (Figure 3.3) have been
widely used as a support material in affinity chromatographic separations.

Celullose is a 1,4-b-linked D-glucose linear polymer with occasional 1,6-bonds (Figure 3.3a), derived both from plant and
bacterial sources. The glucose segments contain three hydroxyl groups that are very susceptible to chemical reaction, forming
esters (cellulose acetate, cellulose nitrate) and ethers (ethyl cellulose) and allowing for easy ligand immobilization.
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FIGURE 3.3 Structure of polysaccharides (a) cellulose, (b) chitin, (c) chitosan, and (d) dextran.
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The commercially available cellulose is generally cross-linked with a bifunctional reagent such as epichlorohydrin and is
remarkably stable to chemical attack. The glycosidic linkage is susceptible to acid hydrolysis, which under extreme conditions
can yield almost quantitative amounts of pure crystalline D-glucose. Oxidizing agents such as sodium periodate can generate
aldehyde groups and carboxyl groups.

Native cellulose imbibes only 30%–40% water compared with agarose that can hold 8–16 times its weight of water.
The limited cellulose swelling results in a small available pore surface and unfortunately is associated with relatively small
pores. This makes the number of applications of native cellulose in membrane chromatography quite low. Special procedures
are necessary to produce cellulose disks, films, or other formats, which permit diffusion of large proteins into the structure.
Nevertheless, several methods for the preparation of stable macroporous cellulose membrane as well as composite cellulose
membranes were proposed in the literature [23–31]. The new types of cellulose microfiltration membranes (based mainly on
regenerated cellulose, hydroxyethyl cellulose [HEC], and cellulose acetate) are characterized by high levels of water imbibition
and by much larger pore sizes. Additionally, they present hydrophilic surfaces hence a low nonspecific adsorption and abundant
functional groups.

Guo et al. [23] prepared epoxypropane chloride cross-linked macroporous cellulose affinity membranes with triazine dyes
ligands. These membranes consist of coarse fibers with high porosity and large pores but with a less uniform morphology.
The preparation of diethylaminoethyl-derivatized cellulose membranes with high protein loading was reported by Gerstner
et al. [25]. The membranes were used for preparative-scale separation of cytochrome, lysozyme, and a-chymotrypsinogen.
Chen et al. [26] prepared a modified cellulosic microfiltration membrane by blending cellulose acetate with polyethyleneimine
followed by cross-linking with polyisocyanate. These membranes were investigated in affinity processes for metal chelating,
removal of endotoxins, or ion-exchange separations. Composite membranes of cellulose with grafted acrylic polymers [27,28]
or blends of polyethersulfone and polyethylene oxide coated on all surface with a covalently bound layer of HEC were also
prepared [29,30]. Yang et al. [31] prepared composite cellulose membranes containing epoxide functional groups via grafting
polymerization of glycidyl methacrylate to dispersed cellulosic fibers. The obtained membranes posses high porosity and good
flow characteristics and could be further modified for affinity ligand coupling.

Cellulose-based monoliths prepared from cross-linked sponge-like regenerated cellulose with a continuous, interconnected,
open pore structure (50–300 mm) are commercialized by Sepragen under the trade name Seprasorb and are available for
ion-exchange chromatography.

Chitin and its deacetylated product Chitosan are good biological materials due to their easy availability, hydrophilicity,
biocompatibility, and chemical reactivity. They can be obtained on a large scale from the outer shells of crustaceans and have
numerous potential application in biomedicine, biochemistry as well in pharmaceutical or chemical industries. Both have a
structure similar to that of cellulose, possess a large number of reactive groups (CH2OH in chitin and chitosan, or the more
reactive NH2 in chitosan, Figure 3.3b and 3.3c), and can be easily modified to meet various needs. Chitin is usually insoluble in
acid and basic solutions as well as in common organic solvents. Therefore, preparation of macroporous chitin membranes by
the usual phase inversion method is difficult. However, acetylated chitin membranes with good chemical and mechanical
properties were prepared by acetylation of chitosan macroporous membranes [32].

Chitosan is, on the other hand, soluble in acidic solutions and has an excellent film-forming ability. Microporous chitosan
membranes were prepared by phase inversion method and subsequently coupled with various types of ligands to generate
chitosan affinity membranes [32–34]. Zeng et al. [32] prepared macroporous chitosan membranes using silica particles, which
in contrast with chitosan, are insoluble in acidic solutions and soluble in basic ones. A dope solution of acidic aqueous chitosan
and silica particles was poured on a glass plate after which the water was evaporated. The dried formed films were immersed
into an aqueous NaOH solution under heat conditions to dissolve the silica particles. The obtained macroporous membranes
were reported to have controlled porosity and pore sizes, and good mechanical strength. To prevent dissolution in acidic media,
the chitosan membranes can be cross-linked with epichlorhydrin or ethylene glycoldiglycidyl ether (EGDGE).

Due to its good properties chitosan was also employed in preparing composite membranes. Klein et al. [35] reported the
preparation of chitosan-coated sulfonated poly(ethersulfone) membranes as affinity chromatographic supports. Through the use
of the charge attraction, the chitosan is localized at the fiber surface and subsequently cross-linked in situ with EGDGE, which
also supplies new reactive groups. These coatings are not covalently linked to the supporting fiber, but rely on the insolubility
of the cross-linked coating for stability. The hydroxyl and amino glucose repeated units can be further modified to bind the
affinity ligand.

Dextran, a linear water-soluble polysaccharide composed of more than 90% 1,6-linked a-D-glucose (Figure 3.3d), is
produced by fermentation of sucrose by microorganisms of the genus Leuconostoc.

The soluble linear dextran chains are cross-linked with epichlorohydrin in alkaline solution to yield a three-dimensional gel,
which solidifies exothermically. The commercially available dextran gels (Sephadex) are very stable to chemical attack and can
be heated up to 1108C in an autoclave for 40 min without impairment of properties. The gels swell to some extent in ethanol,
ethylene glycol, formamide, N,N-dimethylformamide (DMF), and dimethylsulfoxide (DMSO).

Dextran is mainly used as a coating material on available microfiltration membranes. Breifs and Kula [36] reported the use
of dextran-coated nylon membranes as affinity media. The ligand was first coupled with dextran (both by adsorption and
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covalent reactions), followed by attachment of the ligand-coupled dextran to the inner porous surface of a trichloro-triazine
activated nylon membrane. Tang et al. [37] also prepared dextran-coated nylon membranes as glucose-sensitive hydrogel
membranes. They used a polymer produced by cross-linking of two dextrans with different molecular weights. The smaller
dextran was functionalized with covalently grafted concavaline A (conA). This material was mixed with a larger, non-
functionalized dextran, allowing easy control of the overall amount of grafted conA in the material. The mixture was cast on
a porous nylon support, which provides mechanical strength, between two glass plates using spacers to give the required total
membrane thickness.

Polyamides are synthetic amides in which recurring amide groups (��NHCO��) are an integral part of the main polymer
chain. A large number of polyamide types, both aliphatic and aromatic, with very different properties are commercially
available. The schematic structure of the basic aliphatic polyamides referred to as nylons is presented in Figure 3.4a. Aromatic
polyamides are good membrane materials because of their outstanding mechanical, thermal, and chemical stability but aliphatic
polyamides such as nylon-6, nylon-6-6, or nylon-4-6 are of greater interest as microfiltration membranes.

Nylon is known to be resistant to a large number of organic solvents, partly because of its crystalline nature. It is also highly
resistant to aliphatic and aromatic hydrocarbons as well as to some linear alcohols and aprotic liquids such as n-methyl-
pyrrolidone or dimethylformamide. However, nylon membranes only have a low concentration of terminal amino groups to
serve as functional groups for ligands coupling. They also present a high nonspecific adsorption of biomolecules during affinity
separation processes. Therefore, hydrolysis of nylon membranes is necessary to both increase the active groups and prevent
electrostatic interaction with proteins.

Although the hydrophobic surface of nylon membranes may be improved by hydrolysis or chemical modification,
composite polyamide membranes are preferred in chromatographic applications. Klein et al. [38] prepared polyamide micro-
porous membranes by modification of terminal amino groups. The density of activation sites for ligand coupling is increased by
covalent binding of a polyhydroxyl-containing material to the polyamide membrane by reaction with the activated terminal
groups. Composite nylon membranes prepared by coating of HEC on microfiltration polyamide membranes were also reported
by Beeskow et al. [39]. HEC was immobilized on the pre-activated nylon membrane surface via amino end-groups or amide
groups in the nylon chain. Subsequently the HEC hydroxyl groups were activated with epichlorhydrin or bioxirane to bind
specific ligands suitable for affinity chromatography.

The neutral hydrophilic polyacrylamides are entirely gels formed by copolymerization of acrylamide
(CH2¼CH��CONH2) with the bifunctional cross-linking agent, N,N0-methylene-bis-acrylamide (CH2¼CH�CONHCH2

NHCO��CH¼CH2) (Figure 3.4b).
The ratio and concentration of acrylamide to that of the cross-linking agent in the reaction mixture can be varied to give an

infinite series of insoluble covalently bonded gel products that differ in their average pore size. The polyacrylamide gels are
chemically stable in dilute solutions of salts, detergents, guanidine-HCl, urea, and most organic solvents. They are nevertheless
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FIGURE 3.4 Structure of (a) aliphatic polyamides (nylon-x and nylon-x–y) and (b) polyacrylamide.
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hydrolyzed at extreme pH or by nitrous acid to yield carboxyl functions. The gels are biologically inert and generally are not
subject to enzymatic digestion or metabolism by microorganisms.

The principal advantage of polyacrylamide in chromatographic processes is polyacrylamide possesses an abundant supply
of modifiable groups, which allows the covalent attachment of a variety of ligands. The use of polyacrylamide carriers for
affinity separations has nevertheless been limited. Principally this appears to be the result of the low degree of porosity of the
beads currently available and to the shrinkage observed during the chemical modifications required for attachment of the ligand.
However, Gupta and Anjum [40] prepared ion-exchange polyethylene-g-polyacrylamide membranes via graft polymerization
of acrylamide onto polyethylene films using a pre-irradiation method. The alkaline hydrolysis of radiation-grafted polyethylene-
g-polyacrylamide films transformed the amide groups into carboxyl groups, resulting in membranes with good binding capacity
for mercury ions.

Composite membranes of cellulose and acrylamide polymer are also produced by Cuno Life, Meriden, USA. The Zeta
Plus H series of filter cartridge employs two layers of graded-density filter media, the upstream layer consisting of a more
open structure compared to the downstream layer. This allows the upstream layer to essentially act as prefilter, retaining large
particles, yeast, and colloids, while the tighter downstream layer removes remaining microorganisms and haze components.

Hjerten and his research group [41] introduced monolithic columns based on acrylamides as chromatographic separation
media in the late 1980s. Xie et al. [42] prepared rigid porous polyacrylamide-co-butylmethacrylate-co-N,N0-methylene-bis-
acrylamide monolithic column for hydrophobic interaction chromatography. They also prepared polyacrylamide-co-N,
N0-methylene-bis-acrylamide monolithic rods and studied the effect of polymerization conditions on rods’ morphology.

Polypropylene, polyethylene, and its copolymers, including polyvinyl alcohol-co-ethylene (EVAL) and polyethylene-
co-maleic anhydride, are often reported in the literature as affinity supports for different ligand chemistries (Figure 3.5). Bare
polyethylene and polypropylene membranes have good thermal, mechanical, and chemical resistance but are inert and show a
too high nonspecific adsorption of biomolecules. Therefore, an additional surface modification step is necessary to introduce
various functional groups and to decrease the surface hydrophobicity. Microporous polyethylene and polypropylene mem-
branes were grafted with various monomers, containing ion-exchange groups (�NH2, �SO3H, �COOH), such as sodium
styrenesulfonates, vinyl acetate, hydroxyethyl methacrylate, or glycidyl methacrylates, to acquire active epoxide groups. The
latest membranes can be further modified with ion exchange, metal chelate (iminodiacetate), or hydrophobic groups (butyl,
phenyl, phenylalanine, or tryptophan) [43–46]. Kim et al. [43,47] reported the preparation of polyethylene microfiltration
hollow fibers grafted with glycidyl-methacrylate, hydroxyethy-methacrylate, or vinyl acetate followed by coupling of affinity
ligands. The nonselective protein adsorption of the obtained membranes was obviously diminished while maintaining water
permeability. Using radiation-induced graft polymerization of acrylic acid and glycidyl-methacrylate, Kiyohara et al. [48]
carried out surface modification of porous polyethylene membranes to introduce succinimide and epoxy groups into the hollow
fibers. The resulting membranes showed higher permeabilities and lower nonspecific protein adsorption.

Poly(vinyl alcohol-co-ethylene) is derived from copolymers of vinylacetate and ethylene by hydrolysis of the acetyl
function of the ester comonomer. EVAL is a random copolymer carrying hydrophilic (vinyl alcohol) and hydrophobic
(ethylene) segments in a single molecule (Figure 3.5c). It is insoluble in water and combines a good wet strength with
hydrophilicity. EVAL shows good membrane characteristics for use in various kinds of blood purification devices, including
hemodialyzer and plasma separation. The membrane properties are closely associated with the ratio of composition of
hydrophilic groups to hydrophobic groups of poly(vinyl alcohol-co-ethylene). The polymer whose ethylene content is about
30% (molar) is nowadays involved in medical applications.

Commercial EVAL hollow fiber membranes prepared via the copolymerization of ethylene and vinyl alcohol have been
recently explored for protein immobilization. L-histidine has been coupled onto EVAL-fibers activated with epichlorhydrin or
butanediol diglycidyl ether to prepare an affinity support for immunoglobulin G (IgG) purification [49]. Furthermore, histidine-
immobilized hollow fiber membranes have been employed for endotoxin removal from solutions of snake antivenom serum
[50]. Avramescu et al. [51] prepared EVAL microfiltration membranes from the quaternary water=1-octanol=DMSO=EVAL
system, using 1-octanol as non-solvent additive in the casting solution. To couple the affinity ligand, surface functionalization
reactions in aqueous and organic media (via glutaraldehyde, oxiran, trichloro-s-triazine, and sulfonyl chloride reactions) as well
as surface activation by a low-pressure glow discharge treatment, were performed. They also prepared EVAL porous membrane
adsorbers with various ion-exchange particles incorporated into the matrix by an immersion phase separation process [52].
The prepared particle-loaded EVAL membranes were employed in protein recovery, as a protein concentration medium for the
separation of similar-sized proteins with different isoelectric points and as adsorptive devices for endotoxin removal.
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FIGURE 3.5 Structure of (a) polyethylene, (b) polypropylene, and (c) polyvinyl alcohol-co-ethylene (EVAL).
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Polysulfone and its derivates mainly polyethersulfone (Figure 3.6) are suitable membrane materials because of their good
film-forming properties and high thermal, chemical, and biological resistance. However, their strong hydrophobicity and
nonwettable surface are usually undesirable in membrane chromatography.

Various methods to improve the characteristics of polysulfone membrane include preparation of copolymers with
desired functionality, blending with hydrophilic polymers, surface coating, or introduction of hydrophilic groups into the
polymer backbone. Klein et al. [29] modified microporous polysulfone membranes by reacting terminal phenol groups with
EGDGE to produce terminal epoxy groups. These were used to covalently link HEC polymers to the membrane surface.
Further epoxidation of the HEC and reaction with hexanediamine produced amine-terminated leashes on the microporous
membrane. Heterogeneous polysulfone affinity flat filter membranes having chelating groups for Hg2þ were prepared by Wang
et al. [53] via phase separation, using blends of chelating resin and polysulfone as membrane materials, N,N-dimethylacetamide
as solvent, and water as extraction solvent. Higuchi et al. [54,55] modified the PSf fiber surface with propane sulfone and SnCl4
as catalyst obtaining membranes with low nonspecific protein adsorption. They also prepared PSf hollow fiber membranes
containing hydroxide groups by a single-step reaction with propylene oxide and Friedel–Crafts catalyst.

Other polymeric materials (Figure 3.7) including polystyrene, polyvinylchloride (PVC), polytetrafluoroethylene (PTFE),
polyvinylenedifluorate (PVDF), polyacrylonitrile (PAN), polycarbonates, polyacrylates and polymethacrylates, polyetherur-
ethane, as well as various inorganic materials have been used as chromatographic supports.

Polystyrene and its derivatives (mainly chloromethylstyrene) are widely used in chromatography to prepare monolithic
rods frequently using divinylbenzene (DVB) as cross-linker [20,21,56]. Polystyrene-co-divinylbenzene polymers possess
good chemical and biological stability and due to their highly hydrophobic character can be used as reversed phases in
chromatographic applications. Hydrophilic monolithic rods based on polystyrene have been also prepared by modification of
4-chloromethylstyrene with ethylenediamine followed by a g-gluconolactone reaction, which provides the necessary degree
of hydrophilicity [57].
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FIGURE 3.6 Structure of (a) polysulfone and (b) polyethersulfone.
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Acrylate- and methacrylate-based polymers are stable under extreme pH conditions, which cannot be tolerated by
typical chromatographic packing materials, and can be easily functionalized using glycidyl methacrylates. Poly(glycidyl
methacrylate-co-ethylene dimethacrylate) is the most frequently used material in the preparation of monolithic rod. Thin
discs of macroporous poly(GMA-co-EDMA) have been synthesized by azo-bis-isobutyronitrile-initiated free-radical polymer-
ization of a mixture of monovinyl and divinyl monomers in the presence of a porogenic agent [58–59]. The preparation route
leads to controlled porous media with good mechanical strength and high density epoxy active groups, which provide reactive
sites for further ligand coupling.

Porous affinity membranes based on hydrolyzed poly(GMA-co-EDMA) grafted with glicidyl methacrylates oligomers
were also reported [2,60]. Tennikova et al. [2] prepared functionalized macroporous poly(GMA-co-EDMA) membranes by
reaction with propane sulfone, diethylamine, or water, leading to the formation of corresponding sulfonic acid, diethylamino
or diol-derivatized stationary chromatographic phases. Unfortunately, the poly(GMA-co-EDMA) membranes are mechanically
weak and due to their hydrophobic character may cause nonspecific adsorption of proteins.

Hydrophilic microporous polyvinyl chloride membranes activated with glutaraldehyde or treated with polyvinyl imine
(Acti-Disks) are produced by FMC Bioproducts. PVC membranes with embedded fibrous cellulose derivates or functionalized
silica beads were developed by Manganaro et al. [61]. A mixture of PVC powder, cyclohexane (as porogen), particulate
materials, and water (as swelling agent) was cast into a sheet form. The solvent was extracted with hot water resulting in
membranes with rigid structure, good chemical resistance, and low nonspecific adsorption.

Polytetrafluoroethylene (PTFE) microporous composite membranes were prepared in a similar way [62] using silica
derivatives and ion exchange or iminodiacetate-cellulose resins embedded in the PTFE matrix and is used mainly for protein
separation and water purification.

Dalven et al. [63] prepared various membranes with pore sizes ranging from 60 to 180 nm, using different copolymers of
acrylonitrile and a vinyl comonomer containing arylamine, pyridine, or an aliphatic hydroxyl group. The obtained membranes
proved to be suitable for protein immobilization, although various copolymers differed with respect to the weight loading of
protein upon a membrane. Maximal protein loading was observed routinely with acrylonitrile-m aminostyrene membranes.
Godjevargova et al. [64] surface-modified poly(acrylonitrile-methylmethacrylate-sodium vinylsulphonate) membranes with
sodium hydroxide and hexamethylenediamine, hydroxylamine, and hydrazine dihydrochloride to introduce amino groups onto
the porous surface. The membranes prepared from the modified copolymer possess the same porosity as the membranes of
unmodified acrylonitrile copolymer. Glucose oxidase was immobilized on the hydroxylamine modified membranes, combining
high activity with good thermal and storage stability.

Microporous polyetherurethane-urea membranes were prepared from DMAc and methylethylketone solutions by electro-
static spinning method [65]. The membranes were functionalized using isocyanate agents and further activated with succini-
mide, diimidazole, or sulfonyl reactions. Early attempts to prepare monolithic stationary phases involved open-pore
polyurethane foams [66,67]. These monoliths possess not only good permeabilities but also high swelling ratios in different
solvent classes, which made them inapplicable in large-scale chromatographic processes.

Hydrophilic polyvinylenedifluorate (PVDF) membranes prepared by a strong basic treatment of hydrophobic PVDF
supports followed by grafting of glycine molecules onto their surface [68] showed good properties for downstream protein
purification and immunoassays [69,70]. Activated acrylate coated microporous PVDF membranes (Immobilon) are also
commercially available from Millipore.

Inorganic supports (including glass materials, ceramic, metallic, or zeolitic membranes) offer, when used in chromato-
graphic separation processes, the advantage of high mechanical strength, regenerability, resistance to solvents, and microbial
attack. The inorganic materials, such as alumina, bentonite, glass, nickel oxide, silica, and magnetic iron oxide powders, do not
change the structure over wide temperature, pH, or pressure. Nevertheless, in operation processes their compressibility and
resulting pressure drop increase that is a major obstacle for large-scale applications. Li and Spencer [71] prepared alkali-stable
ion-exchange titanium dioxide membranes coated with polyethyleneimine (PEI). PEI ion paired with the oxide support was
subsequently cross-linked with glutaraldehyde to form reactive films to which the affinity ligands can be coupled. The
preparation of immobilized metal-chelate affinity membranes using glass hollow-fiber membranes as substrate was reported
by Serafica et al. [72]. The microporous glass membranes were activated with glycidoxypropyl trimethyl silane to generate
epoxide groups, to which iminodiacetate was coupled. The authors compared protein adsorption behavior on the prepared
membranes with results from a mathematical model.

Despite the fact that the first silica monolithic supports have been already reported in the late 1970s, the first
uniform porous silica rods used for reverse-phase chromatography were introduced in 1996 by Minakuchi et al. [73].
They were produced according to a solgel approach consisting of hydrolytic polycondensation of alkoxysilane in water in the
presence of a water-soluble organic polymer and acetic acid as catalyst. The prepared rods possess 1–2 mm size through-
pores and 5–25 mm mesopore size and can further be octadecylsilyated to give the C18 reverse phase. A second method for
preparation of silica monoliths, similar to the one used to cast column end frits in fused-silica tubing for HPLC, was reported
by Fields [74]. Although the method leads to continuous silica xerogels, the obtained materials posses heterogeneous
morphologies.
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3.4 ADSORPTIVE MEMBRANES PREPARATION

Many publications of the last decades reported the preparation, characterization, and performances of various types of adsorptive
membrane. Ion exchange, affinity, reverse phase, or hydrophobic interaction membrane chromatography have been described.
In the following, various methods involved in the preparation of different classes of adsorbers will be discussed.

3.4.1 MEMBRANE PREPARATION IN AFFINITY CHROMATOGRAPHY

Since chromatographic membranes consist of a substrate to which the interactive ligand is coupled, three main steps are usually
involved in their preparation: (i) basic membrane preparation; (ii) functionalization (activation) of the basic membranes; and
(iii) spacer arms and ligand molecules coupling on the activated porous membrane surface [9]. The preparation of basic
materials is essential for the performances of the separation process.

3.4.1.1 Basic Membrane Preparation

Most of the available commercial microporous membranes such as polysulfone, polyethersulfone, polyamide, cellulose,
polyethylene, polypropylene, and polyvinylidene difluoride are prepared by phase inversion processes. The concept of phase
inversion in membrane formation was introduced by Kesting [75] and can be defined as follows: a homogeneous polymer
solution is transformed into a two-phase system in which a solidified polymer-rich phase forms the continuous membrane
matrix and the polymer lean phase fills the pores. A detailed description of the phase inversion process is beyond the scope of
this section as it was widely discussed in Chapters 1 and 2; nevertheless a short introduction of this process will be presented.

A homogenous polymer solution is cast as thin film and subsequently immersed into a non-solvent bath. The diffusional
exchange of solvent and non-solvent brings the film solution into an instable state resulting in phase separation, either by
liquid–liquid (l–l) or by solid–liquid (s–l) demixing, depending on the type of polymer and the precipitation conditions
employed [76,77]. The following phase inversion processes can be distinguished: (i) precipitation from the vapor phase;
(ii) precipitation by controlled evaporation; (iii) thermal precipitation; and (iv) immersion precipitation.

For amorphous polymer systems, liquid–liquid phase separation occurs by nucleation and growth of the polymer-lean
phase when the film composition enters locally the metastable region between the binodal and the spinodal (unstable with
respect to l–l demixing). The unstable polymer solution falls apart in a polymer-rich and a polymer-poor phase. The polymer-
rich phase will form the matrix where the polymer-lean phase will form the pores. [78]. The (partial) phase inversion process
performed can result in a variety of different cellular morphologies including open and closed sponge or finger-like pores. The
(cellular) morphology depends strongly on the diffusion kinetics and thus on the rate of transfer of solvent and non-solvent
[79,80]. For semicrystalline polymer systems, delayed conditions suppress l–l demixing and thus favors s–l demixing by
allowing crystallization to take place.

Ternary mass transfer models have been used to calculate the diffusion trajectories and the (polymer) concentration profiles
within the film in the first stages of immersion [81–84]. Generally, two types of demixing are distinguished, namely
instantaneous and delayed demixing with respect to l–l phase separation. Instantaneous l–l demixing occurs when the
composition of the film falls immediately after immersion within the binodal envelope. This is normally the case when a
(strong) non-solvent with a high affinity to the solvent is used in the coagulation bath (Figure 3.8a). The corresponding polymer
concentration profile shows a steep increase near the film=bath interface leading to asymmetric open cellular membranes
(Figure 3.8c) with typically a thin dense top layer (skin) and possibly macrovoids in the porous support layer [77,81].

If the demixing is delayed, compositional changes in the film will not be disrupted by phase separation. Desolvation can
thus proceed for a longer time without triggering demixing (Figure 3.8b) resulting mainly in higher polymer concentration
throughout the polymeric film. In this case, the polymer concentration profile within the film becomes less steep and more
symmetric structures are obtained. Delayed demixing conditions generally suppress macrovoid formation and lead for
amorphous polymer systems to the formation of a thick dense top layer (Figure 3.8d). Additional morphological fine-tuning
has been performed by adjusting the temperature of the precipitation bath or by addition of a fourth component to the casting
solution [82–84]. For microfiltration processes, the resulting membrane morphologies are far more regular and show higher
permeabilities while retaining the required retention properties.

3.4.1.2 Basic Membrane Modification

Most commercial microporous membranes are hydrophobic and relatively inert. If the selected basic membrane does not
possesses the functional groups necessary for spacers arms and ligand coupling, it can be activated to acquire reactive groups
such as hydroxyl, carboxyl, halogen, or amine groups using similar methods as for particulate materials. The major methods
employed to modify the porous membranes (some of them already mentioned) are based on

. Coating Technique: This technique usually deposits a hydrophilic layer such as HEC, polyvinyl alcohol, chitosan,
polyacrolein, and polyethylenimine on a hydrophobic one [13,71,85,86]. The coating layers prepared are, however,

34 Handbook of Membrane Separations

Pabby et al./Handbook of Membrane Separations 9549_C003 Final Proof page 34 13.5.2008 2:29pm Compositor Name: BMani



not durable and stable and can be easily leached out. To overcome this drawback, the membranes (polyvinylidene
fluoride, polyethersulfone polytetrafluoroethylene, polycarbonate, nylon, etc.) are coated with a mixture containing a
functional monomer (hydroxyalkyl acrylate or methacrylate), a polymerization initiator (ammonium or potassium
persulfate), and a cross-linking agent (difunctional acrylates, methacrylates, or acrylamides) and are exposed to radical
polymerization initiated by heating UV or g-radiation [72].

. Grafting Polymerization: A technique suitable for hydrophobic and inert microporous membranes such as polyethy-
lene and polypropylene. The membranes can be grafted with monomers like sodium styrenesulfonates, vinyl acetate,
2-hydroxyethyl methacrylate to introduce various ion-exchange groups (�NH2, �SO3H, �COOH) or with glycidyl
methacrylate to acquire reactive epoxide groups that can be further modified with ionic-exchange groups, metal
chelate groups, or hydrophobic groups (phenyl, butyl, phenylalanine, tryptophan) [45,87,88].

. In Situ Copolymerization: In situ copolymerization of two different monomers is often used for single step preparation
of mechanical stable microporous membranes with functional groups. One of the monomers, such as vinylpyridine,
acrylamide, vinyl alcohol, glycidyl methacrylate, and its derivative, serves as the core support material for functional
groups. The second monomer (divinylbenzene, ethylene dimethacrylate, and methylene-bis-acrylamide) functions as a
cross-linker and offers mechanical strength. Inorganic salts or organic solvents are usually used as porogen agents.

. Other Methods: Examples for other methods include co-casting of a hydrophobic and a hydrophilic polymer that
contains amine, imine, hydroxyl, or carboxyl groups [61,89]; surface modification by oxidation with ozone or by
exposure to an electron or ion-beam; ultrasonic etching; and UV or laser irradiation [90–92]. A variety of functional
groups have been also introduced onto the membrane surfaces by applying the gas discharge techniques (plasma
treatment) operated at low or ambient pressure [93,94].

However, the methods applied to obtain membranes with hydrophilic and chemically modifiable surfaces via physical or
chemical posttreatment of hydrophobic membranes often result in unwanted and irreproducible inhomogeneities [95]. Thus
the main limitation for supports in affinity separation presently encountered lies in the availability of membranes with
functional groups suitable for ligand coupling. This imposes an increased need for the development of hydrophilic microfiltra-
tion membranes with suitable functionalizable groups.

3.4.2 PREPARATION OF MONOLITHIC STATIONARY PHASES

The monoliths are prepared both from organic (mainly based not only on polystyrene, acrylamides, acrylates, or methacrylates
but also on imprinted polymers) and inorganic materials (based on silica, zirconia, titania, or aluminium oxide) as continuous

(a) (b)

(c) (d)
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FIGURE 3.8 Schematic representation of the composition path of the cast film immediately after immersion in the coagulation bath for (a)
instantaneous and (b) delayed demixing systems, and the scanning electron microscope (SEM) picture of the resulting membranes (c) and (d).
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block interlaced with free dead-ends channels. They have similar advantages compared to membrane chromatography but their
preparation differs from the classical membrane supports. The preparation of continuous beds can be generally divided in to:
polymerization of an organic monomer in the presence of additives, formation of silica-based network via the so-called solgel
process, and fusing the porous packing material inside the chromatographic column by a sintering process.

3.4.2.1 Preparation of Silica Monoliths

Until now few methods are reported for the preparation of silica monoliths. The extensively used solgel technology was
introduced by Minakuchi et al. [73] and produced the first uniform porous silica column for reversed-phase chromatography.
The method is based on hydrolytic polycondensation of alkoxy silicon derivatives (e.g., tetraethyl or tetramethyl orthosilicate)
in aqueous media followed by phase separation in the presence of water-soluble organic polymers. The reaction occurs as
follows: tetramethoxysilane (TMOS) is added to a polyethylene oxide (PEO) aqueous solution, in the presence of 0.01 N acetic
acid as reaction catalyst. The resulting mixture is stirred at 08C for 30 min and then poured into a polycarbonate mould where it
is allowed to react at 408C. Within 2 h of reaction the gelation occurs. The gelation process starts with polymer aggregation,
followed by interpenetration of the formed clusters. Finally, the clusters link together to form the network. The gel is
subsequently aged at the same temperature for a day to increase the stiffness and the strength of the silica network. The
obtained silica rods are washed with water and aqueous ammonium hydroxide to adjust the mesopore structure and then cut to
the desired length upon drying. The rods can be derivatized to C18 phase by applying a toluene solution of octadecyldimethyl-
(N,N-diethylamino)silane at 608C, followed by trimethylsilylation with hexamethyldisilazane.

Several groups are nowadays involved in the preparation of silica monoliths using modified versions of the solgel
technology proposed in 1996 by the Tanaka group. Research is carried out to improve the polycondensation starting material,
different precursors such as TMOS, polyethoxydisiloxane, methyltriethoxysilane, aminopropyltriethoxysilane, 3-2-aminoethyl-
aminopropyltriethoxysilane, or N-octyltriethoxysilane were investigated [96–100]. Numerous procedures concerning the
reaction parameters are described in literature. It is commonly accepted that linear or randomly branched silica chains are
formed under acid catalyses [101,102]. In contrast, under basic catalytic conditions a network of uniform particles with a large
pore volume is formed [103,104]. The addition of additives such as polyethylene oxide or polyethylene glycol to the sol leads
to the formation of silica monoliths of different morphologies and subsequently different properties [105,106].

Various aging, drying, and cladding steps are also presented in literature. Gel drying is a critical step in silica monoliths
preparation, which can cause large gel shrinkage and cracking. Therefore, besides classical drying at room temperature (with or
without solvent exchange), many drying methods including the replacement of alcohol by washing with liquid CO2 and drying
above the critical point, replacement of alcohol by water followed by washing with acetone and liquid CO2, and supercritical
drying at 358C and 8.5 MPa have been investigated [107,108]. Despite the efforts in finding the most suitable drying methods,
gel shrinkage may cause void spaces between the formed silica network and the column wall. A way to avoid these problems is
encasing the resulting silica gel into a polytetrafluoroethylene tubing compressed under external pressure. A good review paper
on the preparation of silica gel-based monoliths via solgel method has been recently published [109].

Another approach for the preparation of silica-based continuous beds belongs to Fields [74]. He synthesized a porous
chromatographic support inside a silica tube by the following procedure: a fused silica column is filled with a 10 wt% solution
of formamide in potassium silicate and placed in a 1008C gas chromatograph oven for 1 h. The column is then washed with
water, 50=50 water=methanol, methanol, and tetrahydrofuran and purged with dry helium for 24 h at 1208C. Subsequently, the
mixture is reacted with 10% dimethyloctadecylchlorosilane (ODS) in dry toluene for 5 h [110,111]. The morphology of the
material was clearly inhomogeneous with a distribution of the mean pore diameter ranging from ~0.2 to ~3 mm. Nevertheless
the prepared monoliths were used for separation of alkylbenzenes and polypeptides in reverse-phase chromatography with
reasonable efficiency.

Embedding particulate material within a porous matrix may decrease the shrinking and cracking of the solgel prepared
monoliths resulting in increased separation efficiency. Dulay et al. [112] produced particle-loaded monoliths by heating a tube
filled with a mixture of TEOS and ODS particles in ethanol. Preparation of monoliths with entrapped silicate particles (coated
with ODS or L-dansylphenylalanine imprinted polymers) was reported by Chirica and Remcho [113], resulting in faster and
more efficient chromatographic media.

3.4.2.2 Preparation of Organic Polymer Monoliths

The preparation of polymeric monoliths is relatively simple compared with those of the silica rods. A polymerization mixture
consisting of monomer, cross-linker, initiator, and porogenic solvent is introduced into a sealed tube. The reaction can be
temperature or redox initiated and in the case of transparent molds UV light can also be used to trigger the polymerization. At
the end of the reaction the seals are removed and the tubes are attached to a pump, which flushes solvent through the monolith
to remove the porogens and the unreacted components. The obtained monolith can be radial or axial compressed to prevent the
formation of voids and further functionalized for different chromatographic modes. The majority of current monolithic supports

36 Handbook of Membrane Separations

Pabby et al./Handbook of Membrane Separations 9549_C003 Final Proof page 36 13.5.2008 2:29pm Compositor Name: BMani



used in chromatographic processes recently reviewed in Refs. [56,114–116] are based on polystyrene-divinylbenzene,
polyacrylamides, polyacrylates, and polymethacrylates (Figure 3.9a). The reader should realize that there is a very large
class of monomers with different functionalities, which can be used in the preparation of continuous beds. Multifunctional
oligomers or polymers including derivatives of cyclodextrins and proteins (acting simultaneous as cross-linkers and chiral
selectors) have recently been used in monoliths preparation [117,118].

3.4.2.2.1 Preparation of Polystyrene-Based Monoliths
The commonly used monomers in the preparation of polystyrene (PS)-based monolithic columns are styrene and 4-chloro-
methylstyrene while divinylbenzene (DVB) is usually the cross-linker. The PS-DVB continuous beds were introduced by Svec
and Fréchet [119] in the early 1990 as protein separation media. They were prepared by free radical polymerization of styrene
and divinylbenzene in the presence of dodecylalcohol as pore-forming agent and 2,20-azo-bis-isobutyronitrile (AIBN) as
initiator. The polymerization mixture was reacted inside the mold at 708C for 24 h. Due to its highly hydrophobic nature,
the prepared continuous bed can be directly used in reverse-phase or precipitation-redissolution chromatography [120,121]. To
increase chromatographic interactions, the monolithic surface can be modified by including an alkylstyrene monomer in the
polymerization mixture. The modification can also be achieved by introducing functional groups onto the polymeric surface
after monolith formation using, for example, a strong Friedel–Craft catalyst (aluminium chloride) and an alkyl halide
(chlorooctadecane) in nitrobenzene [114].

Hydrophilic polystyrene-based continuous beds bearing a hydrophilic surface on a hydrophobic polymeric support were
prepared by a two-step modification of polychloromethylstyrene monolith first with ethylenediamine followed either by a
reaction with g-gluconolactone or with chloroacetic acid [57,122]. Activation could also be performed by grafting 4-vinyl-
2,2-dimethylazactone onto the monolith porous surface [123].

3.4.2.2.2 Preparation of Polyacrylamide Monoliths
Hjerten et al. [124] introduced the monolithic stationary phases based on acrylamides in the late 1980s. The cross-linked
polyacrylamide can be directly synthesized within the mold by a one step free-radical chain polymerization. Acrylamide,
methacrylamide, or piperazine diacrylamide are often employed as monomers, while N,N0-methylene-bis-acrylamide is used as
a cross-linker. 2-acrylamido-2-methylpropane sulphonic acid, vinylsulphonic acid, butyl methacrylate, or stearoyl methacrylate
are usually added to the polymerization mixture to provide charge and functional groups [114].

Xie et al. [42] prepared rigid porous polyacrylamide-co-butylmethacrylate-co-N,N0-methylene-bis-acrylamide monolithic
columns with controlled hydrophobicity for chromatographic separation of proteins. They also prepared porous hydrophilic
polyacrylamide-co-N,N0-methylene-bis-acrylamide monolithic rods using alcohols with different carbon chain lengths (from
methanol to decanol) as pore-forming agents [125].

3.4.2.2.3 Preparation of Polymethacrylate-Based Monoliths
Continuous beds prepared from acrylates and methacrylates were introduced as chromatographic media in the early 1990s by
Svec and Fréchet [126]. The polymerization mixture generally consists of a mixture of monomers including glycidyl
methacrylate (GMA), diethyleneglycidyl methacrylate (DEGMA), 2-hydroxyethyl methacrylate, ethylene dimethacrylate
(EDMA, which can also act as a cross-linker), and other methacrylate-esters, one or more porogenic solvent (such as methanol,
propanol, cyclohexanol, isooctane, dodecanol, toluene, dioxane, acetone, or acetonitrile) and a radical initiator (usually AIBN)
temperature or UV light activated. The monoliths morphology with well-defined bimodal pore size distribution (Figure 3.9b)

(a) (b)

FIGURE 3.9 SEM picture of monoliths prepared from (a) polystyrene-divinylbenzene and (b) methylmethacrylate. (Courtesy BIA
Separations, Ljubljana, Slovenia.)
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can by adjusted by varying the percentage of cross-linking monomer, the type and quantity of porogenic agents as well as the
ratio between the monomer and the porogen phase.

Poly(glycidyl methacrylate-co-ethylene dimethacrylate) is a material most often used in the preparation of monolithic rods,
since it possesses reactive groups that allow for easy functionalization. Preparation of poly(GMA-co-EDMA)-based monoliths
barring functional amino groups via a diethylamine reaction was reported by Svec et al. [127]. Viklund et al. [128] reported a
photo-initiated in situ polymerization method for the preparation of monolithic stationary phases containing sulfonic acid group
by grafting poly(2-acrylamido-2-methyl-1-propanesulfonic acid) onto the internal surface of hydrolyzed poly(GMA-
co-EDMA) monoliths. A 60Co g-radiation-induced copolymerization of DEGMA and GMA monomers using different
porogenic agents (including alcohols, acetone, THF, and dioxane) was recently proposed by Grasselli et al. [129] to prepare
monolithic columns with adjustable morphologies.

Although the preparation of continuous beds on a small scale is easy, the preparation of large-size monoliths is quite
difficult. The unstirred nature of the polymerization within the mold leads to a low capacity to effectively dissipate the
exothermic reaction heat. The appearance of radial temperature gradient across the reaction mixture also results in the formation
of inhomogeneities in the pore structure of the obtained monolith. This is the reason why most of the work reported in the last
decades focused on the application of small-size monoliths in chromatographic processes.

3.4.2.2.4 Preparation of Monolithic Molecularly Imprinted Polymers
Molecular imprinting technique was recently used to prepare highly selective tailor-made synthetic affinity media used mainly
in chromatographic resolution of racemates or artificial antibodies [130–133]. A complex between the template molecule
and the functional monomer is first formed in solution by covalent or non-covalent interactions (Figure 3.10). Subsequently,
the three-dimensional architecture of these complexes is confined by polymerization with a high concentration of cross-linker.
The template molecules are then extracted from the polymer leaving behind complementary sites (both in shape and
functionality) to the imprinted molecules. These sites can further rebind other print molecules.

Matsui et al. [134] first reported the preparation of molecularly imprinted monoliths based on functional monomer such
as methacrylic acid or 2-trifluoromethyl-acrylic acid via in situ polymerization. The reaction mixture consisting of
monomer, cross-linker (ethylene glycol dimethacrylate), porogenic solvents (cyclohexanol and 1-dodecanol), initiator, and
template molecule was degassed and poured into a column where the polymerization took place. When the reaction was
completed, the template molecule and the porogenic solvents were extracted with methanol and acetic acid resulting in
monoliths with molecular recognition in the separation of positional isomers of diaminonaphthalene and phenylalanine anilide
enantiomers.

3.4.3 PREPARATION OF PARTICLE-LOADED MEMBRANES

Nowadays, methods are known for the preparation of porous polymeric supports comprising particulate material from an
appropriate mixture of starting components. Such a material prepared by a casting process is limited in its three dimensional
size by the housing it is cast into (Zip Tip, Millipore, Figure 3.11a and 3.11b) or is in the form of a sheet (Empore; Acti-Mod,
FMC Bioproducts; Biorex, Bio-Rad) [16,17].
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FIGURE 3.10 Principle of molecular imprinting technique.
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The available preparation routes for porous polymeric fibers with particulate material incorporated require an additional
process steps to introduce the desired porosity [135]. After the preparation of the matrix comprising particulate material,
either the particulate material is removed from the nonporous fiber or the nonporous fiber is stretched resulting in porous fibers.
In the latter case, a microporous fiber comprising particles having a certain sorptive function can be obtained. Depending
on the actual process steps needed to come to the final product, suitable starting materials with properties that can sustain
the conditions of the additional process steps have to be selected. Obviously, such a requirement limits the type of polymeric
material that can be used. Furthermore it puts limitations on the type of particulate material that can be comprised in the
polymeric matrix. A very high degree of particle loading will reduce the mechanical strength of the mixed matrix and therefore
restrict the stretching procedure. The force required to reach sufficient stretching of the matrix material limits the degree of
loading. By stretching the particle comprising material the particulate material can drop out of the porous structure to be
formed. In processes involving melt extrusion, only particulate material that can sustain temperatures required to melt the
matrix polymer, usually above 2008C [18], can be applied.

Disadvantages of the known porous polymeric membrane preparation processes are that they involve additional process
steps after the formation of the fiber to come to a final product. It is therefore desirable to have a more efficient preparation
process. A new method to prepare structures of any geometry (Figure 3.11c through 3.11f) and large variety of functionality

(a) (b)

(c) (d)

(e) (f)

FIGURE 3.11 Particle-loaded membrane adsorbers in different geometries (a) zip-tip millipore adsorber, (b) zip-tip adsorber, higher
magnification, (c) flat membrane, (d) flat membrane, higher magnification, (e) full fiber, and (f) hollow fiber.
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was recently proposed [52]. The authors proposed to incorporate the functionality by dispersion of particles in a polymeric
porous structure formed by phase inversion. A slurry of dissolved polymer and particulate material can be cast as a flat film or
spun into a fiber and can then be solidified by a phase inversion process. This concept is nowadays commercialized by Mosaic
Systems. The adsorber membranes prepared via this route contain particles tightly held together within a polymeric matrix of
different shapes, which can be operated either in stack of microporous flat membranes or as a bundle of solid or hollow fiber
membranes.

These membranes may also serve as a platform to which an end-user can couple the specific ligate needed. This has been
recently pointed out by Klein [10] as one of the significant opportunities in membrane chromatography. The reader may note
that the function of polymer binder is to be highly porous, having a high degree of pore interconnectivity as well as having a
low-adsorption tendency toward the desired products. By choosing the particles and the binder one can establish various
functions such as ion exchange, adsorption, catalysis, and hybrid such as reactive chromatography.

3.4.4 MEMBRANE ACTIVATION AND LIGAND COUPLING

The spacer arms and the affinity ligand molecules may be directly or indirectly linked to residual functional groups of the
membrane by any procedure that retains the mechanical and hydraulic membrane properties while substantially retaining
the binding activity of the affinity ligand. The monolithic stationary phases used in affinity chromatography are typically
prepared by ligand immobilization onto the in situ polymerized support. Nevertheless, methods in which the ligand is attached
to one of the comonomers were also reported [136]. In the following section, the reactions widely used for membrane activation
and ligand coupling and extensively reviewed in recent literature are discussed separately for different types of functional
groups containing polymers (Table 3.1).

1. Polymers containing hydroxyl groups including polysaccharide, polyvinyl alcohol and its copolymers, polyhydroxy-
ethyl methacrylate, silica, and porous glass can be used as material supports not only for direct ligand coupling via,
e.g., cyanogen bromide, triazine, or cyclic carbonate reaction, but also for modification reactions leading to other
reactive functional groups such as carboxyl, carbonyl, and mercapto groups (Figure 3.12) [137].
. Cyanogen Bromide Reaction (Figure 3.13a): This reaction was introduced by Axen et al. [138] in late 1960s and

became one of the most extensively used coupling method. The hydroxyl-containing polymer is activated with
cyanogen bromide at pH 10–11.5. Compounds containing free amino groups can be attached covalently to the
activated polymer at mild alkaline pH values. The cyanogen bromide activation reaction is considered to proceed
via the 2,3-trans-imidocarbonate intermediate, leading to the formation of three possible types of bonds with
protein amino groups: N-substituted imidocarbonate, N-substituted carbamate, and N-substituted isoureas. The
cyanogen bromide method was used for immobilization of different proteins on cellulose, agarose, dextran, and
copolymers of hydroxyethyl methacrylate with acrylamide [139–142].

. Cyclic trans-2,3-Carbonate Method: This method was first used for immobilization of different biomolecules on
cellulosic materials [143]. The reaction of cellulose with ethyl chloroformate in anhydrous organic solvents gives

TABLE 3.1
Modification Reactions with Polymers Containing Different Functional Groups

Functional Groups Material Type Modification References

Hydroxyl Polysaccharides (cellulose, agarose, dextran,
chitin, chitosan), inorganic glass, polyvinylalcohol,

polyhydroxyethyl methacrylate

Cyanogen bromide, triazine method, cyclic
trans-2,3-carbonate reaction, carbonylation,

periodate oxidation, epoxide activation

[137–150]

Carboxyl Poly(acrylic acid), poly(glutamic acid), CM-cellulose,
poly(acryl amide)

Curtis azide rearrangement, coupling reagent
method, acid anhydride reaction

[151–154]

Aldehyde and acetal Polymers reacted with glutaraldehyde, polysaccharides
reacted with periodate

Schiff base formation reaction [137,155,156]

Amide Polypeptides and polyamides such as nylon Peptide amide bond cleavage, N-alkylation
of the amide bonds, imidoester reaction

[137,151]

Amino Aminoethylated polysaccharides and silica,
arylaminated polysaccharides, poly-(p-aminostyrene),
synthetic polymers

Carbamylation and thiocarbamylation method,
diazotization, the four-component
condensation reaction, glutaraldehyde

treatment

[155,157–161]

Mercapto Glutathione-agarose, thiolated agarose,
Enzacryl polythiol

Treatment with dipyridyldisulfide, carbodiimide
activation, thiol-disulfide interchange reactions

[137,153,154,162,163]
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cyclic trans-2,3-carbonate derivative of cellulose (Figure 3.13b). The trans-2,3-carbonate group is analogous to
the cyclic trans-2,3-imidocarbonate structure, which is assumed to be the intermediate reactive in cyanogen
bromide activation. Nucleophilic attack on the cyclic carbonate by a ligand containing amino group leads to ring
opening and the formation of N-substituted carbonates.

OH
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Na2S2O3, Red. OCH2CH(OH)CH2SH

FIGURE 3.12 Coupling reactions for ligands immobilization on polymers containing hydroxyl groups.
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FIGURE 3.13 Schematic representation of (a) cyanogen bromide reaction, (b) cyclic trans-2,3-carbonate activation method, (c) triazine
activation method, and (d) carbonylation reaction.
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. Triazine Method (Figure 3.13c): The method was used mainly for polysaccharides including cellulose, agarose or
cross-linked dextran, and vinyl alcohol supports [144,145]. Dichloro-s-triazinyl derivatives that react rapidly
with protein are prepared by reaction with 2,4,6-trichloro-s-triazine (cyanuric chloride) at room temperature. The
temperature may be raised to accelerate the reaction. The remaining chlorines may be treated with an amine
to prevent further reaction, including polymer cross-linking. As the reaction of the second chlorine with protein is
very fast, it is preferable to replace the second chlorine and use the third chlorine for the coupling reaction.
Monochloro-s-triazinyl derivatives can be prepared by allowing the polymer to react initially with cyanuric
chloride followed by a reaction with a low molecular weight amine under controlled conditions to leave the
third chlorine unreacted. It is, however, preferable to use 4,6-dichloro-s-triazine derivative, 2-amino-4,6-dichloro-
s-triazine, or the so-called Procion M dyes.

. Carbonylation with carbonyldiimidazoles or carbonylditriazoles to form the corresponding carbonate esters can be
easily performed in the presence of sodium alcoholates catalyst on hydroxyl containing polymers [146,147]. The
resulting iminocarbonate ester can react further with amines forming stable urethane linkage between the hydro-
xylic support and the amino containing ligand (Figure 3.13d). If the support material contains amine groups instead
of hydroxyl groups, the first intermediate formed is a carbonyldiamide, which can easily react with nucleophilic
groups of the ligand [148].

. Periodate Oxidation mainly of polysaccharide supports has become a popular activation technique for protein
immobilization [149]. Sodium periodate (NaIO4) can react with vicinal cis-hydroxyl groups on cellulose, dextran,
or any other diols to produce aldehyde groups. These aldehyde groups can easily be transformed into secondary
amines by reductive oxidation or to hydrazides by reaction with dihydrazine. Further attachment of ligands or
spacer molecules can be performed via primary amino groups.

. Epoxide Activation using bioxiranes (such as 1,4-butanediol diclycidyl ether), epichlorhydrine, or epoxy bromopropane
is also intensively described in literature [150]. The epoxide groups can react with nucleophilic reagents including�OH
and �NH2 by ring opening. Condensation of the first ring with hydroxyl groups can be catalyzed at pH 11 while
coupling amine or thiol groups with the second ring takes place at a lower pH value. Simultaneously hydrogel cross-
linking may occur. NaBH4 can be added to the reaction mixture to prevent the oxidation of the di-epoxides.

2. Polymers containing carboxyl groups activated as acylazide, acid anhydride, or active ester by condensation reagents
and four-centered reaction can be used for ligand immobilization employing various coupling reactions via amino
groups of the protein to form an amide bond (Figure 3.14) [151]. Polyacrylic acid and polymethacrylic acid are typical
polymers used for these activations. They can be applied as homopolymer or copolymers with acrylamide.
. Curtis Azide Rearrangement: The polymer containing carboxyl groups is modified to a methyl ester, which reacts

further with hydrazine hydrate to form a hydrazide derivative. The hydrazide subsequently reacts with an aqueous
sodium nitrate solution to give an azide derivative, which can react with a ligand amino group under mild alkaline
conditions (Figure 3.14a) [152].
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FIGURE 3.14 Schematic representation of (a) Curtis azide activation and (b) coupling reagents activation method.
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. Coupling Reagents Method: This method involves water-soluble carbodiimides and similar coupling reagents
that react with carboxyl groups of the polymer at room temperature and slightly acidic pH values (pH 4–5) to
give O-acyl isourea derivatives. These highly reactive intermediates either condense with amines to yield the
corresponding amides or rearrange to an acyl urea. The most widely used water-soluble carbodiimides
for the activation of carboxyl groups are 1-cyclohexyl-3,2-(4-N-methylmorpholinium) ethyl carbodiimide tosylate
(1) and 1-ethyl-3-(3-dimethylaminopropyl) carbodiimide (2). Other coupling reagents N-alkyl-5-phenylisoxa-
zolium salt (3) and N-ethoxy carbonyl-2-ethoxy-1,2-dihydro-quinoline (4) can be used in a similar manner (Figure
3.14b) [153,154].

3. Widely used as polymeric supports for protein immobilization are the polymers containing aldehyde and acetal
functional groups (Figure 3.15) [155].
. Schiff Base Formation Reaction: This reaction (especially the glutaraldehyde reaction) is an inexpensive and easy

to use method extensively used for the immobilization of various ligands (such as proteins, enzymes, and cells), on
amine, amide, or hydroxyl-containing support materials [49,156]. At low pH in dilute solution, glutaraldehyde
(GA) is present as monomer in its free aldehyde form, as hydrate or hemiacetal, while at higher concentrations it
polymerizes into oligomeric hemiacetals. All of these species can react with proteins and lead to immobilization.
Activation of the support is often conducted at low pH to catalyze acetal formation, while the coupling of the
biomolecule is carried out at elevated pH to promote the nucleophilic attack onto the carbonyl group improving
thus the immobilization yield.

4. Polymers containing amino groups are used as support materials in chromatographic separation processes using
various coupling methods. The amine groups can be activated using, for example, glutaraldehyde and cyanuric
chloride reaction. They can also be modified by phosgene and thioposgene to isocyanate and thioisocyanate groups,
respectively. The newly formed functional groups can react with the ligand amino groups (Figure 3.16). The carboxyl
groups of the bioligands can also be directly coupled onto polymers containing amino groups using carbodiimide or
similar coupling reactions to form stable amide bonds.
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CHO

H2O
CH

OH

OH

CH

NH-Ligand

OH

CH=N    Ligand

FIGURE 3.15 Coupling reactions for ligands immobilization on polymers containing aldehyde groups.
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FIGURE 3.16 Schematic representation of (a) carbamylation and thiocarbamylation reactions, (b) four-component condensation reaction,
and (c) diazotization activation.
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. Carbamylation and Thiocarbamylation Reactions (Figure 3.16a): These reactions have been widely used for
protein immobilization on many polymers, including polyisocyanate and polyisothiocyanate styrene and on
other copolymers containing these styrene units and isocyanate or isothiocyanate groups [157,158].

. The Four-Component Condensation Reaction: The reaction combines the carboxyl and amino groups to form an
amide bond in an aqueous medium at neutral pH (Figure 3.16b) and allow for considerable versatility and high
selectivity. This reaction can be used for carboxyl and amine-containing polymers [159].

. The Diazotization Reaction: This reaction can be applied for different proteins coupling to polymers containing
arylamino functional groups [160,161]. The polymers are reacted with nitrous acid to form aryldiazonium
functional groups. The electrophilic aryldiazonium ion mainly attacks activated aromatic rings, such as phenols
of tyrosine or imidazole of histidine to form the corresponding azo derivatives. Tyrosine and histidine react at
mild alkaline pH values (8–9) at comparable rates to form monoazo derivatives (1, 2) (Figure 3.16c). Amino groups
(a-amines and the e-amino groups of lysine) react under similar conditions with 2 moles of diazonium salt to give
the disubstituited bis-azo derivatives known as triazenes (3).

5. Polymers with other functional groups including polymers possessing amide bonds, polyacrylamide and polyamides
are useful hydrophilic and electrically neutral supports for ligand coupling. Polymers containing mercapto functional
groups, such as glutathione-agarose or thiolated-agarose [162,163], were used for specific reversible coupling
to protein mercapto groups (cystein) via thioldisulfice interchanging reactions. Polyacrylamide supports can be
chemically modified by reacting with hydrazine or ethylenediamine to obtain the corresponding acyl hydrazide
or aminoethyl derivatives. Polymers containing 3-fluoro-4,6-dinitrophenil groups, such as poly(methacrylic acid-co-
methacrylic acid 3-fluoro-4,6-dinitroanilide) or poly(methacrylic acid-co-methacrylic acid 3-fluoro-4,6-dinitrostyrene),
can be used for ligand coupling via arylation with the amino groups of different biomolecules [151].

Very often used in various applications are the monoliths whose preparation routes involve chemical modifications with
ethylenediamine, diethylamine or periodate, as well as grafting of monolithic pore surface via attachment of glucose, polyvinyl
alcohol, dextran, ethyl cellulose, or 1,3-di-trimethylolpropane [122,128,164–167].

In case of proteins or enzymes as bioligand in the affinity separation processes, all the available information on amino acid
composition, effects of specific chemical modifications on activity, or three-dimensional structure of the protein should be
considered in selecting appropriate coupling reaction and functionalized polymer. The types of functional groups through
which the covalent bond between the ligand and the polymeric support is formed should be nonessential for the biological
activity of the biomolecule. Moreover, binding reactions that can be carried out under mild conditions and especially the
reactions in aqueous media are preferred.

3.4.5 AFFINITY LIGANDS

In general, affinity binding between a ligand and a protein is more complex than protein adsorption on a plain surface. The
ligands normally are positioned at a small distance from the solid surface and are able to form a sterical contact with the
biomolecule. The ligands may also posses various functional groups that bind with the protein molecules through different
types of interaction [168]. Depending on the product to be isolated the ligands can be, for instance a hormone, an inhibitor, an
antigen, a specific-binding protein, or a cofactor, specifically chosen for an affinity adsorption process [10]. A brief list of
ligands and their corresponding ligates are presented in Table 3.2.

The ligand molecules can be divided into two groups [12]: (i) specific ligands, which show specificity for only one
complementary biomolecule; and (ii) group ligands that are based on biological recognition parameters but, which are not
targeted to a very specific conformation or sequence of the ligate. A group-specific ligand may be a large macromolecule such
as lectin, protein A, or protein G. They may also be small coenzymes such as adenosine monophosphate (AMP) or adenosine
triphosphate (ATP), and nicotinamide-adenine dinucleotide (NAD) or nicotinamide-adenine dinucleotide phosphate (NADP).
A large number of metabolic toxins such as free fatty acids, endotoxins of gram-negative bacteria, mercaptans as well
as medications like nortriptyline, amitryptiline, diazepam, bromazepam bind preferentially to the albumin fraction of
blood plasma.

Affinity ligands can also be classified into biospecific and pseudo-biospecific ligands. The biospecific ligands, although
possessing high specificity with proteins, have certain deficiencies such as high cost, low stability for potential large-scale
application and difficulties in immobilization. Nevertheless, a large number of such substances including various enzymes,
protein A and protein G isolated antibodies, receptors or inhibitors have so far been investigated in affinity applications
[8,12,169]. Ligands with pseudo-biospecific affinity have been recently employed in membrane chromatography. They can be
distinguished by biological (amino acids, specially histidine, lysine, tryptophan) or nonbiological molecules (hydrophobic side
chains, triazine dyes, metal ions). Immunoadsorbers based on polyvinyl alcohol materials containing phenylalanine or
tryptophan have been used for rheumatism and myasthenia gravis therapy [170]. Phenylalanine has been used as a ligand
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for the purification of serum proteins and enzymes [171]. The compact porous separation units with immobilized histidine were
applied in immunoglobin G isolation [172]. Anion exchange membranes with immobilized histidine have also been used for
removal of endotoxins from protein mixtures [173].

Affinity chromatography using immobilized metal ions (IMAC) is a highly efficient and flexible method for protein
fractionating. The immobilized metal ligand has high affinity for a group of proteins whose exposed surface contains histidine,
cysteine, or tryptophan amino acid residues. Iminodiacetic acid (IDA), a widely used metal-chelating ligand, can be bound to
membranes or disks including agarose or poly(vinyl alcohol) matrixes, in a way similar to the silicagel or polymeric beads
chemistry. The ions most efficiently chelated by the IDA, such as Cu2 þ, Ni2 þ, Zn2 þ, Co2 þ, and Fe2 þ, are able to interact with
histidine residues of various proteins. The resulting molecules can be specifically recognized and bound by IMAC allowing fast
isolation from complex mixtures [2,174]. Few detailed reviews of these applications have recently been published [175,176].

Immobilized dyes have been found to act as pseudo-affinity ligands for a large number of biological molecules. The dyes
are chemically stable, relatively inexpensive and have binding coefficients in the range needed for ready elution of ligates.
Triazine-linked dyes have been used to mimic coenzymes that bind a number of dehydrogenases, hexokinases, alkaline
phosphatase, ribonuclease, and carboxypeptidase. The Cibacron blue was used for the purification of microbial or plasma
proteins and various proteins from yeast extracts [177]. The Procion blue binding of albumin is a well-known method for
purifying proteins from contaminating transferrin, or a protein of similar physico=chemical properties that often contaminate
albumin. Immobilized Cibacron Blue F3GA has been used for the purification of over 80 enzymes and proteins [8].

Combinatorial synthetic ligands (derived from a combinatorial library) started to be recently investigated in membrane
chromatography for purification of valuable therapeutic proteins including human insulin precursor or immunoglobulin G
[178,179]. Combinatorial peptides also proved to be suitable for immobilization on monoliths. Amatschek et al. [180] prepared
continuous beds bearing newly designed combinatorial octapeptides for affinity separation of FVIII with good performances.
Synthetic pentadecapeptides, hexadecapeptides, and nonapeptide hormone bradykinin immobilized on monolithic supports
were investigated by Platonova et al. [181] for the purification of nonspecific polyclonal antibodies.

The affinity ligands may be directly or indirectly linked to residual functional groups of the matrix membrane by any
procedure that substantially retains the mechanical and hydraulic properties of the membrane while substantially retaining the
binding activity of the affinity ligand. The degree of ligand attachment to the activated sites is dependent on the ligand–ligand
and ligand–activator interactions, charge and steric effects, the nature of the matrix material, as well as number of activated
functional groups available for ligand coupling. An excessive number of ligands coupled to the support surface has to be
avoided because this may otherwise lead to crowding and interferes with ligate recovery.

3.4.6 SPACER MOLECULES

Ligand–ligate complexes able to form in solution may not be able to form when one of the components is immobilized on a
porous support. The interference may derive from the nearby support material itself or from other adsorbed proteins (especially

TABLE 3.2
List of Ligands and Their Corresponding Ligates

Ligand Ligate

Dyes (Cibacron blue, red, active red,
Procion yellow, Procion blue)

Various enzymes, lysozyme, catalase, phosphatase, malate=formate dehydrogenase,
adenylase kinase, pyruvate decarboxylase, alkaline phospatase, serum albumin, lipoprotein,
interferon, growth factor, polypeptide hormone

Amino acids (Trp, Arg, Lys, His, Phe) DNA, RNA, g-globulin, proteinase, carboxypeptidase, endotoxins, pyrogen, IgG,

trypsin inhibitor, transferrin, casein, L-benzoyl arginine ethyl ester, cytocrome C
Peptides (pentadecapeptide, hexadecapeptide, poly-L-lysine) IgG, heparin
Organic acids (oxaloacetic, citric, isocitric, pirivic) Enzymes (malate dehydrogenase, lactate dehydrogenase, isocitrate dehydrogenase,

citrate lyase)
Protein A=G, protein L, recombinant protein
A=G, Concavalin A, Annexin, Bradykitin

IgA, IgG, IgM, insuline-like growth factor, antibody, g-globulin, recombinant human IgGs,
glucose oxidase, glycoproteins

IgG, IgM, IgE Protein A, protein G, anti-IgE antibody
Metal chelates Various histidine-, tryptophan-, cysteine-containg

proteins, BSA, HSA, g-globuline, liver catalase, IgG, Concavalin A, ovalbumin, lysozyme,

histidine=tryptophan, cytocrom c, ribonuclease A, chymotripsinogen A
Enzyme cofactor and inhibitors Enzymes
Antibody=antigen Antigen=antibody
Hormone Receptor
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if the support participates in nonspecific bonding). Complex formation is inhibited because the ligate and ligand must compete
with other proteins for the restricted space available adjacent to the immobilizing polymer. Impaired diffusion of the ligate to
the ligand site due to the channel size or tortuosity may also cause interferences with the complex formation and the
requirements for spatial orientation may not be achievable [8].

The employment of a spacer molecule facilitates molecular interactions between immobilized ligands and the targeted
molecules. Relatively short aliphatic chains (4–10 carbon atoms in length) are ineffective for interactions involving one or more
macromolecules, but longer aliphatic chains can alter undesirable hydrophobicity of the membrane surface. The length of the
spacer molecule is often experimentally determined. Free hydroxyl groups of a polysaccharide or vinyl alcohol copolymer
support can be linked to a protein ligand via a bifunctional spacer containing at least one terminal primary amino or hydrazido
functional group. The remaining terminal group of the spacer can react with free amino or carboxyl functions of the ligand, or
with free hydroxyl groups of a glycoprotein ligand. Convenient spacer molecules for these applications include diamine and
dihydrazides such as C1–C6-alkyldiamines and C1–C6-dihydrazides, and b-alanine hydrazide, which provide free amino and
hydrazido groups for reaction with the ligand. They can also be C4–C6-alkylamino acids, which provide free carboxyl groups.

The immobilization of different enzymes via a spacer molecule such as 6-aminocaproic acid yielded kinetic and structural
characteristics similar to the free enzyme while providing increased stability and reusability. Triazine dyes (Cibacron Blue
F3GA or one of the Procions) were coupled using polyethyleneimine (PEI) as a spacer to nylon membranes and their adsorption
capacities for lysozyme, bovine serum albumin, malate dehydrogenase, or glucose-6-phosphate dehydrogenase were investi-
gated. The use of long spacer molecules proved to reduce the steric interference allowing for multiple layering of large
macromolecules at the membrane surface. Polyethylene glycol with a suitable chain length, generally between 50 and 250
carbon atoms, can be covalently coupled to the membrane surface through its amino groups by a proper immobilization
method. The advantages of polyethylene glycol as a spacer molecule are its hydrophilic nature and biological inertness, quite
beneficial in a device that contacts blood or plasma.

3.5 ADVANTAGES OF MEMBRANE CHROMATOGRAPHY

In chromatographic separations based on membranes, compact porous disks, tubes or rods, the ligate–ligand interaction takes
place predominantly in the support through-pores rather than in the stagnant fluid inside the dead-end pores of the adsorbent
particle as in the case of packed-bed chromatography. In membrane-based processes the transport of solute molecules to the
corresponding binding sites takes place mainly by convection, while diffusion is usually involved in the mass transport within
the dead-end pores of particles. This minimizes some of the common limitations of classical chromatographic beds such as
process time, channeling, and intra-bed diffusion. Since a typical membrane bed (including single or stacked membranes as
well as disks and monolithic columns) has a much larger cross-sectional area relative to the bed length compared with packed-
bed columns, the pressure drop is drastically reduced resulting in higher flow rates and thus higher productivities. Short
diffusional distances allow optimal utilization of the immobilized ligand situated at the inner surface of the membrane pores.
Furthermore, ligand and product are, compared to packed columns, only for a short time exposed to harsh elution conditions,
which decreases their possible denaturation. The affinity membranes also offer the possibility to operate sterile, in good
conditions of reproducibility [2,13]. An additional advantage in membrane chromatography is their relative low production
cost. This allows the development of disposable membrane adsorbers, which can be replaced when the desirable properties
(mainly binding capacity, selectivity, or permeability) go below the efficiency value.

Membrane chromatography proved to be a successful tool especially for separation of macromolecules. The large-size
proteins cannot enter the small pores of the particles in the packed-bed columns, while in membrane-based processes they have
access to a much higher binding surface due to the macroporous nature of the supports. One problem may nevertheless appear
for membranes with large pore distribution. Suen [182] reported that a variation of �12% in porosity can be responsible for a
loss of 50% of adsorption capacity at the breakthrough point. For variations in the membrane thickness a three times less-
sensitive behavior was found.

Due to the fact that the membrane thickness is in the range of several hundreds up to thousands microns there is often a
nonuniformity in the thickness as well as in the porosity within the sheets, which results in a decline of membrane performance.
A variance in porosity creates channeling in the membrane, causing a tremendous loss in loading capacity. In this case, the
solute molecules preferentially flow through the larger pores and quickly saturate the adsorptive-sites on such large diameter
and low-surface area pores. Subsequent flow through the adsorptive saturated large pores does not result in any further capture
of solute. Meanwhile, residual capacity for the adsorber located in small pores, which exhibit high resistance to flow, is not
completely utilized causing a lower dynamic binding capacity. This is the main drawback of adsorber membranes compared
with packed beds.

Another major advantage of membrane chromatography is their relative easy packing and scale-up, which unfortunately
was not extensively investigated until now. The reader should also be aware that scaling-up to larger supports diameter could
cause inefficient flow distribution across the membrane thus broadening the shape of the breakthrough curve and reducing the
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separation efficiency [183]. Proper design of inlet flow distributors recently proved to diminish this problem leading to more
uniform flows. However, more investigations need to be performed in the area of process and equipment design if membrane
chromatography is to be a competitive separation process.

3.6 MASS TRANSFER IN AFFINITY COLUMNS

Mass transfer is the physical process, which involves molecular and convective transport of atoms and molecules within
physical systems. The rate of mass transfer is very important because the mass transfer step has to be carried out before the
reaction or the adsorption step can take place. A low mass transfer rate slows down the process thereby requiring bigger reactors
or purification systems. This means that mass transfer always had to be taken into account when new processes are designed.

By the production of biologics, the manufacturers are facing two critical parameters: capacity and flow uniformity.
Chromatography with gel-type particles is nowadays an established and reliable process in biotechnology. The particles are
among others applied for capturing and polishing of proteins, enzymes and DNA(-fragments), or for viral and endotoxin
removal. The main disadvantages of chromatographic columns, especially when using gel-type resins, are flow irregularity and
channeling. This results in simultaneously adsorption and breakthrough behavior, destroying the adsorption power of the
chromatographic media.

Membrane chromatography, with functionalized or particle-loaded membranes, eliminates the slow diffusional process step
since the feed comprising the target molecules flows in convective mode through the activated matrix. The only conditions the
membranes should possess to perform a separation with high specificity and resolution are a low flow resistance, a high density
of active groups, and a low nonspecific background sorption. In theory, the adsorptive membrane efficiencies should exceed
those of granular beds by a factor of ten or even higher. However, a number of anomalous mass transfer effects such as
nonuniform flow, dead spaces, and extra-column dispersion have been observed.

In classical bed chromatography the majority of the active sites are located in the interior of the beads, resulting in long
diffusion paths or even to exclusion of the active sites for the bigger target molecules. In contrast, the membrane chromato-
graphic devices are three-dimensional structures with a high surface over volume aspect ratio, offering easy access for the target
molecules to the active sites. The ratio of BSA (67 kDa) adsorption within Mustang Q-membranes (Pall) and Q-beads of 90 mm
is 9 where as the ratio of adsorption for DNA-plasmid (2.880 kDa) within the previous mentioned adsorbers is close to 30. This
shows the exclusion of bigger molecules within the beads due to the limited pores size, whereas the membranes with big
convective pores allow for a higher access for large macromolecules [184]. The binding capacity of membrane adsorbers for
small proteins is lower than that of the gel-based beads, but it is still significantly higher than the adsorption capacity of
nonporous rigid media.

The separation efficiency in adsorptive processes is dependent on the amount and the availability of adsorptive sites during
processing. The effectiveness of an adsorber can be visualized by measuring the breakthrough curve (Figure 3.17) where
the load is plotted against the eluent concentration. At a certain point, depending on the physical characteristics of the
target molecule and on the capacity, the flow rate and the packing of the adsorber, the concentration in the eluent is raising.
A breakthrough curve covers two different areas: the area above the curve corresponds to the operational column capacity,
which after the breakthrough is the unused capacity and the area under the curve represents the product loss. The lower the
breakthrough point is chosen, the smaller is the amount of product waste.

A broadly disperse breakthrough curve causes a decrease in ligand utilization, delay in saturation time, or waste of feed
solution [182]. The sharpness of the breakthrough curve depends on the unique relation between the number of transfers for the
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FIGURE 3.17 Visual representation of a breakthrough curve.
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adsorption process (n), the separation factor (r), and the dimensionless effluent volume (Ve) [185,186]. When r is smaller than
10, n is increasing quickly, while for a value of r higher than 500, n decreases rapidly with a further increase of r. According to
the Thomas model [185], which assumes laminar flow through porous membranes, constant interstitial flow velocity, and
neglectable concentration gradient in radial direction, the exit concentration depends only on r, n, and Ve. The model proposed
by Suen [182] is more sophisticated taking also into account the ratio of ligand capacity to feed concentration and the axial
Peclet number.

3.6.1 DESIGN PARAMETERS

Two flow patterns are imaginable for continuous flow through a column (Figure 3.18):

. Plug flow reactor (PFR) for which defined volume elements flow through a column without mixing with other volume
elements. A liquid element will travel from the inlet to the outlet for a period of time equal to the reactor volume (V)
divided by the flow rate (Q).

. Ideal continuously stirred reactor (CSTR) for which a volume element entering the CSTR will become uniform
dispersed with all the other volume elements in the reactor. The initial outlet will be equal to the ratio of the tracer
volume divided by the reactor volume times the initial tracer concentration, and would then exponential decay in time.

3.6.2 AXIAL DISPERSED PLUG FLOW MODEL

The length-based Peclet number (PeL) is determined with the axial dispersed plug flow model and it is defined as

PeL ¼ <v> � L
Dax

¼ Transport rate for convection

Transport rate by diffusion

At a small PeL the breakthrough curve is broadened, the time of total saturation is delayed, and the breakthrough point is shifted
to the front. When the PeL increases the breakthrough curves become steeper. For PeL values higher than 40 the breakthrough
curve is close to the Thomas model, which assumes no axial diffusion [182,186]. Axial diffusion becomes important when
using thin membranes. Since PeL decreases with decreasing membrane thickness, the influence of axial diffusion also
decreases. When PeL> 40 the loss of loading capacity is below 3%. The timescale for axial diffusion is much bigger than
that of the radial diffusion indicating mass transfer resistance in the boundary layer. This means that the concentration gradient
in radial direction can be neglected when the condition dp

2=4D � L=v is fulfilled. In general, axial diffusion is neglected when
the radial Peclet number (Per) is smaller than 0.04.

Per ¼
d2pv

4DL
< 0:04

When individual membranes are stacked into a column, it is advisable to use at least 30 membranes on top of each other to
average out the membrane heterogeneities and the channeling effects. The pressure drop over the membrane stack should be as
low as possible. Therefore, producers like Sartorius, Millipore, and Pall advise not to apply pressures >4 bar.

Fanning equation: DP ¼ 4 � 24 � v � L
d2

� 1
2
� r � u

where
v¼ viscosity (m2=s)
d¼ pore diameter (m)
r¼ density (kg=m3)
u¼ linear velocity in the pore (m=s)
L¼ thickness of membrane stack (m)
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FIGURE 3.18 Tracer profiles in (a) plug flow mode and (b) ideal stirred reactor.
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For particles under viscous conditions and Re � 1 a more simplified form, known as the Kozeny–Carman equation, can be
used to calculate the pressure drop within the chromatographic column.

Kozeny---Carman equation: Dp ¼ 150 � v � u � L � 1� «ð Þ2
d2P � «3

where
dp¼ equivalent spherical particle diameter (m)
« ¼ void fraction of the bed (�)
L ¼ column length (m)

When diffusion inside the adsorbent is the limiting mass transfer step, two different diffusion mechanisms with different
driving forces namely pore diffusion and surface diffusion have to be considered [187]. Surface diffusion is often neglectable in
case of proteins for which the lumped sum is often described as effective pore diffusivity while it has to be taken into account
in case of ions. However, using high surface coverage surface diffusion can really contribute to the mass flux. For high capacity
membrane adsorbers the surface diffusion is the dominating factor in the mass transfer thus the shape of the breakthrough
curve is strongly dependent on the feed concentration. In membrane chromatography the target solutes are transported by
convective bulk flow to the active sites. The solutes experience three different resistances against transport [188].

3.6.3 DISPERSION

Membranes act as short wide chromatographic columns with pore sizes up to 3 mm (Figure 3.19) resulting in very low
resistance against mass transport and high fluxes of over 1000 cm=h coupled with a low-pressure drop. Longitudinal dispersion
and convection of matter by flowing through a packed bed or membrane are coupled. This can be visualized by the maximum
when the PeL number is plotted against the Reynolds number [189].

The residence time distribution (RTD), also referred to as the distribution of ages, is based on the assumption that each
element traveling through the column takes a different route and will therefore have a different residence time. Different
methods are developed to determine the RTD in a module or in a reactor [190]. The RTD of a chromatographic column is
defined by a function E (Figure 3.20), such that E dt is the fraction of material in the exit stream with an age between t and
tþ dt. The E-curve lies between the extremes of plug flow and continuously stirred tank reactor. The surface below the curve
between t¼ 0 and t¼1 has to be equal to unity

Ð1
0 E(t) dt ¼ 1, because all elements that enter the module must also exit the

module.

Convective
through pores

Diffusive
pores

FIGURE 3.19 Visual representation of a stacked column.
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FIGURE 3.20 Example of an E-curve.
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The E(t) curve is obtained out of the tracer concentrations. The existing relationship between the E(t) and C(t) is
E(t) ¼ C(t)P

C(t)
. The average residence time can be determined by �t ¼ Ð1

0 t � E(t) dt. This E(t) can be obtained by various

methods of which the two most common are given below:

. Tracer Impuls Method: In this method a certain amount of tracer is injected (very short time interval) into the system
and the concentration is measured at the outlet of the column. The concentration followed in time can directly be
converted to the E(t) curve as described above.

. Heaviside Step Function: This function implies measurements of the integrated function of the distribution curve,
cumulative RTD function F(t). This can be established by changing one liquid (usually water) from one steady value
to another with a detectable tracer. The equation that relates this measurement to the tracer impulse method is
F(t) ¼ Ð t

0 E(t) dt.

3.6.4 DETERMINING THE AVERAGE RESIDENCE TIME AND THE VARIANCE

The recorded F(t) curves can be translated to the E(t) curve by taking the derivative of the recorded curve. The data were
translated with E(tn) ¼ @F(t)

@t ¼ F(tnþ1)�F(tn�1)
Dt .

First, the area under the curve is determined by the zero moment MO0. In this way the curve can be normalized if necessary.

MO0 ¼
ð1
0
E(t) dt ¼ 1 ¼

Xn¼x

n¼0

1
2 E(tn)þ E(tnþ1)f gDtn

¼ 1
2 E(t0)þ E(t1)f g t1 � t0ð Þ þ � � � þ 1

2 E(tx�1)þ E(tx)f g tx � tx�1ð Þ

Second, the average residence can be determined by calculating the first moment

MO1 ¼ �t ¼
ð1
0
t � E(t) dt ¼

Xn¼x

n¼0

1
2 tnE(tn)þ tnþ1E(tnþ1)f gDtn

¼ 1
2 t0E(t0)þ t1E(t1)f g t1 � t0ð Þ þ � � � þ 1

2 tx�1E(tx�1)þ txE(tx)f g tx � tx�1ð Þ

For the calculations of the variance determined by s2
t ¼ MO2 �MO2

1, it is necessary to determine the second moment

MO2 ¼
ð1

0

t2 � E(t) dt ¼
Xn¼x

n¼0

1
2 t2nE(tn)þ t2nþ1E(tnþ1)
� �

Dtn

¼ 1
2 t20E(t0)þ t21E(t1)
� �

t1 � t0ð Þ þ � � � þ 1
2 t2x�1E(tx�1)þ t2xE(tx)
� �

tx � tx�1ð Þ

The RTD measurement is a dynamic measurement meaning that the volume in the column measured with the experiments
(Vflow-through) can be determined. Static volume measurements can also be done to determine the column hold up, Vhold up.
The average residence time, tVhold up

, based on the column hold up can be determined by tVhold up
¼ Vhold up

Q
The following is possible:

. �t> tVhold up
adsorption of the tracer in the column or transport into the porous structure

. �t¼ tVhold up
completely utilized column

. �t< tVhold up
presence of dead volume and channeling within the column

When the determined residence time approaches the tVhold up
just external flow is obtained whereas for residence time getting

closer to the tVaccessible
value, internal flow (due to diffusion or convection) is also obtained. It may be seen that a single parameter

s2
t = �tð Þ2 is sufficient to characterize the sharpness of the peak. The inverse of this parameter is the number of theoretical plate

heights of the adsorber, which describes the efficiency of the system.

3.6.5 BROWNIAN MOTION

During the convective transport individual target molecules are dispersed by the presence of small eddies. The random walk
motion of small particles suspended in a fluid due to bombardment by molecules obeys the Maxwellian velocity distribution.
If a number of particles subject to Brownian motion are present in a given medium and there is no preferred direction for
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the random oscillations, then over a period of time the particles will tend to be spread evenly throughout the medium. Thus, if
two compartments one containing component A and the other containing component B are brought together then component
A will move to compartment B. The speed of this transport is dependent on the concentration difference within the two
compartments, the particle size, the viscosity of the medium, and the temperature. This process is called diffusion and is the
macroscopic manifestation of Brownian motion on the microscopic level.

In a convective fluidum the movement of one component in a certain medium, in a time interval (t) and in a certain
direction, from its starting point over the distance (x) is related to the diffusion coefficient (D) of that component.

3.6.6 INTERACTION WITH THE MATRIX AND ACTIVE SITES

In membrane chromatography the active sites are immobilized inside the membrane pores. For particle-loaded membranes the
active sides are immobilized at the outer surface of the imbedded particles or, to increase the total active surface area, they can
also be located inside the porous particles. In the latest case if very small pores are involved, the productivity is low even in
spite of a high active surface area. This is because the transport of the target molecules to the active sites is by diffusion alone,
which is a much slower process than the convection through the big pores. Therefore, the loading step is much more time-
consuming. The interaction between the target molecules and the ligands is often considered instantaneous. Nevertheless, in
the case of affinity complex formation the building of the complex can be that slow that the limiting step is not longer the
convection or the diffusional transport to the active site but the complex formation.

3.7 ADSORPTIVE MEMBRANE GEOMETRY AND OPERATION MODES

Membrane chromatography can be performed on units of various geometry, microporous adsorptive membranes and related
systems such as single or staple flat-sheet membranes, hollow-fiber, spiral-wound and cassette devices being already commer-
cially available. An overview of commercially available supports in membrane chromatography is presented in Table 3.3. Few
of these systems (Sartobind, Sartorius [Figure 3.21]; MemSep, Millipore; Quik Bind, Sepracor; Biorex, Bio-Rad; Lowprodyne,
Pall; AbSorbent, Genex; ActiDisk, FMC Bioproducts; MAC, Amicon) have been already developed for a small number of
technical applications [8–10].

Continuous beds including methacrylate-based disks CIM QA from BIA Separations (Figure 3.22) and SWIFT from Isco,
acrylamide UNO monoliths from Bio-Rad, Ultimate polystyrene divinylbenzene disks from LC-Packings, cellulose-
based Seprasorb monoliths from Sepragen and silica units Conchrom from Conchrom or Chromolith from Merck are also

TABLE 3.3
Examples of Commercially Available Membrane and Monolithic Products

Trade Name Manufactures Module Type Material Separation Principle

Sartobind, Vivapure Sartorius, Vivascience
(Germany)

Flat sheets, disks Regenerated cross-linked cellulose IEX, AF, IMAC

Immobilon, Intercept Q,

MemSep, Zip Tip

Millipore (USA) Flat sheets, syringe, disks,

pipette tips

PVDF, regenerated cellulose, silica,

polypropylene

AF, IEX, RP

ActiDisk FMC (USA) Flat sheets PVC IEX
ZetaPlus=PolyNet Cuno Life (USA) Depth filter Cellulose, polypropylene IEX
Biodyne, Mustang

(Q, S, and E)

Pall (USA) Flat sheets, disks Nylon, PES IEX, AF

Fractoflow, Chromolith Merck (Germany) Hollow fibers, monolithic rods Polyamide, silica IEX, RP
Empore 3M Particle-loaded membranes, disks PTFE, PS-DVB, silica IEX, AF

Mosaic Systems Mosaic Systems
(The Netherlands)

Particle-loaded membranes,
full=hollow fiber modules

PES IEX, AF

Seprasorb Sepragen (California, USA) Monolithic columns Regenerated cellulose IEX

CIM disk BIA (Slovenia) Monolithic rods, disks, tubes Polyglycidyl
methacrylate-co-ethylene
dimethacrylate

IEX, RP, AF

Swift Isco (USA) Monolithic columns Styrene, methacrylate IEX, RP

Conchrom Conchrom (Germany) Monolithic rodss Modified silica IEX, RP
UNO Biorad (California, USA) Monolithic rods Polyacrilamide IEX

Note: IEX¼ ion-exchange chromatography; AF¼ affinity chromatography; IMAC¼ (metal-)chelate chromatography; RP¼ reversed-phase chromatography.
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manufactured as large scale. The smaller laboratory scale systems often contain various amounts of stacked flat sheet
membranes; single sheet adsorbers are rarely used. The bigger process systems consist of radial feeded layered or layered
and pleated sheets [184]. For an optimal design of the membrane chromatographic systems several parameters have to be taken
into account.

Most commercial systems like Mustang from Pall and Sartobind from Sartorius make use of functionalized microporous
membranes. The fibrils reinforced membranes are (pleated) layered around a porous core. The feed is forced to permeate
through the membranes in radial direction. This approach results in high area to volume ratio. The 3M and Mosaic Systems
approach is different. Instead of functionalization of a porous support they make use of already functionalized beads, which are
embedded in a porous support. In this approach, the beads are responsible for the capacity and selectivity where the porous
matrix controls the hydrodynamics. The 3M modules consist of stacked flat sheet or pleated membranes, while Mosaic Systems
makes use of porous fibers in which the active particles are embedded (Figure 3.23).

In processes where large macromolecules with slow associated kinetics are involved, the adsorption kinetics between the
ligand and the dissolved molecule in the feed solution is the rate-limiting step. Not often the pressure drop or the membrane
mechanical strength is the limiting factor. When thin membranes are applied the axial diffusion also becomes more dominant
and requires a lower linear flow rate through the matrix. Besides this in-homogeneities in porosity and thickness affect the
performance of the system negatively. To overcome this problem, often a stack of at least 30 membrane sheets are stacked to
average out these heterogeneities.

By using hollow fiber membranes the ideal module comprises short fibers with a wide bore to avoid a high pressure drop in
the flow direction thereby disturbing the uniform radial flow pattern and creating channeling. The membranes should also
possess thick porous walls with small pore size and a high ligand density. The hollow fiber modules can be operated in cross
flow mode what makes them especially suitable in the treatment of solutions containing particulate material.

(a) (b) (c)

FIGURE 3.21 (a) Layered membrane adsorbers, (b) labscale membrane adsorber, and (c) higher magnification membrane adsorber.
(Courtesy Sartorius, Göttingen, Germany.)

(a) (b)

FIGURE 3.22 (a) A 800 mL continuous bed module and (b) 8, 80, and 800 mL monoliths. (Courtesy BIA Separations, Ljubljana, Slovenia.)
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3.8 APPLICATIONS OF MEMBRANE CHROMATOGRAPHY

The operating interactions within the microporous media involved in chromatographic separation processes are identical to
those in the packed columns including affinity interactions, size-exclusion, ion exchange, hydrophobic interactions, and reverse
phase (Table 3.4). The functional groups immobilized on the porous membrane surface include, depending on the target
application, (i) affinity ligands, e.g., Protein A=G, BSA, biomimetic dyes, immobilized metal, various hydrophobic amino
acids; (ii) ion-exchange groups such as carboxylic or sulfonic acid, tertiary or quaternary amines; and (iii) hydrophobic ligands,
e.g., octyl and phenyl groups. Several detailed reviews of the various applications of membranes in chromatographic
separations have been recently published [8–13]. Therefore, in the following, we will give just a short overview of some of
the successful applications of membrane chromatography, classified as a function of the interaction mode involved in the
separation process. Readers should also take into account the possible application of membrane chromatography already
mentioned in Section 3.3. The different modes of chromatography reports are briefly summarized in Table 3.5. Detailed
overview of tables on application in membrane chromatography may be found in Refs. [8,12,13].

The affinity techniques performed on single or stacked membranes, disks, tubes, and rods are based on a biospecific
interaction that results in a change of protein properties such that the protein can be separated from other complex biomolecule-
containing mixtures. The ligand molecule is immobilized on the porous surface and the mixture containing the protein of
interest is passed through the adsorptive membrane. A specific interaction takes place between ligand and ligate and retains the
desired protein within the matrix support, while the other components from the feed solution pass freely through the adsorber.
Affinity chromatography allows for purification of biopolymers based on biological functions rather than individual physical or
chemical properties. Isolation of a protein or a group of proteins such as g-globulin fractions, human serum albumin, and
various clotting factors from body fluids was successfully achieved by using affinity membrane chromatography.

Immunoaffinity techniques were widely employed for the analyses and purification of proteins [191–193]. Immobilized
antibodies were used, e.g., for industrial scale production of human interferon-a2a, interleukin-2, and interleukin-2 receptor,
while protein A and protein G were successfully used in therapeutic applications including purification of human immuno-
globulin G from plasma and serum [194–196].

Pseudoaffinity ligands such as dyes, lysine, and histidine are now well established in membrane chromatography. Cibacron
Blue F3GA dye membranes (having a specific binding for nicotinamide adenine dinucleotide dependent enzymes) and
Procion Red HE-3B (with a specific binding for nicotinamide adenine dinucleotide phosphate dependent enzyme) were
successfully employed in purification of several enzymes including human serum albumins from plasma, dehydrogenases

(a) (b)

FIGURE 3.23 (a) Particle-loaded fiber module and (b) SEM picture of a particle loaded fiber. (Courtesy MOSAIC Systems, Breda,
The Netherlands.)

TABLE 3.4
Types of Interactions Involved in Chromatographic Separation Processes

Type of Chromatography Separation Mode=Interaction Type

Affinity chromatography Molecular structure=biospecific adsorption
Ion-exchange chromatography Surface charge=ionic binding
(Metal-)chelate chromatography Metals complex formation=coordination complex

Size-exclusion chromatography Molecular size and shape=size exclusion
Normal=reversed-phase chromatography Hydrophobicity=hydrophobic complex formation
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glucose-6-phosphate dehydrogenase from a clarified yeast solution, formate dehydrogenase from Candida bodinii and pyruvate
decarboxylase from Zymomonas mobilis homogenates [36,197].

Applications of metal affinity chromatography include separation of S-oxynitrilase from Sorghum bicolor on IDA-Cu2þ ion
membranes, purification of human serum albumin with an IDA-Ni2þ membranes cartridge and purification of bovine liver
catalase (both on an analytical and preparative scale) by IDA-Cu2þ composite cellulose membrane [198,199]. A unique
application for affinity purification is the separation of proteins differing by a single histidine molecule in their sequence by
immobilized metal affinity chromatography.

Kasper et al. [200] proposed an affinity-chromatographic method for a fast, semipreparative isolation of recombinant
protein G from Escherichia coli. Rigid, macroporous affinity discs based on a GMA-co-EDMA polymer were used as
chromatographic supports. Human immunoglobulin G was immobilized by a single-step reaction. The globular affinity ligands
were located directly on the pore wall surface and were therefore freely accessible to target molecules (protein G) passing with
the mobile phase through the pores.

Examples of bioaffinity separations using monolithic stationary phases based on antigen–antibody, enzyme–substrate,
enzyme–inhibitor, receptor–ligand interactions were reviewed recently [201]. Giovannini et al. [202] prepared poly (GMA-
co-EDMA) membranes for the separation of supercoiled plasmid DNA. Gradient and isocratic elution was investigated and
high-performance membrane chromatography experiments were compared with similar ones performed on a conventional
packed-bed column. Amatschek et al. [135] developed an affinity-chromatographic method in which peptides, derived from a
combinatorial library, were used as immobilized ligands for the purification of human blood coagulation factor VIII. Affinity
monoliths based on a copolymer of glycidyl methacrylate and ethylene dimethacrylate using rabbit IgG and anti-FITC
antibodies as ligands were recently developed for ultrafast immunoextractions [203].

Ion-exchange chromatography is probably the most widely used chromatographic method for protein separation. The
principle of protein separation by ion exchange is the electrostatic interaction between the charges of the macromolecule and
the adsorber surface. The protein must displace the counter ion of the exchangers and become attached on the sorbent’s surface.
The amount of macromolecule bound per unit volume of adsorptive membrane can be very high. However, for most
exchangers, the binding capacity depends on the molecule size of the protein and adsorption conditions (pH, ionic strength,
and protein concentration). Ion-exchange membranes can be produced by modification of commercially available microfiltra-
tion membranes.

Anion-exchange chromatography on membranes, disks, and rods bearing mainly quaternary amino groups or diethylami-
noethyl groups as ligands has been used for the separation of serum proteins, microbial proteins and enzymes, membrane

TABLE 3.5
Examples of Membrane Chromatographic Applications

Separation Mode Ligate Type Ligand Type References

Affinity chromatography
(immunoaffinity,
metal affinity, chiral)

Human interferon-a2a, interleukin-2 receptor,
human IgG, human serum albumin, dehydrogenases
glucose-6-phosphate dehydrogenase, formate
dehydrogenase, pyruvate decarboxylase,

S-oxynitrilase, bovine liver catalase, recombinant
protein G, plasmid DNA, human blood
coagulation factor VIII, enantiomers of kynurenine,

tryptophan, b-blockers, practolol, thiopental

Antibodies, protein A and protein G,
lysine, histidine, Cibacron Blue F3GA,
Procion Red HE-3B, combinatorial
peptides, metals

[36,135,191–201,
218–225]

Ion exchange Serum proteins, microbial proteins and enzymes,
membrane proteins, cytokines or nucleic acids, BSA,

HSA, a-chimotrypsinogen, lysozyme, tripsine
inhibitor, cytocrom c, ovalbumin, a-lactoalbumin,
conalbumin, ferritin, myoglobin, chymotripsin,

human recombinant antithrombin, monoclonal
and polyclonal antibodies, immunofussion proteins

Quaternary amino,
diethylaminoethyl groups

[36,58,202–211,
222–224,226]

Hydrophobic
interaction=reverse phase

Recombinant tumor necrosis factor, myoglobin,
ovalbumin, lysozyme and chimotrypsinogen,

chymotrypsinogen A, ribonuclease, myoglobin,
trypsinigen and lysozyme, tricyclic antidepressants,
antiarrhythmic drugs, amiodarone,

desethylamiodarone, mexiletine, flecainide,
alcohols, phenols, aldehydes, ketones, esters, polar
pesticides from water

C4, C6, C8, or C10 linear aliphatic chains [2,14,205,212–217,226]
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proteins, cytokines, or nucleic acids [36,58,204–209]. BSA and HSA, a-chimotrypsinogen, lysozyme, trypsine inhibitor,
cytocrom c, ovalbumin, a-lactoalbumin, conalbumin, ferritin, myoglobin, and chymotrypsin are just a few of the compounds
isolated by anion-exchange membrane chromatography. The implementation of a CIM DEAE (diethylaminoethyl) monolith-
based step into a large-scale plasmid DNA purification process was recently performed [210].

Cation-exchange membranes, despite the fact that they are not as widely investigated as that of anion-exchange membranes,
allow recovery of human recombinant antithrombin from cell culture supernatants, purification of monoclonal and polyclonal
antibodies, and isolation of immunofusion proteins produced extracellularly by E. coli [211–213]. The separation of similar size
proteins such as serum albumin and hemoglobin using adsorber membranes loaded both with cation or anion-exchange
particles was recently reported [214]. Li et al. [215] have used a cation-exchange monolith (prepared by polymerization of
aqueous solution of appropriate monomers including the desired ligand directly in a fussed-silica tube), as chromatographic
supports for separation of four standard proteins (cytocrom c, lysozyme, myoglobine from horse and whale). High adsorption
of lysozyme on macroporous chitosan carboxymethyl=cellulose blend membranes was recently reported [216].

The protein separations based on hydrophobic interactions and reverse phase use the interaction between aliphatic chains
on the adsorbent and corresponding hydrophobic regions on the protein surface. Typical hydrophobic adsorbents commercially
available include C4, C6, C8, or C10 linear aliphatic chains, eventually with a terminal amino group. The main problems in
hydrophobic chromatography are the slow association–dissociation processes and protein–protein interactions. Similar proteins
can interact with each other as well as with the adsorbent leading to a large degree of overlapping between the elution
components.

Hydrophobic chromatography has not been used in protein separation as intensive as ion exchange or affinity chromato-
graphy since sharp separations are not achieved. Nevertheless, chromatographic units with butyl ligand were used for
purification of the recombinant tumor necrosis factor [207]. Tennikova et al. [2] reported separation of a protein mixture
containing myoglobin, ovalbumin, lysozyme, and chimotrypsinogen on monolithic columns with C4 or C8 ligands. Zeng et al.
[217] reported intensive studies on the preparation of monolithic stationary phases based on acrylic comonomers including
piperazine diacrylamide, methacrylamide, and N-isopropylacrylamide for application in hydrophobic interaction chromato-
graphy of proteins. Chymotrypsinogen A, ribonuclease, myoglobin, trypsinigen, and lysozyme could be recovered with
estimated values ranging from 91% to 99%. PS-co-DVB continuous rods were also investigated for the reversed-phase
separation of proteins, alkylbenzenes, and peptides [218,219].

Particle-loaded membranes with embedded C8 hydrophobic adsorbents were intensively investigated for several drug
separations. Tricyclic antidepressants, antiarrhythmic drugs, amiodarone and its metabolite desethylamiodarone, and mexiletine
and flecainide were extracted from serum using a 11 mm C8 membrane adsorber with recoveries ranging from 82% to 98%
[14,220].

Highly hydrophobic sorbents including porous carbon and copolymers of styrene and divinylbenzene (SDB) were widely
investigated for environmental applications. The particle-loaded membranes containing modified SDB particles with surface
sulfonic acid groups were successfully used for recovering different alcohols, phenols, aldehydes, ketones, or esters from
aqueous samples [221]. Carbon-based PLM were also used for isolation of highly polar pesticides from water [222].

Chiral crown ether bonded on negatively charged polyacrylamide gels was prepared by Koide et al. [223] for enantiomeric
separation of primary amino compounds with high efficiency and good reproducibility. Monolithic columns prepared by free
radical polymerization of piperazine diacrylamide and methacrylamide in the presence of acetylsalycilic acid and L-tryptophan
as additives were recently reported [224]. The monoliths, carrying immobilized human serum albumin as chiral selector,
showed improved resolution when used for kynurenine and tryptophan enantiomeric separation. Continuous polymeric beds
prepared either by entrapment in and simultaneous covalent linkage of allyl cellulase to the polymeric bed during preparation or
by covalent immobilization of cellulase on an epoxy-activated continuous bed were investigated for enantiomers separation by
Mohammad et al. [225]. Enantiomers of b-blockers and practolol were rapidly separated with good resolution.

Wang et al. [226] prepared a microfluidic system containing porous PVDF and PDMS membranes impregnated with
bovine serum albumin as chiral chromatographic support. On-line BSA adsorption onto the membranes was employed for the
preparation of chiral stationary phase allowing separation of racemic tryptophan and thiopental mixtures with high resolution.
Chiral separation of racemic tryptophan, phenylglycine, and phenylalanine was also investigated through immobilized DNA
membranes [227].

Multistage chromatography combines different types of chromatographic supports to achieve a higher degree of selectivity.
A sequence of three membrane-based separation steps (including cation exchanger, dye-ligand, and anion-exchange mem-
branes) enabled the purification of formate dehydrogenase from C. boidinii [228] in micro- and laboratory scale. Using a
sequence of ultrafiltration, diafiltration, Cibacron blue, anion exchanger, and heparin-membrane adsorber, pure recombinant
human antithrombin III was obtained from hamster cell culture.

Branovic et al. [229] combined affinity and ion-exchange chromatography in a single column used to determine the
impurities in immunoglobin preparation. In their method, a monolithic disk bearing immobilized protein G with the leading role
of retaining the immunoglobulins was placed on top of an ion-exchange disk, which could capture the impurities. Using
specific elution conditions the immunoglobulins could be separated. A strong ion-exchange membrane adsorber carrying
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sulfonic acid or quaternary ammonium groups and a Cibacron blue immobilized affinity adsorber were also investigated for
mixed-mode interactions chromatography of standard protein mixtures as well as for the separation of whey proteins (BSA,
IgG, a-lactalbumin, and b-lactoglobulin) and recombinant human antithrombin III from biotechnological culture supernatants
[230]. Using a series of four continuous beds each carrying a different affinity ligand, the one-step fractionation of four different
antibodies from biological mixtures was achieved [231].

A mixed particle-loaded membrane consisting of a C8 or C18 hydrophobic adsorbents and a strong cation-exchange material
can be used for selective extraction of pigments or imiquimod metabolites from urine with up to 95% recovery [232].

3.9 CONCLUSIONS

Packed-bed chromatography is still the standard method involved in capturing and polishing of biomolecules despite some
major disadvantageous such as sensitivity to fouling and plugging, bed consolidation and compression, and high pressure drop
and long cycle times. Membrane chromatography has obvious advantages over packed bed (Table 3.6). It uses microporous
membranes that contain biospecific ligand molecules attached to their inner pore surface, as adsorbents. As a result of the
convective flow of the feed solution through the porous structures the mass transfer resistance is tremendously reduced and the
binding kinetic is usually dominating the adsorption process. This results in rapid processing and improved adsorption,
washing, elution and regeneration steps, and minimize the probability of protein denaturation.

The technology is robust, fast and able to process huge volumes containing low concentrations of target molecules.
Especially in the area where packed beds have severe shortcomings because of their limited pores size, for example, DNA
recovery and virus removal, the membrane chromatography has a good opportunity to expand till market leader. The
advantages of membrane chromatography have been confirmed by many successful applications. Nevertheless there is a
scope for further improvement of the adsorptive membrane design by increasing the binding capacity, extension of the supplied
ligands, and optimization of the hydrodynamics, and to assess the use of membrane chromatography in large-scale processes. In
the near future, membrane chromatography may be the synergetic outcome of two mature techniques, chromatography and
filtration that are at this moment the standards in biologic processing.
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4.1 INTRODUCTION

The application of membranes for gas separation is a fairly young technology compared to the use of membranes for liquid
separation. Although the basic theoretical principles were partly understood and date back to the early nineteenth and twentieth
century with Fick’s law (1855), osmotic pressure (Van t’Hoff, 1887 and Einstein 1905), and membrane equilibrium (Donnan
1911), it was not until around 1950 that theories for gas transport through a membrane were presented and later further
developed (pore model by Schmid in 1950 and Meares in 1956, solution-diffusion model by Lonsdale in 1965) [1]. The
breakthrough for industrial membrane applications came with the development of the asymmetric membranes achieved by
Loeb and Sourirajan around 1960 [2]. These membranes were developed for reverse osmosis and consisted of a very thin dense
top layer (thickness <0.5 mm) supported by a thicker porous sublayer; hence the flux which is inversely proportional to the
selective membrane thickness could be dramatically increased. The work of Loeb and Sourirajan resulted in commercialization
of the reverse osmosis process for desalting of water, and had also a major impact on the further development of ultrafiltration
and microfiltration processes. The development of gas separation membranes is based on their achievement and about 20 years
later (~1980) the work of Henis and Tripodi made industrial gas separation economically feasible. They developed further the
technique of putting a very thin homogenous layer of a highly gas permeable polymer on top of an asymmetric membrane,
ensuring that pores were filled so that a leak-free composite membrane for gas separation was obtained. The first major
development was the Monsanto Prism membrane for hydrogen recovery from a gas stream at a petrochemical plant [3]. Within
a few years Dow Chemical Company was producing systems to separate nitrogen from air, and Cynara NATCO Group and
Separex UOP LLC systems for separation of carbon dioxide from natural gas. These first membranes were all composite
membranes where a very thin nonporous layer with high gas permeation rate (usually polysulfone or cellulose acetate (CA))
was placed on a support structure for mechanical strength—later other techniques for membrane formation were developed
(i.e., interfacial polymerization, multilayer casting, and coating).

The interest from industry in membrane gas separation has nearly exploded over the last 10–15 years—the potential is
enormous. So what are the attractive features to industry of membrane gas separation? The most obvious answer is the
simplicity of the separation process. The standard units for gas separation usually involve large towers for absorption towers or
stripping, adsorption beds, cryogenic distillation, large compressors, recovery and recycling of chemicals, all resulting in
expensive and energy-demanding processes—not always without harmful effects to environment. This does not mean that a
membrane process will be more economical nor as efficient as the traditional separation process used. However, as the trend
goes, the development of tailor-made membranes for specific gas applications will most likely continue to bring the technology
into focus as an attractive, economical, and environmental friendly alternative for gas separation. In theory the limitations are
few for membrane applications, but in practice the challenges to succeed are numerous. For each application process,
conditions must be taken into account (volume and composition of gas stream, pressures and temperatures, durability of the
material), as the membrane separation properties may vary dramatically depending on these variables. This means that focus
also must be on utilities and pretreatment of the gas in order to evaluate the economics and performance of the membrane
process. Quite often a hybrid process combining membranes and standard unit operations may be the best solution.

As a general rule, the driving force of membrane gas separation is the difference in partial pressures (concentrations)
between feed side and permeate side. It is however more correct to say that the driving force is the difference in chemical
potential, thereby including the effect of temperature. An additional driving force may be an electric potential or a carrier effect
for certain types of membranes. New membrane materials may combine different transport mechanisms, and thereby increase
the flux and selectivities. A more detailed discussion on these issues will be given in Section 4.2.

The need for optimized membrane separation properties for specific gas mixtures kicked off an explosive development with
respect to tailor-made polymeric membrane materials in the mid-nineties. The approach had until then been to look at existing
polymeric materials and try to tailor separation properties by making moderate changes in the material. This could be done by
synthesizing families of polymers (for instance polyimides, polycarbonates) with different fractional free volume (FFV) and
glass transition temperature (Tg), by using various methods for crosslinking or combining polymers like block copolymers.

66 Handbook of Membrane Separations

Pabby et al./Handbook of Membrane Separations 9549_C004 Final Proof page 66 19.5.2008 7:24am Compositor Name: JGanesan



Then in 1991 the now so well-known Robeson plot for polymeric membranes was published [4], an upper performance
limit which has later challenged membrane scientists all over the world. New types of membrane materials started to emerge,
challenging the separation properties shown in this plot. A new class of materials for gas separation was brought into focus:
the carbon membranes. The concept of carbon membranes was known already around 1970, but it was not until the late
1980s with the published results of Koresh and Soffer that [5] these membranes caught general interest. Several scientists
have later reported impressive gas separation properties with carbon molecular sieve (CMS) membranes pyrolyzed from
different precursors [6–8]. In 1996, Singh and Koros presented a revised Robeson plot which included the potential of the
CMS membranes (see Figure 4.1) [9]. Around the same time a patent for making such membranes on a commercial scale was
obtained by Soffer et al. [10]. Later development has shown that despite excellent separation properties, also at high
temperatures, these membranes are fairly brittle and expensive to process, so there is a need to find cheap precursors and
secure mechanical strength in order to make them an economically good choice. The development following the pyrolyzed
carbon membranes was actually one step back, now trying to combine the excellent separation properties of the carbon
membranes with the more robust polymers—the mixed matrix membranes (MMM) are today in focus as a group of membranes
with very high expectations. And parallel to this development, polymeric functionalized membranes, nanocomposite
materials, as well as new block copolymers are being reported with intriguing gas separation properties—this is elaborated
on in Section 4.3.

Inorganic materials usually possess superior chemical and thermal stability compared to polymers. However, their use as
gas membrane materials has been limited up to now. The only application in the past was the enrichment of uranium
hexafluoride (235U) by Knudsen flow through a porous ceramic membrane. Today a growing interest is being observed, and
new materials are being developed for gas separation. Zeolite membranes have very narrow pore-size distribution, and are
usually prepared by sintering or solgel processes. In combination with organic surface treatment for pore tailoring, acceptable
gas separation properties have been reported. A good overview on inorganic membranes for gas separation is given by
Burggraaf [11].

Last but not least, special membranes being 100% selective for a specific gas component should be mentioned. One of the
most interesting materials is the metal palladium-based membranes for transport of hydrogen as proton through the membrane.
This is especially interesting for fuel cells where high purity hydrogen is needed. Ceramic oxygen-conducting membranes
producing high-purity oxygen have been reported by several investigators [12,13]. All these inorganic membranes are suitable
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FIGURE 4.1 Selectivity for the gas pair O2–N2 as a function of O2 permeability. Properties of materials like molecular sieves and mixed
matrix are expected to be found in the upper right corner (hatched area; modified Robeson plot). (From Singh A., Koros W.J., Ind. Eng. Chem.
Res., 35, 1231, 1996. With permission.)
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for high-temperature applications. The separation properties for these materials are excellent, and a significant breakthrough
may be in the near future. The challenge will however still be the module making (brittle!) and price of the materials.

Membranes with carrier-facilitated transport for specific gas components have also been in focus for some years, but some
of these membranes studied seem to be ‘‘dead-end’’ developments. Of special interest are however those reported for CO2

capture, either as liquid membranes or as fixed-site carriers (FSC) in polymers [14,15].
All the materials mentioned above are discussed in the current chapter. If possible, SI units are applied for the data—the

reader may find a useful table for conversion of units in Ref. [16]. Many good review papers and chapters in books on
membranes for gas applications have been published recent years; only a few are referred to here [17–19]. A rich source of
information on membrane materials and gas separation may also be found on the Web site of membrane producers and research
institutes. One example is MTR [20].

4.2 TRANSPORT MECHANISMS FOR GAS THROUGH MEMBRANES

The most common types of membranes for gas separation in use today are still the dense polymeric materials where transport
takes place according to a solution-diffusion mechanism with flux based on Fick’s law (Equation 4.1). For the microporous
membranes (inorganic or hybrid), the transport mechanisms may be according to one of the following mechanisms or
combinations of these: Knudsen diffusion, selective surface flow, or molecular sieving. The average pore size and pore-size
distribution is important since it will give an indication of which transport mechanism can be expected to be dominant for a
given gas mixture in a defined material and at given process conditions.

Fick’s law gives the mass flux through an area perpendicular to the flow direction:

Ji ¼ �Dij
dci
dx

(4:1)

where
Ji is the flux of component i (mol=(m2 s))
Dij is the diffusion coefficient (m2=s)
dci=dx is the concentration gradient for component i over the length x (mol=(m3m))

Fick’s law integrated and applied for a membrane yields dx¼ l (membrane thickness), and dci¼ concentration difference
(i.e., partial pressures for gases) over the membrane. Dij will vary according to the dominating transport mechanism.

The permeance P=l [mol=(m2 Pa s)] (SI units) for a given gas (i) is defined by

Pi

l
¼ Ji

Dpi
(4:2)

P=l is also referred to as permeability flux and expressed as (m3 (STP)=(m2 bar h)). Dpi is the partial pressure difference of ‘‘i’’
across the membrane measured in pascals or bars. This equation shows that the flux through the membrane is proportional to the
pressure difference across the membrane and inversely proportional to the membrane thickness. For selectivity between gas
components the Equations 4.3 and 4.4 are referred to. The ‘‘ideal’’ separation factor, a* (Equation 4.3), may be expressed by
the ratio of the pure gas permeabilities for the individual components i and j.

a*ij ¼
Pi

Pj
(4:3)

The separation factor for gases in mixture aij (Equation 4.4) is expressed by the mole fractions of the components in the feed (x)
and the permeate (y), respectively:

aij ¼
yi=yj
xi
=xj

(4:4)

The permeability, P, can be expressed as the product of diffusion (D) and solubility (S) of the gas through the membrane
(Equation 4.5):

P ¼ D � S (4:5)
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Depending on type of gas and type of membrane material, the importance of these two variables, D and S, will vary. Both the
diffusion and the solubility coefficient for the gas are temperature dependent, while a pressure dependency is only observed for
certain gases and materials.

Dense inorganic or metallic membranes for gas separation are usually ion-conducting materials, while membranes
with carriers are polymers or supported liquid membranes (SLM). For transport through these materials, different flux equations
should be applied. Figure 4.2 sums up and generalizes the various types of transport, which may take place in gas-separation
membranes [21].

4.2.1 SOLUTION DIFFUSION

The transport of gas (permeability) through a dense, polymeric membrane can be described in terms of a solution-diffusion
mechanism with permeability expressed as in Equation 4.5.
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FIGURE 4.2 Illustration of transport mechanisms in microporous membranes. (From Koros W.J., Macromol. Symp., 188, 13, 2002. With
permission.)
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The thermodynamic parameter, S, gives the pressure normalized amount of gas sorbed in the membrane under equilibrium
conditions. This parameter is usually very low for gases in polymers, but will vary depending on physical properties of the gas
(ideal, nonideal) and state of the polymer (glassy or rubbery). The state of the polymer is characterized by the material’s glass
transition temperature, Tg. Above Tg the polymer is in its rubbery state, and below Tg it is glassy. In glassy polymers the
segmental motions of the chains are more restricted, and these materials are therefore able to discriminate more effectively
between small differences in molecular dimensions. They exhibit an enhanced mobility selectivity compared to rubbery
polymers. Table 4.1 shows a comparison of permeabilities and selectivities for both a rubbery (PDMS) and a glassy (PC)
polymer. Crystallinity in a polymer will also restrict the gas transport.

For ideal systems (usually as in elastomers), the solubility will be independent of concentration and the sorption curve will
follow Henry’s law (Equation 4.6), i.e., gas concentration within the polymer is proportional to the applied pressure. For
nonideal systems (usually as in glassy polymers), the sorption isotherm is generally curved and highly nonlinear. Such behavior
can be described by free-volume models and Flory–Huggins thermodynamics—comprehensive discussions on this may be
found elsewhere [1,25,26].

ci ¼ Sip (4:6)

The diffusivity, D (see Equation 4.5), is a kinetic parameter, and is dependent on the geometry of the polymer as well as its state
(glassy, rubbery, swollen, etc.). A small molecule will more easily diffuse through a polymer than a larger one; however, large
(organic or nonideal) molecules may have the ability to swell the polymer, hence large diffusion coefficients result and ‘‘reverse
selectivity’’ may be observed. It is quite clear that the interdependency of molecular size, ideal or nonideal gases in mixtures,
and structure and state of the polymer must be carefully evaluated in order to fully understand transport through polymers.
This fundamental understanding will also govern how a membrane material may be best tailored for a given separation.
For illustration of the complexity, Figure 4.3 shows the diffusion and sorption coefficient for some gases through natural
rubber [27].

TABLE 4.1
Permeabilities (P) and Selectivities (a) of Various Gas Pairs in Silicone Rubber (PDMS) and Polycarbonate (PC)

Polymer T (8C) PHe (Barrer) aHe=CH4
aHe=C2H4

PCO2
(Barrer) aCO2=CH4

aCO2=C2H4
PO2

(Barrer) aO2=N2

PDMS 35 561 0.41 0.15 4550 3.37 1.19 933 2.12
PC 35 14 50 33.7 6.5 23.2 14.6 1.48 5.12

Source: From Table of units, J. Membr. Sci., 2, 237, 2004; Stern S.A., Shah V.M., Hardy B.J., J. Polym. Sci. PartB Polym. Phys., 25, 1263, 1987; Koros W.J.,
Chan A.H., Paul D.R., J. Membr. Sci., 2, 165, 1977; Jordan S.M., The effects of carbon dioxide exposure on permeability behaviour of silicone rubber

and glassy polycarbonates. PhD dissertation, University of Texas at Austin, Austin, TX, 1988.
Note: 1 Barrer¼ 7.52� 10�15 m3 (STP)=mm2 s kPa.
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Transport through a dense polymer may be considered as an activated process, which can be represented by an Arrhenius
type of equation. This implies that temperature may have a large effect on the transport rate. Equations 4.7 and 4.8 express the
temperature dependence of the diffusion coefficient and solubility coefficient in Equation 4.5:

D ¼ D0 exp �Ed=RTð Þ (4:7)

S ¼ S0 exp �DHs=RTð Þ (4:8)

where
Ed is the activation energy for diffusion
DHs is the heat of solution
D0 and S0 are temperature independent constants

By inserting Henry’s law (Equation 4.6) into Fick’s law (Equation 4.1), integrating across the membrane and remembering
the definition of the permeability coefficient (Equation 4.5), Equation 4.2 was developed as the standard equation for transport
through a dense polymeric membrane.

For gases in mixture, Equation 4.2 may be detailed out as in Equation 4.9:

Ji ¼ Pi

l
phxi0 � plyp
� �

(4:9)

where ph and pl denote pressure on feed side and permeate side, respectively. The fraction xi0 is the fraction of gas i on feed
side, and depending on the design of the membrane module and flow regime for the gas, different calculation methods are
adapted for this variable—details on this may be found elsewhere [1,28]. Parameters influencing the separation efficiency of
polymers are elaborated on in Section 4.3.1.

4.2.2 KNUDSEN DIFFUSION

Knudsen diffusion may take place in a microporous inorganic membrane or through pinholes in dense polymeric membranes. It
may also take place in a mixed matrix membrane with insufficient adhesion between the phases.

Knudsen flow is characterized by the mean free path (l) of the molecules, which is larger than the pore size, and hence
collisions between the molecules and the pore walls are more frequent than intermolecular collisions. A lower limit for
the significance of the Knudsen mechanism has usually been set at dp> 20 Å [28]. The classical Knudsen equation for diffusion
of gas is

DKn ¼ dp
3
�vA ¼ dp

3

ffiffiffiffiffiffiffiffiffiffi
8RT
pMA

r
¼ 48:5 dp

ffiffiffiffiffiffiffi
T

MA

r
(4:10)

where
dp ¼ average pore diameter (m)
�vA ¼ average molecular velocity (m=s)
MA¼molecular weight of gas component A (g=mol)
T ¼ temperature (K)

Hence for Knudsen diffusion, the square root of the inverse ratio of the molecular weights will give the separation factor.
However, recent findings of Gilron and Soffer [29] indicate that the Knudsen mechanism can be significant for pore sizes as
small as dp ~ 5Å. The Knudsen flow in this region takes on a slightly different form as indicated in the following expression
derived as transport through a series of constrictions using resistance in series model:

Dact, Kn ¼ gddp

ffiffiffiffiffiffiffiffiffiffi
8RT
pMA

r
exp �DE

RT

� �
(4:11)

Here gd is the probability that a molecule can make a jump in the right direction given the jump length is dp and the velocity is �yA.

4.2.3 SELECTIVE SURFACE FLOW

Selective surface flow is, as Knudsen diffusion, associated with transport through microporous membranes, usually inorganic
materials. The mechanism of surface diffusion is disputed and several different approaches have been proposed in the literature.
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Theories ranging from viewing the low surface coverage adsorbed gas as a 2D gas through a hopping model and into a more
liquid like sliding layer exist. The mechanism dominating the surface diffusion coefficient will be influenced by a number of
factors such as homogeneity of the surface, the temperature versus the adsorption enthalpy, and the surface concentration, cs
[30]. All three regimes can be described by a 2D analogue of Fick’s law (Equation 4.1, given for a single component, a). The
flux, Ja, is now evaluated as molecules crossing a hypothetical line in the surface perpendicular to the direction x. Ds is the
surface diffusion coefficient and dcs=dx is the surface concentration gradient in the x-direction. The following expression may
be used to determine if the surface transport is dominated by the 2D-gas model [30]:

q=RT < 1=a (4:12)

where
q is the adsorption enthalpy (J=mol)
a is an energy fraction factor

The energy barrier for surface migration, E, is then defined as

E ¼ aq (4:13)

The 2D-gas is characterized by a surface mean free path, ls, inversely proportional to the surface concentration, cs, and this ls
value can be much larger than the spacing between adjacent surface sites.

If the q=RT part of Equation 4.12 is increased, then ls will no longer be controlled by collisions between adsorbed
molecules. As q=RT increases, ls decreases and is approaching the spacing between adjacent sites, and a hopping mechanism is
observed.

If the cs is low then a random walk diffusion of independent molecules can be expected, and Ds would be given as

Ds ¼ 1
4nl

2
s (4:14)

where n is the jump frequency factor, a factor which has a temperature dependence according to Arrhenius’ law, n¼
n0�exp(�aq=RT) [1=s].

When cs is increased, the chance of a molecule hitting another molecule increases and this interaction will bear some
similarity to diffusion in liquid. Thus, the region of the sliding layer prevails. A more comprehensive discussion on this theory
may also be found in Ref. [31].

Selective surface diffusion is governed by a selective adsorption of the larger (nonideal) components on the pore surface.
The critical temperature, Tc, of a gas will thus indicate which component in a mixture is more easily condensable. The gas with
the highest Tc will most likely be the fastest permeating component where a selective surface flow can take place. For a mixed
gas an additional increase in selectivity may be achieved if the adsorbed layer now covering the internal pore walls restricts the
free pore entrance so that the smaller nonadsorbed molecules cannot pass through.

4.2.4 MOLECULAR SIEVING

Molecular sieving is the dominating transport mechanism when the pore size is comparable to the molecular dimensions,
3–5 Å; hence the smallest molecule will permeate, and the larger will be retained. The dimensions of a molecule are usually
described with either the Lennard-Jones radii or the Van der Waal radii. For separation by molecular sieving, this is not a
satisfactory way of stating the molecular size; a shape factor should also be included [9].

The sorption selectivity has little influence on the separation when molecular sieving is considered. An Arrhenius type of
equation is still valid for the activated transport, but attention should be drawn to the pre-exponential term, D0 (see Equation
4.7). From transition state theory this factor may be expressed as shown in Equation 4.15 [32]:

D0 ¼ el2
kT

h
exp

Sa,d
R

� �
(4:15)

where
k and h are Boltzmann’s and Planck’s constants, respectively
Sa,d is the activation entropy for diffusion
e¼ gddp in Equation 4.11
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A change in entropy will thus have a significant effect on the selectivity when molecular sieving is considered. This is
thoroughly discussed by Singh and Koros [9]. The flux may be described as in Equation 4.16 where Ea,MS is the activation
energy for diffusion in the molecular sieving media.

Ja ¼ Dp

RTl
D0 exp

�Ea,MS

RT

� �
(4:16)

The selectivity for separation will normally decrease with increasing temperature because of increased diffusion rate for
permeating components, and the sorption will be of minor importance.

4.2.5 ION-CONDUCTIVE TRANSPORT

There are two important types of ion-conducting membranes for gas separation: (1) the proton (Hþ)-conducting palladium
membranes which are of great interest for combination with fuel cells and (2) the oxygen ion (O2�)-conducting inorganic
membranes, usually perovskite-type of oxides. Both are suitable for high temperature=high pressure applications, and an
interesting feature is the 100% selectivity in favor of H2 and O2, respectively.

4.2.5.1 Proton-Conducting Membranes

Palladium and its alloys are recognized as very efficient proton-conducting membranes, which may be used for hydrogen
separation and membrane reactor (MR) applications. The alloys are less apt to hydrogen embrittlement than pure Pd, and alloys
with silver or copper represent the least expensive alternative of the alloys. These alloys also seem to produce membranes with
enhanced chemical resistance (for instance toward H2S), additionally Pd–Ag alloys have a relatively higher H2 permeability
than pure Pd. Efforts to produce economically viable Pd membranes have focused on preparing supported composite
membranes with a thin dense Pd or Pd alloy layer. Forming this thin layer from two or more metals is quite challenging.
The advantages of palladium membranes are especially the ability to separate out high-purity H2, and that it may be used at high
temperatures (3008C and above).

Hydrogen is present in many gas streams, being a product from dehydrogenation of hydrocarbons, a component in syngas
or byproduct in bioprocesses. The basic flux equation for hydrogen, JH2

(mol=m2 s), is given in the following equation [33]. The
flux for hydrogen atoms will be twice that of JH2

:

JH2
¼ �DM

2

KS( pnH2,ret � pnH2,perm)

l

� �
(4:17)

where
DM is the diffusion coefficient of a hydrogen atom in the metal (m2=s)
KS is the Sievert constant (mol=(m3 Pa0.5))

For bulk transport of hydrogen, n¼ 0.5 but approaches 1 for transport limited by surface kinetics. The exponent of 0.5 reflects the
dissociation of the gaseous hydrogenmolecule into two hydrogen atoms (protons) diffusing into the metal where an ideal solution
of hydrogen in palladium is formed, then association again as H2 on the other side of the membrane. The hydrogen permeability of
the palladium, here denoted as k, corresponds to the constants in Equation 4.17, expressed as in the following equation:

k ¼ 1
2DMKS (mol=m s Pa

0:5
) (4:18)

Among the proton-conducting membranes Nafion or Nafion-like sulfonated perfluorinated polymers should also be mentioned.
These materials are used for polymer electrolyte membrane (PEM) fuel cells, and in addition to being chemically very stable,
they exhibit high proton conductivity at temperatures lower than 1008C. It is believed that permeability and thermal stability
may be increased if tailor-made lamellar nanoparticles are added to a proton conducting polymer.

4.2.5.2 Oxygen-Conducting Membranes

The zirconia and perovskite membranes may be considered as solid electrolyte membranes containing an oxygen ion conductor
(various oxides). Depending on the type of materials used, the oxygen separation may take place according to direct excitation
of the oxygen at several hundred degrees (gas separation controlled by electric current) or a mixed conductor method where the
gas separation is proportional to log( p1=p2), the ratio of the partial pressures. (The reaction taking place at the electrodes is
1
2 O2þ 2e� $ O2�, at the positive electrode the reaction is shifted to the left, at the negative electrode it is shifted to the right.)
Detailed equations for transport can be found elsewhere [34,35].
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4.2.6 FACILITATED TRANSPORT

Facilitated transport indicates that a carrier is introduced into the membrane matrix, usually a polymer matrix. This carrier will
be selective for a certain gas component and enhance the transport of this component through the membrane.

The use of facilitated transport membranes for gas separation was first introduced by Ward and Robb [36] by impregnating
the pores of a microporous support with a carrier solution, and a separation factor of 1500 was reported for CO2=O2. These
membranes or supported liquid membranes (SLM) are discussed by several investigators, and initially very good separation
properties are observed [37–40]. They are however known to have serious degradation problems like loss of carrier solution due
to evaporation or entrainment with the gas stream, and the complexing agent (carrier) can be deactivated. These problems have
restricted further development of SLMs. The use of ion exchange membranes as supports was proposed as an approach to
overcome the problems of SLMs, and the application of ion exchange membranes for the facilitated transport of CO2 and C2H4

was first reported by LeBlanc et al. [41]. Since then a number of papers have been published on this type of membrane. Along
with the use of ion exchange membranes as supports, another approach to overcome the above mentioned limitations was
developed by introducing carriers directly into solid polymer membranes as illustrated in Refs. [42,43]. The FSC membranes
have carriers covalently bonded to the polymer backbone, hence the carriers have restricted mobility, but are favorable when
stability is considered. It is obvious that the diffusivity (and thus permeability) in an FSC membrane is lower than that of a
mobile carrier membrane. The diffusivity of a swollen FSC-membrane should however show diffusivities between that of
a mobile and a fixed carrier. Various ways of enhanced carrier transport have later been suggested [15,44,45]. It is suggested by
many that CO2 will be transported as carbonate or bicarbonate anions in anion-exchange membranes and as anions of various
amines in cation-exchange membranes.

The characteristic of a facilitated or carrier-mediated transport is the occurrence of a reversible chemical reaction or
complexation process in combination with a diffusion process. This implies that either the diffusion or the reaction is rate
limiting: The total flux of a permeant A will thus be the sum of both the Fickian diffusion and the carrier-mediated diffusion as
illustrated in Equation 4.19 [46]:

JA ¼ DA

l
cA,0 � cA,lð Þ þ DAC

l
cAC,0 � cAC,lð Þ (4:19)

where the first term on the right hand side of the Equation 4.19 is the Fickian diffusion (DA), and the second term represents the
carrier-mediated diffusion (DAC). l is the thickness of the membrane, while c (as defined by Henry’s law, Equation 4.6) is the
concentration of the component A and its complex AC at the interfaces of the membrane, and 0 and l indicate feed side and
permeate side, respectively. The concentration difference of the complex AC in Equation 4.19 must be further expressed by an
equilibrium constant of the complexing reaction and a distribution coefficient. This is given in detail by Cussler [46]. Nonpolar
gases in a gas mixture will exclusively be transported through the membrane by Fickian diffusion, while by using partial
pressures ( pA) instead of concentration cA (inserting Equation 4.6 into Equation 4.19), it can easily be seen that the driving
force through the membrane will be the difference in partial pressures for the Fickian diffusion, and that transport also will
depend on the solubility coefficient, SA, for the gas in the polymer. For carrier-mediated transport (second term in Equation
4.19), the driving force will be the concentration difference of the complex AC through the membrane. The permeation of the
nonpolar gases may additionally be hindered by polar sites introduced into the membrane matrix [15,44,45]. This should then
lead to an increased permeance of the carrier-transported gas compared to ideal gases in the mixture (like CH4, N2, and O2),
giving high selectivities in favor of the complexed gas (like for instance CO2). A proposed mechanism for facilitated transport
for CO2 in an FSC membrane is illustrated in Figure 4.4 [15].

4.3 MEMBRANE MATERIALS USED FOR GAS SEPARATION

To select the right membrane for a given gas separation is very challenging as the criteria are quite complex. The first choice is
usually based on favorable flux and selectivity for a given gas mixture. Membrane performance will however have to be
evaluated with respect to operating conditions as well as mechanical strength and durability. Finally, separation efficiency will
have to be balanced against cost for each case evaluated. Choice of ‘‘the right membrane’’ may therefore have more than one
answer. In this section properties for various materials available for gas separation membranes are discussed.

4.3.1 POLYMERIC MEMBRANES

Polymeric materials are still the most widely used membranes for gas separation, and for specific applications the separation
technology is well established (see Section 4.6). Producing the membranes either as composites with a selective skin layer on
flat sheets or as asymmetric hollow fibers are well-known techniques. Figure 4.5 shows an SEM picture of a typical composite
polymeric membrane with a selective, thin skin layer of poly(dimethyl)siloxane (PDMS) on a support structure of polypro-
pylene (PP). The polymeric membrane development today is clearly into more carefully tailored membranes for specific
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applications. The important material properties defining the separation performance are molecular structure, glass transition
temperature (Tg), crystallinity, degree of crosslinking, and as a function of these variables, durability with respect to possible
degradation or loss of performance.

The basic transport mechanism through a polymeric membrane is the solution diffusion as explained in Section 4.2.1. As
noted, there is a fundamental difference in the sorption process of a rubbery polymer and a glassy polymer. Whereas sorption in
a rubbery polymer follows Henry’s law and is similar to penetrant sorption in low molecular weight liquids, the sorption in
glassy polymers may be described by complex sorption isotherms related to unrelaxed volume locked into these materials when
they are quenched below the glass transition temperature, Tg. The various sorption isotherms are illustrated in Figure 4.6 [47].

The solubility in glassy polymers is usually described by the so-called dual-mode model, which implies that there is a need
for a more detailed definition of the sorption, c, in the flux Equation 4.1. Equations 4.20 and 4.21 illustrate this and can relate to

Carriers fixed on polymer backbone

Feed side

Permeate side

Polymer layer coated
on porous support

Only by diffusion

Reversible
reaction

Porous support CO2

CO2

CO2

CO2 CH4

NH2

NH3
+ HCO3

−

H2O

H2O

CH4

FIGURE 4.4 A proposed mechanism of facilitated transport of CO2 in an FSC membrane. (From Kim T.J., Hägg M.B., J. Pol. Sci. Part B
Polym. Phys., 42, 4326, 2004. With permission.)

FIGURE 4.5 SEM-picture of a typical composite membrane comprising of support structure of PP and a selective skin layer of PDMS.
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Figure 4.6. The term cD accounts for Henry’s law, while cH is the Langmuir term with b being the hole affinity constant (bar�1)
and c0Hb is the saturation constant (cm3 (STP)=cm3):

c ¼ cD þ cH (4:20)

c ¼ kDpþ c0Hbp
1þ bp

(4:21)

The dual-mode model has been extensively covered by several authors [25,47–49].
Figure 4.7 illustrates how the available free volume for transport increases with increasing temperature (Vf¼VT�Vl), and

the remarkable change when passing the Tg of a polymer [50]. According to the free volume diffusion model, the diffusion of
molecules depends on the available free volume as well as sufficient energy to overcome polymer–polymer attractive forces.
The specific volume at a particular temperature can be obtained from the polymer density, whereas the volume occupied at 0 K
can be estimated from group contributions. Details on this theory may be found in relevant handbooks, textbooks, and
numerous publications [25,48–52].

Nonideal gases dissolve more easily in polymers, and hence the separation factor may easily be in favor of a larger,
nonideal gas component, compared to a small ideal gas. At the same time the nonideal component may swell the membrane,
hence the net result is a decrease in selectivity. For a polymeric membrane, flux and selectivity are inversely related, hence a
high flux usually means low selectivity. Elastomers have higher flux and lower selectivity for a given gas pair than a glassy
material. This problem can be addressed by various methods: controlled crosslinking, opening the matrix by inserting carefully
designed side groups to the main polymer chain, or functionalizing the polymer. Tables 4.2 and 4.3 illustrate how separation
properties may be changed within two families of polymers by the change of side groups: polycarbonates [25,53] and
polyimides [54].

Glassy polymers may swell in the presence of plasticizing agents, hence selectivities will be reduced and flux will be
increased—the membrane loses performance. One way of avoiding this problem may be to incorporate cross-linkable
functional groups in the polymer backbone. The crosslinking will be performed in the posttreatment process, and will hinder
uncontrolled swelling. Regions of crystallinity and chemical crosslinking have somewhat similar effects on the transport
properties of a rubber by causing restrictions of swelling and suppression of long-chain segmental motion. Transport in
semicrystalline polymers is more complex due to tortuosity caused by the presence of the typically impermeable crystalline
regions. Studies of gas sorption and transport strongly support the notion of the impenetrability of crystalline domains by even
tiny gas molecules. The sorption coefficient seems to be essentially proportional to the volume fraction of amorphous material,
while the effect on diffusion is more complex [25].
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FIGURE 4.6 Typical gas sorption isotherms for polymers: (a) Henry’s law illustrating ideal sorption as in a rubbery polymer where
solubility is independent of concentration, (b) illustrating a highly nonlinear behavior according to Flory-Huggins; as can be expected for
interactions between organic liquids or liquids with polymers (swelling results), and (c) illustrating the dual mode sorption (Langmuir) typical
for a glassy polymer. (From Koros W.J., Chern R.T., Separation of gaseous mixtures using polymer membranes. In: Rousseau R.W., ed.
Handbook of Separation Process Technology. John Wiley & Sons, New York, 862, 1987. With permission.)
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TABLE 4.2
Structures of Characterized Families of Polycarbonates and Polyimides
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Note: See Table 4.3 for properties.
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FIGURE 4.7 Polymeric specific volume as a function of temperature. (From Chern R.T., Koros W.J., Sanders E.S., Chen S.H., Hopfenberg
H.B. In: Whyte T., Yon C.M., Wagener E.H., eds. ACS Symposium Series 223 on Industrial Gas Separations. American Chemical Society,
Washington DC, 47, 1983. With permission.)
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4.3.1.1 Polymers Receiving Special Interest

The block copolymers form an interesting group of materials with promising separation properties for selected gas
mixtures. These membranes usually combine the flexible phase of an elastomer with a dispersed phase of a glassy or crystalline
polymer. The hard domains will act as physical crosslinks, and the temperature should not be raised above the Tg of the
glassy polymer. Morphology and properties of the block copolymers are mainly determined by the A=B ratio and the size of
the blocks. The separation mechanism in these membranes is typically based on sorption diffusion, but if correctly tailored, the
sorption selectivity will be governing the separation. Examples that can be mentioned are copolymers of ethylene and vinyl
alcohol. These two components are able to co-crystallize in the same crystal lattice, and the material can be tailored by varying the
amount of the highly polar, diffusion-inhibiting vinyl alcohol component without strongly affecting the crystallinity [25]. Another
example reported is block copolymers composed of polyamide (PA) and polyethylene glycol (PEG). In this material, the
semicrystalline PA blocks will ensure the structural integrity while high molecular weight PEG will control the separation [55].
The permselectivity will typically be reverse, and these membranes may have a great potential for CO2 capture or VOC removal
from gas streams. Interesting results for CO2–H2 separation (reverse selective) have been published by several authors [56,57].

The perfluorinated polymers are materials of special interest due to their exceptionally good chemical and thermal stability
compared to other polymers. The challenge has however for many years been to prepare these materials with suitable gas separation
properties. They used to be either very crystalline or too porous, hence selectivities were low. Theymay however be prepared as high
flux—low selectivity membranes, which is acceptable for certain applications. Materials prepared from tetrafluoroethylene (TFE)

TABLE 4.3
Permeabilities and Selectivities of Polycarbonates and Polyimides

Permeabilities at 358C (Barrer) Ideal Selectivities at 358C

He O2 CO2 He=CH4 O2=N2 CO2=CH4

Polymer 10 atm 2 atm 10 atm 10 atm 2 atm 10 atm

Polycarbonates
PC 13 1.6 6.8 35 4.8 19

TMPC 46 5.6 18.6 50 5.1 21
HFPC 60 6.9 24 57 4.1 23
TMHFPC 206 32 111 44 4.1 24

TBPC 18 1.4 4.2 140 7.5 34
TBHFPC 100 9.7 32 112 5.4 36
TB=TBHF-co-PC 49 4.9 16 110 6.2 34

Polyimides
PMDA-ODA 8.0 0.61 2.71 134.9 6.1 45.9
PMDA-MDA 9.4 0.98 4.03 94 4.9 42.9

PMDA-IPDA 37.1 7.1 26.8 41.1 4.7 29.7
PMDA-DAF 1.9 — 0.15 921 — 71.6
6FDA-ODA 51.5 4.34 23 135.4 5.2 60.5
6FDA-MDA 50 4.6 19.3 117.1 5.7 44.9

6FDA-IPDA 71.2 7.53 30 102.1 5.6 42.9
6FDA-DAF 98.5 7.85 32.2 156.3 6.2 51.1

Source: From Table of units, J. Membr. Sci., 2, 237, 2004; Koros W.J., Hellums M.W., Transport properties. In: Kroschwitz,

J.I., ed. Encyclopedia of Polymer Science. 2nd ed. Wiley-Interscience Publishers, New York, Supplement vol. 1989,
724–802; Koros W.J., Hellums M.W., Fluid Phase Equilibria, 53, 339, 1989; Kim T.H., Koros W.J., Husk G.R.,
O’Brien K.C., J. Membr. Sci., 37, 45, 1988.

Note: 1 Barrer¼ 7.52� 10�15 m3 (STP)=mm2 s kPa.
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FIGURE 4.8 Structure of Hyflon AD.
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and cyclic dioxole (TTD) are highly hydrophobic and have good potential for use in gas–liquid membrane contactors. The
copolymer known commercially as Hyflon AD is made from TFE and TTD, and is an amorphous perfluoropolymer with glass
transition temperature (Tg) higher than room temperature. Hyflon AD 60 shows values of permeability and selectivity for gases that
make the material interesting for separation—this was documented by Arcella et al. [58].

Kharitonov et al. [59] have shown that direct fluorination of the polyimide Matrimid is possible, hence the resulting
membrane should have a nice potential for use in harsh environment. Perfluorinated materials were also studied by Hägg [60]
for chlorine gas purification, and were shown to be exceptionally stable in these harsh environments. The selectivity was
however too low. In a later publication on chlorine purification [31] it was suggested to use perfluorinated monomers as
surface-modifying compounds for pore tailoring of glass membranes for chlorine gas separation.

Hydrophilic perfluoromembranes may be prepared from TFE and copolymerized with perfluorosulfonylfluoridevinylether
(SFVE), making a so-called Hyflon ion polymer, which is a rubbery polymer at room temperature. This polymer contains the
group –SO2F where F can be exchanged for a metal or hydrogen atom. This makes the material suitable for a wide variety of
fields ranging from electrochemical electrolyzers (chloralkali and HCl), proton exchange fuel cells, energy storage, and
electrodialysis to membrane catalytic reactors and many more applications [58].

The cardopolymers are polymers containing very bulky aromatic structure in the main chain. This structure can be coupled to
a polyimide, polyamide, or polysulfone. Example of a cardopolymer based on polyimide is shown in Figure 4.9. The polymer
may be further modified by substituting methyl groups or halogens into the aromatic rings. The bulky structure gives the polymers
high gas permeability and high solubility for nonideal gases (like CO2 and hydrocarbons); they can be easily processed and are
fairly heat stable. These materials have been extensively studied at Research Institute of Innovative Technology for the Earth
(RITE) in Japan, and papers have been published documenting nice separation properties for CO2=N2 (>35) [61,62]. This makes
the cardopolymers, especially the polyimide based, interesting for recovery of CO2 in flue gas. Takeuchi et al. [63] evaluated the
costs of a global process of CO2 fixation and utilization using catalytic hydrogenation reaction, and converting CO2 to methanol.
The recovered CO2 was then based on a membrane process using a cardopolymer.

The acetylene-based polymers have received new interest. These glassy polymers are amorphous and characterized by very high
glass transition temperature (typically>2008C), high free volume, and very high gas permeabilities. The well-known poly(1-
trimethylsilyl-1-propyne) (PTMSP) has the highest gas permeability of all known polymers. This polymer and other acetylene-based
polymers show higher permeabilities to large condensable organic vapors than to small permanent gases [64], and PTMSP has the
highest C2þ=CH4 and C2þ=H2 selectivities of any known polymer [65]. The selectivity of these gases is typically reverse compared
to what is expected in a polymeric membrane. This can be understood by the large free volume in these polymers, and the high
solubility of the hydrocarbons in thematerial. The transport may be described in the sameway as the selective surface flow through a
microporousmembrane or amixedmatrixmaterial (see Sections 4.3.2 and 4.3.3). Pinnau et al. [66], among others, have investigated
the effects of the side-chain structure of substituted polyacetylenes on their gas permeation properties (see Figure 4.10).

4.3.1.2 Fixed-Site Carrier Polymers

As an alternative to conventional polymeric membranes, facilitated transport membranes have attracted attention due to
the potential of achieving both high permeabilities and high selectivities. Facilitated transport membranes may for instance
selectively permeate CO2 by means of a reversible reaction of CO2 with incorporated complexing agent (carrier) in the
membrane, whereas gases such as H2, N2, and CH4 will permeate exclusively by the solution diffusion mechanism. As pointed
out in Section 4.2.6, the ion exchange membranes were introduced as an approach to overcome the problems of SLMs, and the
application of ion exchange membranes for the facilitated transport of CO2 and C2H4 was first reported by LeBlanc et al. [41].
Since then a number of papers have been published on this type of membrane [67–70]. Along with the use of ion exchange
membranes as supports, yet another approach to overcome the above limitations was developed by introducing carriers directly
into polymer membranes [42,71,72]. These FSC membranes have carriers covalently bonded to the polymer backbone, hence
the carriers have restricted mobility, but are favorable when stability is considered. It is obvious that the diffusivity (and thus
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FIGURE 4.9 Example of structure of a cardopolymer based on polyimide.
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permeability) in an FSC membrane is lower than that of a mobile carrier membrane. The diffusivity of a swollen FSC
membrane should however show diffusivities between that of a mobile and a fixed carrier.

The aminated polymeric membranes for facilitated transport of CO2 have been investigated extensively in recent years
[69,73–75,15]. The findings of several of these investigators were that the aminated polymeric membranes showed higher
permselectivity inwater swollen condition than in dry condition—an ideal selectivity as high as 1000 for CO2=CH4was documented
by Kim et al. [15]. Although promising, a mixed gas selectivity is, however, expected to show a significantly lower value. The
anticipated mechanism for transport through the membrane is described in Section 4.2.6 and is illustrated in Figure 4.4. There has
been a major increase in published papers and patents within the field of facilitated transport membranes during the period between
writing and publishing of the current chapter; the author apologize for not having been able to incorporate these references.

The biomimetic membranes represent a special group of carrier membranes. They are artificial membranes based on
biomembrane mimicking, i.e., imitation of the essential features biomembranes use for separation. Nitrocellulose filters
impregnated with fatty acids, their esters, and other lipid-like substances may be used—in other words, an imitation of many
nonspecific barrier properties of biomembranes. The transport of gas through these membranes will essentially be according to
facilitated transport (see Section 4.2). Biomimetic membranes for CO2 capture will transport the gas as HCO

�
3 . Development of

these materials may be expected for selected applications.

4.3.2 CARBON MOLECULAR SIEVING MEMBRANES

The carbon molecular sieving (CMS) membranes are microporous carbon fibers or flat sheets prepared from carbonization of
polymeric precursors under controlled conditions. Depending on the membrane pore size and the process conditions, the separation
may take place according to (1) molecular sieving (dp< 5 Å), (2) selective surface flow (5 Å< dp< 12 Å), (3) Knudsen diffusion
(dp> 20 Å), or combinations of these [6,29] (see Sections 4.2.2 through 4.2.4). The membranes for gas separation are prepared as
hollow fibers or flat sheets. The hollow fibers may have the largest potential for becoming a successful separation unit on an
industrial scale due to the possibility of making modules with a high packing density (m2=m3). The production process of these
membranemodules is however challenging and expensive, and costs need to be brought down to be interesting for larger gas volume
applications. The use of cheap polymeric precursors is favorable. Properties that should place the carbonmembranes among themost
promisingmembranematerials are their high temperature resistance and excellent chemical resistance to acids, hot organic solvents,
and alkaline baths. The carbon membranes are fairly easy to produce as much is known about how carbonization conditions affect
separation properties [6–11]. A carbon membrane can thus be tailored with a pore size giving excellent separation properties for a
given gas mixture (high flux for permeating component and high selectivity for gas pairs).

The most serious disadvantages that have to be overcome or controlled are brittleness and the vulnerability of membranes to
oxidizing agents and water vapor resulting in performance loss over time, hence regeneration is needed at intervals. When these
effects are detected in the membrane performance, it is important to know how to address the problem (or preferably how to
avoid it). It is important to know how to ‘‘open’’ pores which are blocked, how to regenerate the membrane, or how to optimize
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FIGURE 4.10 Relationship between mixed gas n-butane permeability and n-butane=methane selectivity for a series of glassy polyacetylenes
and rubbery PDMS. Feed pressure: 10 bar; permeate pressure: 1 bar; temperature: 258C. (From Pinnau I., He Z., Morisato A., J. Membr. Sci.,
241, 363, 2004. With permission.)
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separation performance by controlling the process variables. If basic knowledge about these membranes is not known to a user,
he or she may very quickly draw the conclusion that CMS membranes are unstable, have too large a decrease in performance
over time, and will probably judge them as ‘‘not suitable.’’ This may be very wrong. When used correctly, CMS membranes are
promising candidates for gas separation and moderate volume gas streams.

The CMS membranes may be prepared in two different ways, and in both cases the pore tailoring is the focus for the final
membrane:

1. By careful control of carbonization conditions; this is done by controlling heating rate, heating temperature, and
choice of inert gas or vacuum during the process [76].

2. As explained in the patent of Soffer et al. [10], where microporous cellulose fibers are treated with CVD, and pores are
tailored by postoxidation.

CMS membranes may also easily be functionalized, i.e., metals (like AgNO3, MgO, Fe2O3 or others) are imbedded in the
structure of the precursor, and will enhance the separation for certain gas pairs.

A comprehensive review on carbon membranes has been given by Ismail and David [77].

4.3.2.1 Separation Properties for CMS Membranes

The ability of a microporous carbon fiber to separate gases depends on the pore size of the membrane, the physiochemical
properties of the gases, and surface properties of the membrane pore. The pore size of a carbon fiber for gas separation is
usually within the range of 3.5–10 Å, depending on the conditions for preparation of the membrane during carbonization or
treatment afterward (postoxidation or chemical vapor deposition) [6–11]. With reference to the typical range indicated above
for the transport mechanisms, one would expect that the dominating mechanisms will be either molecular sieving or selective
surface flow.

Figure 4.11 illustrates a carbon membrane with pores in the range suitable for molecular sieving [78]. As expected, there is
a clear and indisputable correlation between flux and molecular size. In Figure 4.12, the carbon membrane is more open (pore
size in the range 6–10 Å). The gas pair reported is CO2 and CH4, and as can be seen, the selectivity is clearly in favor of CO2

indicating selective surface flow. The critical temperatures, Tc, and Lennard-Jones diameters, dL-J, for the two gases are

CO2: dL-J ¼ 3:94
�
A, Tc ¼ 304 K

CH4: dL-J ¼ 3:74
�
A, Tc ¼ 190:4 K
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The easily condensable CO2 molecule will follow an SSF mechanism and seriously hinder CH4 to permeate, hence high
selectivities are obtained.

Figure 4.13 illustrates the importance of finding the optimum process conditions (temperature, pressure) for the gas mixture
to obtain maximum separation effect [79]. The diagram shows how the flux of propane changes with temperature and pressure.
At ~3–4 bar and 320 K, the flow changes from SSF to Knudsen diffusion. This ‘‘window’’ will vary for different gases, hence
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the optimum separation conditions can be found where the nonideal component will permeate according to SSF, and more ideal
gases in the mixture, according to Knudsen flow.

4.3.2.2 Regeneration

A CMS membrane will typically have a flux decline over time and regeneration will be necessary at intervals. Oxygen is one of
the most detrimental species for a CMS membrane. When carbon materials are exposed to air at room temperature, irreversible
chemisorption of oxygen may take place and C–O surface groups are formed [80]. These groups also provide sites of
adsorption for H2O. Both phenomena will slightly reduce the effective size of micropores. The chemically bonded oxygen is
only completely removed (as CO and CO2) by heating the sample to temperatures as high as 7008C–8008C with an inert gas.

Adsorption of water may result in flux decline as well. At low relative humidity, only active polar sites seem to be involved,
and this sorption is so weak that the negative effect can easily be managed. With a high relative humidity (>25%), the negative
effect may be substantial, caused by hydrogen bonding by neighboring water molecules forming clusters of adsorbed water
[81]. It should be noted though that water uptake from various gases with same humidity level may differ greatly, and will
therefore also be more or less easily removed.

Adsorption of organics may cause the same type of flux decline. To recover a decreased membrane flux, three main
approaches are reported:

1. The membrane may be treated at elevated temperatures, at least 2008C, under vacuum or inert atmosphere. If the flux
is only partially restored after regeneration, this could be the result of incomplete removal of C–O surface groups.

2. If exposed to organics, treatment of the membrane with propene may be a good solution. Jones and Koros [82] found
propene to be very effective in removing sorbed organics. In some cases the flux was completely restored—this was
also confirmed by Hägg et al. [83].

3. The use of electrothermal regeneration (low voltage direct current) has successfully been tested out online [78].

4.3.3 MIXED MATRIX MEMBRANES=NANOCOMPOSITES

Mixed matrix membranes (MMM) consist of a continuous polymeric phase wherein nanoporous or dense inorganic materials
such as silica, zeolite, carbon particles=nanotubes are dispersed. The separation efficiency can be ‘‘tuned’’ by judiciously selecting
the constituent materials (and their intrinsic properties), as well as the composition of the resultant nanocomposite. Molecular
separation through the polymer occurs according to solution diffusion and is combinedwith surface diffusion ormolecular sieving
through the inorganic phase when amicroporous filler is added (see Sections 4.2.1, 4.2.3, and 4.2.4). When dense fillers are added
(silica, carbon nanoparticles), the membrane may become reverse selective, but still separate according to solution diffusion (see
Section 4.3.3.2). The choice of polymer governs the application temperature range, and fabrication requires excellent adhesion
between the filler and the polymer to avoid the formation of voids and, consequently, undesirable Knudsen diffusion [84].
Methods under current investigation to improve such adhesion rely on polymer softening (at temperatures near Tg or through the
use of plasticizing agents) or reactive coupling with or without surface treatment of the filler.

The field of polymer nanocomposite membranes is developing rapidly due to the wide range of new properties that can be
addressed within this unique class of materials. Resulting properties of these hybrid organic=inorganic materials (which differ
significantly in property behavior) rely to a large extent on successful blending. Both enhanced thermomechanical properties
and separation properties can be expected. The choice of polymers and inorganic fillers must be based on fundamental
knowledge about separation properties as well as miscibility of the materials. For illustration of a mixed matrix membrane
with microporous filler, see Figure 4.14 [85].
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FIGURE 4.14 Illustration of a mixed matrix membrane. (From Koros W.J., Mahajan R., J. Membr. Sci., 175, 181, 2000. With permission.)
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Robeson [4] showed that there exists a ‘‘trade-off’’ relationship between selectivity and permeability for dense polymer
membranes. This plot was later updated by Singh and Koros [9] (see Figure 4.1). Molecular transport of light gases in such
membranes typically occurs by a solution diffusion mechanism (as discussed in Section 4.2.1). For a polymer membrane to be
commercially considered for the removal of CO2 from H2, CH4, or air, both the CO2 permeability and selectivity must be
competitively high. Since the gases in the mixture with CO2 often are smaller (H2) or about the same size as CO2, they may
diffuse more rapidly through the polymers, and it follows that the diffusion selectivity (DCO2

=DgasB) will be �1. The only way
to increase CO2 permeability and selectivity simultaneously is thus to increase the solubility of CO2 in the membrane. Such
solubility enhancement is achieved by the introduction of chemical moieties (nanofillers) into the polymer to promote the
permeation flux of CO2 by increasing the free volume, or by using physically modified polymer nanocomposites (molecular
sieving materials) suitable for adsorption flow. Both result in a mixed matrix membrane. Examples of porous nanofillers are
carbon molecular sieves; examples of nonporous nanofillers are fumed silica and carbon black.

4.3.3.1 MMM: Polymer with Carbon Molecular Sieves

Mixed matrix membranes with molecular sieves incorporated combine the high separation capacity of molecular sieving
materials (see Section 4.3.2) with the desirable mechanical properties and economical processing attributes of polymeric materials.

Vu et al. [86] incorporated CMS materials into polymers to form mixed matrix membrane films for selective gas
separations. The CMS, formed by pyrolysis of a polyimide precursor and exhibiting an intrinsic CO2=CH4 selectivity of
200, was dispersed into a polymer matrix. Pure-gas permeation tests of such MMMs revealed that CO2=CH4 selectivity
enhanced by as much as 40%–45% relative to that of the pure polymer. The effective permeabilities of fast-gas penetrants (e.g.,
O2 and CO2) through these MMMs are also improved relative to the intrinsic permeabilities of the unmodified polymer
matrices. For a CO2=H2 gas mixture, the CO2 will serve as the fastest permeating component, and H2 will be retained on the
feed side to avoid repressurization, in which case the polymer matrix dictates the minimum membrane performance. Properly
selected molecular sieves can only improve membrane performance in the absence of defects. The polymer matrix must be
chosen so that comparable permeation occurs in the two phases (to avoid starving the sieves) and so the permeating molecules
are directed toward (not around) the dispersed sieve particulates. The molecular sieve must be selected so that its pores can
separate the gas molecules of interest according to size. In the case of CMSs, varying the carbonization conditions during
fabrication controls the pore size. This is an advantage of CMS membranes over zeolitic molecular sieves, in which the pore
size is fixed for a given zeolite type.

4.3.3.2 MMM: Polymer with Nonporous Nanoparticles

Nanoscale inorganic fillers will affect the local chain packing, which affects the local free volume, and hence the molecular
transport of permeating species. The polymer may be a rigid-chain polymer or a self-organized block copolymer. If the
dispersed filler in MMMs consists of a nonporous material (e.g., carbon nanotubes, fumed or colloidal silica), the nanoscale
particulates may disrupt the packing of the polymer chains, if they are rigid, and consequently increase the accessible free
volume in the polymer matrix. This increased free volume augments molecular diffusion and weakens the size-sieving nature of
the polymer, thereby increasing both permeability and reverses the selectivity. Since permeability depends on diffusivity and
solubility, these MMMs will favor permeation of the larger (and more soluble) components through the membrane. The
introduced nanoparticles may also alter the mechanism by which a copolymer self-organizes, hence influencing the equilibrium
morphology and polymer thermodynamics (and then properties).

Merkel et al. [87] mixed a substituted polyacetylene, poly(4-methyl-2-pentyne) (PMP), with fumed silica particles possessing
hydrophobic trimethylsilyl surface groups. Dispersion of the particles was achieved by matching the polarity of the polymer and
the particle surface groups, as well as by controlling film-drying conditions. Addition of fumed silica (up to 30 vol %) (size ~10
nm) promoted a considerable increase in the permeability of CH4 relative to that of pure PMP. In Figure 4.15 various forms of
carbon molecules are illustrated [88]. Fullerenes generally refer to the entire class of closed spheroidal aromatic molecules
consisting of only carbon atoms, up to 600 atoms.

4.3.4 INORGANIC MEMBRANES

The inorganic membranes had until the late nineties received fairly little attention for applications in gas separation. This has
mainly been due to their porous structure, and therefore lack of ability to separate gas molecules. Within the group of inorganic
membranes there are however the dense metallic membranes and the solid oxide electrolytes; these are discussed separately in
Section 4.3.5. With reference to Section 4.2, the possible transport mechanisms taking place in a porous membrane may be
summarized as in Table 4.4 below, as well as the ability to separate gases (þ) or not (�). Recent findings [29] have however
documented that activated Knudsen diffusion may take place also in smaller pores than indicated in the table.

The increasing interest in inorganic membranes for gas applications is undoubtedly due to their excellent high temperature
resistance. Inorganic membrane reactors (including carbon membranes) may thus have a very nice potential for industrial
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applications. The various configurations of membrane reactors are however not discussed in this chapter. Their separation
properties may be understood on the basis of the materials used, kinetics, and process conditions.

Porous materials have very complex structure and morphology, and parameters like porosity, pore size distribution, and
pore shape are extremely important variables affecting gas separation properties. A schematic of different pores is given in
Figure 4.16 [89]. As can be seen, pore constrictions, dead-end pores, and interconnection between pores will contribute to the
characterization of the membrane, hence the tortuosity (t) plays an important role. The tortuosity will have a value equal to
unity (¼ 1) for a cylindrical pore. The inorganic membranes may be symmetric or asymmetric. The symmetric membranes are
systems with a homogenous structure throughout the membrane. Capillary glass membranes and anodized alumina membranes
are examples within this group. In most cases however the inorganic membranes are asymmetric with a composite structure
consisting of several layers with a gradual decrease in pore size to the feed side. Examples are ceramic aluminas synthesized by
the solgel technique or carbon–zirconia membranes. For gas separation, surface-modified inorganic membranes have become
increasingly important. An introduction to the synthesis and properties of inorganic membranes may be found in comprehen-
sive textbooks [11,90,91].

4.3.4.1 Modified Inorganic Membranes

As illustrated in Table 4.4, the pore size of a microporous inorganic membrane has to be brought down in order to separate
gases. Only for pore sizes in the range below Knudsen flow, the separation may be efficient and follow either selective surface
flow or capillary condensation. Separation according to configural diffusion may take place if the pore size is sufficiently small
(<1 nm). The surface may also be modified to change its chemical nature and thus separation properties. Several ways of
modifying the surface structure of ceramic membranes have been suggested by Burggraaf and Keizer [90], and pore sizes
<1 nm have been obtained (see Table 4.5). The main questions related to economy of production and brittleness of these

FIGURE 4.15 Schematic illustration of different nanostructured carbons. (a) A C60 fullerene, (b) A single-wall carbon nanotube, and
(c) a multi-wall carbon nanotube. (From Kroto H.W., Heath J.R., O’Brian S.C., Curl R.F., Smalley R.E., Nature, 318, 162, 1985. With
permission.)

TABLE 4.4
Transport Regimes in Porous Membranes

Type of Transport Mechanism Pore Diameter Selectivity

Viscous flow >20 nm �
Molecular diffusion >10 nm �
Knudsen diffusion 2–100 nm 1=

ffiffiffiffiffi
M

p

Surface diffusion þ
Capillary condensation þþ
Micropore (configuration) diffusion <1.5 nm þþþ

Source: From Burggraaf A.J., Transport and separation properties of

membranes with gases and vapours. In: Bruggraaf A.J., Cot L.,
eds. Fundamentals of Inorganic Membrane Science and

Technology. Elsevier, Amsterdam, 1996, 331–427.
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membranes are still to be solved although the materials may show excellent separation properties for selected gas mixtures,
especially in the range of selective surface flow.

Effects of temperature and pressure will play an important role for the resulting separation. This has been discussed for
different MFI zeolite membranes by Posthusta et al. [92].

A usually less expensive way for surface modification is using organic compounds. The range for application will then be
determined by the decomposition temperature of the organic compound. Several papers have been published reporting promising
results for separation [93,94]. The glass membranes (silicate membranes) should be especially mentioned since they have proved
to be exceptionally resistant to aggressive gases like chlorine and hydrochloric acid [60,95], and have a nice potential for
separation of such gases when membranes are surface modified with chemically resistant perfluoro compounds [31].

4.3.5 ION-CONDUCTING MEMBRANES

4.3.5.1 Proton-Conducting Pd Membranes

For the transport of hydrogen through a palladium membrane, please refer to Section 4.2.5.1. The membranes may be prepared
as pure palladium membranes, but the trend has moved in the direction of preparing composites and using Pd alloys. There
seems to be a number of advantages using composite palladium membranes supported on porous substrates over palladium foils

g

c

b

a

e

d

c

f

FIGURE 4.16 Schematic illustration of pore types in porous solid with open pores (c,d), locked-in (a) and dead-end pores (b,e,t). (From
Rouquerol J., Avnir D., Fairbridge C.W., Everett D.H., Haynes J.H., Pernicone N., Ramsey J.D.F., Sing K.S.W., Unger K.K., Pure Appl.
Chem., 66, 1739, 1994. With permission.)

TABLE 4.5
Some Modified Nanoscale Ceramic Microstructures within Membranes with Pore
Diameters of 3–5 nm

Membrane Material Modification by Modified Structure Size (nm) Loading (wt%)

g-Al2O3 Fe or V-oxide Monolayer �0.3 5–10

g-Al2O3 MgO=Mg(OH)2 Particles 2–20
g-Al2O3 Al2O3=Al(OH)3 Particles 5–20
g-Al2O3 Ag Particles 5–20 5–65

g-Al2O3 CuCl=KCl Multilayer >20
g-Al2O3 ZrO2 Surface layer <1 2–25
g-Al2O3 SiO2 (amorphous) 20 nm layerþ porous plugs <1.5 5–100

a-TiO2
a V2O5 Monolayer �0.3 2–10

Al2O3=TiO2 V2O5 or Ag As for a-TiO2 or Al2O3

u=a-Al2O3 ZrO2=Y2O3 Multilayer=porous plugs Few nm pore size 1–100

Source: From Burggraaf A.J., Keizer K., Synthesis of inorganic membranes. In: Bhave R.R., ed. Inorganic Membranes,

Synthesis, Characterisation and Applications, Van Nostrand Rheinhold, New York, 1991, 11–63.
a a-TiO2: anatase titania.
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and tubes—one important aspect is the stability of the system as stability problems increase with a reduction in thickness [96].
Stability is also alloy dependent. The porous supports used comprise porous alumina or glass, and porous metals including
porous Ni and porous stainless steel. However, from an industrial perspective, alumina supports have disadvantages in terms of
insufficient sealing and difficult fabrication of large modules. (This is often a general problem with inorganic membranes for
gas separation.)

There are various techniques for the deposition of Pd or its alloys on a support; details on this may be found elsewhere
[96,97]. Among these methods, electroless plating is quite attractive due to the possibility of uniform deposition on complex
shapes and large substrate areas, hardness of deposited film, and very simple equipment. The main advantage of Pd alloys
compared to pure Pd for use in hydrogen separation and MR applications is that Pd alloys have a reduced critical temperature
for the a–b transition, and may therefore be operated in the presence of hydrogen at temperatures below 3008C without risking
the hydrogen embrittlement observed for pure Pd membranes [98]. The components most used in the Pd alloys are silver (Ag)
or copper (Cu) added in a weight percentage up to around 30.

The palladium–silver alloys have attractive enhanced permeability compared to pure Pd while the palladium–copper alloys
are more resistant to sulfur. The hydrogen flux through a 20 mm thick palladium membrane was measured by Mardlovich et al.
[97] at 3508C to be between 2 and 2.5 m3=m2 h, while the performance of palladium–copper alloy membranes over a wide range
of temperatures and pressures is presented by Howard et al. [99]. Coexisting hydrocarbons in the gas stream may influence
hydrogen permeation through palladium membranes. It has been documented that especially propylene in the gas mixture may
seriously affect hydrogen permeation [100]. Propylene decomposes and the carbonaceous matter forming would chemisorb to
the membrane surface. Regeneration with pure hydrogen at high temperature (6008C) may however restore the flux. Other
components of concern that may cause deactivation and poisoning of a palladium membrane are CO, H2O, H2S, and Cl2.

The very attractive feature of palladium membranes and its alloys is clearly the favorable selectivity for hydrogen
permeating at high temperatures. This makes the membranes attractive for use in fuel cells.

4.3.5.2 Proton-Conducting Polymeric Membranes

Many different kinds of fuel cells are presently known, most of them suitable for high-temperature applications—for details see
Ref. [101]. The polymeric proton-conducting membranes (polymer electrolyte membranes; PEM) are however suitable for low
temperature operations (<1008C) and have the advantage of low weight.

In a fuel cell, electricity is produced by an electrochemical reaction. The proton is produced at the anode by oxidation of the
fuel, and will diffuse through the proton-conducting membrane to the cathode where water is formed (see Figure 4.17). The fuel
may be hydrogen or hydrogenated molecules. When hydrogen is used as fuel, the PEM fuel cells will use Nafion or Nafion-like
sulfonated perfluorinated polymers. These materials have high proton conductivity combined with high stability. For more
details on these membrane please see Refs. [101,102].

4.3.5.3 Oxygen-Conductive Membranes

Industry is continuously in search for suitable membrane materials which may produce high purity oxygen at low cost and
preferably at low temperature. This type of material is yet to be developed. Presently the zirconia and perovskite membranes

Membrane electrode assembly (MEA)

Porous conductor
(coal)

Proton-conductive
membrane (e.g., Nafion)

Catalyst
(platinum)

Cathode

H2

- +
H2O

Seal

Gas distributor (graphite)

Cell frame (polysulfone)

Separator plate (titanum)

Anode

O2 (air)

FIGURE 4.17 Transport through a fuel cell. (From Cappadonia M., Stimming U., Kordesch K.V., de Oliveira J.C.T., Fuel cells. In:
Ullmann’s Encyclopedia of Industrial Chemistry. Vol. 15. 6th ed. Wiley-VCH, Weinheim, Germany, 95, 2003. With permission.)
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may be used to produce pure oxygen at high temperatures as these materials (solid electrolytes) contain an oxygen ion
conductor. When used as an MR, the permeating oxygen may be used for oxidation of ethane on the permeate side, hence
producing syngas [103]. (For details on the transport, see Refs. [34,35].)

Air Products and Chemicals Inc. presented recently a ceramic oxygen-transporting membrane operating at high temperature
(transporting O�

2 ). The material is a mixed-conductor where both oxygen ions and electrons are highly mobile within the solid.
The technology makes use of an oxygen partial pressure gradient across the ceramic membrane to drive the oxygen flux [13].
The technology is suited for advanced power generation that requires oxygen for combustion or gasification.

4.4 MODULE DESIGN

Depending on the type of materials to be used for membrane separation, the module may have different configurations. The
footprint of the membrane separation unit may be an important issue where it is going to be placed, and packing density of the
module (m2=m3) will then have to be considered. Some modules may be suitable for large-volume applications, some for
smaller. In most cases investment cost and lifetime of the membrane will decide which one should be chosen. If specific process
conditions are necessary for optimum performance of the membrane (pressure, temperature, filtering, and drying of gas),
required utilities must be included in cost estimation.

For calculation of required membrane permeation area, flow patterns for the various module designs must be considered.
The cross-flow, counter-current, cocurrent, or complete mixing flow will result in different degrees of purity for the same stage
cut, u (¼ qp=qf). This is illustrated in Figure 4.18 below [104].

The basic equations for flux and selectivity are given in Section 4.2. Inserting the relevant flux equation for Ji into Equation
4.22 below, the required membrane permeation area, Am, may be calculated:

Am ¼ qp,i=Ji (4:22)

where
qp,i is the permeation rate (m3 (STP)=h) of component i
Ji the flux (m3 (STP)=m2 h)

In a real case there are several additional variables to be taken into account: possibility of concentration polarization,
pressure drop, heat transfer, and Joule–Thomson effect across the membrane. The J–T effect may be significant when there
is a large DP across the membrane and with nonideal gases permeating. Fugacities should then be used in the calculations.
These effects are discussed by several authors [105,106].

The standard module configurations are presented below. With the development of new membrane materials for various
applications (as discussed in Section 4.3), new configurations for optimum gas separation may be expected on the market in
the future.
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FIGURE 4.18 Effect of stage cut u, and flow pattern on permeate purity. Operating conditions (air) are as follows: xf,O2
¼ 0.21, a*¼ 10,

ph=pl¼ 5, PO2
¼ 500 Barrer. Line (1) is counter-current flow, line (2) is cross-flow, line (3) is cocurrent flow, and line (4) is complete mixing.

(From Walawender W.P., Stern S.A., Sep. Sci., 7, 553, 1972. With permission.)
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4.4.1 FLAT SHEET PLATE AND FRAME=Envelope Type

Inorganic or metallic membranes for gas separation are usually prepared as discs or flat sheets. These thin sheets or discs may
be quite vulnerable to breakage, and to assemble the membranes in modules is quite challenging. These membranes are usually
intended for high-temperature gas applications, and sealing technology may be complicated. Carbon membranes are also facing
this challenge at high temperatures.

Polymeric flat sheet membranes are easy to prepare, handle, and mount. For gas separation, the flat sheet membranes are
composites with a selective polymer coated on a support. A commercial configuration that has been quite successful for
hydrocarbon vapor recovery is the Borsig envelope type module (see Figure 4.19) [107]. Packing densities for flat sheet
membranes may be in the range of 100–400 m3=m2 [1].

4.4.2 SPIRAL-WOUND MEMBRANE

The typical spiral-wound membrane, as shown in Figure 4.20, consists of four layers wrapped around a central collection pipe:
membrane, spacer (providing a permeate channel), membrane, and a new spacer (providing a feed channel). The feed-side
spacer acts as a turbulence promotor, whereas on the permeate side the flow is directed toward the central pipe. The spiral-
wound membrane will typically be a polymeric composite material, and is much used also for liquid separation. The packing
density of this type of module will depend on the channel height, but is usually within the range of 300–1000 m2=m3 [1].
Several modules may be assembled in one pressure vessel.
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FIGURE 4.19 The Borsig envelope-type membrane module. (From Ohlrogge K., In: Final Report for EU-project BE97–4589. Dehydration
and dewpointing of natural gas by membrane technology. GKSS, Germany, 2002. With permission.)
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FIGURE 4.20 A spiral wound membrane module. (From Mulder M., Basic Principles of Membrane Technology. 2nd ed. Dordrecht,
Kluwer Academic Publishers, 1996. With permission.)
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4.4.3 HOLLOW FIBER MEMBRANES

The hollow fiber membranes are the optimum choice for gas separation modules due to their very high packing density (up to
30,000 m3=m2 may be attained [1]). Figure 4.21 shows alternative configurations for such modules [108]. Modifications of this
configuration exist, where possibility for introduction of sweep gas on permeate side is included, or fibers may be arranged
transversal to the flow in order to minimize concentration polarization [109,110]. The hollow fiber membranes are usually
asymmetric polymers, but composites also exist. Carbon molecular sieve membranes may easily be prepared as hollow fibers
by pyrolysis.

4.4.4 MEMBRANE CONTACTORS

A membrane contactor may be considered as a new unit operation where the membrane acts as a barrier between a gas and a
liquid phase. The most important advantages of a membrane contactor compared to a traditional absorber are (1) reduction in
size and weight (important when used offshore), (2) with the gas and liquid separated by a barrier, the liquid and gas flow
rate may be adjusted independently, (3) no entrainment, flooding, or channeling, and (4) reduction in solvent loss. The
membrane contactor may have different module configurations, an illustration of the Aker Kvaerner membrane contactor is
shown in Figure 4.22 [111]. A different design is presented by Liqui-Cel [112]. Only the component to be removed from the
gas mixture will be able to diffuse through the membrane and into the selective liquid absorbent. A typical example is
the removal of CO2 from a gas stream using an amine absorbent on the liquid side. Factors like pore size, pore size
distribution, hydrophobicity, and hydrophilicity of the membrane will play a major role in order not to have breakthrough of
gas or liquid across the membrane. Membrane-based absorption and desorption is widely used and studies are reported in
several papers [113–117].

The governing equation to avoid breakthrough is the LaPlace equation as shown in the following equation:

rp ¼ 2g
DP

cosQ (4:23)
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PermeatePermeate
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FIGURE 4.21 Hollow fiber membrane modules with different configurations. (From Pellegrino J., Sikdar S.K., Membrane Technology,
Fundamentals of Bioremediation http:==membranes.nist.gov=Bioremediation=fig_pages=f5.html (accessed September 2004). With permission.)
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where
rp¼ pore radii
g ¼ surface tension at liquid=gas interface (N=m)
u ¼ contact angle

4.4.5 SYSTEM DESIGN

Quite often a single stage membrane unit cannot give the desired product quality, and the product may be either the permeate or
retentate. A cascade solution may then be a viable option where a fraction of permeate streams are being recompressed and
recycled, membrane units are placed in combinations of series or parallel, or permeate streams are being fed to a second stage
for further permeation. These calculations will very quickly become quite complicated, and should preferably be performed
with an integrated membrane simulation tool hooked up to a standard simulation program (like Hysys, ProII, or Aspen).
Relevant papers for design of the gas separation process design may be found in Refs. [28,118,119]. Figure 4.23 illustrates a
three stage separation unit typically developed for separation of CO2 from CH4 (natural gas) [120].

4.5 CURRENT APPLICATIONS AND NOVEL DEVELOPMENTS

As already mentioned, most of the membranes used in gas applications today are still the polymeric solution diffusion
materials, and among these, the glassy materials separating according to molecular size are dominating the market. This will
probably change when new tailor-made materials (see Section 4.2) are commercialized. For all membrane applications the gas
mixture and process conditions (volumes, pressures, temperature, specifications of product for purity) will be governing the
choice of membrane material and module design.

The dominating processes for industrial membrane applications are still production of high purity nitrogen, recovery of
hydrogen from gas streams, and recovery of carbon dioxide. With respect to both hydrogen and CO2, a major increase in
membrane applications may be expected with the development of tailor-made materials and with the focus worldwide on
renewable energy and emission of greenhouse gases. The removal of volatile organic compounds (VOCs) is also a major
potential area for membrane applications due to environmental concern and international agreements on reduction of emissions.
There is only a selection of about 8–9 materials used for 90% of the total gas separation membranes today [121]. An overview
of commercial-scale membrane suppliers is presented in Table 4.6, adapted and updated after Spillman by Zolands and Fleming
in 2001 [122].

Rich solvent

Flue gas
 in

Treated gas
 out

Flue gas

(a) (b)

CO2

CO2

Microporous
membrane Absorption liquid

FIGURE 4.22 Illustration of the principle for removal of CO2 from a gas stream (left) using a membrane contactor with hollow fibers
(right). (From Hoff K.A., Modeling and experimental study of CO2 absorption in a membrane contactor. Thesis NTNU, Trondheim, 2003.
With permission.)
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FIGURE 4.23 A three stage membrane separation process—the recycled gas from stage three need to be recompressed. This configuration
could typically be used for removal of CO2 from gas stream where the retentate is the product. (From Spillman R.W., Chem. Eng. Progr., 85,
41, 1989. With permission.)
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4.5.1 HYDROGEN RECOVERY

Hydrogen is typically being recovered from gas streams at refineries (from hydrocrackers), petrochemical plants (adjustment of
syngas ratio, dehydrogenation), and from other streams where hydrogen is present, for example at an ammonia plant. Syngas
contains in addition to H2 and CO impurities like N2, CO2, CH4, and water. It is produced mainly from hydrocarbons by (1)
stream reforming and (2) partial oxidation of heavy oils or gasification of coke or coal. There may be a significant variation in
the stoichiometric ratio of H2=CO for the various chemical syntheses, and the adjustments of syngas ratio may easily be
performed by the application of membrane units. The commercial units today are usually either based on polysulfone hollow
fibers or spiral-wound CA membranes. Membranes compete with pressure swing adsorption (PSA) and cryogenic systems in
hydrogen recovery applications over a wide range of operating conditions. Membrane systems have the advantage of low
capital cost and ease of operation. The competing systems however usually deliver the purified hydrogen at almost the same
pressure as the feed gas, which results in lower compression costs than those of the membrane system where the hydrogen
product always is at a pressure lower than the original feed when using these conventional membranes. Typical performance of
membranes for hydrogen recovery in refining applications is shown in Table 4.7 [123].

TABLE 4.6
Commercial-Scale Membrane Suppliers for Gas Separation

Company CO2 H2 O2 N2 Othera Website address

A=G Technology (AVIR) X X X www.agtech.com
AGA (Linde) X X www.linde-gas.com
Aquilo (Whatman) X www.aquilo.nl
Asahi Glass (HISEP) X X www.agc.co.jp

Borsig X www.borsig.de
Cynara (Dow) X X www.dow.com
Generon (Dow) X X X www.generon.com

Grace MS (Aker-Kvaerner) X X X www.akerkvaerner.com
Medal (Du Pont=Air Liquide) X X X www.medal.airliquide.com
Membrane Techn. and Research X X www.mtrinc.com

Nitto Denko X X www.nitt.com
Osaka Gas X X www.osakagas.co.jp
Permea (Air Products) X X X X X www.airproducts.com

Praxair X X www.praxair.com
Toyobo X X www.toyobo.co.jp
Ube Industries X X X X X www.ube.com
Union Carbide (Dow) X X X www.unioncarbide.com

UOP (Separex) X X X www.uop.com

Source: Partly adapted from Zolands R.R., Fleming G.K., Applications. In: Ho W.S.W., Sirkar W.S., eds. Membrane

Handbook. Kluwer Academic Publishers, London, 2001, 78–94.
a Includes solvent recovery, dehumidification, pervaporation, and helium recovery membranes.

TABLE 4.7
Typical Hydrogen Membrane Performance in Refining Applications

Hydrogen Membrane Recovery

Process Stream Primary Separation Feed Purity (%) Permeate Purity (%) Recovery (%)

Catalytic reformer offgas H2=CH4 70–80 90–97 75–95þ
Catalytic cracker offgas H2=CH4 15–20 80–90 70–80
Hydroprocessing unit purge gas H2=CH4 60–80 85–95 80–95

Pressure swing adsorption offgas H2=CH4 50–60 80–90 65–85
Butamer process H2=CH4 70 90

Source: From Scott K., Handbook of Industrial Membranes. 2nd ed. Elsevier Science Publishers, Oxford, 1998, 297.
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4.5.1.1 Novel Applications for Hydrogen: Fuel Cells

With the new scenario of hydrogen as a future energy carrier for use in fuel cells, the hydrogen source will no longer only be
fossil fuels but will also be produced from biomass and water electrolysis, and possibly from water splitting by algae. There are
two ways of producing hydrogen from biomass: either via bio-oil followed by catalytic steam reforming (as for natural gas)
or by carefully controlled anaerobic digestion where biogas is produced in mixtures of CH4, CO2, N2, and H2. A production
based on algae and bacteria is a potentially large resource, but the hydrogen production rate is slow, and large areas are needed.
The most appropriate organisms are not yet found, and this resource is still far into the future. Depending on whether the
hydrogen is going to be stored, transported, or fed directly to a fuel cell, the specifications for product purity may vary. There
is a wide variety of fuel cells under development, some are already commercial and in operation, especially within the transport
sector. Table 4.8 presents an overview of the various types of fuel cells, their capacity, and potential applications [124].
A schematic illustration of how two different fuel cells work is shown in Figure 4.24, with pure hydrogen as fuel (left), and with
methanol as fuel (right) [124].

When pure hydrogen is to be used as fuel, the gas must first be recovered from the process stream where it is produced.
Membranes may be used for this purpose, and several of the new materials under development may be suitable depending on
gas volume to be handled and process conditions like temperature and pressure. Along with the introduction of fuel cells,
development of small-scale gas-processing units will follow. Several small, integrated production units with direct conversion
of fuel to hydrogen gas combined with a membrane unit for hydrogen recovery are patented [125,126].

With reference to Section 4.3 on materials, the proton-conductive palladium (alloys) and carbon membranes will most
likely be among the new suitable membranes for hydrogen recovery. Palladium will be a good choice when the highest purity
hydrogen is needed, while for this an adsorption unit may be needed in combination with carbon molecular sieves. Both can
operate at high temperatures, palladium at the highest. For low temperature applications MMMs have a very promising
potential; these materials will be easier to produce on a large scale, and most likely, at a lower price.

TABLE 4.8
Overview of Fuel Cells: Capacity and Potential Application Areas

Type of Fuel Cell (FC) Acronym Cell Output Temperature Range (8C) Field of Application Special Features

Alkaline FC AFC (0.5–5) kW 50–100 Micropower, domestic Very pure fuel needed
Direct methanol FC DMFC Depending on power density 80–100 Domestic, residential Easily stacked
Proton exchange FC PEM (50–250) kW 50–100 Residential, transport Pure fuel, Pt catalyst
Solid oxide FC SOFC 100 kW 850–1000 Residential Large units

Phosphoric acid FC PAFC 200 kW; 11 MW units 190–210 Power station 1.5% CO tolerance
Melted carbonate FC MCFC 2 MW; 100 MW units 600–1000 Power station

Source: Adapted from Nunes S.P., Review on fuel cells. Presentation at EMS Summer School, NTNU, Trondheim, Norway, 2003.
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FIGURE 4.24 Schematic illustration of how two different fuel cells work: with pure hydrogen as fuel (left), and with methanol as fuel
(right). (From Nunes S.P., Review on fuel cells. Presentation at EMS Summer School, NTNU, Trondheim, Norway, 2003. With permission.)
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The purified hydrogen needs to be stored as liquid (at �2538C) or compressed gas at around 200 bar—this is due to the low
energy density of hydrogen (0.003 kWh=l at 1 bar and ambient temperature, and 0.5 kWh=l at 200 bar). When used in the
transport sector, thick steel cylinders for the compressed gas are needed, and stacks of the cylinders must be carried under or on
the top of the vehicle (bus, truck, ferry). For private cars the ‘‘direct methanol fuel cell’’ (DMFC—see Figure 4.24) is more
attractive. For a DMFC, methanol (CH3OH) is carried as fuel and converted directly to hydrogen. CO2 will however then be
produced, and depending on the source for the fuel, may add to the emissions of greenhouse gases. Impurities like CO and H2S
in the feed will poison fuel cells.

Another approach to solve the problem of transport of hydrogen over long distances is to introduce hydrogen gas into
the existing domestic natural gas net. This is seriously being looked into also by gas suppliers [127]. At the user end, the gas
will be decompressed (to ~7 bar), and the hydrogen may be separated from the natural gas and fed to fuel cells where
applicable. The ratio of H2=natural gas can also be adjusted by membranes to specified mixtures of natural gas and hydrogen
(Hythan; a mixture of hydrogen and methane), mixtures which are currently being tested out as an alternative fuel in the
transport sector to reduce emissions while waiting for the fuel cells. The percentage of hydrogen mixed into the transport
pipe system must be carefully evaluated for safety reasons, leakage, and material fatigue of the steel pipes. The preferred
solution for production of H2 in future would be to use renewable energy (solar, wind, waves) for electrolysis of water, or direct
production by algae.

The market predictions for fuel cell systems worldwide presented by Hagler Bailey is shown in Table 4.9 [128].

4.5.2 CO2 REMOVAL

Separation of CO2 from gas streams is required in four areas: (1) purification of natural gas (gas sweetening), (2) separation of
CO2 from enhanced oil recovery (EOR) gas streams, (3) removal of CO2 from flue gas, and (4) removal of CO2 from biogas. A
fifth area vital for the space age should be mentioned: removal of CO2 from life support systems onboard space ships, and also
in submarines. All these applications have different specifications for the purified gas or for the recovered CO2, and future
membrane applications will most likely be based on tailor-made materials.

4.5.2.1 CO2 Removal from Natural Gas

The application of membranes today for CO2 recovery and natural gas processing is mainly used for moderate-volume gas
streams. For large-volume gas streams, membrane separation today cannot yet compete with the standard amine absorption—
the flux and selectivity of the membranes are too low for processing large gas volumes. The membrane separation units found at
sites today will often be hybrid solutions with membranes combined with traditional technology. The CO2 (and H2S) must be
removed from crude natural gas in order to increase heating value and reduce corrosion during transport and distribution. The
amount of CO2 in natural gas is typically in the range of 10% by volume or less, and the gas is at very high operating pressures
(35–80 bar or even higher). The specifications for removal of sour gases are very strict, and content of CO2 should typically be
brought down to<2 vol% for sales gas. The membranes in operation are typically made from polyimides (PI) as hollow fibers,
or asymmetric cellulose acetates (CA) as spiral wound modules. The PI membranes have a higher flux and selectivity (~20)
compared to the CA membranes, and are basically hydrophobic and therefore less vulnerable to water. The CA are, however,
more resistant to heavier hydrocarbons. The hollow fiber configurations will be able to handle large gas volumes with relatively
few modules due to high packing density (m2=m3).

Recovery of CO2 in the oil and gas production is of major importance to promote enhanced oil recovery (EOR) from depleted
fields: High pressure CO2 is then pumped back into the reservoir at the periphery of the field and diffuses through the formation to
drive residual oil toward the wells. The recycled gas generally needs to have a purity of at least 95 vol% CO2.

The main companies producing membranes for CO2 removal are listed in Table 4.6.

TABLE 4.9
Market Predictions for Fuel Cell Systems

Technology Application Projected Average Annual Shipment In Europe In the United States In Japan Rest of the World

Distributed generation; low
temperature FC

370 MW (starting 2001) 50 MW 100 MW 200 MW 20 MW

Distributed generation; high
temperature FC

1,400 MW (starting 2005) 300 MW 500 MW 500 MW 100 MW

Vehicle FC 200,000 engines (starting 2003) 30,000 100,000 60,000 10,000

Source: From Hagler Baily Consultants. EU brochure. In: Nunes S.P., Review on fuel cells. Presentation at EMS Summer School, NTNU, Trondheim,
Norway, 2003.
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Some examples of installed membrane units for gas processing are given below:

EXAMPLE 1

One of the earliest (and largest) membrane plants for EOR was at the SACROC unit in West Texas, which started up in 1984. (The
hollow fiber membrane units are owned and operated by Cynara, a subsidiary of Dow.) In this process, the purified CO2 stream from
the membranes is further treated with hot potassium carbonate before reinjection into the oil field. A single-membrane stage is used
followed by multiple banks of membrane permeators in parallel, thus plant performance can be optimized under varying feed
conditions by adjusting the number of permeators in operation. (Over the years the CO2 content increased from 0.5 vol% up to a
level of ~60 vol%.) The Cynara membrane system would successfully process 70 million SCFD of gas containing 40–70 vol% CO2

around 1990 [122].

EXAMPLE 2

In Qadirpur, Pakistan, the world’s largest membrane-based natural gas processing plant is situated (see picture in Figure 4.25). The
plant is processing 265 MMSCFD natural gas at 59 bar, and with plans for expanding the plant to handle 400 MMSCFD [129]. The
CO2 content is reduced from 6.5 mol% to less than 2 mol% using a CA membrane. The plant is also designed for gas dehydration with
membranes.

EXAMPLE 3

Other operating membrane plants around the world include (1) Kadanwari, Pakistan, where a two-stage unit for treatment of 210
MMSCFD gas at 90 bar is operating, (2) Mexico, where an EOR facility is installed to process 120MMSCFD of gas containing 70mol%
CO2, and (3) Egypt, where a three stage unit is operating at Slalm & Tarek with each unit treating 100 MMSCFD natural gas at 65 bar.

All the plants mentioned are operating with membranes based on hollow fiber polyimides or spiral-wound CA, which is
considered proven technology. The environmental aspect related to CO2 as a green house gas has triggered the development of
better membranes for CO2 removal—this is more closely discussed in Section 5.2.3.

4.5.2.2 CO2 Removal from Biogas

Biogas will have different compositions depending on the source where it is being produced (see Table 4.10) [130]. If the
methane is going to be used for high energy fuel, it must be purified to contain ~95 vol% CH4. Processing of biogas may, in
some cases, be handled by using the existing CO2-selective membranes. However, the presence of nitrogen in biogas is a major
challenge, especially when the biogas is produced from a landfill (see Table 4.10). Nitrogen will remain on the feed side with

FIGURE 4.25 Picture fromQadirpur, Pakistan, theworld’s largest membrane-based natural gas processing plant. (FromDortmundD., Doshi K.,
Recent developments in CO2 removal membrane technology http:==www.uop.com=gasprocessing=TechPapers=CO2RemovalMembrane.pdf
(accessed March 2004). With permission.)
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the methane, and fuel specifications may be difficult to reach. About 3200 m3 (STP)=h of biogas can be collected from a
medium-size dumpsite, which is equivalent to 1700 L=h of fuel oil [131]. The standard way of utilizing the biogas (if at all
considered) is by burning the gas on site in combination with a turbine, thus producing energy. This may be sensible if the
energy distribution net is easily available. A more environmental friendly solution is to upgrade the gas to fuel specifications by
using membranes. Several pilot plants are in operation both in the United States and in Europe based on existing membrane
materials. New CO2-selective materials will most likely enhance the development of utilizing this valuable energy resource (see
Section 4.5.2.3).

4.5.2.3 Novel Applications for CO2 Capture

Due to the environmental focus on CO2 emissions around the world, there are numerous CO2 selective materials under
development—several hundred polymers are reported (articles and patents). The main challenge for bringing these membranes
into commercialization is to document durability over time (maintaining separation properties) during real operating conditions.

4.5.2.3.1 Natural Gas Sweetening
New materials for natural gas sweetening are basically based on further developments of existing polymeric materials, which
can easily bemade into hollow fiber or spiral-woundmembranemodules. This is mainly due to the large permeation areas needed.
When CO2 permeates the higher hydrocarbons, C3þ will co-permeate. It is important that the sales gas specifications can be met
when membranes are being used for CO2 removal and dew point control. Several promising materials are under development and
being tested out—the market potential is huge. This development is typically done in cooperation with the oil and gas companies,
and little information is being released until the membrane is ready for commercialization. MMMs with high selectivities in favor
of CO2 will still need many years of development to compete with tailor-made polymeric membranes as well for this application.
The cardopolymers as well as the facilitated transport polymers may be interesting candidates for natural gas sweetening.

4.5.2.3.2 CO2 Removal from Flue Gas
Removal of CO2 from exhaust gas from combustion is a major driver for membrane material development. Also integrated
membrane solutions to power cycles (gas turbines) are in focus. In the exhaust gas, CO2 will be in a mixture with H2O, N2,
NOX, O2, possibly SO2, and some hydrocarbons, and at low pressure and high temperature. In addition, there will also be dust
particles in the gas. The membrane separation will, in this case, meet challenges, which are different from those for natural gas
sweetening. Integrated membrane solutions are often being considered when combustion=energy production is discussed, both
in precombustion and in postcombustion. A solution with integration of H2-separating membrane technology in gas turbine
processes for CO2 capture is shown in Figure 4.26 [132].

Membranes do not tolerate particles, so the gas has to be filtered before separation. Then for several membrane materials
water vapor may also be a problem, causing plugging (inorganic microporous materials) or swelling (polymeric materials).
Hence for these applications, the gas must be dried. Depending on the specifications for the CO2, co-permeation of gases
(especially remaining HC) may be a problem. What can then be recommended for removal of CO2 from flue gas? Some
alternatives are presented below:

. Securing complete combustion using oxygen-enriched air (will give higher CO2% in exhaust gas, hence higher
driving force for CO2 removal)

. Using an integrated solution with a gas turbine so that CO2 gas is removed at higher pressure (securing higher driving
force over the membrane)

TABLE 4.10
Composition of Biogas from Different Sources

Component
Municipal Wastewater
Treatment Plants (vol%)

Dedicated Reactors
(Organic Waste) (vol%)

Landfills
(vol%)

CH4 55–75 50–90 40–55

CO2 25–45 10–50 30–40
N2 Traces Traces 2–25
O2 Traces Traces 0–5
H2 <1 <1 <1

H2S <1 <1 <1
H2O 4–7 4–7 4–7

Source: From Maltesson, H.Å., Biogas för fordonsdrift. KFB, Stockholm, 1997

(in Swedish).
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. High temperature in the flue gas (>1008C) most likely requires inorganic materials; hence ceramics or carbon
membranes could be chosen (see Section 4.3.4)

. If the gas is cooled down, a CO2-selective polymeric membrane may be used (cardopolymers and carrier membranes
are especially interesting. Problem: compression of exhaust gas may be needed; see Section 4.3.1)

. If the gas is cooled, a CO2-selective membrane with facilitated (carrier) transport may be used with vacuum or water
vapour sweep on permeate side (no compression needed, only a fan; see Section 4.3.1.2)

. For large gas stream volumes the membrane contactor using amines as absorbent may be the best solution (see Section
4.4.4 and below)

The membrane contactor for CO2 removal deserves special attention. It can be used for natural gas treatment, dehydration,
and removal of CO2 from flue gas (see Section 4.4.4). A contactor (see Figure 4.22) patented and developed for this purpose by
Aker Kvaerner—pilots have been installed and tested both in Norway (at Kårstø) and at a gas terminal in Scotland. This module
is based on PTFE membranes. A different commercial contactor based on polyimide membranes was recently installed at
Santos Gas Plant in Queensland, Australia (December 2003). Santos is the largest gas producer in Australia.

4.5.2.3.3 CO2 Removal from Biogas
Biogas is a valuable energy resource, which can be processed in small plants all over the world. Biogas has different
compositions depending on the source. The gas is easily collected from dumpsites or anaerobic digesters, and may be processed
at moderate pressures and ambient temperature. Membrane systems are excellent for this purpose, operating at pressures in the
range of 5–7 bar. The choice of membrane materials are therefore also quite flexible, and small-scale processing units are likely
to be developed—a few already exist. Highly CO2-selective polymeric membranes (cardopolymers, fixed-site carriers), carbon
molecular sieves, mixed matrix, or biomimetic materials are potential membrane materials for this application. The purified
methane can then be compressed to 300 bar, and stored in tanks for fuel in the transport sector, or for conversion to methanol
used for fuel cells.

Membrane model

Nonadiabatic reformer

Exhaust gas

(a)

(b)

H2O

CO2+ H2O

H2O + H2

H2O + CH4

Methane

Exhaust

Exhaust gas

6

HRSG7

16

5

15

3 4

9

12

14

13

17

8

2

10

Air
11

Oxygen

To flue gas
condenser

FIGURE 4.26 A suggested integration of H2-separating membrane technology in the gas turbine process for CO2 capture. (a) Shows a
membrane steam reactor model with H2 separation; this corresponds to unit 9 in (b) showing the flowsheet of a combined cycle with the
membrane reactor integrated. (From Jordal K., Bredesen R., Kvamsdal H.M., Bolland O., Energy, 29, 1269, 2004. With permission.)
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4.5.2.3.4 CO2 Removal in Life Support Systems
CO2 removal in life support systems is becoming increasingly important as man is going into space for longer journeys. The
standard way of removing CO2 from breathing air is to adsorb the gas on molecular sieves, mainly using carbonates. This is a
safe way as long as there is enough adsorbent. The preferred way would be to separate CO2 from the air without using
adsorbents but rather highly CO2-selective membranes, then dispose of it or bring it back into the life cycle by using water
(from urine) and green plants grown artificially in space. Nanostructured materials, fixed-site carriers, or biomimetic mem-
branes would most likely be suitable for this application.

4.5.3 AIR SEPARATION

Membranes for air separation have become increasingly important over the years, and the development of continuously better
materials has been rapid since Dow and Permea presented their first membrane systems in 1985. The first membranes used for
air separation were based on poly(4-methyl-1-pentene) (TPX) and ethyl cellulose and had selectivities for O2=N2 around 4–5
[133]. Today second generation air separation membranes are on the market, usually as hollow fiber modules with very high
packing density, and based on polymers such as polysulfones (PS) and poly(phenylene)oxide (PPO). Remembering the very
strong inverse relationship between selectivity and permeability for oxygen and nitrogen as illustrated by Robeson in Figure 4.1
[4], it may easily be understood that there is a major difference in producing high-purity nitrogen compared to high-purity
oxygen. Air separation using membranes is today considered proven technology, and there are several producers in addition to
Dow (now upgraded system Generon II) and Permea (Prism Alpha; now Air Products)—see Table 4.8. Detailed information on
membrane solutions for air separation are found in many textbooks, handbooks, and references [1,50,122,133].

4.5.3.1 Production of High-Purity Nitrogen

High-purity nitrogen is used for many applications as blanketing gas in oil and gas industry, as purge and blanketing in
chemical industry, in food industry for packaging, and various others. When air is separated by polymeric membranes, oxygen
will be the faster permeating component with a selectivity in the range of 2–9 compared to nitrogen. (With carbon membranes
selectivity ~15 has been measured.) This means that when compressed air is fed to the membrane, nitrogen is retained at
high pressure on the feed side, which is usually an advantage. The competing separation technologies are typically
cryogenic distillation and PSA. Figure 4.27 illustrates the recommended production range for applying the different technolo-
gies [133]. Even with low selectivity membranes, high-purity nitrogen may be obtained (99.9%), but the cost of the system
increases significantly in the range of 95%–99% nitrogen purity. Various process designs may be considered for cost reduction.
Figure 4.28 illustrates how a process may be optimized to reduce membrane area and compressor cost for a required product of
99% purity nitrogen. The three-step process will however be limited to large systems where energy and membrane area savings
compensate for the extra complexity and higher maintenance cost of a second compressor. A comprehensive discussion of
factors affecting the design of nitrogen plants is given by Prasad et al. [134].

4.5.3.2 Oxygen-Enriched Air

Oxygen-enriched air will be produced on the low pressure permeate side of the air-separating membranes. The oxygen-enriched
permeate stream is usually vented, but there is an increasing interest in using this gas for combustion. High-purity oxygen
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FIGURE 4.27 Illustration of the approximate competitive range of current membrane nitrogen production systems. Many site-specific
factors can affect the actual system selection. (From Baker R., Membrane Technology and Applications, McGraw-Hill, New York, 2000.
With permission.)
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cannot be produced with the polymeric air separation membranes. Calculations will easily show that with a selectivity of 8 for
O2=N2, and with an infinite pressure ratio and zero stage cut, the permeate can only reach as ‘‘best case’’ 68% purity for O2.
These constraints explain why oxygen-enriched air in these systems usually is in the range of 30%–50% purity for O2.

4.5.3.3 Novel Developments for High-Purity Oxygen

In Section 4.3.5.3 it was stated that oxygen-conductive membranes are under development. These membranes are suitable for
advanced power generation requiring oxygen for combustion or gasification, and are based on zirconia and perovskite where
oxygen is transported through the material as O2

�. The materials are stable at very high temperatures (>5008C). A schematic
illustration of the ion transport membrane (ITM) developed by Air Products is shown in Figure 4.29 [13]. Details on this
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FIGURE 4.28 Illustrations of single-step, two-step, and three-step designs for nitrogen production from air. The table shows the effect of the
different designs on membrane area and energy demand for compressor. (From Baker R.,Membrane Technology and Applications, McGraw-
Hill, New York, 2000. With permission.)
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FIGURE 4.29 A schematic illustration of the ion transport membrane (ITM) device developed and patented by Air Products and Chemicals,
Inc. The supported membrane wafers are separated by spacer rings and attached to a common product withdrawal tube. (From Armstrong
P.A., Stein V.E.E., Bennet D.I., Foster E.P., Ceramic Membrane Development for Oxygen Sypply to Gasification Applications, Air Products
and Chemicals, Inc., Allentown, PA, 2002. With permission.)
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technology can be found in Ref. [135]. The Danish company, Haldor Topsoe A=S, has presented a patented solution with an
integrated ion-conducting membrane for autothermal steam reforming [136]—several other patents are being announced.

4.5.4 RECOVERY OF VOLATILE ORGANIC COMPOUNDS

With the increased focus on climate changes and greenhouse gases, the need for reducing VOC emissions has been brought into
focus. Major sources for these emissions are evaporation from oil and gas tankers during transport and bulk handling of oil at
buoys and terminals, refineries, and petrochemical plants. On the basis of international agreements on Long Range Trans-
boundary Air Pollution (Geneva convention of 1979 with later protocols) and Clean Air Act Amendments of 1990 in the United
States, various technologies for VOC recovery have been developed. The main technologies are based on recirculation of the
VOC rich stream for absorption in the oil. For large gas volumes this demands a complicated system of cooling and
recompressions of the VOC and venting of the purified air. Process units for installation on tankers are developed by several
companies (Aker Kvaerner Process Systems, Hamworthy and others). For moderate volume air streams, membrane solutions
exist. The GKSS module (see Figure 4.20) was developed for this purpose, and is today considered proven technology. A
rubbery membrane allowing the VOCs to permeate and inerts to be retained is used. A hybrid solution with PSA may be
necessary to remove the traces of VOC before the gas is vented (see Figure 4.30 [137]). The challenge is still to develop
efficient process schemes for filling and unloading of tankers. The volume percent VOC in the inert gas stream may vary
between 8% and 60% from start to end of filling operation—this complicates the recovery process. Combinations with
membranes for concentrating the VOC before absorption are being looked into.

4.5.5 SEPARATION OF HYDROCARBONS—NOVEL MEMBRANE DEVELOPMENTS

Successful separation of alkanes and alkenes has been documented when microporous membranes have been used [79,138]. The
physiochemical properties, size, and shape of the molecules will play an important role for the separation, hence critical
temperatures and gasmolecule configurations should be carefully evaluated for the gases inmixture. On the basis of gas properties
and process conditions, the separation may be performed according to selective surface flow or molecular sieving (refer to Section
4.2 on transport). The transport may also be enhanced by having a Ag compound in the membrane. The Agþ ion will form a
reversible complex with the alkene, and facilitated transport results. Selectivities in the range of 200–300 have been reported for
separation of ethene–ethane and propene–propane [138]. Successful separation of alkanes and alkenes will be important for the
petrochemical industry. Today the surplus hydrocarbons in the purge gas are usually flared. Membranes which should be suitable
for this application are the carbon molecular sieves (see Section 4.3.2) and nanostructured materials (Section 4.3.3).
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FIGURE 4.30 Illustration of a hybrid solution for removal of organic vapor from a gas stream, as documented by Vaconocore. (From
Ohlrogge K., Wind J., Behling R.D., Erdoel & Kohle Erdgas Petrochemie, 46, 326, 1993. With permission.)
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4.5.6 OTHER APPLICATIONS

4.5.6.1 Water Vapor Removal from Air

Membranes are used to dehydrate process air streams as replacement for desiccant dryers or adsorption systems. Such
membrane units have been on the market for many years, but they are mainly for small gas streams. The membranes being
used have very high water to air selectivity. The dehumidification units are usually connected to a compressed air line, and loss
of pressurized air through the membrane may be a major cost.

4.5.6.2 Dehydration of Natural Gas

Natural gas has to be dried in order to prevent water from freezing or hydrates to form in pipelines for gas distribution. The
potential application of membranes for gas dehydration is very large. There are already numerous polymers available with very
high selectivities for water vapor: 500–2000 are beneficial, and a breakthrough for commercialization of a few materials is to be
expected. The water permeance should preferably be at least 30 m3 (STP)=m2 h bar [139]. The problem is that with increasing
selectivity at a given water vapor flux, the necessary permeation area also increases. If the gas on the permeate side could be
used for low-pressure fuel at the site, a membrane solution for dehydration would be economical and competitive to glycol
dehydration. If the permeate gas has to be recompressed, the costs will probably be too high. Permea Maritime Protection
(division of Air Products) is one of the companies having presented a commercial unit, already installed in the North Sea.

Zeolites have been used for many years as an adsorbent in a wide range of industrial applications (also for smaller volumes
of natural gas) because of the regular and controllable pore size in their crystalline structure. The highly hydrophilic nature of
these materials means that water is always preferentially adsorbed. Regeneration is however necessary when the adsorbent is
fully loaded.

4.5.6.3 Helium Recovery

Helium is present in low concentrations in natural gas, and is also used as a diluent in breathing gas mixtures for deep-sea
divers. Helium is a valuable gas, and is therefore important to recover. As the permeability of helium normally is slightly higher
than hydrogen, the recovery of helium from natural gas may be feasible with hydrogen separation membranes. However, when
the concentration is very low, a very high selectivity for He=CH4 is needed (>500) or a staged system with recompression. For
recovery of helium from breathing gas, a selectivity of He=N2 should be in the range 50–100 [140].

4.5.6.4 Recovery of Aggressive Gases: Cl2 and HCl

Membranes for purification or recovery of aggressive gases have been under development for many years, and is expected to
be commercialized within a few years. The main challenge for membrane separation of gases like Cl2 and HCl is the durability
of the material—this has been thoroughly documented by several researchers [31,60,141,142]. The only polymers that can
withstand the aggressive process environment are the perfluorinated materials. These membranes do not yet have satisfactory
separation properties for Cl2 or HCl in mixtures with more inert gases. There are two ways for membrane development for this
application: (1) using perfluorinated compounds to surface modify microporous glass membranes or (2) possibly make a mixed
matrix membrane with the perfluorinated polymer as the continuous phase and molecular sieving glass fibers as the sieving
phase. The potential for membrane application within this field is very large as chlorine is a widely used chemical in numerous
industries worldwide. The competing purification methods today are based on chemical reaction with additives or cryogenic
distillation.

4.6 SUMMARY

It can be concluded that there is a potential for membrane separation of almost any gas from a mixture of gases if physical and
chemical properties are carefully considered as well as material properties and durability, possible transport mechanisms, and
optimum process conditions evaluated. Creative reflection and advanced research will be able to develop this environmental
friendly separation technique for applications within many areas in the future, and hopefully be able to displace old, energy-
consuming (and not so clean) technology or combine with them in hybrid process solutions. The costs of the final solution will
always be a major issue for commercialization.
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5.1 INTRODUCTION

The contributions of separation to human society cannot be underestimated. Different types of chemicals meet various
requirements in our daily life. Most of these are synthetics manufactured by different techniques. These chemicals are an
essential part of our life and it is impossible to imagine a civilized society devoid of them. These chemicals range from foods,
medicinal drugs, and colorful dyes of our clothes to detergents for washing and cleaning of every essential commodity. There is
very little doubt that much of these activities involved in the manufacture of the synthetics are causing certain damage to the
delicate balance in the ecosystem. Developments in ‘‘Green’’ technologies are not just academic curiosities but are increasingly
finding commercial applications. The widespread use of the natural resources has led to depletion of natural, nonrenewable
energy sources. There is an ever-increasing awareness about optimum utilization of the nonrenewable sources (NRS).
One major mode of consumption of NRS in the chemical process industries (CPI) is the use of fossil fuels as a source of
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heating the various process equipments. Separation processes are an integral part of the CPI. Amongst the various separation
processes used in the CPI, the major consumption of fuels in the CPI occurs in distillation. It is impossible to build a chemical
plant without using distillation at some point in the process. Even isolation of natural products such as essential oils, spices,
photochemical, etc. cannot be accomplished without resorting to distillation. Distillation as commonly employed uses a high
grade heat in the reboiler and rejects the same as very low-grade heat in the condenser. With the awareness about optimum
and efficient utilization of these NR fuels, the CPI is looking at alternatives to this highly energy intensive operation.
Thus, membrane separations that either do not involve a phase change or use low-grade heat for the phase change during
separation are becoming significantly important as an alternative to distillation. Several new, promising approaches have been
made recently. A large number of separation processes are available for separation of components from a mixture. Amongst
these the membrane-based separation techniques include microfiltration, ultrafiltration, nanofiltration, reverse osmosis, and
pervaporation (PV). Pervaporation in which permeation through a dense membrane is followed by evaporation is the subject of
this chapter.

Kobar first used the term ‘‘Pervaporation’’ in 1917 [1] to denote a phenomenon observed during laboratory experiment.
In the course of some experiments on dialysis, his assistant, C.W. Eberlein, pointed out the fact that a liquid in a collodion bag,
which was suspended in air, evaporated, although the bag was tightly closed. These investigators alluded it to evaporation,
presuming that it has taken place through a small aperture at the top of the bag. Further experiments and especially the speed of
evaporation soon led them to the conclusion that aqueous vapor is given off through the membrane. This phenomenon was
termed pervaporation by Kobar in an article published in the Journal of American Chemical Society in 1917 [1].

In 1952, Schwob [2] in his doctoral thesis employed the PV process for dehydration of alcohol using a regenerated
cellulose film. Between 1958 and 1962, Binning et al. [3] carried out a series of investigations using hydrophobic membranes
such as polyethylene for the separation of hydrocarbon mixtures. Meanwhile, Neel and coworkers had also started systematic
PV studies [4–6]. In between, Tusel and his coworkers also started to work on dehydration through PV [7]. Besides these,
investigations by Sander [8] and Asada [9] on pervaporative dehydration resulted in establishing PV as a safe and energy
efficient process for the separation of components in a homogeneous liquid mixture.

PV as a separation process has potential applications in almost all categories. These include: (i) industrial dehydration
applications, such as alcohol–water, organic–water, and chlorinated-hydrocarbon water system [10–15]; (ii) removal of
organics from water [16–20]; and (iii) separation of organic–organic mixtures [21–27]. Although the first application category
has seen widespread application, the other two are not as commercially successful as the first category. The process is currently
best identified with dehydration of ethanol, isopropyl alcohol, and ethylene glycol. Due to its favorable economics, efficiency,
and simplicity, PV can be easily integrated with distillation and other rectification processes. In the mid 1970s, the German
company GFT first commercialized an economical process for dehydrating ethanol producing anhydrous ethanol at high
purities that rival azeotropic distillation. Subsequently, continuing into the early 1980s other integrated distillation=PV
plants were built in Europe and Asia. Currently, a number of commercial PV plants exist for recovery of solvents, removal
of organics from wastewaters, dealcoholization of wines and liquors, as well as many more for ethanol dehydration. A 150,000
L=day ethanol dehydration plant in Betheniville, France was started up in early 1988 and became the world’s largest PV facility.
The groups of Mulder, Rautenbach, Huang, Cabasso, and Pangarkar have also carried out considerable work at various
universities.

Pervaporation has the following advantages:

1. Very low capital and operating cost: The separation could be made more economical by using a hybrid membrane
process, i.e., a combination of distillation and pervaporation processes. Thus, a part of the total separation employs
distillation where it is economical. PV replaces the subsequent separation where distillation becomes expensive. The
overall operating cost of such a hybrid process is much lower than that of distillation alone.

2. Azeotropes can be readily broken by using an appropriate membrane.
3. No additive is needed for the final separation.
4. Easy operation and space saving.
5. Reduced energy demand, low-grade heat, and a vacuum pump are required.
6. Freedom from environmental pollution caused by the entrainers.
7. Possibility of multipurpose application and easy scale-up.
8. Membrane properties can be varied and adjusted to suit different applications.
9. Closed loop operations with only a small volume of recycled permeate.

Selective separation of liquids by pervaporation is a result of selective sorption and diffusion of a component through
the membrane. PV process differs from other membrane processes in the fact that there is a phase change of the permeating
molecules on the downstream face of the membrane. PV mechanism can be described by the solution–diffusion mechanism
proposed by Binning et al. [3]. According to this model, selective sorption of the component of a liquid mixture takes place
at the upstream face of the membrane followed by diffusion through the membrane and desorption on the permeate side.
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Based on the above proposed mechanism pervaporation can be divided into three distinct steps:

1. Sorption: At the membrane–liquid interface, the membrane sorbs the components according to their relative sorption
behavior.

2. Diffusion: The sorbed components diffuse across the swollen membrane under a chemical potential gradient.
3. Evaporation: Permeate desorption takes place at the downstream surface of the film.

Selectivity and productivity depend on sorption and diffusion. Sorption is dictated by thermodynamic properties, namely, the
solubility parameter of the solute(s)=membrane material system. On the other hand, the size, shape, molecular weight of the
solute, and the availability of inter=intra molecular free space of the polymer largely govern the second property, the diffusion
coefficient. For an ideal membrane, both the sorption and diffusion processes should favor the chosen solute. If one step
becomes unfavorable for a given solute the overall selectivity will be poor [28].

Desorption on the downstream side of the membrane is generally considered to be rapid and nonselective. The gas phase
diffusivities in the final step of transport are very high and hence this step offers the least resistance in the overall transport
process. As a separation process, pervaporation relies on the difference in membrane permeabilities, which are dependent on the
thermodynamics activities of the components to be separated.

This chapter deals with the following:

1. Basic aspects of PV and the related theory with a view to familiarize the reader with the selection of the membrane
material for a given application.

2. The membrane modules used industrially and their specific areas of applications.
3. A comprehensive survey of the literature on PV for all the three categories is finally presented to update the reader

with the latest research findings.

5.2 TRANSPORT THROUGH MEMBRANES

The mode of transport through a membrane may be passive, active, or facilitated type. In passive transport, the membrane
acts as a barrier and permeation of the components is determined by their diffusivity and concentration in the membrane or just
by their size. In facilitated transport along with the chemical potential gradient, the mass transport is coupled to specific
carrier components in the membrane. In active transport driving force for transport is achieved by a chemical reaction in the
membrane phase.

5.2.1 TRANSPORT IN PERVAPORATION

In PV, the transport of the solutes occurs under a chemical potential gradient. This gradient is maintained by applying a lower
pressure at the downstream face of the membrane in the classical PV mode. The low pressure creates a lower activity at the
downstream face as compared to the higher activity at the feed face where the solutes are in liquid phase. A different method,
which can also maintain an activity gradient, utilizes an inert carrier gas as a sweep gas past the downstream face of the
membrane. The inert gas plays the same role as vacuum in creating a driving force for transport through the membrane.
The whole transport process is purely physical since no chemical reaction with either a carrier or membrane material occurs.
The permeate is passed through a condenser wherein the solutes are condensed. When a sweep gas is used to create the driving
force, the presence of noncondensable components calls for much lower temperatures due to the much lower dew point of the
mixture. This fact must be considered while designing the condenser and coolant circuit as well calculating the operating cost.
Overall the vacuum mode is more popular since no extra cost associated with the sweep gas and its recirculation is involved.
Different models have described passive transport through the membrane in PV. Mulder [29] has discussed this subject in
detail. The following discussion is therefore limited to the two main models:

5.2.1.1 Preferential Sorption–Capillary Flow Model

The preferential sorption–capillary flow model, proposed by Sourirajan and Shiyao [30], depicts the membrane as a porous
barrier. The model is based on a combination of preferential sorption of the rapidly permeating solute followed by flow through
the capillaries and finally evaporation at the downstream face of the membrane. The extent of separation is governed by the
effective molecular sizes of the permeants, the pore size, and its distribution besides the interactions between the membrane
polymer and the solutes, which result in preferential sorption. According to the PSCF model liquid feed flow through
the cylindrical pores of the membranes is rate determining. Liquid–vapor transition occurs at the pore outlet in the downstream
side and phase equilibrium between liquid–vapor is established. A straight cylindrical pore is assumed at the surface layer of the
membrane and cylindrical coordinates (r, z) are set in the pore. Diffusion forces working on components A and B (permeants),
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the viscous force, and the pressure force are those which have to be balanced at the steady state of the liquid movement in the
pore leading to the equation:

D2U

dr2
þ 1

r

dU

dr
þ 1
h

(p2 � p3)

dp
¼ 0 (5:1)

where
U is the solution velocity
h is the solution viscosity in the pore
d is the length of the pore
p2 and p3 are effective pressure (atmospheric pressure=RO pressure) at pore inlet and outlet A and B

To find the concentration of A in the permeate, diffusive force is considered to work only on A, friction force between A and B,
and A and pore wall. This leads to the differential equation:

�RT
d ln aA(r,z)

dr
=r ¼ r, �(cAB þ cAM)U(r)

CA3(r)

CA(r,z)
þ xABU(r)

CB3(r)

CB(r,z)
¼ 0 (5:2)

where
a is the activity
xAB is the friction constant between A and B
xAM is the friction constant between component A and pore well
Ci3(r,o) is the molar concentration at the pore outlet, where i represents solute A or B
Ci(r,z) is the molar concentration in the pore at a position represented by a cylindrical coordinate r, z, respectively, where i

represents solute A or B

Both Equations 5.1 and 5.2 can be solved with appropriate boundary conditions and interfacial interaction force constants,
generated from liquid chromatography experiments.

Limitations of the Preferential Sorption–Capillary FlowModel: The PSCF pore flowmechanism has a number of limitations.
The assumption of the so-called cylindrical pores in PV membranes and the effect of its size and distribution in the membrane
on separation performance of the membrane are not always explainable. In fact the concept of pore size and its distribution
in PVmembrane is not so important as membranemade by ordinary solution castingmethod has been found to show reproducible
performance. It is not possible to get membranes, always with the same pore size and its distribution by ordinary solution casting
coating method and according to PSCF model a slight difference in pore size and its distribution would drastically affect the
membrane performance. Similarly, PSCF model cannot explain the simple inverse relation of flux and membrane thickness,
membrane swelling, and trade-off relationship between flux and selectivity. According to this model an asymmetric membrane
made by phase inversion technique would be the most ideal PV membrane. However, this membrane has not been found to give
better performance than the prevailing PV membranes made by ordinary solution casting method [31].

5.2.1.2 Solution Diffusion Model

The solution diffusion model is the most widely used model to describe permeation in dense membranes, as is the case for PV
[3,32]. This model is based on the following assumptions:

1. Sorption of the feed liquid mixture in the membrane (upstream side) as per the sorption behavior of the solute(s)=
polymer system

2. Diffusion of the solutes through the membrane under an activity gradient
3. Desorption of the permeants at the downstream side in the vapor phase

The first two steps, i.e., sorption and diffusion are dominant contributors for separation of the mixture by PV. Desorption of the
permeant vapor in the permeate side under low pressure (applying vacuum) is very fast and unlike pore flow mechanism does
not offer significant resistance to the transport of the solute.

5.2.1.2.1 Sorption in the Membrane
5.2.1.2.1.1 Sorption Selectivity and Membrane Polymer
Relative sorption of the permeants in the membrane depends on the interactions between the solutes and the membrane
polymer. Solubility or miscibility of a component with the membrane polymer depends on their relative solubility parameter
values. For mutual solubility of two components their free energy of mixing, DGm should be negative.
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DGm is defined as

DGm ¼ DHm � TDSm (5:3)

Enthalpy of mixing, DHm, can be correlated to cohesive energy density, i.e., solubility parameter (d) as

DHm ¼ n1n2V1(d1 � d2)
2 (5:4)

In Equation 5.4, the solubility parameter is that due to only dispersive force between structural units of the concerned solute and
polymer since the original Regular solution theory of Scatchard and Hildebrand was restricted to nonpolar, non-hydrogen
bonding solutes–polymer systems. However, for many liquid and amorphous polymers, contribution from polar forces and
hydrogen bonding [33] need to be considered. Accordingly, Equation 5.4 becomes

DHm ¼ n1n2V1[(Ddd)
2 þ (Ddp)

2 þ (Ddh)
2 (5:5)

From Equations 5.3 and 5.4, it is clear that to make DGm negative, the difference between d1 (solvent) and d2 (polymer),
i.e., (Dd) for all the three forces of interactions should be as small as possible. It implies that the membrane polymer and the
desired component to be separated should be of comparable polarity to achieve similar solubility parameter values. This will
result in preferential sorption of the desired component in the membrane.

5.2.1.2.1.2 Sorption and Nature of Membrane Polymer
Ideal Case: If sorption process is ideal, the concentration of a component i, Cmi in the membrane is linearly proportional to the
concentration of this component in the feed mixture, Cbi.

From Henry’s law for dilute solutions,

Cmi ¼ kCbi (5:6)

k denotes the sorption coefficient for the solute in the polymer. This relationship holds good for sorption of a component present
in trace amounts in a solution (dilute solutions) and when specific interactions between the solute and polymer are absent.
However, in most of the cases membrane phase concentration of a component is not a linear function of its bulk concentration.
Further, it is also influenced by the presence of the other components.

5.2.1.2.1.3 Sorption Isotherms
Rogers [34] described four different types of sorption isotherms. For very dilute feed solution sorption isotherm is linear
obeying Henry’s law (Equation 5.6). It is also called type-I sorption isotherm.

For polymeric membranes filled with absorptive fillers, sorption in the filler occurs in accordance with the Langmuir
adsorption isotherm while Henry’s law governs that in the polymer matrix. This kind of sorption isotherm is designated as
type-II isotherm.

For polymers with high degree of crystallinity, and stiff and inflexible chains along with strong cohesive force; type-III
sorption isotherm is observed. In this case, the mutual interaction of the sorbed molecules is greater than their interaction with
the polymer. Thus, these molecules forms cluster within the polymer matrix.

Type-IV sorption isotherm is a combination of type-II sorption at low concentration and type-III sorption at high
concentration. Type-V isotherm as defined here (Figure 5.1) is exhibited by glassy polymers=polymers containing adsorptive
fillers. This type of sorption is defined as dual mode sorption, which is a combination of Henry’s type and Langmuir type.
The former applies to the bulk polymer and the latter to the filler=micro-voids in the polymer. Netke et al. [35] have studied
the permeation of acetic acid–water mixtures in silicalite filled PDMS. Equations governing type-V isotherm are

CT ¼ CM þ CZ (5:7)

CM is given by

CM ¼ HMCb (5:8)

And CZ is given by

CZ ¼ C�kZCM

1þ kZCM

(5:9)

Figure 5.1 shows the sorption isotherm data of Netke et al. [35] for acetic acid–water–PDMS containing 20% silicalite SA-5
(UOP) converted to the form given by Equation 5.7.
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5.2.1.2.1.4 Sorption of Single Component in Amorphous Polymers
Sorption of a pure component i in a membrane of amorphous polymer may be described by the Flory–Huggin’s [36] equation:

Dm ¼ RT ln(1�Fp)þFp(1� 1=ni)þ xip F
2
p ¼ 0 (5:10)

where
ni is the ratio of molar volume of polymer to solute i
Fp is volume fraction of the polymer

The membrane phase concentration of i, i.e., 1�Fp may be calculated from Equation 5.10 provided interaction parameter,
xip, is known.

5.2.1.2.1.5 Sorption of Binary Liquid in Amorphous Polymer
If interaction parameters are concentration independent, in the simplest case [36],

ln(F1=F2)� ln(V1=V2) ¼ (1� 1=n) ln(F1=V2)� x12[(V1 � V2)þ (F2 þF1)]�F3(x1,3 � x2,3) (5:11)

5.2.1.2.1.6 Sorption of Pure Component in Cross-Linked Polymer
Cross-links retard swelling and thus decrease concentration of the permeants in the polymer matrix. Effect of cross-linking on
the sorption of low-molecular weight components in polymers can be obtained by Flory–Huggins thermodynamics [36]

ln(1�Fp)þFp 1� 1
ni

� �
þ xipF

2
p þ

Virp

Mc

F1=3
p �Fp

2

� �
¼ 0 (5:12)

where
Mc is the molecular weight between two cross-links
rp is the polymer density

5.2.1.2.1.7 Sorption of Pure Liquid in Semicrystalline Polymer
The crystallites are impermeable to penetrants leading to a hindered diffusion (tortuosity effect). For a semicrystalline polymer,
sorption of pure liquid is given by [36]

ln(1�Fp)þFp 1� 1
ni

� �
þ xipF

2
p þ

Virp

Mv

DHf

R
1
T � 1

Tm

� �
3
2 lFp

2
4

3
5 ¼ 0 (5:13)

System: acetic acid–Water–PDMS + SA5
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FIGURE 5.1 Dual mode sorption isotherms. (From Netke, S.A., Sawant, S.B., Joshi, J.B., and Pangarkar, V.G., J. Mem. Sci., 107,
23, 1995.)
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where
l is the fraction of noncrystalline polymer, i.e., elastically effective
Mv is the molecular weight of the repeating unit of the polymer
DHf is the heat of fusion of the polymer
Tm is melting temperature of the crystalline phase

The affinity of the solute for the polymer is judged from the value of the interaction parameter. A low value of x indicates
greater affinity between the solute and the polymer. It is relatively very easy to measure single component, x, by carrying out
sorption experiments and using the experimentally measured sorption data in Equations 5.11 through 5.13 as the case may be.
For a binary mixture the values of x so obtained for the two components can be used to ascertain the relative sorption of the two
components by the given polymer.

5.2.1.2.2 Diffusion
Similar to sorption, diffusion is also important in determining the separation characteristics of a membrane in that difference in
diffusion rate through a membrane gives a permeate rich in one of the component. The diffusion coefficient of a permeant
through a polymer is a strong function of the size and shape of the permeant. In a homologous series, molecules with low
molecular weight will move faster. When molecular weight and chemical nature are the same, molecules with smaller cross-
section diffuse faster. However, sorption has a strong bearing on diffusion. High sorption always results in higher rates of
diffusion as explained below:

1. An increase in the concentration of the permeant in the polymer swells it and promotes the free rotation of the polymer
segments about the chain axis resulting in lower activation energy for diffusion.

2. In PV, the amorphous region is responsible only for permeation and on sorption, this region in the polymer swells—
thus more free volume becomes available for permeation.

3. When the membrane is highly sorbed, a major part of the polymer matrix contains the liquid permeants and diffusion
of the incoming permeant through this ‘‘liquid zone’’ of the solid polymer is faster than through the dry solid polymer.

5.2.1.2.2.1 Single-Component Diffusion
The diffusion coefficient is a strong function of concentration. Long [37] expressed it as an exponential function of
concentration

Di ¼ Dioe
(Ai Ci) (5:14)

Ai is the plasticization coefficient to account for interaction of the particular permeant and polymer. It represents the magnitude
of the effect of solvent concentration on solvent mobility in the membrane.

Greenlaw et al. [38] proposed another relationship between diffusivity and concentration:

Di ¼ Dio(1þ AiC
n
i ) (5:15)

and found that the following simplified expression

Di ¼ kCi (5:16)

fitted the data from Rogers et al. [39] up to a vapor phase activity of 0.5 for diffusion of hexane in polyethylene membranes. In
their analysis for single-component permeation, Rautenbach and Albrecht [40,41] used a modified form of Greenlaw and
coworker’s equation with the exponent n equal to unity.

Di ¼ Dio(1þ AiCi) (5:17)

5.2.1.2.2.2 Multicomponent Diffusion
Diffusion in multicomponent system is difficult to analyze. Transport of one component is affected by the presence of the other
component due to their mutual interaction. This results in the coupling of fluxes. Thus, single-component diffusion equation
cannot be used to predict diffusion in a multicomponent system. Greenlaw et al. [38] proposed a simple relationship in which
the diffusion coefficients for components i and j are interdependent on both component concentrations:

Di ¼ kdi(Ci þ BijCj) (5:18)

and

Dj ¼ kdj(Cj þ BjiCi) (5:19)
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Shelden and Thompson [42] used the following equation while modeling PV of toluene=ethanol mixture with polyethylene
membrane, and water=ethanol with both homogeneous and asymmetric PVA membranes.

Di ¼ Dio þ kdi(Ci þ BijCj)
ki (5:20)

and

Dj ¼ Djo þ kdj(Cj þ BjiCi)
kj (5:21)

Brun et al. [43] described binary pervaporative transport using an exponential diffusion model that is dependent on
individual component concentrations:

Di ¼ Dio exp(AiiCi þ AijCj) (5:22)

and

Dj ¼ Djo exp(AjjCj þ AjiCj) (5:23)

This model includes the mutual coupling effect of the permeants. A positive or negative value of Aii or Ajj indicates a positive or
negative effect of the presence of one component on the transport of the other component. Sferrazza et al. [44] have analyzed the
behavior of binary systems using an approach similar to that of Brun et al. [43]. They used a similar model to describe diffusion:

Di ¼ Dio exp[(Ai(Ci þ BijCj)] (5:24)

and

Dj ¼ Dio exp[(Ai(Ci þ BijCj)] (5:25)

The interaction coefficients give an indication of the extent of coupling in the membrane.

5.2.1.2.2.3 Transport Equation through Membrane
The permeation of component i through the membrane can be described by Ficks’ first law as

Ji ¼ �Di

dCi

dx
(5:26)

As mentioned earlier, the diffusion coefficient is a function of membrane phase concentration of the permeants. Hence Equation
5.26 yields:

Ji ¼ �Dio f (Ci)
dCi

dx
(5:27)

where Dio is the diffusion coefficient of component i at infinite dilution. Integrating Equation 5.27 over the entire membrane
thickness L assuming that the variation in D along the membrane thickness is accounted by the first two terms on the right-hand
side of Equation 5.27, the equation reduces to

JiL ¼ �Dio

ðCpi

Cfi

f (Ci)Ci dCi (5:28)

Membrane phase concentration of component i in the feed side, Cfi, can be calculated from its bulk concentration by Henry’s
equation (Equation 5.8) provided it is present in trace amount in the feed solution. For higher concentration of component i, Cfi

can be obtained from experimental sorption data. Membrane phase concentration on the permeate side of component i, i.e.,
Cpi may be neglected due to the low pressure the activity of the component in the downstream side is very low. Thus, Equation
5.28 can be readily solved to calculate the theoretical flux and diffusion coefficient of i or j component employing any of the
above equations relating the diffusion coefficient and concentration, Equations 5.14 through 5.25 depending on its best
matching with the experimental data.

5.2.2 CONCENTRATION POLARIZATION AND PERMEATION

Concentration polarization (CP) of the permeants and its resistance to permeation through the membrane is encountered in most
membrane processes. In an ideal case, in the absence of any CP, the concentration of the permeants should not change from
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bulk-feed to membrane-feed interfaces. However, due to fluid viscosity (shearing action between two successive liquid layers
opposing their relative velocity) there is a decrease in velocity of the permeants from bulk-feed to the stationary membrane
surface where the velocity of the fluid is zero. Thus, the concentration of the permeant at the membrane interface becomes lower
than that in bulk-feed. In the case of UF, MF, or RO, the retained solute on the membrane surface may cake out (when its
concentration exceeds its solubility product) and thus choke the membrane pores and as it accumulates more and more, a
diffusive back flow from membrane phase to bulk liquid is developed. These are accompanied by a decreased flux with time.
In the case of pervaporation, CP is not so important due to relatively low permeation rates experienced in these dense
membranes. Further, unlike UF, RO, or MF, none of the permeants is retained on the membrane surface. In PV all of the
permeants pass through the membrane by a solution–diffusion mechanism. However, in these membrane processes CP
becomes significant, when the membrane is very thin and highly selective to one of the permeants present in very low
concentration (e.g., removal of traces of volatile organic compound from its aqueous feed). In this case, the rate of permeation
of this permeant through the membrane becomes much faster than its rate of supply from bulk-feed to the feed-membrane
interfaces resulting in CP for this permeant. However, in the case of PV, on the downstream side no such CP occurs due to very
large values of the gas phase diffusion coefficient.

In industrial application, a thin PV membrane on a UF porous support membrane is generally employed. Thus, the
concentration gradient on the feed side cannot be ignored. By assuming boundary layer resistance in series with membrane
resistance the following equation [29,45] may be derived:

1
Ko

¼ 1
kL

þ L

D � S (5:29)

where
Ko is the overall mass transfer coefficient
kL is the mass transfer coefficient for the boundary layer
S is the sorption coefficient defined as the ratio of the membrane phase concentration and feed phase concentration

(CM=CF)
L is the membrane thickness

The product D � S is the intrinsic permeability that can be obtained from experimentally determined values of D and S or
through experiments at very high levels of turbulence such that the boundary layer resistance is eliminated (Ko ¼ L=D � S). A
number of correlations are available in the literature for reliable estimates of kL for various geometries of the modules [29,45].

Sufficient turbulence at the membrane surface is required to eliminate CP. In PV fluxes are measured at different turbulence
rates in the feed side are determined till a constant flux is achieved. At this turbulence, the rate of mass transfer in the membrane
phase boundary layer may be assumed to be eliminated (kL�D � S=L). Proper hydraulic management on the feed side generally
eliminates CP. However, for very dilute solutions where the driving force for the fluid-membrane mass transfer process is
relatively very low, CP cannot be avoided. In addition to CP, temperature polarization may also affect the overall flux. This is
due to the fact that the enthalpy of vaporization of the solute in the permeate compartment is supplied by the hot feed. The hot
fluid transfers sensible heat to the membrane (by convection) which in turn supplies it by conduction to the permeate side of the
membrane. This is also a case of resistances in series and an equation similar to Equation 5.29 can be written. When the supply
of sensible heat from the bulk-feed side to the membrane is much less as compared to the heat required to vaporize the solute in
the permeate compartment, temperature polarization develops. Thus, there is a drop in temperature from the bulk-feed to the
membrane surface. This phenomenon is termed ‘‘temperature polarization’’ similar to its mass transfer counterpart, in
concentration polarization Mulder [29] has given detailed description of both these phenomena and methods of tackling
them. In particular the loss of sensible heat by the feed stream must be compensated. This is generally achieved by employing
interstage heat exchangers.

In the PVmode the feed side is in contact with a liquid, which tends to sorb in the polymer and swell it. As the solute(s) diffuse
across the membrane at the permeate side face of the membrane, the solutes are vaporized. Thus, the membrane exhibits different
structures from the feed to the permeate side. The former is wet and swollen and hence yields high diffusion rates.
The downstream part being fairly dry affords much lower diffusion coefficients than the swollen feed side. The assumption of
a diffusion coefficient independent of the distance inside the membrane in Equation 2.38 is therefore not rigorously correct.

5.2.3 SELECTIVITY IN PERVAPORATION

The overall selectivity in PV ao is determined by (1) sorption and (2) diffusion selectivities.
Sorption selectivity, aS, can be defined as the ratio of the sorption coefficient for solutes A and B in a binary mixture:

aS ¼ SA
SB

(5:30)
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Diffusion selectivity, aD, can also be similarly defined as the ratio of the two diffusion coefficients:

aD ¼ DA

DB

(5:31)

The overall selectivity, ao, is given by

ao ¼ aS � aD (5:32)

Another parameter used to define the selectivity of a membrane is the separation factor, b:

b ¼ CPi

CFi

(5:33)

where CP and CF are the concentrations of the selectively permeating solute i in the permeate and feed, respectively.
In general, for PV aS is the dominating contributor to ao and most membranes are designed to achieve high values of aS

[21,25]. However, in some cases although aS is favorable, aD is not and in such cases ao is poor [28].
The pervaporation separation index (PSI) indicates the overall productivity of PV membrane:

PSI ¼ Ji � b (5:34)

5.3 MEMBRANE FABRICATION METHODS AND MEMBRANE MODULES

5.3.1 INTRODUCTION

The membrane is the heart of any membrane-based separation processes. The initial breakthrough in the membrane technology
came from the phase inversion technique, developed by Loeb and Sourirajan [46]. The membrane prepared by adopting the
phase inversion technique became the first commercial UF membrane and the membranes prepared by this technique are
finding widespread use in industrial separations. A second breakthrough in the membrane development occurred in the early
1970s. That was the thin film composite (TFC) membrane made by interfacial polymerization technique pioneered by Cadotte
et al. [47]. It is now a well-established method for preparing defect-free membranes only a fraction of a micron in thickness
from a variety of polymeric materials particularly for UF and RO. Development of composite membranes, in 1980s by
Bruschke et al. [48], allowed the transformation of PV process from laboratory to industrial scale. The German company GFT
reported the first commercial use of membranes in pervaporation. This section covers the various methods used for making PV
membranes and corresponding modules.

5.3.2 IDEAL MEMBRANE FOR PERVAPORATION

An ideal pervaporation membrane should consist of an ultra thin defect free skin layer (dense layer) supported by a porous
support. The skin layer is perm-selective and hence responsible for the selectivity of the membrane. However, the
porous support also plays an important role in overall performance of the membrane. The effect of the porous support, of a
composite membrane, on the permeation properties of the membrane is discussed in details in the composite membranes
section.

Ideal pervaporation membrane should posses the following characteristics:

1. The top layer=skin should be as thin as possible and without any defects.
2. It should exhibit high sorption and diffusion selectivities for the desired solute when contacted with a mixture

containing it.
3. It should not swell excessively to maintain the selectivity and structural stability.
4. It should possess good mechanical strength, chemical and heat stability.
5. It should offer high fluxes without compromising selectivity.

Quantitatively the performance of a PV membrane can be described by the PSI defined by Equation 5.34. A higher value of PSI
indicates better overall productivity. In view of the various advantages of PV there is considerable research interest in
developing suitable membranes for different applications. The efforts in this direction are not limited to the academic sector.
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The industrial sector has also made significant contributions with companies, such as Sulzer ChemTech, Membrane Techno-
logy and Research (MTR), USA; Mitsui Engineering, Ube (Japan) leading the field. Different factors that have a major impact
upon membrane morphology are listed below:

1. Choice of polymer
2. Viscosity of casting solution
3. Curing temperature
4. Glass transition temperature (Tg) of the polymer

Amongst these the choice of the polymer is the most important since it decides the sorption selectivity for the solute of interest.
The methods adopted to prepare PV membranes can be broadly classified into three types:

1. Phase inversion
2. Coating of the perm-selective polymer skin on a UF support
3. Other types

Amongst these, membranes prepared by phase inversion technique are generally used for UF and RO processes. Theoretically,
phase inversion process can be used to prepare a dense top layer (perm-selective layer) on a porous support of the same
polymer. This is achieved by proper selection of the polymer-solvent and precipitating bath composition so as to allow a
delayed de-mixing process during the phase inversion process. Mulder [29] has discussed the relevant thermodynamic aspects
of selection of the polymer-solvent–non-solvent bath compositions in detail. The phase inversion technique is, however, not
very popular for making PV membranes. On the other hand, membranes prepared by the phase inversion technique are
invariably used as the porous support to prepare composite membrane by the polymer solution coating process. Composite
membranes prepared by this coating method are most widely used as PV membranes. The major advantage of this type of
membranes is that the perm-selective polymer coating and the polymer for the UF support can be selected independent of each
other’s physical properties. The only requirement is that the two polymers should form a strong bond to prevent the peeling out
of the skin layer from the support membrane. The techniques for making composite membranes are discussed briefly in the
following sections.

5.3.3 COMPOSITE MEMBRANES

For industrial applications, where the membrane sizes are larger, reinforcement of the thin skin membrane by an appropriate
support is required to maintain dimensional stability. This type of membrane consisting of a skin layer (perm-selective layer)
supported by a suitable support is called a composite membrane.

5.3.3.1 Importance of the Support Layer

The support membrane has a strong influence on the performance of the perm-selective skin layer. Heinzelmann [49] has given
the consequences of the various types of support defects leading to change in permeation properties of the composite
membranes. Recently, Trifunovic and Tragardh [50] have studied the role of the support layer of a composite membrane in
PV. Although the mass transport of permeants through the active, dense layer is the rate-determining step, the support layer can
also be a contributor to the overall mass transport resistance, especially in the case of components which, under the operating
conditions employed, can condense=vaporize due to small variations in the pressure. The support layer used for pervaporation
membranes is usually an asymmetric ultrafiltration membrane. There is a variation in the pore diameter across the thickness of
such an asymmetric membrane. Next to the dense layer the pore diameter in the support is relatively very small. The pores
widen as the solute diffuses across the support. At the permeate side face the support has the largest pores. A simple model for
the porous support is that of a bundle of straight cylindrical capillaries. The type of flow in a pore depends upon the relative size
of the pore and the mean free path of the molecules involved. When the mean free path is much smaller than the pore diameter,
viscous flow prevails. In such a case the support layer does not create any serious impediment to mass transport. However, if the
pores are smaller than the mean free path, Knudsen diffusion, which has a much lower rate, can cause significant reduction in
the overall mass transport. In these pores, the local vapor pressure can exceed the critical condensation pressure resulting in
capillary condensation. Rautenbach and Albrecht [51] have indicated that in such a case a part of the pore length contains the
solute(s) in liquid form and the remaining part only contributes to the evaporation process. Thus, in case of capillary
condensation there is a reduction in membrane selectivity due to the decrease in the driving force for pervaporation. The
Kelvin equation can be used to predict the critical (partial) vapor pressure at which condensation occurs in the pore:

PC
i ¼ P0

i exp � 4sPVi

dpore RT

� �
(5:35)
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Trifunovic and Tragardh [50] in their study of PV of homologous series, alcohols, and esters using POMS membranes with
different supports derived the following general conclusions:

1. Larger molecules with lower Knudsen diffusion coefficients suffer higher loss in selectivity.
2. Solutes with low vapor pressures (easily condensable) suffer greater loss in selectivity due to the pressure build-up in

the Knudsen capillaries.
3. The capillary inside surface also affects the composite membrane performance. For alcohols with hydrophilic OH

groups it is desirable to have a hydrophobic capillary surface.
4. To avoid the detrimental effects mentioned above the Knudsen capillaries should be as short as possible.

5.3.3.2 Techniques for Fabrication of Composite Membranes

Following methods can be adopted to prepare composite membranes used for pervaporation.

5.3.3.2.1 Direct Coating
Heinzelmann [49] and Briston [52] have given details of these methods. The main problem with direct coating is that
incompatibility of the porous support with polymer solution can result in the formation of pinholes in the membranes.
However, this problem can be overcome if care is taken to ensure sufficient wetting of the support by the polymer solution.
Parameters that can be varied in optimizing the process for a defect free membrane are

1. Pretreatment of the support prior to coating
2. Optimization of composition, viscosity, and surface tension of the polymer solution

Choice of appropriate coating method along with drying=curing conditions can yield a stable defect-free membrane.

5.3.3.2.2 Interfacial Polymerization
Interfacial polymerization provides another method for depositing a thin layer upon a porous support [47,49]. In this case
polymerization occurs between the two reactive monomers at the interface of the two-immiscible solvents. Heat treatment is
often applied to complete the interfacial polymerization, to cross-link water-soluble monomer or prepolymer. The advantage of
this technique is that the reaction is inhibited by the passage of a limited supply of reactants through the already formed polymer
layer, resulting in extremely thin film of thickness in the range of 1–2 nm. Such membranes are therefore referred to as thin film
composites. TFCs of various poly(amides) are very popular in RO applications.

5.3.3.2.3 Radiation-Induced Formation of Composite Membranes
The radiation-initiated grafting of polymer films (i.e., radiation-induced grafting), radiation-initiated curing of thin film coating
on porous supports (i.e., radiation cured composite membrane), and coating of porous substrate by plasma polymerization (i.e.,
plasma chemical processes) are an alternative method to prepare nonporous flat sheet PV membranes. Specific sorption
capability for distinct solutes is achieved by introducing different functional groups, which show specific interactions with
the solute onto the polymer backbone of supporting substrate [53–55].

5.3.3.2.4 Transfer Coating
Details of this method for transfer coating or lamination of perm-selective skin on a porous support can be found in the literature
[49,52]. First, the advantage of this method is that a definite predefined skin layer thickness can be achieved. Second, the problem
of insufficient wetting of support by coating solution and incompatibility of the support with solvent can be overcome.

5.3.3.2.5 Other Techniques
In another popular technique the skin layer polymer is independently prepared by means of suitable polymerization techniques,
such as formation of copolymers [21], graft [56] and block polymers, polymer blends [57], cross-linked polymer [58], and
interpenetrating polymer networks (IPNs) [11] and then coating this polymer solution on the porous support to form a
composite membrane for pervaporation application. Membranes prepared by these techniques offer easy tailoring of membrane
properties for different applications. As dictated by the sorption diffusion model, a skin layer that has selective but limited
sorption should be prepared. Further, membrane strength can be increased by adjusting the crystalline portion (backbone) of the
polymer films. Different membranes can be readily prepared according to the application, simply by changing the functional
groups of the polymer.

5.3.4 PERVAPORATION MODULES

Pervaporation modules have been basically adapted from the module designs already used in other applications, such as RO,
NF, and UF. However, the major difference is that in the latter case the applications mainly pertain to treatment of
predominantly aqueous solutions. Therefore, the glues, gaskets, etc. to be used do not require any special consideration except
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that they should yield a strong bonding. In the case of pervaporation one of the two sides of the module (feed=permeate) is in
contact with an organic solvent. This solvent may attack the glue=gasket used. Therefore, selection of the glue=gasket
material needs special attention. In the case of dehydration of organics the feed side is in contact with a predominantly
organic medium, while for removal of trace organics from water the permeate side has to bear the attack of the organic
solvent. Finally, in the case of organic–organic separations both the feed and permeate sides have to be designed properly
considering the presence of organics that may have high solvent power. Thus, besides the strength of the bond the solvent
resistance of the glue is also important. In view of this the plate and frame module was initially much more popular than the
spiral wound module.

Another consideration that is important in pervaporation is the prevention of excessive pressure drop on the permeate side.
Too high a pressure drop reduces the flux (also see Section 5.4.3: Importance of support layer). Therefore, to avoid excessive
pressure drop, generally the permeate side is kept open directly to the condenser=heat transfer surface.

The economic advantage of pervaporation lies in the fact that particularly for the two extreme applications: dehydration
of organics and removal of organics from water, the focus is on the trace quantity. In the case of dehydration of organics
a highly water-selective membrane is used. On the other hand, for removal of organic from water an organophilic membrane
is used. In both these cases, the solute to be removed is a minor=trace quantity. With this approach the duty of the
module (total amount to be removed) is greatly reduced. However, since the solute is present in much smaller quantities
in the feed side, concentration polarization can be a serious draw back. To overcome this, the design of the feed side needs
some attention. The design to be used should allow rapid mass transfer from bulk liquid to the membrane surface so as to
achieve the intrinsic membrane flux. Generally, the flow Reynolds number on the feed side should be sufficiently high so
as to overcome concentration polarization. This condition implies a higher power input because of high flow rates on the
feed side.

A number of module designs are possible and all are based on the two types of membrane configuration, (i) flat sheet and
(ii) tubular. These are plate and frame, spiral wound, tubular, capillary, and hollow fiber.

5.3.5 SELECTION OF THE MEMBRANE MODULE

Choice and arrangement of the membrane module in a system is based on economic considerations with the correct engineering
parameters being employed to achieve this. Some aspects to be considered are

1. Nature of the separation problem
2. Ease of cleaning
3. Ease of maintenance
4. Compactness of the system
5. Membrane replacement

Depending upon the nature of application and operating conditions the module is selected. Table 5.1 gives a qualitative
comparison of the various types of modules available and can be used as a reference guide for module selection.

5.3.6 SOME PROBLEMS IN INDUSTRIAL USE OF PERVAPORATION

The major application of PV has been in the dehydration of ethyl and isopropyl alcohols. In both these case severe fouling of
the membranes was observed. In the case of ethyl alcohol the fouling was attributed to the rust particles from the mild steel
fermenters used. In the case of i-propanol the applications were for its recovery from a mixture containing water and dissolved

TABLE 5.1
Qualitative Comparison of Various Membrane Modules

Properties Tubular Plate and frame Envelope Spiral wound Capillary Hollow fiber
Packing density Low Low Moderatea Moderate High Very high
Investment High High Moderatea Moderate Moderate Low

Fouling Low Moderatea Moderate High Very high
Cleaning Excellent Good Gooda Fair Poor Very poor
Replacement of individual membrane Yes=no Yes Yesa No No No

Source: Adapted fromMulder MHV. Basic Principles of Membrane Technology, Dordrecht, The Netherlands: Kluwer Academic, 2000.
a Data not available. Estimated from description available in the literature [59].
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salts from the washing operations. In this application the membranes developed severe blisters and became useless. These
blisters can be traced to the crystallization of the salt in the membrane. Some ingress of the salt cannot be avoided due to the
high water sorption in the membrane. The membrane removes water. The water is volatile and is evaporated at the downstream
face. The salt, however, cannot do so and is hence trapped in the membrane. As the water is removed the salt introduced in the
top layer with the water crystallizes out of the alcohol-rich phase. This is probably the most likely reason for the formation of
blisters. Observation of the blisters under a microscope showed presence of solid particles confirming the above postulate. This
problem can be overcome by resorting to vapor permeation (VP) rather than PV. Thus, the alcohol stream is boiled to supply a
vapor to the membrane module. VP obviously has a higher energy requirement than PV since the liquid needs to be vaporized.
Careful design of the reboiler and provision of a mist eliminator prevents any carry over of the salt. Thus a mixture of water and
alcohol vapors totally devoid of the salts is supplied to the membrane module. This arrangement has been found to be quite
effective in ensuring a longer membrane life.

5.4 APPLICATIONS OF PERVAPORATION

As discussed in Section 5.1, PV has applications in all types of separations involving aqueous=organic phases. These are

1. Dehydration of organics
2. Removal of organics from aqueous phase
3. Organic–organic separations

The discussion in Section 5.2 on theory of PV indicates that the membrane polymer to be selected for a given separation
should have high sorption affinity for the solute to be removed preferentially. For the first two categories it is relatively easy
to choose a polymer. Thus, the following types of polymers are suitable as membranes materials for these two cases:
(1) hydrophilic polymers with large contributions due to hydrogen bonding and polar forces to the overall solubility parameter
and (2) hydrophobic (organophilic) polymers with major contributions from dispersion forces. These applications are discussed
separately in the following sections.

5.4.1 DEHYDRATION OF ORGANICS

Most of the commercialization of PV technology occurred in this category for dehydration of ethanol and i-propanol.
For ethanol, a hybrid system comprising of distillation to remove bulk of the water (enrichment of ethanol from 8 wt% to
~85 wt%) followed by a PV module to reach 99.8 wt% ethanol has been popular. This hybrid system combines the strengths
of distillation and PV in their respective areas. In this case generally a small amount of water (<10 wt%) is required to be
removed by PV. It is evidently far more economical to focus on the removal of this small water quantity rather than trying
to remove the organic. With this logic the membrane polymer selection becomes very easy. Thus, hydrophilic polymers that
selectively sorb water are used. Poly(vinyl alcohol), PVA, is a very popular polymer for dehydration of organics. The hydroxyl
group in PVA imparts high hydrophilicity to PVA since the OH group has a dominant effect in deciding the properties rather
than the relatively small CH2¼CH alkyl group. However, the high hydrophilicity, which is the strong point in favor of PVA,
also turns out to be its weak point. The thin top selective layer made of PVA that is in continuous contact with water-rich
solution gradually dissolves and hence the membrane loses its permselctivity. To enhance the active life of such a PVA
membrane the polymer is cross-linked by a suitable compound having a functional group that can react with the OH group of
PVA. Suitable cross-linkers are carboxylic acids=anhydrides, dialdehydes, etc. Maleic anhydride is reportedly used in the first
PVA membrane commercialized by GFT (now Sulzer Chemtech). Cross-linking connects two polymer chains (Figure 5.2) and
hinders the dissolution of individual chains that are now bound to other chains through the cross-links. The advantage of
extended life gained by the cross-linking is however, offset by the reduced mobility=flexibility of the chains due to the same
cross-links. This reduced flexibility of the polymer chains results in a reduction in the diffusion coefficient of the solute and
hence the flux decreases (Equation 2.26).

In view of this the cross-linking is moderate. The usual range is about 4%–8% of the total functional groups being cross-linked.
This is a case of the classical trade-off between low depreciation due to extended life, and low productivity due to lower flux.

In many cases the organic to be dehydrated (e.g., acetic acid) attacks the ether linkage in the PVA membrane. Indeed, the
PVA membrane has very limited life in the presence of most acids. Ray et al. [14] used the concept of copolymer membranes to
dehydrate acetic acid over the entire range of concentration from 0% to 100%. These investigators prepared copolymers of
acrylonitrile (AN) with different hydrophilic monomers like hydroxy ethyl methacrylate, acrylic acid, methacrylic acid, and
itaconic acid. These copolymers have carbon–carbon bonds, which unlike the ether linkage in the cross-linked PVA membrane
are stable to the attack by carboxylic acids. The acrylonitrile part is not sufficiently hydrophilic but imparts mechanical strength
while the other monomers improve the hydrophilicity. The overall result is an efficient yet stable membrane. Variation of the
ratio of AN to (the other) monomer allows freedom of adjusting the hydrophilicity of the membrane to achieve certain
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selectivity and flux. High ratio of the more hydrophilic comonomer to AN increases water sorption and hence flux but results in
a concommitant loss in selectivity. Ray et al. [14] showed that this concept of copolymer membrane yields a low-cost
alternative to the more expensive hydrophilic polymers like Nafion and polyimide.

Another interesting application of hydrophilic membranes is in esterification reactions. These reactions are generally
equilibrium limited. High conversions (low acid numbers) are possible when the equilibrium is displaced by removal of the
water formed in the reaction. Distillation has been a popular method for water removal. However, hydrophilic membranes in
the PV mode are an attractive alternative because of the high selectivities and low-operating cost. Bruschke [59] has described
the details of the first continuous industrial plant combining PV with an esterification reaction employing a cascade of reactors
and PV units. A simple mathematical model described can be used to calculate the optimum membrane area per unit mass of the
reaction mixture. The kinetics of the esterification reaction required for use in this model are either available in the existing
literature or can be obtained using standard laboratory techniques for measurement of kinetics.

Another very promising application of PV is in dehydrating glycerin. Glycerin is mainly produced as a by-product in the fat
splitting process for manufacturing fatty acids. The scale of operation is quite large (~300 t=day of fatty acids). The glycerin is
produced as a weak (~10–15 wt%) aqueous solution referred to as sweet water. Conventionally it is converted to anhydrous
glycerin using distillation. The low decomposition temperature of glycerin necessitates distillation under high vacuum. Even
with this distillation under high vacuum some degradation of glycerin cannot be prevented. PV can be an ideal low energy
alternative to distillation [12,60]. It has been shown [60] that PV can yield selectivities 1000 times higher than the
corresponding distillation selectivity at temperatures as low as 708C.

Table 5.2 lists the various hydrophilic polymers used for dehydration applications. Table 5.3 gives a comprehensive
coverage of the available literature on dehydration of organics. It is evident from Table 5.3 that this application is the most
widely investigated class of PV. Further, as mentioned in Section 5.1 this category has seen the most significant commercial
utilization amongst the three categories listed earlier. Further there are other potential large-scale applications yet to be
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FIGURE 5.2 Cross-linking of poly(vinyl alcohol) with maleic anhydride.

TABLE 5.2
Hydrophilic Polymers Available for
Selective Water Removal

Poly(vinyl alcohol) (different cross-linkers)
Poly(acryclic acid) (different cross-linkers)
Various poly(amide)s (different substituents)
Various poly(imide)s (different substituents)

Nafion
Cellulose acetate (various degrees of hydrolysis)
Other cellulose derivatives=forms
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TABLE 5.3
Dehydration of Organics

System Membrane Used Remark Reference

Ethanol (water) Cross-linked PVA b¼ 260 at 758C for 50% aqueous ethanol solution [61]
Phenol (water) PVA–PAA Cross-linked b¼ 3500 for aqueous phenol solution [62]
Phenol (water) Cross-linked PVA (PAA¼ 80=20) b¼ 2580 at 708C for 80% aqueous phenol solution [63]
Ethylene glycol (water) Partially hydrolyzed polyacrylonitrile=1-poly(acrylic

acid) blend layer membrane

An 85:15 (wt%) ethylene glycol:water solution was

separated by pervaporation to give 25:25 ethylene
glycol:water permeate at 708C

[64]

Ethanol (water) and

propanol (water)

Regenerated cellulose and cross-linked PVA

membrane

b¼ 3500 for aqueous ethanol solution and b¼ 6000

for aqueous IPA solution

[65]

EtOH, MeOH, iso-PrOH,
dioxane or EtOAC

(water)

PVA membrane Total flux decreases with increasing permeate pressure [66]

Methanol (water) Cross-linked PVA membrane a¼ 2650 for PVA=PAA¼ 80=20 and 465 for
PVA=PAA¼ 90=10

[67]

Organic aqueous and
organic–organic binary
mixture

Silicone grafted polymers, styrene fluroacrylate
copolymers silicate filled silicone films

Pervaporative separation of organic–aqueous and
organic–organic liquid mixture with different
membranes is studied

[68]

Methanol (water

separation)

Hybrid PVþ distillation A review on dehydration of solvents in the fine

chemical industry

[69]

Alcohol mixture (water) Polyelectrolyte multilayer membrane Best results are obtained when temperature is raised
from 258C–808C. A membrane with double layers

yielded b¼ 900

[70]

Dehydration of
isopropanol=water

Polymeric (PERVAP 2510, Sulzer Chemtech
GmbH) and Ceramic membranes (NaA type zeolite,

Mitsui & Co.)

Traditional azeotropic distillation was compared with a
hybrid system consisting of distillation followed by

pervaporation and a hybrid system consisting of
distillation followed by pervaporation followed by a
second distillation

[71]

Dehydration of acetic

acid, alcohols, and
acetone by pervaporation

Acrylonitrile-maleic anhydride copolymer

membrane

The membrane exhibits reasonable performance with

respect to both separation factor and permeance (11.0
and 279.4 g=m2 h=bar, respectively, at 92 wt% feed
cone, of water) for acetone dehydration

[72]

Dehydration of IPA Hybrid PV–distillation processes intensification Hybrid process economics [73]
1-methoxy
propanol–water

Polyimide (PI), cellophane, poly(vinyl alcohol)
(PVA), cellulose diacetate (CDA), cellulose

triacetate, two separate blends of cellulose acetate
and CDA with cellulose acetate propionate, and
PVA cross-linked with multifunctional cross-

linkers

The effects of different substitution derivatives of
cellulosic materials were investigated

[74]

1-methoxy propanol–
water

Acrylonitrile-based copolymer membrane The copolymer properties, in particular, solubility
parameter, component group contribution, and
interaction parameter values are used to explain perm-

behavior (selectivity and flux). Copolymers of AN
showed good selectivity with reasonable flux

[15]

Dehydration of organic

liquids

Water-selective membrane Some perm-selective membranes and separation

processes are introduced

[75]

Dehydration of organic
liquids

Aromatic polyamide membrane Effect of type of diamine on water selectivity studied
(Japanese)

[76]

Separation of
water=acetone mixture

Acrylamide-acrylic acid copolymer gel prepared in
porous of ceramic thin membrane

Controlled cross-linking gives very high selectivity for
water

[77]

Organic–organic and
organic

compounds=water
separation

Acrylonitrile-vinyl compounds copolymer
membrane

a¼ 1747 for 80% aqueous acetic acid at 708C [78]

H2O=organic separations Copolymers of peptides=proteins having amino

groups with acrylonitrile

High permselectivity for water reported [79]

Dehydration of organic
liquids

Hydrophilic polymer membranes Mass transfer analysis of pervaporation [80]
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explored. This use of hydrophilic membranes to remove water in esterification or similar equilibrium limited reactions can be
used conveniently to reach practically 100% conversion to the product. However, in most such cases an acid is used as a
catalyst and the conventional PVA-based membranes are easily attacked leading to short lives. The copolymer membranes
proposed by [14] can be used in these applications since C–C bond is not prone to attack by acids. Alternatively ion exchange
(Hþ form) resins can be used as catalyst if it is decided to employ the PVA-based membranes. This possibility has however, not
been tested commercially.

5.4.2 REMOVAL OF ORGANICS FROM AQUEOUS PHASE

These classes of application deals with removal of trace organics from a predominantly aqueous body. Several organic
chemicals have solubilities in water sufficient to reckon both in terms of the potential economic loss and pollution.
The solubilities are too low to be dealt with by distillation since distillation is expensive. PV is an ideal alternative in this
case. In stark contrast to distillation wherein the selectivities are in single digits, PV can yield several orders of magnitude
higher selectivities [16,18,20] resulting in very high recovery of the dissolved organics at much lower cost. The selectivities can
be further improved albeit at a loss of flux by incorporating hydrophobic fillers in a hydrophobic membrane. Netke et al. [36]
developed a comprehensive dual mode model for permeation in membranes containing adsorptive fillers. The model proposed
can predict the effects of various parameters like adsorbability of the solute and loading of the filler. The proposed model also
correctly describes the asymptotic behavior of such membranes.

The polymers used for this class of application are listed in Table 5.4. Although the other polymers listed in Table 5.4 are
easily available and less expensive, the standard for hydrophobic membranes has been set by poly(dimethylsiloxane) a silicone
rubber membrane popularly abbreviated as PDMS. This is a room temperature vulcanization (RTV) type rubber. It is generally
made from a two-pot mixture consisting of the silicone rubber and a cross-linker. Poly(octyl methyl siloxane), POMS, is a
similar silicone rubber. POMS has a higher hydrophobicity than PDMS but is more expensive. Most investigators have used
PDMS although some have also used EPDM and other rubbers [16]. PDMS appears to be the optimum membrane polymer for
high selectivity, flux, and durability. Table 5.5 gives a summary of the literature investigations on removal=recovery of organics
from aqueous solutions.

PV offers an extremely promising technology for treating effluents containing dissolved organics, which is apparent from
Figure 5.2. A hydrophobic membrane module is used to recover (almost) completely the dissolved organics from the effluent.

TABLE 5.3 (continued)
Dehydration of Organics

System Membrane Used Remark Reference

Dehydration of organic
solvents

Plasma or electric beam induces graft polymer and
cellulose membrane

A review with 25 references on recent progress in the
preparation of pervaporation membranes for the
H2O=organic solvent separation including
dehydration, selective separation of EtOH, and

solvent removal or recovery from effluents

[81]

Waterþmethanol,
ethanol, n-propanol,

isopropanol, n-butanol
and isobutanol

PVA cross-linked with a multifunctional cross-linker The activation energy of diffusion for water was
found to vary with water–alcohol systems in the range

20–50 kJ mol�1

[10]

Enzymatic esterification

of oleic-acid and i-amyl
alcohol

Hydrophilic membrane for water removal Influence of pervaporation process parameters on

enzymatic catalyst deactivation is studied. Below a
certain level of water concentration, enzymatic
catalyst activity is very low. On the other side, high

initial concentrations of alcohol deactivate the
catalyst

[82]

Lipase-catalyzed
enantioselective

esterification of racemic
ibuprofen coupled with
pervaporation

A cross-linked poly(vinyl alcohol) (PVA) membrane
and commercially available per fluorinated

membranes (Nafion 117 and Nafion NE 450)

Effects of the reaction temperature, the concentration
and nature of alcohol on the reaction rate and

enantioselectivity were investigated systematically
with and without pervaporation. The PVA
pervaporation membrane appeared to be more

suitable for the enantioselective esterification of
ibuprofen than the Nafion membranes

[83]

Pervaporation separation

of an aqueous organic
mixture

Poly(acrylonitrile-co-vinyl phosphonic acid)

membrane

High selectivity toward water. PANVA membrane

exhibited 99.8% H2O concentration on permeate side
in case of pyridine–H2O mixture

[84]
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TABLE 5.4
Hydrophobic=Organophilic Polymers Available
for Selective Removal of Organics from
Aqueous Solutions

Poly(dim methyl siloxane) (PDMS)

Poly(octyl methyl siloxane) (POMS)
Ethylene propylene diene rubber (EPDM)
Natural rubber (NR)

Styrene butadiene rubber (SBR)
N-butyl rubber (NBR)
Nitrile rubber

Poly(ether block amides) (PEBA)
Elastomeric poly(urethanes)

TABLE 5.5
Removal of Organics from Aqueous Solutions

System Membrane Used Remark Reference

Recovery of phenol from

wastewater streams arising
from a phenolic resin
production plant

70 wt% PDMS with 30 wt% SiO2 Application of membrane aromatic recovery

system (MARS). The average phenol recovery
was 84%

[88]

Toluene, trichloroethane, and
methylene chloride–water

Poly(dimethylsiloxane), polyether-block-polyamides
and polyurethane membranes

Module performance and economics: effect of
operating condition

[89]

Aniline–water and methylene

chloride–water

Polyether-block-polyamides membrane and

polybutadiene membrane

Both membranes yielded high selectivity for

aniline with fluxes good enough for practical
application

[90]

Enrichment of Cl-containing

organic hydrocarbons
112-trichloroethene (1)
trichloroethylene (2)
tetrachloroethylene (3)

Cross-linked poly(Bu acrylate (I), tert-Bu acrylate

(II), lauryl methacrylate (III), benzyl acrylate (IV),
cyclohexyl acrylate (V)-co-acrylic acid)

b¼ 500 of (1)-water at 258C for (I)-acrylic acid

copolymer membrane

[91]

Removal of organic solvent
from wastewater

Organophilic membrane Study on solvent concentration, operating and
capital cost of pervaporation for solvent
removal

[92]

Removal of toluene and
methylene chloride

Organophilic membranes Data for removal of toluene and methylene
chloride given

[93]

Removal of mixture of organic

acid

Membranes having amino group containing polymer

surface coating

High a and flux for organic acids reported [94]

Separation of aqueous phenol Polyurethane membrane Polyurethane has high affinity for phenol. The
total flux increased up to 930 g=m2 h with
increasing phenol partial flux. Phenol selectivity

was based on high solubility in the polyurethane
membranes

[95]

Selective removal of phenol

from industrial wastewater

Polyurethane urea About 88% phenol was obtained. Maximum flux

of 33.8 g=m2 h

[96]

Separation of alcohols and
aqueous organic liquids

Polymeric membranes Selective separation of alcohols [97]

Recovery of VOC from
surfactant containing aqueous
solutions

Plasma polymerized PDMS on PP support Recovery of trichloroethylene from sodium
dodecyl sulfate–water mixture at high
selectivities reported

[98]

Separation of dichloroethane,
trichloroethane and toluene–
water

PDMS membrane fabricated by the addition cross-
linking reaction

Clustering of water results in high separation
factor for organics

[99]

Removal of 1,2-dichloroethane

from aqueous solutions

PDMS membrane and oligomeric silylstyrene as a

cross-linking agent

b¼ 230–1750 [100]
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TABLE 5.5 (continued)
Removal of Organics from Aqueous Solutions

System Membrane Used Remark Reference

Removal of traces of organics
from aqueous solutions

PDMS 3-D solubility parameter approach shown to be
useful in predicting a

[18]

Separation of organic solvents
from aqueous solution

Methacrylate polymer membrane Review (Japanese) [101]

Separation of organic solvent
from water containing 0.1%–

0.2% styrene, PhMe, CHCl3,

hexane, cyclohexane, AcOBu
or Et2O

Silicone rubber membrane High a and flux for organics reported [102]

Separation methods for

environmental technologies

High surface area membrane Review with 32 references [103]

Removal of tetrachloroethylene
from surfactant-based soil

remediation fluid

Hydrophobic membranes TCE removal averaged 95.8% during peak
surfactant levels and exceeded 99.9% in the

absence of surfactant

[104]

1-Methoxy propanol and water PDMS and linear low density poly(ethylene),
LLDPE

PDMS gave better results than LLDPE [74]

Separation of acetic acid from

dilute aqueous solution

Supported liquid membrane PV (tri-alkyl amines as

reversible reactants)

a for acetic acid as high as 33 [105]

Separation of volatile organic
compounds from aqueous

solutions

Styrene butadiene block copolymer b for VOC as high as 5000. H2O flux increased
rapidly with temperature thereby decreasing b

for VOCs

[106]

Organic=aqueous separations Liquid crystalline polyphosphazene membrane Good separation capabilities reported Review
(Chinese)

[107]

Ethanol–water Poly(perfluoroalkylacrylate-g-dimethylsiloxane) b increased with decreasing temperature
(Japanese)

[76]

Organic–organic and organic
compounds=water separation

Acrylonitrile-vinyl compounds copolymer
membrane

a¼ 1747 for 80% aqueous acetic acid at 708C [78]

Separation of VOC from
surfactant solution

Hydrophobic membrane This process can be used to remove volatile
nonaqueous phase liquids from surfactant-based
soil washing and soil flushing solutions for

recovery of the volatile compounds and reuse of
the surfactant

[108]

Removal of VOCs from water Silicalite-filled poly(siloxane imide) membranes The sorption selectivity of the PSI membranes for

chloroform=water solutions was investigated.
The silicalite-filled membrane with 120 mm
thickness exhibit a high total permeation flux of

280 gm2=h with separation factor of 52.2 for
1.2 wt% of the chloroform=water mixture

[109]

Separation of water–acetic acid
mixtures

poly(vinyl alcohol) membranes cross-linked with
glutaraldehyde

Pervaporative separation of acetic acid–water
mixtures was performed over a range of 70–90

wt% acetic acid in the feed at temperatures
varying from 358C to 508C

[110]

Aroma compound separation, pharmaceutical and flavor-perfume industry

Extraction of aromatic
compounds (1-octne-3-ol and
2–5 dimethylpyrazine)

PDMS and micro-porous PP PDMS better than porous PP, b for PDMS> 600 [111]

Aroma compound recovery
from Muscat wine

PDMS Temperature effects are studied [112]

Pervaporation of grape fruit

aroma

PDMS Increasing the feed concentration from

20–200 ppm did not affect the flux but
decreased the selectivity from 10 to 4

[113]

Organic–water mixture Membrane made of elastomeric or hydrophobic
polymeric material

Modeling studies and application aroma
compound recovery

[114]

(continued )
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TABLE 5.5 (continued)
Removal of Organics from Aqueous Solutions

System Membrane Used Remark Reference

Recovery of aroma compounds
from wine-must fermentation

PDMS on polyetherimide Continuous recovery of very complex and
delicate aromatic profiles, produced during
microbial fermentation

[115]

Recovery and separation of

1-octene-3-ol from aqueous
solution

PDMS membrane Good selectivity and permeability [116]

Recovery of aroma compounds

(1-octene-3-ol, ethyl
acetate=butyrate=hexanoate)

Plain PDMS and PDMS filled with silicalite Influence of different permeates studied. Filled

membrane gives better selectivity than plain
PDMS but lower flux

[117]

Recovery of picolines from

aqueous solutions

Elastomeric membranes a as high as 150 reported [118]

Recovery of aroma compounds Poly(octyl methyl siloxane) (POMS) and PDMS The effects of operating conditions on separation
performance were studied. POMS membrane

was more perm-selective to the aroma
compound than PDMS. b higher for ETH than
for ETB

[119]

Recovery of aroma compounds Organophilic membranes Review. Comparison of membrane performance

for aroma compounds with different functional
groups

[120]

Recovery of apple juice aroma

compounds

PDMS b values ranging from 5–10 for ethanol to >100

for esters reported

[121]

Recovery of tea aroma
compounds (trans-hexenal

2-methyl propanal
3-methylbutanal phenyl
acetaldehyde benzyl alcohol
Linalool cis-3-hexenol-

ionone)

Poly(octyl methyl siloxane) and
poly(dimethylsiloxane)

Wider range of b (20 to 1100) depending upon
the functional group. PDMS found to be better

than POMS

[20]

Removal of various organic
compounds form industrial

effluent; recovery of apple
aroma

Composite MTR 100 Selectivities vary with the nature of the organic
compound ranging from>100 for highly

hydrophobic to ~5 for highly hydrophilic
compounds

[122]

Scale-up of pervaporation for

the recovery of natural aroma
compounds in the food
industry. Part 2: Optimization

and integration

Hydrophobic membranes Economic analysis of PV shows high potential

for aroma recovery

[123]

Scale-up of pervaporation for
the recovery of natural aroma
compounds in the food

industry. Part 1: Simulation
and performance

Hydrophobic membranes Importance of simulation in recovery from
multicomponent mixtures revealed

[124]

Pervaporation for aroma

isolation

Organophilic membrane Recent developments in this field and the

economic implications of the technology for
producing natural aroma extracts are studied

[125]

Aroma compounds recovery of

tropical fruit juice by
pervaporation

Composite membranes (flat or hollow fiber), The water permeability and the overall mass

transfer coefficient for each organic solute was
determined

[126]

Bioproduction

Ethanol production Silicone composite on polysulfone Productivity of 20–30 g=L h [127]
Acetone, butanol, ethanol
fermentation

SBR,EPDM,PDMS plain and filled with silicalite Highest a obtained for filled PDMS and lowest
for EPDM. SBR yielded highest PSI

[87]

Recovery of acetone and

butanediol from fermentation
broth

PDMS and PEBAX PEBAX better than PDMS. Fermentation

coupled with PV at b> 2 can eliminate product
inhibition

[128]
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The selectivities of a typical organophilic membrane [16,18] are such that the permeate is enriched in terms of the organic well
above its solubility limit. At these concentrations phase splitting occurs. In the liquid–liquid separator (Figure 5.3), two separate
layers (1) organic rich with minute quantity of dissolved water and (2) water rich but saturated with the organics are obtained.
The second small stream containing water saturated with the organics is returned to the feed side of the module. Figure 5.3
shows a closed loop operation with only the untreated (mainly aqueous) stream going to the effluent treatment plant. An idea of
importance of the process shown in Figure 5.3 can be obtained from the following example. Although benzene has a low
solubility (~1000 ppm) in water each mole of benzene requires 7.5 moles of oxygen for complete conversion to CO2 and H2O.
Removal of more than 90% of the benzene is possible by employing the process in Figure 5.3. This implies a significant
decrease in the chemical oxygen demand (COD) load on the effluent treatment plant. At the same time the recovered organic is
an added value to the organization.

Another very important application of PV in this class is recovery of high value aroma compounds. Baudot and Marin [85]
have presented an excellent review on recovery of aroma compounds by PV. A comparison with recovery by stripping is also
made. A recent paper [20] covers the subsequent literature. From the available literature, it is clear that PV is a far better option
than stripping for aroma recovery. The major advantages of PV are (1) high selectivities and (2) mild operating conditions,
which prevent the thermal degradation of the relatively sensitive aroma compounds. However, as pointed out by Kanani et al.
[20] the sensory profile of the recovered aroma mixture can be significantly different because of the different selectivities
offered by the membrane for the various aroma compounds present in the original mixture. In their study on recovery of tea
aroma compounds by PV the following observations were made.

TABLE 5.5 (continued)
Removal of Organics from Aqueous Solutions

System Membrane Used Remark Reference

Recovery of volatile organic
flavor compounds (ethyl
acetate, EA; ethyl propionate,
EP; ethyl butyrate, EB)

Surface modified tube-type alumina membrane b for EA, EP, and EB at 408C were in the range
of 66.9–78.9, 106.5–97.3, and 120.5–122.8,
respectively. Phase separation in permeate
allows facile recovery of the aroma compounds

[129]

Product recovery from biomass
fermentation processes

Hydrophobic=hydrophilic membranes for recovery
of biofuel and dehydration, respectively

Several issues and research priorities which will
impact the ability of pervaporation to be
competitive for biofuel recovery from

fermentation systems are identified and
discussed

[130]

Ethanol recovery from

fermentation broth by
pervaporation

Composite polydimethylsiloxane membrane Ethanol concentration in fermentation broth

decreased to a relatively low level when
pervaporation was coupled with fermentation.
More active cells appeared accompanied by

better membrane performance

[131]

C: Condenser/phase separator 

F: Feed containing dissolved organics 

M: Membrane

P:  Permeate

RE: Retentate

RW: Recycle (aqueous phase) to feed

RO

RW

RE

C 

P 

F 

FIGURE 5.3 Schematic of recovery of dissolved organics using pervaporation.
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Generally, alcohols showed higher separation factors when present in model multicomponent solutions than in binary
systems with water. On the other hand, aldehydes showed an opposite trend. The actual tea aroma mixture showed a rather
different behavior from the model aroma mixture, probably because of the presence of very large numbers of unknown
compounds. Overall, the PDMS membrane with vinyl end groups used by Kanani et al. [20] showed higher separation factors
and fluxes for most of the aroma compounds. Pervaporation was found to be an attractive technology. However, as mentioned
above the varying selectivities for the different aroma compounds alter the sensory profile and therefore application of PV for
recovery of such mixtures needs careful consideration on a case-by-case basis.

PV has another potential application in the biotechnology industry, which may expand rapidly [86]. There is a clearly
perceptible trend of use of biotechnology for the manufacture of specialty flavor materials. The product of the process inhibits
most fermentation. If this product is continuously removed from the broth much higher productivities can be obtained. Liquid
extraction, which was studied in the 1960s and 1970s, for removal of the fermentation products has the drawback that the
solvent used may be toxic to the microorganisms. Inert gas stripping=vacuum stripping offer much lower separation factors.
In view of the capability of PV to efficiently separate organic compounds under mild conditions, it is a far better substitute to
these competing methods particularly if the product is volatile enough to be amenable to removal by PV. Kawedia et al. [87]
have studied the pervaporative removal of the products in acetone–butanol–ethanol (ABE) fermentation using various
organophilic membranes. These investigators studied both binary (organic–water) and quaternary (A=B=E=H2O) systems.
In this fermentation butanol has the most detrimental effect on the activity of the microorganisms. Amongst the various
polymers studied styrene butadiene rubber was found to be best for removal of the toxic products from the quaternary mixture.
Similar applications in the manufacture of other aroma=flavor compounds such as cis-3-hexenol (leaf alcohol), pyrazines, etc.
need urgent attention. Table 5.5 lists the available literature investigations on removal of organics from predominantly
aqueous systems.

5.4.3 ORGANIC–ORGANIC SEPARATIONS

In the applications of PV discussed in Sections 5.5.1 and 5.5.2, there are clear and substantial differences in the properties of the
solutes to be separated. The major distinguishing features relate to the polarity=hydrogen bonding properties of the solutes.
Thus, the selection of the membrane polymer is relatively easy. In the case of organic–organic systems only in the case when
one of the solutes contains strong hydrogen bonding (OH) or polar groups while the other is entirely nonpolar, the selection of
the polymer can be done by the thumb rule of hydrophilicity=hydrophobicity of the polymer. Examples of such systems are:
methanol–toluene, methanol–benzene, i-propanol–toluene=benzene, etc. [25–28]. On the other hand, when both the solutes
have similar properties the selection of the membrane polymer requires careful consideration. However, in this case also small
differences in the polarity of the solutes can be exploited to effect relatively good separation. Ray et al. [23,24] developed
several methanol-selective copolymer membranes for separating methanol from MTBE and ethylene glycol. These investiga-
tors used the concept of three-dimensional (3-D) solubility parameter and prepared several copolymers of AN with other
hydrophilic monomers like HEMA, vinyl pyrolidone, etc. By properly tuning the copolymer composition membranes with
relatively high selectivities for methanol were obtained. These membranes have good stability because the hydrophilic group,
which is bonded to the AN backbone, is not easily plasticized by methanol. Similar approach was successfully applied by Ray
et al. [22] to effect the much more difficult separation of benzene and cyclohexane. These two compounds have substantially
the same properties except that due to the continuous shifting of the double bonds in benzene there is a small contribution from
polar and hydrogen bonding forces to the overall solubility parameter of benzene. In this case copolymers of AN with relatively
hydrophobic compounds like methyl methacrylate, vinyl acetate, and styrene were employed for obtaining benzene-selective
membranes. The choice of the comonomers was dictated by the fact that their homopolymers are soluble in benzene and thus
their inclusion in the copolymers would enhance benzene sorption. The extent of the comonomer in the copolymer was varied
to obtain an optimum composition. All the membranes were found to yield benzene selectivities much higher than those
reported earlier. The selectivities depended upon the copolymer type and its composition, and varied from 5 to 80. This work
clearly proves the utility of the copolymer concept combined with the 3-D solubility parameter theory to design suitable
membranes for relatively difficult separations. Further, because of the presence of the relatively tough and insoluble AN
backbone these membranes are very stable.

Table 5.6 gives a summary of the literature investigations on organic–organic separations. The early enthusiasm for PV was
a result of its various advantages vis-à-vis distillation. This was evident from the fact that most majors like Exxon, Standard Oil,
British Petroleum, Texaco established research groups devoted to PV. The group at Exxon made a concerted effort at
developing membranes for separating close boiling aromatic=aliphatic compounds. However, the selectivities obtained with
the optimized membranes were still not good enough to encourage a change over from distillation. Indeed, these rather
unsuccessful efforts eventually resulted in closure of many groups. Currently, only a small number of companies (Sulzer
Chemtech, Ube and Mitsui, Japan and MTR, USA) are active in this area. Thus, despite the advantages of PV and its potential
applicability to a wide range of organic–organic separations of great industrial interest, there are very few known actual
examples of industrial use. Steinhauser et al. [132] have described the separation of an azeotropic mixture of trimethyl borate
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TABLE 5.6
Organic–Organic Separation

System Membrane Used Remark Reference

Butadiene is separated from
its mixture with trans-
2-butene

Polybenzimidazole membrane b¼ 4.9 [134]

1,3-butadiene is separated

from its mixture with trans-
2-butene

PVC membrane Separation of dienes from mono-olefins [135]

Removal of methanol from

organic mixture

Membrane prepared my plasma polymerization High a and flux for methanol reported [136]

Separation of organic–organic
mixture

Various organic and inorganic membranes Review on current scientific and technological
factors governing separation of organic mixtures

[137]

Toluene=heptane Polyacrylonitrile composite membrane High selectivity and high permeate fluxes were
obtained

[138]

Separation of MeOH-

hydrocarbon and EtOH–
ETBE mixtures

Plasma polymerized PERVAP 1137 High methanol=MTBE and ethanol=ETBE

selectivities. PVþ distillation more economical

[139]

Separation of alcohol toluene
mixture

N-acetylated chitosan membrane Additional acetyl groups in the membrane decreased
the flux but increased a

[140]

N-butyl acetate-n-butanol-
methyl acetate-methanol

Sulzer Pervap-2255 membrane Combination of reactive distillation and
pervaporation allowed 100% conversion

[141]

Pervaporation of methanol-

methyl acetate binary
mixtures

Cuprophane membranes Experimental fluxes and selectivities of the

permeating components were determined and
evaluated on the basis of the feed mixtures and
membranes. The effect of vacuum=pressure on total

flux and selectivity is discussed

[142]

Separation of organic–organic
mixture

Hydrophilic polymer membrane Review: Mass transfer analysis of pervaporation [80]

MeOH-cyclohexane, EtOH-

cyclohexane, Me-pentane,
and MeOH-MTBE

Membrane from a 5% NA cellulose sulfate solution

and 20%–40% solutions of cationic surfactants
e.g., N-dodecylpyridinium chloride or
hexadecylpridinium chloride

In all cases high fluxes and good selectivities at 508C

were found

[143]

Separation of azeotropic
mixtures like water, MeOH,
and EtOH from organic

solvents

Hybrid PVþ distillation systems Applications and flow sheets for hybrid processes [144]

Separation of azeotropic
organic liquid mixtures

PFSA polymer composite membrane The composite membrane gave 4–5 times larger flux
than commercial membrane without appreciable

loss in selectivity. Downstream pressure of ~6.67
KPa had little effect on the total flux

[145]

Methanol-benzene and
methanol-toluene

Regenerated cellulose (cellophane), poly(vinyl
alcohol) (PVA), cellulose acetate (CA), cellulose

triacetate (CTA), two blends of CTA (B1 and B2)
with acrylic acid, poly(dimethylsiloxane) (PDMS),
and linear low density polyethylene (LLDPE)

membrane

Methanol selectivity PVA>CA>CTA>B1>B2.
The influence of the membrane material with

varying solubility parameter is investigated

[24]

1-Methoxy propanol and
water

Polyimide (PI), cellophane, poly(vinyl alcohol)
(PVA), cellulose diacetate (CDA), cellulose

triacetate, two separate blends of cellulose acetate
and CDA with cellulose acetate propionate, and
PVA cross-linked with multifunctional cross-
linkers

The effects of different substitution derivatives of
cellulosic materials were investigated

[74]

1-Methoxy propanol and
water

Acrylonitrile-based copolymer membrane 3-D solubility parameter and interaction parameter
values used to explain behavior (selectivity and
flux). Copolymers of AN showed good selectivity

with reasonable flux

[15]

(continued )
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TABLE 5.6 (continued)
Organic–Organic Separation

System Membrane Used Remark Reference

IPA=benzene, IPA=toluene Regenerated cellulose (cellophane), poly(vinyl
alcohol) (PVA), cellulose acetate (CA), cellulose
triacetate (CTA), two blends of CTA (B1 and B2)
with acrylic acid, poly(dimethylsiloxane) (PDMS),

and linear low density polyethylene (LLDPE)
membrane

The IPA selectivity performance was:
cellophane> PVA>CA>CDA>CTA

[26]

Methanol-toluene Acrylonitile-based copolymer membrane The permeation, selectivity, and flux variation with

methanol concentration has been explained using
the solubility parameter approach

[15]

Benzene and cyclohexane

mixtures

Copolymers of acrylonitrile with styrene, methyl

methacrylate, and vinyl acetate

Copolymers of acrylonitrile with methyl

methacrylate and vinyl acetate showed good
selectivity and moderate flux

[146]

Methanol removal from

mixtures with toluene,
MTBE, IPA, and acetonitrile

Polypyrrole membrane doped with

hexafluorophosphate (I) and p-toluenesulfonate (II)

Membrane (I) gave high selectivity and acceptable

flux

[147]

Separation of organic liquid
mixtures

Liquid crystalline polymer networks Change in selectivity from H2O selective to
ethanol selective at the nematic-isotropic transition

temperature

[148]

Separation of the
benzene=cyclohexane

mixtures

Poly(methyl methacrylate) (PMMA) and poly(ethyl
methacrylate) (PEMA) cross-linked with ethylene

glycol dimethacrylate (EGDM)

The depression of swelling of membranes with the
increase of the cross-linker content in the

benzene=cyclohexane mixtures enhanced benzene
permselectivity

[149]

Special Applications

Petroleum Industries

System Membrane Used Remark Reference

Design and analysis of

combined distillation and
pervaporation processes for
methanol=DMC,

methanol=MTBE, and
IPA=water

Cross-linked PVA (PERVAP 1510) and plasma

polymerized PERVAP 1137

Hybrid PVþ distillation has better economics

particularly in terms of low premium energy
requirement

[150]

Sulfur removal from gasoline Copolymers of AN with HEMA=MMA b¼ 1.5–15 [151]

General and Review Articles

System Membrane Used Remark Reference

Development in membrane
technology

Polymeric and ceramic membranes Review (German) [152]

PV and other membrane
separations

Polymer grafted membrane An overview of selected membrane techniques for
environmental applications

[153]

Production of desalinated

water from highly
contaminated water

Polyetherimide-based polymer film of 40 mm

thickness

Measured fluxes are independent of severe fouling

and virtually independent of concentration up to
100 g=L total solids

[154]

Separation of ethanol from a
real yeast solution

PDMS composite membrane With the increase of glucose concentration from
0 to 100 g=L, the total flux decreases by 25%

but the separation factor for ethanol increases from
7.7 to 10

[155]

Solvent recovery Polymeric membrane Review (Chinese) [156]

Separation of organic
mixtures

Facilitated transport supported liquid membrane
(FTSLM)

Some examples of separation of organic compounds
from mixtures (p-xylenes=m-xylenes,
benzene=cyclohexane) were discussed, including

separation of organic gases, wastewater, and
organic solutions

[157]

Organic–water Dehydration of organics and organic removal from
aqueous streams

Review (Chinese) [158]
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and methanol using vapor permeation unit. VP is the analog of PV wherein the feed is vapor instead of liquid. Another
documented application is in the manufacture of MTBE and ETBE. Both these ethers form an azeotrope with the alcohol. In a
detailed engineering study Hommerich [133] has shown that PV can be advantageously used in a large-scale plant with
significant savings in operating costs.

With the rising cost of crude oil and hence that of fuel, distillation may be placed at a greater disadvantage because of its
energy intensive nature. PV, with its low-operating costs is most likely to receive a revived interest. Particularly important
applications of interest will be separation of organic azeotropes and close boiling mixtures. A concerted effort is needed to
develop membranes with higher selectivities than the currently available one to ensure that PV does not remain a small-scale
application [59].

NOMENCLATURE

ai activity of component i
Aii,Aij,Ajj, Aji,Bij,Bji diffusional interaction parameters in Section 5.2
Ai plasticization coefficient (m3=mol)n in Equations 5.15 and 5.17
C3(r, o) molar concentration at the pore outlet (mol=m3)
C3(r, z) molar concentration in the cylindrical pore at a point (mol=m3)
Cbi concentration of component i in the bulk in Equation 5.6 (mol=m3)
Cfi concentration of selectively permeating solute i in the feed in Equation 5.28 (mol=m3)

Cpi membrane phase concentration of ‘i’ in the permeate side in Equation 5.28 (mol=m3)
Cmi concentration of a component i in the membrane in Equation 5.6 (mol=m3)
Cm membrane phase concentration of the solute in Equations 5.7 and 5.8 (wt. fraction)
Cb bulk liquid phase concentration of the solute in Equation 5.8 (wt. fraction)
CT total concentration of the solute in the membrane in Equation 5.7 (mol=m3) (wt. fraction)
Cz weight fraction of solute in zeolite phase
D diffusion coefficient (m2=s)
Di diffusion coefficient of component i (m2=s)
Dio diffusion coefficient of component i at infinite dilution (m2=s)
Djo diffusion coefficient of component j at infinite dilution (m2=s)
dpore pore diameter (m)
DHf heat of fusion of polymer in Equation 5.13 (kJ=kmol)
HM Henry’s constant in Equation 5.8 (�)
Ji flux of component i (kg=m2s) (mol=m2s)
K sorption coefficient for the solute in the polymer in Equation 5.6 (�)
ko overall mass transfer (m=s)
Ko overall mass transfer coefficient in Equation 5.29 (m=s)
kL fluid to membrane mass transfer coefficient in Equation 5.29 (m=s)
kdi, kdj constants in Equations 5.18 through 5.21
L thickness of membrane in Equation 5.28
Mc molecular weight between two cross-links
MV molecular weight of repeating unit of polymer (kg=mol)
n constant in Equation 5.15

TABLE 5.6 (continued)
Organic–Organic Separation

General and Review Articles

System Membrane Used Remark Reference

Separation of liquid mixture Application of PV and VP General review, examples of polymers for membrane
preparation, as well as performance parameters of
pervaporation and vapor permeation membranes,
are described

[159]

Esterification=alkylation,
deNOx reaction,
hydrogenation, and

dehydrogenation studied

Zeolite molecular sieve membrane It is found that zeolite membranes, disk, and coating
show high performance or potential as catalysts
compared with conventional catalysts

[160]
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n1, n2 number of moles of component 1 and 2, respectively, in Equation 5.4
ni ratio of molar volume of polymer to solute in Section 5.2
Pi

C critical (partial) vapor pressure of component i in Equation 5.35
Pi

o partial pressure of component i at equilibrium state in Equation 5.35
p2 effective pressure (atmospheric pressure=ROpressure) of A and B at the pore inlet in Equation 5.1 (�)
p3 effective pressure (atmospheric pressure=RO pressure) of A and B at the pore outlet

in Equation 5.1 (�)
R, z cylindrical coordinates (m)
R universal gas constant (8.314 kJ=kmol K)
S sorption coefficient in Equation 5.29 (�)
SA sorption coefficient for A (�)
SB sorption coefficient for B
T temperature (K)
Tm melting temperature of the crystalline phase (K)
U solution velocity in pore (m=s)
Vi molar volume of component i (cm3=mol)
V1,V2 molar volumes of components 1 and 2, respectively, in equations in Section 5.2 (m3=mol)

GREEK LETTERS

aS sorption selectivity (�)
aD diffusional selectivity (�)
ao overall selectivity (�)
b separation factor defined by Equation 5.33 (�)
xAB, xAM friction constants between A
xip interaction parameter for component i (�)
d overall solubility parameter (MPa)1=2

dp length of the pore (m) in Equation 5.1
dd contribution of dispersive force toward solubility parameter (MPa)1=2

dh contribution of hydrogen bonding toward solubility parameter (MPa)1=2

dp contribution of polar forces toward solubility parameter (MPa)1=2

Fp volume fraction of the polymer (�)
h solution viscosity in the pore (Pa s)
l fraction of noncrystalline polymer in Equation 5.13 (�)
Dm chemical potential difference between the two phases in Equation 5.10
rp polymer density (kg=m3)
sp surface tension of liquid in pore (N=m) in Equation 5.35

ABBREVIATIONS

A solute, A
ABE acetone–butanol–ethanol
AN acrylonitrile
B solute, B
CA cellulose acetate
CDA cellulose diacetate
COD chemical oxygen demand
CP concentration polarization
CPI chemical process industries
CTA cellulose triacetate
EA ethyl acetate
EB ethyl butyrate
EGDM ethylene glycol dimethacrylate
EP ethyl propionate
EPDM ethylene propylene diene
ETBE ethyl tert-butyl ether
FTSM facilitated transport supported liquid membrane
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HEMA hydroxyethyl methacrylate
IPN interpenetrating polymer networks
LDPE low density polyethylene
MARS membrane aromatic recovery system
MF microfiltration
MMA methyl methacrylate
MS mild steel
MTBE methyl tert-butyl ether
NBR N-butyl rubber
NR natural rubber
NRS nonrenewable resources
PAA poly(acrylic acid)
PCE perchloroethylene
PDMS poly(dimethylsiloxane)
PEBA poly(etherimide block polymer)
PEMA poly(ethyl methacrylate)
PFSA perfluro sulfonic acid
PMMA poly(methyl methacrylate)
POMS poly(octyl methyl siloxane)
PP poly(propylene)
PSCF preferential sorption–capillary flow
PSI pervaporation separation index
PV pervaporation
PVA poly(vinyl alcohol)
PVC poly(vinyl chloride)
RO reverse osmosis
RTV room temperature vulcanization
SBR styrene butadiene rubber
D signifies difference in two properties
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6.1 INTRODUCTION

Ceramic membranes offer significant advantages of polymeric membranes in many applications where the last ones cannot
withstand operating conditions (pH, temperature, chemicals, etc.). Indeed polymeric membranes are still cheaper to produce
than ceramic membranes and are commercially available in a large range of polymeric materials and module geometry.
Nevertheless, a technical and economical comparison between different membrane processes must take into account both
investment and maintenance costs. Investment involves the cost of equipments for pretreatment and posttreatment of fluids in
addition to the cost of the membrane plant. Maintenance includes replacement of membranes, electricity consumption, cleaning
products, and labor costs. Accordingly, a comparison of overall costs, including membrane lifetime, cleaning procedures,
and pretreatment requirements, may be in favor of inorganic membranes in a number of applications. Moreover, the technical
progress made in the fabrication of ceramic membranes with production costs getting closer to those of many polymeric
membranes explains why they are entering markets much broader than those accessible to the first generation of ceramic
membranes.

Porous ceramic membranes are now widely applied in microfiltration and ultrafiltration, and they are getting to enter the
nanofiltration domain. In fact, the structure of ceramic membranes readily changed since their first development. Membrane
elements have gained higher compaction and are now produced with pore sizes down to the microporous range referring to
IUPAC classification. Actual ceramic membrane elements are composed of a macroporous inorganic material (with a flat,
tubular, multichannel, or monolithic geometry) supporting a multilayer porous ceramic structure exhibiting a non-deformable
porosity with pore sizes ranging from macropores to micropores. Ceramic membrane elements are the basic units in which mass
transfer and separation obey different transport mechanisms relating first to membrane physical characteristics (pore size,
porosity, and membrane thickness), then to physicochemical interactions between feed liquid and membrane surfaces, and
finally to hydrodynamics in the element. Most often, commercial ceramic membrane modules are made of a stainless steel
housing containing one or several membrane elements. Beyond the current porous ceramic membranes devoted to liquid
filtration, new generations of microporous or dense ceramic membranes are likely to develop for gas and vapor separation or
biological and chemical catalytic reactors. In particular, much attention has been paid recently to dense ceramic membranes
exhibiting high oxygen or hydrogen separation selectivity in view of applications in new technologies for power generation.
Transport mechanisms in these dense ceramic membranes are based on ion conduction in the solid at high temperature.

This chapter is divided in three main parts. A current status of ceramic membrane technology is presented in the first
part dealing with the description of commercially available ceramic membrane elements and modules as well as a brief
overview of basic transport and separation mechanisms of these membranes. The second part looks through the current
applications of ceramic membranes that have been classified into three domains: treatment of wastes, processing of liquids, and
recovery of products. The third and last part of this chapter presents recent developments and prospects in the segment of
ceramic membrane technologies. Part of these new developments anticipate the emergence of new ceramic membranes
exhibiting a higher selectivity and able to withstand much severe working conditions than currently available ceramic
membranes.

6.2 CERAMIC MEMBRANE TECHNOLOGIES

6.2.1 DESCRIPTION OF CERAMIC MEMBRANES

Currently available ceramic membranes are generally made up of a macroporous support, one or several macroporous
intermediate layers, and a meso- or microporous top-layer. A comprehensive description of ceramic membrane top-layers
can be found in a number of papers, reviews, and books [1–7]. In these publications, data are mainly devoted to the membrane
top-layer, but less information is available on ceramic membrane elements. These elements may differ in structural shape and in
chemical composition. The production of membrane elements combines the utilization of processing technologies such as
ceramic paste extrusion for supports, slip-casting of powder suspensions for microfiltration layers [2], or solgel processing [8]
of colloidal suspensions for ultra- or nanofiltration layers. The latest developments of ceramic membranes also include dense
ion-conducting materials used for gas separation at high temperature. At the commercial level, ceramic membranes are
available as modules made up of a rigid casing that contains one or several membrane elements.

6.2.1.1 Membrane Elements

Although some ceramic membrane elements are proposed with a flat geometry, most of them exhibit a cylindrical shape for a
multichannel element (Figure 6.1). The reason for that is the much better mechanical properties obtained for cylindrical-shaped
ceramics and the easier sealing of the elements compared to flat shapes.

Since their early development, the geometrical and structural characteristics of ceramic membrane elements have readily
changed (Figure 6.2). Originally, they were prepared as single tubes with an inside diameter ranging from ~6 to 15 mm and a
wall thickness of about 2 mm. These ceramic tubes are still available from some suppliers, but the main handicaps with such
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tubular geometry are the high element volume to membrane surface ratio and the high liquid flow required for module feeding.
The problem was solved rapidly by developing multichannel geometries as shown in Figure 6.2a. Actually, channels of a few
millimeters in diameter minimize both the volume to membrane surface ratio and the feed flow inside the modules. Later on, the
volume to membrane surface ratio was still increased by changing the cylindrical shape of the channels for non-cylindrical
flower-like geometries, optimizing both space occupancy of the membrane and channel wall thickness in the element
(Figure 6.2b). Recently, monolithic structures (Figure 6.2c) with a high density of cells and thin walls led to much larger
hydraulic section and high membrane surface per element. Such an evolution of element geometry has resulted in a significant
improvement of the filtration capability of ceramic membranes. All these ceramic membrane elements are currently available on
the market. A number of relevant examples showing the evolution of these products are discussed hereafter [9].

Originally, multichannel ceramic membranes have been produced at the industrial scale by SCT-Exekia and Orelis
in France with commercial elements registered, respectively, as Membralox and Kerasep. The membrane filtration area in
this case can reach 0.35 m2=element depending on channel diameter and the number of channels per element. FILTANIUM
elements, representative of flower-like geometries, have been produced more recently by TAMI industries in France (Figure
6.3). These elements with a cross-section diameter of either 10 or 25 mm exhibit a number of channels that vary from 3 to 39
and a membrane filtration area of 0.5 m2 for the largest elements. The increase in membrane surface compared to equivalent
cylindrical-shaped channels can be estimated at 30%.

The more recent monolithic structure (Figure 6.2c) results in a significant increase in surface to element volume ratio
compared to the previous geometries. A typical monolith membrane element has multiple square-shaped parallel passage ways
separated by porous walls through which permeate is drained at the exterior of the element. The tight arrangement of cells with
a small cross-section area generates an efficient turbulent flow in the channels, a reduced pumping energy for feed flow, and a
high filtration surface per element. Manufacturing of these large monoliths, up to 200 mm in diameter and 1.50 m long, has
been successfully achieved by a number of companies mentioned in Table 6.1. The image of such full-size 10.7 m2 membrane
element from CeraMem (Waltham, Massachusetts) is displayed in Figure 6.4.

However, there is a limitation in increasing the diameter of monolith membrane elements. The upper limit is when the
hydraulic resistance of the porous walls becomes higher than the hydraulic resistance of the membrane top-layer developing in
the element. A solution to this problem was found by introducing permeate conduits within the monolith. An example of such
monolith design, patented by CeraMem, is given in Figure 6.5. Permeate conduits are obtained by cutting slots on both ends of
the monolith, and sealing the ends of these slots. Then the cells at the opposite end of the monolith, opening into the slots are
sealed. After sealing the slots=cell opening at both ends of the monolith, it is coated with membrane.

Feed flow

Permeate
flow

Retentate
flow

Cylindrical shaped
membrane element

Channel

FIGURE 6.1 Schematic representation of the multichannel structure of a ceramic membrane element.

(a) (b) (c)

FIGURE 6.2 Evolution of the geometry of ceramic membrane elements. (a) Conventional cylindrical-shaped channels; (b) flower-like
designed channels; and (c) honeycomb-type structure.
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Hollow fiber (outer diameter <0.5 mm) and capillary (outer diameter >0.5 mm) ceramic membranes constitute the very last
development in the field of inorganic membranes. As for polymer hollow fiber membranes, a large surface=volume ratio is
expected for the modules as well as the possibility of keeping uppermost properties of ceramics, i.e., high mechanical,
chemical, and temperature resistance. Interestingly, ceramic hollow fibers or capillaries with an asymmetric structure (Figure
6.6a) have been obtained in single-stage process and used as support for coating of microporous membrane top-layers [10].
CEPAration, newcomer on the ceramic membrane market, has developed compact and low-cost ceramic filters based on hollow
fiber and capillary ceramic membranes. The modules ranging from 0.05 to 1 m2 are claimed to be suitable for micro-, ultra-, and
nanofiltration. Certain modules can be specially designed for gas separation and high-temperature applications up to 7008C.
Polymeric resin or ceramic potted inserts of such ceramic hollow fibers or capillaries, suitable for plastic or stainless steel
housing, are shown in Figure 6.6b and 6.6c.

6.2.1.2 Porous Membrane Structure

Homogeneous ceramic porous structures with pore diameter larger than 1 mm can be used directly for microlfiltration,
however, most of ceramic membrane elements are constructed from supported multiple ceramic layers constituting an
asymmetric porous structure. Scanning electronic microscopy (SEM) images are shown in Figure 6.7 of asymmetric
or homogeneous porous structures encountered in glass, carbon, or ceramic membrane materials. The most common ceramic
materials used for ceramic membranes and support fabrication have been alumina, titania, and zirconia. Cordierite, silicon
carbide, and silicon nitride have been used more recently, in particular for membrane monoliths. Glass as a homogeneous
porous material may also be included in the category of available inorganic membrane materials. To a less extent, metallic or
carbon macroporous materials may be mentioned as other types of support elements used for ceramic membrane deposition.

The porous structure of ceramic supports and membranes can be first described using the IUPAC classification on porous
materials. Thus, macroporous ceramic membranes (pore diameter >50 nm) deposited on ceramic, carbon, or metallic
porous supports are used for cross-flow microfiltration. These membranes are obtained by two successive ceramic processing
techniques: extrusion of ceramic pastes to produce cylindrical-shaped macroporous supports and slip-casting of ceramic
powder slurries to obtain the supported microfiltration layer [2]. For ultrafiltration membranes, an additional mesoporous
ceramic layer (2 nm< pore diameter <50 nm) is deposited, most often by the solgel process [11]. Ceramic nanofilters are
produced in the same way by depositing a very thin microporous membrane (pore diameter <2 nm) on the ultrafiltration layer
[4]. Two categories of micropores are distinguished: the supermicropores >0.7 nm and the ultramicropores <0.7 nm.

FIGURE 6.3 Ceramic membrane elements with a flower-like geometry, from TAMI industries.
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TABLE 6.1
Characteristics of Inorganic Membrane Products Currently Available on the Market

Manufacturer Trade Name Membrane Material Pore Size Shape

Asahi Glass Glass 0.1–1.4 mm Tube
Atech SiC=SiC 0.05–1.0 mm Tube

Al2O3 Mutichannel
Bekaert SS fiber media Macroporous Tube

CEPAration Al2O3 0.3–40 nm Hollow fiber
CeraMem Cordierite=SiC Monolith
CERASIV Al2O3, TiO2, ZrO2 5 nm to 1.4 mm Tube

Multichannel
ECO Ceramics Sephi-Matic Al2O3 6 nm to 0.2 mm Tube, disc
Fairey Al2O3 0.2–0.35 mm Multichannel

Fuji Filters Glass 4–90 nm Tube
LiqTech CrystaMem SiC 0.5–0.5 mm Monolith
MAST Carbon Novacarb Carbon 4–20 mm Tube

Microporous Multichannel
Monolith

Mitsui Zeolite Ultramicropous Tube
Multichannel

NGK Al2O3 Macroporous Monolith
NOK Al2O3 0.2–6 mm Tube
Pall Exekia MEMBRALOX Al2O3=ZrO2 20–100 nm Multichannel

Al2O3=Al2O3 0.1–5 mm
Pall PMF SS fiber media Macroporous Pleatable media

AccuSep TiO2, ZrO2, Ag 1–300 kDa Disk

Novasep Orelis CARBOSEP Carbon=ZrO2 1.5 kDa to 0.14 mm Tube
KERASEP Al2O3=TiO2=ZrO2 0.5 kDa to 0.8 mm Multichannel

Sterlitech ATZ 0.14–14 mm Disk
TiO2, ZrO2, Ag 1–300 kDa

0.2–5 mm
Sulzer SiO2 Micropous Tube

Zeolite Ultramicropous Multichannel

Sumitomo Poreceram Si3N4 50–200 nm Monolith
Synkera Tech Al2O3 (anodic) 18–80 nm Disk
TAMI FILTANIUM TiO2 0.14–1.4 mm Tube

1–300 kDa Multichannel
Whatman ANOPORE Al2O3 20 nm to 0.2 mm Disk

FIGURE 6.4 Image of a monololith membrane element, 150 mm in diameter and 1.5 m long, produced by CeraMem.
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FIGURE 6.5 Details of the structure of a monolithic ceramic membrane element with filtrate conduits, from CeraMem.

(a) (b) (c)

FIGURE 6.6 Asymmetric structure of a ceramic hollow fiber (a) from the Fraunhofer IGB (Stuttgart). Ceramic hollow fiber (b) and capillary
(c) membrane inserts from CEPAration.

(a) (b)

(c) (d)

FIGURE 6.7 Scanning electronic microscopy images of inorganic membrane porous structures: (a) asymmetric alumina structure;
(b) asymmetric carbon structure; (c) homogeneous alumina structure; and (d) homogeneous glass structure.
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Ultrafiltration with ceramic membranes is based on mesoporous top-layers. Mesoporosity usually results from residual
spaces created between ceramic particles during sintering. Pore sizes are determined by particle size and sintering procedure,
while pore geometry depends on particle shape or template effect. A bottleneck geometry (Figure 6.8a) is representative of
pores resulting from sintering of almost spherical particles, for example, this is the case of porous structures obtained with
titania, zirconia, or a-alumina particles. When membrane top-layers are produced from platelets suspensions, like clays or
g-alumina particles, slit pore shapes are obtained (Figure 6.8b). More recently, defined pore geometry and regular porous
structures have been formed by templates in solgel templated processing methods [12,13]. For example, a cylindrical pore
shape may be obtained with lyotropic liquid crystal phases or block copolymer templates (Figure 6.8c).

Presently, plenty of works on microporous inorganic membrane materials are intended to the development of nanofiltration,
gas and vapor separation membranes [7]. Two categories of pores are distinguished in microporous inorganic membranes, those
resulting from the arrangement and sintering of ceramic oxide nanoparticles and those created during the formation of the
intrinsic structure of materials. The ceramic oxide nanoparticles are typically obtained by the solgel process from colloidal
suspensions in which particle sizes do not exceed 10 nm [4] or by CVD infiltration techniques [14,15] (Figure 6.9a). One
specific feature of these nanograined microporous structures is the presence of a large proportion of surface atoms, 30%–60%
for individual grains smaller than 10 nm. Such elevated proportion of surface atoms in the microporous structure of ceramic
nanofilters will have a strong influence on mass transport. The second category of micropores is an integral part of the structure
of membrane materials such as in zeolite [16] (Figure 6.9b), or carbon materials [17]. For zeolite membranes, top layers are
prepared by growth and interpenetration of zeolite crystals under hydrothermal conditions. These layers are supported on=in
macroporous ceramic or metal elements. In carbon membranes, the microporous top-layer is generally obtained from
graphitization at high temperature of an organic resin. These different microporous structures can be divided in two categories
of pore: the supermicropores from 2 to 0.7 nm and the ultramicropores for pores <0.7 nm. Due to the very small size of the
pores, surface interaction forces in liquid media or surface adsorption phenomena in gas and vapor media will have a strong
effect on mass transfer with these membranes.

6.2.1.3 Dense Membrane Structure

Mixed ion and electron conducting (MIEC) or purely ion-conducting ceramics are emerging as an important class of dense
inorganic membranes with many potential applications, particularly in the petrochemical and energy sectors [18]. Actually,
these membranes are investigated as a potentially economical, clean, and efficient means of producing oxygen by separation
from air, and in the future may be for producing pure hydrogen and syngas from industrial processed gases. Membrane design
for MIEC ceramic membranes has followed a parallel way to the development of solid oxide fuel cells exhibiting a flat or

Packing of particles

Bottleneck
pore shape

Packing of platelets

Slit pore shape

Cylindrical
pore shape

Ordered mesoporous
structures from

lyotropic liquid crystal
mesophases

(a) (c)

(b)

FIGURE 6.8 Geometry of pores resulting from different particle shapes and processing methods. (a) Bottleneck pore shape; (b) slit pore
shape; and (c) ordered porosity.
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tubular geometry. Up to now these membranes have been studied mainly on the laboratory scale, however, recent achievements
in pilot plants development have been mentioned in relation to hydrogen and syngas production. Air Products & Chemicals and
partners have produced planar membranes while Praxair showed tubular membranes up to 2 m in length [19]. Tubular
membranes have potential advantage of simpler membrane design based on ceramic membranes currently produced for liquid
filtration. This could allow faster ceramic fabrication scale-up and development. However, the special microchannel geometry
designed by Air Products & Chemicals for planar membranes brings the advantages of superior heat and mass transfer, and
higher membrane surface area to system volume ratio leading to more compact system design.

The different membrane concepts currently investigated for selective oxygen transport are shown in Figure 6.10. In the
conventional membrane concept, the membrane element consists of a self-supported thick (tubular) material or can be
supported as a thin top-layer on a porous support (Figure 6.10a). In advanced designs, the structure of the membrane is
made of a dense core material with two porous interfaces made of the same material (mixed ionic–electronic conductive
ceramic) in contact with gas phases (Figure 6.10b). The porous interface exhibits a graded porosity and its role is to increase, on
one side, the conversion of oxygen molecules from air to ionic species, which are selectively transported in the membrane and
converted to oxygen molecules or oxidative species on the other side. A second case is when the two porous interfaces, acting
as mixed ionic–electronic conducting electrodes, are made of materials different from the membrane (purely ion-conducting
electrolyte), as shown in Figure 6.10c for the oxygen pump application.

6.2.2 MASS TRANSFER AND SEPARATION PROPERTIES

This brief overview of mass transfer and separation mechanisms involved in ceramic membrane processes will be useful not
only for a better understanding of actual operating conditions of ceramic membranes, but also for anticipating future
applications. For example, a same microporous membrane can serve theoretically as liquid or gas separation membrane.
However, transport mechanisms and operating conditions being totally different, a good membrane permeability and selectivity
in the former case cannot be systematically transposed to the second case.

In liquid filtration using micro-, ultra-, and nanofiltration porous membranes, the driving force for transport is a pressure
gradient. Solvent permeability and separation selectivity are the two main factors characterizing membrane performance.
Convective flux is predominant with macroporous and mesoporous membrane structures, the selectivity being controlled by a

(a) (b) 

Micropore

Surface
atoms

Nanograin Zeolite skeletonUltramicroporous
channel

FIGURE 6.9 Microporous membrane structures: (a) resulting from packing and sintering of ceramic nanoparticles and (b) ultramicroporous
channels in the crystalline structure of a zeolite.
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sieving effect. In the case of microporous membranes, additional contributions to solute transport and separation
must be introduced accounting for diffusive flux and charges exclusion when the solutes and the membrane are carrying
electrical charges. Basically, the intrinsic membrane characteristics (pore size, porous volume, thickness, etc.) and operating
conditions (transmembrane pressure, cross-flow velocity, concentration polarization, etc.) are the as many parameters influen-
cing permeability and selectivity. Moreover, when real fluids are processed, fouling phenomena due to the accumulation
of filtered matter on=in the membrane results in an additional resistance to permeate flux and even in a modification of
selectivity. Fouling is a reversible effect as far as effective cleaning procedures can be applied to recover initial permeate flux
(see Section 6.2.3.3).

In gas and vapor separation with microporous ceramic membranes, the driving force is still the pressure gradient across
the membrane, but this parameter is not a determinant for mass transfer as in liquid filtration. Depending on pore size,
viscous flow, Knudsen flow, or configurational diffusion are the main mechanisms involved in gas transport. For condensable
gases and vapors, adsorption phenomena, surface diffusion, and capillary condensation are other factors influencing molecular
separation. In other respects, gas separation with dense ceramic membranes is a totally different mechanism based on
ionic transport through a dense ceramic structure. The chemical potential or the electrical field gradient across the dense
membrane material determines the selective transport of ionic species. The chemical and crystalline structure stability as well
as the mechanical resistance under operating conditions are the major parameters quantifying the performance of dense
inorganic membranes.

6.2.2.1 Liquid Filtration

Microfiltration and ultrafiltration are the two main filtration techniques for which ceramic membranes have been widely used to
date. As described in Section 6.2.1.2, MF and UF ceramic membranes exhibit macro- and mesoporous structure, respectively,
which result from packing and sintering of ceramic particles. Liquid flow in such porous media is convective in nature and the
simplest description of permeation flux, J, is given by the Darcy’s equation [20]:

J ¼ �Lp dP=dx (6:1)

where
Lp (m

3=m2 Pa s) is the permeability coefficient
dP=dx is the driving force expressed as the pressure gradient across the membrane

In fact Lp contains information about the porous structure (porosity, pore size, and tortuosity) of the membrane as well as the
viscosity of the filtrated liquid varying nonlinearly with the temperature. For the sake of comparison between membranes
exhibiting different thicknesses, the membrane thickness Dx can be introduced in the permeability coefficient whose dimension
becomes (m3 m=m2 Pa s).

In the case where pore can be considered as cylinders with the same radius, the volume flux through the pore may be
described by the following Hagen–Poiseuille equation, for example, when the porous structure is obtained by a templating
method, as shown in Figure 6.8c:

J ¼ «*r2

8ht
DP

Dx
(6:2)

where
«* is the surface porosity
r is the pore radius
h is the viscosity of the filtrated liquid
t is the pore tortuosity
DP is the pressure gradient across the membrane
Dx is the membrane thickness

The surface porosity is equal to the ratio of the pore area to membrane area multiplied by the number of pores. In most cases
volume flux through ceramic membranes can be best described by the Kozeny–Carman relationship, which corresponds to a
system of close packed spheres (see Figure 6.8a):

J ¼ «3

KhS2 1� «ð Þ2
DP

Dx
(6:3)
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where
« is the volume fraction of the pores
S is the internal surface area
K is the Kozeny–Carman constant, which depends on the shape of the pores and the tortuosity

Equations 6.1 through 6.3 are no more applicable for low UF and NF ceramic membranes, typically when pore sizes are
close or in the nanometer range. In this case, surface energy and electrostatic interactions influence mass transfer and
retention in a non-negligible manner. In aqueous media, ceramic oxide surface exhibits an amphoteric behavior leading to a
negatively or positively charged surface double layer (Figure 6.11) depending on the pH of the feed liquid and the isoelectric
point of the ceramic in contact with this liquid. Accordingly, an electrical potential, also called zeta potential, establishes
between the charged double layer and the solution, whose barrier intensity depends on the ionic strength of the solution.
When pore radius is in the same order of magnitude than the zeta potential barrier, transport of ionic species is affected by the
fixed charge of the membrane. Ions with the same charge as the fixed ions in the membrane are excluded and cannot pass
through the membrane. This effect is known as the Donnan exclusion and can be described by equilibrium thermodynamics
from which the chemical potential of the ionic species can be calculated in the membrane and in the solution, and then the
concentration of the different species. If the concentration in the feed is low and the concentration of the fixed charge is high,
the Donnan exclusion is very effective.

When a driving force (transmembrane pressure) is applied to these low UF and NF membranes, a basic irreversible
thermodyamics approach is most often used to describe the solvent flux, which can be calculated by using Equation 6.4:

JV ¼ LP
Dx

(DP� sDP) (6:4)

In this equation compared to Equation 6.1, the osmotic pressure, DP, of the feed solution and a reflexion coefficient, s, have
been introduced to account for the counter flux due to the difference in concentration of small solutes (molecule or ion) between
the feed phase and the permeate phase.

Concerning the transport of solute, a first equation can be written for neutral species that accounts for the diffusion and the
convective transport of species through the membrane:

JS ¼ v(Cm � Cp)þ (1� s)JVC (6:5)

-OH2
+

- O-

- O-

Cl-

Cl-

Na+

Na+

-OH2
+

- O

- O-

Cl-

Cl−

Na+

Shear plane
s0 sb sd

B
ul

k
liq

ui
d

Stern layer

Structured water

Gouy layer

H2O
H2O

H2O
H2O

H2O H2O

H2O
H2O

H2OH2O
H2O

H2O

H2O

−OH2
+

−OH2
+

−O−

−O−

Cl−

Na+C
er

am
ic

 o
xi

de
 s

ur
fa

ce +

−

FIGURE 6.11 Schematic representation of positively or negatively charged double layer forming in aqueous media on ceramic oxide
surface in presence of electrolytes.
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where
v is the permeability coefficient
(Cm�Cp) is the concentration gradient across the membrane
C is the mean concentration in the membrane for the solute

For electrically charged membranes and when ionic solutes are present in the feed liquid, transport for each species should be
appropriately described by the general Nernst–Plank equation:

ji ¼ �Di,p
dci
dx

� ziciDi,p

RT
F
dc

dx
þ Ki,cci jV (6:6)

where
Dip is the diffusion coefficient of species i in membrane pores
ci is the concentration of this species in the membrane and zi its charge number
F is the Faraday constant
c is the electrical field
Kic is the friction coefficient due to convective transport of species by the volume flux jV

Actually, as schematized in Figure 6.12, species will be retained by the membrane according to their size (sieving
effect) or to their electrical charge (Donnan exclusion). Accordingly, ionized small molecules can be retained even if they
are smaller than pore size. For a mixture of multivalent and monovalent co-ions in the feed, mulitivalent co-ions are
retained due to their higher electrical charge, while a part of monovalent co-ions pass through the membrane with counterions
to fulfill charge equilibrium criterion on both sides of the membrane. This may lead to a negative retention of monovalent
co-ions.

Retention of ionic species modifies ionic concentrations in the feed and permeate liquids in such a way that osmotic
pressure or electroosmotic phenomena cannot be neglected in mass transfer mechanisms. The reflexion coefficient, s,
in Equations 6.4 and 6.5 represents, respectively, the part of osmotic pressure force in the solvent flux and the diffusive
part in solute transport through the membrane. One can see that when s is close or equal to zero the convective flux in the pores
is dominant and mostly participates to solute transport in the membrane. On the contrary when s is close or equal to 1, mainly
diffusion phenomena are involved in species transport through the membrane, which means that the transmembrane
pressure is exerted across an almost dense structure. Low UF and NF ceramic membranes stand in the former case due to
their relatively high porous volume and pore sizes in the nanometer range. Recently, relevant results have been published
concerning the use of a computer simulation program able to predict solute retention and flux for ceramic and polymer
nanofiltration membranes [21].

Furthermore, as ceramic membranes offer specific advantages for organic solvents filtration, it is worthwhile considering
the involved liquid=solid interaction phenomena when organic solvents are flowing through porous ceramic oxide structures
made of small mesopores or micropores. The porous structure of ceramic oxide membranes can be considered as a high-
energetic surface medium and the interaction force per interfacial area may be quantified using different surface energy
concepts as the disjoining pressure or the density variation resulting from molecular ordering of solvent molecules at the
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FIGURE 6.12 Schematic representation of retention mechanisms involved in aqueous medium for low UF and NF ceramic membranes.
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solid interface [22]. Accordingly, it is useful to compare solvation forces for aqueous systems and for nonaqueous systems.
In the former case, repulsive hydration forces arise from strongly H-bonding surface groups (��OH for ceramic oxides) and
they are affected by the presence of electrolytes. In the case of nonaqueous liquids in contact with high-energetic surfaces, the
magnitude of attractive (adhesive) or repulsive forces are affected by molecular ordering which in turn depends on the shape
and nature (polar or nonpolar) of molecules. With nonpolar, roughly spherical and rigid molecules like CCl4, benzene, toluene,
or cyclohexane, beyond the adhesive force at the solid interface there is the possibility of a long-range molecular ordering with
a characteristic length of several molecular dimensions. On the contrary, nonpolar, small flexible molecules such as alkanes
may be considered as being internally liquid-like and they have no need to reorder resulting in short-range structure not
exceeding two or three molecular packing dimensions. For polar solvents like alcohols the repulsive solvation forces are
predominant at short distances near the solid interface, while the DLVO theory applies at large distances. Considering now the
change in liquid density profile near the solid interface due to solvation or structural forces (Figure 6.13), it is likely that solvent
flux may be affected when pore sizes are in the same order of magnitude that the characteristic length for molecular ordering at
pore wall surface.

Basically, for nonpolar liquids on more polar substrates, as it is the case for most of organic solvents in contact with a
ceramic oxide surface, substrate-wetting films are stable. From consideration of the surface energies involved in the wetting
processes of solid substrates, it can be readily shown that they can be related to the liquid–vapor surface tension (glv) and
contact angle (u). Thus, a liquid will stick to a solid if u<p corresponding to a work of adhesion,Wa¼ glv (cos uþ 1), and then
for total wetting, u¼ 0 and Wa¼ 2glv. In general, the enhanced attractive interaction between a liquid and a solid substrate
improves wetting. In the case of a porous substrate, a useful parameter accounting for liquid penetration in the pores is the
capillary pressure that must be passed for observing liquid flowing through a membrane:

Pc ¼ 2glv cos u=rp (6:7)

In summary, for ceramic membranes exhibiting low pore dimensions, penetration of liquids including organic solvents in the
membrane pores is governed first by the capillary pressure. This may be the reason why zero flux may be observed at too low
transmembrane pressure with ceramic nanofilters. Moreover, when the characteristic length for molecular ordering at the pore
wall is on the same order as the pore size, the disjoining pressure of wetting films cannot be neglected. It results in repulsive
forces with aqueous or polar solvents having a positive contribution to the driving force, while attractive (adhesive) forces
encountered with nonpolar solvents will have a negative contribution with an additional resistance to permeate flux. Presently,
the few results available in the literature confirm that organic solvent filtration with ceramic nanofilters does not obey the
Hagen–Poiseuille or Kozeny–Carman equations [23]. Actually, finding a reliable relationship, able to describe organic solvent
permeation through low UF and NF ceramic membranes, would require further experimental results.

For all the aforementioned liquid filtration technologies, membrane selectivity is most often expressed as the membrane
retention, R, toward the species to be separated.

R ¼ Cf � Cp

Cf

¼ 1� Cp

Cf

(6:8)

where
Cf is the concentration of the species in the feed
Cp is the species concentration in the permeate
R is the dimensionless parameter that varies from 100% for an ideal semipermeable membrane to 0% when the species

and the solvent pass freely through the membrane
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FIGURE 6.13 Local variation of solvent density near pore walls due to solvation and structural forces.
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6.2.2.2 Gas and Vapor Transport across Porous Membranes

Basic mechanisms involved in gas and vapor separation using ceramic membranes are schematized in Figure 6.14. In general,
single gas permeation mechanisms in a porous ceramic membrane of thickness ‘ depend on the ratio of the number of
molecule–molecule collisions to that of the molecule–wall collisions. In membranes with large mesopores and macropores the
separation selectivity is weak. The number of intermolecular collisions is strongly dominant and gas transport in the porosity is
described as a viscous flow that can be quantified by a Hagen–Poiseuille type law:

jv ¼ «

8ht
r2P

RT‘
DP (6:9)

where
R is the gas constant
T is the temperature
P the mean pressure in the membrane has been introduced to account for specific gas phase behavior in the porosity,

« (Equation 6.9 is similar to Equation 6.2 for liquids)

On the contrary, when the number of molecule to wall collisions is strongly dominant (mesopores), gas transport is
described by the Knudsen flow. According to the Equation 6.10

jK ¼ 2«r
3tuk‘

ffiffiffiffiffiffiffiffiffiffiffiffiffi
8

pRTM

r
DP (6:10)

where
M is the molecular weight of the gas molecule
uk accounts for the wall roughness

In this case the permeation is proportional to the average pore radius r and inversely proportional to M0.5, but is independent of
the mean pressure P that is an important difference from viscous flow. The separation selectivity between two gases will be
proportional to (M2=M1)

0.5. In the case of vapor transport in mesopores, another mechanism that may occur is the capillary
condensation leading to selective filling of pores by a molecule and preferential transport of this molecule.

In comparison with the two previous cases, a much more complex description should be necessary for configurational
diffusion of gases through microporous membranes. Here the driving force must be described in terms of a chemical potential
gradient, which is coupled to partial pressure via adsorption isotherms. In fact, several mechanisms can operate simultaneously
requiring simplifying assumptions. Surface diffusion at low temperature and activated transport at high temperature are the two
mains mechanisms exploited for gas and vapor separation with ultramicroporous membranes, such as zeolite membranes. At
low occupancy of molecules in the pores (Henry regime) the gas flux through the membrane can be described by the general
equation (Equation 6.11):

jg ¼ k
D0K0qsat

‘
exp� Ed � Qa

RT

� �
DP (6:11)
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FIGURE 6.14 Different mechanisms involved in gas and vapor transport through meso- and microporous ceramic membranes.
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where
k is the geometric correction factor
D0 is the intrinsic diffusion coefficient of gas molecules
K0 is the Langmuir constant
qsat is the amount of adsorbed gas
Ed is the activation energy (Arrhenius relation for the diffusion coefficient D)
Qa is the heat of adsorption (van’t Hoff relation for Langmuir constant K)

When kinetic diameters of molecules are almost similar to pore sizes, a molecular sieve effect is observed. In molecular sieve
membranes, such as microporous carbons, the pore opening is sufficiently small relative to the size of the diffusing molecule, so
that repulsive forces dominate and the molecules require activation energy to pass through the constrictions. In this region of
activated diffusion, molecules with only slight differences in size can be effectively separated through molecular sieving.

In summary, one can see that separation selectivity for gas and vapor molecules depends on the category of pores
(mesopores, supermicropores, and ultramicropores) and on the related transport mechanisms. Either size effect or preferential
adsorption effect (irrespective of molecular dimension) is involved in selective separation of multicomponent mixtures. The
membrane separation selectivity for two gases is usually expressed either as the ratio between the two pure gas permeation
fluxes (ideal selectivity) or between each gas permeation flux measured from the mixture of the two gases (real selectivity).
More detailed information on gas and vapor transport in porous ceramic membranes can be found in Ref. [24].

6.2.2.3 Ion-Conducting Membranes

Dense ceramic ion-conducting membranes (CICMs) are emerging as an important class of inorganic membranes based on
fluorite- or perovskite-derived crystalline structures [18]. Most of the ion-conducting ceramics discovered to date exhibit a
selective ionic oxygen transport at high temperatures >7008C. Ionic transport in these membranes is based on the following
successive mechanisms [25]:

1. Conversion of molecular oxygen in ionic species on the membrane feed side

1
2
O2 þ V ..

a þ 2e ! O
.

0 (6:12)

2. Migration of vacancies, V ..

a , in the dense material and transfer of electronic species, e, either in the dense material or in
an external circuitry, depending on the conduction mode (mixed ionic–electronic or purely ionic).

3. Recombination of ionic oxygen species on the permeate side with production of molecular oxygen

O
.

0 !
1
2
O2 þ V ..

a þ 2e (6:13)

The oxygen flux can be pressure or electrically driven as shown in Figure 6.10. For a mixed ionic–electronic conduction,
both ions and electron are transferred in the ceramic under an oxygen pressure gradient. On the contrary, for a purely ionic
conducting material, an external electrical circuitry is used for electron transport. These membranes are very selective and able
to produce pure oxygen (>99%) from air. More recently proton–conducting ceramics at high temperature have been described
in Ref. [26]. Although performances of these membranes need to be improved, a very high selectivity is expected in hydrogen
separation. The flux of oxygen or hydrogen in these membranes is expressed in Equations 6.14 and 6.15:

JO2 ¼ � RT

16F2L

ðpII
O2

pI
O2

titelstd ln pO2 (6:14)

JH2 ¼ � RT

4F2L

ðpII
H2

pI
H2

titelstd ln pH2 (6:15)

where
L is the membrane thickness
pI and pII are the partial pressures of oxygen or hydrogen at the two sides of the membrane
st is the total conductivity
ti and tel are the ionic and electronic transport numbers
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6.2.3 COMMERCIALLY AVAILABLE CERAMIC MEMBRANES AND IMPLEMENTATION IN DEVICES

The number of commercially available inorganic membranes has considerably increased over the past 20 years. Although
ceramic membranes are presently the most widespread on an industrial scale, metallic, glass, or carbon membranes are also for
sale from membrane suppliers. A non-exhaustive list of major inorganic membrane suppliers are given in Table 6.1. Beyond
these inorganic membrane core industries whose activity is focused on membrane and module design, there are a lot of
companies involved in membrane and filtration activities, offering among others inorganic membrane-based technologies.

6.2.3.1 Membrane Modules

As previously mentioned, most of ceramic membrane elements are produced under cylindrical shapes, i.e., tube, multichannel,
and monolith elements. Membrane modules are composed of one or more of these filtration elements, inserted in stainless steel
housing (Figure 6.15). Plastic housings are also used, but stainless steel is often preferred to fully exploit specific properties of
inorganic membranes, in particular, their ability to work in tough chemical and temperature conditions. Sealing of filtration
elements in modules is a critical point so far as it must suit operating conditions of ceramic membranes, i.e., long durability in
use under high temperature, aggressive chemicals, organic solvent environment, sterilization, and cleaning procedures.
Membrane suppliers have their own technology for sealing the membrane elements in modules, which can be more or less
sophisticated depending on the element geometry and the size of the modules.

Compared to modules based on cylindrical elements, flat ceramic membrane modules are not developed in a large extent
and are limited to date to small liquid volume treatment [27]. Flat ceramic membranes are generally implemented as disks in
laboratory scaled cells, offering a limited filtration surface area. Indeed a diameter of 90 mm that is one of the largest available
dimensions for these membrane disks results in a filtration surface of ~56 cm2. Anopore alumina membranes supplied by
Whatman or ATZ ceramic membrane disks with zirconia or titania top-layers from Sterlitech are typical examples of these
commercially available flat ceramic membranes. Sterlitech ATZ ceramic membrane disks and the corresponding membrane
holder are shown in Figure 6.16.

Interestingly, an innovative design has been described recently by the Fraunhofer IGB, Germany [27], allowing the
production of flat membrane modules with an effective filtration area of 1 m2 (Figure 6.17a). This concept is based on novel
flat ceramic supports specially processed to produce corrugated channels and able to receive micro- and ultrafiltration
membranes (Figure 6.17b).

In a general way, most of ceramic membrane modules operate in a cross-flow filtration mode [28] as shown in Figure 6.18.
However, as discussed hereafter, a dead-end filtration mode may be used in some specific applications. Membrane modules
constitute basic units from which all sorts of filtration plants can be designed not only for current liquid applications but also for
gas and vapor separation, membrane reactors, and contactors, which represent the future applications of ceramic membranes. In
liquid filtration, hydrodynamics in each module can be described as one incoming flow on the feed side Qf, which results in two

Sealing
Filtration
element

Housing

(a)

(b)

FIGURE 6.15 Examples of ceramic membrane modules. (a) Multi-elements module from Orelis and (b) single-element module from
CeraMem.
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outgoing flows related to retentate Qr and permeate Qp sides, respectively. The permeation flux J per membrane surface unit is
directly calculated from Qp. Two important parameters account for hydrodynamic working conditions of a module, one is the
flow velocity, n, in the module calculated as the ratio of the incoming flow Qf (m

3=s) by the hydraulic section of the module
V (m2), the other is the transmembrane pressure, Ptm:

Ptm ¼ Pi þ Pr

2
� Pp (6:16)

where
Pi is the incoming pressure of the liquid in the module
Pr the pressure of the outgoing liquid
Pp the pressure in the permeate compartment

6.2.3.2 Modules Arrangement

In industrial plants, ceramic membrane modules are arranged in different ways based on the general principles used for the
design of membrane processes. The simplest module implementation is the dead-end operation mode. Here, the feed is forced
through the membrane, which implies that the concentration of rejected components on the feed side of the membrane increases
continuously and consequently the quality and the flux of permeate decrease with time. The main advantage of the dead-end

FIGURE 6.16 Ceramic membrane disks and membrane holder from Sterlitech.

(a) (b) 

FIGURE 6.17 Flat membrane module with an effective membrane area of 1 m2 (a), obtained by assembling channel corrugated porous
ceramic supports (b), from (IGB, 26).
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filtration mode is weak energy consumption. An example of a submerged module working in the dead-end filtration mode is
shown in Figure 6.19. Usually, a cross-flow operation for the modules is preferable because of a lower fouling tendency relative
to the dead-end mode and because it results in much higher permeate fluxes. In fact the choice between the two modes is related
to the mass transfer coefficient that strongly depends on the bulk diffusion coefficient of the species retained by the membrane
and the system hydrodynamics, in particular the cross-flow velocity. The logarithmic linear relationship (Equation 6.17)
between measured permeate flux, J, in real conditions and Reynolds number, Re, may be helpful for choosing between the two
operating conditions, dead-end or cross-flow filtration mode.

ln J ¼ a lnRe, with Re ¼ rndh
h

� �
(6:17)

The Re number accounts for both hydrodynamics and fluid characteristics, i.e., on the one hand cross-flow velocity, n, and
hydraulic diameter, dh, in the module; on the other hand dynamic viscosity, h, and mass density, r, of the fluid. Normally,
Re> 2100 guarantees a turbulent flow in the module and a minimum thickness for the concentration polarization layer. A small
value of coefficient a means that n has a weak influence on J, so that a weak fluid velocity or even a dead-end filtration mode
can be used. On the contrary, when the value of a is high (>0.5), a cross-flow filtration mode with a high-fluid velocity is
necessary.

Different module assembling and working conditions exist in the cross-flow filtration mode. For small- and medium-scale
applications, the batch configuration is often followed with the possibility to perform diafiltration and concentration operations.
As shown in Figure 6.20, retentate can be either concentrated in a recirculation loop or recycled continuously in the feed tank.
An intermediate operating mode consists of recycling only a part of the retentate in the feed tank. Moreover, the possibility of
adding water in the feed tank to compensate permeate flux results in a diafiltration process used for the elimination of unwanted
species from the retentate. Another advantage of this configuration is that permeate or retentate can be easily recovered as the
desired product. In short, batch filtration is a very versatile system able to adapt to many operating conditions and is widely
used in many applications where the volume of liquid to be treated does not exceed a few tens of cubic meters per day.

Often a single-stage process does not result in the desired product quality and for this reason, permeate or retentate stream
must be treated in a second stage. Then a combination of stages, called a cascade operation, with a more or less complex design
can be imagined depending on whether the final permeate or retentate is the desired product. A simple multistage process
consists of assembling a number of same modules in successive stages operating in a simple-pass mode (Figure 6.21). Hence
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FIGURE 6.18 Schematic drawing of a module.
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FIGURE 6.19 Schematic representation of a submerged module working in the dead-end filtration mode.
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the volume of the feed decreases with the number of stages and logically the number of modules per stage is adapted to the loss
of feed volume. In this arrangement the cross-flow velocity through the system remains virtually constant, but the pressure drop
is important. This kind of system is usually implemented for the treatment of large quantities of liquid when permeate is the
desired product.

A more complex and costly multistage system is when the feed flow is recycled several times on each stage. Two kinds of
pumps are required in this case, one or more for plant feeding and a recirculation pump on each stage (Figure 6.22). Several
advantages arise from this system compared to the simple-pass filtration mode. The flow velocity and pressure can be adjusted
in every stage. Membranes with different characteristics can be implemented in two successive stages. The feed recycle system
is more flexible than the single-pass system and is to be preferred in cases where severe fouling and concentration polarization
occur as in microfiltration and ultrafiltration. With regard to the common applications of ceramic membranes (food and
beverage industry, wastewater treatment, very turbid fluid pretreatment), the feed recirculation system is more often used than
the simple-pass system.

6.2.3.3 Competitiveness of Ceramic Membranes

The design and implementation of a membrane process, whatever the nature of the membrane (polymer or ceramic), is a long
procedure starting from membrane testing on a laboratory scale and ending in implementation of an industrial plant. It includes
both technical and economical evaluation, which makes the membrane process viable or not compared to alternative separation
processes. The overall costs are distributed in investment costs and running costs. As already mentioned ceramic membranes
are more expensive than their polymeric counterpart and will result in higher investment costs, at least for the membrane system
alone. However, the high investment cost can be balanced by a lower running cost when using ceramic membranes (i.e., less
pretreatment, longer membrane lifetime, and more efficient cleaning and sanitizing conditions).

Indeed, in many cases the membrane system cannot be used directly and often pretreatment is necessary to facilitate the
membrane process. Pretreatment is important and necessary in micro-, ultra-, and nanofiltration, while it is not that important
for pervaporation (PV), vapor permeation (VP), or gas separation for which feed streams are usually much cleaner and do not
contain many impurities. The cost of pretreatments can contribute appreciably to the overall costs. However, due to the intrinsic
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characteristics of modules and membrane material, ceramic membranes require less feed stream pretreatment and authorize
very efficient cleaning and sanitizing procedures.

Two phenomena are responsible for flux decline during membrane operation with real fluids [20]. One is related to
polarization phenomena (concentration and temperature polarization), which normally are reversible processes. Thus, at a finite
time, when steady-state conditions have been attained, the flux stabilizes at a value always less than the original one. Membrane
fouling is the second phenomenon responsible for flux decline. It consists of the deposition of retained particles, colloids,
emulsions, suspensions, macromolecules, salts, etc. on=in the membrane. Fouling always results in a continuous (ir)reversible
decrease of membrane flux with time and constitutes one of the major problem to be managed during filtration plant operation.
This is a very complex phenomenon and the methods for reducing fouling must be adapted to the different used membranes and
treated fluids. Several aspects such as pretreatment of feed solution, membrane and module characteristics, and operating
parameters have to be anticipated during the process design, otherwise heavy cleaning procedures should be carried out on the
membrane plant in operation.

The utmost advantage of ceramic membranes is to allow in-place chemical cleaning at high temperature, while using
caustic, chlorine, hydrogen peroxide, ozone, and strong inorganic acids. Moreover steam sterilization can be used for sanitizing
membrane plants. Another specific advantage of ceramic membranes is the possibility to be back-pulsed which is basically a
permeate flow reversal technique to reduce fouling and to increase filtration efficiency. As shown in Figure 6.23, back-pulsing
consists of periodically reversing the permeate flow by applying pressure to the permeate side of the modules. In this manner,
the accumulated matter on the feed side of the membrane is periodically removed from the surface and carried away by the
circulating fluid. Other physical methods recently investigated utilize gas bubbling [29] or ultrasound [30] to prevent fouling or
for cleaning fouled membranes.

One can see that ceramic membranes differ from their polymeric counterparts by intrinsic properties (rigid porous structure,
high-temperature resistance, high-chemical resistance to aggressive aqueous and organic media, insensitiveness to biological
attack) which are based on the inorganic nature of the membrane material. In current applications mainly devoted to the
treatment of liquids, general principles of membrane processes apply equally to ceramic and polymeric membranes. For both
membrane categories, the modules are implemented in industrial plants, following the same hydrodynamic laws and mass
transfer mechanisms. Most often, the choice of ceramic membranes is driven by economical considerations and despite its
inherent qualities ceramic membranes are considered as expensive compared to polymeric ones. Nevertheless, a large number
of applications are described in Section 6.3, showing that in many cases ceramic membranes have been considered as
competitive compared to alternative processes.
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6.3 CURRENT APPLICATIONS OF CERAMIC MEMBRANES

The number of applications of ceramic membranes has continuously been increased over the past 20 years. Even if data on the
extent of installed plants are not directly available, the sales in inorganic membranes are estimated between e250 and e350
million in 2005 with a potential growth of 10%–15% a year. Many references on the use of ceramic membranes can be found in
the proceedings of the successive International Conferences on Inorganic Membranes as well as in the books of Bhave [1], and
Burggraaf & Cot [3]. The aim of this part is not to provide an exhaustive overview of all possible applications but to focus on
relevant examples of current ceramic membrane processes. These applications have been classified into three main groups: (i)
the treatment of waste liquids and gases; (ii) liquid processing including drinking water, domestic water, and food beverages;
(iii) product recovery in various industries. Due to its robustness, ceramic membranes are developing faster in the treatment of
liquid wastes than in other sectors. Actually, the demands of efficient liquid waste treatment are being pushed up both by
regulatory and cost pressures to reduce environmental impact of human activity [31,32]. In a general way, there are many water
shortage problems currently in the world so that the recycling of wastewater streams is an urgent necessity. In liquid processing,
the sector of food beverages is the first one where ceramic membranes have been developed at the industrial scale, in particular
in the dairy industry. Actually the demand for more secure membranes is increasing in the food industries as an alternative to
polymer membranes that are less amenable to sanitary requirements. Finally ceramic membranes can be used in many
industries, directly for the recovery of various products, not only from micrometer-sized species (mineral particles, micro-
organisms, macromolecules, etc.) down to nanometer-sized species (viruses, colloids, molecules, ions), but also as a filtration
pretreatment before other separation techniques including polymer membranes.

6.3.1 TREATMENT OF WASTE LIQUIDS AND GASES

6.3.1.1 Cross-Flow Filtration

The demand for industrial water in developed countries is increasing continuously in comparison with the limited natural
resources. In recent years, recovery and reuse of industrial wastewater has arose as one of the important economical and
ecological issues for a sustainable economy, the challenge in the modern technology being to allow industry to move toward the
‘‘zero discharge’’ concept. Membrane technology can afford viable solutions to the problem of water recycling in numerous
industrial processes. Beyond the large availability and versatility of polymer membrane processes, the performance of ceramic
membranes has considerably improved during the last 10 years. They are now able to provide long and reliable service life in
many processes where polymer membranes cannot withstand operating conditions including the cleaning procedures, in terms
of mechanical, chemical, and temperatures resistances. Moreover, the presence of abrasive particles, extreme pH conditions,
organic solvents, and an elevated temperature in certain industrial wastewater effluents renders compulsory the use of inorganic
membranes in the implementation of membrane processes.

A number of application areas have been identified in which cross-flow filtration with ceramic membranes revealed
competitive compared to other separation processes [33]. Several cases can be mentioned: for example, removal of heavy
metals from metal-finishing shop wastewater and treatment of spent chemical baths; heavy metal removal from acid mining
drainage; recycling of laundry water by removing dirt, oil, and metals from wash water; treatment of wastewater chemical
planarization of semiconducting; treatment and recycling of lubricating liquids used for cutting tools in mechanical industry;
and in a general way all sorts of cleaning and rinsing waters from food and beverage processing industries. The following
examples are representative of the current developments in the treatment of industrial waste liquid streams with ceramic
membranes. Textile printing is a water-consuming industry where membranes and, in particular, ceramic membranes are well-
adapted techniques for process intensification [34–36]. Ceramic membranes are also used for recycling process water in basic
domestic activities like laundries [37] as well as in advanced industrial processes like polishing and washing stages of lens [38].
Ceramic membranes participate also to water and chemicals recovery in the automotive industry [39]. For example, a mean
volume of 500 L of water per car body is used in pretreatment before electrophoretic painting. In this process, ceramic
nanofilters have been chosen for water recycling due to the capacity of enduring working environment with long-service
lifetime. New applications are also arising thank to the tight cut-off characteristics of ceramic nanofilters. Enormous volumes of
bleach pulp effluent and black liquor are produced in kraft pulp mills. The bleaching process is highly water–consuming, while
black liquor is regarded as a bottleneck by-product, which is usually burned in a recovery boiler after concentration by
evaporation. Nano- and ultrafiltration techniques using ceramic membranes appear as efficient methods for water recycling in
the bleach pulp process and lignin recovery from black liquor [40,41].

Another domain in which membrane separation technologies can afford viable solutions in the near future is the treatment
of domestic wastewater [42]. Here, membranes are considered as too expensive and the technology is too sophisticated for
sewage treatment. Nevertheless recent works by the European Space Agency [43] have shown that membrane technology
including a ceramic membrane stage can cope with the life-support needs and isolation constraints during long-duration
missions in space or in isolated scientific bases like in Antarctica. These space-related technologies including membranes used
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for the treatment of wastewater should benefit to our daily lives by providing innovative and efficient solutions for domestic
wastewater treatment.

6.3.1.2 Membrane Bioreactors

The membrane bioreactor (MBR) technology is a real alternative to pure filtration processes for the treatment of wastewater
and industrial effluents. An MBR is the combination of an activated-sludge process with a membrane filtration. MBRs
are composed of two primary parts: the biological unit responsible for the biodegradation of the waste compounds and the
membrane module responsible for the physical separation of the treated water from mixed liquor. These systems
are implemented based on two main configurations (Figure 6.24). The first (integrated) configuration consists of outer skin
membranes that are internal to the bioreactor (Figure 6.24a). The driving force across the membrane is achieved by pressurizing
the bioreactor or creating negative pressure on the permeate side. In the second (external) configuration, the mixed liquor is
recirculated through a membrane module that is outside the bioreactor. In this case, the driving force is the pressure created by
the high cross-flow velocity along the membrane surface (Figure 6.24b). Current available ceramic membranes having internal
membrane top-layers are more adapted to the second MBR configuration.

There are a large number of potential applications of the MBR technology for the treatment of wastewater from agricultural
and agri-industry sources [44]. Manure and wastewater from livestock can be treated by a technique coupling anaeorobic
digestion with an aerobic=anoxic membrane bioreactor, producing water for direct reuse or safe discharge. Wastewater
generated from food processing industries such as slaughterhouses, meat, dairy, egg, and potato processing could potentially
be treated with MRBs resulting in compact systems producing high-quality reusable water. Also effective removal of nitrates,
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herbicides, pesticides, and endocrine disrupting compounds may be achieved by MBRs. In drinking water treatment, either
biological (bio-denitrification) or physicochemical (reverse osmosis, ion exchange, electrodialysis) techniques can be used for
removal of nitrates. The advantage of coupling biodegradation and membrane separation in the MBR concept is to allow the
removal of organic matter and the complete conversion of nitrates into nitrogen gas in a one-step relative easy operation.
Another example of MBR utilization is the treatment of acid mine drainage. These drainages typically contain dissolved metals
at high concentration and more than 3 g=L sulphate. The use of sulphate reducing bacteria (SRB) has been proposed as an
alternative to hydroxide precipitation. Generally, MBRs can afford viable solutions to the treatment of industrial waste streams
containing high organic loading, and very specific and difficult to treat compounds.

MBR are implemented with MF or UF membranes. Several types and configuration of membranes are used, including
tubular, plate and frames, rotary disk, hollow fiber, organic, metallic and ceramic membranes [45]. However, ceramic
membranes offer inherent advantages over polymeric membranes (possible high-sludge concentration, very efficient cleaning
procedures, resistant to microorganisms) for this technology [46]. Although they have suffered from their high prices in the
past, low-cost ceramic cross-flow membrane modules were successfully tested, able to promote a low-cost ceramic air lift MBR
[47]. Large (200 mm hydraulic diameter by 1500 mm long), high surface area (15–28 m2 depending on cell size) silicon carbide
monolith membranes are envisioned in this application with projected membrane price in the range of e200=m2. The modules
could be used in either a submerged MBR or an external airlift configuration. Sewage treatment [48] should be an attractive
market for MBRs based on this new generation of ceramic membranes exhibiting low fouling behavior, high cleaning ability,
and long durability.

6.3.1.3 Air Purification and Hot Gas Filtration

At the boarder line with ceramic membrane filtration, air purification and hot gas filtration using ceramic filters are technologies
attracting significant attention in a wide variety of domestic applications and industrial processes [49–53]. The main difference
with membrane technologies is that ceramic gas filters operate in a dead-end filtration mode and often as particle traps.
Conversely, a major concern with ceramic membrane and filter technologies is the increasing demand for ceramic porous
elements with a high efficiency in the retention of very small species (molecules with membranes or nanoparticles with filters).
Ordinarily, ceramic filters for gas application exhibit low-density structure with high porous volume and pore size of several
micrometer. Particulate structures, fabric, or fibrous media and more recently foams are commonly used as in-line filters to
remove particulate contaminants from process gases. Today, new designs are considered for gas ceramic filters based on
ceramic porous structures already developed for cross-filtration with ceramic membranes. The major evolution of these new
filters compared to other available filters is the submicronic pore size adapted to the treatment of nanoparticulate aerosols,
which will be a big issue in the development of nanoparticle production and its utilization in nanotechnologies. The difficulties
involved in operating these new filters include the high pressure drop due the tight porous structure of the filter and the
evaluation of filter efficiency by measuring low nanoparticle number concentrations downstream. For fabrication and utilization
reasons, decreasing filter media thickness to lower pressure drop is not ever practical, hence an alternative approach is the
application of new concepts based on hierarchical asymmetric filters [54]. The development of characterization setup and
methodology to evaluate the filtration performance are also important aspects to deal with for the future utilization of these new
filters [55].

6.3.2 LIQUID PROCESSING

6.3.2.1 Drinking and Domestic Water

Water purification for producing drinking and domestic waters is a quite complicated process, which must be adapted to the
multiple water resources available as surface or ground water. Due to considerable pollution of natural waters, more and more
stringent requirements are applied to natural water treatment. Contamination cases where traditional technological systems are
ineffective are increasing continuously. High selectivity of membrane processes and no pollution charged to the environment
make these methods very attractive as alternative or complementary processes. Membrane are effective for the removal of
suspended particles, precipitates caused by water hardness or salts, organic compounds, and microorganisms (bacteria, spores,
even viruses). The basic problem involving the application membrane processes in the treatment of natural water is the decrease
of yield with time due to concentration polarization layer and reversible or irreversible fouling phenomena. Periodical renewal
of the membranes and cleaning of the filtration plants considerably increase the price of produced water so that a number of
methods have been proposed to prevent fouling or at least to make longer the time between two cleaning operations by
removing continuously accumulated matter on membrane surface. For example, to maintain high permeate fluxes over long
periods of time, adsorbents or coagulants can be used in conjunction with filtration [56]. In general, current commercial ceramic
membranes (MF, UF, and NF) are able to treat turbidity and to remove biocontaminants from natural water [57,58]. The
modules accept highly turbid waters, stringent cleaning conditions and can take advantage of in-place back-pulsing.
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Utilization of ceramic membranes for water purification started in the 1980s [59] with the implementation of small size
membrane plants (5–100 m3=h). Imeca in France was one of the first membrane suppliers entering this market with inorganic
membranes. This membrane technology is now developing at a larger industrial scale with, for example, the ceramic-membrane
water-purification systems designed by NGK in Japan. This company trusts systems based on ceramic membranes, because
they are producing water that is safer to use than polymer membrane-based systems. Effectively, the elements have superior
mechanical strength, which prevents them from being easily damaged, and they have lower running costs. However, the
relatively high initial cost for these systems is a major concern in applications where large volume of purified water a day
must be delivered. Estimated prices for polymer membranes currently in operation for drinking water treatment are about
30–50e=m2 for micro- and ultrafiltration, and 15–30e=m2 for nanofiltration and reverse osmosis. In order to render ceramic
membrane elements more cost-effective compared to those based on polymer materials, a number of membrane manufacturers
develop large ceramic membrane monoliths offering a large filtration surface per element (see Section 6.2.1.1). Thus a long
membrane lifetime, a high membrane surface to volume achieved in the modules as well as a high permeate flow are expected
to reduce significantly both investment and running costs of ceramic membrane plants. Several tens of cubic meters per hour of
purified water are expected for the larger planned elements, which will render this technology competitive in a near future for
large water purification systems.

6.3.2.2 Food and Beverage Processing

Contrary to water treatment, general principles cannot be stated for food and beverage processing with membranes. Each sort of
food and beverage is a very complex system with specific components interacting with each other so that membrane processes
must be specifically adapted to each case. Accordingly, a more detailed description of membrane processes is provided
hereafter for the current major applications, i.e., milk, to some extent beer and wine, and a number of other applications
showing the continuous expansion of ceramic membrane technologies in food industries.

6.3.2.2.1 Fractionation of Valuable Milk Components
Milk is of the utmost importance for human feeding. It contains about 2000 components, which have been thoroughly studied
not only for their nutritional properties, but also for the potential utilization of some of them in pharmaceutics. The milk
industry has been the first food sector in which membrane processes have been implemented at an industrial scale. The earliest
development dates back to the end of the 1960s with ultrafiltration plants devoted to whey concentration. Since this period,
almost all the membrane processes ordinarily used in liquid treatment (micro-, ultra-, and nanofiltration, diafiltration, reverse
osmosis, electrodialysis) have been applied to the treatment of milk and its derivatives. Both ceramic and polymer membranes
are used in milk industry; however, the ceramic membranes offer specific advantages in terms of cleaning procedure and
sanitary conditions [60]. Compared to polymer membranes, they are able to withstand better harsh cleaning conditions used in
the milk industry. Indeed, in-place chemical cleaning at high temperatures, while using caustic, strong inorganic acids, chlorine,
hydrogen peroxide, ozone, and steam sterilization, are as many procedures used at different stages of milk transformation and
conditioning.

In some cases, ceramic membranes are an integral part of new processes in milk transformation. One example is the
fractionation of globular milk fat by membrane microfiltration [61]. Separation of milk fat in small globules (SG) (diameter
lesser than 2 mm) and in large globules (LG) (diameter greater than 2 mm) was realized by a patented process using special
ceramic microfiltration membranes. Transformation in drinking milks, yoghourts, sour cream, camembert, Swiss cheese, and
butters was realized from milks of which the fat content was adjusted from the SG or the LG fractions. These products exhibit
significant differences in texture and organoleptic properties compared to traditionally manufactured products, which make
them more attractive for consumers. Ceramic membranes with pore diameters of about 2 mm have been identified as very
suitable for this application. Permeate fluxes in this case vary from 200 to 700 L=h m2, which make the process economically
viable. In a more general way, milk fractionation will lead to a more efficient and diverse use of milk and membrane separation
seems a logical choice for that [62]. In addition to the aforementioned separation and fractionation of milk fat from whole
milk, removal of bacteria and spores from skim milk (cold pasteurization), concentration of casein micelles from skim milk,
and recovery of serum proteins from cheese whey are as many operations that can be currently carried out with membranes.
Thanks to the availability of new ceramic membranes with smaller cut-off and narrow pore size distribution, new milk
component-based products are under development such as edible coatings, bioactive peptides, or diary and nutritious
beverages. However, fouling is still considered as the limiting factor in milk filtration requiring further work on new
membranes, module design, fouling control, and modeling to achieve rational design of milk fractionation processes.

6.3.2.2.2 Beer and Wine Cross-Flow Microfiltration
Filtration is an important step in beer production that is traditionally done with filter aids, usually Kieselgurh. The use of
Kieselguhr, diatomeaceous earth in a form of silica, is, however, getting more unfavorable in several aspects because the filter
aids have to be disposed of or regenerated. Disposal is not environmental friendly and is getting more and more expensive.
Moreover dusty atmosphere resulting from Kieselguhr handling is hazardous for the workers. The filterability of beer is an
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important parameter and poor filterability can lead to an increase in production cost and also be a big bottleneck concerning
the production volume with a significant quantity of wasted beer and spent yeast. Ceramic cross-flow filtration processes have
been proposed as a solution with systems able to recover more than half of previously wasted beer, to eliminate disposal costs
and to minimize environmental impact. In addition they have the potential to create new revenue streams, as yeast is
concentrated to make it more viable for use as a base in animal feed, human food supplements, or as an additive for
pharmaceuticals.

Wine manufacturing is still a very traditional process in which filtering is a very tricky subject, especially for prestigious
wines. However, one can say that nowadays fining and filtering have been accepted by winemakers as useful tools in building a
better wine. The challenge in fining and filtering wines is elimination of unwanted flavors and particles, and preserving of all the
components that will create the personality of a good wine [63]. Concerning filtration, winemaking consultants agree to say that
wines should be filtered to the minimum necessary. As for beer, filtration of wine has been achieved for years by diatomeaceous
earth filters with the same pending problems. In the 1990s, cross-flow microfiltration emerged as a very promising technology
for this purpose because of its ability to perform wine clarification=filtration=hygienization in one single step. At that time,
microfiltration with ceramic membranes offered real advantages over classical filters. Indeed, ceramic membranes function
better under pressure, handling 35%–50% throughput. They can be cleaned by a ‘‘cleaning in-place’’ procedure based on an
automatic reverse permeate flush. They can work in a continuous mode 18–20 h=day. Finally they last two or three times longer
than organic filters.

Most of ceramic membrane equipment suppliers have entered the beer and wine filtration market with membrane products
adapted to the specificity of these products [64–66]. The pore diameter of available membranes ranges between 0.1 and 1.5 mm,
but the choice of pore size cannot be systematically categorized for each family of products, in particular for wines. In fact
filtration requirements are not the same for red wines and white wines. Even, in each of these categories the quality properties of
the final product are not exactly predictable and render the choice of the membrane pore size very uncertain. Adsorption of wine
compounds on membrane surface also influence filtration effectiveness. Polysaccharides with polyphenols are usually the main
responsible compounds of the fouling in wine clarification with membranes [67]. Moreover the retention of these compounds
will affect the organoleptic characteristics of the filtrated wine so that their retention and their fouling effect must be reduced.
Up to now, filtration tests have shown that 0.1 mm for white wines and 0.2–0.4 mm for red wines are the most recommended
pore sizes. The choice of pore size about 0.4 mm for beer filtration looks easier but fouling phenomena are still present [68]. The
b-glucans contained in the beer seem to be the major factor for membrane fouling. When they are subjected to high shear stress,
high pressure, and rapid cooling, they elongate and form hydrogen bonds resulting in a gel-layer formation on the membrane. In
order to improve the filterability many breweries add flocculants before filtration and let them sediment to remove big particles.
This flocculation=sedimentation step can impact membrane filtration negatively or positively depending on if membrane
modules are sensitive or not to residual particles in the feed stream.

6.3.2.2.3 Other Food Components
Many other applications for ceramic membranes exist in the food industry [1,69]. First, a wide range of fruit juices (apple, pear,
peach, orange, grape fruit, pineapple, kiwi fruit, strawberry, cranberry, carrot, date, etc.) are now processed using ceramic
membrane technologies, in particular, for clarification and pasteurization. However, flux decline due to membrane fouling is a
major concern as it has been shown for apple juice [70]. Membrane technology has also shown high promise in starch
processing industry for reducing evaporation costs, improving product recovery, and removing solids before wastewater
treatment [71]. Effectively, membranes can be used in many operations of corn, potato, and wheat starch processing. For
example, one of the most common applications for membranes in corn wet milling is the removal of residual lipids, proteins,
and colorants from corn syrup [72]. It was reported [71] that in 1997 approximately 75% of the US-produced corn syrup was
clarified using membrane filtration instead of conventional vacuum filtration. Moreover, the use of MF or UF with nominal pore
sizes 0.01–0.1 mm can provide pasteurization without use of heat, as most microrganisms are larger than this pore size. Here
also, clarification and pasteurization are typical operations for which UF and MF ceramic membranes are of great interest [72].
Another interest in membrane filtration is in the sugar industry for which it has been shown that the conventional purification
can be partially or completely replaced by UF and NF [73]. Indeed, ceramic membranes are well adapted to the treatment of
highly viscous sugar syrups for which separation of colored matter from a green syrup is a crucial step in sucrose crystallization
[74,75]. In other respects, it has been reported that the pretreatment of molasses with MF ceramic membranes can be beneficial
to ethanol fermentation [76].

6.3.3 PRODUCT RECOVERY

6.3.3.1 Purification of Pharmaceutics and Bioproducts

Membrane filtration technologies are finding applications in pharmaceutics industry for genomics, proteomics, drugs discovery,
and generally for laboratory applications in life science, with additionally the possible production of ultra pure process water. In
the bioindustry, recovery and purification of products also involve membrane technologies. Although polymer membranes are
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largely used in these sectors, the place of ceramic membranes is increasing due to a better capability to be efficiently cleaned
and sterilized. In particular, the new generation of microporous ceramic membranes able to work in the nanofiltration domain
(see Section 6.4.1.1) is of great interest to extend current applications. The use of ceramic membranes in biotechnology was
reviewed some years ago [69] showing that this sector was primarily interested by the microfiltration of fermentation broth to
separate the yeast cells or cell fragments. Today the separation of microorganisms is still of interest and microfiltration is
becoming more common compared to centrifugation, especially when it is used as cell separator in continuous fermentation or
biological wastewater treatment. One problem is that during the filtration of cells a filter cake is formed on the membrane
surface that reduces permeate flow. This is an example where back flushing has been successfully used to push the filter cake
off the membrane surface back into the feed stream [77]. More recently an original idea was proposed for the same application,
consisting of the implementation of a pump to withdraw permeate at a constant rate [78]. The advantage of a permeate pump
compared with using a valve on the permeate side is the easiness to control the permeate flux and by the way the connective
transport of material toward the membrane, and thus preventing filter cake formation. Process monitoring can be made by
controlling the increase in transmembrane pressure, which can be used in turn as an indication of filter cake formation (i.e., the
occurrence of critical flux for the membrane) showing when the membrane has to be cleaned [79]. A schematic representation
of what could be a batch system process combining controlled permeate flux with sequential back flushing for membrane
cleaning is shown in Figure 6.25.

Next to microfiltration, the commercial availability of ultrafiltration ceramic membranes with well-defined cut-off charac-
teristics allowed the development of membrane processes dedicated to the separation of proteins and enzymes, not only in
biotechnology but also in more established industries like dairy [62], fish meal transformation [80], etc. The central problem to
protein separation is the adsorption of proteins on the membrane surface and even inside the porosity for molecular weight
fractions smaller than pore sizes. This adsorption phenomenon results in most cases in a significant flux decline responsible for
intensive cleaning operations impeding the economical feasibility of such processes. The chemical modification of membrane
surface has been studied as a way of improving the separation of proteins either by generating specific interaction between the
surface and proteins to be recovered or by preventing adsorption to promote a purely size separation effect [81]. An other way is
to select membrane materials with a weak tendency to protein adsorption. For example, silicon carbide membrane could be very
promising for protein filtration so far as a very low protein adsorption has been evidenced for this membrane material [82]. For
the future, interesting developments are expected from the utilization of hybrid organic–inorganic membranes for the separation
of molecules of biological or pharmaceutical interest. Chiral-selective membranes [83] or supramolecular chemistry-based
membranes for biomimetic transport [84] are studied on the laboratory scale with the aim to separate a number of valuable
molecules from reaction mixtures or natural extracts. These studies are attendant to the research on filtration and separation
microdevices, which have high development potential in pharmaceuticals and bio-industry.

6.3.3.2 Products Manufacturing and Recycling in Various Industries

Separation of manufactured solids from process liquids and recycling of these liquids (water or organic solvents) is an
interesting way to valorize by-products and to minimize the production of liquid effluents in a number of industries.
Microfiltration ceramic membranes have been already used for the recovery of particles in the ceramic industry and in drilling
operations, of pigments in paint and ink industries, and have potential applications in a wide variety of liquid–solid separation
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processes. Due to the high inlet cross-flow velocity used in microfiltration, most of these particle suspensions have a strong
abrasive effect on the membrane that justifies the use of ceramic membranes with good hardness properties, e.g., a-alumina or
silicon carbide. The rheological behavior of particle suspensions under shear stress and the formation of a filtration cake are the
two main problems, which must be addressed in these applications [85,86]. Cake formation depends not only on applied
hydrodynamics in the module, in particular, the shear rate, but also on the interaction between particles depending on several
parameters (pH, zeta potential, presence of surfactants or coagulants, etc.). According to Ref. [85], it is likely that cakes formed
under cross-flow conditions are more compact than those formed under dead-end or stagnant conditions. This may explain the
low permeate flow encountered in microfiltration of particulate suspensions when the chemistry of these suspensions as well as
the applied hydrodynamics are not correctly monitored. Coupling with techniques like flotation can help the microfiltration
process in solid–liquid separation [87].

Another important application domain for ceramic microfiltration membranes is the recovery of waste oils from industrial
wastewater streams or the cleaning of used mineral oils. For example, to prevent formation of higher soot and ash accruement
compared to the utilization of original fuel oil, the cleaning of waste oils used as a substitute for fuel oil can be upgraded using
microfiltration [88]. In regard to mineral oil regeneration, successful regeneration treatments have been achieved with ceramic
ultrafiltration membranes. Moreover, it has been shown that mixing of supercritical CO2 with oil before the filtration process
allows for a significant improvement of permeate flux by reducing oil viscosity [89,90]. Microfiltration can also extend the
lifetime of cleaning baths in metal surface treatment or of lubricating fluids in machining industry. These fluids contain dirt
particles as well as oil and detergents that must be separated and recycled, while the concentration must be adjusted at the
correct level in order to be directly reused in the cleaning or machining process. Here also ceramic membranes offer better
durability compared with their polymeric counterpart, because of the presence of abrasive particles and aggressive components.
Separation of oil=water suspension using cross-flow filtration is another domain of application for ceramic membranes [91].
Ordinarily, ceramic microfiltration membranes with pore sizes close to 0.2 mm are used for demulsification [92] and product
recovery [93]. As for the other applications, there is a flux decline with time and backflushing is necessary to reduce the
formation of the gel polarization layer and membrane fouling. The use of hydrophilic membranes is preferred to hydrophobic
membranes for which oil is easily wetted on the hydrophobic membrane surface and induces more fouling of the membrane.
Moreover, the operating pressure must be lower than capillary pressure to avoid the contamination of permeate with oil.

As a conclusion to the aforementioned current applications of ceramic membranes, a considerable change is under way for
the utilization of these technologies in industry, in particular, for waste treatment and product recovery. In order to adapt to
environmental regulation and to look for a sustainable economy, the tendency is to develop long-lasting solutions for clean and
efficient industrial production processes. Actually, splitting between manufacturing and treatment of end-of-pipe effluents
before disposal or simple discharge in the rivers or in the sea, even if these effluents are reputed to be non toxic, is expensive
and not totally satisfactory on an environmental point of view. The reclamation of by-products and process fluids is one of the
ways being currently explored to improve the productivity and to lower the environmental impact of industrial activities.
Membrane processes have been identified as one of the suitable technologies for the development of sustainable processes in
which product manufacturing and recycling are combined, thus avoiding the discharge of large quantity of wastes. Section 6.4
describes a number of new membrane processes that modify the current status of ceramic membrane technologies. Most often,
they are based on new ceramic membrane prototypes not totally tested out at an industrial scale.

6.4 RECENT DEVELOPMENTS AND PROSPECTS

A number of new applications are likely to come in the near future for ceramic membranes, in particular the expected short-term
developments for ceramic nanofilters and ceramic membrane contactors applied to liquid treatment, including biological
membrane reactors. Gas and vapor separations with ceramic membranes seem to be more distant applications, although
microporous silica and zeolite membrane modules are currently in operation in pervaporation or vapor separation processes.
High-temperature catalytic membrane reactors (CMRs) constitute a more prospective field of investigation with high potential
applications in the chemical and petrochemical industry, in particular, for producing hydrogen from fossil fuels. Most of these
developments should be based on new membrane materials exhibiting either carefully controlled pore sizes down to the
nanoporous range or dense crystalline structures with ion-conducting properties. Moreover, in most of these new applications,
the membranes should have to withstand harsh working environment like corrosive chemical fluids and high process
temperatures.

6.4.1 FILTRATION AND SEPARATION IN LIQUID MEDIA

6.4.1.1 Nanofiltration with Ceramic Membranes

As the newest development of the liquid filtration family, nanofiltration (NF) is capable of retaining small molecules from 200
to 1000 Da, and multivalent ions. The main current applications of NF polymeric membranes are dealing with the production of
drinking and process water, the sulphate removal of seawater or the desalination of cheese whey. Ceramic nanofilters were
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commercialized recently and operate in a cut-off domain 500–2000 Da, higher than for polymeric NF membranes [94]. Up to
now, several application areas have been identified in which the utilization of ceramic NF membranes is highly suitable, for
example, when liquid media contain organic solvents. However, depending on solvent polarity and due to ceramic hydro-
philicity, filtration and separation of organic solvents with ceramic nanofilters is not an easy operation. Works from the
literature have shown that membrane flux is drastically decreased with apolar solvents compared to water or alcohols in the case
of ceramic oxide nanofilters [23]. On the basis of these results, surface-modified ceramic membranes have been recently
described, in which the wet ability was changed from hydrophilic to hydrophobic with the aim to develop membranes well
adapted to apolar organic solvents [95].

Other relevant examples of application for ceramic nanofilters were recently reported [96]. The first separation problem in
which ceramic NF membranes are likely to compete with polymeric membranes is the concentration of pharmaceutical
components in their reaction solvents. Ceramic nanofilters are also of interest in the agro-food industry for separation processes
working at relatively high temperature and or in the presence of organic solvents. Another potential application is in the
production of chemically modified sugars in which the N-methyl-pyrrolidone (NMP), used as the solvent for the reaction, needs
to be removed from the product (minimum molecular weight about 1000 Da) down to 0.1%. In this case, diafiltration with a
ceramic NF membrane has shown to be an efficient way of decreasing the NMP content down to the intended low NMP
residual concentration. Also in the sugar industry, where micro- and ultrafiltration are alreadly used for pretreatment of sugar
juices, a potential application of ceramic nanofilters is the purification of clarified or pre-evaporated juices as an alternative to
ion exchange resins. Typical fluid parameters (sugar concentration from 7 to 25 Brix, feed temperature of 908C–1008C) justify
the use of ceramic membranes instead of polymer membranes. Ceramic nanofilters have also been tested for the treatment of
textile wastewater, of alkaline solution from bottle washing machines, or of pickling bath solutions from the metal-working
industry [97]. For the future, new applications are expected in the chemical industry. A typical problem for which ceramic NF
membranes could afford a viable solution is the recovery of homogeneous catalysts from nonaqueous solvents, in particular the
recuperation of transition metal complexes [95].

6.4.1.2 Membrane Contactors and Distributors

There are many operations in chemistry, biotechnology, or agro-industry in which membranes can serve as contactors and
distributors between two phases: liquid=liquid or gas=liquid. The high contact surface displayed by the porosity of a membrane
allows highly efficient exchanges between hydrophilic phases and gaseous or lypophilic phases. Moreover a narrow distribu-
tion of pore sizes allows very sharp process control in a number of applications like emulsification, micromixing, osmotic
distillation, perstraction, ozonation, or oxygenation [98–101]. All these technologies can be equally developed with polymer or
ceramic membranes, although the very well-defined porosity and the extended range of operating conditions for ceramic porous
materials are of specific interest in many applications of membrane contactors and distributors.

Membrane emulsification is a relatively new technique with specific advantages (simplicity, potentially less energy
demands, less surfactant, and narrow droplet-size distributions) compared to conventional emulsification techniques [102].
Depending on the membrane hydrophilicity=hydrophobicity and the composition of the two liquid phases, O=W, W=O, or MW
emulsions may be produced. Most often used, O=W membrane emulsification consists of the pressurization of oil (dispersed
phase) through membrane pores at high pressure (Figure 6.26). The oil jet flows formed in the circulating continuous phase are
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FIGURE 6.26 Schematic representation of cross-flow membrane emulsification.
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ruptured to calibrated droplets by action of shearing force. The pore size of membrane and pressure determine the droplet size
of the emulsion at the same time. It has been established that for producing O=W emulsions with droplet sizes of about 1 mm,
membranes must exhibit a nominal pore size in the range 0.2–0.8 mm with a limitation on applied transmembrane pressure.
Therefore there is a strong economical limitation because of the low membrane fluxes (a few liters per hour and square meter)
expected for such operating conditions. Recently, a two-stage ceramic membrane jet flow emulsification process has been
proposed able to solve the paradox between the flux and droplet size [103]. In this process, a coarse emulsion of oil droplets
(size ~50 mm) is prepared on the first membrane stage at a pressure allowing a high membrane flux (J> 100 L=m2 h). Droplets
result from thin streamlines of oil formed under jet flow, which are then ruptured by action of shearing force along the
membrane. Then the coarse emulsion is pressurized on the second membrane stage (pore size >1 mm). Normally, at low
pressure when oil droplets are larger than pore size, the oil phase is separated from water (see Section 6.3.3.2). In the present
case, due to the combination of high pressure (250 kPa) and high membrane flux (J � 100 L=m2 h), the droplets are pressured
through the membrane pores resulting in the formation of a monodispersed emulsion with micron size droplets. In fact, the
second stage looks like a multiple emulsification process.

A wide range of application areas of membrane emulsification have been developed from simple food spreads to the
manufacture of complex colloidal assemblies [99]. This method affords the production of a variety of structured particulate
materials by means of sequential secondary reactions=processes in the emulsified droplets, such as polymerization, gelation,
evaporation, freeze-drying, solidification, crystallization, and droplet swelling. For example, nonaqueous droplets containing
a monomer mixture can be converted to polymer microspheres by heat-induced polymerization. Besides, the oil droplets can
be made up of a high melting-point oil and can be transformed into solid particles by cooling. Similarly the hot droplets of a
metal solder can be solidified to produce fine solder powder. Derived from membrane emulsification, membrane micro-
mixing and dispersion=precipitation have been described as an innovative method to produce unagglomerated inorganic
spherical nanoparticles with a narrow size distribution [104]. In this last example, barium sulphate particles (widely used in
pigment, printing ink and medicine) with diameters in the range of sub-200 nm have been produced using a low-energy
consumption method developed from the combination of direct precipitation method with an inorganic membrane dispersion
technology.

Another important application area for membrane contactors consists of gas–liquid absorption or liquid–liquid extraction
(LLE) processes. For example, ozonation is applied in several environmental engineering processes, such as disinfection of
drinking water, oxidation of micropollutants, or removal of odor, color, and particles. Operational disadvantages of conven-
tional ozonation processes are an inefficient control of mass transfer because of independent contact between gas and liquid
phases resulting in flooding, uploading, emulsion, and foaming. The utilization of membranes for ozonation of liquids affords
decisive advantages over conventional processes: (1) much higher interfacial area per volume; (2) higher mass transfer
coefficient; (3) easy recycling of O2=O3 gas mixture back to ozone generator; (4) easly control of ozone gas concentration
at liquid–gas interface [105]. Ceramic membranes are superior to polymer ones in this application because of the much better
resistance of ceramic material to ozone, a strong oxidant agent. However, to be competitive, ceramic membranes that are
hydrophilic by nature, should exhibit a stable hydrophobic surface in this case, to provide high gas transfer rates [106].
Membrane contactors can be also proposed as an alternative to conventional LLE, with the implementation of techniques such
as membrane extraction and in a less extent membrane pertraction. These techniques can avoid specific problems of LLE, e.g.,
solvent loss, emulsion formation, and complex phenomena resulting from the physicochemical instability of the organic–
aqueous phase interface [107]. Two other techniques based on a membrane contactor design should be mentioned: (i) osmotic
evaporation, which is based on a water vapor pressure difference induced by the difference in the water activity of two aqueous
solutions, separated by a porous hydrophobic membrane [108], (ii) membrane distillation in which transport depends upon
the vapor pressure gradient caused by the difference in temperature across an hydrophobic membrane [109]. Nevertheless, the
utilization of ceramic membranes as contactors for all these applications will require the development of ceramic membranes
with a sable hydrophobic surface and a narrow pore size distribution [110].

6.4.2 GAS AND VAPOR SEPARATION

6.4.2.1 Gas Separation

In most of the literature, gas separation using ceramic membranes, including carbon membranes, is considered to be very
promising. However, there are still economical and technical limitations to the industrial development of gas separation
processes based on inorganic membranes. Most often, the synthesis of ceramic gas separation membranes is a tricky and not
reproducible process with the presence of residual defects and pinholes in the membrane top-layers, which induces high
production costs. Accordingly, most of R&D projects in this area are still focused on the membrane as a material and much less
on the membrane process, so that insufficient data are available on the real possibility of developing large-scale applications.
Anyway, the last decade has seen significant progress in microporous and dense ceramic membranes exhibiting fascinating gas
permeation and separation properties [7]. These inorganic membranes able to carry out gas separation at elevated temperatures
are potentially useful in emerging areas such as catalytic reactors for gas oxidation and hydrogenation reactions, natural gas or
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biogas processing, power generation using fuel cells, and hydrogen production from different fuel sources. There are three
main categories of porous inorganic membranes currently investigated for gas molecular separation [111], e.g., silica-based,
zeolite, and carbon membranes, while dense gas separation membranes refer to polycrystalline materials in which gas
molecules permeate as ionic species [25]. Hybrid organic–inorganic membranes have also been mentioned to having potential
application in gas processing, in particular, for natural gas processing and the production of high-density hydrogen without any
impurities [112].

Since the very early publications dealing with gas separation using inorganic membranes, a large part of the studies have
been based on silica and its derived materials. Silica microporous membranes have been extensively studied and most often
synthesized by the solgel process [113–115]. These membranes are quite stable when used in dry atmosphere, but gas
permeance decreases drastically in humid conditions due to silica network rearrangement and subsequent formation of a
more tight structure. Silica-based inorganic membranes selectively separate hydrogen from other gases, but permselectivity
between similar sized molecules, such as oxygen and nitrogen, is not sufficient [116]. Different ways have been explored for
increasing performance of silica membranes, for example, by improving the quality of support (smaller pores and smoother
surface) as well as coating of silica films under clean-room conditions [116,117], by the templating solgel approach [118–122],
or by CVD-based preparation methods [14,15]. The hydrophobic modification of pore surface has also been used to prevent
interaction with water [123].

In other respects, we can consider zeolite membranes as pertaining to the ceramic material category. Indeed zeolites are
classified for the most part as microporous, crystalline silico–aluminate structures with different alumininum=silicon ratios.
Thus, the chemical compositions are close to those of ceramic oxide membranes, in particular of microporous silica and
alumina membranes. On the other hand, zeolites are crystalline materials and they have a structural porosity very different from
microporous amorphous silica [124]. Zeolite membranes are well adapted to the separation of gases, in particular H2 from
hydrocarbons, but these membranes are not very selective for the separation of mixtures of noncondensable gases.

Besides the aforementioned crystalline or amorphous microporous ceramic membranes, molecular sieve carbon (MSC)
membranes have been identified as very promising candidates for gas separations [125,126]. Ordinarily these membranes are
prepared by pyrolyzing thermosetting polymers and exhibit pore diameters of 3–5 Å. They have ideal separation factors for
various combinations of gases ranging from 4 to greater than 1000. Carbon membranes can be prepared as supported and
unsupported membranes. They have been produced under different membrane geometries: flat or tube for the former, and flat,
hollow fiber, or capillary for the latter. Carbon membranes have strong application potential for hydrogen recovering from
waste gases or for alkenes=alkanes separation. However, MSC membranes are very brittle and fragile, requiring careful
handling. When they are operated with non-purified gases, they require a pre-purifier step for removing traces of strongly
adsorbing vapors, which can clog up the pores. This problem may be avoided by operating at high temperature, but carbon
membranes are not stable at an elevated temperature under oxygen or steam atmospheres.

The last category of inorganic membranes used for gas separation is constituted of dense materials including metals and
ceramics [127].

Metallic membranes are not considered as belonging to ceramic membranes so that its related applications will not be
discussed in detail. Ordinarily these membranes are mainly made up of Pd-based alloys and are used for hydrogen separation and
hydrogenation or dehydrogenation reaction control [128–130]. Metallic membranes exhibit high hydrogen separation selectivity
but most of the used metal alloys suffer from instability and must be used in controlled atmosphere and temperature range. Many
basic research projects on this topic are still in progress [131,132]. However, metallic membranes have been already used at an
industrial scale, for example, in semiconductor industry to produce ultra-high purity hydrogen [133].

The second class of dense membranes thoroughly investigated for gas separation involves ceramic oxide materials
exhibiting high solid-state diffusion rates of oxygen ions and protons at high temperature [25,134]. At this time, the
development of inorganic proton-conductive membranes able to work at intermediate and high temperatures, in absence of
water, is very challenging in many industrial sectors such as hydrogen separation in gas processing, hydrogen or direct
methanol fuel cells, electrochemical treatment of aqueous solutions, electrosynthesis, or advanced ceramic membrane electro-
lyzers for hydrogen production [135,136].

For comparison, the characteristics, permeation, and selectivity of these different categories of gas separation membranes
are summarized in Table 6.2. By nature, mesoporous membranes exhibit high permeation flux, but low selectivity based on the
Knudsen diffusion mechanism. On the contrary, permeate flux for microporous membranes is at one order of magnitude lower
with higher separation selectivity than for the mesoporous membranes, but which strongly depends on temperature [137]. In
other respects, for defect-free dense ion-conducting membranes the selectivity is infinite as only oxygen ions or protons can
migrate through the crystalline structure [25].

6.4.2.2 Pervaporation and Vapor Permeation

Pervaporation and vapor permeation are typical membrane processes with high application potential in chemical industry due to
their high efficiency in the separation or the dehydration of organic solvents. Developed initially with organo-polymeric
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membranes, the main limitation to industrial application is still the lack of membranes being selective and chemically resistant
in an organic solvent environment. In comparison, the high thermal and mechanical stability as well as the excellent chemical
resistance of inorganic membranes make them well adapted to working conditions of chemical processes. The general principle
of PV or VP separation is shown in Figure 6.27. In PV processes the feed is a liquid, while vapor exits the membrane on
permeate side. VP has certain similarities with PV but uses gaseous components on the feed side of the membrane. However,
some differences between these two processes have to be mentioned with respect to operating conditions [138]. First, vapor
permeation fluxes depend strongly on feed pressure whereas pervaporation fluxes are independent. Then, heat transfer within
the membrane is more a consideration for pervaporation because of vaporization phenomenon. Finally, concentration
polarization in the feed is more likely to occur during pervaporation because of slower diffusion in the liquid phase than in
the vapor phase. PV and VP inorganic membranes are implemented most often as tubular modules. Microporous silica and
zeolites have been identified as suitable membrane materials for PV and VP applications.

Currently, pervaporation with zeolite membranes is the most advanced technology at an industrial scale [138]. The
growing interest for zeolite-based pervaporation process lies not only in the excellent chemical resistance of these mem-
branes, but also in the high separation selectivity and high permeate fluxes compared to organo-polymeric membranes. The
current large-scale commercial application of zeolite membranes is dehydrating alcohols and other organic compounds for
solvent recovery. A typical example is the zeolite membrane pervaporation plant built by Mitsui Engineering & Shipbuilding
Company, Japan [139]. It produces 530 L=h of dehydrated alcohol (0.2% residual water content) from feed alcohol
containing 10% water, with separation factors as high as 10,000. Recently this company has implemented in Europe,
6 large module vapor permeation plant for dehydration of biomass ethanol at 1358C [140]. Each module is composed of 550
zeolite NaA membrane elements and is able to produce 5000 L of dehydrated ethanol per day. The NaA zeolite membrane
has been demonstrated to be very effective for the separation of water=organic liquid mixtures, while the NaY zeolite
membrane is more adapted to the separation of organic binary mixtures [141]. The permeation and selectivity characteristics
of these membranes are reported on Table 6.3. One can see that membrane performance may be very different depending on

TABLE 6.2
Gas Separation Characteristics of Inorganic Membranes

Membrane Type Pore Size Range
Membrane

Thickness Range
Permeation Range
(mol=m2 s Pa)

Separation Mechanism
(Gas=Gas Selectivitya)

Mesoporous ceramics ~4 nm 1–5 mm 10�5 to 10�6 Knudsen diffusion (<10)

Mesoporous glass ~4 nm 5–300 mm 10�6 to 10�9 Knudsen diffusion (<10)
Microporous oxides <1 nm 0.1–1 mm 10�7 to 10�8 Temperature activated transport (<200)
Microporous carbons ~0.5 nm 1–10 mm 10�7 to 10�8 Microsieving <200
Zeolites ~0.5 nm 1–5 mm 10�6 to 10�7 Surface diffusion þ temperature

activated transport (<100)
Ion conductive ceramics Dense 10 mm to 5 mm 10–9 Ionic transport (infinite)

a In the case of H2, the separation selectivity is one to two order of magnitude larger than the figures listed in this column due to the high diffusivity of this gas

compared to other gases.
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FIGURE 6.27 General working principle of a pervaporation or vapor permeation module equipped with tubular ceramic membrane
elements.
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the nature of the binary organic mixtures. In fact each zeolite membrane is revealed to be efficient, only in a limited number
of applications. This explains the ongoing important research works devoted to zeolite membranes to cover all potential
applications. Small-, medium-, and large-pore zeolites such as Mordenite, ZSM5, Silicalite-1, or SAPO-34, with an
hydrophilic or hydrophobic behavior, are currently investigated as pervaporation or vapor permeation membranes. Today
more than 14 zeolite structures have been prepared as membranes [138].

Microporous membranes based on hydrophilic silica have also been developed [142] in view of industrial application for
the dewatering of organic solvents. Silica membranes are less selective than zeolite membranes but they exhibit higher
permeate fluxes. For example, in the case of ethanol dewatering at 808C, the required membrane area for a silica membrane
can be 10 times lower than for the equivalent polymeric membrane. As for zeolite membranes, the price of silica membranes
dominates the investment cost and dampens industrial developments. A recent study on PV silica membranes pointed out the
possibility of substantial cost savings by designing new modules and optimizing module arrangements [143]. It has been shown
that conventional modules need up to 50% more membrane surface than a new isothermal module design [144] developed by
Sulzer Chemtech. In the same way operating costs are reduced by 20% with optimized working conditions for module setup.
Other materials are currently investigated on the laboratory scale to extend the categories of available PV or VP membranes.
For that purpose, a better thermochemical stability is expected from binary oxide systems [145,146]. Hydrophobic PV
membranes have been also studied for separating organic compounds from organic=water mixtures having low organic
concentration [147].

6.4.3 CATALYTIC MEMBRANE REACTORS

Many research efforts have been devoted to the application of inorganic membranes in catalytic reactors on the basis that all
types of homogeneous or heterogeneous catalytic reactions can be in principle assisted by membranes. The concept of
combining reaction and separation is being explored in various configurations, which can be classified into three groups
related to the role of the membrane in the process [148]. In a chemical reaction involving two reactants A and B, yielding one or
two products C and D, the three different roles of the membrane for improving selectivity and conversion are schematized in
Figure 6.28. Note that for extractors and distributors, inert membranes are used, while membranes are catalytically active for
contactors. These designs are common to the three main types of membrane reactors investigated to date and involving ceramic
membranes, i.e., gas–liquid–solid, biocatalytic, or high-temperature reactors. In the future, it is likely that new reactor concepts

TABLE 6.3
Performance of NaA and NaY Zeolite Membranes for Component
Separation in Respective Water=Organic and Binary Organic Mixtures

Zeolite
Feed Solution (A=B)

(wt% of A)
Temperature

(8C)
Separation
Factor (A=B)

Flux
(kg=m2 h)

NaA Water=methanol [10] 50 2,100 0.57

105 5,700 3.50
Water=ethanol [10] 75 10,000 2.15

105 30,000 4.53

Water=2.propanol [10] 75 10,000 1.76
Water=acetone [10] 50 5,600 0.91
Water=dioxane [10] 60 9,300 1.87

105 8,900 7.80

Water=DMF [10] 60 8,700 0.95
NaY Water=ethanol [10] 75 130 1.59

Methanol=benzene [10] 60 3,800 0.93

Methanol=MTBE [10] 60 5,300 1.70
105 6,400 2.13
150 600 2.59

Ethanol=benzene [10] 60 930 0.22
Ethanol=cyclohexane [10] 60 1,000 0.27
Ethanol=ETBE [10] 50 1,200 0.21
Benzene=n-hexane [50] 65 7 0.02

105 29 0.05
150 18 0.21

Benzene=cyclohexane [50] 105 45 0.007

150 41 0.01
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will extend the list of membrane reactor concepts such as membrane-mediated reactions in supercritical fluids [149] or
photocatalytic assisted membranes for the treatment of water and wastewater [150].

6.4.3.1 Chemical Reactors Based on Gas–Liquid–Solid Membrane Contactors

Ceramic catalytically active membranes have high potential for supporting gas–liquid reactions [151–153]. This non-
separative prospective application does not require a permselectiveness of the membrane. In fact the role of the porous ceramic
membrane is to provide a well-defined contact region among the gas phase, the liquid phase, and the catalytic active phase
deposited on the membrane. In this configuration the membrane material itself may exhibit intrinsic catalytic activity. As for
simple membrane contactors, an additional benefit of using such reactor configuration is the high interfacial area per volume
due the high specific surface area developed in the porous structure of the membrane.

Two reactor concepts may be distinguished [153], which are schematized on Figure 6.29. One consists of the gas phase
and the liquid phase flowing, respectively, on each side of the membrane (Figure 6.29a). In this case one reactant is dissolved in
the liquid phase, which is sucked by capillary forces into the catalytic membrane layer, getting the reactant in contact with the
catalytic sites. The gaseous reactant is fed on the other side through the porous support of the membrane. As a result, a gas–
liquid phase boundary establishes, which is determined by the pressure difference between the gas and the liquid side. The
pressure must be controlled in order to have the phase boundary in the membrane layer where catalytic active sites are located
so that the contact between the liquid reactant, the gas reactant, and the solid catalyst are optimum, enhancing overall reaction
rate. The second type of reactor configuration is based on a through flow concept (Figure 6.29b). This configuration may be
useful when the reaction is very fast. Contrary to the first configuration in which the limiting step was mass transport due to
reactant diffusion in the liquid phase, in the second case, instead of establishing a phase boundary in the membrane, the gas
reactant and the liquid phase reactant are mixed prior to be forced through the catalytic active membrane layer. Accordingly,
avoiding the problem of reactant diffusion in the pores, the contact time at the catalytic sites can be varied by changing the flow
rate through the membrane, so that very short contact times can be achieved.

These two concepts have been proved on a laboratory scale, mainly for hydrogenation reactions but can be transposed to
many gas–liquid catalyzed reactions. Interesting potential applications have been mentioned, such as asphaltene hydrocracking
or nitrate and nitrites removal from drinking water by catalytic nitrate reduction. However, the characteristics of ceramic
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FIGURE 6.28 Roles of the membrane in membrane reactors. (a) Extractor: the removal of product(s) increases the reaction conversion by
shifting the reaction equilibrium; (b) distributor: the controlled addition of reactant(s) limits side reactions; (c) and (d) active contactors: the
controlled diffusion of reactant(s) to the catalytic membrane can lead to an engineered catalytic zone.
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FIGURE 6.29 Concepts of membrane reactor based on gas–liquid–solid ceramic membrane contactors.
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membrane devoted to this application have still to be improved to significantly increase mass transfer and efficiency of these
systems. For the first concept in which a gas–liquid boundary is established in the membrane, thinner ceramic membrane layers
with a narrow pore size distribution should be produced, ensuring shorter diffusion paths and efficient mass transfer [152]. For
the flow through concept, a homogeneous distribution and a good accessibility of catalytic sites in the membrane porosity are
the main conditions for a successful process.

6.4.3.2 Biocatalytic Membrane Reactors

These reactors constitute a complementary and more prospective aspect to membrane bioreactors described in Section 6.3.1.2.
The aim of developing such reactors is to use the catalytic action of enzymes for large-scale production in agro-food or
pharmaceutical industries [154]. Possible applications in biomedical or environmental sectors have also been mentioned [155].
The interest of using the catalytic action of enzymes is that they are extremely efficient and selective. In general enzymes
demonstrate higher reaction rates, milder reaction conditions, and greater stereospecificity compared to chemical catalysts.
Thus, this category of membrane reactors offers the advantage of environmental-friendly technologies.

Here also ceramic membranes may have a number of specific advantages over polymeric membranes. Porous ceramics
exhibit a non-deformable porous structure, which resists to microbiological attacks and can withstand different reaction media
(aqueous, organic, and supercritical fluids). Moreover ceramic porous media can be reused after elimination of aged biological
catalysts followed by a thorough reactor cleaning and sterilization with chemicals and steam. Different configurations have
been proposed for these enzymatic membrane reactors. Two ways have been effectively tested for coupling enzymatic activity
with membranes: the one in which the biocatalytic medium is flushed along the membrane module (Figure 6.30a) and the other
with enzymes fixed or entrapped in the porous medium (Figure 6.30b). In the former case, the membrane is used to retain the
enzymes and the substrate(s), while allowing the products to pass through. In other respects, when the enzymes are immobilized
in the porosity of the membrane, pores containing the enzymes can be considered as many of microreactors in which much
higher conversion and selectivity can be achieved than in a batch reactor [154]. Actually in the microreactor concept, an
outstanding property is the extremely large surface-to-volume ratio inducing a minimization of mass transfer path and a
substantial increase of transfer rate.

The use of enzymatic membrane reactors on an industrial scale is not yet fully established, however, some interesting
reactor designs have been proposed in the literature. One of them combines a ceramic membrane as the support for enzymes
with supercritical CO2 as the reaction solvent [156]. The objective of this work was to obtain high-value products in the food
and health industry from enzymatic modification of fats and oils. For that, an enzyme (a lipase) is chemically immobilized in a
proteinic membrane top-layer supported on a macroporous ceramic element. The enzymatic reactor works according to the flow
through concept, the role of supercritical CO2 being the fluidization of a viscous mixture of substrates (castor oil and methyl
oleate) to facilitate mass transfer across the membrane top-layer and diffusion path to enzymatic catalytic sites. This reactor
concept is very promising as it showed a good stability for enzyme activity with pressure, temperature, and time under
supercritical condition as well as an enhanced conversion rate due to the supercritical medium. More generally biocatalytic
membrane reactors are studied for agro-food, pharmaceutical, biomedical industries, and even for wastewater treatment [155].
Except for biomedical applications dealing with artificial organs, all the other sectors could benefit from enzymatic reactors
equipped with ceramic membrane elements. In the agro-food sector enzymatic membrane reactors could be used for: reducing
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FIGURE 6.30 Concepts of biocatalytic membrane reactors with (a) non-immobilized or (b) immobilized enzymes.
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the viscosity of juices by hydrolyzing pectins, reducing the lactose content in milk and whey by its conversion into digestible
sugar, the treatment of musts and wines by the conversion of polyphenolic compounds and anthocyanes, and the removal of
peroxides from diary products. In the pharmaceuticals sector, these reactors could be implemented for the production of amino
acids, antibiotics, anti-inflamtories, anti-cancer drugs, vitamins, etc. For water and wastewater treatment, biocatalytic mem-
brane reactors are of interest for converting highly hazardous contaminants, which cannot be destroyed or removed by
conventional treatments.

6.4.3.3 High-Temperature Catalytic Membrane Reactors

Catalytic membrane reactors working at high temperature are certainly the most innovative and challenging developments
expected for ceramic membranes in the near future [157,158]. These reactors offer the possibility of combining reaction and
separation at high temperature to overcome the equilibrium limitations experienced in conventional reactor configurations. A
number of industrial applications have been identified in chemical industries, which include hydrogenation, dehydrogenation,
oxidation, and catalytic decomposition processes. Many examples of the potential utilization of the different categories of
inorganic membranes in CMRs can be found in the literature [159–171]. More recently, the new power generation technologies
based on hydrogen or syngas production arose as a very promising industrial activity in which ceramic membrane reactors can
be considered as a key technology. However, few of these processes have passed the laboratory scale, although some important
R&D projects, carried out by industrial consortia, were mentioned recently [19].

In fact there has been a shift of interest for CMRs during the last decade [172]. In the early 1990s, dehydrogenation of
styrene and butane with the shift reaction equilibrium was a major concern in the studies. From 1994–2000 interest was mainly
focused on methane processing with the aim of gas-to-liquid fuel transformation or hydrogen production. At the moment,
industrials involved in new hydrogen or syngas-based power technologies are seeking to develop reliable CMRs for the partial
oxidation or direct coupling of methane, natural gas, or biogas. Many research efforts are devoted to these technologies
including the investigation of new membrane materials, the design of innovative reactor systems, and the coupling with other
technologies like solid oxide fuel cells or energy cogeneration systems. Actually the development of CMRs working at high
temperature is still constrained at the one hand by the cost of these systems, which should be less than 1000 e=m2 for installed
membranes, on the other hand by the need for more selective and reliable ceramic membranes, able to withstand high
temperature and harsh operating conditions. Three main designs (Figure 6.31) have been proposed for these membrane-
reaction systems, going from a simple and reliable implementation configuration to more sophisticated, but risky configur-
ations. These three configurations consist of (i) separate membrane and catalyst; (ii) catalyst dispersed in the membrane; and
(iii) inherently catalytic membrane material. It is apparent that the failure of the membrane in the second and third categories
will necessitate complete replacement of the entire membrane reactor system, while catalyst or membrane failure may be treated
independently in the first category.

Inorganic membranes exhibiting either dense structures or macro-, meso-, and microporous structures can be implemented
in CMR devices. At this time, the former category includes dense metal membranes for hydrogen extraction as well as ion and
mixed ion-electron conducting ceramic membranes active in the selective transport of oxygen ions and protons at high
temperature. Originally dense metal membranes based on Pd and Pd–alloys have been developed for shifting equilibrium in
dehydrogenation reactions. In the case of oxygen-ion conducting ceramic membranes, the partial oxidation of methane has been
the most studied reaction involving two types of membrane reactors: pressure driven devices using mixed ions-electrons
conducting membranes [160] or electrically driven devices using membrane electrolytes made of purely ion-conducting metal
oxides [165,166]. Oxygen transport membranes are also envisioned as a part of Integrated Gasification Combined Cycle
(IGCC) systems [173] or as a way of mitigating CO2 emission by enabling the recycling of a O2=CO2 mixture in fuel
combustion plants [174]. Proton-conductive ceramic membranes have been studied recently. This kind of membrane is
designed for the transport of protons and electrons at high temperature, producing a stream of pure hydrogen suitable for
use in hydrogen technologies [175]. An interesting process concept has been proposed by Praxair, Inc. and Argonne National
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FIGURE 6.31 Different catalyst-membrane designs for implementation in catalytic membrane reactors (CMRs).

Pabby et al./Handbook of Membrane Separations 9549_C006 Final Proof page 172 13.5.2008 1:04pm Compositor Name: BMani

172 Handbook of Membrane Separations



Laboratory combining both dense ceramic oxygen (OTM) and hydrogen (HTM) transport membranes to produce syngas and
purified hydrogen from natural gas [176]. This process concept integrates various processing steps in a single distribu-
tor=extractor membrane reactor. The reactor is divided in three compartments separated by the OTM and HTM membranes
(Figure 6.32). Natural gas and steam are introduced in the central reactor compartment containing a catalyst, where partial
oxidation, steam reforming, and water gas shift reactions take place. Simultaneously, oxygen is distributed from the air
compartment to the reactor compartment through the OTM membrane whereas the hydrogen is extracted from the reactor
compartment through the HTM membrane. The development of reliable and cost-effective OTM and HTM membranes able to
be implemented in this kind of reactor is very challenging for future hydrogen-based energy production.

In other respects, the role of porous ceramic membranes in CMRs must be regarded in close relation with the mode of gas
transport through the membrane porous structure (see Section 6.2.2.2). The viscous flow controlled by the transmembrane
pressure in macroporous ceramic membranes is well adapted to the distribution of reactive gases in a reactor. A very innovative
concept has been proposed recently for oxygen distribution in partial oxidation membrane reactors [177,178], based on an
infiltrated membrane system. Mesoporous ceramic membranes are more suitable for catalytic membrane contactors because of
the Knudsen diffusion that promotes the contact between gas molecules and catalytic sites present on pore walls [179,180].
Finally molecular sieving, surface diffusion, or temperature-activated transport in microporous ceramic membranes can be
advantageously used for selective gas extraction in reactors. These membranes can be an alternative to dense metallic
membranes that do not withstand extreme operating conditions, for example, in the case of hydrogen extraction from the
reaction zone in a fluidized-bed reactor specially designed for oxo-alcohol synthesis gas production [181].

6.5 CONCLUSION

As mentioned in this chapter, the field of membrane technology is broad and continuously expending in many industrial
sectors. It involves different aspects starting with the production of membranes with well-defined characteristics and ending
with the implementation of various processes dealing with a large number of operations such as simple filtration, selective
separation, solutes or solid matter concentration, fluid distribution, and even catalytic conversion or reaction control. The
potential growth for worldwide membrane markets is 10%–15% a year. Even if the share of ceramic membrane-based processes
is quite small compared to polymeric membranes, the continuous increase in ceramic membrane equipment sales during the last
decade, estimated at e300 million in 2005, holds high promise for the future.

Since the first industrial developments in cross-flow microfiltration in early 1980s, significant progress was achieved with
ceramic membranes presently, affording new products with improved permeate flux, separation selectivity, and system
compactness. Effectively, monolithic and hollow fiber elements have resulted in a significant increase in membrane surface
to volume ratio, closer to the compactness of polymeric membrane systems. Ceramic nanofilters are able to carry out separation
on the molecular scale in liquid, gas, or vapor media. The commercial availability of inorganic membrane materials now
includes nonoxide ceramics (silicon carbide or silicon nitride), zeolites, and will extend to nanophase and hybrid materials in
the near future. CICMs are under development for high-temperature membrane processes that will be central to new power
generation technologies (hydrogen and syngas production, solid oxide fuel cells).

The actual interest for ceramic membranes in many applications dealing with the treatment of liquids results from an
increasing demand for secure and reliable membrane processes. In the food and pharmaceutical industries for which sanitary
requirements are of the utmost importance, ceramic membranes afford a very good reliability in terms of cleaning and
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FIGURE 6.32 Schematic diagram of an integrated distributor=extractor membrane reactor based on the combination of dense ceramic
oxygen and hydrogen transport membrane for syngas production.
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sanitization procedures. For the treatment of liquid wastes and the regeneration of process fluids, the high resistance and the
long durability of ceramic membranes are a great asset to the development of clean and efficient processes in many industries.
In a general way, ceramic membranes should actively participate to the implementation of modern technologies and should be
able to adapt to environmental regulation by avoiding the discharge of large quantities of wastes.

For the future, ceramicmembrane technologieswill extend to the treatment and the separation of gases and vapors up to elevated
temperatures (8008C–9008C). Moreover, membranes and modules with new designs will diversify the role of the membranes as
extractor, distributor, or contactor in biological or chemical processes. On this basis, new generation of membranes, ceramic
membrane reactors arise as an innovative and challenging technology combining separation and reaction, able to overcome the
equilibrium limitations experienced in conventional reactor configurations. Ceramic membranes afford specific advantages in these
applications, in particular the biological inertness, the high chemical and mechanical resistance, and the ability to work at elevated
temperature. Nevertheless, two difficulties have to be surpassed to allow the industrial development of these new technologies, still
experienced on the laboratory scale.One is technical with the expected development of large scale and reliablemembrane fabrication
processes and the other is economical with the necessity to significantly decrease the production cost of these membranes.
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7.1 INTRODUCTION

Worldwide, billions of pounds of organic solvents are used as processing tools, cleaning agents, and dispersants. Due to their
specific properties, which overcome the disadvantage of costly high-pressure conditions, supercritical fluids can be proposed as
alternative solvents. Supercritical carbon dioxide (SC CO2) which is low cost and nontoxic, and presents intermediate
thermodynamic (density, solvent power) and transport (viscosity, diffusivity) properties between gases and liquids easily
tuneable with temperature and pressure, is certainly one of the most attractive. Because of its high potentials in the fields of
solid and liquid extraction, chromatography, particle formation, dyeing of yarns, and reactions, SC CO2 has been largely used
already in food and pharmaceutical areas. Large-scale applications incorporating other kind of compounds can also be found
(such as compressed gases like propane and butane in petrol refining).

Among processes involving supercritical fluids, high-pressure reactions or separation applications with membranes have
recently attracted interest. It was notably the case for operations involving barriers robust enough to support high-pressure
conditions required in this field. Both kinds of membranes (i.e., organic and inorganic) are supposed to be used. In other works
(presented in Section 7.7), authors have also considered supercritical fluids as attractive media for the preparation of the
membranes themselves.

Inorganic membranes are very resistant and quite stable at hard-operating conditions. Several materials are available. Different
membranes have been successfully tested for separations involving supercriticalfluids such as tubular carbonmembranes [1], tubular
silica membranes [2–5], silica hollow fibber membranes [6], zeolite membranes [7–10], titane–nafion membranes [11], polycar-
bonate membrane [12], nanofilter having a thin layer of ZrO2–TiO2 [12], and silicalite membranes [4].

Transfer mechanisms involved in SC CO2 permeation through such porous membranes can be convection (Poiseuille law),
diffusion (Knudsen flow), and surface membrane interaction by adsorption, capillary condensation, etc. [11]. Mechanisms have
been specifically investigated for nanofiltration and zeolite membranes. With a nanofilter presenting a pore diameter of about
1 nm, Sarrade [11] mentioned a Poiseuille flow associated with an irreversible CO2 adsorption on the micropore wall. Transfer
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of SC CO2 through a zeolite membrane (pore diameter 0.55 nm) was based on the combination of surface diffusion (adsorption)
and Knudsen diffusion [8].

Organic membranes have also been used for supercritical fluids applications in specific equipments. In that view, Damle
and Koros [13] proposed a permeation equipment for high-pressure gas separation able to work with polyimide organic
membrane as an example. The membrane was placed in a commercial membrane testing cell (initially dedicated to high-
pressure mixed gas testing), which was previously modified to allow SC fluids permeation. In addition, Spricigo et al. [14]
succeeded to perform SC CO2 permeation in a dead end flow regime through a cellulose acetate reverse osmosis membrane,
which was placed over a perforated metallic support; sealing was made with poly(tetrafluoroethylene) rings. Other membranes
like polyamide [15] or cellulose triacetate=diacetate [16] membranes were also tested using the same apparatus.

A particular phenomenon can occur when organic membranes are in contact with SC CO2. Under high pressure, most
membrane materials tend to plasticize. Specifically, the presence of the adsorbed CO2 at high pressure tends to soften and dilate
the membrane material [13]. This phenomenon can constitute a great limitation with the use of polymeric membranes because it
induces a strong swelling of the membrane and often leads to a lack in stability of the system on the medium-long range. In
what follows the different applications are examined successively.

7.2 SOLVENT RECOVERY

Due to its unique characteristics and physicochemical properties such as being less toxic, nonflammable, and having the
extraction power tuned by temperature and pressure, SC CO2 can be used as a green solvent for extraction of substances
especially from solid or liquid substrates. Such extraction has been carried out on commercial scale for more than two decades
and applications like decaffeination of coffee beans and black tea leaves and hops extraction are involved in large-scale
processes [17]. Other extractions such as extraction of flavors, spices, and essential oils from plant materials are under
investigation. An overview of published data for different materials is given in the review of Marr and Gamse [18].

As the solubility of solutes is generally low and as high pressures are often required to enhance it, large amounts of
CO2 are required for the extraction process. Thus, CO2 regeneration for recycling use is essential to make the process
economically viable.

As supercritical fluids solvent power depends on pressure and temperature, solute and supercritical solvent can be
separated by acting on these parameters. In addition to the extraction step, a complete process typically includes an expansion
step at subcritical pressure (corresponding to solute=solvent separation), a cooling step until a liquid phase, and a pressur-
ization-heating system to recover extraction conditions [19]. To replace this supercritical fluid cycle, which is characterized
by a high-energy requirement, it is possible to regenerate solute and solvent while maintaining supercritical conditions for the
solvent. In those cases, an additional mass-separating agent inducing small changes in conditions of state is added.
On the one hand, a substance can be added to reduce the solvent power: For example, addition of nitrogen decreases
remarkably the solubility of caffeine in carbon dioxide. On the other hand, solute can be removed from the solvent thanks to
an absorbent or adsorbent for which the solute has more affinity than for the supercritical fluid. These possibilities can be
preferred to the supercritical fluid cycle only if the following separations (i.e., reducing solvent power additive from
supercritical fluid in the first case, or solute from the absorbent=adsorbent in the second case) are feasible with less effort
than for the compression [17].

To make supercritical extraction processes more economic, separation of solute and solvent can be performed thanks to a
membrane system. Sartorelli and Brunner [19] demonstrated that a membrane separation process can be proposed instead of the
typical supercritical fluid cycle in the case of supercritical extraction to drastically reduce the energy losses. In fact, a stream of
low volatile compounds (LVC) extracted by SC CO2 can be discharged of 80%–90% of LVC using a nanofiltration membrane
with a drop of pressure equal to 2 MPa instead of about 20 MPa in the typical supercritical fluid cycle.

7.2.1 CAFFEINE=SC CO2 SEPARATION

Because caffeine extraction is an important industrial application of SC CO2 technology, different studies have been recently
conducted on solvent recovery by membrane separation. As the molecular weight (MW) (194 g mol�1) of caffeine is higher
than CO2 (44 g mol�1), classical suitable membrane for this application needs to reject caffeine while letting CO2 cross through
the membrane. Thus, pure CO2 can be obtained on permeate side and recycled.

All published experiments on caffeine=SC CO2 membrane separation are made according to the same principle. A
schematic diagram presenting roughly the process is given in Figure 7.1. Carbon dioxide (1) is first liquefied in the cooler
(2), pressurized in the pump (3), and heated until its working temperature in the heat exchanger (4). SC CO2 is then passed
through the extractor (5) to recover caffeine. This binary solution flows into the membrane module (6) where separation takes
place. The operating pressure and transmembrane pressure are controlled with backpressure regulators (7) on the permeation
and retention sides of the membrane. The pressure of SC CO2 solution is released down to atmospheric pressure at the outlet of
backpressure regulators, and the solute may be easily separated from CO2 in gas=liquid separators (8).
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Two main criteria are used to describe performance of separation process. The solute (caffeine) rejection rate, R, which
characterizes the selectivity of the membrane, can be calculated by the following equation:

R ¼ 1� Cp

Cf

� �

where Cp and Cf are solute concentrations on permeate and feed sides, respectively.
As to membrane flow properties, they can be estimated through permeability constant value Pc:

Pc ¼ J

DP

where J is the permeate flux of SC CO2 and DP the transmembrane pressure.
Values of R and Pc already published for caffeine=SC CO2 membrane separation are reported in Table 7.1 and will be

discussed further.
Two mechanisms can act on transport phenomena, either alone or simultaneously: adsorption and molecular sieving.

7.2.1.1 Separation through Adsorption Mechanism

Various authors accounted for this mechanism. Adsorption properties of caffeine, compared to n-octanoic acid (which presents
a molecular size nearly equal to that of caffeine), on a thin porous silica membrane prepared by a solgel method were
investigated by Fujii et al. [5]. As shown in Table 7.1, the rejection value of caffeine was positive and equal to 0.65 whereas for
n-octanoic acid it was negative (about �2: this means that concentration in the permeate was higher than in the retentate). This
quite surprising result was explained while proposing the idea of differentiated adsorption=desorption properties of solutes on
the membrane surface. Both solutes are strongly adsorbed (even if adsorption rate is slightly higher for n-octanoic acid); but
contrarily to n-octanoic acid, caffeine is slowly desorbed. In such a case, a permanent adsorption layer is formed, making the
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FIGURE 7.1 Schematic diagram of the caffeine=CO2 membrane separation process.

TABLE 7.1
Comparison of the Use of Different Types of Membranes for Caffeine=Supercritical Carbon Dioxide
Membrane Separation

Type of Membrane
Pore Diameter

(nm)
Pressure
(MPa)

Temperature
(8C) Rejection, R

Permeability
Constant,

Pc (mol m�2 s�1 Pa�1) References

Thin silica porous membrane 3.3 20 40 0.65 2.3� 10�8 [5]
Hydrophilic thin silica membrane 2.5 14 35 0.98 4.4� 10�7 [4]

Zeolite membrane 1.1a 20 40 0.98 1.1� 10�8 [10]
Thin layer ZrO2-TiO2 nanofilter 3 8 35 1.00 1.2� 10�7 [12]

a Membrane pore diameter estimated from the Dubinin–Astakhov analysis [20].

Pabby et al./Handbook of Membrane Separations 9549_C007 Final Proof page 183 13.5.2008 1:05pm Compositor Name: BMani

Membrane Technologies and Supercritical Fluids: Recent Advances 183



pore narrower and causing a molecular-sieving effect which is responsible for the positive observed rejection. On the contrary,
n-octanoic acid preferentially passed within the membrane pores under the effect of partition adsorption coefficient; but it is
then taken away by solvent flow and solute rejection would be negative. Fujii et al. [5] observed caffeine rejection rates equal to
0.65, which are not satisfactory for practical purpose.

Tan et al. [4] proposed to use a thin silica membrane (prepared by them), which presents hydrophilic properties. They
obtained very interesting results, i.e., a rejection rate and a permeability of 0.98 and 4.4� 10�7 mol m�2 s�1 Pa�1, respectively
(see Table 7.1). To underline the effects of adsorption, the same membrane was turned hydrophobic by chemical
vapor deposition (CVD) treatment and tested. A very low rejection was obtained and no significant selectivity was given by
this membrane. On the basis of the fact that caffeine has more affinity with hydrophilic surfaces, these results gave evidence that
adsorption was the major mechanism. Therefore, adsorption phenomenon should be taken into account for membrane choice to
control solute=membrane interactions.

7.2.1.2 Molecular-Sieving Mechanism

Even if Tan et al. [4] could obtain very interesting results based on adsorption effects, it is worth mentioning that getting steady-
state working conditions with this technology is hard to achieve: caffeine rejection rate would drop when adsorption
equilibrium is approached. This constitutes a strong limitation for industrial applications.

That is the reason why lower pore size membranes working by molecular-sieving mechanism have been tested with a view
to perform continuous operations. The use of a zeolite membrane (pore diameter estimated from the Dubinin–Astakhov
analysis [20]: 1.1 nm) provided an interesting rejection of 0.98 [10] (see Table 7.1). In that case, caffeine adsorption was
weak and zeolite membrane could not be easily fouled with the solute. Transport was mainly controlled by molecular sieving,
as indicated by the good rejection rate also obtained with other molecules (e.g., lauric acid) having molecular weight close
to caffeine.

Due to low membrane pore size, permeability was strongly reduced (1.1� 10�8 mol m�1 s�1 Pa�1 as presented in
Table 7.1). The challenge will consist in obtaining good separation properties with a membrane having larger pores. An idea
was to try to take advantages of the formation of clusters in the near critical region [21]. Built from approximately 100 CO2

molecules surrounding a solute molecule, these clusters would present a global size largely higher than the isolated solute and
could lead to a high solute rejection even with larger pore membranes. In that view, Chiu and Tan [12] tested caffeine=CO2

separation under different conditions (subcritical, critical, and supercritical states) through a thin layer ZrO2–TiO2 nanofilter
(pore diameter 3 nm). Results obtained in terms of rejection rate and permeability constant are reported in Figure 7.2. It appears
that there is a maximum of caffeine rejection rate (equal to 100% as reported in Table 7.1) and permeability constant around 8
MPa, which is nearly the pressure at CO2 critical point. Cluster sizes as calculated by Chiu and Tan [12] are also indicated in
Figure 7.2; it is worth noting that the biggest clusters, corresponding to a total amount of 135 CO2 molecules around caffeine,
are formed at the same pressure. Thus, for a pressure equal to 8 MPa, the size of caffeine clusters is so high that the solute is
completely rejected by the membrane through molecular-sieving effect. For CO2 molecules whose diameter is less than 0.4 nm,
it becomes easier to pass through the pores inducing an optimal CO2 permeability constant. When the pressure is larger than
8 MPa, clusters are smaller and some of them can enter into membrane pores. As a consequence, CO2 permeation is hindered.
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FIGURE 7.2 Caffeine rejection rate (^) and permeability constant (&) obtained during caffeine=SC CO2 separation on a nanofilter having a
thin layer of ZrO2–TiO2 (t¼ 308 K, transmembrane pressure¼ 0.2 MPa). Values of estimated cluster size for each experimental point are
indicated. (Adapted from Chiu, Y.-W. and Tan, C.-S., J. Supercrit. Fluids, 21, 81, 2001.)
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This example clearly presents the importance of operating conditions such as pressure or even temperature on process
performance.

However, there is a drawback with this way of doing when considering the entire extraction process. Indeed, it is worth
recalling that solute extraction is generally conducted at pressure higher than the critical point; to continue after that separation
of solvent by membrane at a lower pressure will need in its turn to increase again pressure before recycling pure SC CO2. These
changes in pressure will be energy consuming. Nevertheless, the idea of performing separation at near critical pressure with
relatively large pores still has its applicability based on the fact that high CO2 permeation fluxes are obtained in addition to high
solute rejection.

7.2.2 ESSENTIAL OILS=SC CO2 SEPARATION

Essential oils are high value products mainly composed of terpene-like compounds. Their extraction with SC CO2 was largely
investigated and is now on the market as reported in the review of Reverchon [22].

Different studies were performed on the possibility of separating essential oils and SC CO2 through a reverse osmosis
membrane in a dead end flow regime. First, a cellulose acetate membrane was tested for nutmeg essential oil separation [14],
which led to interesting results as retention was equal to about 0.96 and attractive CO2 fluxes were obtained (permeability
constant from 2.0 to 1.1� 10�7 mol m�2 s�1 Pa�1 depending on essential oil concentration in the feed). In addition, rejection
rate remained stable over a period of 180 h indicating a good resistance of the membrane to the supercritical environment.
These experimental results were discussed in the sense of study of transport phenomena and modeled through the irreversible
thermodynamics approach [23]. Results proved a linear relationship between the CO2 flux with the transmembrane pressure and
the insensibility of the flux to tested temperatures (corresponding to different density values), which would indicate a
predominant convective behavior during the CO2 permeation through the membrane. Transmembrane pressure is thus the
driving force. This was explained by the fact that CO2 is able to plasticize cellulose acetate membranes. In that specific case, the
swelling of the polymer chains does not induce disadvantages but facilitates the transport of the solvent.

The possibility of using commercial reverse osmosis membranes for solute=CO2 separation was then extended to other
essential oils such as lemongrass and orange ones [16] or to D-limonene [15].

7.2.3 ORGANIC COMPOUNDS=SC CO2 SEPARATION

Some specific studies were performed for separation of organic compounds from SC CO2 through an asymmetric polyimide
membrane. Different solutes were investigated: ethanol [24], isooctane [25], and some petroleum components [26]. Results
were expressed as separation factor asol=CO2

:

asol=CO2
¼ ysol=yCO2

xsol=xCO2

where yi and xi are the mole fractions of the component i (i¼ sol [for the solute] or CO2) in the permeate and in the feed,
respectively.

Separation factor was from 4 to 7 for petroleum components and the best values obtained for ethanol and isooctane were
87 and 12.8, respectively.

7.3 COUPLING SCF EXTRACTION WITH NANOFILTRATION FOR PROCESS
INTENSIFICATION

Considering that nanofiltration and supercritical fluid extraction processes are intended to act on the same chemical species
(i.e., low-molecular weight compounds up to 1500 Da), Sarrade et al. proposed the idea of a hybrid process coupling the
two functions, using one single pumping device and developing synergistic effects. This new process enables to conduct in
one single apparatus solutes extraction and purification or fractionation of the extracted mixture. A pilot plant similar to the one
presented in Figure 7.1 may be used; simply CO2 obtained in the retentate stream is recycled. The role of the membrane is not
here to separate solvent from solutes, but to extract selectively some kind of solutes.

The first awaited advantage of the process is to be able to work with a high permeate flux because of the low viscosity of SC
CO2 (10 times lower than for water). Indeed the membrane used in the process is a hybrid nanofiltration element, constituted
from an inorganic substrate (TiO2 with a mean pore diameter of about 10 nm) on which a nafion layer had been deposited, the
prevailing mass transfer mechanism of which is convection. This fact could be checked through experiments conducted
successively with water and SC CO2, flows obtained being in the opposite ratio of fluid viscosities within less than 10%.

Another expected advantage of the technique is a good control of the whole extraction=separation process. It is worth
recalling that, with the classical supercritical fluid extraction process, the choice of optimal extraction conditions is often
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blocked by a preoccupation with a good final fractionating of extracts. Thermodynamic conditions that make it possible to
obtain a maximum extraction of compounds on one side, and an optimal selectivity during further separation of extracted
species on the other side, are seldom identical; this makes it necessary to choose intermediate working conditions or expensive
equipment involving several pressure release steps. Because with the new process the two functions are clearly independent;
they may be optimized separately.

Finally, a reduced energy consumption may be expected because only permeate flux, and not the entire fluid stream as in
classical supercritical fluid extraction process, must endure rising and falling pressure cycles.

All these advantages have been checked. First, experiments were carried out with model solutions constituted from small
polyethyleneglycols—mixtures of EG=PEG400 or PEG200=PEG400—dissolved in SC CO2 at temperatures and pressures
between 300 and 450 K, and 10 and 30 MPa, respectively [11,27]. Then extraction=separation of natural products was
investigated [28]: recovery and fractionation of unsaturated fatty acids from fish oil such as EPA (eicosapentaenoic acid)
and DHA (docosahexaenoic acid), today used in human medicine for reduction of lipid absorption and prevention for heart
disease; extraction and purification of b-carotene (provitamin A), an antioxidant supposed to prevent some cancers and also a
well-known yellow-orange natural colorant of agro-food industries. For these applications, the new technique provides an
original and effective way to get good quality extracts in safeguarding environmental conditions.

7.4 MEMBRANE REACTORS WITH SUPERCRITICAL FLUIDS

SC CO2 has some clear advantages over organic solvents for reaction purposes [29–32]. These advantages fall into different
categories: environmental benefits, health and safety benefits, and process and chemical benefits. It is worth recalling that small
changes in pressure or temperature cause large changes in density, enabling the fine tuning of the physical properties of the
fluid, which facilitates optimization of reaction rate and selectivity. Moreover, the high diffusivity in SC CO2 (one or two orders
of magnitude higher than in common solvents) enhanced the mass transfer in the system, thus increasing reaction rate especially
when mass transfer is limiting [33].

Catalytic reactions can be successfully performed in SC CO2 as reviewed by Jessop et al. [29] and Hyde et al. [31].
Different reactions were studied in the field of homogeneous catalysis [29]—isomerization, hydrogenation, hydrosilulation,
olefin metathesis, cyclization, and other C–C bond forming reactions, oxidation- or heterogeneous catalysis [31]—hydrogen-
ation and dehydrogenation, hydroformylation, Friedel–Crafts acylation and alkylation, etherification, oxidation. It could be
particularly attractive to use membrane reactors to conduct such reactions, thus pooling the advantages of supercritical
fluid solvents and membrane reactors (principally the possibility of reusing and recycling the catalyst: see Chapter 36 of
this book).

As shown in Figure 7.3, two membrane reactor configurations can be proposed: one with free catalyst and the other one
with catalyst fixed on the membrane. In the first case, the membrane insures rejection of catalyst and keeps it in a restricted part
of the system where reaction takes place. In the second case, the catalyst is fixed on the surface or in the pores of the membrane
and reaction takes place at crossing.

In spite of the potential advantages of the use of a catalytic membrane reactor to perform chemical reactions in SC CO2,
very few references are available on this topic. The concept was however demonstrated for the hydrogenation of 1-butene using
a fluorous derivative of Wilkinson’s catalyst [32]. The reaction was successfully performed in a free catalyst membrane reactor
equipped with a silica membrane.

In addition to chemicals, biological catalysts such as enzymes can be used to catalyze reactions in SC CO2. Since the
first attempt to operate reactions in supercritical fluids published by Randolph et al. [34], various type of enzymes were
studied: lipase, oxidase, decarboxylase, dehydrogenase, proteinase, etc. [33,35–37]. The effect of different parameters
was extensively reported by Ballesteros et al. [35]. Enzyme activity and stability in supercritical conditions as well as the
benefits of using supercritical fluids for enzymatic reactions (improved reaction rates, control of selectivity, etc.) have been
demonstrated [36].

Enzymatic reactions were then performed in both free and immobilized catalyst reactors. Knez and Habulin [38] studied
sunflower oil hydrolysis in a continuous stirred tank reactor acting as a free catalyst reactor. Enzyme was retained in the reactor
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FIGURE 7.3 Schematic diagram of free and fixed catalyst reactors (c, catalyst; – – – , membrane).
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thanks to a polysulfon membrane placed between two sintered plates and fitted in the reactor: a conversion close to 20%
was obtained in the permeate. It is also conceivable to perform biocatalyzed reactions in a fixed catalyst reactor either with
permeate flow or not. Such an enzymatic membrane reactor was studied for butyl butyrate synthesis by immobilized lipase on
an active membrane [39]. As permeate exit was closed, the reactor worked on a batch mode. The synthetic activity of
the enzymatic membrane in SC CO2 was 33-fold higher than that in most hydrophobic solvent (hexane) thus showing the
suitability of this reaction media for this model reaction. In addition, by carrying on the synthesis of L-tyrosine methyl ester
catalyzed by a protease in the same reactor, Lozano et al. [37] obtained a productivity 1.5-fold higher than with a fixed bed
reactor constituted of celite on which enzymes were previously adsorbed. Thus the interests of the membrane reactor and of the
supercritical media were proved. Finally, by working in a flow through mode (i.e., with a permeate stream) a 3-fold increase
was observed in productivity which enhances the attraction of the process.

7.5 SUPERCRITICAL FLUID MEMBRANE CONTACTORS

Recently, a new kind of membrane processes has emerged—the so-called membrane contactors [40] in which the membrane
mainly acts as a physical barrier between two phases without significant direct effect on selectivity. In such devices, the
membrane acts as packing material in traditional columns but with considerably enhanced performance: it insures a well-
controlled contact between the two fluids, and improved solute extraction from one side to the other. A schematic diagram of a
membrane contactor (with only one membrane in this example) performing gas=liquid or liquid=liquid mass transfer is given in
Figure 7.4. One fluid is flowing on one side of the membrane while the other phase circulates in counter current on the other
side of the wall. Most of the time, hydrophobic porous membranes are involved, and by tight control of transmembrane
pressure, the interfacial area may be maintained inside the pores [41].

Membrane contactor represents an attractive alternative process over conventional dispersed phase contactors as regards its
numerous advantages: absence of emulsions, absence of flooding at high flow rates, absence of unloading at low flow rates, etc.
In addition, as this process do not require density difference between fluids, it is possible to carry on extraction with an
enhanced number of couples of fluids. Moreover, membrane contactors offer a very high interfacial area: 30 times higher than
what is achievable in gas absorbers, and 500 times higher than what is obtainable in liquid=liquid extraction columns, leading to
remarkably low height of a transfer unit (HTU) values [41].

Carrying on membrane contactors with supercritical fluids as extracting solvent can lead to very attractive extraction results
due to the specific properties of supercritical fluids. Advantages of membrane contactors and supercritical fluid extraction were
thus coupled in an integrated process which was patented by Robinson and Sims [42] and commercialized as the PoroCrit
process. The principle is the same as presented in Figure 7.4 where one of the fluids is constituted of a subcritical or
supercritical fluid. The process is conducted with high pressures on both sides of the membrane, and the solute is extracted
across the membrane as driven by a concentration gradient. Any pumpable fluids including suspensions can be treated, thus
inducing a wide range of applications [43]. CO2-soluble components can be stripped from aqueous stream such as fruit juices,
fermentation broth, enzyme reaction mixture, wastewater, or oils. As examples, polypropylene membranes with a pore size
equal to 0.2 mm and configured as hollow fiber bundles were used for orange aroma, caffeine, or vanillin extraction by SC CO2

[43] and organic solvent recovery from water solutions. [44]. Although CO2 is often the solvent of choice in dense gas
extraction, other solvents such as compressed ethane and propane were tested for ethanol and acetone extraction from aqueous
mixtures, and compared to SC CO2 [45]. No significant extraction of ethanol by ethane was observed in the tested conditions
while propane allows extraction but at a significantly lower level than SC CO2. Thus, SC CO2 remains the more attractive
solvent for this application; in addition it is worth recalling that SC CO2 presents the great advantage to be nonflammable
contrarily to propane.

Mass transfer in such membrane contactors was modeled for different applications involving SC CO2 or other compressed
gas [40,46–48].

Membrane wall

Fluid 1
in

Fluid 1
out

Fluid 2
in

Fluid 2
out

FIGURE 7.4 Schematic diagram of a membrane contactor.

Pabby et al./Handbook of Membrane Separations 9549_C007 Final Proof page 187 13.5.2008 1:05pm Compositor Name: BMani

Membrane Technologies and Supercritical Fluids: Recent Advances 187



7.6 SC CO2-ASSISTED ULTRAFILTRATION

Ultrafiltration of highly viscous liquids (particularly oils) is an uneasy and expensive operation mainly characterized by low
permeate flux and high energy consumption. To overcome these difficulties, it has been already proposed to decrease viscosity
by either increasing the process temperature (up to 3508C) [49] or adding specific chemicals (such as surfactants or organic
solvents) [50]. However, increasing the process temperature requires very high temperatures that degrade the temperature-
sensitive compounds in the oil and induce additional costs and risks, whereas adding specific chemicals raises the problem of
solvent removing after filtration. That is the reason why a new cross-flow ultrafiltration process, taking advantage of the low
viscosity, low surface tension, and tuneable solvent power properties of supercritical CO2 to improve hydrodynamics, has been
recently proposed [51,52]. Moreover, the process appears as particularly interesting for safeguarding of product quality and
environment. In that alternative process, viscosity reduction is induced by fluidification of the viscous fluids following SC CO2

injection.
The principle of experimental setup is presented in Figure 7.5. In addition to a loading stage, it mainly consists of a gas-

pressurized cross-flow filtration circulation loop where the membrane allows the separation of the feed in two streams: the
permeate and the retentate. Each stream is further separated into gas and liquid parts in the separation stage. Membranes are
inorganic to ensure hard-operating conditions without failure.

With model solutions constituted of different base oils, it was first proved that, thanks to the viscosity reduction, the
permeate flux is enhanced in the presence of SC CO2 [52].

Then, the process was applied to an used motor oil [51]. It appears clearly that an increase of CO2 pressure still permits to
increase the permeate flux; but the effect is not significant above 15 MPa, which represents the optimum pressure for oil
filtration. As a whole, a flux increase higher than 300% may be reached. Finally, from analysis of permeate and retentate, it
follows that there is an excellent rejection rate of metals—Fe, Zn, Cu, etc.—which increases with transmembrane pressure up to
more than 99% depending on species. For mass concentration factors of about 27, residues with a total metal content less than
4% of the initial load were found: oil regeneration was very effective.

In a more recent work, Rodriguez et al. [53] tried to perform the filtration of mineral oil fluidified by subcritical SC CO2.
A strong fouling was observed. It was assumed that demixtion occurs in the pores because of pressure reduction and shear
stress, thus leading to the creation of very small bubbles of CO2 which would obstruct membrane pores. Therefore, it is better to
work at higher pressure to prevent this detrimental effect.

Combining this idea with the concept of membrane reactor leads to a new way for performing reaction on viscous solutions.
In this view, a new process combining enzyme (as catalyst), membrane, and SC CO2 has been proposed recently [54].
By replacing the classical barrier by a catalytic membrane with immobilized enzymes, the filtration system presented in
Figure 7.5 may act as a catalytic membrane reactor. This new concept has been justified using as model system the
interesterification of castor oil and methyl oleate catalyzed by a lipase from Candida antarctica. A conversion of about 30%
was obtained and stability was verified on a 25 h experiment. In that case, SC CO2 acts as a fluidifying agent that would enable
on the one hand an interesting flux across the membrane due to viscosity reduction, and on the other hand an increase in
conversion rate thanks to improved mass transfer properties.

7.7 MEMBRANE PREPARATION

Supercritical fluids offer new possibilities for the preparation of membranes, either inorganic or organic. Particularly, SC CO2

can be usefully used instead of main classical organic solvents. Although SC CO2 is a nonpolar solvent, which limits solubility
of polar reactants, its combination of liquid-like density and gas-like viscosity=diffusivity leads to high reaction rate and easy
recovery of products. Commonly used in organic chemistry, CO2 is now proposed to be used in inorganic synthesis.

CO2

Loading stage Filtration stage Separation stage

Viscous fluid

FIGURE 7.5 Experimental setup of the supercritical fluid-assisted ultrafiltration.
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7.7.1 INORGANIC MATERIALS

A number of very interesting applications namely chromatographic stationary phase, adsorbent, catalytic support, or mineral
membrane can be achieved using ultrafine metal-oxide particles. Supercritical fluids have been investigated as suitable and
novel reaction media for the synthesis of such particles starting from titanium alkoxide precursors [55].

In 1999, Brasseur-Tilmant [56] presented a work dealing with modification of macroporous alumina media by TiO2

particles deposition using supercritical isopropanol. The aim was to prepare inorganic membranes for cross-flow filtration.
Anatase particles were deposited on plane alumina support after thermal decomposition of titanium alkoxide precursors.
A slight infiltrated zone was observed and a pore size reduction was achieved from 110 to 5 nm, leading to obtain fine
ultrafiltration membranes. The main problem was to control the reaction at the membrane interface and not in the porosity, and
moreover, this process was suitable for tubular membrane preparation.

Papet et al. [57] described the preparation of titanium hydroxide particles in a high-pressure stirred vessel using SC CO2

followed by particle recovery. Because of the high reactivity of the titanium alkoxide for hydrolysis, highly volatile amorphous
fine powders of titanium hydroxide were formed at the pressure vessel surfaces. Scanning electron microscopy (SEM)
observations of this powder (Figure 7.6) revealed a relatively homogeneous size distribution of microsized spherical particles
depending on the reaction parameters.

Later, Papet [58] presented an alternative process for preparing tubular ceramic cross-flow filtration membranes. Papet’s
method consists of the casting of tubular mineral microfiltration membranes with titanium dioxide suspensions. The deposited
particles on the porous support were then compressed and finally, the layer was consolidated by firing.

One issue to control the final pore size of the consolidated layer is to control the size of the deposited particles. Actually,
using the submicronic titanium dioxide particles previously described, the preparation process allowed the authors to control
the particle size (i.e., the layer pore diameter) by tuning the operating parameters during the process (temperature, pressure,
contact time). The influence of the synthesis parameters on morphology and texture of titanium dioxide particles and the
preliminary results concerning membrane preparation using the layer compression process show that the obtained membranes
were still in the ultrafiltration range, due to shrinkage during sintering related to the low primary particles size and high specific
surface area.

Further work in progress concerns other precursors for the production of ceramic oxide materials (Ce1� xGdxO2� x=2 or
doped ZrO2 and LaGaO3), which are oxides of interest as oxygen ion conductors [55].

7.7.2 POLYMERIC MATERIALS

Today the majority of polymeric porous flat membranes used in microfiltration, ultrafiltration, and dialysis are prepared from a
homogenous polymer solution by the wet-phase inversion method [59–66]. This method involves casting of a polymer solution
onto an inert support followed by immersion of the support with the cast film into a bath filled with a non-solvent for the
polymer. The contact between the solvent and the non-solvent causes the solution to be phase separated. This process involves
the use of organic solvents that must be expensively removed from the membrane with posttreatments, since residual solvents
can cause potential problems for use in biomedical applications (i.e., dialysis). Moreover, long formation times and a limited
versatility (reduced possibility to modulate cell size and membrane structure) characterize this process.

The difficulty in analyzing the phase inversion process is due to the interactions between the three components involved, and
to the complex diffusion and convective processes that play an important role during the membrane formation. However, many
researchers agree that there are two dominating factors controlling the formation of phase inversion membranes: thermodynamics
and kinetics, correlated to each other during the solidification of casting solutions.

A new technique in which SC CO2 is used to induce the phase separation of the polymer solution has been recently
proposed by different authors. Kho et al. [67] used compressed CO2 for the formation of Nylon 6 membranes. The process was

FIGURE 7.6 Spherical nanophased titanium hydroxide particles obtained in SC CO2 from hydrolysis and condensation of tetraisopropyl-
orthotitanate at 323 K and 30 MPa.
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performed at 358C with the final pressure up to 174 bar for 30 min. Thin films (thickness ranging from 150 to 250 mm) were
obtained with uniform structures and cellular pores of 0.4 mm in diameter. Matsuyama et al. on their side studied the formation
of thin polystyrene membranes [68] and analyzed the effect of several process conditions (temperature, pressure, polymer
concentration) on the pore size. They also investigated [69] the influence of different solvents during the formation of cellulose
acetate membranes. Finally, Reverchon and Cardea [70] looked at the formation of cellulose acetate membranes from acetone
using the supercritical CO2-assisted phase inversion method. They reported the effect of an increase=decrease in affinity
between supercritical CO2 and acetone (i.e., increasing=decreasing the supercritical CO2 solvent power). They also observed
that polymer concentration influences the mean diameter of the cells that ranges from 2 to 50 mm by varying the polymer
concentration from 40% to 5% (w=w). A membrane formation mechanism was postulated. Yet more recently, these authors
have investigated [71] the possibility of obtaining polysulfone membranes with a flexible and solvent-reduced supercritical
CO2-assisted technique. Polysulfone is a ‘‘green material,’’ biodegradable and biocompatible, which could be particularly
interesting for medical applications.

Compared with the liquid-phase inversion method, this phase separation process has several advantages [59]:

. SC CO2 can dry the polymer membrane rapidly and totally without the collapse of the structure due to the absence of a
liquid–vapor interface. The membrane can be obtained without additional posttreatments because there are no solvent
residues.

. It is easy to recover the liquid solvent; it is dissolved in SC CO2 and can be removed from gaseous CO2 in a separator
located downstream the membrane formation vessel.

. SC CO2 versatility allows modulation of the membrane morphology, cells, and pore size by simply changing the
operative conditions.

. CO2 is nontoxic, nonflammable, and cheap.

7.8 CONCLUSIONS

The review here proposed shows clearly that the use of a membrane in the presence of a supercritical fluid makes it possible the
design of very attractive and powerful processes to improve transfer or reaction, to set in contact different phases, to fluidify
highly viscous liquids, etc. or for the preparation of new generations of membranes. This is to be connected to the specific
thermodynamic and transport properties of supercritical fluids and the particular environment that is created for all these
operations.

For industrial applications, specific constraints flow from particular conditions of pressure and temperature. But there is no
real impediment, which could obstruct practical implementation of these processes. Overall, the major interest of all these
processes is that they are safeguarding for environment and product quality (which is essential in particular when working with
biological compounds).
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The performance of a membrane process is a function of the intrinsic properties of the membrane, the imposed operating and
hydrodynamic conditions, and the nature of the feed. This chapter describes methods available to enhance performance by
various techniques, mainly hydrodynamic but also chemical and physical. The focus is on the liquid-based membrane processes
where performance is characterized by attainable flux, fouling control, and separation capabilities. The techniques discussed
include secondary flows, flow channel spacers, pulsed flow, two-phase flow, high shear devices, electromagnetic effects, and
ultrasound.

8.1 PROCESS LIMITATIONS AND ENHANCEMENT

Performance is usually compromised by concentration polarization and fouling, which is explained below. This is followed by
a discussion of the strategies available to limit their impact.

8.1.1 LIMITATIONS DUE TO CONCENTRATION POLARIZATION AND FOULING

A range of membrane processes are used to separate fine particles and colloids, macromolecules such as proteins, low-
molecular weight organics, and dissolved salts. These processes include the pressure-driven liquid-phase processes, micro-
filtration (MF), ultrafiltration (UF), nanofiltration (NF) and reverse osmosis (RO), and the thermal processes, pervaporation
(PV) and membrane distillation (MD), all of which operate with solvent (usually water) transmission. Processes which are
solute transport are electrodialysis (ED) and dialysis (D), as well as applications of PV where the trace species is transmitted.
In all these applications, the conditions in the liquid boundary layer have a strong influence on membrane performance. For
example, for the pressure-driven processes, the separation of solutes takes place at the membrane surface where the solvent
passes through the membrane and the retained solutes cause the local concentration to increase. The concentration profile of the
retained solutes depends on the balance between the convective drag toward and through the membrane (resulting from
the permeation flux) and back transport away from the membrane. The properties of this deposited layer could be either
reversible or irreversible.

Concentration polarization is the reversible buildup of dissolved or suspended species in the solution phase, as depicted in
Figure 8.1. The influence of concentration polarization on performance varies with different membrane processes. For RO and
NF, concentration polarization can result in a significant increase in osmotic pressure. As a result, higher delivery pressure is
required to provide the driving force to achieve reasonable flux values. For UF, the macromolecular solutes and colloidal
species could have modest osmotic pressures and also the concentration at the membrane surface can rise to the point of
incipient gel formation which is typically in the range of 20%–60% solute by volume [1]. This can lead to a transition from
concentration polarization to membrane fouling. For MF membranes without a fouling layer formed on the surface or in the
pores, concentration polarization of macromolecules should be negligible because large pore membranes are essentially not
retentive to most macromolecules. However, MF membranes can experience particle polarization due to the retention of
colloids and particulates.

Concentration polarization and particle polarization are related to the permeation-induced buildup of the concentration
profile on the membrane surface without changing the characteristics of the permeability and selectivity of the membranes.
Membrane fouling is related to irreversible changes in membrane permeability due to retained species deposition on the surface
or the internals of the membrane. Figure 8.2 shows typical forms of membrane fouling applicable to MF and UF, including pore
constriction, pore blocking, and gel=cake formation. This can also apply to NF and RO. Consider a particle with diameter dp
and a pore with dpore, when dp � dpore, the particle can enter the membrane pore and pore constriction may occur. When
dp¼ dpore, deposition of the particle onto the membrane surface may cause pore blocking. For dp> dpore, particles will be

Membrane
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FIGURE 8.1 Schematics of the concentration polarization boundary layer for membrane filtration.
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retained in a cake on the membrane surface. In a membrane filtration process, fouling could be a combination of different
mechanisms due to the distribution of species sizes in real feeds. Usually, in the initial stages, membrane fouling could be
dominated by pore constriction and pore blocking. Once the first cake layer has formed on the membrane surface, gel=cake
formation may become the dominant fouling mechanism. The filtration behavior of the cake layer, including compressibility
and permeability, is a function of the properties of the colloids deposited. For highly compressible cakes, usually formed by
particles with strong interparticle interactions, the cake resistance may be dominated by a very thin layer adjacent to the
membrane surface. Analogous phenomena occur with macro solutes and sparingly soluble solutes because concentration
polarization frequently leads to fouling.

Membrane fouling may result in a significant increase in filtration resistance, leading to unstable filtration behavior.
The pressure-driven membrane processes can be operated either with constant feed pressure or in the constant flux mode. For
constant pressure operation where the transmembrane pressure (TMP) is maintained at a constant value during the filtration, the
flux will decline with time due to the increased filtration resistance as shown in Figure 8.3a. It is observed that a quasi-steady
state can be reached for crossflow membrane filtration when the flux drops to a value called the limiting flux where the particle
deposition caused by the flux is balanced by the crossflow-induced particle back transport. The limiting flux is independent of
the TMP and the filtration resistance but depends on the hydrodynamically induced back transport and is a function of surface
shear, particle size, and the physical characteristics of the solution. The limiting flux can be experimentally determined
or estimated based on the mechanisms of back transport, as discussed below. Membrane filtration can also be operated in
the constant flux mode by extracting permeate at a constant flow rate, for example by using a suction pump. With fixed flux, the
suction pressure and TMP could theoretically be maintained steady if the flux is below a critical flux (see Section 8.1.2). More
typically, suction pressure will increase with time due to membrane fouling as depicted in Figure 8.3b. Constant flux operation
has the advantage of avoiding rapid development of membrane fouling caused by a high initial flux as typically found with
constant pressure filtration. This observation leads to the critical or sustainable flux strategy to enhance the performance of
membrane processes.

8.1.2 CRITICAL FLUX AND SUSTAINABLE FLUX

For crossflow filtration, the tangential flow tends to sweep the particles away from the membrane surface or promote particle
back transport. It can be assumed that the particle will not deposit onto the membrane surface if the permeate flux is controlled
below a value such that the drag force exerted on the particle by the permeate flow is smaller than the lift force caused by
the crossflow. Based on experimental observation, Field et al. [2] first suggested that there may be a critical flux below which
species in the feed have negligible interactions with the membrane and the TMP is similar to that of pure water at the
same flux (the strong form of critical flux). If some interaction (such as adsorption) occurs, the flux at which the TMP-flux
line becomes nonlinear is the weak form of the critical flux. Using a technique called direct observation through the membrane
(DOTM), Li et al. [3] were able to visually confirm that a clean membrane without deposition was attainable during the
microfiltration of latex particles if the flux was controlled below a certain critical value that is dependent on the crossflow
velocity and particle size.

(a) (b) (c)

FIGURE 8.2 Fouling schematics for different mechanisms. (a) Pore construction, (b) pore blocking, and (c) cake formation.
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FIGURE 8.3 TMP and flux profiles for (a) constant pressure and (b) constant flux filtration.
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A number of mechanisms have been related to the particle back transport induced by crossflow. Among them, Brownian
diffusion, shear-induced diffusion, and initial lift mechanisms are most widely accepted [4]. The Brownian diffusion model
suggests that molecular diffusion in the boundary layer is responsible for the particle back transport, implying that the
concentration polarization is inevitable in membrane filtration. Shear-induced diffusion arises from multiparticle interactions
induced by shear flow. The essential requirement for these mechanisms is that the particle concentration should be sufficiently
high to result in a significant particle interaction [5]. Inertial lift was first studied by Segre and Silberberg [6], who identified a
‘‘tubular pinch effect’’ in which lateral migration occurs both from the center and from the tube wall toward an eccentric
equilibrium position for a range of particle size and flow conditions. Inertial lift was regarded to arise from nonlinear
interactions of a particle with the surrounding flow field under conditions where the Reynolds number (Re) based on the
particle size is not negligible and so the nonlinear inertial terms in the Navier–Stokes equations play a role. The critical flux for
different back transport mechanisms can be expressed in the following general form:

Jcr ¼ cgnrmp f
p
bL

q
fh

s (8:1)

where
g is the shear rate at the membrane surface
rp is particle radius
fb is the solid volume fraction in the feed
Lf is the filter length
h is the viscosity
c, n, m, q, and s are coefficients

Equation 8.1 highlights the importance of shear rate in raising critical flux, and illustrates why the majority of performance
enhancing techniques involve methods of increasing surface shear phenomena. Table 8.1 shows the coefficients in Equation 8.1
for different back transport mechanisms.

For a given crossflow filtration, the dominant particle back transport mechanism may depend on the shear rate and the
particles size [4]. Brownian diffusion is only important for particles smaller than only a few tenths of a micron in diameter with
relative low shear, whereas inertial lift is important for particles larger than several tens of microns with higher shear rates.
Shear-induced back transport appears to be important for intermediate particle sizes and shear rates. Li et al. [7] reported that the
shear-induced mechanism was able to predict fluxes comparable with the critical fluxes identified by the DOTM.

For mixed feed, the limiting critical flux will be that of the component with lowest critical flux; in practice, this may be
impractically low and a sustainable flux, requiring infrequent cleaning, may be adopted. For soluble species and fine colloids,
the critical flux can be considered as the flux below which the wall concentration does not initiate fouling.

One of the earliest approaches to sustainable operation was the Bactocatch process applied in the dairy industry [8] where in
effect the TMP was maintained at a low-controlled value to limit flux and fouling. In this process, the axial feed flow in a
ceramic tubular module was matched by the recirculation of permeate in the shell. It is now recognized that constant flux
operation applying critical or sustainable flux concepts is attractive. A prime example is the large-scale membrane bioreactor
(MBR) used for wastewater treatment where the long-term stable operation with minimum membrane chemical cleaning is
desirable. In this application, controlling flux below the sustainable flux has become a common strategy to fight membrane
fouling. The critical flux can be experimentally identified through constant flux filtration experiments by incrementing the flux
until the TMP (or suction pressure) is no longer steady as depicted in Figure 8.4. For a real feed, the suction pressure may
slightly increase even at very low flux. Figure 8.4 shows a typical TMP profile with stepped flux increase at 2 L=m2 h obtained
in filtration of synthetic wastewater [9]. From Figure 8.4, it can be seen that the increase in the rate of TMP became significant
when the flux was higher than 10 L=m2 h. However, closer observation indicates that the TMP started to increase even at a flux

TABLE 8.1
Coefficient in Equation 8.1 for Different Mechanisms

Coefficients Brownian Diffusion Shear-Induced Diffusion Inertial Lift

c 1.31 0.072 0.036

m (rp) �0.67 1.33 3
n (g) 0.33 1 2
p (fb) �0.33 �0.33 0

q (Lf) �0.33 �0.33 0
s (h) �1 �0.33 0
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as low as 2 L=m2 h [9]. For cases like this (i.e., an MBR), a specific rate of increase in TMP (dTMP=dt) can be used for
determination of the critical flux or the sustainable flux as discussed by Le-Clech et al. [9].

8.1.3 METHODS TO CONTROL CONCENTRATION POLARIZATION AND MEMBRANE FOULING

Figure 8.5 summarizes the range of methods used to control concentration polarization and membrane fouling. These include
chemical, hydrodynamic, and physical methods. The most direct chemical approach to control membrane fouling is modific-
ation of the surface properties of the membranes, such as surface charge and hydrophilicity. Some methods used to modify
membrane properties include heterogeneous chemical modification [10], adsorption of hydrophilic polymers [11], irradiation
methods [12], and low temperature plasma activation [13]. The chemical methods also include application of coagulants to
change particle size distribution in the treated feeds (note the importance of particle size in Equation 8.1). Addition of inorganic
salts and polyelectrolytes as well as pH shifts in the feeds can destabilize colloids and result in formation of larger flocs,
reducing the concentration of the colloids in the feeds that are mainly responsible for formation of high resistance.
For applications such as macrosolute UF, pH adjustment to the feed can alter solute–membrane interactions and reduce
fouling [14].

Most of hydrodynamic methods have focused on increasing the particle back transport from the membrane–liquid interface
by increasing the shear rate and the flow instability in the boundary layer. These techniques include secondary flows, spacers
and inserts, pulsed flow, high shear rate devices, vibrations, and two-phase flow. The physical methods that are currently been
tested to enhance filtration performance of membranes include the application of electric fields and ultrasound.
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The performance enhancement by a specific hydrodynamic technique is assessed by comparing the steady flux obtained
under the same filtration conditions with and without imposition of the hydrodynamic technique. However, since most of the
hydrodynamic techniques used for flux enhancement also result in an increase in the energy consumption, there is a trade-off
between capital cost (related to flux enhancement) and operating cost (related to energy consumption). In filtration processes,
the energy will be dissipated by crossflow and driving the permeate going through the membrane. Thus the overall power
expenditure within the module (Pd) can be approximated by

Pd ¼ QfDPL þ QpPtm

�� �� (8:2)

where
Qf is the crossflow flow rate
Qp is the permeate flow rate
Ptm is the TMP
DPL is the pressure loss in the module (a part of which is used to generate surface shear)

Then the energy expenditure per unit volume of permeate in kw h=m3 is

Ed ¼ 1
3:6� 106

QfDPL

Qp

þ Ptm

� �
(8:3)

The costs of the filtration processes include module and energy cost. The module cost depends on the membrane area (inversely
related to flux), so the module cost per unit filtrate can be calculated by

Module cost ($=m3) ¼ 1
Jd

� �
s=mð Þ � Cmem $=m2s

� �
(8:4)

where
Jd is the design flux of the filtration process
Cmem is the cost of capital related to membrane area per unit time

The critical flux or sustainable flux can be used as the design flux for the processes, which is to be enhanced by the
hydrodynamic techniques applied.

The energy cost can be estimated by

Energy ($=m3) ¼ Ed (kW h=m3
)� cost ($=kW h) (8:5)

Most of hydrodynamic techniques will reduce the module=membrane cost due to enhancement of the design flux but increase
the energy cost due to increased pressure drop through the module. The optimal process design should result in a minimum total
cost or the sum of the energy and module cost. An example of this trade-off is described in Section 8.3. The important point to
note is that the performance enhancing techniques involve a cost that must provide a benefit and return on investment.

8.2 SECONDARY FLOWS

8.2.1 DEAN VORTICES

8.2.1.1 Characteristics of Dean Flow

Dean vortices are the secondary flows that occur in the cross section of a curved channel or helically coiled tubes. Figure 8.6
shows the secondary flow developed in a helically coiled tube. When fluid flows through the helically curved tube, the faster
elements of the fluid in the center of the tube tend to be moved outward by centrifugal force, while the slower elements of the
fluid are forced inward to maintain mass balance, resulting in counter rotating vortices in the cross section of the channel as
shown in Figure 8.6. The intensity of the secondary flow depends on the fluid flow in the tube and the geometric features of the
curved channel, characterizing by the so-called Dean number (De):

De ¼ Re

ffiffiffiffiffi
dt
Dt

r
(8:6)
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where
Dt is the coil diameter
Reynolds number, Re¼ dtVm=n
dt is the tube diameter
Vm is the mean azimuthal velocity
n is the kinematic viscosity

A modified curvature diameter Dt
0, which takes into account the torsion effect and varies with the pitch b, is formulated as

below for helically coiled tubes:

D0
t ¼ Dt 1þ p

bDt

� �2
" #

(8:7)

It is suggested that the appearance of the Dean vortices depends on the magnitude of the Dean number. Although it is suggested
that the secondary flow can only appear above a critical Dean number [15], flow simulation indicates that a secondary flow field
could be developed even at very low Dean number [16]. However, the effect of the secondary flow on mass and heat transfer is
difficult to detect experimentally at Dean numbers lower than about 20.

The following empirical correlation from Mishra and Gupta [17] can be used to calculate the friction factor ( fc) in a torus,
coil, or helical tube under the conditions: Laminar, 1<De< 3000; 3� 10�3< dt=Dt< 0.15; 0< (b=Dt)< 25.4.

fc ¼ fs 1þ 0:033( logDe)4
� �

(8:8)

where fs is the friction factor in a similar straight tube. For Newtonian laminar flow, fs can be calculated by

fs ¼ 64
Re

(8:9)

The axial pressure drop due to friction for a helical coil tube can then be calculated by

DPL ¼ fc
Lf
d

1
2
rV2

m (8:10)

8.2.1.2 Dean Flow-Enhanced Membrane Process

Experimental evidence has demonstrated that Dean vortices can be effective for enhancement of membrane performance under
laminar conditions [18]. As flow conditions approach the transition and turbulent flow regimes, straight membranes have a
better mass transfer and higher wall shear rate than in flows with curved membrane channels. The effects of Dean vortices on
the performance of membrane filtration have been studied experimentally and theoretically by Belfort and coworkers [19–22].
Mallubhotla and Belfort [21] assessed the filtration of suspensions of polydispersed polystyrene particles (mean diameter
25 mm) and silica particles (mean diameter 20 mm) with and without the presence of Dean flow using an 1808 U-bend channel

b

Dt

d t

FIGURE 8.6 Dean flow formed in a coiled helical tube.
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with a membrane attached on the lower surface of the upper linear part of the U channel after the curve. With such a test cell, the
filtration can be conducted with and without the appearance of the Dean vortices in the crossflow over the membrane by using
the flow setting shown in Figure 8.7. Figure 8.8 shows the permeation flux-time profiles for filtration of the polydispersed
polystyrene particles with and without the Dean vortices. It can been seen from this figure that a significantly higher pseudo-
steady state can be reached at an earlier stage in the filtration with Dean vortices than that without Dean vortices, indicating an
improvement in filtration performance.

Although some of the earlier work on Dean flow-enhanced membrane filtration was conducted with modules designed
by placing a half spiral tube onto a flat sheet membrane [19], most recent studies have been carried out with helical hollow
fiber membrane modules. Moulin et al. [23] compared the ultrafiltration of colloidal bentonite and dextran solution with a coiled
and a straight hollow fiber membrane, with hollow fiber configuration of dti¼ 0.93 and 0.7 mm in the laminar flow region.
It was reported that the secondary flow induced by the coiled geometry could enhance the limiting flux by up to a factor of 2 or
3 for the colloidal suspension and the macromolecular solution, respectively. The flux enhancement increased when the coil
diameter was reduced from 11 to 4.1 cm, implying increased enhancement with increase in Dean number (Equation 8.6).
Mallubhotla et al. [22] studied the effect of Dean vortices on nanofiltration of inorganic and amino acid solutions using helical
hollow fiber membrane modules that were made by wrapping a 0.27 mm fiber (inner diameter) around a steel rod of 3.18 mm
diameter. The results showed the flux of the helical module was about 16% higher for 0.02 mol KCl and K2SO4 solution and
about 32% higher for K3PO4 than those with the straight module. For filtration of different amino acid solutions, the flux
enhancement by Dean flow was found to be a strong function of the pH of the solution, ranging from less than 5% to 35% in
the pH range of 3–10 with an increased enhancement at high pH. Although helically coiled hollow fibers have proved to be
effective for flux enhancement, no large-scale commercial hollow fiber membrane module has adopted the design to date,
probably due to the difficulty of fabrication.
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FIGURE 8.7 Configuration of Dean generator test cell. (Adapted from Figure 1 of Brewster, M.E., Chung, K.Y., and Belfort, G., J. Membr.
Sci., 81, 127, 1993.)
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FIGURE 8.8 Flux-time profile with and without Dean flow for filtration of S=DVB particles. (From Figure 3 in Mallubhotla, H. and
Belfort, G., J. Membr. Sci., 125, 75, 1997. With permission.)
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8.2.2 TAYLOR FLOW

8.2.2.1 Characteristics of Taylor Flow

Another method that has been used to promote secondary flow is the generation of Taylor vortices in the annulus of two concentric
cylinders with a rotating cylindrical filter. Figure 8.9 shows a typical rotatory membrane module that consists of two coaxial
cylinders with the inner cylinder driven by an electric motor and the outer fixed. The membrane is usually attached to the inner
rotating cylinder. The feed flows along the z-axis in the annular gap between the two concentric cylinders with the permeate were
collected by a duct along the axis of rotation. When the inner cylinder rotates, a hydrodynamic regime is generated with annual
counter rotating vortices (Taylor vortices) as shown in Figure 8.10. The Taylor flow can be characterized by the Taylor number:

Ta ¼ vR1DR

n

DR

R1

� �0:5

(8:11)

where
v is angular velocity
R1 is radius of the rotating cylinder
R2 is the inner radius of the fixed cylinder
DR¼ (R2�R1), i.e., the width of the annular gap

Feed

Rotating membrane

Concentrate

Cooling

Cooling

Stationary
cylinder

Filtrate

FIGURE 8.9 Schematics of axial rotatory membrane module.

R2

R1

w

∆

FIGURE 8.10 Schematic illustration of the Taylor vortices in the annulus of an axial rotating dynamic membrane filter. (From Figure 3 in
Kroner, K.H. and Nissinen, V., J. Membr. Sci., 36, 85, 1988. With permission.)
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When the Taylor number exceeds a critical value (Tac), a transition from stable Couette flow to vortical Taylor–Couette
flow occurs. The critical Taylor number can be calculated by [24]:

Tac ¼ 20:1þ 13:6
DR

Ri

� �
þ 1:4

DR

Ri

� �2

(8:12)

8.2.2.2 Membrane Filtration with Taylor Flow

The rotating filter has been tested for a wide range of applications, including concentration of biological suspensions [25], skim
milk separation [26], separating plasma from whole blood [27], and oil–water separation [28]. The flux obtained with a rotating
filter will depend on the rotating speed, operating pressure, and the structure of the filter such as the gap size and the roughness
of the rotating surface. It was reported that a flux from 50 to 150 L=m2 h has been achieved for UF of 20% cutting oil emulsion
under conditions of 300 kPa and rotating speeds from 210 to 2550 rpm [28]. Kroner and Nissinen [25] reported fluxes of
60–140 L=m2 h for MF of 3% Baker’s yeast suspensions at 25 kPa and a flux range 30–75 L=m2 h for MF of 2% Escherichia
coli broth at 30 kPa in the rotating speed range 1000–3000 rpm. For cell concentration, a final batch concentration of 30%–70%
for baker’s yeast and 9%–53% for bacterial suspensions, accompanied by a high protein transmission, was reported with the
application of the rotating filter [25].

Figure 8.11 shows the effect of rotation speed for filtration of baker’s yeast suspension and E. coli fermentation broth [25].
In both cases, the increase in rotation speed in the range of 1000–3000 rpm, which corresponds to a range of Ta from
about 2000–6000 for the test device, resulted in a substantial increase in flux with a transition point observed at a rotation
speed of 2000 rpm—this corresponds approximately to a Taylor number of 3500, where turbulent Couette flow can be
assumed.

An empirical correlation which expresses the Sherwood number (Sh) as a function of the Taylor number was proposed by
Holeschovsky and Cooney [29] as

Sh ¼ 1:26Ta0:5
2d
R

� �0:17

Sc0:33 (8:13)

The main limitation of the axially rotating filter is difficulty of scale-up. Most of the reported experiments have been carried out
with lab-scale units with the radius of the rotating cylinder <50 mm and the total filtration area <0.05 m2.
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FIGURE 8.11 Effect of rotating speed on permeate flux for filtration of baker’s yeast and E. coli suspensions. (From Figure 8 in Kroner, K.H.
and Nissinen, V., J. Membr. Sci., 36, 85, 1988. With permission.)
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8.3 FLOW CHANNEL SPACERS

8.3.1 NET-TYPE SPACERS

8.3.1.1 Geometrical Characteristics of Net-Type Spacers

The net-type spacer is a key feature in the spiral wound module (SWM) widely used in RO (desalination), NF (water treatment),
and some large-scale applications of UF (dairy and food). The spacers in the SWM have the dual function of keeping adjacent
membranes apart to form a feed channel and of promoting turbulence in the feed channel. As shown in Figure 8.12, the net-type
spacer usually consists of two layers of cylindrical filaments joined together to form a screen-like mesh. The typical mesh
geometries include square, rhomboid, and parallelogram, with cell sizes of the order 4 mm and mesh heights of 1–2 mm. The
diameter of the filaments in the top and the bottom layers could be identical (symmetric spacers) or different (asymmetric
spacer). The main characteristic parameters of the spacers include filament diameter, mesh size, and the angle between the
filaments (Figure 8.12). Other defined spacer parameters include the specific area, Svsp [30], and spacer voidage « [31].

8.3.1.2 Effect of Spacer Geometry

In the SWM flow through the spacer-filled channel induces unsteady flows and increases local shear rates and local mixing,
which reduce the boundary layer thickness and the concentration polarization. The mass transfer and pressure drop in a spacer-
filled channel can be significantly affected by the geometric characteristics of the spacer. Figure 8.13 shows some typical
commercial net-type spacers studied by Da Costa et al. [32]. Table 8.2 shows their characteristic parameters. Figure 8.14 shows
the steady flux at different TMPs for filtration 1 g=L dextran (average molecular weight 500,000 Da) using a Koch Systems
HFK-131 polysulphone 5 KDa UF membrane in a test cell with channel dimensions of 25 mm width and 285 mm long.
Comparing the flux obtained with and without spacers, the flux was significantly higher (three to fivefold) for the filtration with

Membrane

First layer
filaments

Second layer
filaments

lm2 

df1 

lm1 

df2
Feed flow

FIGURE 8.12 Schematics of net-type spacers.

FIGURE 8.13 Typical commercial net-type spacers. (From Figure 2 in Da Costa, A.R. and Fane, A.G., Ind. Eng. Chem. Res., 33, 1845,
1994. With permission.)
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spacers. Inspection of Figure 8.14 shows that the flux enhancement was significantly influenced by the spacer geometry. The
spacers also increased the channel pressure loss from about 1 kPa (empty channel) to as high as 167 kPa.

Da Costa et al. [32] showed that the mass transfer coefficient for various net-type spacers can be represented by a Sherwood
correlation:

Sh ¼ cRemScp
dh
Ls

� �q

(8:14)

where
Ls is channel length
dh is the hydraulic diameter

The hydraulic diameter can be calculated by

dh ¼ 4� cross section

wetted perimeter
¼ 4«

2=hsp þ (1� «)Svsp
(8:15)

TABLE 8.2
Geometrical Characteristics of Spacers

Spacer hsp (mm) df (mm) lm* Angle (Degree)a Flow Angle (Degree)b

80 MIL-1 2.1 1.15 1.85 80 40
80 MIL-2 2.1 1.15 1.85 80 50
80 MIL-1E 2.1 1.15 4.85 80 40
80 MIL-2E 2.1 1.15 4.85 80 50

UF3 1.7 0.76 (1.07)c 4.06 (5.3)d 45 60
UF4 1.7 0.76 (1.07)c 4.06 (5.3)d 45 20

a Angle between the filaments facing the main flow direction.
b Angle between the filament and channel axis (main flow direction).
c Thin and thick filaments.
d Short and long filaments.
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FIGURE 8.14 Flux versus transmembrane pressure for different spacers. (From Figure 4 in Da Costa, A.R. and Fane, A.G., Ind. Eng. Chem.
Res., 33, 1845, 1994. With permission.)
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where hsp is the thickness of the spacer. This is equal to the height of the spacer-filled channel, but it is less than (df1þ df2)
because the filaments are slightly embedded in each other. The other dimensionless numbers in Equation 8.14 can be
calculated as

Sh ¼ kdh
D

(8:16)

Re ¼ Vdh
n

(8:17)

Sc ¼ n

D
(8:18)

where V is the superficial channel axial velocity.
The friction factor for channel pressure loss can be related to the Reynolds number by the following empirical correlation:

f ¼ A

Ren
(8:19)

According to Da Costa and Fane [31], a lower value of n is indicative of a higher degree of turbulence in the fluid flow.
Table 8.3 shows the experimentally determined coefficients for the mass transfer and the friction coefficient correlations

for the spacers shown in Figure 8.13 [32]. The coefficients in Equations 8.14 and 8.19 are highly spacer geometry dependent
and different for various arrangements of the spacer in the channel. Da Costa et al. [32] also carried out an illustrative economic
analysis on membrane (capital) and energy (operating) costs for the spacers tested based on hypothetical cost parameters.
Table 8.3 shows the total costs of different spacer options under conditions of flow rate 3 L=min. Under such a flow condition,
it seems that the UF4 was the most efficient spacer compared with the others. However, the total cost of the membrane process
would be a function of the crossflow rate. A high crossflow rate can result in a high energy cost but a reduced membrane area
because an increased flux should be achieved under high crossflow conditions. This implies that there may be an optimal
crossflow rate at which the minimum total cost (i.e., the sum of the operating and capital costs) can be achieved. Figure 8.15
shows the estimated costs versus crossflow for the spacers tested by Da Costa et al. [32]. Given that typical spiral wound
elements are usually operated with a crossflow velocity less than 0.6 m=s due to the limitation of the maximum pressure drop
across the elements to avoid telescoping, the 80 MIL design could be the optimal spacer in this set of spacer designs for a
practical crossflow range.

While the average mass transfer in a space-filled channel can be experimentally related to the spacer configuration and the
average flow conditions, computational fluid dynamics (CFD) can be used to analyze the details of the local hydrodynamic
characteristics and the wakes formed behind the filaments. Figure 8.16 shows the results of CFD simulations of the local flow
patterns in a spacer-filled channel with the cavity, zigzag, and submerged spacer arrangements [33]. The simulations indicate
that large recirculation regions may be formed behind the filaments and the shed vortices can scour the channel wall and
enhance the shear stress at the membrane surface. For the cavity geometry spacer, the recirculation regions between sequential
filaments influence each other and merge to form one large recirculation region between sequential filaments above a critical
Reynolds number or below a critical mesh length. In contrast, the zigzag spacers forced the channel flow into an up-and-down
zigzag pattern, which caused the recirculation region to reattach to the wall.

TABLE 8.3
Summary of Mass Transfer Coefficients, Coefficients in Equations 8.18 and 8.23, and Cost Estimation for Filtration
with Spacers Tested in Figure 8.13

Spacer K (�106) m=s
c (Equation

8.18)
m (Equation

8.18)
p (Equation

8.18)
q (Equation

8.18)
A (Equation

8.23)
n (Equation

8.23)
Total

Cost $=m3

Slit 1.0 (0.24a) 1.86 0.43 0.32 0.33 — — 1.98

80 MIL-1 6.0 (0.44) 0.0096 0.62 0.58 — 0.54 0.26 1.09
80 MIL-2 6.0 (0.44) 0.0096 0.66 0.58 — 0.91 0.23 1.73
80 MIL-1E 6.0 (0.25) — 2.16 0.17 1.02

80 MIL-2E 6.0 (0.25) — 4.51 0.15 1.71
UF3 5.0 (0.27) 0.0096 0.59 0.60 — 3.3 0.17 1.87
UF4 3.0 (0.27) 0.0096 0.50 0.59 — 0.61 0.30 0.80

Source: From Da Costa, A.R., Fane, A.G., Fell, C.J., and Franken, D., J. Membr. Sci., 62, 275, 1991.
a Flow rate (L=min).
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Figure 8.17 shows experimental data for the typical particle deposition pattern in a spacer mesh with one filament orientated
perpendicular to the main flow direction and the other filament parallel with the main flow. The deposition was recorded using a
technique called DOTM [33]. The observation shows that there is a clear area with negligible deposition on the membrane
behind and in front of the transverse filaments due to the effect of the inertial force and the souring of the eddies. The clear area
was observed to increase with increase in the crossflow velocity. Using the DOTM technique, Neal et al. [34] measured the
effect of spacers on the critical flux of small particles and found that critical fluxes were enhanced by up to twice that of an
empty channel. In summary, the flow channel spacers used in the popular SWM significantly enhance flux and performance for
feeds with both dissolved solutes and particulates. The penalty is increased pressure loss. This leads to an optimal design and
operating range that minimizes the processing costs.

8.3.2 OTHER TURBULENCE PROMOTERS

8.3.2.1 Helical Inserts

Figure 8.18 shows a typical design of a winding helical insert that is centrically located in a tubular membrane. This type of
insert can be easily fabricated by winding a metal or plastic wire onto a rod. The main structural parameters of this insert include
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FIGURE 8.15 Unit processing costs for different spacers. (From Figure 11 in Da Costa, A.R. and Fane, A.G., Ind. Eng. Chem. Res., 33,
1845, 1994. With permission.)

(a)

(b)

(c)

FIGURE 8.16 CFD simulation for unsteady flow for Re¼ 1200 for the (a) cavity, (b) submerged, and (c) zigzag spacer at a fixed mesh
length and filament diameter. (From Figure 16 in Schwinge, J., Neal, P.R., Wiley, D.E., Fletcher, D.E., and Fane, A.G., J. Membr. Sci., 242,
129, 2004. With permission.)
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the rod diameter, pitch, and the clearance distance between the tubular membrane and the insert. Flow visualization shows that
the presence of the helical baffle in the tubular membrane induces a rotational flow within the baffle and the angle of rotation
depends on the pitch or the number of turns over the length of the baffle. Three flow components were identified, which are the
tangential flow in the clearance between the membrane and the insert, the rotational helical flow following the shape of
the helical, and a reverse flow generated by the secondary flows on the cylindrical rod surface [35]. The flow near the membrane
surface is dominated by tangential and rotational flows. It was reported that no obvious vortices were observed in the tube with
helical inserts even at relatively high flow rate.

Figure 8.19 shows the flux-time profiles obtained in filtration of 5% yeast cell suspension using a tubular membrane of
6 mm i.d. (inside diameter) and 0.14 mm pore size with a helical baffle (HB), a rod baffle (RB), and the tubular membrane
without baffle (NB) [35]. The comparison has been made at the same hydraulic-dissipated power, which is defined as the
product of the flow rate and the pressure drop along the tubular membrane, or the energy consumed to generate the crossflow
through the tubular membrane. Using the hydraulic-dissipated power rather than the crossflow rate as a control parameter for
the comparison of the tubular membrane with and without inserts eliminates the effect of the reduced crossflow section by

(a)

(b)

(c)

FIGURE 8.17 DOTM revealed particle deposition pattern for different spacer orientations (a–c). (From Figure 13 in Schwinge, J.,
Neal, P.R., Wiley, D.E., Fletcher, D.E., and Fane, A.G., J. Membr. Sci., 242, 129, 2004. With permission.)
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FIGURE 8.18 Schematics of a helical baffle. (From Figure 2 in Gupta, B.B., Howell, J.A., Wu, D., and Field, R.W., J. Membr. Sci., 102,
31, 1995. With permission.)
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introduction of the inserts. From Figure 8.19, it can be seen that the presence of the helical baffle resulted in a higher flux, but
the flux with the RB mode was slightly lower than the NB mode. The rod-type baffle (RB mode) has a similar parallel flow
pattern to the NB mode but the value of the tangential velocity is lower than that with the NB mode for a given hydraulic-
dissipated power. This explains the slightly lower flux with the RB mode. The enhancement of filtration performance by helical
baffles was also reported in the filtration of different difficult feeds using tubular membranes, including crude oil emulsions
and mixtures of crude oil with biological solids from activated sludge processes [36], dextran T500 [37], and municipal
wastewater [38].

One of the important characteristic parameters of the helical inserts is the pitch, or the turns per unit length. A large pitch
means fewer turns of the helices over a certain length of the baffle. However, the limit of indefinitely increasing the number of
turns or reducing the pitch will be a geometry approaching a rod-type baffle with negligible rotational flow. Thus there should
be an optimal number of helices for flux enhancement. Gupta et al. [35] experimentally determined that a helical baffle made up
of four turns per 25 mm length was optimal, which is similar to the optimal 5 mm pitch determined by Xu et al. [38]. Gupta
et al. [35] also suggested that a gap of about 1 mm between the membrane inner surface and the baffle height is appropriate for
good filtration performance using this type of baffle.

8.3.2.2 Corrugated Membranes

Corrugated membranes have been tested and were formed by spreading flat sheet membranes over a corrugated supported
plate. The corrugated structure of the plate was made by half-cylindrical bars attached to or grooves machined into the plate
[39,40]. The depth of the semicircular bar or groove could be from less than 1 mm to several millimeters. van der Waal and
Racz [39] studied the effect of corrugations on filtration with 3 mm circular bars glued onto the support plate. Flow
visualization revealed that the membrane corrugations resulted in a transition from laminar to turbulent flow at a lower
velocity than with a flat membrane. Circulation eddies formed behind the corrugation over a downstream distance up to about
10–15 mm. The filtration experiments indicated that corrugations can result in an enhancement in mass transfer coefficient,
provided the separation distance between corrugations was in the range 15–40 mm. However, no significant effects were
observed with larger or smaller mutual distances, such as 80 and 10 mm, respectively.

Stairmand and Bellhouse [40] tested the combined effect of corrugated membranes and pulsated flow on mass transfer in a
blood oxygenator. Figure 8.20 shows the schematics of the device used in their experiments. The corrugated structure tested by
them was formed by semicircular grooves of 0.75 mm depth and 1.25 mm separation, much shallower and more closely spaced
than that tested by van der Waal and Racz [39]. The pulsated flow was produced by a rotating 0.5 in. ball that intermittently
closed the line and a section of flexible tube, which could be clamped to varying degrees to alter the stroke of the pulsations.
During the experiments, the oxygen was convectively transferred from the high pressure chamber (1 bar) to the low pressure
chamber (0 bar) through the liquid flowing through the channel between these two chambers. The rate of convective transfer
across the channel would depend on the intensity of mixing of the fluid flowing through the channel. Figure 8.21 [40] shows the
effect of pulsations on oxygen transfer between the two corrugated membranes with water and milk-filled channels under
conditions of different Reynolds number. The experimental data indicate that for nonfouling liquid medium (distilled water)
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where the Reynolds number exerted a dominant effect on oxygen transfer rate applying an 8 Hz pulsation to the water-filled
channel could enhance the Sherwood number by about 20%. For fouling medium (milk-filled channel), the effect of Reynolds
number on oxygen transfer could be considerably limited by membrane fouling. However, this phenomenon was found to be
partially reversed by the application of pulsations. For Reynolds numbers larger than 10,000, the Sherwood number was
enhanced by a factor of about 2 by imposition of pulsations, confirming the effect of pulsations on reducing concentration
polarization with corrugated membranes.

Instead of using a furrowed or dimpled membrane support plate, Sobey [41] observed that a single flow deflector in a flat
membrane channel could produce many vortices under oscillatory flow conditions, an effect named the ‘‘vortex wave.’’
An important feature of the vortex wave is that it could occur under low crossflow velocity conditions or with laminar flow
so that it can be used for shear-sensitive fluids. Millward et al. [42] tested the effect of vortex waves on plasma filtration with
waves produced by flow deflectors with cross-sectional area of 1� 1 mm2 in a 2.25 mm high channel as shown in Figure 8.22.
The aim was to improve membrane applications for the separation of plasma from cellular blood components for both donor
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O2 (0 bar)

O2 (1 bar)

FIGURE 8.20 Schematics of simulated oxygenator employed with corrugated membrane and pulsatile flow. (Adapted from Figures 1 and 2
of Bertram, C.D., Hoogland, M.R., Li, H., Odell, R.A., and Fane, A.G., J. Membr. Sci., 84, 279, 1993.)
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FIGURE 8.21 Effect of pulsatile flow on oxygen transfer with water and milk medium. (From Figure 3 in Stairmand, J.W. and Bellhouse,
B.J., Int. J. Heat Mass Transfer, 27, 1405, 1985. With permission.)
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plasmapheresis and the treatment of autoimmune disease. For this application, it is important to achieve a high-plasma filtration
rate with negligible damage to the blood components under limited blood flow rate conditions so there would be a need to
employ secondary flows to control concentration polarization and membrane fouling. Figure 8.23 shows the plasma flux
obtained with different spacings of flow deflector under relatively low Reynolds numbers, in the range of 50–200, using 0.2 mm
flat sheet membranes. The results indicate that the addition of narrowly spaced (4 mm) flow deflectors to the membrane channel
enhanced the flux significantly by a factor of 3.5 compared to an empty channel at a Reynolds number Re¼ 123. More
importantly, it was found that the deflectors did not increase the channel pressure drop significantly in such a low Reynolds
range. Millward et al. [42] also demonstrated that the oscillatory flow component was an essential feature of the vortex wave
design. They found that the plasma flux dropped from 0.1 to 0.01 cm=min by removing the oscillations during the filtration with
a channel with 4 mm spaced deflectors. These results demonstrate that significant flux enhancement could be obtained by
combining a turbulence promoter and pulsation design even with laminar flow conditions.

8.4 PULSED FLOW

8.4.1 HYDRODYNAMIC CHARACTERISTICS OF PULSATILE FLOW

Pulsatile flow can be defined as flow with a periodic pressure fluctuation wave travelling along the flow path. As in a steady
Poiseuille’s flow, it is the pressure gradient along the flow path that determines the instantaneous pulsatile flow rate. For the
flow path shown in Figure 8.24, the pressure gradient is determined by the pressure difference between the pressure recorded at
upstream point A and that recorded at the downstream point B. Owing to the pressure pulse transfer from the original source of
the pulsation down along the flow path, the crest of the wave reaches point A short time before it reaches the downstream
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FIGURE 8.22 Schematics of membrane flow channel equipped flow deflector.
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point B, at this time the pressure at point A is higher than that at point B. A short time later, as the crest reaches at the point B,
the pressure at the point B will be higher than that at the point A. Thus, the pressure pulsation will cause a rapid forward-and-
reverse pressure gradient oscillation over the flow path AB. Figure 8.25 shows how a travelling sinusoidal pressure waveform
creates an oscillatory pressure difference. Figure 8.25a shows two simulated waveforms recorded at two points over a short
distance of a flow path with a 108 interval and Figure 8.25b shows the instantaneous pressure gradient between the upstream
and the down stream points. From this figure it can be seen, during one period of the pressure fluctuation the pressure gradient
over the short flow path also experiences change from a negative to positive value. The motion of the fluid that is driven by an
oscillating pressure gradient is complicated. The following momentum equation has been developed for an incompressible
laminar pulsatile flow in a circular rigid tube:

@2w

@r2
þ 1

r

@w

@r
þ 1
h

@P

@z
¼ r

h

@w

@t
(8:20)

where
P is the pressure
w is the velocity in the axial direction

For steady flow the velocity does not vary with time, so that @w=@t¼ 0. The pressure gradient @P=@z can be measured over
a finite distance and written as

@P

@z
¼ P1 � P2

L
(8:21)

When the pressure gradient is in the form of single harmonic with complex components

� @P

@z
¼ A�eivt (8:22)

where
A* is the amplitude of pressure gradient in complex form
v is the angular velocity

For symmetric flow with nonslip conditions applied, the solution of equation is [43]

w ¼ A�R2

iha2
1� J0(ayi3=2)

J0(ai3=2)

	 

eivt (8:23)
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FIGURE 8.24 Pulsed flow between two points a short distance apart along a channel.
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where J0(xi
3=2) is a Bessel function of the first kind of order zero and complex argument, y¼ r=R. The parameter a is a

dimensionless number that characterizes the kinematic similarities in the liquid motion, known as the Womersley number. It is
written as

a ¼ R(v=y)1=2 (8:24)

The volume flow can be obtained by integrating the velocity across the lumen of the tube:

Q ¼ pA*R2

ivr
1� 2J1(ai3=2)

ai3=2J0(ai3=2)

	 

eivt (8:25)

where J1 is Bessel function of order one.
The velocity profile across the tube lumen with pulsatile flow is not of the same parabolic form as that found in a steady

laminar flow. The velocity profiles oscillate sinusoidally as discussed in detail by Hale et al. [44]. For example, Figure 8.26
shows the velocity profiles, at intervals of 158, resulting from a simple sinusoidal pressure gradient (cos[vt]) during the half
cycle (08–1808); as for a simple harmonic motion, the second half is the same.

It can be seen from Figure 8.26, for a pulsed pressure gradient, the characteristic parabolic velocity profile observed in
steady laminar flow does not appear at any time during the cycle. There is a phase lag between the pressure gradient and the
liquid movement, and being a cosine function, the maximum amplitude of the pressure gradient occurs at 08, while the
maximum for the total flow is at 608 in Figure 8.26a and at about 708 in Figure 8.26b. Significant shear is found only in
the region near the wall with the liquid in the central portion of the tube virtually unsheared. Thus, the liquid behavior for
pulsatile flow is rather like a solid mass sliding inside a thin layer of viscous liquid surrounding it. The higher the Womersley
number (the higher the frequency or the larger the tube diameter), the flatter is the velocity profile, implying a thinner boundary
layer at higher Womersley number.

8.4.2 PULSATILE FLOW-ENHANCED MEMBRANE PROCESSES

Two mechanisms, shear-related and oscillated backflushing, have been suggested for pulsatile flow-enhanced membrane
processes by Li et al. [45]. The shear-related mechanisms contribute to the filtration enhancement by a reduced boundary
layer and enhanced particle back transport. Since the shear scouring effect is not direction dependent, the maximum absolute
value of the shear may be used to estimate the limiting or critical flux for filtration under certain conditions. For laminar
flow, the wall shear can be calculated based on the Womersley equation (Equation 8.24). For turbulent flow, there is no
simple solution for the wall shear next to the membrane surface. Li [46] suggested estimating the wall shear based on the
measured pressure gradient with the assumption that the same pressure gradient should also apply to the boundary layer.
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Thus, the maximum shear can be regarded as being proportional to the maximum absolute pressure gradient along the
membrane module [46].

The oscillated backflushing mechanism accounts for the effect of the pressure waveform on TMP. When the minimum
pressure of the pulsatile pressure waveform results in a negative TMP, a reverse permeate flow may occur that acts as a
backwash flow that drives particles deposited on or near the membrane surface back to the bulk flow. In this way, concentration
polarization and cake formation caused by the filtration operation could be limited, depending on the properties of the particles
and the magnitude of the reverse pressure.

To obtain oscillated backflushing and enhanced membrane performance, the design of the pressure waveform is crucial.
The pressure waveform can be characterized by the minimum and maximum pressure, the duration of the negative pressure and
the positive pressure, and the pulsation frequency. Figure 8.27 shows four typical pressure waveforms studied by Li [46].
Wave-type 1 has a long steady-pressure phase and a short negative pulsation. Wave-type 2 has an approximate sinusoidal form
with smooth variation of the pressure. Wave-type 3 is approximately square shaped and wave-type 4 had a shortened sinusoidal
disturbance. Figure 8.28 shows the cake-resistance reduction results as a function of the minimum TMP obtained by Li et al.
[45] for pulsatile flow filtration with the four pressure waveforms shown in Figure 8.27 for two amplitudes. It can be seen from
Figure 8.28 that a significant reduction in cake resistance in filtration of 0.5 g=L silica suspension using a ceramic membrane of
0.2 mm was obtained by using waveform-type 1 and 3 with relatively large negative TMPs. Waveform-type 1 had a long
steady-pressure phase and a short, negative low pressure pulse which may result in a short period backflushing. For this
waveform-type about 80% reduction in cake resistance was achieved when the minimum TMP was reduced to about �60 kPa.
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The waveform-type 3, which had a longer negative pressure period than waveform-type 1, resulted in more than 90% reduction
in filtration resistance with a minimum TMP of about �40 kPa, implying the effect of duration of the backflushing. Waveform-
types 3 and 4 were long and short sinusoidal forms, providing a continuous variation of pressure. There seemed to be less
effective reduction in cake resistance with the shorter negative pressure period (waveform-type 4).

Pulsated flow can be achieved by various flow control methods. Figure 8.29 shows a lab-scale membrane filtration setup
with the so-called collapsible-tube oscillator used by Bertram et al. [47] for producing pulsated flow in membrane filtration.
This system included a supply vessel, a membrane module, a receiving tank, a holding tank, and the collapsible-tube oscillator.
The collapsible-tube oscillator consisted of a horizontally mounted 365 mm length of silicone rubber tuber with unstressed
inside diameter 13.2 mm and wall thickness 3.2 mm, clamped at each end by stainless steel fittings. The pulsations with this
device are produced by periodic collapse and reopening of the tube induced by pressure applied to the chamber surrounding the
tube. With this arrangement the frequency of the pulse flow can be controlled in a range of 7–12 Hz, depending on the volume
of fluid downstream being oscillated, tube parameters, and pressure manipulation.

Many researchers have assessed the effect of pulsatile flow on different membrane processes with wide range of feeds. One
of the first studies was by Kennedy et al. [48] who showed that flux in the RO of sucrose solution could increase by 70% by
pulsatile flow at 1 Hz. Gupta et al. [49] reported a 45% enhancement of flux in MF of raw apple juice with a pressure waveform
provided by a fast piston return followed by a fast forward stroke at 1 Hz. Jaffrin [50], using hollow fiber filters, demonstrated a
45% enhancement in flux in plasma filtration. Using the collapsible-tube oscillation generator described above, Bertram et al.
[47] demonstrated that pulsation resulted in a 60% increase in permeate flux in the filtration of silica suspensions.

8.4.3 TRANSMEMBRANE PRESSURE BACKSHOCK TECHNIQUE

Instead of exerting pressure pulsing on the feed side, Rodgers and Sparks [51] tested periodic pressurization of the filtrate from
5 to 30 kPa above the respective operating pressure to obtain pulsatile negative TMBs. With a short period of negative pressure
or backshock (0.01–0.38 s) presented at a frequency of 0–5 Hz, their experiments showed average increase in permeate flux of
62%–174% for ultrafiltration of 1% bovine serum albumin (BSA) solutions with laminar crossflow. However, no improvement
in flux was observed with turbulent flow as a result of TMP pulsing. Guerra et al. [52] assessed the effect of backshock on the
filtration of skim milk using so-called normal and reverse asymmetric membranes. The normal asymmetric membrane refers to
the asymmetric membrane with the tight skin of the membrane facing the feed (as is usual practice). The reverse asymmetric
membrane was with the porous support layer facing the feed. Guerra et al. [52] reported that for filtration with the normal
asymmetric membrane, the permeate flux could be increased by 100% by applying a backshock of 0.022 s at a frequency 0.33
Hz for the filtration of skim milk. For filtration with the reverse asymmetric membrane without backshock, it was found that
concentration polarization formed within the porous support layer and it was impossible to filter skim milk with such a flow
arrangement. However, with backshock, the imposed flux in filtration of skim milk with reverse asymmetric membrane was
able to be stepped up to higher than 350 L=m2 h without resulting in a significant increase in TMP at a crossflow velocity of
1 m=s; an immediate decrease was observed after the backshock was stopped [52]. This combination of reverse asymmetric
membranes and backshock has been patented [53].

Another reported application of backshock is in filtration using membranes called microsieves, which are very thin and
smooth membranes with uniform pores made by silicon micromachining [54]. The thinness (ca. 1.2 mm) and high porosity of
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FIGURE 8.29 Schematics of the filtration setup with collapse-tube pulsation generator. (Adapted from Figure 1 of Bertram, C.D.,
Hoogland, M.R., Li, H., Odell, R.A., and Fane, A.G., J. Membr. Sci., 84, 279, 1993.)
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microsieves can result in a high flux in the order of 104 L=m2 h even under very low TMP conditions. However, such a high flux
could result in the rapid formation of a cake layer on the membrane surface within a fraction of a second. To control the cake
formation caused by high flux, TMP pulsation is usually applied in filtration by microsieves. Kuiper et al. [55] reported that the
cake layer formed by yeast particles in microsieve filtration of lager beer could be largely prevented by applying a backflush of
�0.05 bar with a pulse duration 0.05 s at a frequency of the order of seconds. Moreover, direct observation revealed that the
backpulse could lift particles that stayed on the membrane surface after backflushing off the surface. These loosely attached
particles or flocs were found to be eventually removed by a sudden increase in the crossflow velocity for a short period.

The efficiency of backshock can be assessed based on the ratio of the filtrate volume obtained during the filtration period to
the volume of permeate lost during the backshock period in a working cycle. The ratio of gained and lost filtrate volume is a
function of backflush frequency, the period of backflushing, the operation conditions, and the properties of the foulant
materials. A high-operational flux usually needs a strong backflush, which may correspond to an increased loss of permeate
volume, to maintain stable performance. Therefore, the backflush conditions need to be optimized to maximize the productivity
of the process.

8.5 HIGH SHEAR DEVICES

In conventional crossflow filtration, the shear on the membrane surface is usually produced by the feed flow driven by a pump.
The shear rate can get up to the order of 104 s�1. High liquid flow results in high pressure drop along the membrane module,
leading to considerable energy consumption and nonuniform distribution of TMP over the flow path of the feed channel. Such a
close dependence between high crossflow velocity and pressure drop limits the use of high crossflow in various commercial
membrane modules. However, in high shear membrane filtration devices, the relative movement between the liquid and the
membrane surface is induced by an independent device rather than a liquid transport pump. With shear rate independent of the
feed bulk flow, the high shear membrane filtration devices can be operated at a relatively homogeneous and controllable TMP.
The typical high shear membrane filtration devices include rotating disks and vibrating dynamic membrane filtration systems,
as described below.

8.5.1 ROTATING SYSTEMS

Figure 8.30 shows the typical structure of a rotating dynamic membrane system which consists of a stationary flat membrane, a
rotating disk, a hollow shaft, and a cylindrical housing with feed inlet and permeate outlet. During filtration, the feed is pumped
into the closed housing, flowing through the membrane and evacuating through the hollow shaft. The permeate flow comes out
of the system from the permeate outlet. Driven by an electric motor, the rotating disk rotates at high speed (100–1000 s=rpm) to
produce shear on the membrane surface. The TMP can be controlled by a valve in the retentate outlet line.

The centrifugal forces generated by the disk induce an outward radial flow near the rotating disk and inward radial flow
toward the axis near the membrane surface. If there is a relative large gap (several millimeters) between the membrane and the
rotating disk, the flow in the gap can be approximately treated as a flow core that rotates at an angular velocity of kv between
two boundary layers on the membrane and the rotating disk surface, where v is the rotating velocity of the disk and k is a
coefficient between 0.3 and 0.44 [56]. The azimuthal Reynolds number can be defined as Re¼ kvR=n. The shear on the
membrane surface at radius r can be calculated based on the expressions for different flow regimes [57].

Laminar boundary layer regime, Re< 2.5� 105, e=R> 0.05 (where e¼ gap height and R¼ radius)

g ¼ 0:77(kv)3=2r

n1=2
(8:26)

Permeate

Rotating disk

Membrane

Feed

Retentate

FIGURE 8.30 Schematic diagram of rotating disk dynamic membrane filter.
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In the turbulent regimes (Re> 2.5� 105, e=R> 0.05),

g ¼ 0:0296(kv)9=5r8=5

n4=5
(8:27)

Typically, for a disk with diameter 150 mm rotating at speeds of 500 or 2000 rpm, the calculated shear rates at the edge of the
disk based on Equation 8.27 with k¼ 3.7 are 6.4� 103 and 7.7� 104 s�1, respectively.

The pressure in the gap is also a function of the radius distance. The radial gradient in the boundary layer is equal to that in
the inviscid core as given by [56]

@P

@r
¼ rr(kv)2 (8:28)

The pressure distribution can be obtained by integrating Equation 8.28 from r¼ 0 to r, assuming k is independent of r.

P ¼ 1
2
r(kvr)2 þ p0 (8:29)

For a rotating disk dynamic membrane filter, the TMP and the shear rate on the membrane surface vary radially as indicated by
the above equations. Bouzerar et al. [56] studied the averaged filtration resistance at different radial zones for different rotating
speeds using calcium carbonate particle (mean diameter 4.7 mm) suspension as the model fluid. In the experiments, several
Nylon membranes were partially sealed with epoxy to obtain membranes with different centric permeable zones: r< 3,
3< r< 4.5, 4.5< r< 6, and 6< r< 7.5 cm. The results indicated that for the filtration zones r > 3 cm, the resistance is
equal to the membrane resistance for all the rotating speeds �200 rpm, implying that the particle deposition can be effectively
arrested by a rotating speed as low as 200 rpm in this membrane zone. For the center filtration zone (r < 3 cm), the filtration
resistance was a strong function of the rotating speed, and the filtration resistance became equal to the membrane resistance
only at 2100 rpm, at lower rpm the filtration resistance was greater. Jaffrin et al. [57] reported that the permeate flux of the
rotating disk can be significantly enhanced by equipping the rotating disk with radial vanes of a certain height, which can
increase the shear rate on the membrane surface considerably.

The following empirical relationship has been suggested to correlate the filtration flux to the shear rate for filtration with a
rotating disk dynamic membrane filter:

J ¼ Agn
m (8:30)

A¼ 1, n¼ 0.5, and A¼ 0.30, n¼ 0.55 were suggested for filtration of silica suspension [58] and skim milk [59], respectively.
Several commercially available rotating disk dynamic membrane systems have been tested for different applications. The

CR (cross-rotational) system (Radisio-Flootek, Finland, Northern Europe) is multistage with 50 cm diameter disks, providing a
total membrane area up to 20 m2. It has been tested by Nuortula-Jokinen and Nyström [60] for concentrating paper-mill
effluents at a rotor-tip azimuthal velocity of 13 m=s. The SpinTek ST II module (SpinTek, Huntington Beach, California),
which can reach an azimuthal velocity of 20 m=s at the tip, has been tested for filtration of oil–water microemulsions with a
500 cm2 membrane area module [61]. The DMF module (Pall Corp., New York) consists of several disks mounted on the same
shaft, such that each can rotate between two annular membranes with maximum rotation speed of 3450 rpm, corresponding to
an azimuthal velocity of 20 m=s at the disk tip. Pall’s lab-scale system has been tested for protein separation [62] and filtration
of recombinant yeast cells [63]. The reported studies of the application of the rotating disk dynamic membrane indicate that
high shear-induced filtration is much less sensitive to the solids concentration. High concentration factors achieved at
significantly higher fluxes than the conventional processes have been reported with quite a range of feeds, including ferric
hydroxide, yeast suspension, and skim milk, etc. [56,59,64].

8.5.2 VIBRATORY SYSTEMS

8.5.2.1 Vibratory Shear-Enhanced Process

The concept of the vibratory shear-enhanced process (VSEP) (New Logic International, Emeryville, California), proposed by
Armando et al. [65], came with the idea to combat concentration polarization and membrane fouling by directly moving the
membranes rather than by moving the liquid. The VSEP system consists of a stack of parallel circular membranes mounted in a
cylindrical housing which is spun in torsional oscillation at a resonant frequency of about 60 Hz as shown in Figure 8.31.
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The shear rate at the VSEP membrane is created by the inertial-induced relative motion of the fluid, and can be of the order
105 s�1. The shear rate varies sinusoidally and increases proportionally with local membrane azimuthal displacement to radius.
The maximum shear rate at the periphery can be related to the vibrating frequency (F) and the membrane displacement at the
periphery (d) by the following equation [66]:

gmax ¼ 1:414d(pF)3=2n�1=2 (8:31)

In VSEP, F¼ 60.75 Hz, d¼ 3 cm, so for water-like liquids the value of gmax is about 1.1� 105 s�1.
The mean shear rate obtained by averaging the absolute value of shear rate over a period and over the membrane area

which, for VSEP, is an annular region with radii R1 and R2, can be formulated as

�g ¼ 2:828(R3
2 � R3

1)

3pR2(R2
2 � R2

1)
gmax (8:32)

Jaffrin et al. [57] have made a hydrodynamic comparison between the rotating disk and the VSEP system based on the flux
achieved under similar maximum shear rates for baker’s yeast microfiltration with an 0.2 mm MF and skim milk UF at 50 kDa.
They found that the flux variation with time in these two modules was nearly identical when they were operated at the same
maximum shear rate, suggesting the dominant effect of shear rate on the filtration performance.

8.5.2.2 Vibratory Hollow Fiber Membranes

While VSEP demonstrated that vibrations can be applied to flat sheet membrane to enhance membrane filtration, the effect of
vibrations on the performance of hollow fibers has also been investigated by a number of researchers for different separation
processes. Krantz et al. [67] designed the system shown in Figure 8.32a to assess the effect of axial membrane vibrations
on mass transfer in a hollow fiber oxygenator. In this system, a shell and tube silicon fiber module was mounted vertically and
connected to the liquid flow inlet and outlet lines via flexible bellows couplings. The membrane module was rigidly attached
to the plate of an electromechanical shaker, which could axially vibrate the hollow fiber module over a frequency range from
6 to 18 Hz with an amplitude range of 0.05–1.2 cm. Surge tanks were employed on the liquid inlet and outlet lines to eliminate
liquid pressure pulsation in the fiber lumen. The experimental results showed that a maximum enhancement of 1.58 in the
Sherwood number ratio was achieved for oxygen transfer to water when the surge tanks were employed to suppress liquid
pulsations in the fiber lumen. Without the surge tanks, the vibrations were even more effective and caused a secondary flow in
the fiber lumen so that the combined effect of the vibrations and secondary was to increase the enhancement factor to 2.65.

Figure 8.32b shows a vibrating submerged hollow fiber membrane system for filtration applications [68]. In this system, the
submerged membrane is vibrated by a mechanical device, which converts the rotating motion of the electric motor to vertical
oscillations of the vertical fiber bundles. The system can be operated in a frequency range of 1–10 Hz with a maximum
displacement of 4 cm. Figure 8.33 shows the experimentally determined relationship between critical flux and the vibration
frequency for filtration of 5 g=L baker’s yeast suspensions, indicating a nearly monotonic increase in critical flux with increase
in the vibration frequency over the frequency range tested.
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FIGURE 8.31 Schematic diagram of vibrating flat sheet membrane module.
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8.6 TWO-PHASE FLOWS

Another strategy to provide additional shear or flow instability in the boundary layer is the use of two-phase flow. Two
approaches have been applied to membrane processes: bubble addition for gas–liquid two-phase flow and particle addition for
solid–liquid two-phase flow.

8.6.1 GAS–LIQUID TWO-PHASE FLOW

Over the past decade, there has been an upsurge of interest in the use of gas bubbles to enhance membrane processes. The
typical applications include two-phase flow filtration with tubular membranes and submerged membrane systems. A major
stimulus for the latter has been the development of MBRs.

8.6.1.1 Two-Phase Flow Filtration with Tubular Membranes

As depicted in Figure 8.34, the flow patterns formed in a vertical tube follow a trend with increasing gas flow of bubble flow,
slug flow, churn flow, and annular flow. These regimes are described briefly below.

. Bubble Flow: the gas phase is approximately uniformly distributed in the form of discrete bubbles in a continuous
liquid phase.

. Slug Flow: most of the gas is located in large bullet-shaped bubbles, which have diameters almost equal to the tube
diameter and are sometimes designated as Taylor bubbles. They move uniformly upward and are separated by liquid
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FIGURE 8.32 Schematic diagram of (a) vibrating hollow fiber membrane. (From Figure 5a in Krantz, W.B., Bilodeau, R.R., Voorhees, M.E.,
and Elgas, R.J., J. Membr. Sci., 124, 283, 1997. With permission.) and (b) vibrating submerged hollow fiber membrane. (From Genkin, G.,
Waite, T.D., Fane, A.G., and Chang, S., J. Membr. Sci. 281, 726, 2006.)
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slugs which may contain small gas bubbles. Around the Taylor bubbles, there is a thin liquid falling film which causes
turbulence in the wake of the Taylor bubble.

. Churn Flow: is somewhat similar to slug flow but is more chaotic, frothy, and disordered.

. Annular Flow: is characterized by the continuity of the gas phase along the core of the tube. The liquid phase moves
upward partly as wavy liquid film and partially in the form of drops entrained in the gas flow.

The flowpattern depends on the gas and liquidflow rate aswell as the diameter of the duct [69]. For two-phase flowfiltration, the
flow path for the gas–liquid mixture is relatively narrow and the liquid velocity is usually set at a low value, so the prevalent flow
pattern for two-phase flow filtration would be slug flow. When the bubble size reaches about 60% of the tube diameter, the bubble
can be categorized as a slug with its characteristic bullet-shaped nose. The rising velocity of the slug depends on the tube size.
For tubes of above 10 mm diameter (db) with a slug length 1.5db or above, the rising velocity of bubble can be calculated by

Ub ¼ 0:35(gdb)
1=2 (8:33)

If the tube diameter is less than 10 mm, the liquid surface tension will affect the slug velocity and simulation predicts that for
diameters less than about 5 mm with water the surface tension can stop the upward motion of the slug causing an air lock,
implying careful assessment is required before applying bubbling to the lumen of hollow fiber membranes.

Many studies have been carried out to evaluate the effect of injection of air into the lumen of tubular and hollow fiber
membranes on the performance of membrane filtration. Figure 8.35 shows the filtration results obtained by Cui et al. [70] using
a vertically installed tubular membrane module (12.7 mm i.d., PVDF, MWCO: 100 kDa) with dextran solution (MW: 87 kDa)
as the test media. As can be seen, injecting gas bubbles, even at quite low gas flow rates caused significant flux increase.
The flux improvement was about �2.0 for the minimum gas rate and only increased to �2.4 for the maximum gas rate.
Cabassud et al. [71] and Mercier et al. [72] studied the effect of slug flow on particle fouling in the ultrafiltration of bentonite
suspensions with organic hollow fibers (0.01 mm, di¼ 0.93 mm, L¼ 1.2 m) and a mineral tubular membrane (0.02 mm,
di¼ 15 mm, 0.75 m). Although an initial flux decline also occurred for filtration with air injection, an enhancement of steady-
state flux of 110% for hollow fibers and of 300% for tubular membranes was observed in the experiments. Gas sparging inside
the tubes has also been shown to be efficient for improvement of performance of filtration of biomass. Mercier et al. [73]
combined two-phase flow ultrafiltration (tubular: 50 kDa, di¼ 6 mm, L¼ 1.2 m) with a continuous alcohol fermentation
process to investigate the feasibility of its long-term application in an MBR. Their results indicated that with air injection, a
stable flux of 58 L=m2 h was maintained over 100 h of fermentation until a final biomass concentration of 150 g (dry)=L was
achieved, while the filtration without bubbling was prematurely stopped at about 30 h with a final concentration of 50 g (dry)=L
due to membrane fouling. Performance enhancement for biomass filtration by gas injection was also reported by Imasaka et al.
[74] for filtration of methane fermentation broth and by Vera et al. [75] for activated sludge.

Two-phase gas–liquid flow clearly reduces concentration polarization, and this can improve membrane separation.
For example, Ghosh et al. [76] assessed the effect of gas sparging on protein fraction with BSA (MW 67,000) and lysozyme
(MW 14,100) as model solutes. They reported that a nearly complete separation of these two model proteins was achieved with
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FIGURE 8.34 Flow pattern of gas–liquid two-phase flow in a tubular duct.
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two-phase flow ultrafiltration (MWCO 100 kDa), indicating an 18-fold increase in selectivity compared to that without air
injection. The enhancement in selectivity was believed to be caused by the disruption of the concentration polarization so
that solute retentions were closer to the intrinsic values. Although the depolarization decreased transmission for both BSA and
lysozyme, the theoretical analysis suggested that air injection affected more the transmission of the more rejected component
(BSA) so that high-separation efficiency was achieved.

An assessment of the literature over a wide range of operating conditions and feeds indicates that flux enhancement for
tubular membrane filtration can be affected by module configuration and operation conditions such as feed concentration, liquid
velocity, bubble size, and TMP. The trends have been summarized by Cui et al. [77], as follows:

1. Benefit of bubbling becomes more significant when polarization is more serve, for example, at high TMP(or flux), a
low liquid velocity, and a high feed concentration, due to the disruption effect of bubbling on concentration
polarization.

2. Orientation of the tubular membrane is important. Cui et al. [78,79] indicated that greater flux enhancement can be
obtained with vertical tubular membranes with rising bubbling coupled with a moderate downward liquid flow than
with a horizontal tube. Cheng et al. [80,81] suggested that there is an optimal mounting angle for tubular membranes
and they concluded that around 508 inclination gave the maximum enhancement because gas slugs on an angle move
faster than in a vertical tube.

3. Flux enhancement by bubbling is significant in the laminar regime of liquid flow and becomes insignificant as the liquid
flow Reynolds number approaches 2500–3000. The enhancement is relatively insensitive to the actual liquid flow over
much of the laminar region. This is because the filtration is dominant by the secondary flows induced by the bubbles.

For bubbling-enhanced tubular membrane filtration, Cui et al. [77] have attributed the main mechanisms to

1. Bubble induced secondary flow: Moving bubbles generate secondary flows and wakes which promote local mixing
near the membrane surface. Slug flow also results in an annular falling film as displaced liquid flows downward
between the slug and the tube wall.

2. Physical displacement of the concentration polarization layer: Gas slugs can penetrate into the concentration
polarization layer and displace the upper part of it.

3. Pressure pulsing caused by passing slugs: A moving slug causes pressure pulsing in the liquid around it, with a higher
pressure at its nose and lower pressure at its tail. This is similar to imparting a local pulsatile flow during the filtration.
In addition, injection of bubble may also result in an increase in mean TMP. Both of these factors could contribute to
an increased flux.

Al-Akoum et al. [82] compared the bubbling, Dean flow, and vibrating-enhanced membrane processes in terms of the shear
stress and the permeate fluxes obtained in filtration of yeast suspension. The filtration with two-phase flow was carried out
using 15 mm ceramic mono tubular UF (permeability 250 L=m2 h bar) and MF (permeability 1500 L=m2 h bar) membranes
with TMPs of 100 and 25 kPa for UF and MF, respectively. The yeast concentrations used in the two-phase experiments were 1
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and 20 g=L and different ratios of gas flow rate to liquid flow rate were tested with a superficial liquid velocity of 0.45 and 0.38
m=s for UF and MF, respectively. The Dean flow experiments were conducted using yeast concentrations of 0.5–60 g=L with
0.93 mm (inside diameter) cellulose hollow fiber membranes (permeability 270 L=m2 h bar) in helical form under a TMP of 110
kPa over a liquid velocity range of 0.81–1.64 m=s. A VSEP device was used for the vibrating-enhanced process and the
yeast concentration used in the experiments was 20 g=L. Figure 8.36 shows the permeate flux and mean shear stress relationship
for the three systems. The shear stress range for the three systems was determined as <10 Pa for two-phase flow, 10–40 Pa
for the Dean flow system, and >40 Pa for the VSEP systems. For these shear ranges, it was observed that the flux with the
three systems tested obeyed the empirical law: J ¼ A�nwm, where twm is the averaged wall shear stress, with different
coefficients shown in Figure 8.36. However, although the shear stress with the VSEP system was higher than those with the
other two systems, a lower flux with VSEP was observed, indicating that other factors, such as membrane properties (materials,
pore size, and surface morphology) and hydrodynamic instability behavior of the fluid, may affect membrane fouling and
performance.

8.6.1.2 Bubbling with Submerged Membrane Systems

Bubbling seems to be an obvious strategy to induce flow and produce shear at the membrane surface in submerged systems to
control concentration polarization and fouling. This is particularly attractive in MBRs for wastewater treatment where bubbling
is already required as an oxygen supply. Figure 8.37a and 8.37b shows two different submerged membrane filtration modules:
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Chang, S., and Fane, A.G., J. Membr. Sci., 221, 1, 2003. With permission.)
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the submerged flat sheet system and the submerged hollow fiber membrane system. The flat sheet concept has been developed
successfully by Kubota as a feature of their MBR system. As shown in Figure 8.37a, the Kubota flat sheet-submerged
membrane unit may consist of multiple independent module panels that are arranged vertically at a distance of about
5–8 mm from each other. Each panel has its own support plate, membranes, and permeate collector. Air is injected from a
distributor below the plates generating a well-defined flow in the channel. A potential advantage of the flat sheet arrangement is
that the membranes are precisely located and more accessible to well-directed bubbles. The disadvantages are that membrane
packing density is relatively low and vigorous backwashing is not feasible.

The submerged hollow fiber membrane was introduced in Japan in the mid-1980s. A patent by Tajima and Yamamoto [83]
described a filter for nuclear power plants which incorporates U-shaped hollow fibers (0.1 mm) in a vessel with intermittent air
bubbling around the fibers to ‘‘vibrating the hollow fibers to remove solid particles trapped thereby.’’ Yamamoto et al. [84] are
believed to be the first to report the use of submerged hollow fibers in a wastewater MBR; the role of the gas was described as
for aeration, mixing, and inducing liquid flow. They also emphasized the importance of low-imposed flux and the use of
intermittent suction for long-term stable operation of the submerged hollow fibers. This concept has become the generally
accepted approach for submerged membranes in MBRs. In the early 1990s, Zenon developed their commercial submerged
hollow fiber system with bubbling for wastewater and water treatment. Figure 8.37b shows the Zenon concept of the
submerged hollow fiber membrane module, which involves use of a vertical loose fiber curtain supported at top and bottom
and a gas bubble distribution system along the edge of the fiber bundle. Vigorous intermittent coarse bubble flow is applied to
prevent particle deposition on the fiber surface.

Figure 8.38 [77] depicts the likely mechanisms of depolarization and flux enhancement with vertical hollow fibers. For
bubble flow outside hollow fibers, the vertical flow channels are less distinct and comprise the outer edge of fibers rather
randomly positioned. Surface shear on the hollow fiber membrane could be produced by large-scale liquid circulation induced
by bubble flow. The local bubble behavior as bubbles or slugs move upward, including eddies in the wake and falling film
around the slug, will enhance the mixing of the local liquid. In addition, the bubbles induce fluctuating liquid flow that
transverses the fibers and causes lateral fiber movement, depending on the looseness of the fiber.

Figure 8.39 shows the results of tests at fixed TMP and plots ‘the steady-state flux’ versus gas flow rate using a test system
with fibers vertically immersed in the stagnant feed with well-controlled spacing [85]. This study shows that bubbling could
significantly enhance the performance of the filtration with a moderate gas rate but the enhancement did not increase much with
further increase in the gas flow rate. The experimental results also indicate that the effect of bubbling on filtration could be
affected by fiber size. From Figure 8.39 it can be seen that the final flux obtained in the filtration with the di=do¼ 0.39=0.65 fiber
was significantly higher than that with the di=do¼ 1.8=2.7 mm fiber. Flux decline, defined as [100(initial flux� final flux)=
(initial flux)], is shown in Figure 8.40 for a wide range of fiber diameters; a clear advantage for the smaller diameter fiber is
evident [85]. An explanation for the better response of the smaller fiber is that they are more flexible and able to move laterally
as bubbles pass. This explanation is supported by the observation that the benefit of the small fiber increased with higher
crossflow velocity or the injection of air. However, it should be noted that there is a practical constrain on using very small fiber
diameters due to the increased pressure drop on the lumen side that causes a significant flux distribution along the fiber and adds
to the energy cost.

The flexibility of the submerged hollow fibers under bubbling conditions can be promoted by having the fibers held loosely
rather than tightly. Chang and Fane [86] indicated that there are significant differences in suction pressure profiles for filtration
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FIGURE 8.38 Mechanisms of cake depolarization—bubbles outside fibers. (From Figure 24 in Cui, Z.F., Chang, S., and Fane, A.G.,
J. Membr. Sci., 221, 1, 2003. With permission.)
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with tightly and loosely fixed fiber modules. Similarly, Wicaksana et al. [87] showed that the rate of suction pressure rise with a
tight fiber was 50% faster than a fiber of 96% tightness, for a 5g=L yeast suspension and the same airflow rate. In addition, the
depolarization due to fiber movement was shown to be up to 40% of the overall bubbling effect. Commercial hollow fiber
systems have recognized the importance of a certain degree of fiber looseness and flexibility.

8.6.2 SOLID–LIQUID TWO-PHASE FLOW—BY PARTICLE ADDITION

An early study by Bixler and Rappe [88] showed that glass beads (up to 100 mm size) added to a stirred cell UF of a
macrosolute were able to significantly enhance flux. The mechanism was probably eddy formation and thinning of the
concentration boundary layer by particle interaction. Similar effects were reported by Fane [89] who noted that enhancement
required significantly supramicron particles and that smaller particles could in fact add to the deposit resistance.

The added-particle effect is also evident in the application of fluidized beds to provide turbulence promotion. Figure 8.41 is
a schematic diagram of a combined tubular membrane-fluidized beds system. It consists of a tubular membrane module,
fluidized particles, a feed pump, and the feed storage tank. During the operation, the particles are fluidized by the pumped liquid
flow. The drag forces on the solid particles are a function of the liquid velocity and the porosity of the bed. Usually the liquid
velocity will be adjusted to a value that results in a balance between the gravity and drag forces so that the particle will not be
hydraulically transported. The enhanced mass transfer is caused by the irregular flow of the liquid between the particles and the
erosive action of the randomly moving particles at the membrane surface.

Noordman et al. [90] assessed the performance enhancement of ultrafiltration of 10 g=L BSA solution by fluidized particles
of different materials and size using a polysulfone tubular membrane with inside diameter of 14.4 mm and 1.75 m length and an
MWCO of 10 kDa. Table 8.4 summarizes the fluxes and the mass transfer coefficients obtained under different experimental
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conditions. The mass transfer coefficients have been calculated using the film model based on the experimentally determined
fluxes with the assumption of a constant gel concentration of 120 g=L. From Table 8.4 it can be seen the fluidized particles
resulted in an enhancement in mass transfer of up to 15. The particle size and density seem to only have a limited effect on the
process. Given that increasing the particle size and density may increase the risk of membrane damage by the fluidized particles
[91] and require greater energy consumption, Noordman et al. [90] suggested that light and relatively small particle should be
used in fluidized particle-enhanced membrane processes.

8.7 OTHER TECHNIQUES

8.7.1 ELECTROFILTRATION

Electrofiltration is related to application of an electric field to improve the efficiency of pressure-driven membrane filtration
[92]. Figure 8.42 shows the basic configuration of electrofiltration, where an electric field is applied across micro or
ultrafiltration membranes in flat sheet, tubular, and SWMs. The electrode is installed on either side of the membrane with
the cathode on the permeate side and the anode on the feed side. Usually, the membrane support is made of stainless steel or the
membrane itself is made of conductive materials to form the cathode. Titanium coated with a thin layer of a noble metal such as
platinum could, according to Bowen [93], be one of the best anode materials. Wakeman and Tarleton [94] analyzed the particle
trajectory in a combined fluid flow and electric field and suggested that a tubular configuration should be more effective in use
of electric power than flat and multitubular module.
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FIGURE 8.41 Schematics of tubular membrane with fluidized particles.

TABLE 8.4
Mass Transfer and Flux for Filtration with Different Fluidized Particles

Material dp (mm) rs (kg=m
3) k (mm=s) Flux (L=m2 hr)

Flux
Enhancement

Empty tube — — 0.54 6.26 1

Glass 1 2900 4.3 49.8 8.0
Glass 1 2900 6.4 74.2 11.8
Glass 0.46 2900 5.9 68.4 10.9

Stainless steel 1 7800 7.6 88.1 14.07
Stainless steel 2 7800 8.1 93.9 15

Source: From Noordman, T.R., De Jonge, A., Wesselingh, J.A., Bel, W., Dekke, M., Ter Vorde, E., and Grijpma, S.D.,

J. Membr. Sci., 208, 157, 2002.
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Filtration enhancement by an electric field results from the influence of the applied electric field on particle deposition via
electrophoresis. Most particles acquire a surface charge when in contact with a polar (e.g., aqueous) medium due to ionization,
ion adsorption, and ion dissolution. This surface charge influences the distribution of nearby ions of opposite charge and leads
to the formation of an electrical double layer at the interface between the particle and the dispersion medium (water). An
imaginary boundary, the surface of shear, separates the double layer into two parts: the bound and mobile parts. If a voltage
gradient is applied the charged particle (plus bound ions) tends to move in the appropriate direction, whilst the ions in the
mobile part of the double layer show a net migration in the opposite direction carrying solvent along with them. Electrophoresis
is the movement of the charged particle relative to stationary liquid under the effect of an applied electric field. This movement
depends on the potential at the surface of shear, known as the zeta potential, and the strength of the electric field applied. The
electrophoretic mobility (uE), or the electrophoretic velocity (nE) produced by unit electric field strength (E), can be related to
the zeta potential by

uE ¼ nE
E

¼ «rj

h
(8:34)

where
«r is the electrolyte permittivity
j is the zeta potential
h is the viscosity

Surfaces in contact with the aqueous media are more usually negatively charged (negative zeta potential in a liquid) than
positively charged; the effect is pH dependent with negative charge increasing with pH. When an external electric field is
applied across the membrane with its anode in the feed side, the electrophoretic movement of negatively charged particles in the
feed be away from the membrane and will augment diffusive back transport.

This means that the conventional film model relationship can be modified to show the augmentation due to electrophoretic
velocity (nE) [92], so

J ¼ ln
CW

Cb

� �
þ nE (8:35)

The critical electric field strength at which the net migration of the particles toward the membrane is zero can be calculated by
combining Equations 8.34 and 8.35 with CW¼Cb.

Ecrit ¼ Jh

«j
(8:36)

When the electric strength is equal to or larger than the critical value the particle deposition can be arrested by the
electrophoretic movement or the particles will even move in the opposite direction to the permeate flow. It should be noted
that electrofiltration requires charged particles in the feed, and that the zeta potential will depend on the pH and the ionic
environment. This means it will not be effective close to the isoelectric point or with raised levels of salts.

Another electrokinetic phenomenon that may occur during electrofiltration is electroosmosis or the movement of liquid
relative to a stationary charged surface. If the membrane itself is charged, the electrical field applied across the membrane will
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FIGURE 8.42 Schematics of electrofiltration.
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try to shear off the mobile part of the double layer of the pore wall, leading to an electroosmotic flow in the pores. For a
negatively charged membrane, the electroosmosis flow will be in the same direction as the permeate flow if the applied electric
field is as shown in Figure 8.42. It has been reported the electroosmosis could result in up to 15% enhancement in permeate flux
[95], although the main process enhancement mechanism has been attributed to the electrophoretic movement of the charged
particles that limit cake formation. Visvanathan and Ben Aim [96] describe the combined application of electrofiltration and
electroosmotic backwashing, which involves polarity reversal to keep both the membrane and the electrode free from deposits.

Apart from electrokinetic phenomena, the electrofiltration process may also be affected by the electrochemical reactions
that occur at the electrodes. A typical cathodic process and anodic process in aqueous systems are the formation of hydrogen
gas at the cathode and oxygen at the anode:

2H2Oþ 2e ! H2 þ 2(OH)� (cathode,� 0:83V) (8:37)

2H2O ! O2 þ 2Hþ þ 4e� (anode,þ 0:4V) (8:38)

Electrochemical reactions can be harmful to the filtration processes by causing foaming or pore obstruction due to production of
gas. However, anodic oxidation can also be used as a method of removing organic molecules from the effluent. It seems further
studies are still needed to justify the role of electrode reactions in electrofiltration.

The flux enhancement by electric field has been reported by many researchers. Huotari et al. [97] reported five time increase
in flux by applying 2.4 kV=m external electric field in filtration of oily waste water using a tubular carbon fiber—carbon
composite membrane with membrane pore size of 0.05 mm and an inside diameter of 5.7 mm with the membrane itself as the
cathode and a stainless steel of 2 mm in diameter located in the central of the tubular membrane as the anode. For this
enhancement, the zeta potential of the particle and the membrane was�67 and�50 mV, respectively. Akay and Wakeman [98]
obtained 10-fold enhancement of the flux using an electric field strength in the microfiltration of an anionic, hydrophobically
modified water-soluble polymer (HMWSP). Rios et al. [99] reported that the flux in filtration of gelatin solution can be
increased from 4 to 12 L=m2 h with an electric field strength of 2.4 kV=m. To achieve this effect, it was necessary to operate at a
pH above the isoelectric point of gelatin to give it a net negative charge.

Although it has been reported that an external DC electric field can induce an electrophoretic back transport that can
significantly enhance flux in crossflow membrane filtration, its commercial implementation appears to be restricted by several
factors. These include lack of suitably inexpensive corrosion-resistant electrode materials, concerns about energy consumption,
and the complexity of module manufacture.

The application of an external AC field effect has also been reported to enhance the performance of RO membranes [100].
The electromagnetic field is said to reduce fouling by scale formers and to reduce particulate fouling and biofilm development.
The mechanisms involved are still under investigation but could include a change to crystal morphology and aggregation of
particles and bacteria, raising their critical flux.

8.7.2 ULTRASOUND-ENHANCED FILTRATION

Ultrasound occurs at a frequency above 16 kHz and is typically associated with the frequency range of 20 kHz to 500 MHz. The
frequency level is inversely proportional to the power output. The high intensity, low frequency ultrasound can alter the state of
the medium chemically or physically and be used for applications such as cleaning, emulsification, crystallization, sonoche-
mistry, etc. [101]. The chemical and physical effects of ultrasound are related to the cavitation phenomenon induced by
rarefaction and compression of the sound wave. When ultrasound is irradiated through a liquid medium, an alternating adiabatic
compression and rarefaction cycle of the medium occurs. During the rarefaction period, negative pressures occur and
microbubbles can be formed and grown at sites where there is some gaseous impurity. The formed bubbles may suddenly
collapse during the compression period after a few acoustic cycles with a release of energy. This helps to generate micromixing
in the liquid, or form liquid microjets near a solid surface, or cause chemical changes in reactants in the cavitation bubbles. The
power dissipated (Pdiss) in the liquid medium can be determined calorimetrically in terms of the change in temperature of the
medium with the assumption that all the energy delivered to the system is dissipated as heat, as shown by

Pdiss ¼ DT

Dt

� �
CpM (8:39)

where
DT is the change of temperature during time period Dt
Cp is heat capacity of water
M is the water mass
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Figure 8.43 depicts two typical configurations used to assess the effect of ultrasound on membrane filtration and cleaning.
Figure 8.43a shows a bath configuration where the crossflow cell is immersed in a water bath with ultrasonic transducers attached
to the bottom of the bath. Figure 8.43b shows horn configuration where an ultrasonic horn is installed in a conventional cell.

Juang and Lin [102] assessed the effect of ultrasound on flux recovery in the ultrafiltration (YM 10, regenerated cellulose)
of Cu2þ-polyethylenimine (PEI) solution and W=O=W solutions using a filtration cell equipped with an ultrasound horn
(Misonix Sonicator 3000 [600 W, 20 kHz], horn type 200). Their results indicated that the ultrasound can even increase the
pure water flux due to the cavitation induced TMP increase. For ultrafiltration of Cu2þ-PEI solution at 69 kPa, a 70%–80% flux
recovery was obtained for an ultrasonic power >30 W at the optimal tip height 65 mm. For ultrafiltration of the W=O=W
emulsions, a 30%–60% flux recovery was achieved at 145 W, depending on the volume ratio of the water to oil in the
emulsions. Analysis, based on the resistances in series model, revealed that the resistances caused by pore blocking and cake
compressibility were reduced by increased ultrasound power. They also reported that the structure of the regenerated cellulose
and polyethersulfone membranes tested could be affected by ultrasonics at powers greater than 80 W but no obvious change
was observed with the polyvinylidene fluoride and polyacrylonitrite membranes. Simon et al. [103] defined an imaginary
ultrasonic stirring speed at which the mass transfer coefficient will be similar to that obtained by a traditional stirrer at the same
stirring speed. They suggested that the ultrasonic stirring speed is proportional to the ultrasound power by comparing the mass
transfer coefficients obtained in ultrafiltration of dextran (500 kDa) using a classical stirred cell and an ultrasound-assisted cell.
Kobayashi et al. [104] assessed the effect of ultrasonic frequency on ultrasound membrane cleaning for dextran-fouled
ultrafiltration membranes (10 kDa) and milk-fouled cellulose microfiltration membranes using a crossflow cell immersed in
an ultrasound bath. For the tested frequencies of 28, 45, and 100 kHz, they reported the cleaning can be significantly affected by
the frequency with 28 kHz identified as the optimal. Muthukumaran et al. [105] examined the effect of low power ultrasonics
on the UF of dairy whey. They found flux enhancements of �1.2–�1.7 and that this could be improved when used in
combination with flow channel spacers.

All the reported studies indicate that low frequency ultrasound can enhance the filtration process and improve membrane
cleaning efficiency to some extent. However, reducing energy losses, increasing the efficiency of the ultrasound and system
scale-up are challenges that need to be overcome before serious commercial application can be considered.

8.8 CONCLUSIONS

Many strategies are available for the enhancement of performance of membrane processes. All of these techniques aim to limit
the effect of concentration polarization at the membrane surface. The majority of techniques is hydrodynamic and therefore
involves additional energy input or some extra design feature. To obtain the enhancement in performance, there is an
investment that requires a pay back. Thus in each case, there will be a trade-off between operating and capital cost that
provides an optimum condition that minimizes total production cost. The most prevalent strategies for enhancement are the
flow channel spacers used in the SWM for RO, NF and some UF, and two-phase flow by air sparging used in the increasingly
ubiquitous-submerged membranes applied to water and wastewater treatment. High shear devices, with rotations and
vibrations, also demonstrate significant ability for enhanced performance, particularly for difficult feed materials in niche
applications.

NOMENCLATURE

B pitch of helical coil tube
C coefficient (Equation 8.1)
CFD computational fluid dynamics
db bubble diameter

Feed

Membrane
Ultrasound

horn

Permeate

(b)(a)

Permeate
FeedRetentate 

Transducer

Bath

FIGURE 8.43 Schematics of ultrasound membrane filtration systems. (a) Ultrasound bath and (b) ultrasound horn.
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df filament diameter of spacer
di inner diameter
do outer diameter
dp particle diameter
dpore membrane pore diameter
dti tube internal diameter
dv displacement
De Dean number
Dt coil diameter
Dt

0
modified coil diameter

D dialysis
DOTM direct observation through membrane
Et energy consumed per unit volume of filtrate
ED electrodialysis
F frequency
fc friction factor in a coil tube
fs friction factor in a straight tube
Jcr critical flux
Jd design flux
lm length of filament of spacer
L length
Lf filter length
Ls length of space channel
m coefficient
MBR membrane bioreactor
MF microfiltration
MWCO molecular weight cut off
n coefficient
NF nanofiltration
p coefficient
P pressure
Pd overall power expenditure
DPL pressure drop along the filter
DPtm transmembrane pressure
PV pervaporation
Q coefficient
Qf feed flow rate
Qp permeate flow rate
R radial coordinate
rp particle radius
R radius
Re Reynolds number
RO reverse osmosis
s coefficient
Sc Schmidt number
Sh Sherwood number
Ssp filament surface area of spacer
Svsp specific surface area of spacer
SWM spiral wound module
Ub bubble rising velocity
Vm mean azimuthal velocity
T time
TMP transmembrane pressure
UF ultrafiltration
uE electrophoretic mobility
nE electrophoretic velocity
Vsp filament volume of space filament
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V velocity
Vtotal channel volume of spaced-filled channel
w axial velocity of pulsatile flow
z coordinate

GREEK LETTERS

« voidage of spacer
«r electrolyte permittivity
fb solid volume fraction in the solution
g shear rate
h viscosity
n kinematical viscosity
r liquid density
v angular velocity
j zeta potential

REFERENCES

1. Porter MC, Membrane filtration, in: Schweitzer, PA (Ed.), Handbook of Separation Techniques for Chemical Engineers, McGraw-Hill,
1979, Chapter 2.1.

2. Field RW, Wu D, Howell JA, and Gupta BB, Critical flux concept for microfiltration fouling, J. Memb. Sci. 1995; 100: 259.
3. Li H, Fane AG, Coster HGL, and Vigneswaran S, Direct observation of particle deposition on the membrane surface during crossflow

microfiltration, J. Membr. Sci. 1998a; 149: 83.
4. Belfort G, Davis RH, and Zydney AL, Review: The behavior of suspensions and macromolecular solutions in crossflow microfiltration,

J. Memb. Sci. 1994; 96: 1–58.
5. Eckstein EC, Bailey DG, and Shapiro AH, Self-diffusion of particles in shear flow of a suspension, J. Fluid Mech. 1977; 79: 191.
6. Segre G and Silberberg A, Behavior of microscopic rigid spheres in Poiseuille flow, Part 1 and 2, Fluid Mech. 1962; 14: 115–157.
7. Li H, Fane AG, Coster HGL, and Vigneswaran S, An assessment of depolarisation models of crossflow microfiltration by direct

observation through the membrane, J. Memb. Sci. 2000; 172: 135–147.
8. Holm S, Malmberg R, and Svensson K, Method and plant for producing milk with a low bacterial content, Alfa-Laval Food and Dairy

Engineering AB, Sweden, Assignee Int., World Patent (WO) 86=01687, 1986.
9. Le-Clech P, Jefferson B, Chang IS, and Judd SJ, Critical flux determination by the flux-step method in a submerged membrane

bioreactor, J. Memb. Sci. 2003; 227: 81–93.
10. Steuck MJ and Reading N, Porous membrane having hydrophilic surface and process, US Patent 4,618,533, 1988.
11. Kim KJ, Fane AG, and Fell CJD, The performance of ultrafiltration membrane pretreated by polymers,Desalination. 1988; 70: 229–249.
12. Nyström M and Jarvinen P, Modification of polysulfone ultrafiltration membrane with UV irritation and hydrophilicity increasing agent,

J. Membr. Sci. 1991; 60: 275–296.
13. Kramer PW, Yeh YS, and Yasuda H, Low temperature plasma for the preparation of separation membranes, J. Membr. Sci. 1989; 46:

1–28.
14. Fane AG, Ultrafiltration: Factors influencing flux and rejection, in: Wakeman RJ (Ed.), Progress in Filtration and Separation, Vol. 4,

Elsevier Science, Amsterdam, 1986, pp. 101–179.
15. Reid WH, On the stability of viscosity flow in a curved channel, Proc. Royal Soc. A. 1928; 121: 402.
16. Moulin PH, Veyret D, and Charbit F, Dean vortices: Comparison of numerical simulation of shear stress and improvement of mass

transfer in membrane processes at low permeation fluxes, J. Membr. Sci. 2001; 183: 148–162.
17. Mishra P and Gupta SN, Momentum transfer in curved pipes, 1. Newtonian fluids, Ind. Eng. Chem. Proc. Des. Dev. 1979; 18: 130.
18. Bubolz M, Wille M, Langer G, and Werner U, The use of Dean vortices for crossflow microfiltration: Basic principles and further

investigation, Sep. Purif. Technol. 2002; 26: 81–89.
19. Winzeler HB and Belfort G, Enhanced performance for pressure-driven membrane processes: The argument for fluid instabilities,

J. Membr. Sci. 1993; 80: 35–47.
20. Brewster ME, Chung KY, and Belfort G, Dean vortices with wall flux in a curved channel membrane system, 1. A new approach to

membrane module design, J. Membr. Sci. 1993; 81: 127–137.
21. Mallubhotla H and Belfort G, Flux enhancement during Dean vortex microfiltration: 8. Further diagnostics, J. Membr. Sci. 1997; 125:

75–91.
22. Mallubhotla H, Schmidt M, Lee KH, and Belfort G, Flux enhancement during Dean vortex tubular membrane nanofiltration: 13. Effect

of concentration and solute type, J. Membr. Sci. 1999; 153: 259–269.
23. Moulin PH, Manno P, Rouch JC, Serra C, Clifton MJ, and Aptel P, Mass transfer improvement by Dean vortices: Ultrafiltration of

colloid suspensions and macromolecular solutions, J. Membr. Sci. 1999; 156: 109–130.
24. Murase T, Iritani E, Chidphong P, Kano K, Atsumi K, and Shirato M, High-speed microfiltration using a rotating, cylindrical, ceramic

membrane, Int. Chem. Eng. 1991; 31(2): 370–378.

Pabby et al./Handbook of Membrane Separations 9549_C008 Final Proof page 229 13.5.2008 1:07pm Compositor Name: BMani

Techniques to Enhance Performance of Membrane Processes 229



25. Kroner KH and Nissinen V, Dynamic filtration of microbial suspensions using an axially rotating filter, J. Membr. Sci. 1988; 36:
85–100.

26. Hallström B and Lopez-Levia M, Description of a rotating ultrafiltration module, Desalination. 1978; 24: 273–279.
27. Ohashi K, Tashiro K, Kushiya F, Matsumoto T, Yoshida S, Endo M, Horio T, Ozawa K, and Sakai K, Rotation-induced Taylor Vortex

enhances filtrate flux in plasma separation, ASAIO Trans. 1988; 34(3): 300–307.
28. Vigo F and Uliana C, Influence of the velocity at the membrane surface on the performance of the ultrafiltration rotating module,

Sep. Sci. Technol. 1986; 21(4): 367–381.
29. Holeschovsky UB and Cooney CL, Quantitative description of ultrafiltration in a rotating filtration device, AIChE J. 1991; 37(8):

219–1227.
30. Shock G and Miquel A, Mass transfer and pressure loss in spiral wound modules, Desalination. 1978; 64: 339–352.
31. Da Costa AR and Fane AG, Net-type spacers: Effect of configuration on fluid flow path and ultrafiltration flux, Ind. Eng. Chem. Res.

1994; 33: 1845–1851.
32. Da Costa AR, Fane AG, Fell CJ, and Franken D, ACM, Optimal channel spacer design for ultrafiltration, J. Membr. Sci. 1991; 62:

275–291.
33. Schwinge J, Neal PR, Wiley DE, Fletcher DE, and Fane AG, Spiral wound modules and spacers: Review and analysis, J. Membr. Sci.

2004; 242: 129–153.
34. Neal PR, Li H, Fane AG, and Wiley DE, The effect of filament orientation on critical flux and particle deposition in spacer-filled

channels, J. Memb. Sci. 2003; 214: 165–178.
35. Gupta BB, Howell JA, Wu D, and Field RW, A helical baffle for cross-flow microfiltration, J. Membr. Sci. 1995; 102: 31–42.
36. Elmaleh S and Ghaffor N, Cross-flow ultrafiltration of hydrocarbon and biological solid mixed suspensions, J. Membr. Sci. 1996; 118:

111–120.
37. Yeh HM and Chen KT, Improvement of ultrafiltration performance in tubular membrane using a twisted wire-rode assembly, J. Membr.

Sci. 2000; 178: 43–53.
38. Xu N, Xing W, Xu N, and Shi J, Application of turbulence promoters in ceramic membrane bioreactor used for municipal wastewater

reclamation, J. Membr. Sci. 2002; 210: 307–313.
39. van der Waal MJ and Racz IG, Mass transfer in corrugated-plate membrane module. 1. Hyperfiltration experiments, J. Membr. Sci.

1989; 40: 243–260.
40. Stairmand JW and Bellhouse BJ, Mass transfer in a pulsating turbulent flow with deposition onto furrowed walls, Int. J. Heat Mass

Transfer. 1985; 27(7): 1405–1408.
41. Sobey IJ, Observation of waves during oscillator channel flow, J. Fluid Mech. 1985; 151: 247.
42. Millward HR, Bellhouse BJ, Sobey IJ, and Lewis RWH, Enhancement of plasma filtration using the concept of the vortex wave,

J. Membr. Sci. 1995; 100: 121–129.
43. Womersley JR, Method for the calculation of velocity, rate of flow and viscous drag in arteries when the pressure gradient is known,

J. Physiol. 1955; 127: 553–563.
44. Hale JF, McDonald DA, and Womersley JR, Velocity profiles of oscillating arterial flow, with some calculations of viscous drag and the

Reynolds number, J. Physiol. 1955; 128: 629–640.
45. Li H and Bertram CD, Mechanisms by which pulsatile low affects cross flow microfiltration, AIChE J. 1998; 44(9): 1950–1961.
46. Li H,Mechanism study for crossflowmicrofiltration with pulsatile flow. PhD thesis, The University of New SouthWales, Australia, 1995.
47. Bertram CD, Hoogland MR, Li H, Odell RA, and Fane AG, Flux enhancement in crossflow microfiltration using a collapsible-tube

pulsation generator, J. Membr. Sci. 1993; 84: 279–292.
48. Kennedy TJ, Merson RL, and McCoy BJ, Improving permeation flux by pulsed reverse osmosis, Chem. Eng. Sci. 1974; 29:

1927–1931.
49. Gupta BB, Blanpain P, and Jaffrin MY, Permeate flux enhancement by pressure and flow pulsations in microfiltration with mineral

membranes, J. Membr. Sci. 1992; 70: 257–266.
50. Jaffrin MY, Ding LH, and Gupta BB, Rationale of filtration enhancement in membrane plasmapheresis by pulsatile blood flow, Life

Support Systems, J. Eur. Society Artif. Organs. 1987; 5: 267–271.
51. Rodgers VGJ and Sparks RE, Effect of transmembrane pressure pulsing on concentration polarization, J. Membr. Sci. 1992; 68:

149–168.
52. Jonsson GA, Waagner RA, Nielsen E, and Edelsten D, Low cross-flow velocity microfiltration of skim milk for removal of bacterial

spores, Int. Dairy J. 1997; 7: 849–861.
53. Wenten IG, Koenhen DM, Roesink HDW, Rasmussen A, and Jonsson G, Method for the removal of components causing turbidity,

from a fluid, by means of microfiltration, US Patent 5,560,828, October 1996.
54. Kuiper S, van Rijn CJM, Nijdam W, and Elwenspoek MC, Development and applications of very high flux microfiltration membranes,

J. Membr. Sci. 1998; 150: 1–8.
55. Kuiper S, van Rijn C, Nijdam W, Raspe O, van Wolferen H, and Krijnen G, Elwenspoek M, Filtration of lager beer with microsieves:

Flux, permeate haze and inline microscope observations, J. Membr. Sci. 2002; 196: 129–170.
56. Bouzerar R, Jaffrin MY, Lefevre A, and Paullier P, Concentration of ferric hydroxide suspensions in saline medium by dynamic cross-

flow filtration, J. Membr. Sci. 2000; 165: 111–123.
57. Jaffrin MY, Ding LH, Akoum O, and Brou A, A hydrodynamic comparison between rotating disk and vibratory dynamic filtration

systems, J. Membr. Sci. 2004; 242: 155–167.
58. Chang S, Li H, and Fane AG, Characteristics of operation of a rotating disk membrane filter, in: Schäfer AI, Basson L, and Richards BS

(Eds.), Environmental Engineering Research Event, Terrigal, New South Wales, 1998, pp. 153–158.

Pabby et al./Handbook of Membrane Separations 9549_C008 Final Proof page 230 13.5.2008 1:07pm Compositor Name: BMani

230 Handbook of Membrane Separations



59. Ding LH, Akoum O, Abraham A, and Jaffrin MY, High shear skim ultrafiltration using rotating disk filtration systems, AIChE J. 2003;
49(9): 2433–2441.

60. Nuortula-Jokinen J and Nyström M, Comparison of membrane separation processes in the internal purification of paper mill water,
J. Membr. Sci. 1996; 119: 99.

61. Dal-Cin MM, Lick CN, Kumar A, and Lealess S, Dispersed phase back transport during ultrafiltration of cutting oil emulsions with a
spinning disc geometry, J. Membr. Sci. 1998; 141: 165.

62. Frenander U and Jönsson AS, Cell harvesting by crossflow microfiltration using a shear-enhanced module, Biotechnol. Bioeng. 1996;
52: 397.

63. Lee S, Burt A, Russoti G, and Buckland B, Microfiltration of recombinant yeast cells using a rotating disk dynamic filtration system,
Biotechnol. Bioeng. 1995; 48: 386.

64. Brou A, Ding L, Boulnois P, and Jaffrin M, Dynamic microfiltration of yeast suspensions using rotating disks equipped with vanes,
J. Membr. Sci. 2002; 197: 269–282.

65. Armando AD, Culkin B, and Purchas DB, New separation system extends the use of membranes, Proceedings of the Euromembrane’92,
Vol. 6, Lavoisier, Paris, 1992, pp. 459–462.

66. Al-Aloum O, Mercier-Bonin M, Ding L, Fonade C, Aptel P, and Jaffrin M, Comparison of three different systems used for flux
enhancement: Application to crossflow filtration of yeast suspensions, Desalination. 2002; 147: 31–36.

67. Krantz WB, Bilodeau RR, Voorhees ME, and Elgas RJ, Use of axial membrane vibrations to enhance mass transfer in a hollow tube
oxygenator, J. Membr. Sci. 1997; 124: 283–299.

68. Genkin G, Waite TD, Fane AG, and Chang S, The effect of vibration and coagulation addition on the performance of submerged hollow
fibre membranes. J. Memb. Sci. 2006; 281: 726–734.

69. Hewitt GF, Multiphase fluid flow and pressure drop: Introduction and fundamentals, in: Hewitt GF (Ed.), Hemisphere Handbook of
Heat Exchanger Design, Hemisphere Publishing Corporation, New York, 2.3.1-1–2.3.1-10, 1990.

70. Cui ZF, Experimental investigation on enhancement of crossflow ultrafiltration with air sparging, in Aterson RP (Ed.), Effective
Membrane Processes—New Perspective, Mechanical Engineering Publications, London, pp. 237–245, 1993.

71. Cabassud C, Laborie S, and Lainé JM, How slug flow can improve ultrafiltration flux in organic hollow fibers, J. Membr. Sci. 1997;
128: 93.

72. Mercier M, Fonade C, and Lafforgue-Delorme C, How slug flow can enhance the ultrafiltration flux in mineral tubular membranes,
J. Membr. Sci. 1997; 128: 103–113.

73. Mercier M, Maranges C, Fonade C, and Lafforgue-Delorme C, Flux enhancement using upward gas liquid slug flow: Application to
continuous alcoholic fermentation with cell recycle, Biotech. Bioeng. 1998; 58: 47.

74. Imasaka T, So H, Matsushita HK, Furukawa T, and Kanekuni N, Application of gas–liquid two-phase crossflow filtration to pilot scale
methane fermentation, Drying Tech. 1993; 11: 769.

75. Vera L, Delgado S, and Elmaleh S, Gas sparged cross-flow microfiltration of biologically treated wastewater, Proceedings of the
Membrane Technology in Environmental Management, Tokyo, 1999, pp. 131–137.

76. Ghosh R, Li Q, and Cui ZF, Fraction of BSA and lysozyme using ultrafiltration: Effect of gas sparging, AIChE J. 1998; 44(1): 61–67.
77. Cui ZF, Chang S, and Fane AG, The use of gas bubble to enhance membrane processes, J. Membr. Sci. 2003; 221: 1–35.
78. Cui ZF and Wright KIT, Gas–liquid two-phase crossflow ultrafiltration of dextran and BSA solutions, J. Membr. Sci. 1993; 90:

183–189.
79. Cui ZF and Wright KIT, Flux enhancement with gas sparging in downwards crossflow ultrafiltration: Performance and mechanisms,

J. Membr. Sci. 1996; 117: 109–116.
80. Cheng TW, Yeh HMG, and Wu JH, Effects of gas slugs and inclination angle on the ultrafiltration flux in tubular membrane module,

J. Membr. Sci. 1999; 158: 223–234.
81. Cheng TW, Influence of inclination on gas-sparged cross-flow ultrafiltration through an inorganic tubular membrane, J. Membr. Sci.

2002; 196(1): 103–110.
82. Al-Akoum O, Mercier-Bonin M, Ding L, Fonade C, Aptel P, and Jaffrin MY, Comparison of three different systems used for flux

enhancement: Application to yeast crossflow filtration of yeast suspensions, Desalination. 2000; 147: 31–36.
83. Tajima F and Yamamoto T, Apparatus for filtering water containing radioactive substances in nuclear power plants, Toshiba, US Patent

4,756,875, 1988.
84. Yamamoto K, Hiasa M, Mahmood T, and Matsuo T, Direct solid–liquid separation using hollow fiber membrane in an activated sludge

aeration tank, Water Sci. Technol. 1989; 21: 43–54.
85. Chang S and Fane AG, The effect of fiber diameter on filtration and flux distribution–relevance to submerged hollow fiber modules,

J. Membr. Sci. 2001; 184: 221–231.
86. Chang S and Fane AG, Filtration of biomass with lab-scale submerged hollow fiber membrane module: Effect of operational conditions

and module configuration, J. Chem. Technol. Biotechnol. 2002; 77: 1030–2212.
87. Wicaksana F, Fane AG, and Chen V, Fibre movement induced by bubbling using submerged hollow fibre membranes, J. Membr. Sci.

2006; 271: 186–195.
88. Bixler HJ and Rappe GC, Ultrafiltration process, US Patent 3,541,006, November 1970.
89. Fane AG, Ultrafiltration of suspensions, J. Membr. Sci. 1984; 20: 249–260.
90. Noordman TR, De Jonge A, Wesselingh JA, Bel W, Dekke M, Ter Vorde E, and Grijpma SD, Application of fluidised particles as

turbulence promoters in ultrafiltration improvement of flux and rejection, J. Membr. Sci. 2002; 208: 157–169.
91. van der Waal MJ, van der Velden PM, Koning J, Smolders CA, and van Swaay WPM, Use of fluidized beds as turbulence promoters in

tubular membrane systems, Desalination. 1977; 22: 465–483.

Pabby et al./Handbook of Membrane Separations 9549_C008 Final Proof page 231 13.5.2008 1:07pm Compositor Name: BMani

Techniques to Enhance Performance of Membrane Processes 231



92. Henry JD, Lawler LF, and Kuo CHA, A solid=liquid separation process based on crossflow and electrofiltration, AIChE J. 1977; 23(6):
851–859.

93. Bowen WR, Electrochemical aspects of microfiltration and ultrafiltration, in: Howell JA, Scanchez V, and Field RW (Eds.),Membranes
in Bioprocessing, Chapman & Hall, Cambridge, 1993, pp. 265–292.

94. Wakeman RJ and Tarleton ES, Membrane fouling prevention in crossflow microfiltration, Chem. Eng. Sci. 1987; 42(4): 829–842.
95. Radovich JM and Behnam B, Concentration ultrafiltration and diafiltration of albumin with an electric field, Sep. Sci. Technol. 1983;

18(3): 215–222.
96. Visvanathan C and Ben Aim R, Enhancing electrofiltration with the aid of an electro-osmotic backwashing arrangement, Filt. Sep. 1990;

Jan=Feb, pp. 42–44.
97. Huotari HM, Huisman IM, and Trägårdh G, Electrically enhanced crossflow membrane filtration of oily waste water using the

membrane as a cathode, J. Membr. Sci. 1999; 156: 49–60.
98. Akay G and Wakeman RJ, Electric field enhanced crossflow microfiltration of hydrophobically modified water soluble polymers,

J. Membr. Sci. 1997; 131: 229–236.
99. Rios GM, Rakotoririsoa H, and Tarodo de la Fuente B, Basic transport mechanisms of ultrafiltration in the presence of an electric field,

J. Membr. Sci. 1988; 38: 147–159.
100. Zhang YP, Chong TH, Fane AG, Law A, Coster HGL, and Winters H, Implications of enhancing critical flux of particulates by AC

fields in RO desalination and reclamation, Desalination, 2008; 220: 371–379.
101. Thompson LH and Doraiswamy LK, Sonochemistry: Science and engineering, Ind. Eng. Chem. Res. 1999; 38: 1215–1249.
102. Juang RS and Lin KH, Flux recovery in the ultrafiltration of suspended solution with ultrasound, J. Membr. Sci. 2004; 243: 115–124.
103. Simon A, Penpenic L, Gondrexon N, Taha S, and Dorange G, A comparative study between classical stirred and ultrasonically-assisted

dead-end ultrafiltration, Ultrason. Sonochem. 2000; 7: 183–186.
104. Kobayashi T, Kobayashi T, Hosaka Y, and Fujii N, Ultrasound-enhanced membrane-cleaning processes applied water treatments:

Influence of sonic frequency on filtration treatments, Ultrasonics 2003; 41: 185–190.
105. Muthukumaran S, Kentish SE, Ashokkumar M, and Stevens GW, Mechanisms for the ultrasonic enhancement of dairy whey

ultrafiltration, J. Membr. Sci. 2005; 258: 106–114.

Pabby et al./Handbook of Membrane Separations 9549_C008 Final Proof page 232 13.5.2008 1:07pm Compositor Name: BMani

232 Handbook of Membrane Separations



9 Separation and Removal
of Hydrocarbons Using
Polymer Membranes

S.I. Semenova*

CONTENTS

9.1 Introduction and Background ........................................................................................................................................ 234
9.2 General Considerations: Physicochemical Regularities of Hydrocarbon Permeation in Membranes

Based on Glassy and Rubbery Polymers ...................................................................................................................... 234
9.2.1 Thermodynamic Factor of Permeability ............................................................................................................ 234
9.2.2 Kinetic Factor of Permeability ........................................................................................................................... 237

9.2.2.1 Effective Sizes of Diffusing Molecules ............................................................................................... 237
9.2.2.2 Effect of Cohesion Energy Density of the Polymer on Diffusion of Hydrocarbons

in the Polymer ..................................................................................................................................... 239
9.2.2.3 Effect of Free Volume of the Polymer on Diffusion of Hydrocarbons in the Polymer ..................... 240
9.2.2.4 Concentration Dependencies of Diffusion Coefficients of Hydrocarbons .......................................... 240

9.3 Separation and Removal of Hydrocarbons Using Membranes Based on Rubbery Polymers ...................................... 240
9.3.1 Selective Separation and Removal of Hydrocarbon Vapors from Gas Mixtures ............................................. 240

9.3.1.1 Effect of Chemical Composition of Organosilicon Polymers on Their Gas Separation
Properties to Hydrocarbons ................................................................................................................. 240

9.3.1.2 Pressure Dependence of Hydrocarbon Permeability in Rubbery Polymers: Effect
of Plasticization of the Polymer by the Penetrant ............................................................................... 243

9.3.1.3 Temperature Dependence of Hydrocarbon Permeability in Rubbery Polymers ................................. 245
9.3.1.4 Polytrimethylsilylpropyne as a Membrane Material for Hydrocarbons Separation

and Removal from Gas Mixtures ........................................................................................................ 246
9.3.2 Application of Rubbery Polymers for Pervaporation Removal of Hydrocarbons from Their

Aqueous Solutions ............................................................................................................................................. 246
9.4 Separation and Removal of Hydrocarbons Using Membranes Based on Glassy Polymers ......................................... 248

9.4.1 Separation of Olefins and Paraffins ................................................................................................................... 248
9.4.1.1 Effect of Unsaturated Bonds on the Size of Olefin Molecules and on the

Capability of Olefins to Enter into Specific Interactions with the Membrane Matrix ........................ 248
9.4.1.2 Effect of Chemical Composition of Glassy Polymers on Their Gas Separation

Properties to Hydrocarbons ................................................................................................................. 249
9.4.1.3 Pressure Dependence of Hydrocarbon Permeability and Selectivity in Glassy Polymers .................. 254
9.4.1.4 Temperature Dependence of Hydrocarbon Permeability and Selectivity in Glassy Polymers ........... 255
9.4.1.5 Kinetics of the Permeation Process ..................................................................................................... 256

9.4.2 Separation of Aromatic, Alicyclic, and Aliphatic Hydrocarbons ...................................................................... 257
9.4.2.1 Problem of Separation of Aromatic, Alicyclic, and Aliphatic Hydrocarbons..................................... 257
9.4.2.2 Diffusion Component of Separation Factor ........................................................................................ 258
9.4.2.3 Sorption Component of Separation Factor .......................................................................................... 260

9.5 Industrial Removal of Hydrocarbons from Their Mixtures with Various Gases and Vapors ...................................... 262
References ............................................................................................................................................................................... 264

* The author is deceased.

233

Pabby et al./Handbook of Membrane Separations 9549_C009 Final Proof page 233 13.5.2008 1:09pm Compositor Name: BMani



9.1 INTRODUCTION AND BACKGROUND

Separation of hydrocarbons and their removal from various gaseous and liquid mixtures are important objectives of chemical
and petrochemical industries. These objectives can be achieved by adsorption, rectification, or cryogenic technology. In the last
20 years this list of traditional methods was supplemented by membrane technology. A significant corpus of patent and literary
data accumulated so far requires generalization (about 2000 documents over the last 20 years). The flow of patent and periodic
information on the problem of membrane separation of hydrocarbons is steadily growing [1–4]. The flow is dominated by
articles in journals whereas the share of patents is only about one third. This indicates that at present researchers are mainly
taking a scientific, rather than commercial, interest in the problem [1].

Several areas can be singled out in membrane separation techniques differing by a number of criteria, primarily by the
material of construction of the membrane’s selective layer. Materials of construction of the membrane’s selective layer can be
broken down into the following groups: polymers (41% in the total information flow), inorganic materials (37.7%), liquids
(4.8%), combined organic=inorganic materials (3.2%), and other materials (13.1%). A noteworthy fact is the growing interest
shown by researchers in inorganic membranes [1]. A major breakthrough in the development of inorganic membranes (zeolites,
aluminium oxide, ceramics, silica, various metals, metal oxides, etc.) has been on the cards for the last 10 years. However, the
use of membranes with inorganic selective layers is now only at the stage of intense investigation and is still a long way from
commercial implementation. The share of patents in the information flow on this subject is only 19.9% [1].

Membranes having a polymer-based selective layer make up the most broadly represented segment in the information flow.
In terms of the share in this total information flow, polymer materials can be arranged in the following series: polyimides
(15.3%), polyolefins (8.2%), polysulfones (7.2%), polyamides (7.2%), fluorine-containing polymers (4.8%), and organosilicon
polymers (7.1%). Polyamides are the most widely represented class of polymers in both periodical and patent literature. As
years go by, the interest shown by researchers (especially in Japan) in the use of polyimides is not waning. A lot of documents
can also be found in the information flow that makes reference to the use of rubbery polymer materials, including polysiloxanes,
which in fact indicates that practical use of these materials may hold much promise [1].

The materials of the selective layer of the membranes dominating in the data are polymers. The polymers used can be both
glassy and rubbery. It is therefore worthwhile to consider physicochemical regularities of hydrocarbon mass transfer across
polymer membranes.

9.2 GENERAL CONSIDERATIONS: PHYSICOCHEMICAL REGULARITIES OF HYDROCARBON
PERMEATION IN MEMBRANES BASED ON GLASSY AND RUBBERY POLYMERS

There is no fundamental qualitative difference in mechanisms of low molecular weight (MW) penetrant diffusion in polymers
above and below glass transition temperature, Tg, of the polymers [5,6]. The difference lies only in the fact that the movement
of structural units of the macromolecule that are responsible for the transfer of penetrant molecules takes place at different
supermolecular levels of the polymer matrix. At T> Tg the process of diffusion takes place in a medium with equilibrium or
near-equilibrium packing of chains, and the fractional free volume, nf, in the polymer is equal to the fractional free volume in
the polymer determined by thermal mobility of structural units of macromolecules nf(T), i.e., nf¼ nf(T). At T< Tg the process of
diffusion comes about under nonequilibrium packing conditions, although there exists a quasi-equilibrium structural organ-
ization of the matrix, where nf> nf(T). It is assumed that in this case nf¼ nf(T)þ nf(n), where nf(n) is the fractional free volume
responsible for nonequilibrium character of the polymer matrix [5].

Permeability of low MW penetrants in polymers is determined by both thermodynamic (sorptive) and kinetic (diffusive)
factors.

9.2.1 THERMODYNAMIC FACTOR OF PERMEABILITY

In the absence of specific penetrant=polymer interactions, solubility of the penetrant is determined mainly by its chemical nature
and depends on condensability, which is represented by boiling temperature (Tb), critical temperature (Tcr), or Lennard–Jones
constant («=k) [7,8]. It is known that in the hydrocarbon series the increase in condensability is accompanied by a parallel
increase in the size of molecules (Table 9.1 [9–17]). It is therefore not surprising that in both glassy and rubbery polymers
correlations of hydrocarbon solubility in the polymers with condensability and sizes of hydrocarbon molecules are observed
(Figures 9.1 through 9.3).

To analyze sorption of penetrants, including hydrocarbons, in glassy polymers, the dual-mode sorption model is most
frequently used. For a number of glassy polymers, correlations between the constants of the dual-mode sorption model and the
condensability of hydrocarbons have been established (see, e.g., Figure 9.4a through 9.4c and data presented in Refs. [18–20]).
Temperature dependence of model constants is described by Vant-Hoff equation, where the exponent contains heat of penetrant
sorption DHs. This quantity is essentially dependent on the heat of penetrant condensation, DHcond: DHs¼DHcondþDH1, where
DH1 is partial molar enthalpy of penetrant dissolution in the polymer, DH1¼ [@(DG1=T)=@(1=T)]c, DG1 is the partial molar free
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energy of the penetrant dissolution in the polymer. The sorption of easily condensable hydrocarbons features negative values of
sorption heat as a result of high negative values of their condensation heat.

A linear correlation between solubility of various gases in glassy polymers and distance between chains of macromolecules
has been established using x-ray structural analysis. The solubility of gases, including lower hydrocarbons, increases with this
distance [8,21,22]. Similarly it has been found that the solubility of gases in glassy polymers increases with the molar fraction
of free volume of the polymer (see Figure 9.5) [8,23,24]. It was reported that the Langmuir mode saturation constant is

TABLE 9.1
Physical Properties of Some Gases and Vapors

Condensability Size of Molecule

Penetrant Tb (K) «=k (K) sLJ (nm) skt (nm) aD (nm2)

N2 77.4 91.5 0.368 0.364

O2 90.2 113 0.343 0.346
CO 81.7 110 0.359 0.376
CH4 111.7 137 0.382 0.380
C2H4 169.5 205 0.423 0.390

C2H6 184.5 230 0.442
C3H6 225.5 303 0.468 0.450
C3H8 231.1 254 0.506 0.430

C4H6 281.2 0.440
C4H8 266.9 330 0.528 0.560
nC4H10 272.7 410 0.534 0.430

isoC4H10 261.3 313 0.534
nC5H12 309.2 345 0.578
C6H6 353.3 412 0.527 0.660 0.21

C6H5CH3 383.8 0.593 0.23
nC6H14 341.9 413 0.591 0.18
cicloC6H12 353.9 324 0.609 0.670 0.33
nC7H14 371.6

nC8H18 398.8 320 0.745 0.18
isoC8H18 390.8 0.762 0.36

Source: From Semenova, S.I., J. Membr. Sci., 231, 189, 2004. With permission.

Notes: sLJ¼molecular collision diameter calculated from the Lennard–Jones potential;
skt¼molecular kinetic diameter determined using zeolites; aD¼minimum molecular
cross-section determined from Stuart’s molecular model [9–16].
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FIGURE 9.1 Dependence of solubility coefficient of various hydrocarbons in natural rubber on hydrocarbon boiling temperature,
Tb (a) and on diameter of their molecules calculated from Lennard–Jones potential, sLJ (b). (From Semenova, S.I., Membranes (in Russian),
13, 37, 2002.)
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dependent on the accessible free volume of the polymer, and the accessible free volume of the same polymer decreases with the
increase in the size of the penetrant molecule [18].

The solubility of hydrocarbons in rubbery polymers can be described in more detail by several theories of solutions using
various criteria of thermodynamic affinity [7,25–28], of which the Flory–Huggins theory is the most popular one. It takes into
account the volume content of the penetrant dissolved in the polymer and the change in the length of the polymer’s
thermodynamic segment as a result of dissolution [7]. However, it should be pointed out that to describe dissolution, a refined
dual-mode sorption model can be used, e.g., the model by Pace and Datyner [7,29,30].
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FIGURE 9.2 Dependence of hydrocarbon solubility coefficient in glassy polymers on hydrocarbon Lennard–Jones force constant, «=k, at
T¼ 323 K and pressure of 2 atm (6FDA-TrMPD is polyimide based on dianhydride of 4,40-hexafluoroisopropylydene diphthalic acid and
2,4,6-trimethyl-1,3-phenylenediamine; PPO is polyphenylene oxide). (From Tanaka, K., Taguchi, A., Hao, J., Kita, H., Okamoto, K.,
J. Membr. Sci., 121, 197, 1996. With permission.)
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9.2.2 KINETIC FACTOR OF PERMEABILITY

Diffusion selectivity is based on the ability of the polymer matrix to transmit molecules of a certain shape and size. This ability
is determined by the structure of the polymer and the rigidity of the macromolecular ensemble as well as by the properties of the
penetrant, the size and shape of its molecules.

9.2.2.1 Effective Sizes of Diffusing Molecules

To estimate the molecular size of low MW penetrants permeating through the polymer membrane, the following parameters are
used: Van der Waals volume of the molecule, V; collision diameter calculated from Lennard–Johns potential, sLJ; kinetic
diameter of the molecule skt determined using molecular sieves; minimum cross-section of the molecule aD, determined from
Stuart’s molecular model [9–16]. Values of these parameters can differ significantly, especially for molecules of oblong shapes
(Table 9.1). Comparison of molecules of inorganic gases and methane in terms of collision diameter sLJ and kinetic diameter
skt shows that the difference between the two is insignificant and both can be used to estimate the size of diffusing molecules.
An exception is the quadrupole molecule of CO2, whose effective diameter is determined on the basis of the correlation
between lnD and the diameters of molecules of several penetrants in various polymers [8]. The difference between sLJ and skt

increases with the increase in the number of carbon atoms in the hydrocarbon molecule.
The effect of the size of hydrocarbon molecules on their diffusion coefficients in glassy and rubbery polymers has been

discussed in the literature [17,31–33]. It has been shown that effective cross-sections of diffusing hydrocarbon molecules
determined from diffusion of permanent gases, whose molecular cross-section was derived from Stuart’s model, have different

(c)(a)

0.20
C2H4 C3H6 C3H8C2H6

k D
 (

m
3

 m
−

3
 k

P
a−1

)

0.10

0.15

0.05
160 200 240

(b)
Tb (K)

0.3

0.2

0.1

C3H6 C3H8C2H4 C2H6

b 
(k

P
a−1

)

160 200 240

15

10

5

0

C3H6 C3H8C2H4 C2H6

C
� H
 (

m
3
m

−3
)

160 200 240

FIGURE 9.4 Dependence of constants (a, b, and c present Henry constant, sorption affinity constant, and Langmuir sorption capacity
respectively) of the model of dual-mode sorption of hydrocarbons by glassy polyphenylene oxides on boiling temperatures of hydrocarbons
Tb: . is pDMePO, poly-2,6-dimethyl-1,4-phenylene oxide; * is pDPhPO, poly-2,6-diphenyl-1,4-phenylene oxide; ^ is pDMePO=pDPhPO
copolymer (97.5=2.5% mol); ! is pDMePO=pDPhPO copolymer (75=25% mol). (From analysis of results presented in Lapkin, A.A.,
Roschupkina, O.P., and Ilinitch, O.M., J. Membr. Sci., 141, 223, 1998.)

0.3

0.2

0.1

S
 (

cm
3  

cm
−3

 c
m

 H
g−1

)

5.0 6.0

V
f
−1

4

3
2

1

5

7.0 8.0

FIGURE 9.5 Dependence of solubility coefficient of propylene in various polyimides on the content of free volume in polyimide:
(1) 6FDA-TrMPD; (2) 6FDA-TeMPD; (3) 6FDA-DDBT; (4) 6FDA-ODA; (5) BPDA-TeMPD (6FDA is dianhydride of 4,40-hexafluoroiso-
propylydene diphthalic acid; BPDA is dianhydride of 3,30,4,40-diphenyltetradiphenyltetracarboxylic acid; TrMPD is 2,4,6-trimethyl-1,3-
phenylene diamine; TeMPD is 2,3,5,6-tetramethylphenylene-1,4-diamine; DDBT is dimethyl-3,7-diaminobenzothiophene-5,50-dioxide;
ODA is diaminodiphenyl ether). (From analysis of results presented in Tanaka, K., Taguchi, A., Hao, J., Kita, H., and Okamoto, K.,
J. Membr. Sci., 121, 197, 1996.)
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values in glassy and rubbery polymers. Effective cross-sections of molecules in polymer glasses are greater than those in
rubbery polymers. Linear dependencies of the effective cross-section of hydrocarbon molecules on the number of carbon atoms
have been established, but these dependencies are different for alkanes, alkenes, alkynes, and dienes. The highest values of
effective cross-section are found in alkanes, the lowest, in diene hydrocarbons.

Kamiya et al. [33] studied diffusion of seven hydrocarbons (n-butane, isobutane, 1-butene, cis-2-butene, trans-2-butene,
isobutylene, 1,3-butadiene) in two rubbery polymers: 1,2-polybutadiene and ethylene-vinyl acetate copolymer. The observed
diffusion coefficients were compared with the sizes of diffusing molecules, estimated from molar volumes of liquid hydrocar-
bons, and shown to decrease regularly with increasing molecular size (see Figure 9.6):

CH3 CH3 CH3

\ \ /
CH2¼CH��CH¼CH2 > CH¼CH > CH¼CH > CH2¼CH��CH2��CH3 > CH3��C¼CH2 > CH3��CH2��CH2��CH3 > CH3��CH��CH3

\ j j
CH3 CH3 CH3

1,3-butadiene > trans-2-butene > cis-2-butene > 1-butene > iso-butylene > n-butane > iso-butane

Hydrocarbon molecules with an oblong shape have higher diffusion coefficients than branched or flat diene hydrocarbon
molecules, and their diffusion coefficients are higher than what could be expected from the correlation. Diffusion coefficients of
oblong molecules like trans-2-butene in both polymers are higher compared to branched molecules with a similar molar
volume, such as cis-2-butene or isobutylene.

Figure 9.7 shows the dependence of various penetrants on the collision diameter of their molecules sLJ as well as on the
kinetic diameter of their molecules skt for glassy polymers, such as polyphenylene oxide, 6FDA-TrMPD, and 6FDA-DDBT
polyimides [9,32]. In constructing this dependence the authors assumed that the effective diameter of diffusing molecules
corresponds to the collision diameter sLJ. An attempt to establish similar dependencies between diffusion coefficient and
kinetic diameter of the molecules skt produced much rougher correlations. The molecular kinetic diameter skt is determined
from diffusion of molecules through zeolites that have rigid pores. This diameter represents the cross-section of penetrant
molecules but has nothing to do with their length. In a real polymer, penetrants permeate through voids of accessible free
volume of the polymer matrix that change as a result of local molecular movement. The void volume that is sufficient for
diffusion depends not only on the cross-section of the penetrant molecule, but also on the effective length of the penetrant
molecule. It has been established that the effective molecular diameters (sLJ) of olefins are smaller than those of respective
paraffins, which is why diffusion coefficients of olefins are higher than those of paraffins. Diffusion of vapors of 1,3-butadiene,
C4H6, and n-butane, C4H10, has also been investigated in several glassy polymers, namely in polyimides of various chemical
compositions, polysulphone, polyphenylene oxide, and polymethylpentene. The polymers studied have high diffusion coeffi-
cients for 1,3-butadiene as well as high values of diffusion selectivity a(C4H6=C4H10). The diffusion coefficients of all
polymers studied for 1,3-butadiene had similar or somewhat higher values than the diffusion coefficients of propylene. At
the same time, the diffusion coefficient for n-butane was significantly lower than that for propane. Diffusion coefficients can
therefore be arranged in the following sequence: DC4H6>DC3H6>DC3H8>DC4H10. This is indicative of a relatively small
effective molecular diameter of 1,3-butadiene, C4H6, probably because of its rigidity resulting from two double links as well as
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and Wang, J.S., J. Polym. Sci., B33, 1663, 1995.)
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its oblong shape. The effective diameter of the C4H6 molecule that reflects the diffusion of this vapor was 0.4 nm. This value
was obtained using linear correlation between lnD and effective diameters of molecules known for other gases and vapors.

9.2.2.2 Effect of Cohesion Energy Density of the Polymer on Diffusion of Hydrocarbons in the Polymer

In accordance with the equation for the activation energy of diffusion proposed by Meares [31], cohesion energy density (CED)
of the polymer has a significant effect on diffusion coefficients of lower hydrocarbons. This is especially typical of rubbery
polymers: an increase in CED results in reduction of diffusion coefficients. Similar dependencies also apply to glassy polymers
[9,32]. For example, Figure 9.8a shows the dependence of diffusion coefficient of propylene on CED of both glassy and
rubbery polymers.
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9.2.2.3 Effect of Free Volume of the Polymer on Diffusion of Hydrocarbons in the Polymer

The effect is especially significant in the case of glassy polymers [8,9,32]. It was shown in several studies that diffusion
coefficients of penetrants, including hydrocarbons, decrease with the decrease in molar fraction of free volume of the polymer
(see, e.g., Figure 9.8b).

9.2.2.4 Concentration Dependencies of Diffusion Coefficients of Hydrocarbons

The models most frequently used to describe the concentration dependence of diffusion and permeability coefficients of gases
and vapors, including hydrocarbons, are: transport model of dual-mode sorption (which is usually used to describe diffusion
and permeation in polymer glasses) as well as its various modifications; molecular models analyzing the relation of diffusion
coefficients to the movement of penetrant molecules and the effect of intermolecular forces on these processes; and free volume
models describing the relation of diffusion coefficients and fractional free volume of the system. Molecular models and free
volume models are commonly used to describe diffusion in rubbery polymers. However, some versions of these models that fall
into both classification groups have been used for both rubbery and glassy polymers. These are the models by Pace–Datyner
and Duda–Vrentas [7,29,30].

The experimental and theoretical data presented in the literature show that selective permeability of rubbery polymers for
hydrocarbons follows the general rule of being dominated by the sorption component. Selective permeability of glassy
polymers for hydrocarbons follows the general rule of being dominated by the diffusion component.

Thus, the permeation of hydrocarbons in polymer membranes is governed by the basic regularities typical of permeation of
low MW penetrants, modified however by certain peculiarities related to the structure and shape of hydrocarbon molecules. We
will now discuss the physicochemical regularities of hydrocarbon separation and removal using polymer membranes, by trying
to reveal the relationship between the chemical structure of polymers and their separation properties with respect to mixtures
containing hydrocarbons. It follows from literary data that rubbery polymers are mainly used in gas=vapor separation processes
for selective separation of hydrocarbon vapors from their mixtures with air as well as in pervaporation processes for the removal
of hydrocarbons from their aqueous solutions. In practice, glassy polymers are used for separation of olefins and paraffins as
well as for separation of aromatic, alicyclic, and aliphatic hydrocarbons.

9.3 SEPARATION AND REMOVAL OF HYDROCARBONS USING MEMBRANES
BASED ON RUBBERY POLYMERS

9.3.1 SELECTIVE SEPARATION AND REMOVAL OF HYDROCARBON VAPORS FROM GAS MIXTURES

The polymer materials mainly used for the selective separation of hydrocarbon vapors from their mixtures with air are
organosilicon polymers.

9.3.1.1 Effect of Chemical Composition of Organosilicon Polymers on Their Gas Separation
Properties to Hydrocarbons

This subject was dealt with by several researchers, most comprehensively by Stern [19,20,34–37]. Permeability of several
gases and vapors, including hydrocarbons, in various organosilicon polymers has been investigated after modification of
chemical composition of the polymers by introducing substituent groups in both side and main chains. The following
polymers have been investigated: [��(CH3)(R1)Si��O��]n, where R1¼��CH3; ��C2H5; ��C3H7; ��C8H17; ��CH2CH2CF3;
��C6H5; and [��(CH3)2Si��R2��Si(CH3)2��O��]n, where R2¼��(CH2)2��; ��(CH2)6��; ��(CH2)8��; ��mC6H4��;
��pC6H4��. Results of the research are presented in Tables 9.2 and 9.3, and Figure 9.9.

It follows from analysis of these results that the increase in the volume of the substituent group results in higher rigidity and
density of the polymer. This manifests itself in higher glass transition temperatures and densities of the polymers. Introduction
of substituent groups into the side chain has a significantly greater effect on these parameters as compared to substitutions in the
main chain. Variation in flexibility of the polymer chain also has a significant effect on permeability. In this connection it makes
sense to compare polymers [��(CH3)2Si��CH2��]n and [��(CH3)2Si��(CH2)8��Si(CH3)2��O��]n. The relatively low
permeability of the first polymer is due to the lack of flexible siloxane ��Si��O�� bonds in the main chain. The presence
of only one siloxane bond per eight recurrent ��CH2�� groups in the second polymer makes the chains much more flexible and
results in a more than twofold increase in permeability as compared with the first polymer (see Table 9.2).

The permeability of polymers decreases with the increase in their glass transition temperature. This dependence becomes
more pronounced with increasing kinetic diameter of penetrant molecules (Figure 9.9).

It can be seen from the data presented in Table 9.2 that the parallelism of the decrease in permeability with the increase in
glass transition temperature of the polymer is somewhat disrupted for He and CO2. Helium has the lowest solubility among the
penetrants under study. However, the permeability of organosilicon polymers for helium is higher than could be expected from
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its solubility. Thus, polymers with R1¼��CH3; ��C2H5; ��C3H7; ��C8H17; R2¼��(CH2)2–8��; ��m,p C6H4�� are more
permeable for helium than for nitrogen, although the solubility of nitrogen in them is considerably higher than that of helium.
A similar regularity exists for polymers with R1¼��CH2��CH2��CF3;��C6H5; R2¼��mC6H4��;��pC6H4��. Introduction
of bulky substituent groups into the side or main chain of the polymer changes the diffusion of all penetrants; however,
the diffusion of helium decreases to a smaller degree than that of other penetrants. These regularities are probably due to fast
diffusion of helium in polymers, as a result of the small kinetic diameter of its molecules compared to those of other gases and
vapors. A number of polymers, e.g., polymers with R1¼��CH2��CH2CF3; R2¼��m(p)C6H4�� have higher permeability for
CO2 than for other gases. This is explained by the ability of the CO2 quadrupole to have specific interactions with polar groups
and aromatic nuclei. Thus, in the case of polymers having ��CH2��CH2��CF3 side groups, the high solubility of CO2 results
from dipole–dipole interaction of CO2 molecules with the electronegative atom of fluorine.

Variation in the structure of the organosilicon polymer has a much stronger effect on the diffusion component of
permeability than on the sorption component (see Table 9.3). For example, the increase in glass transition temperature from
Tg¼�1238C in the case of polydimethylsiloxane (PDMS), to Tg¼�288C, in the case of polymethylphenylsiloxane, results in
reduction of the diffusion coefficient of propane from 10.1� 10�6 to 0.29� 10�6 cm2=s, i.e., by a factor of more than 30,
whereas the sorption coefficient of propane changes from 8.49� 10�2 to 4.87� 10�2 cm3=cm3 cm Hg, i.e., by a factor of <2.

TABLE 9.3
Mass Transfer Properties of Various Organosilicon Polymers with respect to Methane and Propane

D (106 cm2=c) S (10�2 cm3=cm3cm Hg) P (10�2 Barrer)

Polymer Tg (8C) CH4 C3H8 CH4 C3H8 CH4 C3H8 aP
id aD

id aS
id

��(CH3)2Si��O�� �123 24.5 10.1 0.59 8.49 14.5 85.8 5.9 0.41 14.4

��(CH3)(C3H7)Si��O�� �120 7.59 2.72 0.70 9.10 5.34 29.6 5.6 0.36 13.0
��(CH3)(C8H17)Si��O�� �92 6.54 2.60 0.48 7.81 3.14 20.3 6.4 0.40 16.3
��(CF3CH2CH2)(CH3)Si��O�� �70 5.58 1.55 0.36 3.78 2.01 5.84 2.9 0.28 10.5
��(C6H5)(CH3)Si��O�� �28 1.2 0.29 0.30 4.87 0.36 1.39 3.9 0.24 16.2

��(CH3)2Si��pC6H4��Si(CH3)2�� �18 0.44 0.07 0.23 3.69 0.10 0.27 2.6 0.16 15.8

Source: The data are given at different values of their activities from the analysis of results presented in Stern, S.A., Shah, V.M., and Hardy, B.J., J. Polym.
Sci., B25, 1263, 1987; Semenova, S.I., J. Membr. Sci., 231, 189, 2004.

Notes: T¼ 308 K; pressure, p¼ 0 Pa.
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FIGURE 9.9 Dependence of permeability coefficients of methane, ethane, and propane in various organosilicon polymers on the glass transition
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The permselectivity of hydrocarbon vapors, aP, is dominated by the sorption component, and sorption of hydrocarbon
vapors by rubbery polymers is determined by the condensability of their vapors. It can be seen from Table 9.3, that in
organosilicon polymers the propane=methane sorption selectivity, aS, is 10.5–16.2, whereas diffusion selectivity, aD, is only
0.16–0.41. Refs. [39–43] report values of permselectivity of hydrocarbon mixtures with nitrogen for organosilicon membranes
produced by GKSS (see Figure 9.10). It can be seen that separation selectivity increases with rising boiling temperature of the
hydrocarbon, which points to domination of the sorption component of selectivity.

9.3.1.2 Pressure Dependence of Hydrocarbon Permeability in Rubbery Polymers: Effect of Plasticization
of the Polymer by the Penetrant

With the increase in relative pressure of hydrocarbon vapor, i.e., with the increase in its activity, the plasticizing effect on the
polymer becomes stronger, resulting in the increase in permeability (see Figures 9.11 and 9.12; Table 9.2).

Investigation of a wide range of block copolymers, consisting of various flexible (polydimethylsiloxane, polybutadiene)
and rigid (polycarbonate, polysulphone, polyarylate) phases [44], shows that irrespective of the chemical nature of copolymer,
content and molecular weight of blocks as well as pressure and composition of the hydrocarbon mixture, sorption, and mass
transfer of alkanes take place primarily in the rubbery phase. The phenomenon of plasticization of polymers by hydrocarbons
was demonstrated by baromechanical methods [7,45–48]. Figure 9.13 shows baromechanical curves for the block copolymer
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Sulfosil (polysulfone=polydimethylsiloxane) in pentane vapor for various levels of polydimethylsiloxane content. By analyzing
these curves, the effect of the flexible=rigid phase ratio on mechanical properties of the block copolymer in the plasticizing
vapor environment can be considered. Block copolymers having PDMS content <50 wt% display a minor increase in
elastic compliance (which is the reciprocal value of elasticity modulus, E). If the flexible phase content is more than 50%, elastic
compliance smoothly increases with pentane activity. Analysis of the dependence of the block copolymer’s elasticity modulus in
vacuum on the composition of the block copolymer shows that phase inversion is completed around 55 wt% PDMS. Specifically,
the rigid phase is continuous if PDMS content is below 50 wt%, and the flexible phase is continuous if PDMS content is above
50 wt%. It is therefore clear that block copolymer plasticization is mainly caused by PDMS phase plasticization. Increased
elastic compliance of block copolymer is particularly noticeable if flexible phase content exceeds 50 wt%. It has been established
that the nature of the rigid phase has a negligible effect on the elasticity modulus of block copolymers in saturated hydrocarbon
environment [44]. Elastic compliance of block copolymers in the region of low values of the volume fraction w of the
hydrocarbon, dissolved in the block copolymer (with w< 0.3, which corresponds to hydrocarbon vapor activity ~0.8) can be
described by the equation: 1=E¼ kw, where k is the coefficient of proportionality for the sorbed hydrocarbon. Thus, elastic
compliance is directly proportional to the volume fraction of the sorbate, coefficient k increasing with thermodynamic affinity of
the system. Values of ideal selectivity aid

P ¼ PCi=PC1 were calculated from data of transfer of individual alkanes. With increasing
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molecular weight of the hydrocarbon, the concentration dependence of aid
P becomes more pronounced. High values of selectivity

of n-alkanes, which noticeably rise in the sequence C2–C4 and achieve the order of magnitude of 102 in the case of n-butane, point
to the possibility of using siloxane-containing block copolymers to separate vapor–gas mixtures of saturated hydrocarbons.

9.3.1.3 Temperature Dependence of Hydrocarbon Permeability in Rubbery Polymers

Semenova et al. [7,49–52] show that for gases and vapors strongly sorbed by polymers, non-monotonic temperature
dependences of mass transfer coefficients are observed. This results from negative heat of penetrant sorption and plasticization
of the polymer by the penetrant in the course of sorption. Negative heat of penetrant sorption can be caused by its specific
interaction with the polymer as well as high values of condensation heat, which is typical of easily condensable hydrocarbons.
The possibility of existence of non-monotonic temperature dependencies of mass transfer coefficients is demonstrated and
corroborating experimental data are presented for penetrants interacting with polymer membranes in a specific way. It has been
demonstrated, among other things, that in the case of variation of temperature, at constant concentration (pressure) of a strongly
sorbable penetrant in the polymer, the condition for existence of a temperature corresponding to the minimum value of
diffusion coefficient, Tmin(D), is a negative value of sorption heat DHS, and for emergence of a temperature corresponding to
the minimum value of permeability Tmin(P), an additional condition should be met: jEDj> jDHSj, where ED is diffusion
activation energy. It has been established that since at DHS< 0 ED>EDþDHS (because the diffusion activation energy is an
essentially positive quantity), Tmin(D)< Tmin(P) is observed, i.e., the minimum point in the permeability curve P(1=T) is shifted
with respect to the minimum point in the diffusion curve D(1=T) toward higher temperatures. In the curves showing the
dependence of selectivity on temperature at constant penetrant pressure aP (T)p as well as in curves showing the dependence of
selectivity on penetrant pressure at constant temperature aP (p)T, emergence of maxima is possible. These conclusions are quite
important for selection of an optimum mode of using the membranes. Theoretical findings of Refs. [7,52] experimentally
corroborated for interacting polymer-penetrant systems can certainly be applied to systems consisting of a polymer and an
easily condensable hydrocarbon. Unfortunately, sufficient experimental data corroborating this conclusion are not yet available
in the literature.

As reported in studies by Stern et al. [20,34–37], permeation coefficients of hydrocarbons in organosilicon polymers,
including PDMS, change monotonically (decreasing in the case of propane and increasing in the case of methane) with rising
temperature from 108C to 558C. For methane penetrating through PDMS, ED ~ 12 kJ=mol,DHs ~�8 kJ=mol whereas for propane
ED ~ 12 kJ=mol, DHs ~ �18 kJ=mol. That is, the condition jEDj> jDHsj holds for methane and an extreme temperature
dependence of permeability can be discovered for methane. Figure 9.14 shows the dependence of the values of diffusion
activation energies for several polymers on the kinetic diameter of the penetrant molecule. It can be seen that diffusion activation
energy increases with the kinetic diameter of the penetrant molecule and the more rigid is the polymer (i.e., the higher is its glass
transition temperature), the stronger is this dependence. Analysis of the data reported in Refs. [34–37] shows that propane
permeability is observed in organosilicon polymers with different glass transition temperatures, while the condition jEDj> jDHsj
holds for organosilicon polymers with glass temperature Tg > 185 K. Extreme temperature dependence of propane permeability
can be found for these polymers.

Gas permeabilities of isotropic PDMS films were determined over a temperature range of 358C to�208C for pure gases and
a series of binary n-butane=methane and multicomponent hydrocarbons=hydrogen mixtures [38]. Pure-gas permeabilities in
PDMS as a function of reciprocal temperature are presented in Figure 9.15. It can be seen that the decrease in temperature
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results in a monotonic increase in permeability of ethane and propane and a decrease in permeability of methane and hydrogen.
There is no turning point in Figure 9.15, but for methane it can be below �208C, i.e., beyond the considered temperature
range. The permeabilities of all gas mixture components depend strongly on feed gas composition and temperature. An increase
in organic vapor concentration, at constant feed pressure and temperature, leads to increased chain mobility in PDMS, and,
consequently, higher diffusivity and permeability. The relative increase in permeability is higher for large, condensable vapors,
such as n-butane, than for small, permanent gases, such as hydrogen or methane. As a result, selectivities for mixed
gas hydrocarbon=methane and hydrocarbon=hydrogen increase with the increase in feed vapor concentration. A decrease in
feed temperature also results in higher organic vapor permeability and vapor=permanent-gas selectivity. The mixed gas
n-butane=methane selectivity of PDMS film increased from 98C at 358C, to 258C at �208C using a binary feed mixture
containing 2 vol% n-butane in methane.

9.3.1.4 Polytrimethylsilylpropyne as a Membrane Material for Hydrocarbons Separation
and Removal from Gas Mixtures

PTMSP is a unique glassy polymer with glass transition temperature Tg of >2508C. Because of its stiff backbone, in
combination with the bulky ��Si(CH3)3 side group, PTMSP is known to have a fairly high fractional free volume of �25%.
The gas permeability coefficients of PTMSP are one order of magnitude higher than those of PDMS. Butane=methane
selectivity of PTSMP is higher in mixed gas measurements (at 10 atm, 358C, 3% butane) than the ideal selectivity measured
with single gases amix¼ 27, aid¼ 3.5. For PDMS the values are amix¼ 5, aid¼ 16.5 [53]. It has been shown that butane
condenses in the pores of PTMSP. Surface diffusion and diffusion of methane through pores filled with condensate are
hindered. Condensed butane, however, does not inhibit significantly the transport of butane molecules. Consequently, only the
flux of methane is reduced by the presence of butane while the flux of butane remains almost unaffected.

Unfortunately there is an aging problem for PTMSP, resulting in deterioration of its transport properties with time. As
shown in Figure 9.16, permeability decreased by one order of magnitude during the first 3 months, whereupon permeability
stabilized. Selectivity remained stable during this period. But even the aged PTMSP is still a viable alternative to rubbery
polymers for heavy hydrocarbon removal.

9.3.2 APPLICATION OF RUBBERY POLYMERS FOR PERVAPORATION REMOVAL OF HYDROCARBONS

FROM THEIR AQUEOUS SOLUTIONS

The need for removal of hydrocarbons from their aqueous solutions and emulsions generated in a large number of processes is
accounted for by both economical and environment protection considerations. One possible way of solving this problem is
pervaporation separation of water–organic mixtures. The materials used to make membranes for these applications are rubbery
polymers. Nijhuis et al. [54] investigated pervaporation properties of several rubbery polymers with respect to the saturated
toluene=water mixture. It has been established that with the increase in the glass transition temperature of the polymer, i.e., with
the increase in its rigidity, a decrease in permeability is observed. The separation factor also decreases, although the latter
dependence is not very strict, probably due to the swelling of the membrane (see Figure 9.17). With an increase in the content of
nitrile groups in nitrile butadiene rubber, a decrease in permeability is also observed, because rigidity of the polymer increases
with the increase in the content of polar groups (see Figure 9.18). Effectiveness of pervaporation removal of organic substances,
including hydrocarbons, from water–organic mixtures is determined by both sorption and diffusion components of the
separation factor. With an increase in the sorption component, affinity of the polymer for the organic component increases,
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Pabby et al./Handbook of Membrane Separations 9549_C009 Final Proof page 246 13.5.2008 1:09pm Compositor Name: BMani

246 Handbook of Membrane Separations



40

30

20

Q
C

4H
10

 (
m

3 /
m

2 
h 

at
m

)

a
(C

4H
10

/C
H

4)

10

0
0 50 100 150

t (day)

0

10

20

30

40

FIGURE 9.16 Aging effects of PTMSP during storage at ambient conditions: � butane flux and . selectivity (measurements were made at
10 atm, 358C, for methane=butane mixture with 3% butane; composite membrane had the selective layers 3–5 mm). (From Schultz, J. and
Peinemann, K.V., J. Membr. Sci., 110, 37, 1996. With permission.)

8

6

4

2Q
 (

10
−9

 m
3 m

/m
2 

s)

0
−120 −100 −80 −60

4
1 9 10

10
7

5

6

5

8

9

bp
7

Q

41

1
3

3

2

6 11
12

−40 −20

b P
 (

C
6H

5C
H

3/
H

2O
)

102

103

104

105

0

Tg (�C)

FIGURE 9.17 Dependence of productivity and separation factor bP C6H5CH3=H2O of membranes based on various rubbery polymers on
the glass transition temperature of the polymer (pervaporation separation of saturated toluene=water mixture, T¼ 308 K): (1) polydimethyl
siloxane; (2) polybutadiene; (3) polyoctylmethyl siloxane; (4) nitrile butadiene rubber with 18% mol of nitrile groups; (5) the same, 28% mol
of nitrile groups; (6) the same, 38% mol of nitrile groups; (7) ethylene=propylene copolymer; (8) polyepichlorohydrin; (9) polychloroprene;
(10) polyurethane; (11) polyacrylate rubber; (12) fluorocarbon elastomer. (From analysis of data presented in Semenova, S.I., J. Membr. Sci.,
231, 189, 2004. With permission.)

8.0

6.0

4.0

2.0

0
0 10 20

Acrylonitrile content (%)

Q
 (

10
−9

 m
3 

m
/m

2 
s)

30 40

FIGURE 9.18 Dependence of productivity of membranes based on nitrile butadiene rubber on content of nitrile groups (pervaporation
separation of saturated toluene=water mixture, T¼ 308 K). (From Semenova, S.I., J. Membr. Sci., 231, 189, 2004. With permission.)

Pabby et al./Handbook of Membrane Separations 9549_C009 Final Proof page 247 13.5.2008 1:09pm Compositor Name: BMani

Separation and Removal of Hydrocarbons Using Polymer Membranes 247



as a result the swelling of the polymer is enhanced, which can result in reduction of the diffusion component of the separation
factor. This issue is quite complicated and deserves separate consideration [55].

In selective separation of hydrocarbons from their mixtures with air or from their aqueous solutions, it makes sense to use
membranes based on rubbery polymers, whose permeability increases with the decrease in glass transition point. Permselec-
tivity of rubbery polymers is dominated by the sorption component, which increases with condensability of the hydrocarbon
penetrant. Higher activity of the component being separated in the feed mixture results in plasticization of the membrane and
can make it swell. This can produce a non-monotonic dependance of selective properties of the membrane on activity of the
component being separated. As a rule, permselectivity for mixtures of penetrants is significantly lower than their ideal values.
Negative values of sorption heat of easily condensable hydrocarbons can result in existence of non-monotonic temperature
dependencies of mass transfer coefficients.

9.4 SEPARATION AND REMOVAL OF HYDROCARBONS USING MEMBRANES
BASED ON GLASSY POLYMERS

9.4.1 SEPARATION OF OLEFINS AND PARAFFINS

Ethylene is found in coke-oven gas (3–5 vol%), gases resulting from oil processing, e.g., cracking (up to 20 vol%). It is
produced by pyrolysis of liquid distillates of oil or lower paraffin hydrocarbons (ethane, propane, and butane), or by
dehydration of ethanol. Ethylene is used to produce polyethylene and its copolymers, oxides of ethylene, ethanol, ethyl
benzene, acetaldehyde, vinyl chloride, and vinyl acetate. Propylene is used as feedstock in the production of polypropylene,
acrylonitrile, propylene oxide, allyl chloride, acrolein, acrylic acid and its ethers=esters, cumene, butanols. Propylene is one
of the products of catalytic cracking of liquid hydrocarbon waste products. It is also produced by dehydrogenation of propane.
1,3-butadiene is produced by catalytic dehydration of butane and n-butylenes present in natural gas and gas resulting from oil
processing, as a side product of ethylene production by pyrolysis of oil stock or by catalytic decomposition of ethanol.
Propylene is used in the production of rubbers and plastics.

It is very difficult to separate the mixtures of olefins and paraffins produced in the above processes because of similar
physical properties of the vapors. To solve this problem, the membrane method holds much promise. When using this method
the correct choice of the membrane material is very important.

9.4.1.1 Effect of Unsaturated Bonds on the Size of Olefin Molecules and on the Capability of Olefins
to Enter into Specific Interactions with the Membrane Matrix

In membrane separation of the olefin=paraffin mixture, the predominant selective separation of the olefin is evident. First, the
olefin molecule is smaller in size compared to the respective paraffin. Specifically, C��C distance in paraffins is 0.1534 nm,
whereas the C¼¼C distance in olefins is 0.1337 nm. Atoms of carbon in paraffins feature sp3 hybridization and free rotation
around C��C bonds. Atoms of olefins feature sp2 hybridization. The rigid C¼¼C bond impedes internal rotation in the olefin
molecule and makes it flat. It is therefore clear why olefin molecules are smaller in size compared to paraffin and why the
diffusion coefficients of olefins in polymers would be higher than those of paraffins. Second, the presence of unsaturated bonds
in olefin molecules makes them capable of specific interactions with the membrane matrix. Efforts to take advantage of these
capabilities resulted in the development of an important field of research: facilitated transport.

Several studies are concerned with the problem of separating olefins and paraffins using membrane technology, including
facilitated transport using liquid membranes or ion-exchange charged membranes containing ions of transition metals as
complexing agents [56–65]. It is known that olefins are capable of reversible complexing with transition metals, containing
d-orbitals. The nature of this interaction was first explained by Dewar in 1951 in terms of molecular orbital theory. Dewar
postulated that the interaction with the atomic orbitals of the olefin determines the stability of the complex formed. In the course
of complexing, metal and olefin act as electron donor and electron acceptor, respectively. s is the bond component in the
complex that is formed as a result of overlapping between external s-orbitals of the metal and the bonding p-molecular orbital
of the olefin (in the case of positively charged metal ions the absent valent s-electrons can be regarded as a vacant s-orbital).
p is the bond component in the complex that is formed as a result of transfer of electrons from the completely filled d-atomic
metal orbital to the vacant antibonding p* molecular orbital of the olefin. In assessing the possible use of complexing agents for
selective separation of olefins from gaseous mixtures, the price of the complexing agent and the strength of the complex formed
should be considered. Such transition metals as Pt (II) and Pd (II) are expensive and form too strong complexes with olefins,
whereas Cu (I) and Ag (I) are relatively cheap and form reversible complexes. Such membranes have very high olefin=paraffin
selectivity (up to 200–300) and relatively high permeability to olefin. However, processes based on facilitated transport have
several limitations, e.g., they should be carried out in saturated water vapor. In addition, there exists the serious problem of
carrier aging. The use of membranes operating on the basis of facilitated transport for separation of olefins and paraffins is
beyond the scope of this chapter and has been already considered in the literature [56–65] in sufficient detail. However, the
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example of facilitated transfer shows that it is possible to achieve high values of permselectivity by exploiting specific
interactions of olefins with the membrane matrix.

9.4.1.2 Effect of Chemical Composition of Glassy Polymers on Their Gas Separation
Properties to Hydrocarbons

Separation of olefins and paraffins using polymer membranes without carrier is dealt with in several reports [66–76]. Henley
and Santos [66] investigated the permeability of polyethylene films and found that olefin flux and olefin=paraffin selectivity
are very low. Ito and Hwang [67] as well as Sridhar and Khan [68] investigated permeability of derivatives of cellulose and
established that ethyl cellulose is a good material for selective removal of olefins from its mixtures with saturated hydrocarbons.
The use of polysulfone as a membrane material for separation of olefins and paraffins is also reported [67]. Table 9.4 presents
transport properties of some glassy polymers with respect to propylene=propane mixtures, C3H6=C3H8 [68]. It can be seen that
among polymers listed in Table 9.4, polyphenylene oxide is the most selective whereas ethyl cellulose and polysulfone yield
the highest flux. However, analysis of literature data shows that for the above purposes polyimides offer the highest fluxes
and selectivities, closely followed by polyphenylene oxides. The properties of these polymers are discussed below. Ideal
olefin=paraffin selectivity is three times higher in polyimides than in cellulose derivatives and polysulfone [69]. Permeability of
various polymers to olefins rises with increasing free volume of the polymer; the process is accompanied by parallel reduction
of ideal olefin=paraffin selectivity (see, e.g., the data in Figure 9.19). Let us consider these effects in more detail for the best
known and promising polymer materials: polyimides and polyphenylene oxides.

TABLE 9.4
Permeability Coefficients of Propylene, C3H6 and Propane, C3H8,
as well as Selectivity C3H6=C3H8 for Some Glassy Polymers

P (Barrer)

Polymer C3H6 C3H8 aP C3H6=C3H8

PPO 9 2.1 4.3

EC 52 16 3.3
CA 15.2 5.8 2.6
PSF 25 17.8 1.4

Source: From Sridhar, S. and Khan, A., J. Membr. Sci., 159, 209, 1999.
Notes: PPO¼ polyphenylene oxide; EC¼ ethyl cellulose; CA¼ cellulose acetate;

PSF, polysulfone for mixed vapors of C3H6=C3H8 composition 55=45 mol%,
p¼ 3–4� 105 Pa, T¼ 303 K.
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Pabby et al./Handbook of Membrane Separations 9549_C009 Final Proof page 249 13.5.2008 1:09pm Compositor Name: BMani

Separation and Removal of Hydrocarbons Using Polymer Membranes 249



9.4.1.2.1 Polyimides as Membrane Materials for Separation of Olefins and Paraffins
Semenova [8] contains a detailed analysis of the relationship between chemical composition of polyimides and their separation
properties. It is shown that the molar fraction of free volume of the polymer increases after introduction of bulky substituents
into the elementary unit. It is therefore not surprising that the attention of researchers is focused on polyimides with bulky
substituents, e.g., polyimides produced on the basis of such dianhydride as 6FDA-dianhydride 4,40-hexafluoroisopropylidene
of diphthalic acid (containing two bulky CF3-groups in the acid fragment) and such diamines as TrMPD-2,4,6-trimethyl-
1,3-phenylenediamine (containing three CH3-groups in the amine fragment), TeMPD-2,3,5,6-tetramethyl-1,4-phenyldiamine
(containing four CH3-groups in the amine fragment), 4APF-4,40-hexafluoroisopropylydene dianiline (containing two bulky
CF3-groups in the amine fragment), DDBT-dimethyl-3,7-diaminodiphenyl-thiophene-5,50-dioxide (industrial product of Ube: a
mixture of isomers having two methyl groups located differently in the phenyl nucleus, e.g., 63% in the 2,8-position, 33% in
the 2,6-position, and 4% in the 4,6-position).

Molecules of olefin have p-electrons, and in an aromatic polyimide, charge transfer complexes can be formed. p-electrons
of aromatic rings can interact with p-electrons of olefin. Intrinsic gas permeabilities, diffusivities, and solubilities of the olefin
and paraffins in aromatic 6FDA-1,5NDA=TeMPD copolyimide (where 1,5NDA is 1,5-naphthalene diamine) were reported in
Ref. [76]. Copolymers with higher 6FDA-1,5NDA compositions show a better packing density, which is most probably due to
the enhanced interchain interactions resulting from the charge transfer complexes. The two benzene rings fused together in the
naphthalene diamine moiety of the polyimide may actively promote electron transfer between electron-rich donor molecule and
electron-deficient acceptor molecule. The four methyl groups in the TeMPD diamine moiety successfully inhibit dense chain
packing and promote gas diffusivity and solubility.

Permeability to Vapors of Ethylene and Ethane: Table 9.5 shows values of mass transfer parameters of ethylene and ethane for
6FDA-TrMPD and BPDA-TeMPD polyimides (where BPDA is 3,30,4,40-diphenyltetracarboxylic dianhydride), and Table 9.6,
those for 6FDA-mPDA, 6FDA-IPDA, and 6FDA-4APF polyimides (mPDA—meta-phenylenediamine; IPDA-2,20-bis(4-amino-
phenyl) isopropane). It can be seen that the permeability of ethylene is higher compared with that of ethane. The ideal
permselectivity in these polymers is aid

P C2H4=C2H6¼ 2.9–4.4. The main contribution to the permeation selectivity is
made by the diffusion selectivity. Thus, for 6FDA-TrMPD polyimide aid

D C2H4=C2H6¼ 2.9, while the sorption selectivity
is only aid

S C2H4=C2H6¼ 1.0.

Permeability to Vapors of Propylene and Propane: It can be seen from the data shown in Figure 9.19 as well as Tables 9.6 and
9.7 that sufficiently high permeability to propylene and the highest values of ideal selectivity aid

P C3H6=C3H8 are found in

TABLE 9.5
Permeability, Diffusion and Sorption Coefficients, as well as Their
Ideal Ratios, for Vapors of C2H4 and C2H6

C2H4=C2H6

Polymer PC2H4 DC2H4 SC2H4 aid
p aid

D aid
s

6FDA-TrMPD 58 390 1.5 2.9 2.9 1.0

BPDA-TeMPD 5.8 4.3

Source: From Okamoto, K., Noborio, K., Hao, J., Tanaka, K., and Kita, H., J. Membr.

Sci., 134, 171, 1997. With permission.

Notes: T¼ 323 K, pressure¼ 2� 105 Pa; P (Barrer), D (10�10 cm2 s�1), S (10�1

cm3cm�3cm Hg�1).

TABLE 9.6
Permeability Coefficients of Ethylene and Propylene, as well as Values
of Olefin=Paraffin Ideal Selectivity for Several Polyimides

Polyimide PC2H4 (Barrer) aid
P C2H4=C2H6 PC3H6 (Barrer) aid

P C3H6=C3H8

6FDA-mPDA 0.3 3.3 0.13 10
6FDA-IPDA 1.4 3.8 0.58 15

6FDA-4APF 2.1 4.4 0.89 16

Source: From Staudt-Bickel, C. and Koros, W.J., J. Membr. Sci., 170, 205, 2000. With
permission.

Notes: T¼ 308 K; pressure¼ 3.8� 105 Pa.
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polyimides of the composition 6FDA-TeMPD, 6FDA-TrMPD, 6FDA-DDBT, 6FDA-ODA, and BPDA-TeMPD (ODA, oxide
aniline). Among polyimides, the highest flux to propylene is found in 6FDA-TeMPD polyimide (PC3H6¼ 37 Barrer at 323 K
and propylene pressure PC3H6¼ 2� 105 Pa), and the highest selectivity to the propylene=propane system is found in 6FDA-
DDBT polyimide (aid

P C3H6=C3H8¼ 30 at 323 K and pressure of individual components of 2� 105 Pa). Diffusion selectivity of
polymides is aid

D C3H6=C3H8¼ 7–27, whereas sorption selectivity is much lower, only aid
S C3H6=C3H8¼ 1.0–1.3.

Permeability to Vapors of 1,3-Butadiene, C4H6, n-Butane, C4H10, and 1-Butene, C4H8: Okamoto et al. [32] investigated the
permeability of individual vapors of 1,3-butadiene and n-butane in some glassy polymers: in 6FDA-TrMPD, 6FDA-DDBT
polyimides, and in polyphenylene oxide (see data presented in Table 9.8). The investigated polyimides had high permeability to
1,3-butadiene PC4H6¼ 6.5–110 Barrer, as well as high values of ideal permselectivity aid

P C4H6=C4H10¼ 67–190 (at pressure
1� 105 Pa and 323 K). Diffusion selectivity was aid

D C4H6=C4H10¼ 45–110, whereas sorption selectivity is much lower and
corresponds to only aid

S C4H6=C4H10¼ 1.5–1.7.
Shimazu et al. [70] investigated the permeability of 1,3-butadiene, n-butane, 1-butene in various glassy polymers, including

polyimides based on 6FDA anhydride, notably 6FDA-pODA and 6FDA-4APF polyimides. Figure 9.20 shows the dependence
of ideal selectivity aid

P C4H6=C4H10 and ideal selectivity aid
P C4H6=C4H8 on the permeability of 1,3-butadiene. It can be seen

that polymers having the highest permeability (PC4H6¼ 102–103 Barrer) and the highest selectivity (aid
P C4H6=C4H10¼ 104–105

and aid
P C4H6=C4H8¼ 103–104) are polyimides based on 6FDA-dianhydride.

Comparative Permeability of C2, C3, and C4 olefins: It is interesting to compare permeability, diffusion, and solubility
coefficients of various olefins, as well as ideal olefin=paraffin selectivity in a glassy polymer. Such comparison can be made,

TABLE 9.7
Permeability, Diffusion and Sorption Coefficients as well as Their Ideal Ratios
for Vapors of C3H6, C3H8

C3H6=C3H8

Polymer vf PC3H6 DC3H6 SC3H6 aid
P aid

D aid
P

6FDA-TeMPD 0.182 37 190 2.0 8.6 7.0 1.3

6FDA-TrMPD 0.182 30 130 2.3 11 8.8 1.2
6FDA-DDBT 0.169 0.76 4.2 1.8 27 27 1.0
6FDA-ODAa 0.165 0.48 8.7 0.54 11 8.9 1.3

BPDA-TeMPD 0.136 3.2 21 1.5 13 11 1.2
BPDA-DDBTa 0.125 0.12
BPDA-ODAa 0.121 <0.05
PPO 0.206 2.3 18 1.3 9.1 8.2 1.1

P4MP 0.209 54 2,100 0.26 2.0 2.3 0.9
1,2PB 0.200 260 4,600 0.57 1.7 1.7 1.0
PDMS 0.362 6,600 90,000 0.73 1.1 1.3 0.9

Source: From Semenova, S.I., J. Membr. Sci., 231, 189, 2004. With permission.
Notes: T¼ 323K, pressure¼ 2� 105 Pa [9,32];P, Barrer;D, 10�10 cm2 s�1; S, 10�1 cm3 cm�3 cmHg�1.
a T¼ 373 K.

TABLE 9.8
Permeability, Diffusion and Sorption Coefficients, Their Ideal Ratios
for Vapors of C4H6 and C4H10

Polymer PC4H6 DC4H6 SC4H6

C4H6=C4H10

aid
P aid

D aid
S

6FDA-TrMPD 111 225 4.1 67 45 1.5
6FDA-DDBT 6.5 14 4.4 190 110 1.7

PPO 4.2 15 2.7 33 22 1.5

Source: From Okamoto, K., Noborio, K., Hao, J., Tanaka, K., and Kita, H., J. Membr. Sci., 134, 171,
1997. With permission.

Notes: T¼ 323 K, pressure 1� 105 Pa; P, Barrer; D, 10�10 cm2 s�1; S, 10�1 cm3 cm�3 cm Hg�1.
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e.g., for 6FDA-TrMPD polyimide, by analyzing its properties with respect to individual components, such as ethylene,
propylene, and 1,3-butadiene (see Tables 9.5–9.8 as well as data presented in Refs. [9,32]).

The diffusion coefficients of olefins can be arranged in a series that is the reverse of the series of effectivemolecular diameters:
def,C2H4¼ 0.423< def,C4H6¼ 0.440< def,C3H6¼ 0.468 nm;DC2H4¼ 390>DC4H6¼ 225>DC3H6¼ 130, 10�10 cm2=s. The boil-
ing temperatures of olefins, reflecting condensability of olefins, can be arranged in a series that corresponds to the series of their
solubility coefficients: Tb,C2H4¼ 169.5< Tb,C3H6¼ 225.5< Tb,C4H6¼ 282.2 K; SC2H4¼ 0.15< SC3H6¼ 0.23< SC4H6¼ 0.41
cm3=cm3cm Hg. On the basis of sequences reflecting the correspondence between diffusion and solubility coefficients, the series
of permeability coefficients of olefins is quite explicable: PC3H6¼ 30<PC2H4¼ 58<PC4H6¼ 92 Barrer. The values of ideal
olefin=paraffin selectivity can be arranged in the following series: aP

id (C2H4=C2H6)¼ 2.9<aP
id (C3H6=C3H8)¼ 11<aP

id

(C4H6=C4H10)¼ 67.

9.4.1.2.2 Polyphenylene Oxides as Membrane Materials for Separation of Olefins and Paraffins
Polyphenylene oxides are quite promising materials for separation and removal of olefins and paraffins. In terms of their
properties these polymers are only inferior to polyimides (see Tables 9.7–9.9; Figures 9.19, 9.21, and 9.22).

Separation properties of poly-2,6-dimethyl-1,4-phenylene oxide (p-DMePO) and poly-2,6-diphenyl-1,4-phenylene oxide
(p-DPhPO), as well as chemically modified p-DMePO have been studied by a number of researchers for the purpose of using
these polymers in gas separation and pervaporation processes [18,68,71]. p-DMePO=p-DPhPO copolymers offer a number of
advantages compared to homopolymers: better mechanical properties, higher resistance to oxidants and radiation, which is why
these copolymers have also been studied rather closely [18,71]. Investigation of p-DMePO and p-DPhPO homopolymers has
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J. Membr. Sci., 231, 189, 2004. With permission.)

TABLE 9.9
Comparison of Permeability and Separation Properties of the C3H6=C3H8

System for Individual Penetrants, as well as for Their Equimolar Mixture,
in Various Polyimides and in Polyphenylene Oxide PPO

Polymer Penetrant PC3H6 (Barrer) PC3H6 (Barrer) aP
id or aP

6FDA-TrMPD Individual 27 2.7 10.0
Mixture 20 3.3 6.0

BPDA-TeMPD Individual 4.0 0.3 13.0
Mixture 3.4 0.42 8.0

PPO Individual 2.9 0.32 9.0
Mixture 2.7 0.50 5.4

6FDA-DDBT(373 K) Individual 2.6 0.17 15.0

Mixture 2.0 0.20 10.0

Source: From Tanaka, K., Taguchi, A., Hao, J., Kita, H., and Okamoto, K., J. Membr. Sci., 121, 197,
1996. With permission.

Notes: Partial pressure of penetrants 2� 105 Pa; T¼ 323 K.
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shown that side groups have a significant effect on free volume of the polymer and its transport properties. It has been
established that the molar fraction of free volume of p-DPhPO having phenyl side groups is smaller than the molar fraction of
free volume of p-DMePO having methyl side groups. Therefore permeability and diffusion coefficients of hydrocarbons in the
p-DPhPO polymer are smaller compared to the p-DMePO polymer (see Figure 9.23). It is also not surprising that permeability
and diffusion coefficients of hydrocarbons decrease with the increase in the content of the diphenyl-substituted component in
the copolymer.

Thus, it follows from the above data that glassy polymers are promising materials for selective separation of olefins from
their mixtures with paraffins. The main contribution to the high values of permselectivity is made by the diffusion component
aD. However, unsaturated bonds in olefin molecules make them capable of specific interactions with p-conjugated polar
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FIGURE 9.22 Dependence of ideal selectivity aid
P C3H6=C3H8 on permeability coefficient of propylene in polyimides at various

temperatures: (1) 308 K; (2) 323 K; (3) 353 K; (4) 373 K; (5) 393 K; (6) 398 K; (7) 423 K (pressure 2� 105 Pa). (From Tanaka, K.,
Taguchi, A., Hao, J., Kita, H., and Okamoto, K., J. Membr. Sci., 121, 197, 1996. With permission.)
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groups. Introduction of such groups into the polymer membrane would make it possible to significantly raise sorption
selectivity aS. Unfortunately, research activity in this field is not sufficiently extensive.

9.4.1.3 Pressure Dependence of Hydrocarbon Permeability and Selectivity in Glassy Polymers

Permeability coefficients of olefins and paraffins and olefin=paraffin selectivity coefficients in polymers are essentially
dependent on partial pressure of the penetrants. Figure 9.24 shows the dependence of the permeability of 6FDA-TrMPD
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polyimide to such individual components as propane and propylene on their partial pressure. It can be seen from the figure that
the permeability decreases until pressure reaches 5� 105 Pa, and then begins to rise. The reduction of permeability is explained
by the dual-mode sorption model and is related to sorption sites of the polymer being filled by the penetrant. The increase in
permeability at pressures above 5� 105 Pa is accounted for by plasticization of the polymer by the penetrant [9,32].

No C2H6 and C2H4 plasticization was detected for 6FDA-1,5NDA=TeMPD copolyimides even up to 16 atm [76]. However,
plasticization was observed for C3H8 and C3H6 because of their high condensability and strong polymer-penetrant interactions.
6FDA-TeMPD has a lower plasticization pressure than 6FDA-1,5NDA for C3H8 and C3H6. The plasticization pressures for the
copolymers fall between the ranges of their parent homopolymer. The plasticization pressure is higher with an increase in
6FDA-1,5NDA content in these copolymers.

Permeability and diffusion coefficients of hydrocarbons in polyphenylene oxides are also essentially dependent on pressure
(see Figure 9.23). It can be seen that in the case of ethylene, with the increase in pressure, the permeability coefficients first
decrease, and then begin to rise. Ref. [18] quotes constants of the dual-mode sorption model for a number of hydrocarbons
permeation through polyphenylene oxide.

Table 9.9 compares the separation properties of various polyimide to individual penetrants, propane and propylene, as well
as their mixtures. Figure 9.25 shows dependencies of the permeability coefficients PC3H6 and PC3H8 and of the selectivity
coefficient aP C3H6=C3H8 for gaseous mixtures, as well as for individual penetrants, in 6FDA-TrMPD polyimide on partial
pressure. Comparison of permeabilities of penetrants in the case of individual transport to those in the case of transport of an
equimolar mixture (at equal partial pressure) shows that the permeability coefficient of propylene PC3H6 for mixtures is lower
by 20%–30%, and the permeability coefficient of propane PC3H8 is higher by 10%–40% than those for individual penetrants. As
a result, the selectivity in the mixture is much lower than the ideal selectivity [9]. Similarly, in the case of permeation of the
C4H6=C4H10 mixture through polyimides, the permeation selectivity is much lower than the ideal value which is also accounted
for by the plasticization effect.

9.4.1.4 Temperature Dependence of Hydrocarbon Permeability and Selectivity in Glassy Polymers

Theoretical findings of Refs. [7,52] experimentally corroborated for interacting polymer-penetrant systems can certainly be
applied to systems consisting of a glassy polymer and an easily condensable hydrocarbon. Unfortunately, sufficient experi-
mental data corroborating this conclusion are not yet available in the literature, although some regularities of variation of mass
exchange properties as a function of temperature are considered in several reports [9,32]. Figure 9.22 shows dependencies of
ideal selectivity aid

P C3H6=C3H8 on permeability coefficient PC3H8 for polyimides and polyphenylene oxide at various
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temperatures, and Table 9.10 lists values of permeability and diffusion activation energies, as well as heat of hydrocarbon
sorption. It can be seen that the increase in temperature in the range 308–423 K is accompanied by an increase in the
permeability and a decrease in the selectivity coefficient of the polymers. However, the existence of turning points is possible in
a different range of temperatures and concentrations (see Section 9.3.1.3).

9.4.1.5 Kinetics of the Permeation Process

Investigation of permeation of three-component hydrocarbon mixtures through polyphenylene oxides revealed a more compli-
cated pattern compared to what is found by comparing permeabilities of individual gases. In a three-component mixture, the
component having the highest penetration rate occupies free voids of the polymer ahead of other components, and is then
gradually replaced by a more sorbable component from the occupied sorption sites [18]. It is known that sorption of an individual
gas by a glassy polymer is higher than sorption of the same gas mixed with other gases. This effect results from competitive
sorption [72,73]. Similarly, permeability of an individual gas through a glassy polymer is higher than that of the same gas
penetrating inmixture with other gas. It has been established however that this applies only to the steady state. In the unsteady state
the ratio of the diffusion coefficients of the penetrants plays an important role. Methane is the fastest and least sorbable component
of the mixture. It occupies the microvoids of the polymer’s free volume ahead of other components, as is clear from the kinetic
permeability curves shown in Figure 9.26. This effect can be used to set up a pulse mode in the process of hydrocarbon separation.

TABLE 9.10
Activation Energies of Permeability DEP, diffusion DED, as well as Heat of Penetrant
Sorption DHS for C3H6 and C3H8 in Polyimides

Polymer

C3H6 C3H8

DEP DED DHS DEP DED DHS

6FDA-TeMPD 2 16 �14 4 17 �13

6FDA-TrMPD 4 15 �11 9 20 �11
6FDA-DDBT 18 30 �13 29 44 �15
6FDA-ODA 24 43 �19 34 56 �22

BPDA-TeMPD 18 28
BPDA-DDBT 23 52
PPO 11 19

Source: From Tanaka, K., Taguchi, A., Hao, J., Kita, H., and Okamoto, K., J. Membr. Sci., 121, 197, 1996.

With permission.
Notes: Pressure 2� 105 Pa; DEP DED DHS (kJ=mol).
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9.4.2 SEPARATION OF AROMATIC, ALICYCLIC, AND ALIPHATIC HYDROCARBONS

9.4.2.1 Problem of Separation of Aromatic, Alicyclic, and Aliphatic Hydrocarbons

The separation of mixtures of aromatic, alicyclic, and aliphatic hydrocarbons, as well as their isomers, e.g., benzene and
cyclohexane, toluene and iso-octane, and isomers of xylene has been actively developing in recent years. At present such
separations are performed by fractional distillation, which is very energy expensive. In addition, this method cannot be used for
separation of organic mixtures having similar boiling temperatures. Pervaporation is a good alternative in this case. Research in
this area is mainly focused on development of membranes offering high-separation properties and good stability to the feed
mixture [10,11,77–137].

9.4.2.1.1 Aromatic–Alicyclic Hydrocarbons
Separation of benzene=cyclohexane mixture is investigated most extensively. This is not surprising because separation of this
mixture is very important in practical terms. Benzene is used to produce a broad range of valuable chemical products: styrene
(polystyrene plastics and synthetic rubber), phenol (phenolic resins), cyclohexane (nylon), aniline, maleic anhydride (polyester
resins), alkylbenzenes and chlorobenzenes, drugs, dyes, plastics, and as a solvent. Cyclohexane is used as a solvent in the
plastics industry and in the conversion of the intermediate cyclohexanone, a feedstock for nylon precursors such as adipic acid,
e-caprolactam, and hexamethylenediamine. Cyclohexane is produced mainly by catalytic hydrogenation of benzene. The
unreacted benzene is present in the reactor’s effluent stream and must be removed for pure cyclohexane recovery.

A significant number of works are concerned with the development of new membranes for the separation of mixtures of
aromatic=alicyclic hydrocarbons [10,11,77–109]. For example, the following works can be mentioned. A mixture of cellulose
ester and polyphosphonate ester (50 wt%) was used for benzene=cyclohexane separation [113]. High values of the separation
factor and flux were achieved (up to 2 kg=m2 h). In order to achieve better fluxes and separation factors the attention was shifted
to the modification of polymers by grafting technique. Grafted membranes were made of polyvinylidene fluoride with 4-vinyl
pyridine or acrylic acid by irradiation [83]. 2-Hydroxy-3-(diethyl-amino) propyl methacrylate-styrene copolymer membranes
with cyanuric chloride were prepared, which exhibited a superior separation factor bP¼ 190 for a feed aromatic component
concentration of 20 wt%. Graft copolymer membranes based on 2-hydroxyethyl methylacrylate-methylacrylate with thickness
10 mm were prepared [85]. The membranes yielded a flux of 0.7 kg=m2 h (for feed with 50 wt% of benzene) and excellent
selectivity. Benzene concentration in permeate was about 100 wt%. A membrane based on polyvinyl alcohol and polyallyl
amine was prepared [87]. For a feed containing 10 wt% of benzene the blend membrane yielded a flux of 1–3 kg=m2 h and a
separation factor of 62.

9.4.2.1.2 Aromatic=Aliphatic-Aromatic Hydrocarbons
According to literary data, the following mixtures of aromatic=aliphatic-aromatic hydrocarbons were separated: toluene=
n-hexane, toluene=n-heptane, toluene=n-octane, toluene=i-octane, benzene=n-hexane, benzene=n-heptane, benzene=toluene,
and styrene=ethylbenzene [10,82,83,109–129]. As membrane media, various polymers were used: polyetherurethane, poly-
esterurethane, polyetherimide, sulfonyl-containing polyimide, ionically cross-linked copolymers of methyl, ethyl, n-butyl
acrylate with acrilic acid. For example, when a composite polyetherimide-based membrane was used to separate a toluene
(50 wt%)=n-octane mixture, the flux Q of 10 kg mm=m2 h and the separation factor of 70 were achieved [121]. When a
composite mebrane based on sulfonyl-containing polyimide was used to separate a toluene (1 wt%)=n-octane mixture, the flux
Q of 1.1 kg mm=m2 h and the separation factor of 155 were achieved [10]. When a composite membrane based on ionically
cross-linked copolymers of methyl, ethyl, n-butyl acrylate with acrilic acid was used to separate toluene (50 wt%)=i-octane
mixture, the flux Q of 20–1000 kg mm=m2 h and the separation factor of 2.5–13 were achieved [126,127].

9.4.2.1.3 Isomers
In oil processing, separation of aromatic isomers C8 (ethylbenzene Tb¼ 1368C, p-xylene Tb¼ 138.38C, m-xylene Tb¼ 139.18C,
o-xylene Tb¼ 144.48C) is required. According to the literary data, the following isomers of hydrocarbons are separated:
p-xylene=m-xylene, p-xylene=o-xylene, n-hexane=2,2-dimethylbutane, n-hexane=3-methylpentane, and n-butane=i-butane
[8,83,130–137]. Pervaporation method is the most effective for this purpose. To separate the isomers, membranes based
on various polymers were used. Good separation for all isomer mixtures was attained by the polyimide Kapton film (bP¼ 1.43–
2.18) but parylene films and cellulose acetate also exhibited a relatively high separation factor (bP¼ 1.22–1.56 and bP¼ 1.23–
1.56, respectively). Temperatures >2008C were required to obtain a reasonable flux through the polyimide film and a pressure
of about 20 atm was necessary to keep the feed stream liquid [8].

Thin films based on cellulose esters treated with an organic solvent were used for separation of isomeric xylenes, however,
low values of factor bP were achieved [130]. Modifications of hydrophylic membranes were used for separation of C8-aromatic
isomers. Separation factor for p- to m-xylene was 1.69 [131]. Commercial polyvinyl alcohol membrane in the presence of
CBr4 as a selective feed complexing agent was used to separate p- to m-xylene [133]. Dense homogenous polyethylene
membranes were used for separation of aromatic C8-isomers [132]. The rate of mass transport across the membrane increased
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for the isomers in the order: o-xylene< ethylbenzene<m-xylene< p-xylene. The very small separation factors obtained
restricted the use of polyvinyl alcohol membranes for purification of mixed xylenes on an industrial level. However, when a
membrane based on polyvinyl alcohol filled with b-cyclodextrin was used to separate xylene isomers, the separation factor bP

of 2.96 was achieved [135].
The polymer materials mainly used for the membranes are glassy polymers, the first and foremost polyimides. The use of

glassy polymers having a rigid ensemble of macromolecules results in high separation effectiveness. Separation effectiveness in
pervaporation processes is characterized by the separation factor, bP, which is determined by the diffusion component, bD, and
the sorption component, bS [8,55]. Let us consider the effect of chemical composition of polymer membranes on their transport
properties with respect to aromatic, alicyclic, aliphatic hydrocarbons and analyze ways to improve these properties.

9.4.2.2 Diffusion Component of Separation Factor

This parameter is determined by the ratio of molecular sizes of the penetrants being separated and by rigidity and packing
density of macromolecules. The greater the difference between molecular sizes of penetrants and the more dense and rigid the
polymer matrix, the larger is the diffusion component of the separation factor [8,55].

9.4.2.2.1 Dependence of Diffusion Component of Separation Factor on the Size of Penetrant Molecule
Section 9.2.2 deals with the issue of values of effective diameters of hydrocarbons penetrating through rubbery and glassy
polymers (see Table 9.1). As shown in Refs. [10,11], when comparing sizes of differently shaped molecules it would be more
correct to use as a criterion the minimum cross-section of the diffusing molecule aD determined from Stuart’s molecular model.
This is especially important for oblong molecules, e.g., n-hexane and n-octane. It can be seen from the data presented in
Table 9.1 that molecules of hydrocarbons can be arranged by the size of minimum cross-section in the following series:
n-hexane � n-octane< benzene< toluene< cyclohexane< iso-octane. It is clear that the diffusion coefficients of these
penetrants should vary in reverse order. This conclusion has been confirmed in Ref. [10] where the possibility of pervaporation
separation of hydrocarbon mixtures using membranes based on DSDA-DDBT polyimide (DSDA, dianhydride of 3,30,4,40-
diphenylsulfonetetracarboxylic acid; DDBT, dimethyl-3,7-diaminobenzothiophene-5,50-dioxide) has been investigated. Diffu-
sion coefficients of the investigated hydrocarbons are indeed arranged in the series that is reverse to the series of minimum
cross-sections of penetrant molecules. The membranes had preferential permeability for aromatic over aliphatic compounds.
The strongest dependence of the separation factor and the permeability on the composition of the mixture being separated has
been found in mixtures whose components display the greatest difference in molecular size.

Ref. [77] deals with the pervaporation separation of benzene=cyclohexane, toluene=iso-octane mixtures using DSDA-
TrMPD=2,20-diethynylbenzidine (DEB) copolyimide. The dominant role of the diffusion component bD in the separation
process has been established. It can be seen from the data in Table 9.11 that the increase in the difference between ratios of
minimum cross-sections of penetrant molecules results in an increase of the separation factor bP which is determined mainly by
the diffusion component bD.

9.4.2.2.2 Factors Determining Rigidity of the Ensemble of Macromolecules
An important factor that determines diffusion selectivity of the membrane is the rigidity and regularity of the polymer
structure and stability of the membrane to the mixture being separated. The rigidity of the polymer structure is determined

TABLE 9.11
Pervaporation Properties of the Membrane Based on DSDA-TrMPD=DEB Polyimide

Composition of the mixture (aD)arom=(aD)al
a (nm=nm) Qw (kg mm=m2h) bP (Arom.=Al.)b

Benzene=n-hexane 0.21=0.18 2.8 9.1
Toluene=n-octane 0.23=0.18 2.1 13
Benzene=cyclohexane 0.21=0.33 0.44 48

Toluene=iso-octane 0.23=0.36 1.1 330

Source: From Semenova, S.I., J. Membr. Sci., 231, 189, 2004. With permission.
Notes: Content of aromatic component in mixtures being separated 40–50 wt%, T¼ 343 K, membrane thickness 21 mm

[10,11,77].
a (aD)arom=(aD)al, minimum cross-section of diffusing molecule determined from Stuart’s molecular model, for aromatic

and alicyclic (or aliphatic) component of the mixture being separated.
b bP(arom.=al.), separation factor of aromatic component with respect to alicyclic (or aliphatic) component.
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by the make-up of individual macromolecules (primarily by potential barriers to rotation around intramolecular bonds) as well
as the rigidity of the ensemble of macromolecules (primarily, strength of intra- and intermolecular interactions in the polymer).
Intra- and intermolecular interactions in the polymer and between polymers produce a network of bonds, cross-links.
Intermolecular interactions can be of various types, including dipole–dipole, dispersion interactions, hydrogen bonds, ion–
ion interactions, as well as chemical and radiation cross-linking. In all cases cross-link density and strength of bonds in the
cross-links, and, consequently, of the diameters of the diffusion channels in the polymer, are ultimately governed by the
chemical structure of the polymer [8,55].

9.4.2.2.3 Effect of the Increase in Rigidity of the Polymer System on the Diffusion Component of Separation Factor
Thermal Cross-Linking of Unsaturated Bonds of Macromolecules: Fang et al. [77] are concerned with the pervaporation
properties, with respect to benzene=cyclohexane mixture being separated, of several ethynyl-containing copolyimides (the
original composition for preparation of polyimides contained 2,20-diethynylbenzidine) that were thermally cross-linked through
unsaturated bonds. It can be seen from the data presented in Table 9.12 that the increase in the content of diethynylbenzidine
(i.e., in the content of unsaturated bonds used for cross-linking) enhances the separation factor bP (benzene=hexane). Table 9.12
also shows pervaporation properties of cross-linked and non-cross-linked DSDA-TrMPD=DEB polyimides. It can be seen that
thermal cross-linking results in a nearly twofold increase in the diffusion component of the separation factor bD with an
insignificant change of the sorption component bS.

Increasing Cohesion Energy of the Polymer by Introducing Active Additives: To increase the sorption component of the
separation factor for the benzene=cyclohexane mixture, the matrix of DSDA-TrMPD=DEB polyimide was filled with a
homogeneously distributed TCNE an electron acceptor having high affinity for ethynyl-containing fragments (DEB component
in polyimide) and aromatic substances [77]. As a result, there was an increase not only in the sorption component (which will
be discussed in Section 9.4.2.3) but also in the diffusion component of the separation factor bD (see Table 9.12). This effect can
be explained by the increase in rigidity of the polymer system as a result of the rise in cohesion energy after introduction of the
additive, whose active groups dsiplay p-electron acceptor properties and can form charge transfer complexes with unsaturated
fragments of macromolecules.

Increasing Cohesion Energy of the Polymer by Introducing Polar Groups: Introducing a polymer of polar groups with
p-electron acceptor properties (such as ethynyl, phosphorylate, sulfone, acrylate, and phenyl groups) increases the cohesion
energy of the polymer, which enhances the rigidity of the polymer ensemble, inhibits swelling, and thus increases the diffusion
component of the separation factor [10,79–82]. For example, a series of copoly(methacrylates) with pendant phosphate and
caramoylphosphonate groups were synthesized [109]. The copolymer membranes were cross-linked by the chemical reaction of
either ethylene glycol diglycidil ether or toluene diisocyanate with hydroxyl or secondary amine groups in copolymer
segments. Although being in the rubbery state, the membranes displayed the behavior of low diffusion coefficient and positive
aromatic=aliphatic diffusion separation factor (bD up to 1.4 for benzene=n-hexane) and large activation energy of pervaporation,
which has been observed in typical glassy polymers. This diffusion behavior can be explained by dense polymer-chain packing
due to the hydrogen bonding between carbonyl and hydroxyl groups of polymer side-chain as well as relatively high cross-
linking density. Pervaporation separation of toluene=i-octane mixtures using 6FDA-TrMPD=DABA copolyimide membranes

TABLE 9.12
Effect of Polyimide DSDA-TrMPD=ODA=DEB Chemical Composition (the Content of Amine
Coreagents), Cross-Linking of Polyimide and Addition of Tetracyanoethylene (TCNE)
to the Polymer on the Membrane Pervaporation Properties

Amine Coreagent Content (mol%) Cross-
Linking
(Yes=No)

Addition of
TCNE (wt%)

Q (kg
mm=m2h)

Separation Factor Benzene=Cyclohexane

TrMPD ODA DEB bP bD bS

100 0 0 Yes — 10.6 7.3
90 0 10 Yes — 4.1 14.0 5.2 2.7

No — 7.0 2.9 2.4
75 0 25 Yes — 11.1 3.7 3.0

Yes 10 30.0 6.9 4.4

75 12.5 12.5 Yes — 3.4 13.3
50 25 25 Yes — 1.5 21.0

Source: From analysis of data presented in Fang, J., Tanaka, K., Kita, H., and Okamoto, K., Polymer, 40, 3051, 1999.

Note: Composition of the mixture to be separated is benzene=cyclohexane with 50–60 wt% of benzene, T¼ 343 K.
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containing 3,5-diaminobenzoic acid (DABA) was investigated in Ref. [128]. It was found that incorporation of the diamino-
benzoic acid units promotes segmental packing, reduces membrane swelling, and improves the separation factor and durability
of the membrane. The improvement in separation factor, with respect to the polymer without diaminobenzoic acid, is mainly
due to the increase in the diffusion component bD. It was established that the diffusion separation factor is exponentially
correlated with the reciprocal of neat polyimide fractional free volume.

In addition, the polar groups enhance the affinity of the membrane for the aromatic component, as will be discussed below
in Section 9.4.2.3.

Increase in the Content of the Rigid Component of Copolymers: Sun and Ruckenstein [78] deal with copolymers of
styrene=butadiene and styrene=acrylic acid. Rigidity of the copolymer was regulated by changing the ratio of components.
Rigidity of the copolymer is enhanced by the increase in cohesion energy, which is achieved by increasing the content of polar
groups. This is accompanied by reduced permeability and enhanced benzene=cyclohexane separation factor, due to the increase
in the diffusion component of separation factor up to bD� 10 (see Figure 9.27), while the sorption component of separation
factor changes insignificantly: bS� 1–1.3.

Tsubouchi and Yoshikawa [79] are concerned with pervaporation separation of benzene=cyclohexane mixtures using
membranes based on polyamide=polyether block copolymers. It has been established that the separation factor increases
with the increase in the polyamide component containing polar amide groups capable of forming hydrogen bonds: e.g., the 1:1
block copolymer of polyamide 12 and polyoxyethylene has the benzene=cyclohexane separation factor bP¼ 2.8 and the flux
Q¼ 300 g=m2 h; a more rigid 3:1 polyamide 12=polyoxyethylene block copolymer has a much higher separation factor:
bP¼ 5.0 and Q¼ 80 g=m2 h.

9.4.2.3 Sorption Component of Separation Factor

In the absence of specific penetrant=polymer interactions, the sorption component bS is mainly determined by the ratio of
boiling temperatures of the components being separated [8]. However, aromatic penetrants, as p-electron systems, can have
specific interactions with active groups or fragments of the polymer. If such interactions are realized, the sorption component of
the separation factor is increased. For selective removal of aromatic compounds from their mixtures with aliphatic and alicyclic
compounds, the parameter bS can be increased by introducing active groups or fragments having p-electron acceptor properties
into the polymer. These groups or fragments have p-electron affinity for aromatic compounds (a charge transfer complex can
be formed). These effects have been much investigated in polyimides.

9.4.2.3.1 Increasing the Sorption Component of the Separation Factor by Introducing a Homogeneously
Distributed Electron Acceptor into the Polyimide Matrix

To increase the sorption component of the separation factor, homogeneously distributed tetracyanoethylene, a strong electron
acceptor having high affinity for electron donors, was added to the polyimide matrix [77]. It can be seen from data presented in
Table 9.12 that this is accompanied by an increase in the sorption component bS (benzene=cyclohexane) by a factor of 1.5
probably as a result of selective sorption of aromatic compounds by tetracyanoethylene with a simultaneous increase in the
diffusion component bD. The prepared membranes showed good pervaporation properties with respect to benzene=cyclohexane,
toluene=isooctane mixtures. For example, for a two-component 50=50 wt% benzene=cyclohexane mixture at 343 K, the flux was
Q¼ 0.44 kg mm=m2 h, and bP (benzene=cyclohexane)¼ 48; and for a two-component toluene=isooctane mixture, 45=55 wt%, at
343 K the flux was Q¼ 1.1 kg mm=m2 h, and bP (toluene=iso-octane)¼ 330.
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FIGURE 9.27 Dependence of separation factor bP (benzene=cyclohexane), as well as its diffusion component bD based on styrene=
butadienestyrene=acrylic acid copolymers on permeation flux (benzene=cyclohexane 50=50 wt% mixture, T¼ 293 K). (From analysis of data
presented in Semenova, S.I., J. Membr. Sci., 231, 189, 2004. With permission.)
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9.4.2.3.2 Increasing the Sorption Component of the Separation Factor by Introducing
p-Electron Acceptor Groups into the Polymer

Ethynyl Groups: According to Ref. [77], acetylene fragments introduced into polyimides, e.g., 2,20-diethynylbenzidine, DEB,
have p-electron affinity for aromatic compounds. It can be seen from the data presented in Table 9.12 that the increase in the
content of DEB component results in an increase in the separation factor of the benzene=cyclohexane mixture. This is probably
caused not only by the growth of the diffusion component bD (resulting from thermal cross-linking through the unsaturated
bonds) but also by enhancement of the sorption component bS.

Phosphorylate Groups: Phosphorylate (phosphonate ester)-P(OC2H5)2¼O groups have high affinity for aromatic compounds
[11,80,81,109]. It is known, e.g., that polymers with such groups are soluble in aromatic, but insoluble in aliphatic,
hydrocarbons. Cabasso [80] reported good separation properties of polystyrene diethylphosphate for mixtures of aromatic,
alicyclic, and aliphatic hydrocarbons. The separation factor of such membranes was bP (benzene=cyclohexane)¼ 12–40 (50=50
wt% mixture, 351 K), and dependence of bP on the degree of phosphorylation was observed. Ref. [11] deals with membranes
based on glassy polymers such as BPDA-TrMPD polyimide, polystyrene, polyphenylene oxide, into whose molecules pendant
phosphorylate groups were introduced by chemical modification (treatment with methylbromide followed by phosphorylation
resulting from reaction with triethylphosphite). The degree of phosphorylation was up to 200%, i.e., up to two phosphorylate
groups per recurrent unit of the polymer. Phosphorylated polyimide membranes were cross-linked thermally and then
chemically with diamine. Sorption properties of the prepared polymers, as well as their pervaporation properties for separation
of benzene=cyclohexane, benzene=hexane mixtures, were investigated. It has been established that pervaporation properties of
modified polyimides depend on the degree of phosphorylation as well as on their degree of cross-linking. The increase in
degree of phosphorylation is accompanied by an increase in the separation factor (see Figure 9.28). Compared to the orginal
polyimide, the modified polyimide offers much better separation properties and higher stability to the feed mixture. High
pervaporation selectivity of the modified polyimide is due to the presence of phosphorylate groups having high affinity for
benzene. For the modified polyimide the sorption component of the separation factor for the benzene=cyclohexane mixture
(at 343 K) was bS¼ 6–9, whereas the diffusion component was only bD¼ 2–3, and for the benzene=hexane mixture, bD� 1.
Pervaporation properties of membranes based on cross-linked phosphorylated polyimide are similar to those of membranes
based on phosphorylated polystyrene and cellulose acetate.

Wang et al. [109] deal with pervaporation properties of cross-linked membranes of copoly(methacrylates) with pendant
phosphate and carbamoylphosphonate groups with respect to aromatic=nonaromatic hydrocarbon mixtures. These groups have
high affinity for aromatic hydrocarbons. The increase in the content of phosphorus in the polymer results in the growth of
benzene sorption and of the sorption component of the separation factor (e.g., the content of phosphorus changed in the series
0< 8.6< 9.6< 10.2 wt%, and the separation factor bS changed accordingly: 5< 7.5� 7.4< 8.7).

Sulfone Groups: It is known that sulpholanes are used for removal of aromatic components in petrochemical production
processes. This prompted Hao et al. [10] to investigate sulphonyl-containing polyimides for pervaporation separation of
aromatic and aliphatic hydrocarbons: DSDA-DDBT polyimide whose original acid component and original amine component
both contained sulfone groups. DSDA-DDBT polyimide displays preferential sorption for aromatic, rather than aliphatic,
penetrants. Thus, the amounts of sorbed benzene and toluene in this polyimide were 11 and 15 g, respectively, per 100 g of dry
polymer, while the amount of sorbed aliphatic compounds was much lower. The investigated hydrocarbons can be arranged
by increasing boiling temperature Tb in the series: n-octane> iso-octane> toluene> cyclohexane> benzene> n-hexane (see
Table 9.1). In the absence of specific interactions, the sorption of these hydrocarbons should have been arranged similarly.
However, the experimental sorption data follow a different series, beginning with aromatic penetrants: toluene> benzene>
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FIGURE 9.28 Dependence of productivity for the mixture (�) and separation factor of benzene=cyclohexane bP(x) on degree of
phosphorylation for phosphorylated and thermally cross-linked BPDA-TrMPD polyimides: benzene=cyclohexane, 50=50 wt% mixture,
T¼ 343 K, membrane thickness 30–40 mm. (From analysis of data presented in Semenova, S.I., J. Membr. Sci., 231, 189, 2004. With
permission.)
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n-hexane> n-octane> iso-octane> cyclohexane. This effect can be attributed to selective sorption of aromatic penetrants by
sulfone groups. At 351 K, the content of benzene or toluene in the feed flow of the benzene (toluene)=cyclohexane mixture of
60=40 wt%, membrane flux was Q¼ 0.93 kg mm=m2 h, and the separation factor was bP (benzene=cyclohexane)¼ 32; for
toluene=iso-octane mixtures Q¼ 2.8 kg mm=m2 h, bP (toluene=isooctane)¼ 113.

Acrylate Groups: Wang et al. [82] prepared new membranes for separation of aromatic and aliphatic hydrocarbons mixtures by
pervaporation. A porous film based on high-density polyethylene was used as support, onto which glycidinemethacrylate,
having high affinity for aromatic penetrants, was grafted using various plasma treatment techniques. The prepared membranes
displayed good separation properties: permeation flux was 0.30–0.37 kg=m2 h and separation factor bP (benzene= cyclohexane)
was 19–22, for a 70=30 wt% composition of the mixture, at 344 K.

Phenyl Groups: Styrene has high affinity for aromatic compounds. However, membranes based on polystyrene cannot be used
for separation of aromatic and nonaromatic hydrocarbons in practice; because good sorption of aromatic penetrants (much
better than that of aliphatic ones) was accompanied by severe swelling with a consequent decrease in diffusion selectivity. It
was proposed in Ref. [78] to use membranes prepared by emulsion polymerization of styrene and acrylic acid for separation of
the benzene=cyclohexane mixture. The polymer in the disperse phase of the emulsion (polystyrene) swells well in the
component being removed (benzene), whereas the polymer in the dispersion medium (acrylic acid which does not swell in
either component) restricts membrane swelling and ensures a high separation factor. The flux through these membranes was
Q¼ 450–800 g=m2 h, with separation factor, bP¼ 1.7–9.6, and its sorption component bS¼ 1.10–1.35 (50=50 wt% benzene=
cyclohexane mixture, at 293 K). Reduction of the content of benzene in the feed mixture results in reduction of the flux through
the membrane and a significant increase in bS. Thus, for the 10=90 wt% composition of the benzene=cyclohexane mixture bS is
1.5–2.5. With the increase in temperature the permeation flux increases and the separation factor decreases.

Carboxylic Groups: Pervaporation separation of toluene=i-octane mixtures using copolyimide membranes containing 3,5-
diaminobenzoic acid (DABA) was investigated in Ref. [128]. It was established that introduction of diaminobenzoic acid into
the 6FDA-TrMPD polyimide improves membrane selectivity. The sorption component of the separation factor bS is linearly
correlated with the membrane solubility parameter and with DABA content in the copolymer (bS¼ 3.2, 3.3, 4.3, 5.2 for DABA
contents 0%, 10%, 33%, 60%, respectively).

Carbon Graphite-Filled Membranes: An attempt is made in Ref. [93] to improve pervaporation properties of membranes for
selective separation of benzene=cyclohexane mixtures by exploiting p-interaction of the membrane and benzene. Carbon
graphite was expected to show affinity for aromatics by using p-electron interaction. Novel membranes for pervaporation were
prepared from carbon graphite and nylon. Benzene permeated preferentially over cyclohexane and the separation factor was
bP¼ 435, bS¼ 48, and bD¼ 9.1 at the weight fraction of benzene in the feed of 0.1. The sorption experiments made it clear that
the introduction of carbon graphite into nylon enhances the solubility selectivity toward benzene and as a result, benzene
preferentially permeated through the composite membranes.

The dependence of the aromatics=paraffin (or alicyclic hydrocarbon) separation factor on the activity of the hydrocarbon
component being separated is not considered in detail in this chapter. This dependence can be non-monotonic as a result of
membrane swelling. This issue deserves separate consideration. It should only be pointed out that such regularities are similar
to those observed in hydrophilic membranes in selective separation of water from organics to water mixtures. The separation
factor of hydrophilic membranes is strongly dependent on water activity in the feed mixture, and this dependence can be non-
monotonic as a result of membrane swelling [55].

Thus, summarizing the above information, the following conclusion can be made. Selective separation of olefins and
aromatic compounds from their mixtures with paraffins and alicyclic hydrocarbons can be quite effectively implemented using
membranes based on rigid-chain glassy polymers, whose permselectivity is dominated by the diffusion component. Especially
promising materials are polyimides with bulky substituents in both acid and amine fragments. Permselectivity of membranes
with respect to olefins and aromatic compounds, whose molecules contain p-electron bonds (unsaturated bonds in olefins and
delocalized p-bonds in aromatics) can be significantly improved by introduction into the polymer matrix of active groups with
p-electron affinity having specific interactions with these bonds.

9.5 INDUSTRIAL REMOVAL OF HYDROCARBONS FROM THEIR MIXTURES
WITH VARIOUS GASES AND VAPORS

Many industrial processes where hydrocarbons are used generate off gases containing vapors of hydrocarbons such as gasoline,
naphtha, fuel, and solvents. If they are separated from the generated mixtures, these products constitute valuable chemical
feedstock or fuel. However, if they are not separated, they become a source of environmental contamination.

Industrial separation of hydrocarbons from their mixtures with various gases, including air, is a specific case of a more
general objective, separation of organic vapors from various gas=vapor mixtures. Early commercial vapor=gas membrane
separation plants installed by Nitto Denko, MTR, GKSS were put into operation in 1988–1990. During the last 20 years, sales
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of membrane gas separation equipment have been growing to become a $150 million per year business. More than 90% of this
business involves the separation of noncondensable gases (nitrogen from air, carbon dioxide from methane, hydrogen from
nitrogen or methane, etc.). However, a much larger potential market for membrane gas separation is to be found in separating
mixtures containing condensable gases such as the C3þ hydrocarbons [17,138,139].

To separate hydrocarbons from their mixtures with air, various process systems involving membranes are used. The choice
of a particular setup is governed by its economic sensibility. To implement the technology:

. One- or two-stage process of membrane separation of hydrocarbons is used.

. Feed flow to be processed in the membrane unit is pressurized and vacuum is created downstream (on the permeate
side).

. Combination of sorption, condensation, and membrane separation methods is used. Various sequences of these
methods in the flowchart can be used according to the specific objective.

For example, the following sequence is typically used to separate gasoline vapors from a gasoline=air mixture [140]. A mixture
of air and gasoline vapor, e.g., 40 vol%, is compressed to hundreds of millimeters of water and fed to the membrane unit. The
downstream pressure is maintained by a vacuum pump at 60–100 torr. If the retentate contains <5 vol% gasoline, it is
discharged into the atmosphere. The enriched permeate is fed to the absorber, where gasoline vapor is absorbed by a solvent,
e.g., liquid gasoline, since absorption of gasoline vapor consisting of multicomponent mixtures of C3–C7 hydrocarbons by fresh
liquid gasoline is quite effective. The resultant solution is reused in the process.

The problem of separating vapors of hydrocarbons with air occurs in treatment and transportation of oil products, in
particular during filling gasoline to vehicles’ tanks at filling stations, filling oil products to railroad tank cars and sea-going
tankers. In all said cases there is huge loss of hydrocarbon vapors. For example, during a vehicle’s filling the losses of
evaporating gasoline are between 0.1% and 1%.

Losses of oil products during tank filling, storage, and vehicle refueling at gas stations can result from evaporations, spills,
and spoilage. At gas stations, large volumes of oil products are typically discharged in small doses generating considerable
evaporation losses. Evaporation losses can amount to 75%–80% of the total losses. Evaporation losses are caused by inadequate
sealing of the process equipment, tanks and vehicles, as well as negligent handling. Gasoline has the highest evaporation losses
compared to any other oil products because of higher vapor activity.

Two gasoline vapor recovery systems have been developed by GKSS to reduce gasoline vapor losses at gas stations:
balance and vacuum systems [39–43,141]. The balance system has a mouth piece for gasoline discharge or intake, covered by a
flexible hose. As a result, the connection between the fitting and filling pump is securely sealed. When the fuel is discharged to
the tank of a vehicle, excess pressure is generated in it, pushing hydrocarbon vapors out. Negative pressure sucks the vapor into
the empty area of an underground storage tank wherefrom gasoline is discharged. However, this process is difficult to control
and therefore not always easy to implement. Efficiency of vapor recovery is about 70%–80% depending on the vehicle’s make.
The vacuum system is more efficient. Its efficiency can be as high as 99%. To return the hydrocarbon vapor to the storage tank
special fittings are used on the device that fills the vehicle tank and meters the fuel feed. At a certain moment the vacuum pump
of the membrane module is actuated. As a result of vacuum build-up the air valve in the return line is opened, producing excess
pressure and creating feed flow to the membrane surface in the membrane module. Hydrocarbon vapors penetrate through the
membrane and return to the storage tank. Exhausted hydrocarbon flow is discharged into the atmosphere.

The systems designed to reduce emissions during car refueling are commercialized under trade names VACONOVENT
(supplier Borsig Membrane Gas Processing, Germany) and Permeator (supplier ARID Technologies, USA). More than
130 units have been installed worldwide. Test runs at a gas station in California showed a reduction of gasoline losses of
1,000 gal per month at monthly sales of 330,000 gal of gasoline (approximately 0.3%). Under more severe conditions at a
demonstration unit in Shanghai, reduction of losses was 0.6% [141].

There are lots of gas, gas-condensate, and oil fields where the content of heavy fractions of hydrocarbons is quite high.
Separation of heavy fractions of hydrocarbons at these fields not only facilitates their subsequent processing but also reduces
the dew point, improving reliability, effectiveness, and safety of natural gas transportation to the consumer. Raw gas is usually
almost saturated with respect to the heavy fractions of hydrocarbons and water vapor, which will condense at cold spots in the
pipeline. To avoid condensation, the dew point of the gas is usually lowered to about �208C before being fed to the pipeline by
removing propane, butane, and higher hydrocarbons. After compression and cooling to about 308C by an air cooler, a portion of
the water and C3þ hydrocarbons is condensed and recovered. The off-gas from the condenser is then processed using a silicone
rubber membrane that preferentially lets through condensable vapors such as C3þ hydrocarbons and retains methane and
ethane. The heavy hydrocarbons and the water-rich gas that permeate through the membrane are recycled to the front of the feed
gas compressor. Water and C3þ hydrocarbons are eventually removed as condensed liquids. This process is at an early stage of
commercialization [138,139]. The future growth of membrane gas separation technology will be in the refinery, petrochemical,
and natural gas industries. Very large, untapped opportunities exist for membranes in all of these industries, and despite past
failures, acceptance of membrane technology is increasing.
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One of the most potentially successful and promising petrochemical applications is separation of the olefin=nitrogen
mixture. In the process of polyolefin production, a mixture of olefin monomer (20%–50%) and nitrogen is formed. The
compressed gas mixture is supplied to a condenser, where olefin portion is removed as a liquid. The remaining uncondensed
olefin and nitrogen are separated in a membrane unit, which produces an olefin-enriched permeate and purified nitrogen stream
(>98% nitrogen). The olefin-enriched permeate is recycled to the front of the compressor. The olefin liquid stream is upgraded
in the monomer purification section of the plant and then recycled to the reactor [138,139].

Separation of mixtures of olefin vapors and parafins should become a very promising market for membrane technolo-
gies. Mixtures of olefins and parafins occur in several large-volume oil refining and organic synthesis processes, including
the synthesis of polyethylene and polypropylene. For example, propane enters the process of polypropylene production as
an impurity in the feed gas, which typically contains 99% propylene and about 1% propane. Unreacted propane builds up
in the reactor to concentrations of 20–30 vol%. Propane build up is controlled by continually removing a fraction of the
tank recycle stream as a purge, which is subsequently flared. Propane removal would significantly increase the output
capacity of the polymerization process and the yield of the final product, polypropylene. This problem looks quite ripe
for solution by membrane methods which would require the development of membranes offering propylene=propane
selectivity of 3–5.

The separation of mixtures of aromatic, alicyclic, and aliphatic hydrocarbons, as well as their isomers, e.g., benzene and
cyclohexane, toluene and iso-octane, isomers of xylene has an enormous potential market for membrane technologies.
Membrane methods can be used, for example, in aromatic and alicyclic hydrocarbon production processes. Benzene is a
component of all crude oils, it is present in the light oil recovered from coal carbonization gases. It is well known that benzene
can be produced from toluene by transalkylation (toluene disproportionation), a process that also generates mixtures of xylenes.
The production of benzene by reforming separation process is associated with the production of toluene and xylene (BTX
plants). In the reforming separation process the aromatic fraction of crude oil is reformed catalytically to the BTX compounds
being produced. Cyclohexane can be obtained by direct fractionation of crude gasoline cuts, by catalytic hydrogenation of
benzene, and by distillation of naphtha. Separation of benzene and cyclohexane is a very important problem in the petrochem-
ical industry. The unreacted benzene is present in the reactor’s effluent stream and must be removed for pure cyclohexane
recovery. Selective removal of aromatic components and separation of mixtures of hydrocarbons in all the above processes can
be implemented by membrane methods.

By 2010, the total gas separation market is expected to be more than double to $350 million and to double again by 2020 to
$760 million, an average growth rate of 7%–8% per year [138,139]. Much of this growth is to take place in new applications
involving hydrocarbon vapors. Polymer membranes will undoubtedly be used to separate some of these gas mixtures, but new
membranes ought to be made from new materials. In the last two decades thousands of new polymer materials were developed
and their permeability with respect to various hydrocarbons was investigated. However, permeability and selectivity are only
two of the criteria that must be met to produce a useful membrane. Others include the ability to form stable, thin, low-cost
membranes that can be packaged into high-surface area modules. Successful industrial implementation of the above objectives
would require further development of new polymer and hybrid membranes and membrane modules meeting all the
above criteria.
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10.1 INTRODUCTION

Various improvements have broadened the research in the field of zeolite membranes and films, such as the development of
new synthesis procedures, the use of new supports with specific characteristics (monoliths, foams, etc.) or the use of modified
supports by means of masking or grafting techniques, the application of new analytical techniques (isotopic-transient
experiments, permporometry, etc.), the control of the orientation of the crystals (by means of covalent linkages, synthesis
conditions, etc.) and of the thickness of the membranes, and the preparation of new zeolites as membranes or new zeolite
related-materials. In addition, a variety of zeolites can now be prepared as colloidal systems with particle dimensions ranging
from tens to a few hundred nanometers.

Hence, their application field is not only restricted to use in gas separation, pervaporation, and membrane reactors but also
applicable in microscale devices (microreactors and microseparators) and for the preparation of functional materials (adsorbents
for trace removal, controlled release capsules, and chemical sensors).

This chapter gives an overview of the synthesis procedures and applications of zeolite membranes (gas separation,
pervaporation, zeolite-membrane reactors), as well as new emerging applications in the micro- and nanotechnology field. Related
areas such as new zeolite and zeolite-relatedmaterials for membranes, alternative supports, and scale-up issues are also discussed.

10.2 MEMBRANE SYNTHESIS AND CHARACTERIZATION

The term zeolites designates a variety of crystalline, hydrated aluminosilicates with a framework structure, which have been
used for a long time as detergent builders (in view of their ion-exchange properties), adsorbents, and catalysts. However, since
the early 1990s, an intensive research effort has been under way, aimed to the synthesis of zeolite membranes and to the
development of separation applications, as is evidenced by large number of reviews recently published [1–6]. Among the 161
framework type codes assigned to date, by the International Zeolite Structure Commission, the most studied structures are MFI,
LTA, FAU, MOR, and BEA.

Besides polymer-zeolite composites prepared by embedding zeolite crystals into a polymeric matrix (linked by means of
interactions van der Waals or hydrogen bonds or by covalent linkages) and free-standing zeolite films (on temporal supports),
the most common and industrially developed zeolite membranes are supported. The porous support introduces mechanical
strength to the resulting membrane and allows the development of more extensive structures. Despite the clear advantage of
supported zeolite membranes, there are three major disadvantages of using supports in the synthesis of zeolite membranes that
make synthesis more difficult to reproduce: the support provides nucleation sites that are not present during homogeneous
synthesis in the gel; the support itself can partially dissolve in the synthesis gel and change its composition; also,
some components of the support can diffuse into the zeolite layer during calcination step at high temperature [7], and finally,
the support imposes spatial constraints on crystal growth and adds a restriction to the nutrients diffusion due to its porosity and
tortuosity and because, in some cases, the flux of strong adsorbing compounds can be decreased greatly by the support [8].
Therefore, synthesis inside the support pores may take place with a composition different from that of the bulk liquid.

Different supports are used, (see Section 10.6.4) with different geometry (discs or tubes), thickness, porosity, tortuosity,
composition (alumina, stainless steel, silicon carbide, mullite, zirconia, titania, etc.), and symmetry or asymmetry in its
structure. Tubular supports are preferable compared to flat supports because they are easier to scale-up (implemented as
multichannel modules). However, in laboratory-scale synthesis, it is usually found that making good quality zeolite membranes
on a tubular support is more difficult than on a porous plate. One obvious reason is the fact that the area is usually smaller in
flat supports, which decreases the likelihood of defects. In Figure 10.1, two commercial tubular supports, one made of
a-alumina (left side) and the other of stainless steel (right side) used in zeolite membrane synthesis, are shown. Both ends
of the a-alumina support are glazed and both ends of the stainless steel support are welded with nonporous stainless steel to
assure a correct sealing in the membrane module and prevent gas bypass.

Ramsay and Kallus [9], as well as other authors [10,11] pointed out that the distribution of the zeolite within the support,
i.e., the zeolite preferentially deposited inside the porous structure of the support or the zeolite material as a thin layer on top of
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the porous support, apart from influencing its mechanical strength and defect properties of the membrane, may also cause
differences in gas separation behavior.

Supported zeolite membranes have been prepared using numerous procedures [4] such as alignment of crystals in electrical
fields, electroplating, self-assembly, growth on organic molecular layers, covalent linkages, hydrothermal synthesis (in situ and
ex situ), hydrothermal method microwave heating assisted, dry gel method (vapor-phase transport method and steam-assisted
crystallization), synthesis at the interface between two fluid phases, etc.

Typically, a zeolite membrane is synthesized by heating in an autoclave under autogenous pressure, an alkaline reaction
mixture containing the silica or aluminum sources, water, and in some cases, a template or organic additive (structure-directing
agent) and optionally, a metal ion. The replacement of OH� for F� as a mineralizer agent makes possible to obtain zeolites at
low pH values, and increases the organophilic character of the resulting zeolite membrane. Most of the synthesis gels have a
template in their composition; however, it is necessary to remove this structure-directing agent after synthesis to render the
microporous framework. The template is trapped within the growing zeolite framework. An oxidation procedure at a high
temperature is the most common method used for template removal from zeolites. Though, due to the different expansion
thermal coefficient of zeolites and supports and due to the changes in lattice parameters of the zeolite crystals as a result of
the removal, cracks and pinholes appear after calcination. Different techniques have been used to minimize that inconvenience
such as synthesis without template, calcination with slow heating and cooling rates (there is controversy in this aspect [12]),
calcination at low temperatures in ozone atmosphere [13], UV irradiation with ozone [14], removal of the template by means of
extraction [15], and so on.

During the hydrothermal synthesis, different variables affect the quality and purity of the resulting membrane, such as
support influence (porosity, composition, structural symmetry, roughness, etc.), chemical gel composition of the precursor gel
(ratio Si=OH, ratio Si=Al, Si=cation, Si=template, pH of the solution, etc.), ratio volume precursor gel=autoclave volume,
synthesis time, synthesis temperature, aging of the precursor synthesis gel, heating procedure (convection, microwave, etc.),
and contact configuration between the support and the precursor gel (static, rotatory, centrifuge, semi-continuous, etc.). In
Figure 10.2 (right side) a commercial Parr autoclave used in membrane synthesis is shown. In Figure 10.2 (left side), there are
shown two possible placements of the supports and the synthesis gel inside the autoclaves used in membrane synthesis. In the
setup 1, shown on the left side, the synthesis takes place under continuous rotation to avoid gravitational crystallization effects
and to achieve a more homogeneous deposition. The entire autoclave vessel is filled with the synthesis gel, and the membrane
is formed on both sides of the support. In setup 2, the synthesis is static and only the inner part of the support is filled with the
synthesis gel, hence, the layer is formed in the inner part of the tube. For the same precursor gel and hydrothermal synthesis
conditions, each placement renders membranes with different zeolite material distribution and separation behavior [11].

To assess about the quality and purity of the synthesized membranes, several experimental techniques and procedures are
available; many of those are commonly employed in catalyst characterization. Thus, XRD (x-ray diffraction) analysis of the
supported samples is conventionally used to identify the type of zeolite, the proportion of amorphous material and impurities,
and the preferential orientation of the crystals (XRD-pole figure). However, for the vast majority of the synthesis procedures
described, the XRD spectra of the scrapped membrane or the resulting powder from the liquid phase is supplied to avoid the
support contribution.

Figure 10.3a and 10.3b shows, respectively, the XRD spectra of a supported NaA zeolite membrane and of the resulting
powder after filtering and drying of the liquid phase. Scanning electron microscopy (SEM) observations allow the evaluation of
membrane thicknesses, shape, and size of the crystals, homogeneity and uniformity of the zeolite layer, and a first impression
on the existence of intercrystalline defects. SEM-EDX (energy-dispersive x-ray analysis) can be used to measure qualitatively
and quantitatively the atomic compositions of the zeolite membrane at different axial and longitudinal positions to check the

FIGURE 10.1 Commercial a-alumina and stainless steel supports.
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continuity and thickness of the zeolite coating. Figure 10.4 shows the EDX mapping of the cross section of a cordierite
(Mg2Al4Si5O18) monolith coated with a mordenite layer (Si=Al¼ 10). The different colors are related to the atomic distribution
across the sample. The matching between Mg, green colored, inherent to the cordierite, and Si, blue colored, in which MOR is
enriched, enables us to distinguish the zeolite distribution. At the same time, it can also be observed that traces of Mg are
incorporated in the zeolite layer and to ascertain the penetration of the zeolitic material into the macroporous cordierite support.

XPS (x-ray photoelectron spectroscopy) utilizes photoionization and energy-disperse analysis of the emitted photoelectrons
to study the composition and electronic state of a region of the surface of a zeolite. However, all these techniques are destructive
ones, and for that reason other methods such as isotopic-transient experiments or reflectance [16] and fluorescence [17] imaging
can be used to estimate the effective membrane thickness.

The lack of methods for a fast and reliable assessment of membrane quality is still one of the outstanding issues in zeolite
membrane development. The usual meaning of the term ‘‘quality’’ relates to the ability of the membrane to carry out a given
separation, therefore, is a system-specific property and the universal membrane quality test does not exist. In general, specific
permeation measurements at different temperatures, either of single gases (or vapors) or of multicomponent mixtures in the gas
or liquid (pervaporation) phase, provide extremely useful information on the effective pore structure of the membrane, on the

FIGURE 10.2 Left: two different contact configurations between the support and the synthesis gel during hydrothermal synthesis. Right:
Commercial autoclave from Parr Instrument Company (http:==www.parrinst.com=).
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FIGURE 10.3 (a) XRD spectra of an inner zeolite NaA membrane on a-alumina support and (b) XRD spectra of the corresponding dry
powder collected in the synthesis autoclave.
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existence of intercrystalline defects, and amorphous material, as well as information about the main transport controlling effect
(adsorption or diffusion).

A battery of single-gas permeation experiments using molecules with different kinetic diameters could be used to gauge the
effective pore size in defect-free membranes (see Figure 10.5). Usually, the kinetic diameter of the gases is calculated using
the critical diameters or the Lennard-Jones kinetic gas theory, and the sizes of the zeolite channel are calculated using XRD
data. However, as mentioned earlier, it is important to point out that molecules larger than the zeolite channel windows can
absorb and diffuse to some extent, especially at high temperatures, because the zeolite framework is not a rigid structure.

Alternatively, selective blocking of membrane pores by condensing vapors combined with permeation measurements
(permporometry) could be used to evaluate defects [18]. However, this method gives only pore sizes and does not consider
other specific interactions between the membrane and the permeating molecules. Bernal et al. [19] have developed a fast and
simple technique to assess membrane quality taking into account the nature (organophilic vs. hydrophilic) of the zeolite

Si Ka1 70  µm Mix

Mg Ka1_2 Al Ka1

Cordierite  MOR

FIGURE 10.4 (See color insert following page 588.) EDX mapping of the cross section of a cordierite (Mg2Al4Si5O18) monolith coated
with a mordenite layer (Si=Al¼ 10).
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and selecting adsorbate molecules accordingly. The working hypothesis is that specific interactions can be measured by the
reduction in flux after exposing the membrane to an appropriate adsorbate or by the time required to reach steady state after
exposure of the membrane to quasi-saturation conditions.

Permeation experiments are often complemented by adsorption measurements, which can help to explain the permeation
mechanism observed. To this end, temperature-programmed adsorption=desorption experiments are employed, based on weight
measurements (thermobalance), or on continuous gas analysis. It is important to ensure that the initial state of the membrane in
adsorption experiments is reproducible, i.e., there is no unwanted material previously adsorbed on the membrane.

10.2.1 SYNTHESIS METHODS

A survey of recent literature on zeolite membrane preparation reveals that synthesis processes, even for well-known zeolite
structures (i.e., MFI, LTA), are still carried out batchwise, using a hydrothermal route to produce a thin layer from hydrogels or
sols containing the corresponding nutrients. As a general rule, the reactant mixture in contact with the support changes in
composition with time provoking a reduction of the membrane quality.

The so-called dry gel method [20–22] is another alternative for membrane synthesis where vapors containing templates
(i.e., amines) and water are employed to crystallize silica or silica–alumina layers previously deposited onto the support (vapor-
phase transport method) or where steam is used to crystallize silica and template or silica–alumina and template dry layers
previously deposited onto the support (steam-assisted crystallization). Using this approach, the reactant consumption is clearly
diminished, an important issue for scale-up purposes; on the other hand, synthesis time is delayed due to transport-controlled
phenomena.

Basically, the hydrothermal synthesis procedures used to prepare zeolite membranes can be classified in two general
groups: ex situ and in situ methods, that is with and without a previous seeding step, which are briefly discussed below.

10.2.1.1 In Situ Hydrothermal Synthesis Methods

Successful membrane formation in one-step (direct membrane synthesis) requires nucleation and growth of zeolite crystals
on the support surface, a process that competes with solution events. Essentially, the as-received porous support is immersed
in the liquid precursor gel, and the membrane is heated under autogenous pressure. Using this approach, the crystals grow in
all directions, resulting membranes with random orientation in their crystals. However, it is possible, but not common, to obtain
oriented membranes using in situ crystallization controlling the temperature, time, and the chemical nature and surface
roughness of the substrate. As an example, Wang et al. [23] obtained b-oriented MFI zeolite membranes by in situ
crystallization.

In situ crystallization shows three disadvantages, first, homogeneous nucleation cannot be avoided within the synthesis gel,
second, the obtained membranes show random orientation in their crystals, and therefore, low permeances, and third, an excess
of components is used during the synthesis. The great advantages of this synthesis procedure are its simplicity and that it is easy
to suppress the defects by growing a thicker zeolite layer, where each new layer of crystals covers the defects in the previous
layer. Figure 10.6 represents an H-ZSM-5 membrane obtained using direct in situ hydrothermal synthesis. The random
orientation in the crystals is clearly observed.

10.2.1.2 Ex Situ Hydrothermal Synthesis or Secondary Growth Methods

The most successful approach to control membrane formation involves segregation of the processes of crystal nucleation and
growth [24]. The so-called ex situ or secondary (seeded) growth methods, unlike the direct synthesis procedures just discussed,
include a first step in which a closely packed layer of colloidal zeolite crystals, synthesized homogenously, is deposited onto

100 µm 50 µm

FIGURE 10.6 Scanning electron photograph of an H-ZSM-5 membrane obtained using in situ crystallization. Left: top view. Right:
cross section.
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the surface of a support. These seeds act as nuclei for further crystal growth with a secondary gel under hydrothermal synthesis
conditions in the second stage.

The coating or seeding methods are dip-coating, slip-casting, rubbing, spraying coating, laser ablation, spin-coating,
vacuum seeding, using of electrostatic forces, and covalent linkage. The attachment and bonding properties of the crystals
on support depend on the chemical potential of the support to interact or react with the approaching zeolite crystal or crystal
growth front. Figure 10.7 shows the monolayer assembly of SIL-1 microcrystals on a silicon wafer by covalent linkage
following the procedure described by Lee et al. [25].

Because the concentration needed for secondary growth is lower than that required for nucleation, further nucleation is
strongly decreased and almost all of the crystal growth takes place over the existing crystal seeds. By controlling the
composition and concentration of the secondary growth solution, the crystallization of undesired zeolite phases and the
dissolution of the support can be avoided, and the rate and direction of crystal growth can, to a certain extent, be controlled.

The aim of using ex situ techniques is to obtain a better control of the microstructure and a preferential orientation of the
crystals in the membrane with a shortened crystallization time. Preferential orientation is needed, not only for separation
purposes when high fluxes are required but also for size-selective chemical sensors (see Section 10.6.6.2). Due to the anisotropy
in the pore geometry of the zeolite crystals, that orientation which shows the largest channels in the direction of the flux
is preferable. For example, on MFI zeolite, the straight and sinusoidal channels run parallel to the b and c axes, respectively
(see Figure 10.8). The membranes prepared by secondary growth have rendered, in general, c-oriented membranes [24,26], i.e.,
sinusoidal channels perpendicular to the support surface. Figure 10.9 shows SEM images of silicalite-1 membranes on
nonporous alumina support prepared by secondary growth for which c orientation of the crystals is clearly observed. With
those zeolites, Lai et al. [27] have obtained b-oriented membranes where the fluxes and separation factors are very high using
covalent linkages [25,28] to bond the solid crystalline seeds to the support before a secondary synthesis. MFI zeolites show
their largest channels in the b orientation. For that reason, the membranes of Lai et al. [27] showed a superior performance in

5 µm

FIGURE 10.7 Monolayer assembly of SIL-1 microcrystals on a silicon wafer by covalent linkage.
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FIGURE 10.8 (See color insert following page 588.) Schematic representation of a c-oriented MFI zeolite crystal.
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gas separation. In Figure 10.10, top and cross-sectional views of b-oriented silicalite-1 layers over silicon wafers are analyzed
as a function of synthesis time.

The ability of AFM (atomic force microscopy) to image the surface of nonconducting materials allows the three-
dimensional observation of nanometer-size events on the zeolites at a resolution previously unattainable [29]. The complica-
tions that can arise have to do with the great surface reactivity of these materials, degrading the image quality. This technique
is particularly useful for the study of the crystal growth mechanisms of zeolites, and it has been employed to adjust the synthesis
conditions for crystal orientation control. AFM topographic and SEM images from the external surface of silicalite-1 layers
over nonporous alumina substrates are shown in Figure 10.11 as a function of synthesis time. It can be observed that at 35 min,
nearly secondary growth initiates because the zeolite crystals, circular in shape, correspond to the seeds morphology and size
(around 200 nm). Conversely, after 50 min SIL-1 crystals, up to 1 mm in size and mostly b-oriented, appear covering the
external surface of the alumina substrate.

20 µm 20 µm

FIGURE 10.9 Scanning electron microscopy (SEM) analysis of silicalite membranes over nonporous alumina substrates after 20 h of
secondary growth synthesis conditions. Left: top view. Right: cross section.

(a) 12 h

(b) 18 h

(c) 24 h

1 mm5 mm

2 mm5 mm

1 mm2 mm

FIGURE 10.10 A scanning electron microscopy (SEM) analysis of b-oriented SIL-1 layers over Si wafers (prepared by secondary growth
using dip-coating as seeding technique) as a function of synthesis time.
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10.2.2 PRE- AND POSTTREATMENTS TO ENHANCE MEMBRANE QUALITY

In general, the properties and separation abilities of the resulting membranes depend on the synthesis procedure. The amount of
zeolitic material, support composition, penetration and adhesion to the support, orientation of the zeolite crystals, the density
and distribution of nonzeolitic pores (i.e., intercrystalline voids), crystal boundaries, and the thickness of the zeolite layer are
the main variables which affect the quality of the obtained membrane.

Pretreatment processes, grafting and masking are aimed to improve the adhesion and to prevent the inclusion of the zeolitic
material into the support. A grafting step is used when a specific direct interaction between the support and the zeolite seeds is
not possible or the attachment opportunities are not available. Using this procedure the surface of the support is previously
modified chemically to enhance the attraction between the zeolite seeds and the support. The masking techniques [30] consist of
filling all the support pores with wax while leaving the surface free for deposition of the zeolite film, thus protecting the support
by this temporary barrier from the synthesis mixture. The zeolite-coated supports are finally calcined to remove the wax from
the support and the template molecules from the zeolite. Since the membrane thickness and the width of cracks are notably
reduced by support masking, high fluxes and selectivities are obtained [30].

Posttreatment processes have been used to improve the quality of the resulting membranes, such as ion exchange
(to provide catalytic properties or change them between hydrophobic and hydrophilic surfaces), liquid or vapor sililation,
coke deposition, CVD (chemical vapor deposition), and ALCVD (atomic layer chemical vapor deposition). These techniques
are used to reduce the intercrystalline gaps and the pore-mouth size, modify the acid properties of the modified membranes, and
remove amorphous material. Some of these modifications have demonstrated very high separation selectivities for the resulting
membranes; however, in many cases, they are of limited practical application due to the relatively low fluxes obtained.

10.2.3 INCREASING MEMBRANE AREA

Both, direct and secondary synthesis methods may be acceptable for small-scale applications (a few square centimeters of
membrane area), but present significant problems of the synthesis of larger structures. Generally speaking, increasing the zeolite
membrane area in industrial modules (see Section 10.6.4) involves the use of longer tubular or monolith supports, and reduction
of tubular diameters to capillary dimensions to increase the membrane area per unit volume. In addition to the variations of
composition with time that necessarily take place during batch processing, the use of longer and narrower supports will likely
cause the development of concentration gradients, leading to nonhomogeneous membrane characteristics, and possibly also
to the formation of defects and non-desired phases on the membrane. A number of studies have attempted to solve the problems

2 µm 

(a) (c)

(b) (d)

2 µm 

2 µm 

2 µm 

FIGURE 10.11 AFM topographic and scanning electron microscopy (SEM) images from the external surface of silicalite layers over seeded
nonporous alumina substrates after synthesis time of (a, b) 35 min and (c, d) 50 min.
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that prevent the synthesis of large area membranes. Up-to-date, successful membrane formation is typically achieved either by
using a suitable excess of reactants or by repeated synthesis cycles. However, new attempts involving the direct heating of the
substrate, while the reaction mixture is kept at lower temperature, have been demonstrated at lab-scale by Erdem-Senatalar et al.
[31,32]. In this manner, the reaction is suppressed in the bulk and promoted on the surface, and the phase transformations of
metastable materials to other zeolite types thermodynamically favored can be delayed.

Even if the problems of poor crystal intergrowth due to local exhaustion of reactants in the autoclave and synthesis of
zeolite material in the bulk of the solution were solved, an important problem remains, related to the fact that several batch
synthesis cycles (with their associated heating and cooling processes) are often required to achieve a zeolite membrane of good
quality. Thus, a synthesis procedure in which reactants are continuously supplied to the synthesis vessel while this is
maintained at a constant temperature would clearly be desirable not only for performance but also for the feasibility of the
scale-up. This type of approaches has already been tested for inner MFI and NaA zeolite membranes [33–35], and the results
obtained indicate that the formation of concomitant phases and the amount of crystals forming in the liquid phase are greatly
reduced. Similarly, the continuous seeding of tubular supports by cross-flow filtration of aqueous suspensions [36–37] has been
carried out for zeolite NaA membrane preparation.

Because hydrodynamics and hydrostatics of the synthesis solution have a clear influence in the growth of zeolite films,
some authors [38] have attempted to change these parameters using centrifugal forces to drive the crystal nuclei formed in the
homogeneous phase toward the support before they reached a size that would be difficult to accommodate into the growing
membrane, thus promoting the formation of higher quality zeolite layers.

10.3 NEW ZEOLITE-LIKE MICROPOROUS AND MESOPOROUS MATERIALS

In this group we include other ordered microporous structures, different from classical zeolites, containing tetrahedrally
coordinated phosphorus, such as AlPO4 [39,40], SAPO-34 [41–43], and zeolite membranes containing Ti and V in their
structure. These membranes, such as TS-1 [44] and VS-1 [44,45], are potentially very attractive from the catalytic applications
point of view. The group of titanosilicates corresponds to framework structures made of TiO6 octahedra and SiO4 tetrahedra
[45]. The ETS-4 structure with a pore size (0.3–0.4 nm) has been synthesized as a layer [46–48], the other titanosilicate with a
larger pore size (0.49� 0.76 nm2) that has been synthesized was ETS-10 [49]. The pure 5 mm thick ETS-10 membrane
exhibited a good degree of crystal intergrowth. The microporous titanosilicate (K2TiSi3O9 H2O), with the structure of umbite
and a pore size of 0.3 nm, has been reproducibly prepared for the first time as a continuous, ca. 5 mm thick membrane on porous
TiO2 tubular asymmetric supports [50]. The separation factor reported with this membrane for a H2=N2 mixture was 48. The
development of titanosilicate based membranes is likely to continue on account of some key advantages related to their
preparation and properties: (1) in general, a pure phase can be obtained in the absence of costly organic templates, thus,
avoiding calcination treatments, which often lead to defects or loss of active surface groups, (2) titanosilicates are usually
prepared under relatively mild pH conditions, reducing the chemical attack on the support and synthesis equipment used,
(3) mixed octahedral–tetrahedral oxides present novel possibilities of isomorphous framework substitution which allows the
fine-tuning of the catalytic and adsorption properties of a given membrane, while preserving its microporous structure, and
(4) finally, in general, these materials have a strong basicity, that provides an alternative to the acid properties of classic zeolites
and opens up new application possibilities [5].

New materials that expand the microporous region of the zeolite are also interesting. In this group it is possible to find wide
pore zeolite such as ITQ-21 which is accessible through six circular 0.74 nm openings [51], and extra-large-pore materials, like
the phosphate-based VPI-5 or the more stable silicas UTD-1 and CIT-5 [52] with 0.8–1.2 nm openings.

Other so-called zeolite-related materials, due to their ordered inorganic structure, are the family of mesoporous alumino-
silicates MCMdiscovered by the Mobil group in 1992 [53], with pore size between 2 and 4 nm or materials with even bigger pore
sizes such as SBA-15 and SBA-16. The first synthesis of a mesoporous layer was prepared by Yang et al. [54] who deposited a
MCM-41 layer on a mica substrate. MCM-41 is a two-dimensional hexagonal-ordered material, and the pores are aligned
parallel to the substrate. Some authors tried to align the pores perpendicular to the surface by applying a magnetic field [55] or a
pulsed laser deposition method [56]. Another option was the synthesis of the three-dimensional cubic structure with inter-
connected pores, MCM-48. Nishiyama et al. [57,58] synthesized the MCM-48 structure on flat a-Al2O3 supports, obtaining high
fluxes in the separation of organic mixtures. The silylation of the MCM-48 membranes using trimethylsilane and triethylsilane
enhanced the hydrothermal stability and the hydrophobicity reducing the pore size from 2.4 to 1.8 nm [59].

10.4 GAS SEPARATION: FUNDAMENTALS AND APPLICATIONS

Zeolite membranes have the potential to selectively separate gas molecules in a mixture operating under steady state, unsteady
state, or under cyclic conditions whereas fixed bed adsorbers are typically operated under transient conditions. In addition,
because of the inorganic nature of zeolite membranes, they have higher mechanical strength and greater thermal and chemical
stability than their polymeric counterparts. Also, their ability to operate under very different conditions (total pressure,
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composition, and temperature) on both sides of the zeolite membrane is a great advantage compared to conventional adsorption
on discrete zeolite crystals.

Microporous inorganic membranes have pores that can be tuned to the molecular size. This enables zeolite membranes to
carry out separations (i.e., the separation of isomer compounds) that are not possible with membranes in which only Knudsen
selectivity is possible. Moreover, zeolite microporous membranes can compete with traditional energy costly separation
methods, such us distillation of mixtures of close boiling point components, separation of mixtures of low concentration,
and azeotropic distillation.

If some molecules in a mixture are too large to enter the pores of the membrane, separation can be obtained by molecular
sieving. However, there is a certain degree of flexibility in the molecules and also in the zeolite pores that must be taken into
account because the zeolite framework is not a rigid structure [60]. If all the components permeate through the membrane, the
separation can be obtained due to differences in polarities of components, adsorption coverages, diffusion rates, and in some
circumstances, the ability of one component in the feed to hinder or inhibit others from entering the pores [2]. The permeation
flux of a component in a mixture is determined by the adsorption and diffusion characteristics of all the components in that
mixture and also the coupling between the diffusing species [61].

10.4.1 SEPARATION MECHANISMS

The transport mechanisms through zeolite membranes depend on different variables such as operation conditions (especially
temperature and pressure), membrane pore size distribution, characteristics of the pore surface of the zeolitic-channel network
(hydrophilicity=hydrophobicity ratio), as well as the characteristics of the crystal boundaries and the characteristics of the
permeating molecules (kinetic diameter, molecular weight, vapor pressure, heat of adsorption), and their interactions in the
mixture.

Ideally, the zeolite membranes must be continuous with good cross-linking between crystals and free of pinholes and cracks
to get high selectivities. However, most of the synthesis procedures render membranes with some intercrystalline gaps and
defects. The amount of these membranes and their sizes play an important role in the overall quality of the membrane.
Therefore, it has been considered illustrative to explain briefly the transport regimes in porous materials whatever the pore size,
after which the mass transport mechanisms through microporous media will be fully described.

Figure 10.12 shows conceptual schemes for the different mechanisms from the nonselective (lower part of the figure) to the
most selective one (upper part of the figure). It is important to note that the solution-diffusion mechanism is shown for
comparison in the top of the figure, to describe the transport through polymeric membranes. In the bottom part, the nonselective
transport through macro- and mesopores due to viscous flow or Poiseuille is shown. Under such regime, there is no possibility of
molecular separation. It represents the molecular diffusion, characterized by elastic collisions between molecules, which prevail
over molecule–wall collisions.When Knudsen diffusion takes place, i.e., in mesopores, there is possibility of separation. It occurs
when the mean free path of the molecules is much larger than the pore radius of the porous media. There are more collisions
between the molecules with the pore walls than with other molecules. For a binary mixture, the separation selectivity is expressed
as the square root of the molecular weights of the two components. Capillary condensation takes place in mesopores when a
condensable vapor is present. This vapor is able to liquefy in the pores even when the saturation partial pressure is not reached,
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FIGURE 10.12 (See color insert following page 588.) Transport mechanisms in porous materials.
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and eventually blocking the permeation of the permanent gases. It is also called liquid diffusion. Surface diffusion takes place in
micro- and mesopores when the molecules adsorb on the pore walls and migrate along their surface. The effectiveness of surface
diffusion depends on the product of adsorption and mobility of the permeating compounds. Under multilayer diffusion the
permeabilities of condensable gases may exceed the permeability for pure gas-phase diffusion. Finally, molecular sieving through
micropores represents the exclusion of molecules that are too large to enter the pores.

10.4.1.1 Permeation of Individual Gases

The individual gas permeance that is experimentally measured for a zeolite membrane can be explained as the sum of two
phenomena in parallel: the permeation through defects and the permeation through the zeolitic channels. If the diameter of the
molecules is larger than the zeolitic channels, the permeation will clearly take place through the existing defects. This
permeation can be Knudsen (mesoporous defects) or viscous (macroporous defects), although the balance between both
types also depends on the operating pressure and temperature. The permeation through defects can be very substantial for
molecules that are weakly or not at all adsorbed on the zeolite. In addition, capillary condensation might occur on mesoporous
defects and, therefore, affecting the separation performance of the membrane.

The second contribution, i.e., permeation through the microporous zeolitic-channel network, can be due to activated
gaseous diffusion or surface diffusion of adsorbed species. As a general rule, the smaller the pores size the greater the
interaction of the adsorbed molecule with the pore walls.

Single-gas permeation of different gases on zeolite membranes is frequently used to estimate the molecular sieving ability
of a given membrane. From the absence of a clear cutoff it is possible to conclude that the mass transport is not controlled by the
zeolite-pore system.

Generally speaking, the single-gas flux through supported zeolite membranes, for a given temperature, depends on the
sorption capacity of the gas on the zeolite pores and its equilibrium adsorption constant (Langmuir isotherm is often used to
describe the relationship between the amount adsorbed and the gas-phase pressure), the gas diffusion coefficient, the thickness
of the zeolite layer, the porosity of the support, and the pressure at the feed and permeate sides.

Figure 10.13 shows the experimental setup typically used for measuring the single-gas permeances of different gases on
tubular zeolite membranes. When measuring single-gas permeances, the membranes are commonly sealed in a stainless steel
dead-end module using silicone, Teflon or graphite o-rings, and a pressure drop from feed to permeate side is set.

10.4.1.1.1 Qualitative Model of Single-Gas Transport through Microporous Materials
Barrer proposed a qualitative model of single-gas transport through microporous materials [62]. A five-step model can
qualitatively describe the transport through a microporous membrane at moderate temperatures (see Figure 10.14):
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FIGURE 10.13 (See color insert following page 588.) Experimental system for the calculation of single-gas permeances on zeolite
tubular membranes.
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1. Transport from the gas phase to the micropore, which can take place by two parallel streams:
(a) Direct entrance in the micropore from the gas phase.
(b) Via the external surface. First adsorption of the molecules on the external surface followed by diffusion to the

entrance of the micropore across the external surface.
2. Migration in the micropore.
3. Transport from the micropore to the gas phase, which can take place by two parallel streams:

(a) Direct exit to the gas phase from the zeolite pore.
(b) Via the external surface. First exit from the micropore to the external surface and then desorption of the molecules

to the gas phase.

The third step, migration inside the micropore, is also denoted as intracrystalline zeolite diffusion or configurational
diffusion.

The relative importance of surface diffusion and activated gaseous diffusion depends strongly on temperature [63–65]
because adsorption and diffusion phenomena are molecular processes of opposite temperature dependency. Figure 10.14 is a
simplified diagram showing the evolution of permeance as a function of temperature [64].

Initially, (A ) B), the permeance increases because the increase in temperature enhances the mobility of adsorbed species,
even though the amount of physically adsorbed material starts to decrease. Eventually, point B is reached, and from
this temperature, the decline in occupancy prevails which gives rise to a decrease in permeance (B ) C). At a sufficiently
high temperature (C) the effect of adsorption becomes negligible, and the permeance is controlled by activated transport
(Knudsen-like) through micropores, increasing with temperature (C) D) [2]. This transport in the gaseous regime is activated,
mainly due to the structural constraints of the lattice upon passage [66]. The total flux through the membrane is then the sum of
the surface diffusion and the gaseous diffusion.

As an example, Figure 10.15 compiles the permeance evolution with temperature for single hydrocarbons (from C1 to C3)
over silicalite-1 membranes supported on stainless steel tubes. A specific interaction with linear hydrocarbons appears, as it
could be expected due to the organophilic character of SIL-1 membranes. For methane, the temperature used is too high to find
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FIGURE 10.14 Qualitative diagram showing the dependence of single-gas permeance with temperature.
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a maximum; but in general, the heavier the adsorbate, the stronger the adsorption and coverage degrees. This tendency is in
accordance with the temperature-programmed permeance profiles and the point B temperatures (Figure 10.14), which indeed,
shift toward higher values with the hydrocarbon chain length (from 1008C for ethane to 1308C for propane). The sequence
shown for the permeance maxima is the same as in previous works [64–65], although the individual temperatures
slightly change.

10.4.1.1.2 Quantitative Model of Single-Gas Transport through Microporous Materials
Usually the transport of gases is described by Fick’s first law:

J ¼ �DF(q)
dm

dx

where DF(q) is the Fickian diffusion constant (m2=s) also called transport diffusivity, dm=dx is the chemical potential gradient,
i.e., the driving force for mass transport and might be expressed in terms of the fractional occupancy. The Fickian diffusion
coefficient is assumed to be independent of coverage degree.

There are macroscopic (uptake measurements, liquid chromatography, isotopic-transient experiments, and frequency
response techniques), and microscopic techniques (nuclear magnetic resonance, NMR and quasielastic neutron spectrometry,
QENS) to measure the gas diffusivities through zeolites. The macroscopic methods are characterized by the fact that diffusion
occurs as the result of an applied concentration gradient; on the other hand, the microscopic methods render self-diffusion of
gases in the absence of a concentration gradient [67].

Conversely, the correct approach to formulate the diffusion of a single component in a zeolite membrane is to use the
Maxwell–Stefan (M–S) framework for diffusion in a nonideal binary fluid mixture made up of species 1 and 2; where 1 and 2
stands for the gas and the zeolitic material, respectively. In the M–S theory it is recognized that to effect relative motions
between the species 1 and 2 in a fluid mixture, a force must be exerted on each species. This driving force is the chemical
potential gradient, determined at constant temperature and pressure conditions [68]. The M–S diffusivity depends on coverage
and fugacity, and, therefore, is referred to as the corrected diffusivity because the coefficient is corrected by a thermodynamic
correction factor, which can be determined from the sorption isotherm.

10.4.1.2 Multicomponent Permeation

The permeation of mixtures is a more complex phenomenon, and in general, the behavior that is experimentally observed for
mixtures cannot be predicted solely from the permeance of the individual components [5]. As will be shown below, it is often
the case that in a binary mixture, the component which permeates faster as a single gas (in general the more weakly adsorbed
component) is the one giving the lower permeance in the binary mixture.

Although Knudsen diffusion, shape selectivity, and molecular sieving play an important role in the separation of mixtures,
the mechanisms which control the majority of the multicomponent separations in zeolite membranes are surface diffusion, and
sometimes, capillary condensation. In addition, molecular simulations and modeling of M–S diffusion in zeolites [69,70] show
that the slower moving molecules are also sped up in some mixtures [71,72] in the presence of fast-diffusing molecules and
other times, slower molecules inhibit diffusion of faster molecules because molecules have difficulty passing one another in
zeolite pores [73].

Four groups with different separation-controlling mechanisms can be distinguished: (1) separation of mixtures of non-
adsorbing compounds, (2) mixtures of adsorbing organic compounds, (3) permanent gas from vapors, and (4) water or polar
molecules from organic compounds.

1. Separation of Mixtures of Nonadsorbing Compounds
In the ideal molecular sieving regime the interaction of the permeating species with the zeolite is minimal, and the
separation takes place simply because the size and shape of some of the molecules prevent them from entering the
membrane pores or move across them with substantial velocity [2]. In that regime adsorption does not play an
important role, and, therefore, separation selectivity (ratio of permeances between species in the mixture) should
coincide with ideal selectivity (ratio of single-gas permeances).

2. Separation of Mixtures of Adsorbable Organic Compounds
When all the components in the mixture adsorb onto the zeolite-adsorption sites, the separation can be explained in
terms of competitive adsorption between the permeating compounds. In the mixture, the molecules compete for those
adsorption sites, and at high coverage degrees, this adsorption depends on the ratio of feed fugacities [74], heats of
adsorption, and molecular sizes.
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3. Separation of Permanent Gas from Vapors
In these mixtures, the vapor or organic compound can either adsorb preferentially on the zeolite pores or undergo
capillary condensation in pores of small diameter, therefore blocking the membrane for the other components in the
mixture (i.e., permanent gas). The separation selectivity toward the blocking molecule decreases with temperature due
to the decrease in adsorption and capillary condensation.

4. Separation of Water or Polar Molecules from Organic Compounds
These separations are usually carried out by pervaporation (see Section 10.5) or vapor permeation but they have also
been performed using gas-phase feeds on organophilic [75] or hydrophilic membranes [76]. On organophilic
membranes the permeation of the organic or less polar compound is favored, while the opposite trend is expected
for hydrophilic membranes.

The M–S approach allows the prediction of the mixture diffusion based on the pure component M–S diffusivities, along with
the mixture isotherms (i.e., estimated using the ideal adsorbed solution theory [IAST] of Myers and Prausnitz) [68].
Experimentally, the NMR pulse field gradient technique has been used to calculate the mixture diffusion coefficients.

Two experimental setups have been used to calculate transient and steady-state permeation of different gases through
zeolite membranes: the Wicke–Kallenbach method [77] and the pressure-drop method. Using the Wicke–Kallenbach method,
an inert gas sweeps the permeate side to facilitate the desorption of all the adsorbed compounds and the membrane surface
always faces the feed gas. In this way, concentration gradients and an absolute pressure drop can be imposed independently.
The major disadvantages are that the counter diffusion of the inert sweep gas can affect the permeation of the feed components
and the cost of using a sweep gas reduces its possibilities for industrial applications. Using the pressure-drop method, a pressure
gradient is kept in both sides of the membrane; hence, the flux through the membrane is the real one. However, if the membrane
has defects, the absolute pressure drop across the membrane might give a considerable contribution of viscous flow to the
overall permeation.

10.4.2 APPLICATIONS

The actual membrane market for gas separation is being leaded by polymeric membranes; during the past 20 years, sales
of membrane–gas separation equipment have grown to become a $150 million=year business [78]. However, the future of
membrane technology will be in refining, petrochemical, and natural gas industries. Larger opportunities exist for membranes
in all these industries, and despite past failures, the acceptance of membrane technology is increasing. These markets will
require more robust membranes and modules than those used today due to high-partial pressures of hydrocarbons and the
presence of other plasticizing gases are often involved. Currently, several industrial manufacturers prepare a wide variety of
organic and inorganic membranes (glass, silica, titania, zirconia, metallic, ceramic, and carbon) [79]. However, commercial
applications of zeolite membranes have only been developed for pervaporation and vapor permeation processes. For gas
separations, zeolite membranes are still only used on the laboratory scale. The major restriction to the industrial development of
zeolite membranes is their high cost. In fact, large-scale separations are unlikely to be implemented industrially unless the price
of zeolite membranes undergoes a reduction by a factor of 10 [80].

This cost differential can be tolerated only in applications in which polymeric membranes completely fail in the separation
[78]. Demanding separation applications, where zeolite membranes could be justified, due to the high temperatures involved or
the added value of the components, and have been tested at laboratory scale, are the following: separation of isomers (i.e.,
butane isomers, xylene isomers), organic vapor separations, carbon dioxide from methane, LNG (liquefied natural gas)
removal, olefines=paraffins and H2 from mixtures. In most cases, the separation is based on selective diffusion, selective
adsorption, pore-blocking effects, molecular sieving, or combinations thereof. The performance or efficiency of a membrane in
a mixture is determined by two parameters: the separation selectivity and the permeation flux through the membrane.

In general, when carrying out a new separation, the kinetic diameter and the heat of adsorption of the gases, which compose
the mixture, are the main variables used to select the most adequate zeolite. MFI, FAU, LTA, SOD, ANA, DDR, MOR, BEA,
CHA, FER, KFI are zeolite structures widely used as membranes for different separations. In gas separation, MFI zeolite
membranes (silicalite-1, ZSM-5, and with Al, Fe, B, and Ge isomorphously substituted into their structures) are the most
commonly used membranes because their pores (~0.55 nm diameter) are in the size range of many industrial mixtures;
furthermore, their synthetic chemistry is well established in the literature.

Table 10.1 summarizes recent results concerning gas separations; for an exhaustive revision up to 1999 the reader is
referred to the review of Coronas and Santamaría [2].

We have divided the applications of zeolite membranes for gas separations into two main groups based on and depending
on whether there is molecular exclusion or not in one of the components to be separated.

For the separations discussed in the following sections, the separation factor achieved using the same synthesis procedure
and experimental setup (Wicke–Kallenbach or pressure drop) strongly depends on temperature and pressure, and to a lesser but
still important extent on the orientation of the crystals in the membrane, the effective thickness of the layer, the support (nature
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and resistance), the penetration of the zeolite crystals within the pores of the support, the distribution of non-zeolitic pores, and
the grain boundaries.

10.4.2.1 Separations Controlled by Sorption-Diffusion Mechanisms When Size Exclusion Occurs

Separation due to molecular sieving alone can only take place if the membrane is defect free and there is no adsorption of the
permeating species on the zeolite crystals (i.e., at high temperatures) or the components in the mixture adsorb with similar heats
of adsorption. For those mixtures, the shape and size of the components compared to the zeolite-pore sizes direct the separation
toward molecular sieving, For example, the separation of H2=SF6 or N2=SF6 on MFI zeolite membranes at high temperatures
where SF6 does not adsorb significantly. In fact, the latter separation is commonly used to evaluate the membrane quality.
Methane=i-octane represents another example of this mechanism since i-octane cannot fit into the MFI structure and the heat of
adsorption of methane is very low in the zeolite [2].

Normally, a combination of molecular sieving and adsorption controls the separation. For separations where the adsorption
starts to play an important role, it turns into the controlling separation mechanism, i.e., the separation of n-C6=2,2 DMB on MFI
membranes [30,85]. In this case, not only the exclusion due to the size but also the slight difference in the heats of adsorption of
the linear and branched alkanes in the MFI structure can result in a large difference in permeances due to the shape selectivity,
because the linear alkanes are located more or less randomly in the zeolitic channels and the branched ones are preferentially
adsorbed in the intersections. n-Hexane molecules (0.43 nm kinetic diameter) can enter the MFI pore structure and diffuse
within MFI channels, whereas the diffusion of 2,2-DMB molecules should be largely restricted by size limitations (0.62 nm
kinetic diameter). Although, the flux of 2,2-DMB in MFI membranes may be through defects. Hence, n-hexane strongly
inhibits 2,2-DMB permeance and molecular sieving plays a secondary role.

Another example where molecular sieving and preferential adsorption control the separation is the separation of CO2=CH4

in CHA and DDR zeolite membranes [43,81]. The separation of CO2 from natural gas is important during its transport and
combustion because of the acidic and corrosive character of CO2 in the presence of humidity; and moreover, it reduces the
methane number (similar to the octane number in gasoline) which is important for getting high efficiency during combustion.

TABLE 10.1
Gas Separation Results with Zeolite Membranes from 1999

Zeolitic
Structure Support

Thickness
(mm)

Permeance 107

[mol=(m2 s Pa)]
Mixture

Separations
Maximum

Separation Factor Ref.

SAPO-34 a-Al2O3 25 1.6 [CO2 at 298 K] CO2=CH4 67 [43]

DDR a-Al2O3 5–10 9a [CO2 at 0.25 MPa] CO2=CH4 220 at 301 K [81]
MFI a-Al2O3, SS 5–80 26 [CO2 at 300 K] CO2=N2 13.7 [82]
FAU a-Al2O3 3 50 [CO2 at 308 K] CO2=N2 40 [83]
FAU a-Al2O3 3 10 [CO2 at 308 K] CO2=N2 149 [84]

MFI a-Al2O3, SS 10–30 1 [n-Butane at 393 K] n=i-Butane 32 [11]
MFI a-Al2O3, SS 100 9 [n-C4 at 373 K] n=i-Butane 11.3 [22]
MFI a-Al2O3 1 3 [p-Xylene at 423 K] p=o-Xylene 500 [27]

MFI Silicon carbide monolith — 0.33 [n-C6 at 430 K] n-C6=2,2DMB 247 at 436 K [85]
MFI a-Al2O3 0.5 5.6 [n-C6 at 663 K] n-C6=2,2DMB 227 [30]
MFI a-Al2O3 3 — Simulated refinery gas 69 at 298 K [n-C4=H2] [7]

MFI a-Al2O3, SS 10–70 2 [n-C4 at 298 K] Synthetic natural gas 15 at 298 K [n-C4=CH4] [86]
MFI a-Al2O3 5–6 0.26 [H2 at 423 K] H2=N2 38 [87]
MFI a-Al2O3 3 0.08 [n-C4 at 300 K] H2=n-butane 520 [88]

MFI g-Al2O3, SS — 0.8 [CO at 245 K] CO=air 3.14 [89]
MFI a-Al2O3, SS — — Organic=air 250 at 306 K n-C6=air [90]
FAU a-Al2O3 30 — Toluene=heptane — [91]

Benzene=n-hexane 150 at 333 K

MFI g-Al2O3, SS — 3.9 [water at 304 K] H2O=C3H8 4.5 [76]
H2O=He 4.5

MFI SS 100 — CH4=CF4 0.92 at 298 K [92]

LTA a-Al2O3 — 0.007 [H2 at 473 K] H2=n-C4
b5.8 at 473 K [93]

LTA a-Al2O3 15 4.8 [H2 at 323 K] H2=C3H8 8 at 323 K [94]

a Mol=m2 s (note that flux is represented not permeance).
b Ratio of single-gas permeances.
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Adsorption isotherms for CO2 and CH4 on SAPO-34 crystals reveal that CO2 is adsorbed more strongly, and thus, preferential
adsorption is partially responsible for the selective permeation of CO2. Also, SAPO-34 crystals have pores (0.38� 0.38 nm2)
similar in size to CH4 (0.38 nm), and are bigger than CO2 (0.34 nm); therefore, CO2 diffuses faster than CH4. Li et al. [43]
reported separation selectivities up to 67 with SAPO-34 membranes under conditions (room temperature) where the strongly
adsorbing component, CO2, hinders methane permeance. Recently, small pore DDR membranes have been used [81] showing
CO2=CH4 separation factors as high as 220 at 301 K. Again, DDR membranes have pores (0.36� 0.44 nm2) that are similar in
size to CH4 and therefore, a configurational impediment to the flux of methane takes place in addition to the preferential
adsorption of CO2.

The separation of xylene isomers on MFI zeolite membranes can be considered one example of intracrystalline
size exclusion and competitive adsorption (strongly dependent on coverage). The difference in their kinetic diameters
(�0.58 nm for p-xylene and 0.68 nm for o- and m-xylene) indicates the possibility of an effective separation using
MFI membranes (see Table 10.1). The kinetic diameter of p-xylene is close to one of the MFI channels (�0.55 nm) whereas
o- and m-xylene might be excluded. Therefore, MFI zeolite channels and crystal grain boundaries determinate the permeation
characteristics [27].

10.4.2.2 Separations Based on Competitive Adsorption without Size Exclusion

n-C4=i-C4 separation on MFI membranes [10,11,21,22] is an example of competitive adsorption, and has been used as a quality-
control parameter when adsorption effect is controlling, because n-butane strongly adsorbs on the MFI zeolite membrane even
at moderate high temperatures. The separation factor n-C4=i-C4 and permeances for a silicalite membrane are depicted in Figure
10.16a as a function of temperature. A maximum separation factor could be observed at around 558C, as a result of n-butane
adsorption and i-butane mobility. Figure 10.16b shows the results at different partial pressures of n-butane at constant
temperature (258C). As expected, higher the n-butane partial pressure higher the coverage degree increasing the blocking
effect of n-butane and the separation factor.

Nevertheless, even for defective zeolite membranes (i.e., presence of cracks and pinholes), higher n-butane=isobutane
separation factors [95] could be potentially achieved by intercrystalline adsorption and capillary condensation.

In general, if both components in the mixture strongly adsorb, the separation selectivity increases as the difference in the
strength of adsorption of the permeating components increases.

The separation of CO2=CH4, which was earlier mentioned, can take place with FAU membranes [96], but in this case,
only competitive adsorption controls the separation because both CO2 and CH4 molecules are much smaller than the FAU
channel pores (0.74 nm). Similarly, the separation CO2=N2 on FAU and MFI membranes (0.53� 0.56 nm2 and 0.51� 0.55 nm2)
[82] is mainly based on the preferential adsorption of the CO2 that inhibits N2 permeance. The influence of cation exchanged in
FAU was extensively studied by Kusakabe et al. [83,84,97,98]. These authors found out a remarkable increase in the
separation factor (from 19 to 39) when the Na–Y zeolite was ion exchanged with K, due to an improvement in the CO2=N2

sorption selectivity [83]. Moreover, the influence of the ion-exchange degree of larger cations such as Rb and Cs and the
subsequent washing step after was further analyzed [84]. For the incompletely washed samples, the chloride salts impregnated
in the membrane seem to enhance the CO2 selectivity reaching values of 149 with a CO2 permeance of 1� 10�6 mol=m2 s Pa.
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FIGURE 10.16 n-C4=i-C4 separation performance of a SIL-1 membrane: as a function of (a) temperature and (b) n-C4 feed partial pressure.
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The adsorption of gases on zeolites depends on the occluded cations and on the presence of acid sites in the zeolite
structure. For instance, alkenes adsorb stronger than alkanes on FAU zeolite membranes because of their higher affinity for
the cations [99,100]. In a similar way, on MFI zeolites with acid sites, alkenes adsorb preferentially over alkanes for the same
number of carbon atoms [101]. On the other hand, for MFI membranes without acid sites (i.e., silicalite-1) the olefin=paraffin
separation principle is just the opposite because the adsorption strength decreases in the following order: alkane> alkene.
However, the separation factor could be reversed as a function of the hydrocarbon relative pressure (Prel). Thus, in the Henry
regime (i.e., at low Prel values), there is hardly adsorption competition toward zeolite sites, and alkane coverage prevails over
alkene one ruled by the adsorption constant value. Near saturation, configurational entropy effects control the separation
mechanism rendering in a preferential alkene adsorption [102]. Further efforts need to be concentrated in this field because
large opportunities for zeolite membranes in the separation of light hydrocarbon mixtures exist. The separation of propene=
propane gas mixtures from various reactor vent streams could open up large new membrane markets. In a recent publication,
Giannakopoulos et al. [103] have improved the previously reported results on propene–propane mixtures, achieving maxima
values for the separation factor and ideal selectivity of 13.7 and 28 at 1008C and 358C, respectively.

Zeolite membranes can withstand relatively high temperatures in the presence of oxygen; thus they can compete with
polymeric and carbon membranes in the separation of refinery gas streams [7,88,104] and in the removal of heavy hydrocar-
bons from synthetic natural gas [86]. Those separations are based on competitive adsorption of hydrocarbons on the zeolite,
and an increase in the concentration of any of the adsorbing species increases its surface coverage, leading to higher selectivities
for that particular specie. In addition, there are some practical limitations for those separations, such as the high pressure of
the natural gas in the pipeline, high temperatures in refinery gas streams, and presence of impurities [105], that make the
zeolites promising candidates to achieve high selectivities and fluxes. It is worthwhile to emphasize that the capability of zeolite
membranes to handle with natural gas separations opens up a remarkable potential market due to the total worldwide
production of raw gas is about 50 trillion scf=year. According to the future predictions of Baker [78], over the next 10–20
years, the use of membranes for natural gas processing could easily grow up to become the largest single membrane–gas
separation application.

Finally, the separation of vapors or adsorbable organic compounds from nonadsorbing permanent gases, such as
alcohol=O2, alcohol=H2, n-C4=H2=H2 on MFI membranes when the size of the organic compound does not represent size
exclusion; should also be included in this group. In general, the permeance of the nonadsorbing permanent gas is blocked due to
the adsorption or capillary condensation of the adsorbable compound within the zeolite channels or onto the intercrystalline
defects, respectively. Separation factors as high as 520 have been obtained for an MFI zeolite membrane in the separation
of n-C4H10=H2 with an n-butane permeance of 0.78� 10�8 mol=Pa s m2 at room temperature [88]. Conversely, separations of
H2 from hydrocarbons on LTA zeolite membranes [93,94] and H2 from N2 on MFI membranes (Gavallas ZSM5) represent
examples in which diffusion effects play the main role because the molecule with the smaller kinetic diameter permeates
preferentially. Although for these cases competitive adsorption does not take place, the authors have considered appropriate to
include them within this section to emphasize that the separation factor can be reversed (i.e., n-C4H10=H2 vs. H2=n-C4H10) by
choosing the adequate zeolite membrane. However, there are relative few studies found in literature concerning gas separation
applications with type-A zeolite membranes (0.41� 0.41 nm2). With tubular supports, the best results found for gas separation
are 8.33 for a H2=n-butane equimolar mixture with a H2 permeance value of 7� 10�10 mol=m2 s Pa at 473 K [93] and 7.97 for a
H2=propane equimolar mixture with a H2 permeance value of 6.7 � 10�8 mol=m2 s Pa at 323 K [94]. Until now, no highly
permselective A-type membranes have been reported; indeed, the permeation tests always revealed that those membranes
contain non-zeolitic pores (defects) larger than the zeolitic pores through which large molecules (i.e., n-butane with a kinetic
diameter of 0.43 nm) were able to diffuse, explaining the selectivities close to the Knudsen values.

Within this group of applications, it is worthwhile to include examples related with separations at trace levels. Recently,
Aguado et al. [90] carried out the removal of model pollutants (n-hexane, formaldehyde, and benzene) present at very low
concentration levels (2–230 ppmv) from indoor air using MFI zeolite membranes achieving separation factors as high as
250 for certain conditions. On the basis of this concept, a novel high-quality air-conditioning system may be envisaged as
commercial domestic application for zeolite membranes.

10.5 PERVAPORATION

Whenever we are talking about zeolite applications, pervaporation comes to mind, since it is the first industrial application of
zeolite membranes that has been successfully operating since May 1999 by Mitsui Engineering & Shipbuilding Co., Ltd. The
plant was designed for a feed flow of 600 L=h and a concentration of water in the feed of 10 wt%, using 16 tubular type modules
having 125 membranes of zeolite A each [106]. Also, a vapor permeation plant has been operating since September 1999 for a
lens cleaning operation process, 24 double-tube type modules having a piece of zeolite membrane each [106,107].

Pervaporation is a separation process where a liquid mixture is fed to one side of the membrane; one component permeates
preferentially through the membrane to the other side where it evaporates because the pressure is reduced in this side, either by
vacuum or by a sweep gas. After that, the gas is condensed in a cold trap. Figure 10.17 shows a schematic diagram of
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pervaporation. In vapor permeation the feed is a vapor, saturated or not, instead of a liquid. The driving force for pervaporation
is the fugacity of the component that permeates through the membrane. Pervaporation occurs in three steps: (1) the liquid feed
adsorbs onto the membrane, (2) there is a diffusion process through the membrane, and (3) the component desorbs into the
vapor phase at the permeate side. The three steps are illustrated in Figure 10.18.

The performance of a membrane in pervaporation is based on the amount of liquid that permeates, pervaporation flux,
which usually is expressed in kilogram per square meter hour, and the ability to separate the components in the mixture, which
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is given by the separation factor, ai=j, defined as the ratio of the weight fraction components in the permeate divided by the ratio
of the weight fraction of the components in the feed.

ai=j ¼
ypi =y

p
j

x f
i =x

f
j

Distillation is a unit operation based on the relative volatility of the components in the mixture; this unit operation encounters
many problems in the separation of azeotropic mixtures, close boiling point mixtures, isomer separation, and removal of
thermally sensitive compounds. Azeotropic distillation is an alternative; however, it adds a third component to break the
azeotrope and this solution it is not environmental friendly and cost effective. Pervaporation could overcome these drawbacks
and it is presented as a solution for the separation of these kinds of mixtures. In this section, we discuss the separation of
different azeotropic and close boiling point mixtures.

Zeolite membranes are not the only kind of membranes that have been used in pervaporation, organic and other types of
inorganic membranes, different from zeolites, have been employed. Polymeric membranes of PVA (polyvinylalcohol) have
been widely employed for dehydratation and separation of organic mixtures; however, their main limitations are related to their
low thermal and chemical stability. When the water content in the feed mixture is high, polymeric membranes suffer from
swelling; moreover, in the separation of organic mixtures they usually present a low selectivity.

Since the pioneering work of Tehennepe et al. [108] in 1987 many efforts have been made filling the polymeric matrix with
zeolites to improve their stability. There are several companies, such as Sulzer Chemtech, that offer pervaporation organic
membranes and composite membranes [109].

The inorganic silica membranes, also commercial, have solved the problem of thermal and chemical stability; however,
these membranes are only used for dehydration purposes, leaving the problem of separation of organic mixtures unsolved. As
we have seen previously, due to the versatility and special features of zeolites, new applications in pervaporation that are not
possible with other membranes could be developed with zeolite membranes. Gallego-Lizon et al. [110] compared different
types of commercial available membranes: zeolite NaA from SMART Chemical Company Ltd., silica (PERVAP SMS) and
polymeric (PERVAP 2202 and PERVAP 2510) both from Sulzer Chemtech GmbH, for the pervaporation of water=t-butanol
mixtures. The highest water flux was obtained with the silica membrane (3.5 kg=m2 h) while the zeolite membrane exhibited the
highest selectivity (16,000).

The main disadvantage of zeolite membranes is their cost; there are several studies related to this subject [80,111].
Meindersma and Haan [80] studied the economical feasibility of pervaporation or vapor permeation processes for the separation
of aromatic compounds from a naphtha cracker feed and modeled the separation of benzene from cyclohexane taking into
account the separation data presented by Kita et al. [112], with an FAU membrane. The results indicated that the selectivity of
the membranes to the aromatics should be at least 40 and preferably 80 to avoid large membrane areas. The conclusion is that
the cost of the zeolite membrane, estimated at that time in 2000 £=m2, needs to be reduced by a factor of 10 to get an
economically feasible application. On the other hand, the recent economic study [111] for the dehydration of isopropyl alcohol
comparing azeotropic distillation with pervaporation using either zeolite commercial membrane (NaA type zeolite, Mitsui &
Co.) or polymeric (PERVAP 2510, Sulzer Chemtech GmbH) estimated that a hybrid distillation system with zeolite membranes
is the most interesting process from an economic point of view. The economic calculations were accompanied by experimental
results of both membranes. The zeolite membrane price, including the module obtained from the supplier, was 3400 £=m2 in
this case.

Many publications refer to pervaporation with zeolite membranes and recently the group of Falconer and Noble has
presented an excellent review paper [113] about this subject. In a bibliographic search about pervaporation and zeolites for the
last 10 years we find that many efforts, 28% of the publications, pertain to composite zeolite-polymer membranes, and the rest
correspond to different zeolite structures that are summarized in the pie chart shown in Figure 10.19. The most studied structure

MFI

LTA

FAU

MOR

Others

FIGURE 10.19 (See color insert following page 588.) Distribution of publications about zeolite membranes in pervaporation during the
last 10 years. (From ISI Web of Knowledge. Web of Science.)
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is theMFI, followed by LTA and a similar number of publications could be found about FAU andMOR. The heading ‘‘others’’ in
the pie chart, which represents a 15%, corresponds to FER, BETA, MEL, ZSM-11, and related materials like ETS-10 or ETS-4.
The different applications of these zeolites in pervaporation include alcohol dehydration, water removal in acid solutions, organic
dehydration separations such as water=tetrahydrofurane, water=dioxane or water=dimethylformamide, removal of organics from
water and organic=organic separations such as methanol=MTBE or p-xylene=o-xylene. In the following sections the mechanism
of pervaporation in zeolite membranes are briefly described and the details about the different applications are provided.

10.5.1 PERVAPORATION MECHANISM IN ZEOLITES

The different mechanisms that operate in the separation of gases have been previously described in Section 10.4.1. In
pervaporation, the transport mechanism can be described by an adsorption–diffusion mechanism [74,114] similar to one for
polymeric membranes [115]. However, it is necessary to consider that the specific interactions between the permeating
component and the zeolitic material are different in zeolites. Moreover, the diffusion through the ordered zeolite nanopores
is different than in the dense organic matrix.

Two important considerations that appear in zeolite membranes should be taken into account for the transport of the
molecules through the membrane [113]:

1. Zeolite membranes are formed by a polycrystalline layer, which means that the permeation is not only through the
ordered nanopores of the zeolite crystal, intracrystalline pathways, but also through the spaces between the crystals,
intercrystalline pathways (see Figure 10.20). Nomura et al. [116] proposed a model taking into account this
consideration.

2. Surface of the zeolite crystal is full of siloxane groups, and hydrophilic molecules can take advantage of this and also
adsorb into the intracrystalline spaces enhancing the permeance of the hydrophilic molecule. This special feature is an
advantage for hydrophilic=hydrophobic separations, and makes the organic=water separations with hydrophobic
zeolites more difficult.

These two special features make the modeling issue of pervaporation through zeolite membranes a very challenge topic. It
is generally assumed that the diffusion of the species through the zeolite pores can be modeled using the dusty gas model and
the M–S equation to correlate the chemical potential with the permeation flux. Considering this model and that there is no
counterdiffusion, the adsorption of the species follows Langmuir isotherm, and there is single-file diffusion of molecules
through the cages and presence of trace amount of solvent species inside the cages, the flux could be expressed as [114]

Ji ¼
rS«D

S
i,V (0)

d
(qi,f � qi,p)

where
Ji is the flux of the component i
rS is the zeolite membrane density
« is the porosity of the membrane
DS

i,V (0) is the intracrystalline surface diffusivity
d is the thickness of the membrane
qi, f and qi,p are the adsorbed quantities of component i on the zeolite membrane at the feed and the permeate side,

respectively

Support

FIGURE 10.20 (See color insert following page 588.) Transport through intercrystalline and intracrystalline pathways.
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A simple model that relates the flux of the component with the driving force, which is the fugacity, has been proposed
[74,113,114].

Ji ¼ Ki( f̂
f
i � f̂ pi )

In the liquid feed side, the fugacity, f̂ i
f, could be obtained with the molar fraction, xi, the activity coefficient gi and the saturated

partial pressure of the component at the operating temperature Pi
s. In the permeate side where the component i is in the gas

phase, fugacity is the result of multiplying yi molar fraction of component i in the permeate by pressure in the permeate side.
The following equation is obtained:

Ji ¼ Ki(xigiP
s
i � yiPp)

The constant Ki is an overall mass transfer coefficient that includes diffusion and adsorption coefficients divided by the
membrane thickness.

Finally, it is important to notice the effect of the support in the pervaporation flux, analyzed by Bruijn et al. [117] who
proposed a model and evaluated the contribution of the support layer to the overall resistance for mass transfer in the selected
literature data. They found that in many cases, the support is limiting the flux; the permeation mechanism through the support
corresponds to a Knudsen diffusion mechanism, which makes improvements in the porosity, tortuosity, pore diameter, and
thickness necessary for an increase in the pervaporation flux.

10.5.1.1 Adsorption: Hydrophobicity and Hydrophilicity

As we have seen previously, the separation mechanism in pervaporation is explained by an adsorption–diffusion process. In this
way, the selective adsorption of the components in the zeolite will be responsible for the selectivity in the separation.
Adsorption is an exothermic nonactivated process. In general, the isotherm of adsorption on zeolites follows a single site
Langmuir-type isotherm [74].

q ¼ qsat,ibi f̂i

1þ bif̂i

where
q is the quantity of gas adsorbed at a given fugacity, f̂ i
qsat,i is the quantity of gas adsorbed when the entire surface is covered with a monomolecular layer
bi is the Langmuir equilibrium constant

The heat of adsorption is related to the affinity of the component to the surface; a high heat of adsorption means that the zeolite
strongly adsorbs this component. The adsorption measurement implies many difficulties as was pointed out by Bowen et al.
[113], and the different techniques employed—microcalorimetry, gravimetric, chromatography, and transient permeation—
give rise to different values.

Generally speaking, two terms, hydrophobic and hydrophilic, are employed in pervaporation in zeolite membranes, to refer
to the affinity of organophilic and water molecules, respectively, toward the zeolite. In this way, a hydrophilic zeolite adsorbs
and preferentially permeates water. Gyaya et al. [118] defined a hydrophobicity index (HI), which is the ratio between the
amount of organic and the amount of water that a solid adsorbs:

HI ¼ qorganic
qwater

The adsorbed amount should be measured at the same conditions that actually are not specified in this definition. However, this
hydrophobic index could be very useful for comparison purposes of different zeolites that are later discussed in this chapter.

The hydrophobicity and hydrophilicity character of a zeolite depends on many factors; one of the most important is the Si=Al
ratio. The introduction of the trivalent Al in the structure needs to be compensated by adding a cation; the electrostatic forces
between the negative charge framework and the cation also attract polar molecules [113]. Moreover, for a given zeolite structure,
the Si=Al ratio could also be varied, as in the isomorphs of the MFI structure, ZSM-5, and silicalite-1 [119]. Silicalite-1 with a
Si=Al ratio equal to infinity is the most hydrophobic zeolite, and this zeolite will separate organic compounds from water
[116,120–126] or organic compounds with different polarity [119,127,128]. On the other hand, zeolite A possesses a ratio of
Si=Al¼ 1, which makes this zeolite the most hydrophilic, as a consequence it is employed in the separation of water=organic
mixtures (see Section 10.5.2.4). It is important to note that as the Al content increases, the stability of the zeolite in acid medium
decreases. This fact moved the researchers to study other zeolites with an intermediate Si=Al ratio that could resist acid medium.
Zeolites like mordenite [129], zeolite T [130–132], and ZSM-5 [129] were synthesized and studied in acidic conditions.
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10.5.1.2 Diffusion

Activated surface diffusion or configurational diffusion occurs in molecules with a diameter larger than 60% of the pore
diameter, as is the case in pervaporation with zeolite membranes [113]. Diffusion is an activated process and the diffusivity
follows an Arrhenius-type equation:

D ¼ D0 exp � Ed

RT

� �

The diffusivity of a molecule gives an idea about its mobility, how fast it is permeating through the membrane, and this value
will be very useful for predictions of separations and fluxes. The calculations of diffusivities in pervaporation lead to several
difficulties, and arising from those, there are different experimental techniques: pure vapor uptake measurements and liquid
chromatography. In the first case, the coverage of the zeolite is smaller than in pervaporation where the liquid is in contact with
the membrane, so the liquid chromatography method seems to be more realistic with respect to zeolite coverage. A new
isotopic-transient pervaporation method has been employed to measure diffusivities in Ge-ZSM5 membranes [73]. This method
also accounts for one of the problems in determining diffusivities which is the measurement in multicomponent mixtures. The
results obtained for the MeOH=EtOH mixture are in accordance with the results obtained with the molecular dynamics
simulations using the M–S model and the experimental observations. Table 10.2 shows the values of the calculated apparent
diffusivities of the pure components and of the components in the mixture; in the pure component the large molecule of
ethanol diffuses slower than the small molecule of methanol; however in the mixture, the ethanol speeds up and inhibits the
diffusion of methanol (see Section 10.4.1.2).

The third problem associatedwith the measurement of diffusivities in zeolite membranes is related to the fact that the membrane
is a polycrystalline layer that possesses intercrystalline defects and diffusion also takes place through these random defects.

10.5.2 APPLICATIONS

10.5.2.1 Alcohol Dehydration: Zeolite A

Alcohols and water form azeotropes at different compositions (see Table 10.3) [133] characterized by low-water content. In
pervaporation it is important to remove the species present at low concentrations, because heat transfer and the amount of

TABLE 10.2
Apparent Diffusivities of MeOH and EtOH as Pure Components
and in Mixtures

MeOH (%) EtOH (%) DMeOH�1013 (m2=s) DEtOH� 1013 (m2=s)

100 — 21� 2 —

— 100 — 4.4
95 5 19 7.5
5 95 6 5

Source: From Bowen, T.C., Wyss, J.C., Noble, R.D., and Falconer, J.L., Micropor. Mesopor.

Mater., 71, 199, 2004.

TABLE 10.3
Azeotropes of Selected Organic Compounds with Water at 101.33 kPa.
Temperature, Mole Fraction, and wt% of Water

Compound Temperature (K) yi,H2O wt% of Water

Ethanol 351.25 0.1030 4.30
1-Propanol 360.80 0.5680 28.29
2-Propanol 353.70 0.3260 12.67

Tetrahydrofuran 336.67 0.1828 5.30
1,4-Dioxane 360.65 0.5280 18.62

Source: From Azeotropic data for binary mixtures. In: David R. Lide (Ed.), CRC Handbook of Chemistry and

Physics, 85th ed. CRC Press 2004–2005: 6-180–6-181.
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energy required for this operation becomes substantial if large quantities are removed [113]. The zeolite most commonly
employed for water removal from alcohols is zeolite A. It is a highly hydrophilic zeolite, due to its low Si=Al ratio, and it has a
small pore opening of 0.41 nm, bigger than the kinetic diameter of water but smaller than many alcohols [74]; these features
make zeolite A the best candidate for the dehydration of alcohols. Since the pioneering work of Kita [134] in 1995, patented by
the Mitsui Shipbuilding & Co., Ltd. [135], many authors have attempted to synthesize and test zeolite A membranes for the
dehydration of alcohols. Table 10.4 collects the results for the dehydration of ethanol, obtained by several authors. Kita et al. in
1995 patented zeolite A with a 30 mm thickness that clearly outperforms the results obtained up to now, except for the case
of Berg et al. [136] using a UV-exposed TiO2-coated metal support. They synthesized a well-intergrown thin zeolite layer,
3.5 mm, over a flat support and their flux, obtained with a 5=95 wt% H2O=EtOH mixture at 458C, which was 0.896 kg=m2 h,
was more than twice the flux obtained by Kondo et al. [137] using the same mixture at 508C, which was 0.396 kg=m2 h.

Santamaría and coworkers attempted to develop new methods for an easy scale-up of zeolite membranes. Tiscareño-
Lechuga et al. [38] synthesized zeolite A membranes under a centrifugal force field. The zeolite layer was synthesized in the
lumen of the tubular support, to protect the zeolite layer. A brushing method was employed to seed the support and after
two syntheses, the pervaporation results showed a high water flux membrane. Pina et al. [35] used a semicontinuous method to
decrease the number of synthesis necessary to achieve a defect-free layer. They obtained very good membranes with high
selectivities; however, the fluxes were still lower than those obtained by Kondo [137]. Finally Pera-Titus et al [37], using the
centrifugal force field and a controlled seeding method that consisted of a cross-flow filtration of a seed solution, found an
optimum for the seeded weight gain of 0.4 mg=cm2. The results in pervaporation showed similar fluxes than those of Kondo
et al. However, the calculated separation factor of 500 was smaller.

Huang et al. [140] also developed a vacuum seeding method that resulted in a 6 mm zeolite layer that separates a mixture
5=95¼H2O=i-PrOH at 343 K with a separation factor>10000 and a water flux of 1.67 kg=m2 h. The optimal conditions
corresponded to a solution of a concentration of 7 g=L, with seeds of 3000 nm, and the vacuum applied for the seeding was
0.0150 kPa during 90 s.

Table 10.4 also shows the values obtained by Kondo et al. [137], with varying ethanol concentrations at different
temperatures. As the concentration of water in the feed increases, the separation factor increases. The water adsorbs in the
inter- and intracrystalline pores of the zeolite A, hindering the permeation of ethanol, which typically occurs up to a value
around 10 wt% of H2O where there is no more increase, as it was observed by several authors [115,141]. The water flux
increases as the water concentration increases, because the driving force for pervaporation increases. The temperature does not
affect significantly the separation factor; however, the flux rises markedly since the mobility and diffusion of the molecules
increases with temperature, due to surface diffusion is a temperature-activated process.

The separation of other alcohols different from ethanol has also been studied by Okamoto et al. [141] who found out that
the separation factor increases in the order i-PrOH> n-PrOH>EtOH>MeOH as the kinetic diameter decreases. The methanol

TABLE 10.4
Pervaporation Performance for Zeolite NaA in the Separation of Mixtures
H2O=EtOH

Publication
Year Temperature (8C) % H2O

Water
Flux (kg=h m2)

Separation
Factor aH2O=EtOH Ref.

1995 75 10 2.15 10,000 [134]

75 5 1.10 16,000
1997 50 10.09 0.772 46,000 [137]

75 10.09 2.08 42,000

120 10.09 8.37 47,000
50 5.02 0.396 4,800
75 5.02 1.10 5,900
95 5.02 2.35 5,100

120 5.02 4.30 5,600
2000 40 10 0.08 190 [138]
2002 25 10 0.085 1,150 [139]

50 10 0.14 975
75 10 0.18 900

2003 120 10 8.63 5,730 [107]

2003 93 10 2.5 138 [36]
2003 45 5 0.86 54,000 [136]
2004 125 10 3.8 3,603 [33]
2005 50 10 0.6 500 [35]
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molecule (0.38 nm) is smaller than the pores of the zeolite A and could enter the pores, decreasing the separation factor and
the water flux.

10.5.2.2 Alcohol Dehydration: Other Zeolites

Zeolites different from zeolite A have also been employed in the dehydration of alcohols, such as FAU structure with zeolites X
andY [106], ZSM-5 [119,142],MOR [142–147], T [130,131] and also zeolite relatedmaterials, ETS-4 [24] and ETS-10 [27]. The
published results are shown in Table 10.5. Separation factors and water fluxes are smaller than those in zeolite A. This behavior
was expected since zeolite A is the most hydrophilic, which results in higher water fluxes; also, the pore opening in zeolite A is
smaller than the alcohol kinetic diameter, which makes it shape selective, and this does not occur in the other zeolites. The Si=Al
ratio is higher andmakes themmore stable under acidic conditions. The highest separation factor could be observed for the zeolite
T and the mordenite prepared by Zhang et al. [144]. This result could be explained based on the different structures [113]; FAU
structure possesses only 12-membered ring (MR) pores whereas zeolite T (OFF structure) and MOR possesses, in addition,
8-membered ring pores which lay perpendicular to the 12-MR pores. As the zeolite layer is randomly oriented these 8-MR provide
an alternative pathway to water, hindering ethanol diffusion and giving rise to higher selectivities for MOR and T.

10.5.2.3 Water Removal in Acid Solutions

Although the performance of zeolites different than zeolite A is lower, the acid stability of these zeolites is higher than that of
zeolite A and makes them good candidates for the separation of acid mixtures. Both, the separation of water in the esterification
reaction for equilibrium displacement in a membrane reactor, and the separation of the water=acetic mixture, required a water
permeable acid-resistant membrane. The most promising results concerning separations in acid medium have been obtained
with zeolite T [130–132] and MOR [147]. Li et al. [147] synthesized MOR in the outer part of an a-Al2O3 support, and studied
the effect of crystallization time on the separation of water=i-propanol mixtures (10=90 wt%). All the membranes showed a
high-separation factor around 4000, and as the synthesis time increased the water flux decreased, due to the increase in the
membrane thickness. The membrane obtained after 2 h synthesis time was tested in a water=acetic acid mixture (50=50 wt%) at
808C. A separation factor of 900 and a water flux of 0.67 kg=m2 h were obtained. The effect of temperature, from 408C to 908C,
and that of concentration from 50 to 90 wt% of acetic acid in the feed were also studied. The flux of water and acetic acid
increased with temperature, due to an increase in the partial vapor pressure, which is the driving force for pervaporation.
A linear dependence between the partial vapor pressure and the water and acetic acid fluxes was obtained. At high acetic acid
concentration, 90 wt%, the separation factor decreases to almost 50. After the exposure to this mixture, the membrane
was cleaned with pure water and tested again in a 50=50 wt% water=acetic acid mixture at 808C showing a water flux of
0.614 kg=m2 h, similar to the one obtained previously, and a slight decrease in the separation factor, resulting in a final value
of 299. The authors concluded that this decrease was not related to a deterioration of the membrane. The decrease in separation

TABLE 10.5
Dehydration of Alcohols Results in Pervaporation for Zeolites Different than Zeolite NaA

Si=Al Zeolite Mixture Temperature (8C)
Flux

(kg=m2 h) a Ref.

1.3 X H2O=EtOH (10) 75 0.89 360 [106]

1.9 Y H2O=EtOH (10) 75 1.59 130 [106]
Y H2O=EtOH (10) 75 3.9 109 [148]
ZSM-5 H2O=i-PrOH (5) 80 0.14 501 [119]

15.9 ZSM-5 H2O=i-PrOH (10) 75 3.14 690 [142]

MOR H2O=i-PrOH (10) 75 0.1 3360 [143]
MOR H2O=n-PrOH (10) 75 0.2 1782 [143]
MOR H2O=EtOH (10) 150 0.33 310 [101]

MOR H2O=EtOH (15) 70 1.32 5200 [144]
7.3 MOR H2O=i-PrOH (10) 75 0.255 330 [142]
3.6 T H2O=EtOH (10) 75 0.81 830 [131]

T H2O=EtOH (10) 75 0.6 4400 [131]
T H2O=MeOH (10) 75 0.16 37 [130]

H2O=EtOH (10) 75 1.10 900

H2O=i-PrOH (10) 75 2.2 8900
ETS-4 H2O=EtOH (10) r.t. 0.02 300 [46]
ETS-10 H2O=EtOH (10) 140 1.1 12 [49]

Note: r.t. stands for room temperature.
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factor with the acetic acid concentration could be explained by an association of water and acetic acid molecules that lowers the
amount of water adsorbed in the zeolite.

For a zeolite T (OFF structure, 0.68 nm XRD pore diameter), Tanaka et al. [131], observed that the separation factor of a
water=acetic acid (50=50 wt%) measured at 758C decreased monotonically after the immersion of the membrane into the acetic
acid mixture. Initially, the separation factor and water flux were 182 and 1.46 kg=m2 h, respectively, and after 32 h these values
changed to 86 and 1.77 kg=m2 h, showing a deterioration of the membrane. Cui et al. [130] also studied the stability of crystals
and membranes of zeolite T in acid medium. The powders were immersed in a 50=50 wt% water=acetic acid mixture for 7 days
at 758C and also in HCl solutions 0.5 and 1 M for 1 h at 508C. The analysis of the samples after the treatment by ICP and XRD
indicated that the sample treated in the acetic acid solution maintained its original Si=Al ratio equal to 4; however, the
hydrochloridric acid treatment with the 1 M solution destroyed the zeolite structure and the 0.5 M solution dealuminated
the zeolite to a Si=Al equal to 8.9 and the XRD analysis corresponded to zeolite T. The membrane performance, after being
used for 1 week at different water=acetic acid concentrations, remains almost unchanged and the separation factor of the
membrane treated in HCl dramatically decreased as was expected.

The pervaporation of water=acetic acid mixtures was also evaluated with ZSM-5 membranes by the Matsukata group [129];
the initial values of the separation factors in a 50 wt% acetic acid aqueous solution were around 10 to 20 due to the preferential
adsorption of acetic acid which decreased the amount of water adsorbed. To increase the amount of water adsorbed, a surface
modification that consisted of an alkali treatment with NaOH was carried out. After the treatment, the water flux and separation
factor increased markedly, reaching values up to 381 and 0.783 kg=m2 h, respectively.

Masuda et al. [149] also prepared a hydrophilic acid-proof silicalite-1 membrane by removing the template using a liquid-
phase oxidation method with hydrogen peroxide. The selective permeation of water molecules occurred through the silanol
groups formed in the micropores of the silicalite and in the intercrystalline defects of the membrane, obtaining very low fluxes
of water (2 � 10�4 kg=m2 h). Kalipcilar et al. [150] prepared a SSZ-13 membrane able to break the azeotrope of H2O=HNO3,
the permeate concentration was 38.3 wt% HNO3, and the total flux was 0.12 kg=m2 h at 258C.

10.5.2.4 Organic Dehydration

General-purpose organic solvents used in the chemical industry that are difficult to separate with conventional methods
represent a potential area where pervaporation finds applications. The use of polymeric membranes in this case was not very
successful due to the low chemical stability of the polymers in the organic solvent. The separations that have been
accomplished up-to-date with zeolite membranes include tetrahydrofuran, dimethylformamide, and dioxane.

Tetrahydrofuran, THF, is an important industrial solvent and forms an azeotropic mixture at 5.3 wt% with water (see
Table 10.3). To separate water=THF, Li et al. [148] tested the pervaporation performance of different hydrophilic
zeolite membranes, zeolite A, zeolite Y, MOR, and ZSM-5. The preliminary test showed that the separation factor increased
as the Si=Al ratio of the zeolite decreased, except for the case of zeolite A. This fact is probably due to the lower quality of
this membrane with respect to the others; since in the permeation of triisopropylbenzene (TIPB), showed the highest flux,
3.1 g=m2 h, indicating the presence of nonselective defects. Therefore, the best results were obtained with zeolite Y, rendering a
separation factor of 300 with a water flux of 2.24 kg=m2 h at 608C. The water flux increased with water concentration in the
feed, up to a value of 15 wt%, indicating that the zeolite was saturated, as was the same for the case of water=ethanol mixtures in
zeolite A, previously described. At the same time, the separation factor decreases as water concentration decreased. The
stability of the membrane was also studied, showing a stable performance after 35 h of operation.

Urtiaga et al. [151] studied the dehydration of industrial solvents, THF and acetone, using a commercial zeolite A
membrane (SMART Chemical Company Ltd., United Kingdom). As it was previously pointed out, the separation factor
strongly depends on the water concentration in the mixture, achieving a maximum separation factor of 20,000 at 0.8 wt% of
water in the feed. In general, separation factors are higher than those obtained by Li et al. [148]. However, water fluxes are
smaller despite the water flux increases 2.4 times when the temperature increases from 458C to 558C (see Table 10.6). Better
results were also attained for a water=THF (10=90) wt% mixture with an inorganic silica–zirconia membrane [152], a separation
factor of 2200 and a water flux of 7.2 kg=m2 h was achieved.

Okamoto et al. [141] studied several water=organic systems that are listed in Table 10.6, and the performance of the zeolite
A membrane was excellent for all the separations. These results could be also compared with the ones obtained using
microporous silica membranes [153]. Silica membranes, for a water=dioxane (10=90 wt%) mixture at 608C, showed a
separation factor of 125 and a water flux of 2.2 kg=m2 h. For dymethilformamide, (DMF), the results obtained for a mixture
of water=DMF (13.2=86.8 wt%) were 30 and 0.225 kg=m2 h for the separation factor and water flux, respectively. In both
separations, zeolite A outperforms the microporous silica membrane.

10.5.2.5 Removal of Organics from Water

Unlike the others this application demands a hydrophobic membrane; therefore, silicalite-1 with a Si=Al ratio equal to infinity
is the most studied for the separation of ethanol from water, although the hydrophobic Ge-ZSM5 [154] and b-type membranes
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have been also studied. The separation factors for the ethanol=water mixtures, with values from 10 to 125, and ethanol fluxes,
with values from 0.1 to 0.3 kg=m2 h, obtained with these membranes are far from the values obtained with the hydrophilic
membranes for organic dehydration. The presence of silanol groups on the surface of the crystals and in between them (i.e., in
the intercrystalline defects) contributes to the permeation of water, decreasing the organic=water selectivity and permeation flux
of the organic component [113].

Bowen et al. [74] studied the separation of a wide variety of organic compounds in organic=water mixtures (5 wt %) using a
Ge-ZSM-5 membrane. Different organic functional groups were studied: alcohols, aldehydes, carboxylic acids, esters, ethers,
and ketones. The separation factor and flux linearly correlated with the fugacity of the organic component in the mixture, which
is the driving force for pervaporation.

10.5.2.6 Organic Separations

The synthesis of methyl-tert-butyl ether, MTBE, attracted much interest in the past years due to its use as an additive in
gasoline; however, after the presence of MTBE in groundwater was observed, as the result of leaks in storage tanks, the
Environmental Protection Agency [155] investigated and labeled MTBE as a ‘‘potential human carcinogen.’’ Since January
2004 some states in the United States, including New York and California, banned its use; although this is still a controversial
issue since no carcinogenic effects have been demonstrated yet. The separation of MeOH from MTBE was first accomplished
by Sano et al. [127] using a silicalite-1 membrane. Their results in pervaporation were above the vapor–liquid equilibrium
curve, but the separation factors (4–10) and methanol flux (0.08–0.12 kg=m2 h) were very low. The results obtained by Kita
et al. [112] with zeolites Y and X improved markedly, showing methanol fluxes of 1.70 and 0.46 0.12 kg=m2 h, respectively,
and separation factors higher than 5300.

The separation of n-hexane=2,2-dimethylbutane, (DMB), another separation where size exclusion takes place, has been
accomplished by Flanders et al. [156], using pervaporation and vapor permeation. Both, the n-C6 and DMB fluxes are higher in
the former case due to the higher driving force in pervaporation, leading to a lower selectivity compared to vapor permeation.
The separation of xylene isomers on MFI membranes has been described in Section 10.4.2.1 as a separation where size
exclusion takes place. The results of the separation of these isomers using pervaporation with FER membranes [20] and MFI
[21] were not successful, and very low fluxes of 10�9 and 10�7 mol=m2 s, accompanied by separation factors not greater
than 16, respectively, were obtained. The best results for the pervaporation of xylenes were obtained by Yuan et al. [129]
who prepared a template free silicalite-1 membrane, the separation factor for a 50=50 wt% mixture of p-xylene=o-xylene at
508C was 60, and the flux of p-xylene was 13.7� 10�2 kg=m2 h.

10.6 ZEOLITE-MEMBRANE REACTORS

Zeolite-membrane reactors belong to the area of inorganic membrane reactors, a field that started in the 1980s and has
witnessed intense research activity during the last decade as is evident in several reviews [157–164]. Many catalytic processes
of industrial importance involve the combination of high temperature and chemically harsh conditions, two factors that strongly
favor inorganic membranes over their polymeric counterparts even though there is a large cost differential (ceramic membranes,
which are generally used as supports for zeolite layers, are 10–100 times more expensive than polymeric ones [78]).

More specifically in the area of this overview, zeolite materials constitute the main group of microporous membranes with
regard to their potential membrane-reactor applications. The wide variety of existing zeolite structures, together with the
possibility of modifying their adsorption and catalytic properties, provides us with a working material of high flexibility. As a

TABLE 10.6
Pervaporation Performance in Organic Dehydration of Solvents with Zeolite Membranes

Zeolite
Solvent

(H2O wt%) Temperature (8C)
Flux H2O
(kg=m2 h) aA=B Ref.

A Dioxane (10) 60 1.87 >9000 [141]

A DMF (10) 60 0.95 >9000 [141]
A Acetone (10) 50 0.91 5600 [141]
A Acetone (5) 50 0.83 6800 [141]
A THF (6.7) 60 0.49 50 [148]

Y THF (5) 60 2.1 360 [148]
Y THF (6.7) 60 2.4 200 [148]
MOR THF (6.7) 60 0.42 15 [148]

A Acetone (10) 48 0.314 50 [151]
A THF (7) 55 0.98 1240 [151]
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matter of fact, zeolite-membrane reactors have undergone an impressive expansion, thanks to the availability of procedures to
prepare zeolite membranes and layers with sufficient quality and reliability.

Nevertheless, the development of zeolite-membrane reactors still requires improvements in the fluxes and separation factors
attained to date, an objective to which many efforts have been devoted in recent years with the aim of materializing an industrial
application of zeolite-membrane reactors. Several reviews have been published in the last 5 years dealing completely or
partially with zeolite membranes [2,3,5,161,162,165–167]. Particularly, noteworthy have been the advances regarding the use
of supports of different natures and characteristics (see Section 10.6.4), the control of the orientation and thickness of zeolite
layers (see Section 10.2.1.2), and the preparation of new zeolite materials such as membranes (see Section 10.3). In spite of
these advances, before zeolite-membrane reactors are used in industry (see Section 10.6.5), significant progress must be
achieved in more prosaic issues such as scale-up and control of the synthesis process to increase membrane reproducibility.

After a rapid revision of the general working principles of inorganic membrane reactors, comprehensively discussed in the
previously quoted reviews; the present overview is focused on applications for already proposed inorganic membrane-reactor
types as well as new reactor concepts involving zeolite membranes and coatings [5,6]. Starting from the general basis, we have
selected recent developments (mainly over the last 5 years), from authors’ point of view, to represent suitable illustrations of
reactor concepts, interesting applications, or emerging ideas.

10.6.1 GENERAL CONSIDERATIONS ON INORGANIC MEMBRANE REACTORS

The concept of combining membranes and reactors is being explored in various configurations, which can be classified
according to the role played by the membrane (see Table 10.7). Different membrane shapes can be used: flat discs, tubes (dead
end or not), hollow fibers, metal gauze, foils, or monolith multichannel elements; but for simplification purposes all the reactor
schemes shown here are for a tubular geometry. When an inert membrane reactor (IMR) is used, the catalytic material does not
form part of the membrane. A typical configuration is a tubular membrane enclosing a fixed bed of catalyst. In this case, the
membrane does not participate in the reaction directly, but it is used to add (reactant distribution) or remove (product removal)
certain species from the reactor. The most widely used application involves equilibrium displacement by the removal of at least
one reaction product, which preferentially (mesoporous membranes) or selectively (dense membranes) permeates through the
membrane (see Figure 10.21a). The equilibrium constant does not change, but the product is removed from further contact
with the catalyst so that a reverse reaction cannot occur. Most often, the removal of H2 in dehydrogenation reactions has been
the process of choice, although other processes such as decomposition or syngas production have also been studied.
Equilibrium displacement can be enhanced through reaction coupling (see Figure 10.21b) on both sides of the membrane
where complementary processes are carried out. The reactions often use different catalysts, which are packed on opposite sides
of the membrane.

A second application of IMRs consists of using the membrane to distribute a reactant to a fixed bed of catalyst packed on
the opposite side (see Figure 10.21c). The most frequent case corresponds to a series–parallel reaction network where there is a
favorable kinetic effect regarding the partial pressure of the distributed reactant. Thus, IMRs have been used successfully as
oxygen distributors in many oxidations; where not only greater selectivity with respect to conventional arrangements is
obtained but also a safer operation where a reduced formation of hot spots, lower probability of runaway, and catalyst life
enhancement are achieved.

For catalytic membrane reactors (CMRs), the catalytically active membrane often acts as a contactor in which the diffusion
of reactants through a finite catalytic layer inside the porous structure takes place. The concept can be used with an opposing
reactant mode or with a forced flow mode. In the former case (see Figure 10.22a), the catalytic membrane is used to keep
reactants segregated on its either side providing a safer operation which is really important for oxidation processes. Suitable
operation conditions provide us with a catalytic-engineered reaction zone where reactants are in a stoichiometric ratio
preventing their slip to the opposite side and minimizing further reaction to undesired by-products by controlling the residence
time of the products. This configuration has been applied to both equilibrium (alkenes hydrogenation) and irreversible
reactions (partial oxidations, wet air oxidation of organic contaminants). In particular, triphasic (gas=solid=liquid) reactions
(see Figure 10.22b), which are limited by the diffusion of the gaseous reactant into the liquid phase up to the catalytic surface,
are significantly improved by using this concept [168–173].

TABLE 10.7
Classification of Inorganic Membrane Reactors

Inert membrane reactors (IMRs) The catalyst is located apart from the membrane structure

Catalytic membrane reactors (CMRs) The membrane material itself is catalytic or becomes catalytically active during preparation
by the addition of active precursors

Combined There is a catalytic material both inside and outside the membrane
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Finally, in catalytic membrane reactors operating in flow-through configuration (see Figure 10.22c), largely investigated for
enzyme-catalyzed reactions, a premixed feedstream is forced to permeate through the catalytic membrane with the objective of
attaining higher conversions by decreasing mass transfer resistances at the expense of a significant pressure drop.

10.6.2 TRADITIONAL APPLICATIONS OF ZEOLITE-MEMBRANE REACTORS

It has been considered traditional applications of zeolite-membrane reactors those based on reactor concepts already demon-
strated using mesoporous or dense membranes. These include conversion enhancement by equilibrium displacement or by the
removal of inhibitors, and selectivity enhancement by reactant distribution. For such cases, the zeolite membrane is usually
catalytically inert and is coupled with a conventional fixed bed of catalyst placed on one of the membrane sides.
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10.6.2.1 Zeolite-Membrane Reactors for Conversion Enhancement by Product Removal

The removal of products to increase conversion in equilibrium-limited reactions is indeed one of the first applications that
comes to mind when considering membranes in a reaction environment. To make beneficial the use of the membrane reactor,
the membrane employed must be able to separate preferentially at least one of the products from the reaction mixture, at a
reasonable rate and selectivity. If the selectivity of the membrane is insufficient, reactant loss will become significant and the
overall conversion in the membrane reactor will be lower than in a conventional packed bed reactor. If the permeation rate is
insufficient, the ratio between the membrane surface area required and the volume of the catalyst bed will become unrealistic.

With the development of zeolite membranes, the field of possible applications has become much broader. Successful
reaction–product separation by zeolite membranes is governed by differences in the affinity of the components with the zeolite
framework or by differences in the mobility of the components in the zeolite framework; i.e., besides molecular sieving and
differences in diffusivities, differences in adsorption appear to be a key factor in separation selectivity [61,174].

The membrane group at IRC (Institute on Research of Catalysis, Lyon, France) has studied intensively isobutane
dehydrogenation in a fixed catalytic bed using MFI membranes to permeate hydrogen [175–177]. Silicalite-1 membranes
were synthesized hydrothermally [178,179] in the macroporosity of a-alumina tubular supports to minimize long-range stresses
during thermal cycling and to limit the maximum size of defects to the pore of the host. One of the interesting results of these
studies was the realization of the need to develop specifically very active catalysts able to keep up with the high extraction
ability of the membrane. Thus, catalysts designed for fixed bed operation may not be suitable for use in membrane reactors,
where the reactive environment is different (deactivation phenomena may arise) and where there is a clear need to tailor the
catalytic activity to match the permeation capabilities of the membrane. The need of an adapted catalyst for use in membrane
reactors may be a general requirement of membrane reactors, which perhaps has received less attention than that dedicated to
membranes. These authors also stressed the negative effect of reactant (isobutane) loss when the membrane is not selective
enough to avoid it.

The catalytic dehydrogenation of cyclohexane in an FAU-type zeolite-membrane reactor packed with a 1 wt% Pt=Al2O3

catalyst has been studied by Jeong et al. [180,181]. The conversion of cyclohexane in the membrane reactor is increased beyond
the equilibrium value (32.2% vs. 72.1% at 473 K) due to the simultaneous and rapid removal of benzene and hydrogen from the
reaction-site side by a sweep flow rate, although the separation factors for benzene over cyclohexane were not high enough at
reaction temperatures (around 10). Furthermore, the results of the simulation for the membrane reactor in which H2 is co feed
with cyclohexane demonstrate the coke inhibition by its relatively high-partial pressures in the reaction side. This is probably
the most useful feature of zeolite-membrane reactors in comparison with their counterparts based on Pd dense membranes.

Zeolite membranes have also been used for hydrogen separation in syngas production. The study of CO2 reforming of
methane over a catalytic membrane reactor at 7008C–7508C has been reported by Liu et al. [182,183] who used composite
La2NiO4–NaY and La2NiO4–NaA catalytic membranes, respectively, with an enclosed packed bed of catalyst in the tube side.
The randomly oriented zeolite membranes were prepared by in situ crystallization procedures over the internal asymmetric
a-alumina tubular supports, and subsequently were catalytically activated by impregnation of a La–Ni gel. For the as prepared
NaY and NaA zeolite membranes, ideal H2=CH4 separation factors at room temperature were 9.8 and 4.2, respectively; i.e.,
higher than the value 2.8 governed by Knudsen diffusion. However, separation factors for binary mixtures were not
significantly high, not only CO and H2 but also CH4 and CO2, diffused toward the outer tube of the zeolite membrane. To
overcome this problem, the authors adopted a La2NiO4-composite zeolite membrane, so that there was methane conversion
to syngas before permeation which led to conversion values higher (up to 21.4 mol%) than that of conventional fixed bed
reactors. Moreover, the problem of catalyst deactivation due to whisker carbon formation (hard to avoid in a CO2 atmosphere)
is partly resolved by adopting a membrane reactor in which the surface coking comes to an equilibrium and the performance of
the catalytic membrane remains at a high level.

Ostrowski et al. [184] analyze the catalytic partial oxidation of methane at 7008C–7508C in a Ni=a–Al2O3 catalyst enclosed
as fixed bed or fluidized bed in a membrane reactor. The silicalite-1 membranes employed exhibited over more than 100 h of
operation high thermal and mechanical stability. In both cases, the separation selectivity was low, mainly controlled by
Knudsen diffusion, i.e., large amounts of methane were removed from the catalytic bed through the membrane and therefore,
could not be consumed in the reforming steps. However, the stainless steel silicalite-1 immersed in a fluidized bed reactor
rendered better separation selectivities to H2 but the permeation flux was not sufficient to shift significantly the equilibrium
toward syngas. To estimate the permeation rates that are necessary for achieving a marked improvement of the syngas yield,
these authors have developed a mathematical model [184] to simulate the membrane reactor performance under conditions
relevant for industrial applications (5–30 bar and 7508C–8008C). The Peclet number, which is given by the ratio of the molar
flow rates at the reactor inlet and the permeation side, necessary for CH4 conversion enhancement is also calculated.

The previous discussion illustrates the difficulties in attaining high gas-phase separation factors with zeolite membranes,
even when good quality membranes are employed. In spite of these difficulties, van de Graaf et al. [185,186] managed to obtain
a considerable increase in conversion (13% higher than the thermodynamic value under optimal operation conditions) and a
very significant shift in product selectivity (a 34% increase in the ratio trans-2-butene=cis-2-butene) in the metathesis of
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propene by using a silicalite-1 membrane supported on a flat stainless steel sheet and 16.4 wt% Re2O7=g-Al2O3 as a catalyst.
This can be attributed to adsorption selectivity for trans-2-butene which is the strongest adsorbing component in the mixture
able to block the pores of the zeolite for the permeation of propene (with selectivity in binary mixtures close to 5). These
authors also compare the conversion in the membrane reactor with and without the presence of a pre-reactor to equilibrate the
feed, making it clear that reactant loss is significantly suppressed by feeding the reactor with an equilibrated mixture.

In general, most of the high-separation factors reported for zeolite membranes are associated with pervaporation processes
(see Section 10.5) or with vapor-separation applications where the permeated component is preferentially adsorbed. This has
given rise to a variety of works in which the membranes have been used for equilibrium displacement by selective product
permeation. The largest group probably corresponds to esterification processes, where hydrophilic zeolite membranes are
employed to remove the product, water, replacing the extensively studied polymer membranes [187–192].

Among the publications related to this subject, Jafar et al. [139] used a tubular NaA zeolite membrane prepared on a
carbon–zirconia support in the vapor space of an esterification reactor to remove the product, water, formed in the reaction of
lactic acid with ethanol catalyzed by p-toluenesulfonic acid. This protected the sensitive zeolite A membrane from acid attack,
and still allowed high-permeation fluxes responsible for the enhanced yields of ethyl lactate. Recently, Budd et al. [193] have
applied a NaA=polyelectrolyte multilayer-pervaporation membrane showing a greater stability under acidic conditions in
comparison with a pure zeolite A membrane and maintaining a high selectivity for water over alcohols. For the same purpose,
Tanaka et al. [131,132] proposed a zeolite T membrane, prepared by ex situ crystallization [130], for the pervaporation-aided or
vapor permeation-aided esterification of acetic acid with ethanol. This membrane has a higher acid resistance and can be
directly immersed in the liquid-phase reaction mixture. The conversions achieved exceed the equilibrium limit and reached to
almost 100% after a stabilization period of 8 h. Another acid-resistant zeolite with a high-potential applicability in acid–
environment reactions is mordenite, which has recently been prepared as a membrane on tubular supports [142–147].

The use of zeolite membranes in esterification reactions was taken a step further by Bernal et al. [194], who used a
catalytically active H-ZSM-5 zeolite membrane to carry out the esterification of acetic acid with ethanol. In this work, a closer
integration of reaction and separation was sought to minimize the transport resistances present in fixed bed reactors enclosed in
inert membranes. In this more traditional type of membrane reactor the products formed on the catalyst must desorb, diffuse to
the membrane surface, and transport to the permeate side. Conversely, when a catalytic membrane is used, the products can be
removed as soon as they are formed, displacing the local equilibrium and achieving a higher turnover rate. As an example,
Figure 10.23 summarizes the results of the study. It can be seen that the conversion obtained at the same feed rate and catalyst
loading was greater in noncatalytic membrane reactors (H-ZSM-5 powder catalystþNa-ZSM-5 membrane) compared to
conventional fixed bed reactors (H-ZSM-5 powder catalyst). However, the conversion was further increased with the catalytic
zeolite membrane (H-ZSM-5 membrane), which clearly outperformed the catalystþ inert membrane configuration.

Water was also the targeted species in two other reacting systems that will be discussed next. Both correspond to the
synthesis of tertiary ethers, i.e., typical examples of equilibrium-limited reactions where the conversion is generally low due to
the limits imposed by thermodynamic equilibrium and where the presence of water has a strong inhibiting effect on the catalytic
activity [194,195]. Therefore, these examples could be also included in the next section of conversion enhancement by
inhibitors removal [196].

Aiouache and Goto [197] coupled a zeolite NaA membrane and a reactive distillation column during tert-amyl alcohol
etherification with ethanol. The reacting system is complex with several azeotropes and two important side reactions. The study
of residue curve maps showed that the azeotropes, where water as a component could be broken by pervaporation, while at the
same time displacing the reaction equilibrium. As expected, the experimental study demonstrated significant gains in tert-amyl
ethyl ether (TAEE) yield when the zeolite membrane tube was placed inside the distillation column. Salomón et al. [198] used
Amberlyst enclosed in the annular space of hydrophilic zeolite membranes (mordenite and zeolite NaA) for the gas-phase
production of methyl-tert-butyl ether (MTBE) from tert-butyl alcohol and methanol. In experiments where mixtures of the main
components were present in the reactor, it was shown that water, being the most polar component, was adsorbed preferentially,
and the separation selectivity obtained with respect to the other components depended inversely on the polarity of the
permeating species. The selective permeation of water increased conversion beyond that attainable in a fixed bed reactor. At
the same time, in the experiments with mordenite membranes, the permeance of MTBE was between 30% and 50% higher than
that of isobutene (an undesired product in this system), leading to a significant enhancement in MTBE selectivity. The increase
in conversion and selectivity gave rise to MTBE yields which were 6.7% points above the equilibrium predictions.

CO2 hydrogenation into methanol is considered today as one of the promising methods to mitigate the greenhouse effect
[199]. Barbieri [200] and Galluci [201] have studied theoretically and experimentally CO2 conversion into methanol under
industrial conditions (2008C–2638C, 20–24 bar) using a fixed bed of CuO-ZnO=Al2O3 catalyst enclosed in a zeolite-membrane
reactor. The use of A-type zeolite-membrane reactors as substitution for traditional reactors is aimed at increasing CO2

conversion since, in principle, in a gas–vapor mixture (CO2, H2, CO, CH3OH, H2O) vapors can preferentially permeate
through zeolite membranes. They concluded that the selective removal of methanol was effective in reducing the rate of the
reverse reaction and also in increasing the turnover rate, via accelerated desorption of methanol and water. An increase of
selectivity was also expected by reducing the incidence of the competing reaction producing carbon monoxide. Particularly,

Pabby et al./Handbook of Membrane Separations 9549_C010 Final Proof page 299 16.5.2008 5:42pm Compositor Name: PJayaraj

Zeolite Membranes: Synthesis, Characterization, Important Applications, and Recent Advances 299



with regard to the methanol yield, the experimental results showed that the zeolite-membrane reactor gives the highest value,
8.7%, compared to a corresponding value of 2.4% for traditional reactor and 2.5% of the lithiated Nafion membrane reactor
studied by Struis [202,203].

10.6.2.2 Zeolite-Membrane Reactors for Conversion Enhancement by Removal of Catalyst Poisons=Inhibitors

Applications in this field are, as could be expected, system-specific and take advantage of the particular features and operating
conditions of the reaction environment. Espinoza et al. [204] used different zeolite membranes for in situ water removal under
typical conditions of Fischer–Tropsch synthesis. In this system, water, a reaction product, is able to oxidize cobalt and iron-
based catalysts, causing deactivation. In addition, water has an inhibiting effect on the rate of reaction over iron-based catalysts.
Selective water removal with hydrophilic zeolite membranes in this system presented significant challenges due to the high
temperatures involved (2008C–3508C), as the interaction between the zeolite and the adsorbed water weakens as temperature
increases. However, high-partial pressures of water are also present, which help to compensate for the effect of temperature.
As a result, satisfactory water=H2 and water=hydrocarbon separation factors could be obtained, even at temperatures of 2508C
and above.

Xiongfu et al. [205] used Fe-MFI and MFI membranes supported on alumina tubes to carry out the dehydrogenation of
ethylbenzene to styrene. The Fe-MFI membranes were prepared by in situ insertion of ferrum species during the hydrothermal
treatment to combine catalysis with separation. The H2=propane separation factor quoted for the as prepared substrates at 258C
was moderately high (25.8), showing a good molecular sieving effect improved by the incorporation of ferrum species into the
zeolite framework. When the Fe-MFI zeolite membrane was applied to ethylbenzene dehydrogenation at 6008C, a 15% and 5%
increase in conversion and selectivity, compared with the fixed bed reactor, was observed, respectively, under certain
experimental conditions. As such, this work would belong to the previous section on equilibrium enhancement. The reason
discussed here is that, according to the findings of this work, the amount of styrene adsorbed on the Fe-MFI membrane was
much lower than on its MFI counterpart, leading to a faster removal of the product. The authors concluded that this helped to
achieve a higher conversion by preventing carbon deposition on the Fe-MFI membrane. XRD analysis of the used and fresh
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membranes showed no change in the overall structure of the membrane, although minor changes have been observed for H2=N2

separation factors, probably due to the pore growth in the presence of water steam at the reaction temperature.
Finally, Nomura et al. [120] used an organophilic silicalite-1 membrane supported on a porous stainless steel disk for the

selective pervaporation of ethanol from a fermentation reactor at 303 K. Glucose medium with dry baker’s yeast was used for
the fermentation broth. In this case, the advantage of using the zeolite membrane was twofold: on the one hand, continuous
removal of ethanol enabled the system to operate continuously, avoiding ethanol inhibition by keeping it at a low concentration.
On the other, it produced a highly concentrated outlet stream (81%–98%, depending on the ethanol concentration of the broth),
which cannot be obtained in conventional fermentation reactors as a result of the relatively high ethanol–water separation
factors achieved (from 85.9 to 218).

10.6.2.3 Zeolite-Membrane Reactors as Reactant Distributors for Selectivity Enhancement

The concept of reactant distribution was intensely investigated with mesoporous membranes (see Refs. [162,163]), mainly for
applications in selective oxidations in instances where low-partial pressures of oxygen would favor the selective oxidation vs.
total oxidation. Under these conditions, distributing oxygen was beneficial and the possibility of increasing selectivity by
oxygen distribution has been demonstrated for many reactions and for both inert and catalytically active membranes.

There have been a few attempts to achieve the same objective using zeolite membranes. Pantazidis et al. [206] have
evaluated and compared the catalytic performances of catalytic V–Mg–O and Ni membrane reactors in the oxidative
dehydrogenation of propane between 3008C and 6008C, using macroporous and mesoporous structures, and a silicalite-1
membrane reactor enclosing a fixed bed of V–Mg–O catalyst. When two reactor configurations—separate feed configuration
(oxygen distributor) and co-feed configuration (flow-through contactor)—were tested, a selectivity value four times higher for
the former mode was observed. Nevertheless, the best performance was achieved with the inert zeolite-membrane reactor when
a separate feeding configuration at high oxygen partial pressures was used (yield to propene 14.6 at 4808C). In a second
approach to the same reaction, Julbe et al. [207] used MFI and V-MFI membranes [208] between 5508C and 6508C. The direct
addition of a very low vanadium content during the formation of the silica-rich zeolite framework led to stable V-MFI=a-Al2O3

composite membranes free of macrodefects (>50 nm). The observed activity of the MFI membrane, which should be
theoretically inactive, may be related to acidic sites created after aluminum dissolution from the support during the hydrother-
mal synthesis (high pH) and leading to a H-ZSM-5 membrane. The propene yields were only moderate, but they were better for
the V-MFI membrane. In spite of this, the performance of the membrane, in terms of selectivity and yield, when used as an
oxygen distributor, was no better than in the flow-through configuration, which the authors attributed to back-mixing and
residence time effects. In a later work from the same laboratory [209], several tubular inert membranes (microporous MFI
zeolite, mesoporous SiO2, and meso-macroporous AlPO4) were evaluated in view of their ability to control the O2 partial
pressure in the catalyst side and to limit the back-diffusion of C3H8 and derived products to the O2-rich side by application of a
transmembrane pressure gradient. The best results were obtained with the low porosity meso-macroporous membrane, in which
the viscous flow contribution to permeation provided an increased barrier effect.

Similarly, Mota et al. [210] carried out the selective oxidation of butane to maleic anhydride over VPO mixed oxides-based
catalysts enclosed in an MFI membrane. Different feed configurations of the zeolite-membrane reactor were tested to
outperform the conventional co-feed configuration. The results achieved were rather similar; however, the authors pointed
out the possibility to take advantage of the O2 distribution, which limits the flammability problems and allows operation with
higher butane concentrations than those used in conventional processes.

It seems that zeolite membranes may not be the best choice as catalytic contactors and oxygen distributors to enhance
selectivity in oxidative dehydrogenation of propane. This may be due in part to the intrinsic catalytic activity of the zeolite
material for this reaction, which probably exerts a nonselective contribution. Therefore, this specific application operates at
conditions that do not make use of the most important properties, which are characteristic of zeolite membranes. More efficient
approaches for selectivity enhancement can be obtained with zeolite membranes, as shown in the next section.

10.6.2.4 Zeolite-Membrane Reactors for Selectivity Enhancement by Control of Reactant Traffic:
A Not-So-Classic Application

As shown before, secondary reactions represent a common problem in the production of bulk and fine chemicals involving
reactions such as oxidation, hydrogenation, alkylation, and halogenation. The well-known kinetic consequences of such
successive reactions often require low conversion, reaction control (no transport limitation), and short residence time to
achieve acceptable selectivities. Regarding the last issue, in the next section devoted to catalytic zeolite-membrane reactors,
the potentiality of this technology for such purposes is demonstrated. However, a more elegant way to overcome this problem is
by preventing the product from secondary reactions by taking advantage of the separation properties of microporous
membranes. In this section, we are proposing a not-so-classic application for these kinds of membranes that has been scarcely
explored up-to-date.
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Microporous membranes in general (pore diameter <2 nm) and zeolite membranes in particular have pores whose
dimensions are similar to those of many molecules. This means that often molecules cannot pass each other in a restrictive
pore medium, and single-file diffusion occurs. Such a molecular queuing (see Figure 10.24) may provide a new scenario for
avoiding secondary reactions, i.e., to increase selectivity in consecutive reaction networks with a valuable intermediate product,
as demonstrated by Lange et al. [211]. These authors used a non-zeolitic microporous Pt=TiO2 catalytic membrane supported
on an alumina disc to carry out the selective hydrogenation of 2-hexyne and hexadiene at 608C–1208C. In this case, the
hydrocarbon reactant (liquid phase) and the dissolved hydrogen were fed to one side of the catalytic membrane, and forced to
permeate through it by using an excess of pressure (0.05–1.5 bar). If the reactants are fed in adequate proportions, under single-
file diffusion transport the probability of a new collision of hydrogen with an already semihydrogenated molecule is much
lower due to the one-dimensional movement through the membrane brought about by a pressure gradient across the membrane,
increasing the yield to selective hydrogenation products. Under these specific conditions, the microporous membranes
exhibited hydrogenation activity and selectivity significantly higher than those of comparable batch catalysts. In a mixture of
possible reactants, one can also increase the selectivity by opting for the reactant that actually arrives to the catalyst. This was
clearly demonstrated some years ago by van der Puil et al. [212,213], who deposited a 0.8–1.3 mm silicalite-1 layer on top of a
Pt=TiO2 catalyst for the competitive hydrogenation of heptene and 3,3-dimetlylbut-1-ene at 1008C. Both compounds gave
similar conversions when uncoated Pt=TiO2 catalyst particles were used. However, on the silicalite-1 coated catalyst the
conversion of heptane was 37 times faster compared to dimetlylbutene due to the selective permeation of the linear compound.
A second effect of the silicalite-1 layer was to limit the amount of hydrogen reaching the active layer due to blockage of the
hydrogen passage by adsorbed hydrocarbons. This led to an increase in the reaction selectivity toward isomerization products.
Similarly, Nishiyama et al. [214] have synthesized a 40 mm silicalite-1 layer on spherical Pt=TiO2 particles (0.5 mm in
diameter) to carry out the hydrogenation of a mixture of 1-hexene and dibranched 3,3-dimetlylbut-1-ene. The obtained results
indicate the feasibility of the application of catalyst particles coated with a permselective membrane to achieve linear reactant
selectivities at molecular level.

This type of approach (reactant filtering) has a tremendous potential in fields such as reactive semiconductor sensors, where
the main problem is the lack of selectivity. Figure 10.25a illustrates a typical sensor scheme. The measuring electrodes and the
heating resistance are printed on either side of a suitable substrate (i.e., alumina plate). Then, the active layer is screen-printed
on top of the electrodes (seen as the obscure area on the front view of the sensor in Figure 10.25b), and after a stabilizing heat
treatment, the device is ready for sensing. The sensor material usually contains SnO2 as the active layer, often doped with Pd,
although other base metal oxides and dopants have also been employed. The conductivity of the sensor material changes after
exposure to reducing gases, which react with chemisorbed oxygen. With n-type semiconductors such as SnO2, adsorbed
oxygen immobilizes electrons near the surface of the SnO2 particles. If a gas, such as a hydrocarbon, reacts with
adsorbed oxygen, electrons are released, and the resulting increase in electrical conductivity can be related to the gas-phase
concentration of the hydrocarbon. The main problem with existing semiconductor-gas sensors is that they react similarly to a
variety of substances. Therefore, they are subject to interference from many other molecules that contribute to the sensor
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FIGURE 10.24 Model of the prevention of secondary reactions by single-file diffusion in microporous membranes. (Adapted from
Lange, C., Storck, S., Tesche, B., and Maier, W.F., J. Catal., 175, 280, 1998.)
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response. As shown in Section 10.6.6.2, Vilaseca et al. [215] were able to strongly increase the selectivity of a SnO2 sensor by
using zeolite films grown on top of the SnO2 layer to discriminate between the molecules reaching the sensing area.

Recently, Gora et al. [216,217] have proposed the use of zeolite-membrane reactors for hydroisomerization of alkanes.
Hydroisomerization of light alkanes is becoming extremely important as an alternative for octane upgrading, and consequently
the integration of reaction and separation into one unit by a membrane reactor could offer new and promising industrial
possibilities, densifying the process and reducing substantially operating costs. Explorative experiments with C6 were carried
out in a reactor in which linear molecules were separated from monobranched ones on a silicalite-1 membrane before
conversion on a Pt-loaded chlorinated alumina catalyst. In this way, the equilibrium was shifted toward the product side,
and by feeding only reactants to the catalyst bed, the extent of cracking and coking on the catalyst could be limited. Results of
the n-hexane hydroisomerization experiments performed showed hexane-2-methyl pentane separation selectivity higher than
20, high hexane conversion (up to 72%), and product selectivity toward dibranched isomers (up to 36%). Hence, the inert
zeolite-membrane reactor has an enormous potential in upgrading low octane value hydroisomerization feed streams.

10.6.3 CATALYTIC ZEOLITE-MEMBRANE REACTORS

The vast majority of the examples discussed up to now, with some exceptions [182,183,194,207], deal with membrane-assisted
reactors in which zeolite membranes do not play any direct role in the catalytic reaction because the catalyst is physically
separate from the inert support. However, if the membrane acts as an active contactor, the controlled diffusion of reactants to
the catalyst can lead to an engineered catalytic reaction zone. Two main configurations of catalytic membrane reactors can be
considered here: (1) the catalyst dispersed or immobilized in an inert zeolite membrane, and (2) an inherently catalytic zeolite
membrane. In the former approach, the catalytic and separation functions are engineered in a very compact fashion, whereas for
the latter, the zeolite membrane serves as both separator and catalyst. Regardless, the concept can be used in flow-through
configuration or with an opposing reactant mode (see Figure 10.22) to improve the access of reactants to the catalyst. In general,
the flow-through configuration contactor has been traditionally applied for enzyme-catalyzed reactions, whereas the opposing
reactant mode is normally used when the reaction is considerably fast compared to transport resistance.

Relatively, few examples have been found in literature about catalytic zeolite-membrane reactors, and most of them are
related with the fine chemicals industry as is shown in the following sections.

10.6.3.1 Catalytic Zeolite-Membrane Reactors for Selectivity Enhancement by Control of Residence Time

A high quality zeolite membrane ideally constitutes a controlled thickness interphase with homogeneous properties. When the
membrane has catalytic activity it should be possible, theoretically, to tailor the operating conditions in such a way as to obtain
an optimum contact time of the reactants, which render in higher yields to the desired product. This concept has been
demonstrated for i-butene oligomerization in gas phase [218] and methanol reaction into olefins [219]. In the former work,
i-butene oligomerization was carried out at 323–423 K in a flow-through b-zeolite film prepared on a porous a-alumina tubular
support. The process gives not only i-octene from i-butene but also unwanted C12 and C16 products. By controlling the
residence time of the reactants in the membrane pores, the authors not only increased the i-octene selectivity and yield with
respect to the homologous catalytic fixed bed reactor but also reduced the deactivation of the catalytic membrane. As a result,
while deactivation of a fixed bed reactor (containing the same zeolite as a catalyst) occurred in 4 h, the authors were able to
operate their membrane reactor for nearly 170 h without loss of activity. This suggests that the same mechanism that minimized
the formation of C12 and C16 products also prevented the oligomerization processes giving rise to coke precursors.

Using a similar approach, Masuda et al. [219] employed a ZSM-5 zeolite membrane in a flow-through configuration for the
methanol-to-olefins process. As in the previous work, permeating molecules would ideally have a uniform residence time
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within the catalytic zeolite layer, while a wide distribution of residence times would exist in fixed bed and fluidized bed
reactors. In this reacting system, methanol is first converted to dimethylether, then to olefins. However, further reaction
produced paraffins and aromatics, which in this case are the unwanted final products. By optimizing the match between
diffusion rate and chemical reaction rate, the authors were able to produce olefins with high selectivity (about 80%–90%) from
methanol at high conversions (60%–98%).

Another way to control the residence time of valuable intermediate products within the reactor is to use a selective
membrane to remove them from the reaction environment as they are produced before they can react further in consecutive
reactions. Therefore, it is a classical example of an IMR in which a considerable increase in the yield to the desired product can
be obtained, provided that the membrane is sufficiently selective to the intermediate product under reaction conditions.
Regarding this approach, Piera et al. [220] solved the selectivity problem already discussed in the oligomerization of i-butene
by removing selectively the i-octene formed using an MFI zeolite membrane surrounding a fixed bed of acid resin catalyst. In
liquid-phase experiments (3–25 bar and 208C–808C) with different mixtures it was shown that the membrane was able to
selectively separate i-octene from the other components present in the mixture. This reaction system is not equilibrium limited
under the conditions used. However, the simulations carried out showed that the use of a zeolite-membrane reactor could result,
not only in higher reaction selectivity but also in a higher conversion, due to the increase of the residence time of i-butene in the
reactor as products are selectively removed. The experiments confirmed these predictions, and the zeolite-membrane reactor
gave i-octene yields that were up to 27% higher than those found in a fixed bed reactor under comparable conditions.

Degradation of volatile organic compounds (VOCs) has also been tested on catalytic zeolite-membrane reactors. Maira
et al. [221] have studied the photocatalytic oxidation (PCO) of an airborne VOC pollutants such as trichloroethylene. These
authors prepared a hybrid membrane-catalyst by secondary growth of silicalite-1 onto a porous stainless steel plate followed by
coating with a nanostructured anatase TiO2 suspension. The reactor could be operated in a flow-through or in a parallel flow
configuration, and it was found that both the trichloroethylene conversion and the selectivity to CO2 were significantly higher in
the flow-through configuration. The authors explained the higher selectivity toward deep oxidation products as a result of the
molecular sieving function of the membrane toward the smaller products from total mineralization. In this way, the permeation
of larger pollutant molecules would be delayed, allowing for longer residence times and higher conversion. In a recent
publication, Aguado et al. [222] proposed the use of a Pt-ZSM-5 membrane reactor for the combustion of n-hexane, present
at low concentrations in air (1000 ppmv), using an opposing reactant mode configuration. The role of the zeolite is to adsorb
and concentrate the VOC on the rententate side, thereby facilitating reaction; whereas the presence of air as sweep gas (which in
this case is also a reactant) facilitates diffusion toward the permeate side where the catalyst is preferentially located. The
investigation deals mainly with the relationship between the permeation properties of the zeolite membrane and its performance
as a reactor. Unlike the previous cases, here, the control of the residence time is modulated by the concentration of
intercrystalline defects within the zeolite layer. Thus, while it could be expected that membrane reactor performance would
increase with membrane quality, this does not seem to be the case. Apparently, in membranes with a moderately high value of
the SF6 permeance, the presence of intercrystalline voids facilitates the penetration of reactant molecules into the membrane and
their contact with the catalyst. As a result, nearly complete combustion of n-hexane is achieved at 2108C. On the other hand, for
membranes with a low SF6 permeance, diffusion takes place essentially through the zeolite-pore network. This is a slower
process in comparison with the reaction kinetics, and given the residence time of the molecules in the rententate side, only a
fraction of the molecules actually have the chance to come into contact with the catalyst.

Finally, Hasegawa et al., in a series of works [223–226] dealing with the oxidation of CO when it is present at low
concentrations in a hydrogen atmosphere (a very important subject for the practical implementation of fuel cells), have
demonstrated the benefits of a zeolite-membrane reactor working in an opposing reactant mode configuration. In the first of
these works [223], the authors used Pt-loaded Y-type zeolite membranes, prepared by secondary growth over tubular supports
followed by ion exchange, as interphase contactor for a H2 stream containing 104 ppm of CO at temperatures of 2008C–2508C.
The residence time of H2 crossing the membrane was too short to react with O2, and the residence time of CO was in the range
of values used for selective CO oxidation in a conventional packed bed reactor; thus the reaction of CO was favored. In this
way, 1000 ppm of CO in the feed could be reduced to less than 8 ppm at the permeate side. Other metals (Ru, Rh, Ni, Cu, Ag)
were also exchanged on zeolite Y [188], but the best results were obtained with the Pt=zeolite Y membrane.

Apart from this, it is worthwhile to emphasize the potential application of zeolite-based membranes as electrolytes for direct
methanol fuel cells (DMFCs) due to their proton conduction properties (4227). Existing Nafion-based proton exchange
membrane (PEM) fuel cells still face significant challenges related to CO poisoning of the catalyst at the anode, water
management, and slow kinetics. Increasing the operating temperature significantly above 1008C would help to solve these
problems but would decrease the hydration needed for proton conduction. Zeolite particles seem to be ideal candidates as
polymer fillers on account of their hydrophilicity and proton-transport capabilities [228–231]. Although the proton transport
across the zeolite membranes tested thus far is still low compared to PEMs employed in fuel cells, transport in zeolites can be
optimized by increasing the number of proton exchange sites on the zeolite, an area where work is still lacking. DMFCs add a
further constraint: methanol crossover must be avoided as it reduces both the cell efficiency as well as the efficiency of fuel
utilization. Methanol leaking is a serious problem for current Nafion membranes, which are good conductors but poor methanol
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barriers. Two main alternatives seem possible at this point. On the one hand, Nafion-zeolite membranes could be prepared
[230,232], with the aim of maintaining the good proton-conducting properties of Nafion, and at the same time, increasing
methanol rejection as the proportion of zeolite filler increases. On the other hand, composite polymer-zeolite membranes could
be prepared, where the polymer material is chosen to achieve low methanol diffusion [228]. Libby et al. [231] added a further
possibility related to tailoring the properties of the polymer by thermal treatment. After treating their membrane at 1508C for
27 h, the permeability of the PVA phase has decreased enough so that their PVA=mordenite membrane showed a 20-fold
improvement in selectivity (defined as the ratio between proton conductivity and methanol permeability) over Nafion. Recent
results in high temperature methanol fuel cells 1308C–1508C, published by Baglio et al. [232] over composite Nafion
membranes containing mordenite, show improved electrochemical behavior at 1408C over the recast Nafion membrane. The
power density achieved (390 mW=cm2) is interpreted in light of surface acid–base properties of the zeolitic filler in the
composite membrane.

10.6.3.2 Catalytic Zeolite-Membrane Reactors in the Fine Chemicals Industry

Membrane technology is a well-established technology for the immobilization of enzymes [233] since Degussa [234]
introduced a continuous acylase process employing an enzyme-membrane reactor for the enantiomeric production of pure
L-amino acids in 1981. Polymer membranes configured into hollow-fiber modules are, by far, the most widely used membrane
where the enzyme is held back by the low cutoff of the membrane.

Matsui et al. [235,236] have recently used zeolites with a higher Si=Al ratio (i.e., Na–BEA) for the purification of nucleic
acids and proteins due to the electrostatic and hydrophobic interactions between biopolymers and zeolites. In addition, the
activity and structure of the proteins are preserved even under denaturing conditions, thus emerging as promising materials for
biochemical and biotechnological applications.

Based on these observations, Wang and Caruso [237] have described an effective method for the fabrication of robust
zeolitic membranes with three-dimensional interconnected macroporous (1.2 mm in diameter) structures from mesoporous
silica spheres previously seeded with silicalite-1 nanoparticles subjected to a conventional hydrothermal treatment. Subse-
quently, the zeolite membrane modification via the layer-by-layer electrostatic assembly of polyelectrolytes and catalase on the
3D macroporous structure results in a biomacromolecule-functionalized macroporous zeolitic membrane bioreactor suitable for
biocatalysts investigations. The enzyme-modified membranes exhibit enhanced reaction stability and also display enzyme
activities (for H2O2 decomposition) three orders of magnitude higher than their nonporous planar film counterparts assembled
on silica substrates. Therefore, the potential of such structures as bioreactors is enormous.

Zeolite membranes are amenable by surface modification with a variety of chemical functional groups using simple silane
chemistry, which may provide alternative surface chemistry pathways for enzyme immobilization. In this context, Shukla et al.
[238] have recently used a chemically modified zeolite–clay composite membrane for the immobilization of porcine lipase
using glutaraldehyde to provide a chemical linkage between the enzyme and the membrane. The effects of pH, temperature, and
solvent on the performance of such biphasic zeolite-membrane reactors have been evaluated in the hydrolysis of olive oil to
fatty acids.

Membrane technology developed for enzymatic reactions is now being introduced to homogeneous organic catalysis with
the aim of minimizing the amount of catalyst required per kilogram of product produced. For a large number of reactions,
homogenous catalysts show better activity and (enantio) selectivity compared to heterogeneous catalysts. There are, however,
two main disadvantages: one caused by the organic solvent used for the reaction medium and the difficult separation of the
catalyst from the products. With respect to the first shortcoming, it is generally thought that the use of supercritical solvents
(SCFs) [239] could eliminate environmental concerns pertaining to VOC dissemination and at the same time obtain high
concentrations of reactants, products, and catalyst due to the solvent properties of SCFs. Regarding the second drawback, one
of the most common techniques for catalyst separation is running the reaction mixture through a fixed bed reactor, with the
catalyst covalently bounded via a suitable functional linker or tether to an insoluble polymer as support [240].

In particular, for the synthesis of optically pure chemicals, several immobilization techniques have been shown to give
stable and active chiral heterogeneous catalysts. A further step has been carried out by Choi et al. [241] who immobilized chiral
Co(III) complexes on ZSM-5=Anodisc membranes for the hydrolytic kinetic resolution of terminal epoxides. The salen catalyst,
loaded into the macroporous matrix of Anodisc by impregnation under vacuum, must exit near the interface of ZSM-5 film to
contact with both biphasic reactants such as epoxides and water. Furthermore, the loading of chiral catalyst remains constant
during reaction because it cannot diffuse into the pore channel of ZSM-5 crystals and is insoluble in water. The catalytic
composite zeolite membrane obtained acts as liquid–liquid contactor which combines the chemical reaction with the continuous
extraction of products simultaneously (see Figure 10.26): the epoxide remained in the organic phase and the hydrophilic diols
could diffuse into the aqueous phase across the ZSM-5 film layer. As a result, high enantioselectivity and recyclability are
achieved in the asymmetric hydrolysis of terminal and mesoepoxides at room temperature.

The same concept was proposed by Langhendries et al. [242] for the selective liquid-phase hydrocarbon
oxidation. In this reactor configuration, the organic substrate (cyclohexane and n-dodecane) and the aqueous oxidant phase
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(t-butyl-hydroperoxide) are contacted through a catalytic composite zeolite-membrane; where alcohol and ketone oxidation
products are recovered depending on their solubility in both phases. The catalytic composite zeolite-membrane consisted of a
NaY-zeolite-encapsulated iron–phtalocyanine complex embedded in a hydrophobic poly(dimethylsiloxane) (PDMS) polymer
membrane. In a similar way, Wu et al. [243] have studied the n-hexane oxifunctionalization by hydrogen peroxide using a
titanium silicalite-1 zeolite=PDMS composite membrane as a liquid–vapor interphase contactor. The value of this approach, is
that it eliminates the necessity for a solvent, and, therefore, solves the problem of excess peroxide at the active sites and often
increases reaction rates by optimising the substrate=oxidant ratio at the catalyst surface, which has been further demonstrated by
different authors [244,245].

Even so, undesirable effects, such as deactivation and loss of selectivity for heterogeneous catalysts, are unavoidable for some
specific reactions. Hence, separation of homogeneous chemical catalysts bymembrane retention or immobilization is emerging as a
new application field, which, in fact, demands supports that combine thermal and mechanical stability with chemical resistance
under reactive conditions. As a first approach, zeolitemembranes can act asmolecular filters able to retain the homogeneous catalyst,
i.e., as a simple separator. MFI zeolite membranes have been applied by Turlán et al. [246] in the Heck reaction to allow the
permeation of a product (4-cyanomethylcinnamate) while retaining the homogeneous catalyst employed ([Pd(m-Cl)
(PPh3)2]2(BF4)2), which has a larger size than the pores of the MFI membranes used. This approach is also being pursued with
polymeric membranes that are more flexible in terms of the species that can be targeted, but experience stronger limitations in terms
of temperature and solvent resistance. Smet et al. [247] combined nanofiltration with homogeneous catalysis to obtain the best
possible reaction rates, chemoselectivities, and enantioselectivities in a continuous operation mode while recycling the catalyst.
More recently, silicalite-1 membranes have been successfully employed for catalyst retention ([Pd(m-Cl)(Ph2P-(CH2)4-PPh2)]
(CF3SO3)2) from postcatalytic reaction mixtures by the molecular sieving effect in the Diels–Alder reaction [248].

To circumvent simultaneously the two major drawbacks associated with homogeneous catalysis already quoted, Goetheer
et al. [249] have proposed a membrane reactor for homogeneous catalysis in supercritical carbon dioxide with in situ catalyst
separation. In particular, a membrane reactor working in a flow-through configuration has been tested for the hydrogenation of
1-butene to n-butane with a fluorine derivative of Wilkinson’s catalyst in SCCO2 at 353K and 20 MPa. The microporous silica
membrane employed (0.5–0.8 nm as pore diameter) was able to retain completely the catalyst (2–4 nm) under reaction conditions
which renders turnover frequencies significantly higher than those obtained using an organic solvent. However, the same concept
could be perfectly translated to zeolite membranes with suitable pore diameters and relative low affinity toward carbon dioxide.

10.6.4 ALTERNATIVE SUPPORTS AND CONFIGURATIONS FOR ZEOLITE-MEMBRANE REACTORS

In addition to porous ceramic and stainless steel plates and tubes commonly employed as supports of zeolite membranes
and films, a wide variety of alternative supports have been used. Among these are steel [250], ceramic [251,252] monoliths
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FIGURE 10.26 (See color insert following page 588.) ZSM-5=Anodisc membrane system used in the enantioselective asymmetric
hydrolysis of racemic epoxides. (Adapted from Choi, S.D. and Kim, G.J., Catal. Lett., 92, 35, 2004.)
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(see Figure 10.27) (also shaped as wheels or rotors [253]), stainless steel grids [254,255], wire gauze packings [256], glass
fibers [257–258], nonporous ceramic [259], metal [260] plates, and glass and steel beads [261]. Figure 10.28 shows SEM
images of ETS-10 and umbite titanosilicate-based membranes supported on commercial carbon Toray paper commonly used as
porous electrode for fuel cell applications. The as prepared membrane-electrode assemblies (MEAs) were synthesized by
secondary growth following the procedure described by Lin et al. [27].

While, in general, the investigations discussed in this section do not belong to the field of zeolite-membrane reactors, they
are mentioned here because they provide interesting clues and ideas for further development of existing systems.

Monoliths have been proposed for different end-of-pipe catalytic processes, on account of their flexibility of operation,
good tolerance to the presence of dust, low pressure drop, reasonable commercial costs, and relatively easy scale-up [262]. An
additional advantage in zeolite-coated monoliths is the fact that they can be prepared binderless and they do not require a
washcoat support layer (an important feature for increasing the catalyst loading over the monolith). Monolithic structures such
as ZSM-5 prepared on cordierite by liquid-phase hydrothermal synthesis [251,263,264], or by solid-state in situ crystallization
[265,266], are mainly oriented toward automotive applications. Particularly remarkable are the results of Ulla et al. [251,252]
where loadings up to about 30% and 50% by weight for ZSM-5 and MOR, respectively, have been reported. After preparation,
the zeolite layers can be ion exchanged to modify their activity. Thus, Basaldella et al. [263] prepared Cu-ZSM-5 layers, which
are catalytically active for the selective reduction of NOx. ZSM-5 coatings have also been prepared on mullite honeycomb
supports [267], ceramic slabs [259], and foams [268]. BEA coatings (loadings up to 9 wt%) have been prepared by dipping
monolithic and wire gauze packings in a BEA slurry. The resulting structures showed high activity for the acylation of
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FIGURE 10.27 Left: cross section of a mordenite film prepared on a cordierite monolith. Right: detail of the film.
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FIGURE 10.28 Scanning electron microscopy (SEM) images of (a, b) Umbite and (c, d) ETS-10 supported on carbon Toray paper. (From
Aused, M.P., Urbiztondo, M.A., Mallada, R., Pina, M.P., and Santamaría, J., Synthesis of proton conducting membranes for direct methanol
fuel cells (DMFCs). Books of abstracts of the OSSEP Final Workshop, Tenerife, 2004, pp. 90–91.)
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aromatics [254]. Similarly, a structured catalytic bed made of ZSM-5 coatings grown by hydrothermal synthesis on stainless
steel grids has been used for the hydroxylation of benzene [254].

Zeolite monoliths have been useful for such applications as rotatory adsorbers for use as dehumidifiers and desiccant
cooling processes [253] or in VOC treatment systems [269]. Alumina-coated silicon carbide monoliths have also been
employed as supports for B-ZSM-5 membranes [270] providing a larger surface area per unit volume, compared to traditional
membrane supports. With these membranes, these authors have reported n=i-butane and H2=i-butane separation selectivities of
35 and 77, respectively [85]. Also, silicalite-1 membranes supported on stainless steel grids (Figure 10.29) have shown a good
performance in the separation of n=i-butane mixtures, with separation factors as high as 53 at 638C [255].

Finally, zeolite nanoparticles have been used as building blocks to construct hierarchical self-standing porous structures.
For example, multilayers of colloidal zeolite crystals have been coated on polystyrene beads with a size of less than 10 mm
[271,272]. Also, silicalite-1 membranes with a thickness ranging from 20 to several millimeters and controlled mesoporosity
[273] have been synthesized by the self-assembly of zeolite nanocrystals followed by high-pressure compression and controlled
secondary crystal growth via microwave heating. These structures could be useful for separation and catalysis applications.

10.6.5 INDUSTRIAL APPLICATIONS OF ZEOLITE-MEMBRANE REACTORS

Today, annual market membrane of ca. U.S. $4.5 � 109 for membranes and membrane modules (mostly polymeric ones)
indicates that separation processes seem to be the largest application field, whereas membrane reactors are just on the verge of
being considered as a competitive tool [274].

Weisz [275] defined a trade-off range for the operation of catalytic reactors in industry based on the space–time yield
(STY) which should be centered around 1–10 mol=s m3. This figure is a balance between reactor size and mass and heat transfer
limitations. The STY value of catalytic reactors should be compared to the permeability of zeolite membranes to draw
conclusions about the feasibility of using zeolite-membrane reactors for industrial applications. Boudart [276] has suggested
the use of analysis of orders of magnitude to screen-proposed membrane reactors for practicality under industrial conditions
based on the areal time yield (ATY), which is in fact the same as the permeation flux. The feasibility of membrane reactors can
be determined by dividing the value for STY by the value for ATY, thus obtaining the area to volume ratio of the catalytic
membrane reactor. Realistic values for industrial applications are around 10–100 m�1; therefore, based on published
permeation data, zeolite-membrane reactors would be a feasible technology for some applications.

Although the enormous potential payoff of this technology has been largely demonstrated at the laboratory scale, the
technological gap that still has to be filled to achieve industrial practice is rather clear. Caro et al. [3] pointed out that
the challenges for industrial application are in the membrane development and lack of module reliability under extreme
temperature cycling. Chiang and Chao [167] noted the need to reduce membrane thickness and to increase the membrane
surface to volume ratio, something that could be achieved by the use of alternative supports (monoliths, hollow fibers, metal
gauze) as shown in the previous section. A step in this direction is the synthesis of zeolite membrane layers on the inner side of
alumina capillaries (1.9 mm inside diameter) recently reported by Richter et al. [277]. Noack et al. [278] stressed the need
to develop membranes with larger areas that can be prepared with satisfactory reproducibility. By systematically varying the
synthesis conditions, these authors were able to prepare a series of silicalite-1 tubular membranes in which the proportion of
high quality membranes was 70%. Recently, Pina et al. [33] have synthesized zeolite NaA membranes on the external surface
of a-alumina tubular supports using a semicontinuous system in which fresh gel is periodically supplied to the synthesis vessel.
Compared to traditional batch methods, the procedure developed in this work provides a better control of the synthesis and
crystallization conditions and is easier to implement at an industrial scale. Morooka and Kusakabe [279], among others, raised

50 µm 5 µm

FIGURE 10.29 Scanning electron microscopy (SEM) images of silicalite membrane on stainless steel grid support.
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the issue of durability under elevated pressures and temperatures, stability in steam-containing atmospheres, and membrane
regeneration.

In spite of all these hurdles, there are already industrial-scale applications of zeolite membranes for solvent dehydration
[106] by pervaporation plants using tubular zeolite A membranes with 0.0275 m2 of permeation area each (see Section 10.2.3).
Li et al. [280] have prepared large area (0.0260 m2) ZSM-5 membranes on tubular a-alumina supports. This work is also
interesting from the industrial point of view because the authors used inexpensive n-butylamine as template. Indeed, the cost
required for industrial modules, on a general basis, is still far from clear. However, it must be noted that most of the costs can be
ascribed to the module, and only 10%–20% to the membrane itself [3]. This underlines again the importance of preparation of
zeolite membranes on cheaper, alternative supports that can also pack more area per unit volume.

10.6.6 NEW APPLICATIONS OF ZEOLITE-MEMBRANE REACTORS: MICROCHEMICAL SYSTEMS

The specificity, adsorption, and catalytic properties, besides the possibility of zeolite pores to host different ions, atoms,
molecules, and clusters, have opened up numerous opportunities as advanced nanomaterials [227,281].

The last few years have seen the proposal of new applications for zeolite membranes and coatings involving microchemical
systems (microreactors, membrane microseparators, and sensors) in which the characteristic length is measured in microns [6].
Commercial applications of zeolite membranes do not necessarily imply dimensions of many square meters of permeation area
in a single unit. Actually, scaling-down should allow preparing defect-free zeolite membranes (eventually single-crystal
membranes) over an endless variety of supports, and combinations with other materials at the microscale that would have a
higher chance of tolerating the inherent thermal and mechanical stresses produced during thermal cycling (a very important
subject for industrial implementation of this technology see Section 10.6.5).

Ideally, microscale systems will be made of smart nanostructured materials capable of very specific interactions with
molecules, ions, and atoms. Indeed, the advances in microstructured devices for chemical reactions and the benefits already
demonstrated have been impressive [282,283]. Some of these microdevices could integrate what Gavriilidis et al. [284] called
novel microengineered structures, capable of performing many of the standard operations of interest to chemical systems. Thus,
for instance, the lab-on-a-chip represents an increasingly familiar concept to express the miniaturization of chemical,
biological, and biomechanical analyses [285], and can be envisaged as a scaled-down analog of a chemical processing plant
in which a drastic reduction of reactants and energy consumption is achieved.

One of the keys to the success of such microdevices is the selectivity of the reaction and separation steps and their
integration for a given process. Regarding the former requirement, nanoporous interfaces of zeolites and related materials
emerge as excellent candidates for these kinds of devices. Tsapatsis [286] has highlighted some of the potential contributions of
molecular sieving technology to the nanotechnology field, and remarked the need for fundamental advances in understanding
and controlling the preparation of these materials and predicting their properties. These advances are necessary to achieve
a degree of structural perfection that is not required by their current technological use but will be needed in micro- and
nano-device applications.

10.6.6.1 Zeolite-Based Microreactors and Microseparators

The combination of microreactor and zeolite growth concepts rapidly led to zeolite coatings on microreactors. Thus, Rebrov
et al. [287] coated 500 mm channels on a stainless steel plate with ZSM-5 crystals and used the resulting microreactor in the
selective catalytic reduction of NO with ammonia, attaining higher reaction rates in comparison with the conventional
pelletized catalyst. Wan et al. [288] also deposited zeolite coatings in silicon–glass microchannels fabricated by the patterning
and etching of a Si wafer. In this case 5 mm thick TS-1 zeolite films, made up of intergrown 3 mm zeolite crystal grains, were
supported on 500 mm wide and 250 mm deep microchannel reactors. The authors tested these microreactors in the epoxidation
of 1-pentene with hydrogen peroxide at 298 K in a continuous flow, even though irreversible deactivation was observed due to
leaching of framework titanium.

Zeolite micromembranes also would be able to perform the separation and reaction operations of standard zeolite
membranes, while providing the following advantanges: (1) easy integration, at the microscopic level, of reaction and
separation, (2) excellent temperature control, (3) possible higher selectivity and conversion compared to conventional reactor,
(4) intrinsic safety, and (5) easier scale-up in a highly compact format. Miniaturization also benefits membrane separation by
improving mass and heat transfer rates and by providing a large surface=volume ratio (i.e., 3000 m2=m3) leading to a more
efficient and compact separation unit.

The benefits of the use of micromembranes for the selective removal of one or more products during reaction have been
demonstrated for equilibrium-limited reactions [289]. For example, the performance of hydrophilic ZSM-5 and NaAmembranes
over multichannel microreactors prepared from electro-discharge micromachining of commercial porous stainless steel plates
was studied by Yeung et al. in the Knoevenagel condensation [290,291] and aniline oxidation to azoxybenzene [292]. For such
kind of reactions, the zeolite micromembrane role consists of the selective removal of water, which indeed yields higher
conversions, better product purity, and a reduction in catalyst deactivation in comparison to the traditional packed bed reactor.
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A different approach to fabricate a zeolite-based microreactor has been recently proposed by Mateo et al. [293]. These
authors fabricated an array of free-standing micromembranes involving laser perforation of a thin stainless steel plate to
create microholes (30–70 mm in diameter and 75 mm depth) that were subsequently covered by silicalite-1 layers
using hydrothermal synthesis by secondary growth. Patterned structures can also be created by covalent bonding to a
previously printed structure, as demonstrated by Ha et al. [294]. These authors have extensively investigated the organization
of nano- and microcrystalline zeolite particles into uniformly aligned two- (2D) and three-dimensional (3D) multicrystal
arrays on various substrates (platinum, gold, glass plates and fibers, silica, alumina, and vegetable fibers) by inducing large
numbers of molecular linkages between organic functional groups tethered to the surfaces of both zeolites and substrates. The
scope of application of such monolayers assemblies is particularly attractive for applications of zeolites as advanced
nanomaterials [281].

The methods for manufacturing of zeolite-based microreactors and microseparators also use traditional semiconductor
fabrication procedures. Jansen and van Rosmalen [295] were among the first to describe the growth of continuous zeolite film
on silicon wafer. Some years ago den Exter et al. [296] reported the preparation of silicalite-1 oriented monolayers on silicon
wafers subsequently transformed, by selective etching procedures, into unsupported thin zeolite layers. Also, Schoeman et al.
[297] studied the optimal conditions for the growth of silicalite-1 films on silicon wafers with thicknesses in the range of
180 nm to 1 mm. Today, semiconductor fabrication technology can be considered an established technique, which allows the
manufacturing of a range of microelectromechanical systems (MEMS). Yeung and coworkers have described several strategies
for incorporating zeolites within the architectural design of microreactors and microseparators. These authors have demon-
strated that microelectronic fabrication technology could readily be adapted to synthesize miniature membrane microseparators
containing MFI-type zeolite films prepared by secondary growth [298,299].

10.6.6.2 Zeolite-Based Microsensors

The development of stand-alone devices for monitoring the concentration of selected chemical species in complex samples (or
in different environments) has been a major goal in analytical science for several decades. Indeed, chemical microsensors play
an increasing role in the areas of environmental monitoring and industrial processing. With the aim of increasing sensitivity and
selectivity, zeolites have been used on a variety of chemical sensors, both reactive and nonreactive. Moreover, as a sensing
layer, zeolites are very favorable due to their additional high thermal stability and chemical resistance. Thus, zeolites have been
employed to improve the surface of conventional chemical electrodes to increase their electroanalytical performance [300], or
to conform different types of zeolite-based chemical sensors, as shown below.

Chemical microsensors, having combined molecular sieving effects and selective surface interactions and consisting of
zeolite-composite thin films located on the active areas of piezoelectric sensor devices (quartz crystal microbalances, QCMs),
have been developed by several authors. The regular micropores of the zeolitic material were found to effectively control
molecular access to the device allowing it to sense ethanol (using zeolite MFI, [301]), humidity (using zeolite LTA and BEA,
[302]), and NO, SO2, and water (using zeolite A, silicalite-1, and sodalite [303,304]). These works demonstrate how the
response of zeolite-based piezoelectric sensors can be controlled by the zeolite structure and composition.

Surface acoustic wave (SAW) devices, consisting of a single-crystal quartz substrate with interdigital transducers, can also
operate as highly sensitive piezoelectric balances that respond to small fractions of gas adsorption on a single-crystal monolayer
via frequency changes of an oscillator circuit. The application of zeolite coatings (H-ZSM-5, zeolite Y, chabazite, and zeolite
A) on SAW devices was first applied by Bein et al. [305,306] for humidity and vapor sensing (methanol, ethanol, propanol,
isooctane, pyridine, and perfluorotributylamine). These authors found out that selectivity can be enhanced by tailoring the
surface and by means of interfacial interactions of zeolite coatings with molecular layers of silane coupling agents [307].

Cantilevers used as nanoscale sensors for AFM have recently been extended beyond those of surface-imaging tools. Similar
to QCMs, cantilever-based sensors can also be configured to work as a tiny microbalance in which a resonance frequency
analysis can be used to determine mass loading. Standard cantilevers are theoretically capable of detecting a minimum mass
loading of 50 fg enabling short response time (milliseconds). Although cantilever exhibits high sensitivity, but, to recognize
different specific materials, the improvement of the sensor selectivity becomes a critical factor. For this purpose, attaching
zeolite crystals to them further increases their detection sensitivity toward the adsorbed compound while maintaining their
micron scale. On the basis of this concept, ZSM-5 crystals (around 500 ng) have been chemically anchored for humidity
[307,308] and freon-12 [309] sensing purposes, achieving a satisfactory performance in determining mass loadings at the
nanogram scale. Moreover, an array of such devices has been fabricated [308] to conduct complex analysis of vapors by using
various microporous materials attached to the sensors.

Optical sensors are among the most important types of chemical sensors that have been produced in the recent past for
the continuous and real-time monitoring of diverse analytes [310]. A wide variety of favorable properties for chromophores
embedded in inorganic molecular sieves can be expected based on their peculiar host–guest interactions, although they are
still at the beginning of their development. Indeed, molecular-sieve encapsulated dye molecules are currently attracting
increasing attention with respect to new photonic devices and optical sensor applications [311,312] due to an increased light
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durability, migration stability, and photodegradation resistance (up to 2 orders of magnitude) with respect to their organic
counterparts.

Brühwiler and Calzaferri [313] have recently reviewed the different organization stages for dye-zeolite systems ranging
from the arrangement of the dyes in the zeolite channels to the specific adsorption of molecules at the channel entrances, and
subsequently, to the coupling of the dye-zeolite crystals to an external device. However, the majority of publications up-to-date
in the field of optical gas sensors deal with the first level of molecular assembling. For instance, the encapsulation of the
solvatochromic dye Nile red inside the pores of dealuminated zeolite Y by ‘‘ship in a bottle’’ synthesis has been investigated by
Meinershagen et al. [314] for optical sensing of acetone and ethanol using spectral absorbance in the UV–VIS range. Taking
advantages of the luminescence properties of rhodamine dyes, covalently anchored at the walls of mesoporous Si-MCM-41,
Ganschow et al. [315] have developed a SO2 optical sensor using a glass carrier to overcome the disadvantages of the powdered
state. Many research efforts are focused on integrated optical sensors development, in particular toward optical fiber sensors
operating at standard telecommunication wavelengths [316]. Many papers have recently been published concerning NaY, LiY,
and BaY zeolite crystals coating quartz fibers using TEOS as a binding agent [285,286] for asymmetric photoreactions and also
for sensing aromatic molecules (naphthalene) by means of their phosphorescence. As an example, Figure 10.30 shows SEM
micrographs of zeolite NaA films, 7 mm thick, prepared by secondary growth [35] over the external surface of commercial
optical fibers previously activated for being used as fiber optic evanescent-field gas sensors using absorption in the near
infrared.

Since the adsorption of a gas is able to modify the dielectric constant of zeolites, chemical sensors based on interdigital
capacitors (IDCs) using zeolites layers as sensitive coatings offer a wide field of applications depending on the type,
modification, and working temperature of the coated IDC sensor.

Thus, zeolite-coated IDCs have been tested for sensing n-butane [317] and also, NH3, NO, and CO [318,319] on Na–Y and
NaPtY zeolite-based sensors at temperatures high enough to where chemical reactions may also occur (above 2008C). The
response time is of the order of seconds and the cross-sensitivity to water is small at high temperatures, at which no water
condensation occurs in the zeolite-pore system. Under certain conditions, selectivity of these reactive chemical sensors is
remarkable. Thus, the detection of 10 ppm of n-butane with a NaPtY interdigitated capacitor with no response to CO and H2 has
been reported [318]. Similarly, Moos et al. [320] described a ZSM-5 based capacitor sensor with on-chip heating for
temperatures up to 4508C capable of detecting NH3 with no cross-sensitivity to CO, hydrocarbons, and O2.

Reactive chemical sensors and their problems with selectivity have been described above (see Section 10.6.2.4 about
control of reactant traffic). The deployment of zeolite barriers has been advocated as a means of increasing the selectivity of
optical [291] and semiconductor–gas sensors [321–323]. These latter works, however, used catalyst bed-type filters (up to
250 mg), with a relatively large mass which leads to a slow sensor response. A more sophisticated approach was used by Fukui
and Nishida [324], who used commercial crystals of FAU and FER zeolites with colloidal silica as a binder to cover the sensing
layer of La2O3–Au=SnO2 sensors, and obtained ethanol filtering effects that increased the CO selectivity. Different zeolite
masks, also made of commercial crystals, were used to minimize the interference of O2 in yttria-stabilized zirconia sensors used
to analyze nitric oxide [325]. It has also been reported that the modification of semiconductor sensors by mechanically mixing
MCM-41 with powdered SnO2 gave rise to enhanced sensitivity to H2 [326].

As it was mentioned above (see Section 10.6.2.4), Vilaseca et al. [215] have synthesized MFI and LTA films directly
on a Pd-doped SnO2 layer (see Figure 10.31). These molecular filters hindered the passage of undesired molecules and
increased the concentration of the targeted species in the vicinity of the sensitive layer depending on their interactions with
the zeolite pores and on the operating conditions. The results showed that a suitable zeolite film can strongly reduce, and
in some cases suppress, the response of the sensor to certain species, and thereby increase the sensing selectivity (see
Figure 10.32).

(a) (b)

20  µm20  µm 5  µm5  µm

FIGURE 10.30 Scanning electron microscopy (SEM) images of cross section of a commercial optical fiber coated with a NaA zeolite thick
layer: (a) total cross section and (b) magnification view of the NaA zeolite layer. (From López, J., Pina, M.P., Coronas, J., Pelayo, J., and
Santamaría, J., A novel optical device for gas sensor applications based on zeolitic materials. Books of abstracts of the 1st NanoSpain
Workshop, San Sebastian, 2004.)
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10.7 CONCLUSIONS

The efforts and advances during the last 15 years in zeolite membrane and coating research have made it possible to synthesize
many zeolitic and related-type materials on a wide variety of supports of different composition, geometry, and structure and
also to predict their transport properties. Additionally, the widely exploited adsorption and catalytic properties of zeolites have
undoubtedly opened up their scope of application beyond traditional separation and pervaporation processes. As a matter-of-
fact, zeolite membranes have already been used in the field of membrane reactors (chemical specialties and commodities) and
microchemical systems (microreactors, microseparators, and microsensors).

Nevertheless, the availability of procedures allows the preparation of zeolite membranes and layers with sufficient quality,
reproducibility, and reliability only up to a few hundred square centimeters in surface, delaying the industrial implementation of
zeolite membrane-based technology. To be realistic, the lack of module reliability under extreme temperature cycling or harsh
environment and the necessary raw material cost reductions (supports and chemicals) are two of the main challenges toward
which strong efforts must be targeted.

5 µm

(a) (b) (c)

20 µm 20 µm

FIGURE 10.31 (a) Top view of a Pd–SnO2 layer, (b) cross section of a SIL-1 film on a Pd–SnO2 layer, and (c) top view of a SIL-1 film onto
a Pd–SnO2 layer.
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11 Membrane Fouling: Recent Strategies
and Methodologies for Its Minimization
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11.1 INTRODUCTION

There is a growing awareness by scientists, political leaders, and the general public, that the best way to approach the world’s
limited water resources problem lies in a coordinated approach involving water management, water purification, and water
conservation [1–5]. Thermal and membrane systems are the two most successful commercial water purification techniques.
Desalination using reverse osmosis (RO) membranes, in particular, has become very popular for producing freshwater from
brackish water and seawater. The technique has low capital and operating costs compared to other alternative processes like
multistage flash [6]. Ultrafiltration (UF) may be used before reverse osmosis for feed water pretreatment [7]. Membrane
separation processes are also widely used in biochemical processing, in industrial wastewater treatment, in food and beverage
production, and in pharmaceutical applications [8].
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Koltuniewicz and Noworyta [9], in a highly recommended paper, summarized the phenomena responsible for limiting the
permeate flux during cyclic operation (i.e., permeation followed by cleaning). Membrane lifetime and permeate (i.e., pure
water) fluxes are primarily affected by the phenomena of concentration polarization (i.e., solute build-up) and fouling=scaling
(e.g., microbial adhesion, gel layer formation, and solute adhesion) at the membrane surface (Figure 11.1) [10]. During the
initial period of operation within a cycle, concentration polarization is one of the primary reasons for flux decline, Ja (Figure
11.2). Large-scale membrane systems operate in a cyclic mode, where clean-in-place operation alternates with the normal run.
Figure 11.2 shows a decrease in the flux for pure water from cycle to cycle, Jo(t), due to fouling=scaling, the flux decline within
a cycle due to concentration polarization, J(tp), and the average flux under steady-state concentration, Ja. The average flux under
steady-state concentration decreasing from cycle-to-cycle suggests irreversible solute adsorption or fouling. Accumulation of
the solute retained on a membrane surface leads to increasing permeate flow resistance at the membrane wall region.

One of the most serious forms of membrane fouling is bacterial adhesion and growth [11]. Once they form, biofilms can be
very difficult to remove, either through disinfection or chemical cleaning. This wastes energy, degrades salt rejection, and leads
to shortened membrane life. This is one area, for example, where further research is required.

A variety of liquids have been treated with reverse osmosis and ultrafiltration membranes ranging from seawater, to
wastewater, to milk and yeast suspensions. Each liquid varies in composition and in the type and fraction of the solute(s) to
be retained by the membrane. Complicating factors include the presence of substances such as oil in seawater and wastewater
[12–15]. The presence of the oil normally necessitates an additional pretreatment step further complicating the fouling process.
The presence of humic acids in surface water and wastewater also needs special attention [16,17]. The fouling phenomena, the
preventive means (i.e., pretreatment), and the frequency and type of membrane cleaning cycle are all dependent on the type of
liquid being treated.

Membrane materials for reverse osmosis and ultrafiltration applications range from polysulfone and polyethersulfone, to
cellulose acetate and cellulose diacetate [12,18–23]. Commercially available polyamide composite membranes for desalination
of seawater, for example, are available from a variety of companies in the United States, Europe, and Japan [24]. The specific
choice of membrane material to use depends on the process (e.g., type of liquid to be treated and operating conditions) and
economic factors (e.g., cost of replacement membranes and cost of cleaning chemicals). The exact chemical composition
and physical morphology of the membranes may vary from manufacturer to manufacturer. Since the liquids to be treated and
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FIGURE 11.1 A schematic representation of concentration polarization and fouling at the membrane surface. (From Goosen, M.F.A.,
Sablani, S.S., Al-Hinai, H., Al-Obeidani, S., Al-Belushi, R., and Jackson, D., Sep. Sci. Technol., 39, 2261, 2004.)
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the operating conditions also vary from application to application, it becomes difficult to conclude which materials are the best
to use in order to inhibit membrane fouling.

Concentration polarization is an inherent part of a membrane separation process. Equipment design and operating
conditions normally take care of it. Scaling=fouling, which is triggered by concentration polarization, reduces flux that can
be minimized using antiscalants. Concentration polarization is not the same as fouling except that by theory it results in flux
decline due to higher osmotic pressure and not due to resistance to flow particularly in RO. However, in UF where we deal with
high molecular weight solutes, accumulation of large molecules in the boundary layer may cause resistance to flow. In UF,
concentration polarization is more often treated as part of fouling but not in RO or nanofiltration (NF).

The primary aim of the chapter is to critically review the literature on the fouling phenomena in reverse osmosis and
ultrafiltration membrane systems and methodologies for its minimization (i.e., the analytical techniques employed to quantify
fouling, preventive means, and membrane cleaning methods). Fouling of membranes used in gas separation was also briefly
reviewed. Specific recommendations were also made on how scientists, engineers, and technical staff can assist in improving
the performance of membrane systems through fundamental and applied research.

11.2 MEMBRANE FOULING PHENOMENA

The main mechanisms of membrane fouling are adsorption of feed components, clogging of pores, chemical interaction
between solutes and membrane material, gel formation and bacterial growth. Let us first consider bacterial growth on
membranes. Microbiological fouling of reverse osmosis membranes is one of the main factors in flux decline and loss of salt
rejection [25–29] (Table 11.1).

11.2.1 MICROBIOLOGICAL FOULING

Bacterial fouling of a surface (i.e., formation of a biofilm) can be divided into three phases: transport of the organisms to the
surface, attachment to the substratum, and growth at the surface. Fleming et al. [30] show that bacterial fouling of a surface
takes about 3 days to completely cover a reverse osmosis membrane with a biofilm. Ghayeni et al. [25,26] studied initial
adhesion of sewage bacteria belonging to the genus Pseudomonas to reverse osmosis membranes. It was found that bacteria
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FIGURE 11.2 Diagram of typical flux–time dependency during cyclic operation in large-scale ultrafiltration systems. (From Koltuniewicz,
A. and Noworyta, A., Indus. Eng. Chem. Res., 33, 1771, 1994.)

Pabby et al./Handbook of Membrane Separations 9549_C011 Final Proof page 327 13.5.2008 1:12pm Compositor Name: BMani

Membrane Fouling: Recent Strategies and Methodologies for Its Minimization 327



would sometimes aggregate upon adhering. While minimal bacterial attachment occurred in a very low ionic strength solution,
significantly higher numbers of attached microbes occurred when using salt concentrations corresponding to wastewater.
Understanding the mechanism of bacterial attachment may assist in the development of antifouling technologies for membrane
systems.

Flemming and Schaule [20] also demonstrated that after a few minutes of contact between a membrane and raw water, the
first irreversible attachment of cells occurs. Their results suggest that membrane manufacturers should stay away from
polyamide and polysulfone materials, at least for wastewater treatment applications. Pseudomonas was identified as a fast
adhering species out of a tap water microflora. If non-starving cells were used (i.e., sufficient nutrients and dissolved oxygen in
the raw water), the adhesion process improved with an increase in the number of cells in suspension. When starving cells were
used, incomplete coverage of the surface occurred. This is similar to the surface aggregate formations observed for membranes
by Ghayeni et al. [25,26]. Flemming and Schaule [20] also detected a biological affinity of different membrane materials
toward bacteria. Polyetherurea, for example, had a significantly lower biological affinity than polyamide, polysulfone, and
polyethersulfone.

TABLE 11.1
Summary of Membrane Fouling Studies Reported in the Literature

Fouling Studies References

Membrane fouling phenomena

Microbial cell attachment Fleming et al. [30], Ghayeni et al. [25], Flemming and Schaule [20], Ridgway et al. [28,31]b, Ridgway [33]
Humic acids and morphology of fouling
layer

Nystrom et al. [16], Schafer et al. [35], Khatib et al. [36], Kabsch-Korbutowicz et al. [17], Tu et al. [37]a,
Domany et al. [34], Ridgway [31]b

Inorganics Sahachaiyunta et al. [38]
Proteins and colloids Yiantsios and Karabelas [39], Jarusutthirak et al. [40], Schafer et al. [35], Bacchin et al. [93]
Reversible adsorbed layer Nikolova and Islam [29]b, Koltuniewicz and Noworyta [9]b

Transition from reversible to irreversible
fouling

Chen et al. [41]b

Variation in gel-layer thickness Denisov [53]b

Pore blockage and cake formation Zydney and Ho [27]

Analytical descriptions

Fouling layer morphology and growth Riedl et al. [42], Scott et al. [15]
Adhesion kinetics Ridgway et al. [18,19]

Hydrodynamics Altena and Belfort [43], Drew et al. [44]a, Cherkasov et al. [32]
Passage of bacteria through membrane Ghayeni et al. [45]a

Analysis of deposits: ATR, FTIR, measuring
fouling in real time

Lindau and Jonsson [12], Howe et al. [46], Rabiller-Baudry et al. [22], Chan et al. [47], Bowen et al. [48],
Li et al. [23]b

Measuring concentration polarization Gownan and Ethier [49,50]a, Pope et al. [14]
Mathematical modeling of flux decline Dal-Cin et al. [51], Koltuniewicz and Noworyta [9]b

Preventive means and cleaning methods

Feedwater pretreatment microfiltration and
ultrafiltration

Wilf and Klinko [55], Glueckstern and Priel [57], Ghayeni et al. [25], Ghayeni et al. [45]a, Karakulski et al.
[94], Chapman et al. [58], Nguyen and Ripperger [59], Han et al. [60], Choksuchart et al. [61], Park et al.

[62], Guigui et al. [63], Lopez-Ramirez et al. [64]b, Benito et al. [13], Shaalan [65]
Coagulation and flocculation spacers Schwinge et al. [67]b, Geraldes et al. [66], Sablani et al. [7], Li et al. [23,67], Lipnizki and Johnson [95]
Corrugated membranes Lindau and Jonsson [12], Scott et al. [15]

Surface chemistry Jenkins and Tanner [69]a, Flemming and Schaule [20], Ridgway et al. [19], Belfer et al. [24]
Hydropohobic and hydrophilic membranes Kabsch-Korbutowicz et al. [17], Tu et al. [37]a, Cherkasov et al. [32]
Control of operating parameters

(critical flux)

Song [76]a, Chen et al. [41]b, Koltuniewicz and Noworyta [9]b, Madireddi et al. [71], Mallubhotla and

Belfort [74], Avlonitis et al. [72], Goosen et al. [3], Jackson et al. [75]
Rinsing water quality Tra-Ha and Wiley [77], Lindau and Jonsson [12]a

Cleaning agents Mohammadi et al. [78]
Back pulsing Mores and Davis [79]

Membrane wear and degradation Roth et al. [80], Ammerlaan et al. [21]a, Ridgway et al. [19]

Economic aspects Glueckstern et al. [56], Brehant et al. [92]

Source: From Goosen M.F.A., Sablani S.S., Al-Hinai H., Al-Obeidani S., Al-Belushi R., and Jackson D., Sep. Sci. Technol., 39, 2261, 2004.
a Recommended papers.
b Highly recommended papers.
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In a similar but more thorough study than that performed by Ghayeni et al. [25], Ridgway et al. [28,31] in two excellent
papers reported on the biofouling of reverse osmosis membranes with wastewater. Cellulose diacetate membranes became
uniformly coated with a fouling layer that was primarily organic in composition. Calcium, phosphorous, sulfur, and chlorine
were the major inorganic constituents detected. Protein and carbohydrate represented as much as 30% and 17%, respectively, of
the dry weight of the biofilm. Electron microscopy revealed that the biofilm on the feed water side surface of the membrane was
10–20 mm thick and was composed of several layers of compacted bacterial cells, many of which were partially or completely
autolyzed. The bacteria were firmly attached to the membrane surface by an extensive network of extracellular polymeric
fibrils. They showed that mycobacteria adhered to the cellulose acetate membrane surface 25-fold more effectively than a wild-
type strain of Escherichia coli. In a key finding, the ability of Mycobacterium and E. coli to adhere to the membrane was
correlated with their relative surface hydrophobicities as determined by their affinities for n-hexadecane [31]. The results
suggested that hydrophobic interaction between bacterial cell surface components and the cellulose membrane surface plays an
important role in the initial stages of bacterial adhesion and biofilm formation. A key question that arises is whether the
importance of this hydrophobic interaction between the cell and the membrane also holds true for other polymers. This work is
similar to that reported by Cherkasov et al. [32] on fouling resistance of hydrophilic and hydrophobic membranes (Figure 11.3).
A later research study by Ridgway [33] confirmed these results and conclusions.

11.2.2 EFFECT OF HUMIC ACIDS ON FOULING LAYER

The degradation of organic matter, such as plants, in the soil produces a mixture of complex macromolecules called humic
acids. These complex molecules have polymeric phenolic structures with the ability to chelate metals especially iron. It is
recommended that humic acids be removed from process water before filtration by complexation (i.e., flocculation=coagulation;
see Section 11.4.1). Humic acids give surface water a yellowish to brownish color and often cause fouling problems
in membrane filtration [16,34]. The fouling tendency of humic acids appears to be due to their ability to bind to multivalent
salts. Nystrom et al. [16], for example, showed that humic acids were most harmful in membranes that were positively charged
(i.e., containing alumina and silica). Humic acids formed chelates with the metals (i.e., multivalent ions) and could be seen as a
gel-like layer on the filter surface.

Schafer et al. [35] studied the role of concentration polarization and solution chemistry on the morphology of the humic
acid fouling layer. Irreversible fouling occurred with all membranes at high calcium concentrations. Interestingly, it was found
that the hydrophobic fraction of the humic acids was deposited preferentially on the membrane surface. This result is similar to
the work of Ridgway et al. [31], who showed that the hydrophobic interaction between a bacterial cell surface and a membrane
surface plays a key role in biofilm formation. The formation of two layers, one on top of the other, was also observed by Khatib
et al. [36]. The formation of a Fe–Si gel layer directly on the membrane surface was mainly responsible for the fouling.
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FIGURE 11.3 Gel-layer formation on surface of an ultrafiltration membrane made from (I) hydrophobic and (II) hydrophilic
material. C, solute concentration; C1<C2<C3, 1 adsorption layer, 2 gel-polarization layer, 3 membrane material. (From Cherkasov, A.N.,
Tsareva, S.V., and Polotsky, A.E., J. Membr. Sci., 104, 157, 1995.)
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Reducing the electrostatic repulsion between the ferric gel and the membrane surface encouraged adhesion. Tu et al. [37] also
showed that membranes with a higher negative surface charge and greater hydrophilicity were less prone to fouling due to
fewer interactions between the chemical groups in the organic solute and the polar groups on the membrane surface.

What these studies tell us is that in order to reduce fouling due to humic acids, it is best to employ hydrophilic membranes,
to have feed water with a low mineral salts content (e.g., calcium), and to work at low pH.

11.2.3 EFFECT OF INORGANICS, PROTEINS, AND COLLOIDS

Sahachaiyunta et al. [38] conducted dynamic tests to investigate the effect of silica fouling of reverse osmosis membranes in the
presence of minute amounts of various inorganic cations such as iron, manganese, nickel, and barium, which are present in
industrial and mineral processing wastewaters. Experimental results showed that the presence of iron greatly affected the scale
structure on the membrane surface when compared to the other metal species.

A dual mode fouling process, similar to that observed for humic acids [35], was found for protein (i.e., bovine serum
albumin [BSA]) fouling of microfiltration (MF) membranes. Protein aggregates first formed on the membrane surface followed
by native (i.e., non-aggregated) protein. The native protein attached to an existing protein via the formation of intermolecular
disulfide linkages.

Stable colloidal suspensions can cause less fouling. Yiantsios and Karabelas [39], in a very interesting paper, found that
apart from particle size and concentration, colloid stability plays a major role in RO and UF membrane fouling. They
demonstrated that standard fouling tests as well as most well-known fouling models are inadequate. A key finding was that
the use of acid, which is a common practice to avoid scaling in desalination, might promote colloidal fouling. Lowering the pH
reduces the negative charge on particles, causing aggregate formation that deposit on the membrane surface. Wastewater
effluent organic matter was isolated into different fractions by Jarusutthirak et al. [40]. Each isolate exhibited different
characteristics in fouling of NF and UF membranes. In particular, polysaccharides and amino sugars were found to play an
important role in fouling. The colloidal fractions gave a high flux decline due to pore blockage, and hydrophobic interactions
were very important for hydrophobic membranes causing a reduction in permeate flux.

11.2.4 TRANSITION FROM REVERSIBLE ADSORPTION TO IRREVERSIBLE FOULING

In a key study, Nikolova and Islam [29] reported that the decisive factor in flux decline was the adsorption resistance. With the
development of a concentration polarization layer, the adsorbed layer resistance at the membrane wall increased linearly as a
function of the solute concentration at the wall. They described the flux by the following relationship:

J ¼ DP� Dp(w)

m(Rm þ kCw)
(11:1)

where
DP is the hydraulic pressure difference across membrane
Cw is the concentration at the membrane surface
Dp(w) is the corresponding osmotic pressure
Rm is the membrane resistance
kCw is the adsorbed layer resistance
m is the fluid viscosity

In a key finding, they showed that the adsorption resistance was of the same order of magnitude as that of the membrane
resistance. Surprisingly, the osmotic pressure was negligible in comparison to the applied transmembrane pressure. The
significance of this study is that it showed that the reversible adsorbed solute layer at the membrane surface is the primary
cause of flux decline and not the higher osmotic pressure at the membrane surface. This is supported by the work of
Koltuniewicz and Noworyta [9] (Figure 11.2).

The transition between the reversible adsorption, described by Nikolova and Islam [29], and irreversible fouling is crucial
to determining the strategy for improved membrane performance and for understanding the threshold values for which optimal
flux and rejection can be maintained. In a very thorough study, Chen et al. [41] reported on the dynamic transition from
concentration polarization to cake (i.e., gel layer) formation for membrane filtration of colloidal silica. Once a critical flux, Jcrit,
was exceeded, the colloids in the polarized layer formed a consolidated cake structure that was slow to depolarize and which
reduced the flux. This paper is a very valuable source of information for membrane plant operators. By operating just below Jcrit
they can maximize the flux while at the same time reducing the frequency of membrane cleaning. A study by Chen et al. [41]
showed that by controlling the flux below Jcrit, the polarization layer may form and solute adsorption may occur but it is
reversible and responds quickly to any changes in convection.
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11.3 ANALYTICAL STRATEGIES

11.3.1 MEASURING FOULING LAYER MORPHOLOGY AND CELL ADHESION KINETICS

The smoothness of the membrane surface can influence the morphology of the fouling layer. Riedl et al. [42] employed an
atomic force microscopy (AFM) technique to measure membrane surface roughness, and scanning electron microscopy (SEM)
to assess the fouling layer. It was shown that smooth membranes produced dense surface fouling layer, whereas this same layer
or biofilm on rough membranes was much more open. The primary conclusion of the study was that the fluxes through rough
membranes are less affected by fouling formation than fluxes through smooth membranes.

The kinetics of adhesion ofMycobacterium sp. to cellulose diacetate reverse osmosis membranes have been described [19].
Adhesion of the cells to the membrane surface occurred within 1–2 h and exhibited saturation-type kinetics, which conformed
closely to the Langmuir adsorption isotherm, a mathematical expression describing the partitioning of substances between a
solution and a solid–liquid interface. This suggested that cellulose diacetate membrane surfaces may possess a finite number of
available binding sites to which the mycobacteria can adhere. Treatment of the attached mycobacteria with different enzymes
suggested that cell surface polypeptides, 4- or a-1.6-linked glucan polymers, and carboxyl ester bond containing substances
(possibly peptiglycolipids) may be involved in the adhesion process. The exact molecular mechanisms of adhesion, however,
have not as yet been clearly defined. This is one area where further research is needed.

11.3.2 HYDRODYNAMIC STUDIES OF MICROBIAL ADHESION AND PASSAGE OF BACTERIA THROUGH MEMBRANES

Altena and Belfort [43] and Drew et al. [44] performed fundamental studies of the membrane fouling process based on the
movement of rigid neutrally buoyant spherical particles (i.e., a model bacterial foulant) toward a membrane surface. While these
researchers did not work directly with microbial cells, their hydrodynamic studies do provide useful information on how the
particle size and fluid flow affect microbial adhesion. Their studies were an attempt to give clearer insight into the hydrodynamics
behind the mechanism of microbial adhesion in RO systems. Under typical laminar flow conditions, particles with a radius
smaller than 1 mm were captured by a porous membrane surface (i.e., the microbial adhesion step) resulting in cake formation.
Due to convective flow into the membrane wall, particles moved laterally toward the membrane. The particle concentration near
the membrane surface increased significantly over that in the bulk solution and resulted in a fouling layer. In their cross-flow
membrane filtration experiments there appeared to be two major causes for lateral migration: a drag force exerted by the fluid on
the particle due to the convective flow into the membrane wall (i.e., wall suction effect or permeation drag force) that carried
particles toward the membrane, and an inertial lift force that carried particles near the membrane away from the porous wall. For
small particles (<1 mm) the permeation drag force dominated. An expression was developed from the first principles to predict
conditions under which a membrane module exposed to dilute suspensions of spherical particles will not foul.

In a recommended paper, Ghayeni et al. [45] studied the passage of bacteria (0.5 mm diameter) through microfiltration
membranes in wastewater applications. Membranes with pore sizes smaller than 0.2 mm still transmitted secondary effluent
cells. This is an interesting study, which showed that based on total cell counts (DAPI) up to 1% of the bacteria in the feed can
pass to the permeate side. While a significant portion of the cells (e.g., 50%) in the permeate showed biological (CTC) activity,
none of the cells were able to reproduce (i.e., culture on agar or in suspension). This is a good quantitative method for
measuring cell injury. We can speculate that smaller cells, or membranes with larger pores, would allow for the passage of
viable bacteria, which would be able to reproduce. This could occur at some critical cell=pore ratio (Figure 11.4).
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FIGURE 11.4 Passage of bacterial cells through membrane pores. Cell damage occurs at critical pore radius=cell radius ratio.
(From Goosen, M.F.A., Sablani, S.S., Al-Hinai, H., Al-Obeidani, S., Al-Belushi, R., and Jackson, D., Sep. Sci. Technol., 39, 2261, 2004.)
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11.3.3 ANALYSIS OF DEPOSITS ON MEMBRANE SURFACE

Attenuated total reflection (ATR) Fourier transform infrared (FTIR) spectroscopy can provide insight into the chemical nature
of deposits on membranes [46]. The spectra of the foulants can be easily distinguished from the spectra of the membrane
material. ATR=FTIR can also indicate the presence of inorganic foulants as well as the ratio of inorganic–organic foulants.

The surface deposits on UF polyethersulfone (PES) membranes fouled by skimmed milk have been studied using ATR-
FTIR to detect the functional groups of the fouling species [22]. Some milk components (Lactose and salts) were eliminated by
water rinsing, while proteins were only partially removed by chemical cleaning at basic pH. For dynamic conditions, the
cleanliness of the membrane was evaluated through two criteria: hydraulic (i.e., recovery of initial flux) and chemical (i.e., no
more contaminants detected). The hydraulic cleanliness of the membrane was achieved, while the membrane initial surface
state was not restored. ATR-FTIR is also a useful tool for evaluating other fouling species such as oil and humic acids.

Deposits on a membrane surface, before and after cleaning, can also be analyzed using SEM in combination with energy
dispersive x-ray (EDX) combined with a microanalysis system permitting quantitative determination of elements [12].
Furthermore, identification of specific species deposited onto membrane surfaces can be carried out using matrix-assisted
laser desorption ionization mass spectroscopy (MALDI-MS). Chan et al. [47] employed this technique to differentiate between
desorption of proteins from the membrane surface, from the inside pores and from the membrane substrate. It has the potential
for quantitative measurement of protein fouling on membrane surfaces. It was shown that the technique is a powerful tool for
distinguishing between different proteins in fouling deposits.

Atomic force microscopy has proved to be a rapid method for assessing membrane–solute interactions (fouling) of
membranes under process conditions [48]. Given the good agreement between the correlations using AFM and operating
performance, it should be possible, in the future, to use these techniques to allow earlier assessment of the fouling propensity of
process streams.

Nondestructive, real-time observation techniques to detect and monitor fouling during liquid separation processes are of
great importance in the development of strategies to improve operating conditions. In a recommended paper by Li et al. [23],
ultrasonic time-domain reflectometry (UTDR) was used to measure organic fouling, in real time, during ultrafiltration with
polysulphone (PS) membranes. The feed solution was a paper-mill effluent, which contained breakdown products of lignin or
lignosulphonate, from a wastewater treatment plant. Experimental results showed that the ultrasonic signal response can be
used to monitor fouling-layer formation and growth on the membrane in real time. The differential signal developed indicated
the state and progress of the fouling layer and gave warning of advanced fouling during operation.

11.3.4 MEASUREMENT OF CONCENTRATION POLARIZATION

Gowman and Ethier [49,50] developed an automated laser-based refractometric technique to measure the solute concentration
gradient during dead-end filtration of a biopolymer solution. This paper attempts to reconcile theory with experimental data.
The refractometric technique may be useful to other researchers working on quantification of membrane fouling.

A nuclear magnetic resonance technique was employed by Pope et al. [13] to quantitatively measure the concentration
polarization layer thickness during cross-flow filtration of an oil–water emulsion. This method helps to clarify the relative
quantitative contributions to flux decline of the adsorbed layer resistance, and the concentration polarization layer gradient and
thickness. It helps to explain the flux declines due to different resistances as shown in Figure 11.2. The technique, which
measured layer thickness using chemical shift selective microimaging, may be useful in studying other membrane fouling
situations that occur in food processing and desalination.

11.3.5 MATHEMATICAL MODELS FOR FLUX DECLINE

A series resistance model was developed by Dal-Cin et al. [51] to quantify the relative contributions of adsorption, pore
plugging, and concentration polarization to flux decline during UF of a pulp mill effluent. They proposed a relative flux loss
ratio as an alternative measure to the conventional resistance model that was found to be a misleading indicator of the flux loss.
Using experimental and simulated flux data, the series resistance model was shown to under-predict fouling due to adsorption
and to overpredict concentration polarization. This appears to be a disadvantage and would make the model of limited use in its
current form. As mentioned in the introduction, Koltuniewicz and Noworyta [9] modeled the flux decline as a result of the
development of a concentration polarization layer based on the surface renewal theory developed by Danckwerts [52]. The
surface renewal model is more realistic than the commonly used film model since mass transfer at the membrane boundary
layer is random in nature due to membrane roughness. Specifically, the membrane is not covered by a uniform concentration
polarization layer, as was assumed in the film model, but rather by a mosaic of small surface elements with different ages, and,
therefore, different permeate flow resistance. Any element can be swept away randomly by a hydrodynamic impulse, and then a
new element starts building up a layer of retained solute at the same place on the membrane surface. They showed that the
decrease in flux with respect to time, J(tp), due to the development of the concentration polarization layer is given by the
following equation that also takes into account the rate of membrane surface renewal, s (area=unit time):
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J(tp) ¼ (Jo � J�)
s

sþ A

1� e�(sþA)tp

1� e�stp
þ J* (11:2)

where
A is the rate of loss of membrane surface area as a function of time
Jo is the initial value of the flux
J* is the flux observed after infinite time
tp is the time of permeation

s ¼ A
Jlim � J*
Jo � Jlim

(11:3)

where Jlim is the limiting flux that is similar to critical flux, Jcrit. The former can be obtained from literature data. The average
flux under steady-state conditions, Ja, can be calculated directly from Equation 11.6 as a limit:

Ja ¼ lim
tp!1 J(tp) ¼ (Jo � J*)

s

Aþ s
þ J* (11:4)

In support of this model, calculated values of flux using Equations 11.2 and 11.3 agreed well with experimental data. Equations
11.2 and 11.3 describe a permeation cycle of duration, tp, as shown in Figure 11.2. This is a highly recommended paper for
those who are operating large-scale continuous ultrafiltration plants, and to a certain extent RO plants. The model developed
describes not only the dynamic behavior of a plant, but also allows for optimization of operating conditions (i.e., permeation
time, cleaning time, and cleaning strategy).

11.3.6 VARIATION IN GEL-LAYER THICKNESS ALONG FLOW CHANNEL

In the case of cross-flow filtration, one can expect that the gel-layer thickness and the surface concentration of the solute will
vary with distance from the channel entrance. As a consequence, the local permeate flux will also vary with longitudinal
position. In a highly recommended article, Denisov [53] presented a mathematically rigorous theory of concentration
polarization in cross-flow ultrafiltration, which takes into account the nonuniformity of the local permeate membrane flux.
He derived equations describing the pressure=flux curve.

In the case of the gel-layer model, the theory led to a simple analytical formula for a limiting or critical flux, Jlim. The flux
turned out to be proportional to the cube root of the ratio of the gel concentration to the feed solution concentration, rather than
to the logarithm of this ratio, as the simplified Michaels–Blatt theory predicted:

Jlim ¼ 3
2

� �(2=3)

KPg ¼ 1:31
Cg

Co

� �
m1=3D2=3U1=3

o

L1=3h1=3
(11:5)

where

Pg ¼ CgmD2Uo

CoK3Lh

� �
(11:6)

where
K is the hydraulic permeability of membrane to pure solvent (m3=Ns)
Cg is the gel concentration (kmol=m3)
Co is the solute concentration in feed solution (kmol=m3)
m is the channel parameter
D is the solute diffusion coefficient (m2=s)
Uo is the longitudal component of fluid velocity averaged over the channel cross-section (m=s)
L is the channel length (m)
h is the transversal dimension of the channel (m)

In the case of the osmotic-pressure model, the rigorous theory allowed the conclusion that at high applied transmembrane
pressure, the permeate flux increased as a cube root of the pressure, so that the limiting flux was never reached:
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where

Po ¼ mD2Uo

RTCoK3Lh

� �
(11:8)

where
J is the average flux over the channel (m=s)
P is the transmembrane pressure (N=m2)
R is the gas constant (J=kmol K)
T is the temperature (K)

However, one minor weakness of the study was that the analysis ignored the concentration dependence of the viscosity and the
partial transmission of the solute through the membrane.

11.3.7 PORE BLOCKAGE AND CAKE FORMATION

Cake formation, shear forces, and other mathematical aspects and the kinetics of the boundary layer are described in a study by
Hermia [54]. To understand the effect of membrane fouling on system capacity the Vmax test is often used to accelerate testing.
This test assumes that fouling occurs by uniform constriction of the cylindrical membrane pores. This does not happen in
practice. Zydney and Ho [27] examined the validity of the Vmax model and compared the results with predictions from a new
model that accounts for fouling due to both pore blockage and cake formation. It was found that the Vmax analysis significantly
overestimates the system capacity for proteins that foul primarily by pore blockage, but it underestimates the capacity for
compounds that foul primarily by cake formation. In contrast the pore blockage–cake filtration model provides a much better
description of membrane fouling, leading to more accurate sizing and scale-up of normal flow filtration devices.

11.4 METHODOLOGIES FOR MINIMIZATION OF MEMBRANE FOULING

11.4.1 FEED WATER PRETREATMENT USING FILTRATION AND FLOCCULATION

Reverse osmosis seawater systems that operate on surface feed water normally require an extensive pretreatment process to
control membrane fouling. Recently new effective water microfiltration technologies have been introduced commercially. Wilf
and Klinko [55] and Glueckstern et al. [56] noted that these developments can improve the quality of surface seawater feed to a
level comparable to or better than the water quality from well water sources. The utilization of capillary ultrafiltration as a
pretreatment step enabled operation of the reverse osmosis system at a high recovery (15%) and permeate flux rate. In a similar
study utilizing micro- and ultrafiltration as seawater pretreatment steps for reverse osmosis, Glueckstern and Priel [57] showed
that such technology can dramatically improve the quality of the feed water. This is especially important if cooling water from
existing power stations is used as feed water for desalination plants.

The reuse of municipal wastewater requires treatment to an acceptable quality level that satisfies regulatory guidelines.
Ghayani et al. [25] employed hollow fiber microfiltration as a pretreatment for wastewater for RO in the production of high-
quality water. Organisms present in MF-treated secondary effluent were able to attach to RO membranes and proliferate to form
a biofilm. Total cell counts in this treated effluent (i.e., permeate from the MF unit) were several orders of magnitude higher
than viable cell counts. This was confirmed in a later study [45]. What these results indicate is that microfiltration membranes
will not be totally effective in the removal of bacteria from the feed water stream. The result showed that most cells were
severely damaged by passage through the membrane (Figure 11.4). However, we can speculate that this damaging effect may
be strain-specific and dependent on the cell=pore diameter.

In a study by Chapman et al. [58], a flocculator was used to remove suspended solids (SDI), organics, and phosphorus from
wastewater. The flocculator produced uniform microflocs, which were removed by cross-flow microfiltration. Flocculated
particles can form a highly porous filtration cake on a membrane surface. This will help inhibit fouling on the membrane by
preventing the deposition of particles and therefore reducing the number of membrane cleaning cycles [59]. In practice SDI and
modified fouling index are used to reflect the fouling potential.

Arsenic removal from drinking water is a major problem in many parts of the world. Han et al. [60] investigated arsenic
removal by flocculation and microfiltration. Ferric chloride and ferric sulfate were used as flocculants. Results showed that
flocculation before microfiltration led to significant arsenic removal in the permeate. Furthermore, the addition of small
amounts of cationic polymeric flocculants resulted in significantly improved permeate fluxes during microflitration.

Pabby et al./Handbook of Membrane Separations 9549_C011 Final Proof page 334 13.5.2008 1:12pm Compositor Name: BMani

334 Handbook of Membrane Separations



Another commonly used method is coagulation. This technique removes turbidity from water by the addition of cationic
compounds. The usefulness of coagulation as a pretreatment to remove microparticles in aqueous suspension before a
membrane filtration was shown by Choksuchart et al. [61]. There are several types of coagulation systems. Comparisons
were made by Park et al. [62] between coagulation with only rapid mixing in a separate tank (i.e., ordinary coagulation), and
coagulation with no mixing tank (i.e., in-line coagulation) before an ultrafiltration process. The ordinary coagulation was
superior. An in-line coagulation (without settling) UF process was also employed by Guigui et al. [63]. Floc cake resistance was
found to be lower than resistance due to the unsettled floc and the uncoagulated organics. A reduction in coagulant dose
induced an increase in the mass transfer resistance.

Combining flocculation and coagulation in a pretreatment process has also been studied. In a key paper by Lopez-
Ramirez et al. [64], the secondary effluent from an activated sludge unit was pretreated, before RO, with three levels: intense
(coagulation–flocculation with ferric chloride and polyelectrolite and high pH sedimentation), moderate (coagulation–
flocculation with ferric chloride and polyelectrolite and sedimentation), and minimum (only sedimentation). The optimum for
membrane protection, in terms of calcium, conductivity, and bicarbonates reduction, was the intense treatment. Membrane
performance varied with pretreatment but not reclaimed water quality. The study recommended intense pretreatment to protect
the membrane.

A modular pilot size plant involving coagulation=flocculation, centrifugation, ultrafiltration, and sorption processes was
designed and constructed by Benito et al. [13] for the treatment of oily wastewaters. Empirical equations developed by Shaalan
[65] predict the impact of water contaminants on flux decline. These formulae enable decision-making concerning a suitable
water pretreatment scheme and also selection of the most appropriate cleaning cycle.

11.4.2 EFFECTS OF SPACERS ON PERMEATE FLUX AND FOULING

The influence of spacer thickness, in spiral-wound membrane units, on permeate flow and its salinity was studied by Sablani
et al. [7]. Membrane parameters were also estimated using an analytical osmotic pressure model for high salinity
applications. The effects of spacer thickness on permeate flux showed that the observed flux decreases by up to 50% in
going from a spacer thickness of 0.1168–0.0508 cm. The authors commented that the different geometry=configuration of
the spacer-influenced turbulence at the membrane surface and that, in turn, affected concentration polarization. This
suggested less turbulence with the smaller spacer thickness and is opposite to what is normally expected. A membrane
module with an intermediate spacer thickness of 0.0711 cm was found to be the best economically, since it gave the highest
water production rate (L=h).

Geraldes et al. [66] assessed the effect of a ladder-type spacer configuration in NF spiral-wound modules on concentration
boundary layer disruption. The results showed that the average concentration polarization for the membrane wall was
independent of the distance to the channel inlet, while for the membrane wall without adjacent filaments the average
concentration polarization increased with the channel length. This was due to the fact that in the first case the transverse
filaments periodically disrupted the concentration boundary layer while in the second case the concentration boundary layer
grew continuously along the channel length. The experimental results of the apparent rejection coefficients were compared to
model predictions, the agreement being good. Their results clearly established how crucial the spacers configuration is in the
optimization of the spiral-wound module efficiency.

The unexpected results of Sablani et al. [7] (i.e., less turbulence with smaller spacer thickness) may be best explained by
an excellent paper by Schwinge et al. [67]. The latter employed computational fluid dynamics (CFD) in a study of unsteady
flow in narrow spacer-filled channels for spiral-wound membrane modules. The flow patterns were visualized for different
filament configurations incorporating variations in mesh length, filament diameter, and for channel Reynolds numbers, Rech,
up to 1000. The simulated flow patterns revealed the dependence of the formation of recirculation regions on the filament
configuration, mesh length, filament diameter, and the Reynolds number. When the channel Reynolds number was increased
above 300, the flow became super-critical showing time-dependent movements for a filament located in the center of a
narrow channel; and when the channel Reynolds number was increased above 500 the flow became super-critical for a
filament adjacent to the membrane wall. For multiple filament configurations, flow transition can occur at channel Reynolds
numbers as low as 80 for the submerged spacer at a very small mesh length (mesh length=channel height (lm=hch)¼ 1) and
at a slightly larger Reynolds number at a larger mesh length (lm=hch¼ 4). The transition occurred above Rech of 300 for a
cavity spacer and above Rech of 400 for a zigzag spacer. We can speculate that the conclusions of Sablani et al. [7], less
turbulence with smaller spacer thickness, were due to fewer recirculating regions as a result of smaller mesh length and
filament diameter.

Computational fluid dynamics simulations were used by Li et al. [68] to determine mass transfer coefficients and power
consumption in channels filled with nonwoven net spacers. The geometric parameters of a nonwoven spacer were found to have
a great influence on the performance of a spacer in terms of mass transfer enhancement and power consumption. The results
from the CFD simulations indicated that an optimal spacer geometry exists.

Pabby et al./Handbook of Membrane Separations 9549_C011 Final Proof page 335 13.5.2008 1:12pm Compositor Name: BMani

Membrane Fouling: Recent Strategies and Methodologies for Its Minimization 335



11.4.3 MEMBRANE SURFACE MODIFICATION

Belfer [24] described a simple method for surface modification of commercial composite polyamide reverse osmosis
membranes. The procedure involved radial grafting with a redox system consisting of potassium persulfate=sodium methabi-
sulfite. ATR-FTIR provided valuable information about the degree of grafting and the microstructure of the grafted chain on the
membrane surface. Both acrylic and sulfo-acidic monomers and neutral monomers, such as polyethylene glycol methacrylate,
were used to demonstrate the wide possibilities of the method in terms of grafting of different monomers and initiators. It was
shown that some of the modified membranes conserved their previous operating characteristics, flux, or rejection, but exhibited
a higher resistance to humic acid. Additional work needs to be done to find out what happens to the fouling resistance of such
membranes over the long term (i.e., after initial biofilm formation).

A fouling-resistant reverse osmosis membrane that reduces microbial adhesion was reported by Jenkins and Tanner [69]. In
this interesting study that confirmed the results of Flemming and Schaule [20], they compared two types of thin-film composite
membranes with different chemistries. One type was classified as a polyamide, the other utilized a new chemistry that formed a
polyamide–urea barrier (i.e., surface) layer. The latter composite membrane proved superior in reverse osmosis operation
similar to that of the polyetherurea membrane of Flemming and Schaule [20], including rejection of certain dissolved species
and fouling-resistance. These results suggest that the presence of urea groups in the membrane reduces microbial adhesion,
perhaps through charge repulsion. The results of work by Ridgway [19] on the kinetics of adhesion of Mycobacterium sp. to
cellulose diacetate reverse-osmosis membranes have similar implications. Scientists should therefore be able to minimize
microbial adhesion by controlling the surface chemistry of polymer membranes, through, for example, the inclusion of
urea groups.

Chemical modification of a membrane surface can be used in combination with spacers and periodic applications of
bioacids [70]. The paper by Redondo, however, is short on specifics (e.g., details of chemical modification of aromatic
polyamides membrane surface), and therefore not very useful to those looking for insights into membrane fouling.

11.4.4 FOULING RESISTANCE OF HYDROPHILIC AND HYDROPHOBIC MEMBRANES

Cherkasov et al. [32] presented an analysis of membrane selectivity from the standpoint of concentration polarization and
adsorption phenomena. The results of their study showed that hydrophobic membranes attracted a thicker irreversible
adsorption layer than hydrophilic membranes. The layer thickness was determined by the intensity of concentration polarization
(Figure 11.3). This may be due to the stronger attraction of water to hydrophilic membranes. Kabsch-Korbutowicz et al. [17]
also demonstrated that the most hydrophilic of the membranes tested (i.e., regenerated cellulose) had the lowest proneness to
fouling by organic colloids (i.e., humic acids). These conclusions were further supported by the thorough work of Tu et al. [37]
who showed that membranes with a higher negative surface charge and greater hydrophilicity was less prone to fouling due to
fewer interactions between the chemical groups in the organic solute and the polar groups on the membrane surface.

11.4.5 CONTROL OF OPERATING PARAMETERS AND CRITICAL FLUX

A comprehensive difference model was developed by Madireddi et al. [71] to predict membrane fouling in commercial spiral-
wound membranes with various spacers. This is a useful paper for experimental studies on the effect of flow channel thickness
on flux and fouling. Avlonitis et al. [72] presented an analytical solution for the performance of spiral-wound modules with
seawater as the feed. In a key finding they showed that it was necessary to incorporate the concentration and pressure of the feed
into the correlation for the mass transfer coefficient. In a similar study, Boudinar et al. [73] developed the following relationship
for calculating mass transfer coefficients in channels equipped with a spacer:

k ¼ 0:753
K

2� K

� �1=2 DS

hB
Sc�1=6 PehB

M

� �
(11:9)

where
Pe¼ Peclet number
K¼ 0.5
M¼ 0.6 (cm)

Controlled centrifugal instabilities (called Dean vortices), resulting from flow around a curved channel, were used by
Mallubhotla and Belfort [74] to reduce both concentration polarization and the tendency toward membrane fouling. These
vortices enhanced back-migration through convective flow away from the membrane–solution interface and allowed for
increased membrane permeation rates.
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Goosen et al. [3] showed that the polymer membrane can be very sensitive to changes in the feed temperature. There was up
to a 100% difference in the permeate flux between feed temperatures of 308C and 408C. A more recent study showed that the
improved flux was due primarily, though not completely, to viscosity effects on the water. Reversible physical changes in
the membrane may also have occurred [75].

The transition from concentration polarization to fouling is a key phase in membrane separation processes that occur at a
critical flux. Song [76] indicated that in most theories developed, the limiting or critical flux is based on semiempirical
knowledge rather than being predicted from fundamental principles. To overcome this shortcoming, he developed a mecha-
nistic model, based on first principles, for predicting the limiting flux. Similar to the critical flux results of Chen et al. [41] and
the limiting flux of Koltuniewicz and Noworyta [9], Song showed that there is a critical pressure for a given suspension. When
the applied pressure is below the critical pressure, only a concentration polarization layer exists over the membrane surface.
A fouling layer, however, will form between the polarization and the membrane surface when the applied pressure exceeds the
critical pressure. The limiting or critical flux values predicted by the mechanistic model compared well with the integral model
for a low concentration feed. Operators of RO=UF plants=units should therefore operate their systems just below the critical flux
in order to maximize productivity while minimizing membrane fouling.

11.4.6 MEMBRANE CLEANING USING CHEMICAL AGENTS AND BACK PULSING

Membranes used in the food industry for ultrafiltration of milk or whey are cleaned on a regular basis with water and various
aqueous solutions to ensure hygienic operation and to maintain membrane performance. Water quality, therefore, is of special
importance in the rinsing and cleaning process as impurities present in the water could affect cleaning efficiency, and in the long
term, contribute to a reduction in performance and life of the membrane [77]. Membrane manufacturers generally recommend
the use of high-quality water such as filtered and demineralized water. Installing and running water purification systems,
however, is expensive. Alternatively, water treatment chemicals such as sequestering agents (e.g., EDTA, polyphosphates) can
be added to low-quality water to increase the solubility of metal ions such as calcium, magnesium, manganese, and iron.
Reverse osmosis permeate may also be of suitable quality for use in cleaning.

In a study by Tran-Ha and Wiley [77], it was shown that impurities such as particulate and dissolved salts present in the
water can affect the cleaning efficiency of a polysulphone ultrafiltration membrane. The water used for cleaning was doped
with a known amount of specific ions (i.e., calcium, sodium, chloride, nitrate, and sulphate). The presence of calcium in water,
at the usual concentrations found in tap water, did not greatly affect cleaning efficiency while chloride was found to reduce it.
Sodium, nitrate, and sulphate appeared to improve the flux recovery during membrane cleaning. The cleaning efficiency was
also improved at higher ionic strengths. For further reading a similar study by Lindau and Jonsson [12] is recommended. They
assessed the influence of different types of cleaning agents on a polysulphone ultrafiltration membrane after treatment of oily
wastewater.

The effect of different cleaning agents on the recovery of the fouled membrane was studied by Mohammadi et al.
[78]. Results showed that a combination of sodium dodecyl sulfate and sodium hydroxide can be used as a cleaning
material to reach the optimum recovery of the polysulfone membranes used in milk concentration industries. Also a
mixture of sodium hypocholorite and sodium hydroxide showed acceptable results, where washing with acidic solutions
was not effective.

Mores and Davis [79], to view membrane surfaces at different times in cross-flow microfiltration, used direct visual
observation (DVO) of yeast suspensions with rapid back pulsing at varied back pulsing duration and pressure. The DVO photos
showed that the membranes were more effectively cleaned by longer back pulse durations and higher back-pulse pressures.
However, trade-offs existed between longer and stronger back pulses, and permeate loss during the back pulse. Shorter,
stronger back pulses resulted in higher net fluxes than longer, weaker back pulses.

Roth et al. [80] proposed a method to determine the state of membrane wear by analyzing sodium chloride stimulus-
response experiments. The shape of the distribution of sodium chloride in the permeate flow of the membrane revealed the
solute permeation mechanisms for used membranes. For new membranes the distribution of sodium chloride collected in
the permeate side as well in the rejection side was unimodal. For fouled membranes they noted the presence of several modes.
The existence of a salt leakage peak, as well as an earlier detection of salt for all the fouled membranes, gave evidence of
membrane structure modification. The intensive use of the membranes might have created an enlargement of the pore sizes. Salt
and solvent permeabilities increased as well. While this is a difficult paper to follow, it may be of use to those who want to
develop new methods for measuring membrane degradation.

Ammerlaan et al. [21] reported on membrane degradation resulting in a premature loss of salt rejection by cellulose acetate
membranes. Tests were initiated to find a solution to the problem and to gain a better understanding of the mechanisms
involved. It was found that removal of all free chlorine solved the problem. This was accomplished by injecting ammonia in the
feed water presumably resulting in the formation of ammonium chloride. Membrane damage by chlorine was also reported by
Ridgway et al. [18]. They studied membrane fouling at a wastewater treatment plant under low- and high-chlorine conditions.
High-chlorine residuals damaged the membrane structure and reduced mineral rejection capacity.
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11.5 MEMBRANE FOULING AND GAS SEPARATIONS

Many industrial activities, such as gas production [81–83], catalysis [84], and fuel cells [83], require gas separation. Fouling in
gas separation processes, however, is less severe than in microfiltration, nanofiltration, and reverse osmosis where it is the main
cause of permanent flux decline and loss of product quality [81].

Saracco and Specchia [84] noted that inorganic membranes have great potential in gas separation, catalytic reactors,
gasification of coal, water decomposition, and solid electrolyte fuel cells [81–89]. Inorganic membranes are usually made from
alumina, silica, carbon, and zeolites [85]. We will only assess porous membranes since fouling is virtually absent in dense
membranes [81].

Roque-Malherbe et al. [90] studied the transport of hydrogen and carbon dioxide through porous ceramic membranes
(Figure 11.5). The transport mechanism followed the Darcy law [81,82,88,89,91]:

J ¼ B
DP

l
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A
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l
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Darcy law for gaseous laminar flow (Figure 11.5) is described by the following equation [88]:
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FIGURE 11.5 Study of the relation between the flux J and DP, during the transport of H2 and CO2 through a porous ceramic membrane
produced by thermal treatment of a natural zeolite. (From Roque-Malherbe, R., Applications of natural zeolites in pollution abatement and
industry. In: Nalwa, H.S., ed., Handbook of Surfaces and Interfaces of Materials, Vol. 5, Academic Press, New York, 2001.)
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The Carman–Kozeny equation for the permeability factor for a membrane formulated with pressed spherical particles is [88]:

k ¼ «d2v
16C

(11:14)

« ¼ 1� rA
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(11:15)

therefore

k � «d2v
77

(11:16)

As the membrane pore dimensions decrease, for example, due to pore blockage, or the mean free path of the molecules increase,
the permeating particles tend to collide more with the pore walls than among themselves, then the Knudsen flow regime is
established. In this case the expression for the permeation flux across the membrane is given by [83]:
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where G is the geometrical factor which accounts for membrane porosity and tortuosity.
Flux decline as a result of membrane fouling can be attributed to pore blocking due to the deposition of particles flowing

with the gas to be cleaned. In addition, a decrease in the membrane porosity and consequently flux decay, during the gas
separation process, could be produced in ceramic membranes because of the sinterization of the particles which constitutes the
membrane, if the gas separation process is carried out at high temperatures. This means physical changes in the membrane can
occur as a result of the operating parameters. Pore blockage and membrane compaction are two factors that contribute to fouling
of membranes during gas separations.

11.6 ECONOMIC ASPECTS OF MEMBRANE SEPARATIONS

New separation techniques must, at minimum, be comparable in overall cost, and preferably be lower in cost then traditional
technology. Scientists often forget that successful commercialization of a new technology is dependent on economic factors.
Just because a novel separation technique works in the laboratory, for example, does not mean that it will replace current
methods.

The competitiveness of UF pretreatment in comparison to conventional pretreatment (i.e., coagulation and media filtration)
was assessed by Brehant et al. [92] by looking at the impact on RO hydraulic performances. The study showed that
ultrafiltration provided permeate water with high and constant quality resulting in a higher reliability of the RO process than
with a conventional pretreatment. The combination of UF with a precoagulation at low dose helped in controlling UF
membrane fouling. The authors concluded that the combined effect of a higher recovery and a higher flux rate promised to
significantly reduce the RO plant costs. The conclusions reached where opposite of those reported in the paper by Glueckstern
et al. [56] above, and demonstrate the complexity of the overall economics of a membrane separation process.

Field evaluation of a hybrid membrane system consisting of an UF membrane pretreatment unit and an RO seawater unit
was conducted by Glueckstern et al. [56]. For comparison a second pilot system consisting of conventional pretreatment and an
RO unit was operated in parallel. The conventional pretreatment unit included in-line flocculation followed by media filtration.
The study showed that UF provided a very reliable pretreatment for the RO system independent of the raw water quality
fluctuations. However, the cost of membrane pretreatment was higher than conventional pretreatment. This suggested that
membrane pretreatment for RO desalting systems is only economic for sites that require extensive conventional pretreatment or
where wide fluctuations in the raw water quality are expected.

11.7 CONCLUDING REMARKS

Membrane fouling is a complex process where the physicochemical properties of the membrane, the type of cells, the quality of
the feed water, the type of solute molecules, and the operating conditions all play a role. The end result of most membrane
separations is a fouled surface that the operator will not be able to clean to its original state. To reduce the tendency to
irreversible fouling it is essential to operate the plant=unit below the critical flux. This must go hand-in-hand with reliable feed
water pretreatment schemes.
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Studies are required on effective removal of biofilms without damaging the membrane. Additional work needs to be done to
find out what happens to the fouling resistance of chemically modified membranes over the long term (i.e., after initial biofilm
formation). Membrane resistance to humic acids is another area for further study. Furthemore, the molecular tools needed for
exploring the biochemical details of the microbial adhesion process to membranes are now available.

Various aspects of the water problem need to be considered not only by developing nations but also by developed countries.
Water is required for urban development, industrialization, and agriculture. An increase in the world population results in an
increase in water usage. We can stipulate that in the future, serious conflicts will arise not because of a lack of oil, but due to
water shortages. As scientists and engineers continue to improve the technical and economic efficiency of membrane
desalination systems, it is imperative that we do not lose sight of the bigger water resources picture. A three-pronged approach
therefore needs to be taken by society; water needs to be effectively managed, it needs to be economically purified and it needs
to be conserved.
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NOMENCLATURE

A rate of loss of membrane surface area as function of time (m2=s)
A effective membrane area (m2)
AFM atomic force microscopy
ATR attenuated total reflection
B permeability (mol=m s Pa)
C¼ 4.8� 0.3 Carman-Kozeny constant
Cb bulk solute concentration (mol=cm3)
Cg gel concentration (kmol=m3)
Co solute concentration in feed solution (kmol=m3)
Cp permeate solute concentration (mol=cm3)
Cw concentration at membrane surface (mol=cm3)
dp average grain diameter (mm)
dv membrane pore diameter
D solute diffusion coefficient (m2=s)
FTIR Fourier transform infrared
G geometrical factor (m)
H transversal dimension of channel (m)
i cycle number
J solvent flux across membrane (m3=m2 s)
J* flux at infinite time (m3=m2 s)
Ja average flux under steady-state conditions (m3=m2 s)
Jai solvent flux at time a and in cycle i (m3=m2 s)
Jcrit limiting or critical flux (m3=m2 s)
Jlim limiting or critical flux (m3=m2 s)
Jo solvent flux at beginning of cycle (m3=m2 s)
Js solute flux (mol=cm2 s)
J(tp) solvent flux as function of permeation time (m3=m2 s)
Jv permeate flux (mol=cm2 s)
J molar gas flow (mol=m2 s)
K hydraulic permeability of membrane to pure solvent (m3=N s)
k mass transfer coefficient
kCw adsorbed layer resistance
L channel length (m)
l membrane thickness (m)
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M molecular weight of the gaseous permeating species (kg=mol)
m channel parameter
DP hydraulic pressure difference across membrane (cm=s)
P transmembrane pressure (N=m2)
Pe Peclet number
DP ¼ P1�P2 trans-membrane pressure (Pa)
Q gas filtrate flux (m3=s)
RO reverse osmosis
Rm membrane resistance
R gas constant (J=kmol K)
Sc Schmidt number
T temperature (K)
tp permeation time (h)
tc cleaning time (h)
UF ultrafiltration
UTDR ultrasonic time-domain reflectometry
Uo longitudal component of fluid velocity averaged over channel cross-section (m=s)
Vm molar volume of the flowing gas

GREEK SYMBOLS

« membrane porosity
P gas permeance (mol=m2 s Pa)
rA apparent membrane density (g=cm3)
rR Real membrane density (g=cm3)
m dynamic viscosity of the gas (Pa s)
Dp(w) osmotic pressure at membrane surface (cm=s)
M fluid viscosity
T membrane lifetime (year)
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12.1 INTRODUCTION

The use of membranes for extraction in analytical chemistry has been increasing during recent years. The main intention is to
selectively extract and enrich compounds to be determined (analytes) from chemically more or less complex samples. In
contrast to many technical uses of membranes, in analytical applications it is imperative to recover as efficiently as possible the
extracted analytes so they can be transferred to suitable analytical instruments for the final determination in a quantitative way.
Another difference from technical uses is that the volume scale is small; extracts are seldom larger than a milliliter, often only
several microliters.

Membrane techniques have a number of clear advantages over other extraction techniques used in analytical chemistry.
These advantages especially concern not only selectivity, enrichment power, and automation potential but also economy and
occupational health aspects [1–8].

12.1.1 SAMPLE PREPARATION FOR ANALYSIS AND SAMPLING

In most cases of chemical analysis, some kind of sample preparation is necessary. One intention could be to bring the sample
into a physical form, which is suitable for the further application of an instrumental technique for the final determination. This
could be made by, for example, grinding, dissolution, combustion, filtration, etc. In many cases, for example, as a preparation
for gas chromatographic analysis, analytes need to be transferred from the original matrix (e.g., water) to a solution in an
organic solvent, often even involving a chemical reaction (derivatization) to improve detectability and solubility. For the
determination of analytes in very low concentrations (trace analysis) it will be necessary to enrich or preconcentrate the analyte,
i.e., increase its concentration to measurable levels. For analysis of complicated samples (e.g., biological or environmental
origin) it is additionally crucial to perform cleanup procedures, whereby the concentrations of the analytes are increased relative
to the matrix, i.e., a selective enrichment of the analytes [9–12].

Several types of sampling tasks could involve various types of extraction at the sampling site. This would be the case in
integrating sampling, where the mean concentration over a period or over an area is sought, or when a speciation sampling is
attempted, i.e., where the aim is to determine not only total concentrations but also equilibria (dissolved-bound, different
dissociation conditions, different redox conditions, etc.).

For many of these sample preparation tasks, various types of extraction (phase-transfer) procedures are used, such as
classical liquid–liquid extraction (LLE) [13–15] in different physical formats, solid-phase extraction (SPE) [16–18], solid-phase
microextraction (SPME) [19,20], and other, when studying aqueous and other liquid samples. For solid samples, the classical
technique is Soxhlet extraction, and there are a number of modern alternatives [21].

The conventional extraction techniques have a number of drawbacks. The most obvious one is that relatively large volumes
of organic (often chlorinated) solvents are used. This aspect is easily illustrated by comparing the relevant EPA (US
Environmental Protection Agency) sample preparation protocols. For example, in a generic EPA SPE procedure (Method
3535) [22], 85 mL of organic solvent is needed for extraction of 1 L of water sample (30 mL for elution, 55 mL for washings
and conditioning). Method 3510, which is the corresponding LLE method, is applicable to many more analytes. It requires
180 mL of organic solvent, which is more, but not dramatically so. In both methods, the volume of the extract is reduced to
1–10 mL before analysis by evaporation. This applies to each sample, and an environmental laboratory handles thousands of
samples. The use of large volumes of solvents leads to a significant expense, especially as high purity solvents are demanded,
and also to concerns for occupational safety and for general environmental pollution. These techniques are also quite labor
intensive and difficult to automate, why an important area of current research in analytical chemistry aims to the development of
alternative extraction techniques meeting some of the disadvantages mentioned. These activities are somewhat moderated
by the fact that the area of chemical analysis (especially regarding environmental and pharmaceutical applications, and also in
other areas) is heavily regulated by various international and local rules, leading to that the acceptance of new technology is
very slow and costly.

12.1.2 MEMBRANE EXTRACTION SYSTEMS

In all types of membrane extraction, the membrane separates the sample phase (often called donor or feed solution) from the
acceptor or strip phase and the analyte molecules pass through the membrane from the donor to the acceptor. This process is
often called pertraction (permeation–extraction). The membrane extraction techniques can be divided into porous and
nonporous membrane techniques. Another distinction is between one-, two-, or three-phase membrane extraction techniques.

Typical examples of one-phase techniques are filtration and dialysis. The membrane is porous, so there is a liquid (or gas)
contact through the pores between the donor and acceptor phases, which are of similar chemical composition (i.e., both are
either aqueous, organic, or gaseous). There is no phase boundary, and therefore, no partition between phases. Thus, physical
and not chemical properties govern the process. This review will not consider one-phase systems further. For information on
dialysis, especially its analytically interesting version microdialysis, see Refs. [23,24].
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Nonporous membrane techniques involve two or three phases separated by distinct phase boundaries. In three-phase
membrane systems, a separate membrane phase is surrounded by two different liquid phases (donor and acceptor) forming a
system with two phase-boundaries and thus two different extraction (partition) steps. These can be tailored to different types of
chemical reactions, leading to a high degree of selectivity. The membrane phase can be a liquid, a polymer, or a gas, and the
donor and acceptor phases can be either gas or liquid (aqueous or organic). Liquid membrane phases are often arranged in
the pores of a porous hydrophobic membrane support material, which leads to a convenient experimental system, termed
supported liquid membrane (SLM). There are several other ways to arrange a liquid membrane phase between two aqueous
phases as described below.

In two-phase membrane systems, one of the surrounding phases is the same as the membrane phase, so there could be, for
example, an organic solvent both in the membrane pores and in the acceptor, while the donor is aqueous or gaseous. There is
only one phase boundary, and consequently, only one partition equilibrium. This technique is chemically analogous to LLE in
separation funnels.

12.1.3 MEMBRANE DEVICES FOR SAMPLE PREPARATION

12.1.3.1 Flat-Sheet Devices

Classically, flat-sheet porous PTFE or polypropylene membranes are used as support for the membrane liquid and mounted in
holders (cells, contactors) permitting one flow channel on each side of the membrane [1,3,6,8,25]. See Figure 12.1. Such
membrane units are typically operated in flow systems and in principle applicable to all versions of membrane extraction for
analytical sample preparation or sampling. Such a setup can be easily interfaced with different analytical instruments, such as
HPLC and various spectrometric instruments, and thereby provides good possibilities for automated operation. Drawbacks of
this type of devices are relatively large costs and limited availability, as well as some carryover and memory problems as the
membrane units are utilized many times, necessitating cleaning between each extraction.

12.1.3.2 Hollow Fiber Devices

In another type of membrane extraction devices, porous polypropylene hollow fibers are used, often in a disposable way, which
minimizes carryover problems and reduces costs [26–33]. On the other hand, manual manipulations are needed, limiting the
possibility for automation. With these devices, the extraction can be carried out in a static mode, either in large sample volumes,
where the extraction is not intended to be complete, or in small volumes aiming for complete extraction. Usually, stirring is
applied to increase the speed of mass transfer. Some typical practical arrangements are shown in Figure 12.2. This type of SLM
extraction is often called hollow fiber liquid phase microextraction, or three-phase liquid phase microextraction or two-phase
liquid phase microextraction but the terminology in this active field of research has not been settled. Also hollow fibers can be
connected in flow systems [34,35].

12.1.4 EQUILIBRIUM AND TRAPPING

After an extraction system has been left for enough long time, equilibrium between the phases is reached and mass transfer from
the donor to the acceptor has stopped. This is the natural end point for the extraction in many cases. In the majority of

(a)

B

A Membrane

Acceptor
channel

(b)

FIGURE 12.1 Flat-membrane modules for membrane extraction in flow systems. (a) Spiral-channel membrane module with 1 mL channel
volume (A, blocks of inert material; B, membrane). (From Jönsson, J.Å. and Mathiasson, L., Trends Anal. Chem., 11, 106, 1992. With
permission from Elsevier Science.) (b) Straight-channel membrane module with 10 mL channel volume. (From Lindegård, B., Björk, H.,
Jönsson, J.Å., Mathiasson, L., and Olsson, A.-M., Anal. Chem., 66, 4490, 1994. With permission.)
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applications, however, the extraction is stopped well before the equilibrium is attained, as this often results in procedures that
are more efficient in terms of time and convenience. In analytical chemistry, a usual aim of the sample preparation is to transfer
(recover) as much of the analyte as possible from the donor to the acceptor to maximize sensitivity and minimize detection
limits. This recovery can be improved in principally two ways: the acceptor can be continuously changed, or continuously flow
past the membrane, so extracted molecules are removed from the membrane surface by convection. This typically leads to a
dilution of the analyte. Alternatively, and more efficiently, the analyte molecules can be trapped in a static acceptor by
a chemical reaction (e.g., dissociation) or by exploiting a high distribution coefficient. This usually leads to enrichment, and
with an efficient trapping reaction there is a potential of obtaining very high enrichment factors.

To improve the overall amount of analyte that is extracted, a flowing donor is often used; i.e., the sample is pumped past the
donor side of the membrane in a dynamic flow system. Also static systems with a stagnant donor are common, often with
convective mixing by stirring.

Acceptor solution
Vial

Sample solution
(donor solution)

Screw top with
silicone septum

Porous hollow fibre
(impregnated with
organic solvent)

Needle for collection
of acceptor solution

Needle for injection
of acceptor solution

(b)

10 µL GC syringe

Aqueous sample

Porous hollow fiber

Organic solvent

Stiring bar

Magnetic stirrer

(c)

FIGURE 12.2 Hollow-fiber devices for membrane extraction. (a) Hollow-fiber loops for equilibrium extraction redrawn after Liu et al.
(From Liu, J.-F., Jönsson, J.Å., and Mayer, P., Anal. Chem., 77, 4800, 2005.) (b) Liquid-phase microextraction after Pedersen-Bjergaard and
Rasmussen. (From Grønhaug Halvorsen, T., Pedersen-Bjergaard, S., Reubsaet, J.L.E., and Rasmussen, K.E., J. Sep. Sci., 24, 615, 2001. With
permission.) (c) Syringe-based hollow fiber LPME. (From Zhao, L. and Lee, H.K., Anal. Chem., 74, 2486, 2002. Copyright 2002 American
Chemical Society. With permission.)
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This chapter mainly covers extraction systems with liquid membrane phases and trapping in the acceptor. Two- and three-
phase systems are compared, as well as dynamic and static systems and flat versus hollow-fiber membrane materials. These
types of systems have been successfully applied to a number of analyte and sample types and can be important alternatives to
more orthodox approaches to sample preparation.

12.2 VARIANTS OF MEMBRANE EXTRACTION

A number of nonporous membrane techniques with different phase systems have been suggested for sample preparation in
analytical chemistry. The main versions are summarized in Table 12.1 and described in the following sections.

12.2.1 LIQUID MEMBRANE EXTRACTION TECHNIQUES

In all liquid membrane extraction techniques, the membrane is an organic liquid, which is in contact with the aqueous sample.
Analytes are extracted either by simple partitioning of uncharged species into the organic phase or by the action of some
extractant, a compound present in the membrane liquid which can form complexes with the analyte, thereby facilitating its
transport into the membrane liquid. So far, this is in principle the same as classical LLE. The difference between the various
liquid membrane extraction techniques refers mainly to the acceptor side of the membrane.

12.2.1.1 Three-Phase Liquid Membrane Extraction

With three-phase liquid membrane extraction techniques, there is a stagnant aqueous acceptor phase, constantly in contact with
the liquid membrane, and the analytes are, after travelling through the membrane, transferred to the aqueous acceptor phase.
The composition of the acceptor phase is such that the analyte molecules, after entering the acceptor phase become non-
extractable, for example by pH changes (for acids or bases) or by some complexation reactions. This is referred to as trapping
and it results in a transport of analyte molecules from the donor to the acceptor phase, which after the extraction can be
transferred to an analytical instrument, either manually or online by a flow system. Trapping is crucial for the success of the
three-phase liquid membrane extraction. By means of suitably selected acceptor conditions, it is possible to tune the mass
transfer process and to obtain the desired selectivity and degree of enrichment for a number of useful applications.

12.2.1.1.1 Supported Liquid Membrane Extraction
In SLM extraction, the most widely applied type of three-phase membrane extraction, the membrane consists of an organic
solvent, which is held by capillary forces in the pores of a hydrophobic porous membrane supporting the membrane liquid.
Such membrane support can be either flat porous PTFE or polypropylene membrane sheet or porous polypropylene hollow
fibers. Typical solvents are long-chain hydrocarbons like n-undecane or kerosene and more polar compounds like dihexyl ether,
dioctyl phosphate, and others. Various additives can increase the efficiency of extraction considerably. The stability of the
membrane depends on the solubility and volatility of the organic liquids, and it is generally possible to obtain membrane
preparations that are stable up to several weeks.

TABLE 12.1
Different Types of Membrane Extraction

Generic Name Names Used Abbreviation Referencesa

Three-phase liquid membrane

extraction aq=org=aq

Supported liquid membrane extraction SLM [6,85]

Three-phase liquid phase microextraction LPME3
Continuous-flow liquid membrane extraction CFLME [79]

Two-phase liquid membrane

extraction aq=org=org (org=org=aq)

Microporous membrane liquid–liquid extraction MMLLE [6,86]

Two-phase liquid phase microextraction LPME2
Three-phase solid membrane
extraction

Polymeric membrane extraction PME [41]
Aq=polymer=aq or org=polymer=aq or

aq=polymer=org
Membrane extraction with a sorbent interface
gas=polymer=gas or liquid=polymer=gas

MESI [81,87]

a First reference for analytical sample preparation, recent review.
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12.2.1.1.2 Nonsupported Liquid Membrane Extraction
In addition to SLM, which is the most commonly used three-phase extraction principle, at least in analytical chemistry, also
other ways of placing an organic phase between two aqueous phases are known. In the classical bulk liquid membrane (BLM)
setups, U-tubes or similar devices are used to confine bulk volumes of organic liquids between two aqueous phases. This type
of devices is very little used for sample preparation in analytical chemistry, as the extraction process becomes slow and the
enrichment factors possible are very limited.

Some devices, which permit the stacking of an aqueous acceptor phase above an organic liquid above an aqueous donor
phase, have been described [36–38]. Such systems are of course inherently physically unstable, especially when stirring, but
some success with such principles has been shown.

A liquid membrane configuration, which is much used for technical applications, is the emulsion liquid membrane (ELM)
systems where the acceptor phase is dispersed as a colloid phase, each colloid drop surrounded by a thin organic, surface active
phase. This principle does not seem to have been used for analytical sample preparation, probably due to the difficulty of
quantitatively recovering the disperse acceptor phase.

12.2.1.2 Two-Phase Liquid Membrane Extraction Systems

Two-phase liquid membrane extraction systems can be seen as a variant of SLM, where both the membrane (located in the
pores of a hydrophobic porous membrane support) and the acceptor phases consist of an organic solvent. This is mainly
suitable for hydrophobic analytes that are non-dissociable and non-charged. These compounds are easily extracted from
water to an organic solvent, but they cannot be back-extracted into a second aqueous phase as required by the SLM
approach.

This is chemically the same principle as for conventional LLE, but can be performed in a flow system, which permits easy
automation and interfacing to analytical instruments. The technique is most easily interfaced to gas chromatography (GC) or to
normal-phase high performance liquid chromatography (NP-HPLC), as the extract ends up in an organic phase. In principle, the
membrane could also be hydrophilic, which would lead to an aqueous phase in the membrane pores. This seems not yet to have
been tried for analytical purposes.

LLE in a flow system (in the form of flow injection analysis) has been described many times as reviewed by Valcárcel and
Luque de Casto [39], but then the organic and aqueous phases are mixed in the same flow channel and later separated. The
practical problems with the phase separation seem to have prevented this technique to be widely used. Applying a membrane,
the phases are never mixed and all mass transfer between the phases takes place at the membrane surface.

As with three-phase membrane extraction, it is also possible here to work either with flat membranes, or with hollow-fiber
membranes. In the first case, the technique is usually called microporous membrane liquid–liquid extraction (MMLLE), a name
originating from Cussler [40]. With hollow fibers, it can be called two-phase liquid phase microextraction.

With two-phase liquid membrane extraction as with classical LLE, the extraction efficiency is limited by the partition
coefficient. If this is very high, it is possible to work with a stagnant acceptor and still obtain a considerable enrichment into a
small extract volume. With smaller partition coefficients, it might be necessary to arrange the acceptor phase to move with a
slow flow rate to successively remove the extracted analyte and maintain the diffusion through the membrane. This will then
lead to a lower degree of enrichment. The situation is similar to that for dialysis, and various focusing approaches can be
applied to improve it, such as an SPE column or a retention gap.

12.2.2 SOLID (POLYMERIC) MEMBRANE EXTRACTION TECHNIQUES

A number of applications with polymeric membranes have been described. The most commonly used membrane material is
silicon rubber or polyethylene. The possibility for both aq=polymer=aq extraction (including trapping in the acceptor, very
similar to SLM extraction) and also, e.g., aq=polymer=org extraction (similar to MMLLE) has been demonstrated.

Melcher [41–43] first described both these principles in cylindrical configurations, utilizing thin silicone tubes in flow
systems. More recently, Hauser et al [44] introduced the principle of MASE (membrane-assisted solvent extraction), which
comprises a polypropylene bag in an autosampler vial with an organic solvent inside the bag. This device is commercialized by
Gerstel (Mülheim an der Ruhr, Germany).

In the aq=polymer=org situation, the organic solvent typically penetrates the polymer causing it to swell considerably, and
the situation is very similar to that of MMLLE. With a fixed composition of the membrane, the possibilities for chemical tuning
(such as application of carriers) of the separation process are greatly reduced compared to SLM extraction or MMLLE. Also, as
diffusion coefficients in polymers are lower than in liquids, the mass transfer is slower, leading to slower extractions. On the
other hand, as the membrane is virtually insoluble, any combination of aqueous and organic liquids can be used, and the entire
system becomes very stable.
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12.3 THEORY AND PRINCIPLES OF MEMBRANE EXTRACTION

12.3.1 PRINCIPLES OF SLM

An SLM extraction can be seen as a combination of extraction into an organic solvent followed by a back-extraction into a
second aqueous phase. However, as these two extraction steps occur simultaneously, the mass transfer kinetics will be different,
and generally more efficient, compared to the situation when the steps are performed in sequence in separation funnels. The
general mass transfer theory for SLM extraction in flow systems has been described in detail [45], with some additional aspects
described more recently [46].

The rate of mass transfer from donor to acceptor (in any membrane extraction system) is proportional to the concentration
difference, DC, of the diffusing species over the membrane, which can be written

DC ¼ CD � 1
D
CA (12:1)

where
CD and CA are the total concentrations in the donor and acceptor phase, respectively
D is the distribution constant between the acceptor and the donor phases

In SLM, D is given by the following expression:

D ¼ CA

CD

¼ aDKD

aAKA

(12:2)

where
aD and aA are the fractions of the analytes that are in extractable (usually uncharged) form in the indicated phase
KA and KD are the acceptor=membrane and donor=membrane partition coefficients (i.e., pertaining to the uncharged form

only), respectively

Note that in many cases it will be a good approximation that KA¼KD as both the donor and acceptor phases are aqueous,
and deviations from this equality will be mainly due to ionic strength effects. Thus, the main influence in determining the value
of D will be shown by the a-values, which, for example, for acids or bases can easily be varied over many orders of magnitude
by selecting suitable pH values. Often, the extraction conditions are setup so that aD is close to 1 and aA is a very small value.
CA is zero from the beginning of the extraction and increases successively, usually to values well over CD. The maximum
enrichment factor, which is reached when there is a thermodynamic equilibrium between all phases, is equal to D as in Equation
12.2. In contrast to the conditions for classical LLE and also MMLLE, high partition coefficients are not essential for high
enrichment factors in SLM extraction.

The rate at which the equilibrium conditions are approached depends on many parameters, as detailed elsewhere [45] for
systems with flowing donor and stagnant acceptor. Briefly, two situations can be distinguished: membrane-controlled extraction
and donor-controlled extraction. In the first case, the rate-limiting step is the diffusion of the analyte compound through the
membrane. The mass transfer coefficient kM is then proportional to KD �DM=hM, where DM is the diffusion coefficient in the
membrane and hM is the thickness of the membrane.

With donor-controlled conditions, typically, a considerably higher mass transfer rate can be obtained. It is then limited by
the diffusion in the donor phase and thus depends on the diffusion coefficient in the donor phase, DD, and on the donor
convection (flow, stirring, etc.) conditions. As a rule of thumb, the donor-controlled extraction conditions prevail when KD is
larger than about 10, while the mass transfer is mainly membrane-controlled when KD< 1. It is found that the value of the
partition coefficient has no large influence on the efficiency of extraction or the enrichment factors that can be obtained, as long
as it is reasonably large. On the other hand, the rate at which equilibrium is reached will be influenced by the partition
coefficients. Further, there are observations that too large partition coefficients are not favorable, as the transfer of analyte out of
the membrane into the acceptor phase in those cases may become less efficient.

12.3.2 CHEMISTRY OF SLM EXTRACTION

For SLM extraction a number of chemical principles can be used, which can be summarized according to Table 12.2 and
detailed below.
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12.3.2.1 Simple Permeation—Acids and Bases

Many applications of SLM extraction in analytical chemistry concern the extraction of acids or bases. Here, the basic
principle is that uncharged species can be extracted from an aqueous phase into an organic solvent phase, while the charged
species stay in the aqueous phase. This principle is well known from classical LLE, where it is a common practice to extract
acids from acidic samples, and back-extract the acids into a second alkaline aqueous phase, using solvents like hexane,
diethyl ether, etc.

For an acidic analyte HA, the alpha-factors mentioned above will take the following form:

a ¼ AH½ �
A�½ � AH½ � ¼

1
1þ 10(pH�pKa)

(12:3)

and for a basic analyte B

a ¼ B½ �
B½ � BHþ½ � ¼

1
1þ 10�(pH�pKa)

(12:4)

where
pKa refers to the dissociation constant
pH refers to either the donor or acceptor phase

From Equations 12.2 through 12.4, the expression for the overall distribution constant at equilibrium for the extraction from
the donor to the acceptor is obtained:

D ¼ CA

CD

¼ aDKD

aAKA

¼ 1þ 10s(pHA�pKa)ð Þ
1þ 10s(pHD�pKa)

KD

KA

(12:5)

where s¼ 1 for acids and s¼�1 for bases, and as mentioned above, usually KA�KD.
Knowing the pKa and the pH of the phases, it is easy to calculate the overall distribution constant and thus the maximum

enrichment factor possible for SLM extraction of acids or bases with simple permeation.

TABLE 12.2
Schematic Overview of Different Chemical Principles for Extraction and Trapping Used for SLM Extraction

Analytes Donor Membrane Acceptor
Transported

Species Trapping References

Simple permeation

Acids Acidic Org (þTOPO) Basic Neutral Anions [6,88]
Bases Basic Org Acidic Neutral Cations [6]

Carrier-mediated transport

Metal ions 8-Hydroxy-quinoline Org DTPA Complexes Charged complexes [50]

Metal ions, amino acids Acidic, pH¼ 3 DEHPA Acidic, pH¼ 0 Complexes Counter transport of Hþ [57]
Amino acids, amino
phosphonates

Basic Trioctylmethyl
ammonium

Acidic, chloride Ion pairs Cations [52,89–91]

Amino acids Basic Pd-complex Acid Complexes Cations [92,93]

Sugars, diol-containing
compounds

Neutral Boronic acid
carrier

Acid Covalently
bound complexes

Protonation of carrier [94,95]

Anionic surfactants Acidicþ amine Org Basic Ion pairs Deprotonation of amine

carrier

[59]

Immunological trapping

Triazine herbicides Neutral Org Atrazine antibodies Permeation Immunological as
antigen–antibody

complex

[60]

Note: Abbreviations: TOPO, trioctylphosphine oxide; DTPA, diethylenetriaminepentaacetic acid; DEHPA, diethylhexylphosphoric acid.
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12.3.2.2 Carrier-Mediated Transport—Metals and Organic Ions

Ion-pairing or chelating reagents can be added to the donor phase, which permits SLM extraction of various metal ions.
Different carrier molecules or ions can be incorporated in the membrane phase to enhance selectivity and mass transfer. Various
trapping reagents in the acceptor phase prevent analytes to be extracted back into the membrane. There are several reviews in
this field [47–49].

As an analytical example of an addition of a reagent to the donor phase, extraction of metals from solutions containing a
complex former as 8-hydroxyquinoline can be mentioned. This reagent forms extractable complexes with many metals [50].
See Figure 12.3a. The complex will be transported through the membrane and the extracted analyte is trapped in the acceptor by
another ligand, in this case DTPA (diethylenetriaminepentaacetic acid), which forms a stronger complex which is charged and
therefore non-extractable.

A carrier can be added to the membrane phase in several ways. A common compound is Aliquat-336 (methyltrioctyl-
ammonium chloride). This is a tertiary ammonium ion, i.e., permanently positively charged in ion pair with chloride and can
thus be added to a suitable membrane solvent. After addition of thiocyanate ions to the donor, a negatively charged metal-
thiocyanate complex is formed in the donor and can be extracted as ion pair with the Aliquat-336 cation. It was used for
extraction of Cu, Cd, Co, Zn [49] and for chromate [51]. The metal ion is subsequently trapped in the acceptor using DTPA as
described above and shown in Figure 12.3b.

Analogous principles have been used to extract organic compounds, for example, amino acids [52] and peptides [53,54]. In
a basic donor, the extracted compounds are anionic, and thus easily transported through the membrane by the cationic carrier to
the acidic acceptor, where the analytes become cationic, and thus non-extractable.

Another commonly used extraction reagent for metal ions is diethylhexyl phosphoric acid (DEHPA) [55,56]. See
Figure 12.3c. In this case a pH gradient must exist over the membrane, so the acceptor is kept more acidic than the donor
(typically pH� 1 and pH� 3, respectively). Speciation of different chromium species (chromate and chromium ion) has been
performed by the combination of two membrane extraction systems, one working with DEHPA for extraction of Cr3þ and the
other with Aliquat-336 for extraction of the chromate anions [51]. Using the same principles, also organic compounds, such as
amino acids [57] and polyamines [58], can be extracted.

12.3.3 ANALYTE TRAPPING IN SLM

To reach a concentration enrichment using SLM for the purpose of sample pre-treatment for chemical analysis, the concept of
trapping is imperative. It is necessary that the analyte, which has reached the acceptor phase, is in one way or the other
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FIGURE 12.3 Membrane extraction schemes of metal ions (Me). HQ, 8-hydroxyquinoline; DTPA5�, diethylenetriaminepentaacetic acid
anion; R4N

þ, methyltrioctylammonium cation; HD, diethylhexyl phosphoric acid. For a, b, and c, see the text.
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prevented from diffusing back into the donor, so that a steady mass transfer of analyte, against a gradient of total analyte
concentration, is maintained for sufficient time to permit a substantial concentration enrichment factor.

12.3.3.1 Direct Trapping

The simplest principle for analyte trapping was described above in Section 12.3.3. To perform enrichment of an acidic
compound, the pH of the acceptor is held enough alkaline, so the main fraction of the acidic analyte becomes charged, and thus
non-extractable in the acceptor. This is analogous with the principle of back-extraction in LLE, where an organic extract
of an acidified sample is extracted with a second aqueous phase, to isolate acidic compounds. The principle of this type of
direct trapping is described by Equations 12.3 through 12.5, showing the influence of pH on the extractability of acidic
(or basic) compounds. If the donor pH is selected less than or equal to the pKa and the acceptor pH> pKaþ 3.3, the distribution
coefficient between acceptor and donor at equilibrium (Equation 12.5) will be about 2000, promising potentially very high
concentration enrichment factors. This is termed ‘‘complete trapping.’’

Extracting an acid from an acidic donor to a basic acceptor brings about a cotransport of protons through the membrane,
eventually neutralizing the pH gradient, why it is imperative for good success that the buffer capacity of the acceptor is
sufficient. Conversely, the extraction of a basic compound from a basic donor to an acidic acceptor will transport protons in the
opposite direction.

Other variations of the principle to render the analyte non-extractable in the acceptor involve the use of complexing agents.
These form charged complexes in the acceptor, preventing back-extraction. The use of DTPA for trapping of metal ions, as
described above in Section 12.3.3, is a good example on this.

12.3.3.2 Indirect Trapping

In systems employing carrier-mediated transport of the analyte through the membrane, the analyte trapping can be made in a
somewhat different way, where the transporting properties of the carrier are influenced, so it can transport the analyte from the
donor to the acceptor, but not the other way. An example is the use of DEHPA, for metal extraction, where the carrier is anionic
at donor conditions, permitting transport to the strongly acidic acceptor where the carrier is neutralized, preventing back-
extraction of the analyte. Here is a counter-transport of protons because the pH gradient drives the extraction, while the analyte
is in the same form both in the donor and in the acceptor.

There are other versions of a similar principle. For the extraction of anionic surfactants [59], which are permanently charged,
trihexyl amine was used as a carrier. The carrier is added to the sample in the donor. In the acidic donor this amine is charged, and
can form ion-pair with the analytes, while in the alkaline acceptor, the amine is neutralized, thus killing the ion-pair.

12.3.3.3 Immunological Trapping

To utilize the high degree of selectivity possible with biological recognition in sample preparation, SLM extraction was
combined with immunologic recognition, both by using antibodies as trapping reagent in the acceptor, and exploiting the
antibody–antigen complex in a flow immunoassay, both for successful determination of nitrophenol [60] and atrazine [61]. In a
recent development utilizing magnetic beads with antibodies, simazine was determined in low concentrations [62].

12.3.4 MASS TRANSFER IN MMLLE

For two-phase liquid membrane extraction, (MMLLE), the basic principles are more simple than those for SLM, as there is only
one phase boundary involved in the extraction, usually from an aqueous to an organic phase, which is chemically equivalent to
LLE in a separatory funnel, etc. The extraction is driven by the difference in chemical potential of the analytes in organic
solvent and in aqueous solution, which is described as a partition coefficient. In many cases, the octanol–water partition
coefficient (log KOW) is considered as estimates for the partition coefficient in MMLLE and LLE, even if the organic solvents
used usually are other than octanol. The techniques work best for relatively nonpolar compounds, having values of
log KOW> 3.

With obvious modifications, Equation 12.1 is valid also for MMLLE. The definition of the relevant distribution coefficient
is different. For MMLLE it is

D ¼ CA

CD

¼ aDKD (12:6)

Here, KD is the partition coefficient between the organic acceptor phase and the aqueous donor (sample) phase. For acidic or
basic compounds aD is given by Equation 12.3 or 12.4, while for non-chargeable compounds aD¼ 1. Thus in MMLLE, the
organic=aqueous partition coefficient directly governs the extraction.
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12.3.5 DIFFERENCES BETWEEN MMLLE AND SLM

The MMLLE technique can be seen as a complement to the SLM extraction, permitting membrane-based extraction to be
extended to further classes of compounds. Compared with SLM, MMLLE has the following characteristics:

. It is applicable to hydrophobic, preferably uncharged compounds, i.e., those that cannot be extracted with SLM.

. Maximum concentration enrichment possible is limited by the partition coefficient (Equation 12.11), whereas in SLM
it is dependent on the degree of trapping (Equation 12.2), which can be influenced by controlling the pH of
the different phases. Therefore, SLM provides more degrees of freedom by which the conditions of extraction can
be tuned.

. Extract ends up in the organic solvent, not in water. Thus MMLLE is more easily interfaced to gas chromatography
and NP-HPLC than to SLM, which is most compatible with reversed-phase HPLC.

. Hardware is identical or similar, so the possibilities for automation should be similar, considering the point above.

12.3.6 CONCENTRATION ENRICHMENT

One of the main purposes of membrane extraction in sample preparation is to enrich the analyte, i.e., to increase the
concentration of the analyte to permit determination of low concentrations. Plotting the concentration of analyte in the acceptor
(CA) either directly as determined by analysis of the acceptor phase or as a concentration enrichment factor Ee (CA=CS—where
CS is the initial concentration in the sample) versus time will typically produce a curve which initially raises approximately
linearly and asymptotically eventually reaches a steady equilibrium value. See Figure 12.4 [46].

Assuming that the rate of mass transfer is proportional to the concentration difference over the membrane according to
Equation 12.1 and noting that in static extraction, the concentration in the donor phase CD decreases as analyte is transferred
over the membrane. We get the following differential equation:

@CA

@t
¼ k CS � VA

VS

1
D

� �
CA

� �
(12:7)

where
VA and VS are the volumes of the acceptor (strip) phase and the extracted sample, respectively
CS is the initial concentration in the sample (CSVS¼CDVS þ CAVA)
D is the equilibrium distribution coefficient (see Equations 12.2, 12.5, and 12.6)
k is a rate constant
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FIGURE 12.4 Enrichment factors for various aniline compounds with different pKa values and pHA¼ 0 (aD¼ 1). (From Chimuka, L.,
Megersa, N., Norberg, J., Mathiasson, L., and Jönsson, J.Å., Anal. Chem., 70, 3906, 1998. With permission.)

S.No. Compound pKa aA D

1 Aniline 4.6 0.000025 40,000
2 3-Cl-4-Me-aniline 4.0 0.0001 10,000
3 3,5-di Cl-aniline 2.5 0.003 330

4 3-Me-5-nitroaniline 2.3 0.005 200
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The general solution expressed as a concentration enrichment factor Ee is

Ee ¼ CA

CS

¼ 1
VA

VS
þ 1

D

� � 1� exp �k
VA

VS

þ 1
D

� �� �
t

� �
(12:8)

The rate of mass transfer through the membrane is proportional to the gradient of this curve, and thus decreases from an initial
value to practically zero. The concentration enrichment factor value at equilibrium will be

Eeeq ¼ 1
VA

VS
þ 1

D

� � (12:9)

Equations 12.7 through 12.9 are basically valid for static extraction. For extraction in a flow system with flowing donor and
stagnant acceptor, the phase ratio (VA=VS) is zero, as depletion of the sample is not possible.

There are several limiting cases for Equations 12.8 and 12.9.

1. With a large equilibrium distribution coefficient D (complete trapping) and a large phase ratio, Ee will increase
linearly up to large values. In Figure 12.4, which refers to an SLM flow system experiment, D in curve 1 is
approximately 10,000 and the enrichment factor is linear at least up to at least 3000 times. In many cases, especially
in flow systems, the extraction is not allowed to go to equilibrium, and an extraction efficiency E is defined as the
fraction of the total amount of analyte that is transferred to the acceptor. Thus

E ¼ CA

CS

VA

VS

; Ee ¼ E
VS

VA

(12:10)

The extraction efficiency is related to the slope of the extraction curve, so if the extraction is linear, E is constant and less
than 100%. By careful calibration and keeping the experimental parameters constant so that the system is kinetically
stable, repeatable values for Ee and E can be obtained. This will give reproducible quantitative results and most of the
applications of membrane extraction to practical analyses are in fact based on this principle.

2. With a finite sample volume in static extraction mode under complete trapping conditions, the sample will eventually be
depleted with regard to analyte, so a decrease of mass transfer is due to decrease of analyte concentration and the
equilibrium occurs after virtually all analyte has been transferred to the acceptor. Equation 12.9 then leads to

Eeeq
VS

VA

; CA ¼ CS

VS

VA

, (12:11)

i.e., the enrichment factor is determined by the phase ratio.
Thus, if the extraction is continued until equilibrium so that the sample is totally depleted with analyte, very simple

and straightforward calculations of the enrichment factor are possible, according to Equation 12.11, which contains no
other parameters than the phase volumes. This can be the basis for accurate quantitative determinations.

3. The third limiting case of Equation 12.9 is the situation where equilibrium is attained without depletion of the analyte
in the sample. It is treated below in Section 12.3.8.

12.3.7 SELECTIVITY

To obtain a high selectivity, i.e., discrimination between the analytes and various unwanted matrix compounds, membrane
extraction has a clear advantage over other sample preparation techniques, as all compounds that reach the analytical instrument
must travel through the membrane. There is no direct connection and possibility for transferring compounds into the analytical
instrument in other ways. This is not the case with other extraction techniques. With SPE, SPME, etc., there is a definite
possibility that matrix components are absorbed on the sorbing phase and subsequently being eluted into the extract. With LLE,
such a transfer is less probable and it is generally considered that extracts after LLE are cleaner. The possible and common
problem of the formation of emulsions at the phase interface with LLE, which is avoided with all types of membrane extraction,
is a source of contamination across the phase border.

Further, with SLM extraction, the pH of the donor solution and the acceptor phase can easily be fine-tuned to obtain
extraction which is selective for certain groups of compounds, as described above. Alternatively, a carrier can be added in the
membrane to increase the selectivity and mass transfer of the compounds of interest. When the primary aim of adding a carrier
is to increase the mass transfer of the analytes by analyte–carrier interactions in the membrane, it is important to choose other
conditions carefully so that selectivity is still retained.
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Membrane extraction is especially effective in discriminating toward macromolecules. In environmental analysis, macro-
molecular humic acids are ubiquitous and usually very efficiently removed. Megersa et al. [63] compared SLM and SPE of some
triazine herbicides spiked in river water. As is seen from Figure 12.5, the difference is dramatic. Also, there are many examples of
how various drugs can be determined in blood plasma and also urine without matrix interferences [25,64].

12.3.8 EQUILIBRIUM EXTRACTION

A somewhat different approach to analytical extraction involves selection of a relatively low value of D and a virtually infinite
phase ratio (VS � VA). With these conditions Equation 12.9 reduces to

Eeeq ¼ D (12:12)

This is essentially the same as Equation 12.2. Curves 3 and 4 (and to some extent curve 2) in Figure 12.4 are illustrations to this.
Experimentally, enrichment factors at equilibrium agree reasonably with calculated (Equation 12.5) values of D [32,46].
The concentration of analyte in the sample will not be influenced by the extraction, and this permits extraction and sampling
without influencing speciation conditions in the sample. This is the basis for a novel sampling technique, called ESTM
(equilibrium sampling through membranes) which is currently developed for the measurement of freely dissolved fractions of
environmental pollutants (as distinguished from total concentrations). This parameter is of environmental interest, as it
describes transport processes and biological activities better than total concentrations [65]. The ESTM principle is especially
suitable for polar compounds and metals, in contrast to SPME-based methods [65], which are more suitable for nonpolar
compounds. ESTM has been evaluated both with phenolic pollutants [32] and metal ions [66,67]. An analogous problem in
pharmacology is the measurement of drug–protein binding, to which ESTM has been successfully applied [33,68].

12.4 APPARATUS FOR MEMBRANE EXTRACTION

12.4.1 STAND-ALONE EQUIPMENT

Simple and cheap membrane extraction flow systems for relatively large sample volumes can be built up around a peristaltic
pump. An example of such a system is seen in Figure 12.6a. Here, the sample is pumped through the donor channel and the
acceptor phase is manually removed by the use of a syringe after each extraction. Such systems have been used both for laboratory
work [69,70] and for sampling in natural waters [71]. An tutorial for the operation of this type of devices has been published [8].

Hollow fiber devices working in flow systems are also known [34]. In those cases, either single fibers or bundles of fibers,
perhaps in commercial cartridges, are employed and used in flow system configurations.

12.4.2 ONLINE CONNECTION TO CHROMATOGRAPHY

For online connection to HPLC, SLM is the preferred extraction technique, as the extract obtained is aqueous and therefore in
principle compatible with HPLC.With large membrane units (channel volumes around 1mL), direct transfer of the entire volume

450

200

180

160

140

120

100

80

60

40

20

0
0 2 4 6 8 10

400

350

300

250

200

150

100

50

0
0 2 4

(a) (b)

6
Time (min)

S
ig

na
l (

ar
b.

 u
ni

ts
)

8 10

FIGURE 12.5 Chromatograms (LC–UV) of methoxy-s-triazine herbicides (a) SPE of spiked river water (1.0 mg=L of each analyte in 1 L)
(b) SLM extraction of spiked river water (0.5 mg=L of each analyte). Peaks: 1 simetone; 2 atratone; 3 secbumetone; 4 terbumetone. (From
Megersa, N., Solomon, T., and Jönsson, J.Å., J. Chromatogr. A, 830, 203, 1999. With permission.)
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of the acceptor phase to an HPLC can be arranged by a precolumn [72,73] to inject as much as possible of the extracted analyte.
See Figure 12.6b. Such systems can be automated with pneumatically or electrically actuated valves controlled by timers or by
computer systems. Smaller membrane channels can also be used. Then a heart-cut, which contains a major part of the extract, can
be accommodated in the injection loop for direct injection into the HPLC column without a precolumn [41,74,75].
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coil

Membrane
unit

Waste

Water
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pumps
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SamplesDonor buffer
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FIGURE 12.6 Technical setups for membrane extraction. (a) Manual system, utilizing a peristaltic pump. (From Knutsson, M., Nilvé, G.,
Mathiasson, L., and Jönsson, J.Å., J. Agric. Food Chem., 40, 2413, 1992. With permission.) (b) Automated setup with peristaltic pump and
large (1 mL) channel volumes, connected online to HPLC. (From Nilvé, G., Knutsson, M., and Jönsson, J.Å., J. Chromatogr. A, 668, 75,
1994. With permission.) (c) Automated setup with syringe pumps and small (10 mL) channel volumes connected on-line to HPLC. (From
Lindegård, B., Björk, H., Jönsson, J.Å., Mathiasson, L., and Olsson, A.-M., Anal. Chem., 66, 4490, 1994. With permission.)
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For small samples (<1 mL) and small channel volumes, the liquid delivery precision of peristaltic pumps is not adequate
and membrane extraction equipment based on syringe pumps connected to robotic liquid handlers can be applied [25,64].
A typical example is shown in Figure 12.6c. Here, a robotic needle connected to a syringe pump submits reagent to adjust the
pH of samples in the vials, picks up an aliquot and passes it through the donor channel of a small membrane unit (channel
volume around 10 mL). The entire extract collected in the acceptor channel is then transferred to an injection loop injector
connected to the HPLC system in the usual manner. Thus, the entire extract from for example 1 mL sample ends up in one
chromatographic injection. Typically, while one sample is chromatographed, the next sample is extracted, so the cycle time of
the system is determined by the chromatogram time.

For gas chromatography, the most suitable membrane extraction technique is MMLLE. The organic acceptor is better
compatible with GC than with HPLC, as are the analytes that are best extracted in such a system, i.e., relatively hydrophobic
compounds. A new development is the ESy instrument (ESyTech AB, Lund, Sweden) [76–78] where an MMLLE extraction in
microscale (1 mL extracted into a volume ca 1 mL) is automatically performed and the organic extract is directly injected into
the GC by an injection needle, directly connected to the extraction cell. See Figure 12.7.
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FIGURE 12.6 (continued) (d) Portable field sampler, based on syringe pumps. (From Larsson, N., Jönsson, J.Å., Megersa, N., and
Berhanu, T., Portable and time integrating field sampling for continuous membrane extraction of s-triazine pesticides and their metabolites in
a lake in agricultural region of Southern Ethiopia. Manuscript in preparation.)
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FIGURE 12.7 Experimental setup for the ESy system. (From Barri, T., Bergström, S., Norberg, J., and Jönsson, J.Å., Anal. Chem., 76,
1928, 2004. With permission.) (a) General setup (A, sample tray; B pipette; C, sample pump; D, membrane; E, extraction card; F, pipette port;
G, waste; H, solvent pump; I, needle; J, washing solution) and (b) ESy extraction card with 1.65 mL acceptor and donor channels.
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12.4.3 CONTINUOUS FLOW LIQUID MEMBRANE EXTRACTION

By combining continuous flow LLE and SLM extraction, a novel aqueous–aqueous extraction technique termed continuous
flow liquid membrane extraction (CFLME) was developed for trace-enrichment [79]. The setup is shown in Figure 12.8.
The aqueous sample is mixed with an organic solvent in a flow system, and the analyte is extracted into the organic phase. This
is then transported to the liquid membrane formed in the microporous membrane of the SLM equipment. Finally, it is
transferred through the liquid membrane and is trapped by the acceptor. Chemically, this is a three-phase extraction system,
analogous to SLM, but it overcomes a disadvantage of SLM, as it is possible to use also relatively volatile and also polar
solvents with this principle. On the other hand, it involves a more technically complex arrangement, and it typically requires
more solvent (although still very little) than SLM.

12.4.4 MEMBRANE EXTRACTION WITH A SORBENT INTERFACE

The techniques mentioned above are all characterized by liquid donor and acceptor phases. However, a gaseous acceptor phase
is also possible, and that would be the most convenient and compatible arrangement for direct connection with gas
chromatography. This is realized with the membrane extraction with a sorbent interface (MESI) technique [80–82]. MESI
can be used for either gaseous or aqueous samples and the equipment employs a membrane module with a (usually) silicone
rubber hollow fiber, into which the analytes are extracted from the surrounding liquid or gaseous sample. The carrier gas of a
gas chromatograph flows inside the fiber and transports the analyte molecules as they are extracted from the membrane into
a cooled sorbent trap where they are trapped. The analytes are subsequently desorbed from the sorbent trap by heating and are
transferred to GC analysis.

In Figure 12.9, a typical MESI setup is shown. Sampling can also be made off-line with the extraction module and
sorbent trap in, for example, field sampling and the sorbent trap can later be connected to the GC and desorbed in a separate
step. Matz [83] recently presented and compared this and a few other variants.
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FIGURE 12.8 Schematic diagram of the CFLME system. (From Liu, J.-F., Chao, J.-B., and Jiang, G.-B., Anal. Chim. Acta, 455, 93, 2002.
With permission.) S, sample solution; R, 0.5 M sulfuric acid; O, organic solvent; A, acceptor; W, waste; P1, P2, peristaltic pumps; P3, piston
pump; MC, mixing coil; EC, extraction coil; V1, V2, 6-port valves; SLM, SLM device; PDA, detector, 240 nm.
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FIGURE 12.9 Schematic of the MESI system. (From Segal, A., Górecki, T., Mussche, P., Lips, J., and Pawliszyn, J., J. Chromatogr. A,
873, 13, 2000. With permission.)
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12.4.5 FIELD SAMPLING APPARATUS

Simple flow systems comprising flat membrane devices and a peristaltic pump were used for field sampling in natural waters
[71] and also for sampling of nutrient solutions for soil-free (hydroponics) growing in greenhouses [70].

A portable sampler (Figure 12.6d) based on syringe pumps and powered by batteries and solar power was recently
constructed and used for sampling of triazine herbicides in Ethiopian lakes [84].

12.5 APPLICATIONS

Over the last decade, a large number of applications to membrane extraction have been presented. In Tables 12.3 through 12.5,
incomplete listings of such applications are presented, divided into environmental, biomedical, and other (mainly industrial)
applications. The wide variety of analytes and sample types shows that membrane extraction is very versatile and is an useful
tool for the analytical chemist.

TABLE 12.3
Environmental Applications of Membrane Extraction

Analytes Matrices Membrane Technique Analytical Technique References

Metals Water SLM AAS, electrochem [50,51,55,66,96–106] [101]

Metals Water SLM (ESTM) AAS, Spek [66,67]
Phenoxy acids Water SLM HPLC [71,107]
Sulfonylurea herbicides Water SLM HPLC [73]

Phenolics Water, nutrient solutions SLM; LPME3 HPLC [69,70,72] [108]
Phenolics Water LPME3 (ESTM) HPLC [32]
Carboxylic acids Soil liquid, Air SLM IC [74,109,110]
Anilines Water SLM HPLC [111]

Anionic surfactants Water SLM HPLC [59]
Glyphosate Water SLM CE [90,112]
Triazine herbicides Water SLM HPLC [63,113–116] [117]

Herbicides Water SLM HPLC [118]
Aliphatic amines Air (impinger samples) SLM (gas) GC [119,120]
Carboxylic acids Air (impinger samples) SLM IC [121]

Fungicides Water SLM, MMLLE HPLC [122,123]
PAH Soil MMLLE GC [124,125]
PCB Water MMLLE (ESy) GC [77]

Amines Water MMLLE CE [126]
Nonylphenol, etc. Water MMLLE HPLC [127]
Triazine herbicides Water MMLLE FIA [128]
Cationic surfactants Water MMLLE HPLC [129]

Semi-volatile organics Water PME HPLC [130–132] [42]
Organics Water PME (MASE) GC=MS [44,133–135]
Volatile organics Water, air MESI GC [82,136–140]

Phenols, sulfonylureas Water CFLME HPLC, CE [141–146]
Amines Water LPME3 HPLC [147]
Drugs Water LPME3 CE, LC=MS [148–150]

Phenoxy acid herbicides Milk LPME3 HPLC [151]
Triazine herbicides Water LPME2 GC=MS [152]
Phthalate esters Water LPME2 GC=MS [153]
Pesticides Water LPME2 GC=MS [154–156]

Drugs Water LPME2 GC=MS [157]
Vinclozoline Water, soil LPME2 GC [158]
PAH Soil LPME2 GC [159]

Explosives Water LPME2 GC [160]

Note: SLM, supported liquid membrane (aq=org=aq); MMLLE, microporous membrane liquid–liquid extraction (aq=org); PME, polymer membrane
extraction (aq=polymer=org); MESI, membrane extraction with sorbent interface (aq (or gas)=polymer=gas=sorbent); CFLME, continuous flow liquid

membrane extraction (aq=org (in flow)=aq); LPME2, two-phase liquid phase microextraction in hollow fibers (aq=org); LPME3, three-phase
liquid phase microextraction in hollow fibers (aq=org=aq).
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TABLE 12.4
Applications of Membrane Extraction to Biological Samples

Analytes Matrices Membrane Technique Analytical Technique References

Aliphatic amines Urine SLM GC [161]
Aliphatic acids Manure SLM GC [162]
Aliphatic amines Blood plasma SLM GC [163]
Amperozide Blood plasma SLM HPLC [25]

Bambuterol Blood plasma SLM CE [164–166]
Bambuterol Blood plasma SLM LC-CE [167]
Diprivan (Propofol) Urine SLM HPLC [168]

Phenols Blood plasma SLM HPLC-biosensor [169]
Peptides Blood plasma SLM HPLC [54]
Drugs Blood plasma SLM (ESTM) HPLC [33,68]

LPME3 (ESTM)
Lead Urine SLM AAS [56]
Lead Urine SLM PSA [170]

Local anesthetics Blood plasma SLM GC [86]
Local anesthetics Blood plasma MMLLE GC [171]
Amphetamine Blood plasma, urine LPME3 (LLLME) CE [26]
Amphetamines,

benzodiazepines,
naproxen, citalopram

Blood plasma, urine LPME2, LPME3 HPLC, GC, CE [172]

Benzodiazepines Blood plasma, urine LPME2 GC [173]

Ibuprofen, naproxen,
ketoprofen

Urine LPME3 CE [174]

Metabolites of Ropivacaine Urine SLM HPLC [64]

Citalopram and metabolites Blood plasma LPME3 CE [175]
Amphetamines Blood, urine LPME3 FIA-MS=MS [27]
Organophosphate esters Blood plasma MMLLE GC-MS [176]
Sulfonylurea drugs Blood plasma PME (off-line) LC-MS=MS [177]

Amphetamine Urine SLM HPLC [178]
Benzimidazole anthelmintics Urine, tissue, milk SLM HPLC, LC-MS [179]

Note: Abbreviations as in Table 12.3.

TABLE 12.5
Various Applications of Membrane Extraction in Chemical Analysis of Industrial
and Food Samples

Analytes Matrices Membrane Techniques Analytical Techniques References

Phenols Kerosene, naphtha PME FIA [180]

Triazine herbicides Cooking oil MMLLE FIA, HPLC [181]
Phenols Crude oil PME HPLC [182]
Phenols Gasoline, kerosene PME HPLC [183]

Phenols Crude oil, fuels PME HPLC [184]
Vitamin E Butter PME HPLC [75]
Nicotine Snuff SLM (solid sample) UV [185]
Caffeine Coffee, tea SLM (solid sample) UV [186]

Pesticides Eggs PME HPLC [187]
Vanillin Various food SLM (solid sample) Amperometric [188]
Anionic surfactants Detergents MMLLE FIA [189]

Phenols Pyrolysis oil MMLLE LC-LC [190]
Biogenic amines Wine SLM HPLC [58]

Note: Abbreviations as in Table 12.3.
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13 Hybrid Liquid Membrane Processes
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(OHLM): Application in Chemical
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13.1 INTRODUCTION AND DEFINITIONS

Permeation is a general term for the concentration-driven membrane-based mass transport process. Application of a pressure
difference, an electric field, or temperature considerably intensifies the process, but these special methods are beyond the scope
of this overview. Three groups of liquid membranes are usually considered: bulk liquid membrane (BLM), supported liquid
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membrane (SLM), or immobilized liquid membrane (ILM), and emulsion liquid membrane (ELM). The scope of this chapter is
BLM processes.

The term organic hybrid liquid membrane (OHLM) includes all BLM processes incorporating liquid–liquid extraction
(LLX) and membrane separation in one continuously working module. OHLM utilizes an extracting reagent (carrier) solution,
immiscible with water, circulating or flowing between membranes as barriers. The concept of the OHLM transport is quite
simple: a solution of an extracting reagent (carrier phase, E), flows between two membranes, which separate the carrier phase
from the feed (F) and receiving (R) phases (see Figure 13.1). A specific solute or solutes diffuse to the F=E interface is extracted
from feed phase by an LM extracting reagent as a result of the thermodynamic conditions at the F=E interface, the solute–carrier
complex diffuses to the E=R interface and is simultaneously stripped by the receiving phase due to the different thermodynamic
conditions at the E=R interface. The membranes are permeable to solutes, but block transfer of the carrier solution to the feed or
to the strip solutions. Blocking the carrier is accomplished through membrane hydrophilic=hydrophobic or ion-exchange
properties, or through their pore size.

The OHLM term includes several similar LM systems, developed by different research groups, such as hybrid liquid
membrane (HLM) by Kislik et al. [1–3], hollow-fiber liquid membrane (HFLM) by Sirkar et al. (HFCLM) [4–8], Schlosser
et al. (HFLM) [9–11], pertraction by Boyadzhiev et al. [12–22], Schlosser et al. [23–26], Wodzki et al. [27–29], flowing liquid
membranes (FLM) by Teramoto et al. [30–37], membrane-based extraction and stripping by Schlosser et al. [38–40], Kedem
et al. [41–43], Eyal et al. [44,45], multimembrane hybrid system (MHS) by Wodzki et al. [46–51]. All these systems are based
on the membrane-based nondispersive (as the means for blocking the organic reagent from mixing with the aqueous feed
and strip solutions) selective LLX coupled to permselective diffusion of solute-extractant complexes and selective stripping of
the solute in one continuous dynamic process. A great number of terms for similar BLM processes confuse the readers. Some
of these terms vary by membrane type used (hollow-fiber, flat neutral, ion-exchange sheets) [4–14]; some are by module design
[4–8,12–14,23–25,38–40,46–50]. The term pertraction, or perstraction [52] spread over the supported liquid membrane (SLM)
and emulsion liquid membrane (ELM) [20,53], what is not so correct, because the SLM (or ILM) and ELM are steady-state
processes. Therefore, all above-mentioned BLM processes may be unified under the term OHLM systems.

In this chapter, the basic principles of the OHLM such as interaction mechanisms and theories of transport, design
considerations will be analyzed by comparison of modifications of different research groups. Application in the last decade
of different modifications of the OHLM systems in solutes separation is presented.

Recently developed aqueous hybrid liquid membrane (AHLM) separation process is similar to the OHLM except the
liquid membrane phase is an aqueous solution as are the feed and strip solutions [70,119]. But these systems are not included in
this chapter.

13.2 THEORY: MASS TRANSFER MECHANISMS AND KINETICS

General properties of liquid membrane systems have been a subject of extensive theoretical studies. Six basic mechanisms of
transport are schematically shown in Figure 13.2. In a simple transport (Figure 13.2a), solute passes through due to its solubility
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FIGURE 13.1 Schematic transport models of an OHLM system with a, c: hydrophobic membranes; b, d: hydrophilic or ion-exchange
membranes. (From Kislik, V. and Eyal, A., J. Mem. Sci., 111, 273, 1996. With permission.)
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in LM. Permeation stops when concentration equilibrium is reached. The solute is in the same form in the feed (F), LM (E), and
strip (receiving, R) phases. As an example, some carboxylic and amino acids [54,55], phenol transport through xylene, decanol
LM [8] may be presented. Uphill transport and selectivity can be achieved at reaction of the solute with components of the
stripping solution (see Figure 13.2b).

Facilitated transport takes place when a carrier reacts with a solute on a feed side-LM interface to form complex. This
complex reverse reacts on the LM-strip side interface releasing the solute to the strip phase (see Figure 13.2c). Facilitated
transport accelerates the transport. For example, trialkylphosphine sulfide increases the rate of phenol transport [11]. At the
same time, the simple transport can also take place.

As examples of coupled counter-transport (see Figure 13.2d) and coupled cotransport (see Figure 13.2e) the transport of
titanium(IV) from low acidity (pH¼ 1) and high acidity ([Hþ]¼ 7 M) feed solutions, respectively using the HLM system [1,2]
may be presented. The di-(2-ethylhexyl) phosphoric acid (DEHPA) carrier reacts with Ti(IV) ion to form complexes on the feed
side (see Equations 13.25 and 13.26) and reversible reactions take place on the strip side (see Equations 13.27 and 13.28).
Energy for the titanium uphill transport is gained from the coupled transport of protons in the direction opposite to titanium
transport from the strip to the feed solutions. In the second case (high-feed acidity), Cl anion cotransported with Ti(IV) cation in
the same direction. In both cases fluxes of titanium, protons, and chlorine anion are stoichiometrically coupled.

Active transport (see Figure 13.2f) is driven by oxidation–reduction reactions on the membrane interfaces. No other species
are transported in this type of transport. As examples, copper transport by thioether [56] and picrate anions by ferrocene [57,58]
as carriers may be presented.

Any universal model for all these types of transport does not exist, and the available knowledge concerning the specific
interfacial processes should be taken into account in the description of a real membrane process. There are two general
approaches to modeling liquid membrane transport mechanisms: the differential and the integral approach. According to the
differential approach [16–22,33–37,59], all phenomena taking place in the feed or in the strip phase, such as diffusion, chemical
reactions, etc., are totally ignored. The measured transfer fluxes are dependent on phenomena occurring in the BLM or at the
surface of the membrane only. The integral approach [1–12,23–29,40,46–60] considers the three liquid phase system to be a
closed* multiphase system and, therefore, takes into consideration the processes and changes in all three liquids. Most models
are very sophisticated because they assume many possible types of control, nonlinear equilibria, phase interactions, etc. The
integral approach has been formulated in Ref. [4]:
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R—stripping solution. (From Schlosser, S. Pertraction through liquid and polymeric membranes. In: Belafi—Bako, K., Gubicza, L., and
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* ‘‘A closed system is one with boundaries across it, through which no matter may pass, either in or out, but one in which other changes may occur, including
expansion, contraction, internal diffusion, chemical reaction, heating, and cooling. An open system is one which undergo all the changes allowed for a closed
system and in addition it can lose and gain matter across its boundaries’’ [78].
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1. Overall mass transfer rate can be controlled by any of the diffusion resistances in the three liquid phases.
2. Aqueous and organic film resistances may be combined with membrane pore diffusion resistance in one-dimensional

series of diffusion resistances.

However, the assumption of the steady-state mass transfer through the bulk membrane phase, has been made by some authors
[43,61], is oversimplified in many cases, and the assumption of equality of solute distribution coefficients of extraction and
back extraction [18,46], is incorrect for most separation systems.

A number of reviews and theoretical articles have appeared on related subjects. Theoretical aspects of the HFLM selective
separation processes have been covered in the reviews and articles by Sirkar et al. [4–7,62,63], and in new modifications by
Schlosser et al. [9–11,25]. Theory for separations by the FLM is presented in the articles by Teramoto M et al. [31,34–37];
theoretical considerations for rotating film pertraction systems have been described by Boyadzhiev [18,64–68], and theoretical
considerations for the MHSs have been described by Wodzki et al. [27,29,46,47,49,51].

Examples of the model considerations, presented below, can be regarded as simplified examples only. The processes
have been studied using analytical [1] and numerical [27] solutions for both the local steady-state [1,2,69,70] and dynamic
nonstationary [27,71,72] conditions, respectively. Both models, HLM [1] and MHS [27], with some modifications may be used
for theoretical analysis of all OHLM systems. Considerations for hollow-fiber systems are presented also in a short.

13.2.1 MODEL FOR THE HLM SYSTEM [1–3]

13.2.1.1 Mass Transfer Mechanisms and Kinetics

The theory for HLM was developed for flat thin uncharged symmetric membranes without variation in porosity and pore sizes
across the membrane thickness.

To develop three-phase, HLM system model [1,2], the transport model simplification analysis, developed by Shagxu Hu
[73] for the two-phase system, is used.

Titanium, as an example for the transport model verification, was chosen because of the extensive experimental data
available on LLX and membrane separation [1,2,74–76] and of its extraction double-maximum acidity dependence phenom-
enon [74]. This behavior was observed for most extractant families: basic (anion exchangers), neutral (complexants), and acidic
(cation exchangers). So, it is possible to study both counter- and cotransport mechanisms at pH� 0.5 and [H]þ� 7 mol=kg feed
solution acidities, respectively, using neutral (hydrophobic, hydrophilic) and ion-exchange membranes.

In general, the mass transfer rate (or flux) of any solute passing through the barrier (membrane) is a function of distance and
time: J¼ f (x,t). First, let us consider the flux as a function of distance.

Three liquids, having bulk solute i concentration [Ci]F, [Ci]E, and [Ci]R, constant volumes VF, VE, and VR, respectively, are
separated by two membranes with the same working area S. Stirring of bulk liquids is effective in such a way that the aqueous
(hfe, hre) and the organic (hef, her) boundary layers become sufficiently thin and constant. Concentration profiles in the HLM
system with hydrophobic membranes are demonstrated in Figure 13.3, while those containing hydrophilic or ion-exchange
membranes are demonstrated in Figure 13.4.

Using the concept of the one-dimensional series of diffusion resistances, and regarding the principle of resistance additivity
[1–40,46–53], the overall mass transfer coefficients or permeability coefficients [58,77] KF on the feed side and KR on the strip
side are related to the individual films (including membrane barrier) mass transfer coefficients, k:

For hydrophobic membranes, for hydrophilic or ion-exchange membranes

For hydrophobic membranes For hydrophilic or ion-exchange membranes

KF ¼ kfekmfkefEF

kfekef þ kfekmf þ kmfkefEF

(13:1a) KF ¼ kfekmfkefEF

kfekmf þ kfekefEF þ kmfkefEF

(13:1b)

KR ¼ krekmrker
kmrkerER þ kmrkre þ kreker

(13:2a) KR ¼ krekmrker
kmrkerER þ krekerER þ kmrkre

(13:2b)

where EF and ER are distribution coefficients of solutes between membrane and aqueous feed, and strip phases, respectively at
local equilibrium.

Individual film mass transfer coefficients may be determined by the following considerations. According to postulates of
nonequilibrium thermodynamics [78], the general equation that relates the flux, J, of the solute to its concentration, C, and its
derivative, is [79]

J ¼ UC � D
dC

dx
(13:3)
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where
U is the flow rate
D is the sum [80] of all effective diffusion coefficients
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Referring to the equation of continuity, as x approaches zero, the steady-state zones or layers are formed next to the phase’s
interface (but not for the bulk phases, where x� 0). Separation then occurs by differential displacement permeation through
the interface. Efficiency of the separation hinges directly on the distribution of solute in the steady-state layers.

Using Giddings’ analysis [81] of such a system we obtain

ln C � Jo
U

� ��
Co � Jo

U

� �� �
¼ U

h

D
(13:4)

According to [4–40,46–53,67,72,82,83] the mass transfer coefficient of every layer, ki, is

ki ¼ Di

hi
(13:5)

where
Di is the free diffusion coefficient of the solute in the layer
hi is the thickness of the layer [72]

Replacing Equations 13.4 with 13.5 we obtain

ki ¼ U ln Ci � Jss
U

� ��
Ci�1 � Jss

U

� �� �� ��1

(13:6)

where
Ci is the concentration of the solute in the bulk solution at time of sampling ti
Ci�1 is the concentration of the solute in the same solution at time of previous sampling ti�1

According to Sirkar’s assumption [84], diffusion mass transfer rate through a membrane having a solvent-filled pore
(hydrophobic), or an aqueous solution-filled pore (hydrophilic or ion exchange) may be expressed through the diffusion
coefficients of the solute in the respective interface layers:

For hydrophobic membranes For hydrophilic or ion-exchange membranes

kmf ¼ Def«m
hmftm

(13:7a) kmf ¼ Dfe«m
hmftm

(13:7b)

kmr ¼ Der«m
hmrtm

(13:8a) kmr ¼ Dre«m
hmrtm

(13:8b)

where
«m is the membrane porosity
tm is the membrane tortuosity

These expressions are valid when the following assumptions are held:

. There is unhindered diffusion of the solute (solute dimensions 102 � pore dimensions).

. Membrane is symmetric and completely wetted by the designated phase.

. No two-dimensional effects occur.

Applicability of these expressions for charged membranes is doubtful because of hindered diffusion of solute in their pores,
but it may be evaluated experimentally. One more serious simplification is that the influence of the flow velocities extends
inside the membrane pores.

Another way of evaluating mass transfer coefficients through the membranes may be proposed, providing the membranes
possess the same properties (diffusion resistance, porosity, tortuosity, etc.). They may, however, be of different thicknesses. It is
clear from Equation 13.4 that diffusion coefficient (exactly U=D, where U is known) of the solute through the feed-side and
strip-side membranes may be evaluated as a slope of the plots:
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� ln
C

C0

� �
F ¼ f (hmf) (13:9)

ln
C

C0

� �
R ¼ f (hmr) (13:10)

Individual mass transfer coefficients of the solute (for example, titanium compound) can be experimentally determined in every
layer and membrane. Thus, overall mass transfer coefficients of the feed (KcF) and strip (KcR) sides of the OHLM system may
be calculated from Equations 13.1a, 13.1b, 13.2a, and 13.2b.

Now the concentration profiles in the system, as a function of time, can be analyzing.
Introducing the assumptions as

. Linear concentration gradients

. Concentration of the solute permeating species is lower then that of the carrier in the membrane phase

. Instantaneous interfacial chemical reactions and local reaction equilibria at the interfaces [1,4–8,30–37,46–51,
61,77,84]

we can derive the transport rate and distribution relation equations for any solute [M] permeating species:

VF

d[M]F

dt

� �
¼ �SKF([M]FVF � [M]EVE) (13:11)

VE

d[M]E

dt

� �
¼ SKF([M]FVF � [M]EVE)� SKR([M]EVE � [M]RVR) (13:12)

From overall material balance of the system

[M]R ¼ Q0

VR

� VF

VR

[M]F � VE

VR

[M]E (13:13)

where
[M]0F, [M]0E, and [M]0R are initial concentrations of a solute specie in the feed, membrane, and strip phases, respectively
Q0 is the overall initial quantity of the solute in the OHLM system

The system described in Equations 13.11 through 13.13 results in an analytical solution under the assumption that the mass
transfer coefficients are constant* (at flow or stirring rates constant). Following are complete set of the model equations:

[M]F ¼ g

b
þ C1 e

y1t þ C2 e
y2t (13:14)

[M]E ¼ g

b
þ C1 e

y1t 1þ y1
kFS

� �
þ C2 e

y2t 1þ y2
kFS

� �� �
VF

VE

(13:15)

[M]R ¼ Q0

VR

� [M]F
VF

VR

� [M]E
VE

VR

(13:16)

a ¼ 2S(KF þ KR) (13:17)

b ¼ 3S2KFKR (13:18)

g ¼ KFKR

S2

VF

Q0 (13:19)

g

b
¼ Q0

3VF

¼ [M]0FVF þ [M]0EVE þ [M]0RVR

3VF

(13:20)

* In the real continuous OHLM system, mass transfer coefficients KF and KR may be close to constant at the stabilized conditions of the process (acidity or pH,
temperature, flow rates, etc.).
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y1 ¼ �a

2
þ

ffiffiffiffiffiffiffiffiffiffiffiffiffiffi
a2

4
� b

r
(13:21)

y2 ¼ �a

2
�

ffiffiffiffiffiffiffiffiffiffiffiffiffiffi
a2

4
� b

r
(13:22)

C1 ¼
y2 [M]0F �

g

b

� �
� SKF

�
[M]0E

VE

VF

� [M]0F

�

y2 � y1
(13:23)

C2 ¼ �
y1 [M]0F �

g

b

� �
� SKF

�
[M]0E

VE

VF

� [M]0F

�

y2 � y1
(13:24)

13.2.1.2 Driving Forces

The transport of titanium(IV) species through HLM can be formally described as a simultaneous combination of diffusion,
extraction, and stripping operations occurring in nonequilibrium conditions. These systems are very complicated to analyze and
therefore, some assumptions are needed for simplification. Extraction kinetics and stripping processes are much faster for most
metal ions than their diffusion, and many researchers have adopted the local extraction equilibrium of feed-extractant and
extractant-strip phases at the membrane interfaces. So, the chemistry of the OHLM system at equilibrium conditions has to be
analyzed.

The chemical reactions responsible for the transport can be schematized [74–76].
At the feed solution–membrane (carrier) solution interface, for feed at low acidity (pH region)

[Ti * 2H2O]
4þ
F þ 4HLE �! [TiL4 * 2H2O]E þ 4Hþ

F (13:25)

at high (>7 mol=kg) acidity

[Ti * 2HCl]
4þ
F þ 4HLE �! [TiL4 * 2HCl]E þ 4Hþ

F (13:26)

At the membrane solution-strip solution interface, at low acidity (pH region)

[TiL4 * 2H2O]E þ 2Hþ
R �! [TiO]2þR þ 4HLE þ H2OR (13:27)

at high acidity

[TiL4 * 2HCl]E þ H2OR �! [TiO]2þR þ 4HLE þ 2Cl�R (13:28)

These reactions are characterized by equilibrium constants:

KF=E ¼ [TiL4 * 2H2O]E * [H]
4
F

[HL]4E * [Ti * 2H2O]F
¼ EF *

[H]F

[HL]E

� �4

(13:29)

or

K 0
F=E0 ¼ [TiL4 * 2HCl]E * [H]

4
F

[HL]4E * [Ti * 2HCl]F
¼ EF0 *

[H]F

[HL]E

� �4

(13:29a)

KE=R ¼ [TiO]R * [HL]
4
E * [H2O]

[TiL4 * 2H2O]E * [H]
2
R

¼ [HL]4E
[H]2R *ER

(13:30)
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or

K 0
E=R0 ¼ [TiO]R * [HL]

4
E * [CL]

2
R

[TiL4 * 2HCl] * [H2O]
¼ [HL]4E * [Cl]

2
R

ER

(13:30a)

where EF and ER are distribution coefficients of titanium ions between membrane and aqueous feed, and strip phases,
respectively and concentration of H2O is neglected.

K ¼ KF=E *KE=R ¼ EF

ER

� �
[H]4F
[H]2R

� �
(13:31)

or

K 0 ¼ K 0
F=E *K

0
E=R ¼ E0

F

E0
R

� �
[H]4F * [Cl]

2
R

	 

(13:31a)

K (or K0) is denoted as a driving force coefficient of the HLM system. Consider

K ¼ Kc *Kd where Kc ¼ EF

ER

and Kd ¼ [H]4F
[H]2R

(13:32)

or

K 0 ¼ K 0
c *K

0
d where K 0

c ¼
EF

ER

and K 0
d ¼ [H]4F * [Cl]

2
R (13:32a)

Kc is denoted as an internal [83] (carrier) driving force coefficient, derived from extraction distribution ratio between liquid
membrane phase and feed, and receiving phases. Kd (or K 0

d) is denoted as an external driving force coefficient, derived from the
coupling effect of the HLM system.

These initial parameters are easily accessible experimentally by equilibrium extraction experiments [75]. For example,
extraction of titanium(IV) from 0.1 mol=kg Ti(IV) hydrochloric acid solutions at 0.45 mol=kg (pH¼ 0.65), 2 mol=kg and at
7 mol=kg HCl by 1 mol=kg DEHPA in benzene, at aqueous phase=organic phase¼ 5=1, have shown the initial distribution
coefficients (for details, refer to [75]):

EF1¼ 20–25 for the aqueous phase at pH¼ 0.65,

EF2¼ 200–220 for the aqueous phase at 7.0 mol=kg HCl,

ER¼ 1.5–2.0 for the aqueous phase at 2.0 mol=kg HCl.

The initial distribution ratios Kc¼EF=ER (internal or liquid membrane driving force coefficients) are

Kc ¼ 10---15 K 0
c ¼ 100---150

Of course, during the transport process in the closed HLM system, the distribution ratio will change in accordance with
changing feed and strip phase conditions (acidities, titanium concentration, etc.). At Kc¼ 1(EF¼ER), concentration of titanium
(IV) in the carrier solution should be [Ti]RER (the system at equilibrium). Therefore, ER may be denoted as an irreversible
coefficient of the HLM for both, closed and open [78] systems (flowing feed, strip streams, buffered acidities, etc.). Kc is an
‘‘uphill pumping’’ border of the HLM system.

13.2.2 NUMERICAL MODEL OF COMPETITIVE M2þ=Hþ COUNTER-TRANSPORT [27,86–89]

A mathematical model to be solved numerically has been developed and used to predict the separation effects caused by
nonstationary conditions for a liquid membrane transport. Numerical calculations were made to compute pertraction*
characteristics such as input and output membrane selectivity (ratio of respective fluxes), concentration profiles for cations
bound by a carrier in a liquid membrane phase, and the overall separation factors. These quantities are discussed as dependent

* The term ‘‘pertraction,’’ used by the authors [27,86] has not been changed in the following text (for explanations see Section 13.1).
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on time, the kinetic constants of interfacial reversible reactions, and diffusion coefficients of carrier species in a liquid membrane
phase. The computations of fluxes and separation factors as dependent on time have revealed high separation efficiency of
unsteady-state pertraction as compared with steady or near-steady-state process (with reactions near equilibrium state).

The mechanism of competitive pertraction system (CPS) is presented schematically in Figure 13.5 together with the
compartmental model necessary for constructing the reaction–diffusion network. The overall pertraction process consists of a
set of diffusion steps and reactions leading to the uptake or release of cations at two formally independent and possibly different
interfaces. The simple flat-layered BLM of the thickness Lm and interface area S separates the two reservoirs (f, feed; and s,
stripping) containing transported divalent cations A2þ and B2þ (most frequently Zn2þ and Cu2þ or Ca2þ and Mg2þ) or
antiported univalent cations Hþ. At any time of pertraction t, their concentrations are [A]f, [B]f, [H]f, and [A]s, [B]s, and [H]s,
for the feed and stripping solution, respectively. The hydrophobic liquid membrane contains a carrier (C) of the total
concentration [C]. The carrier is confined to the membrane phase and cannot dissolve at the adjacent aqueous solutions. Its
main property is the ability to react reversibly with cations at respective reaction zone and to diffuse throughout the liquid
membrane phase in its salt (C2A, C2B) or acid (CH) form. It is also assumed that ionic species or their ionic pairs cannot diffuse
in membrane phase without the carrier intervention. The membrane is formally divided into n homogeneous compartments,
which contains the carrier in the form C2A, C2B, and CH the local concentration of which are equal to [C2A]k, [C2B]k, and
[CH]k, with k¼ 1, 2, . . . , n. In the case of bulk agitated or flowing liquid membranes, the model should be modified by adding a
large central compartment (layer) acting as an additional capacitor enabling convective flow of the membrane liquid.

The following are the assumptions of the model:

1. Concentrations of ionic species within interfacial reaction layers of thickness Lf and Ls are the same as in the feed or
stripping solution, respectively.

2. Concentrations of cations bound by the carrier at respective interfacial layer, i.e., [C2A]i, [C2B]i, and [CH]i with i¼ f
or s, are the same as the concentrations in the membrane compartments indexed by k¼ 1 or n.

3. Interfacial carrier molecules are presented by their hydrophilic fragments in adjacent aqueous solutions and by their
hydrophobic parts in an organic phase of a liquid membrane. Thus, the reaction can be treated as a homogeneous type
occurring in an adjacent reaction zone instead of a heterogeneous adsorption-type reaction process.

4. Initial concentration of the carrier is the same as in a bulk liquid membrane phase.
5. Concentration of free cations is the same as in the bulk aqueous phase.
6. Thermodynamic couplings between transported species are negligible.

A2+ C2A

C2B

CH

A2+

B2+

B2+H+

H+

Feed solution Strip solutionLiquid membrane

(a)

(b)

[C2A]G (C2B)f

[C2A]k

[C2B]k

[CH]k

Vk-

[CH]f

[C2A]s [C2B]s
[CH]s

[A]f

f 1 k n s

Feed solution Strip solutionLiquid membrane

[B]f
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Vf

Reaction layer
Lf, Vf

[A]s
[B]s
[H]s

Vs

Reaction layer
Ls, Vs

Lk-Ln

Vk/-n

L

FIGURE 13.5 (a) Scheme of A2þ, B2þ=Hþ competitive counter-transport mediated by an ionic carrier CH; (b) Compartmental model of
pertraction system. (From Wodzki, R., Szczepanska, G., and Szczepanski, P., Sep. Purif. Technol., 36, 1, 2004. With permission.)
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At these assumptions and simplifications the thermodynamic network analysis (TNA) [90] can be applied to analyze LM
transport. Certainly in the case of a real specific system, the detailed mechanism of reaction–diffusion interfacial phenomena
should be taken into account as far as possible. The above assumptions allow maintaining a concept of a homogeneous reaction.
Any universal model does not exist, and in the description of a real membrane process the accessible knowledge concerning the
specific interfacial processes should be taken into account. The model presented can be regarded as a simplified example only.

According to the scheme presented in Figure 13.4, two competitive cation-exchange processes occur at each of the
interfaces:

At the feed interface

A2þ
(f) þ 2CH(f) ¼¼kfA

k�fA

C2A(f) þ 2Hþ
(f) (RfA) (13:33)

B2þ
(f) þ 2CH(f) ¼¼kfB

k�fB

C2B(f) þ 2Hþ
(f) (RfB) (13:34)

At the strip interface

C2A(s) þ 2Hþ
(s) ¼¼ksA
k�sA

2CH(s) þ A2þ
(s) (RsA) (13:35)

C2B(s) þ 2Hþ
(s) ¼¼ksB
k�sB

2CH(s) þ B2þ
(sB) (RsB) (13:36)

The reactions between the carrier and the two cations cannot be considered as parallel because A2þ and B2þ compete toward
the same carrier or the respective carrier forms compete in the reaction with a striping agent. Thus, the respective reaction rates
are represented by coupled differential equations resulting from networks in Figure 13.6.

The symbols ki,M and k�i,M (i¼ f, s, M¼A, B) denote the kinetic constants for the rates of reversible reactions given by
Equations 13.37 through 13.40:

Jf,A ¼ kf,A[A]f[CH]
2
f � k�f,A[C2A]f[H]

2
f (13:37)

Jf,B ¼ kf,B[B]f[CH]
2
f � k�f,B[C2B]f[H]

2
f (13:38)
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FIGURE 13.6 Network for feed (a) strip, (b) competitive cation-exchange reactions, and local diffusion processes: (c) C2A, (d) C2B, and,
(e) CH species. (From Wodzki, R., Szczepanska, G., and Szczepanski, P., Sep. Purif. Technol., 36, 1, 2004. With permission.)
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Js,A ¼ ks,A[C2A]s[H]
2
s � k�s,A[CH]

2
s [A]s (13:39)

Js,B ¼ ks,B[C2B]s[H]
2
s � k�s,B[CH]

2
s [B]s (13:40)

According to the scheme of the compartments in the liquid membrane system in Figure 13.5b, all local diffusion fluxes of M
species from k to kþ 1 compartment can be defined by a phenomenological Equation 13.41 corresponding with the first Fick’s
law for diffusion:

Nj(k,kþ1) ¼ PjD[X]j(k,kþ1) (13:41)

where Pj denotes the permeability coefficient of species (e.g., carrier in different forms) between k and kþ 1 compartment:

Pj ¼ DjS=(Lm=n) (13:42)

In Equations 13.37 through 13.41 D[X]j(k,kþ 1) denotes the concentration difference, between the compartment k and kþ 1, for
the carrier transporting cation j ( j¼A2þ, B2þ, Hþ) with the diffusion coefficient Dj. Consequently, the diffusion coefficients of
a carrier transporting different cations are different but constant throughout the liquid membrane (independent of their local
concentration).

To construct the pertraction network, the particular reaction networks should be added via ‘‘0’’ junctions to three linear
networks corresponding with the processes of diffusion of C2A, C2B, and CH carrier species. The resulting reaction–diffusion
network, as presented in Figure 13.6, consists of four coupled loops representing the pertraction of A2þ, B2þ, and Hþ cations.
The loops are coupled by common capacitances Ai, Bi, and Hi (i¼ f, s) and by the capacitances CHi and CHk for a reacting or
diffusing acidic form of the carrier. From the network in Figure 13.6, all the model equations used further in numerical
calculations can be deduced with the help of Kirchhoff’s law for a 0 junction (KCL):

X
k

nkNk ¼ 0 (13:43)

where

k is the index of the flux entering or leaving a given 0 junction
n is �1 valued depending on the bond direction

Note that all the reactions and diffusion rates should be expressed in moles per second to maintain the compatibility of units.
The mathematical model derived from the network in Figure 13.6 together with the specification of all the local

fluxes, time-dependent variables, and parameters is presented in Table 13.1 The model consists of ordinary differential
equations (ODE) describing the evolution of all capacitances (local concentrations) characteristic for a membrane and external
solutions.

A step-by-step simulation of the system can be carried out by numerical calculations when the initial values of capacitances
and the values of parameters (constants) are assigned. The calculations have been performed using the model from Table 13.1
after assuming n¼ 4. This value is sufficient [86] to achieve reliable simulation data of typical liquid transport processes under
study. However, it should be noted that the increase in the number of layers, i.e., increasing in n will always result in more
precise calculations and predictions comparable to those achieved by analytic calculation methods. The n-value equal to 4
should be treated as the lowest limit required for obtaining quantitative data sufficient for the interpretation of the separation
effects. The problem of proper compartmentalization can be especially significant when reactions locally attain quasi-
equilibrium conditions.

TheMadonna Berkeley (ver.3) solver of ODE, the set of parameters, and initial conditions describing a liquidmembrane system
(listed in Table 13.2) were applied to numerically investigate the properties of CPS. The main relations resulting from the
computations were time-dependent values of (1) the concentration profiles of transported and antiported species in a liquid
membrane, (2) the concentration of A2þ and B2þ in the external aqueous solutions, and (3) input and output fluxes of A2þ and
B2þ. To characterize the membrane selectivity toward the target A2þ cations, the following quantities are calculated and discussed.

The selectivity (SN, i) is calculated as the ratio of A2þ and B2þ
fluxes (N) for feed (f) and strip (s) interface, henceforth it is

called as input or output flux selectivity:

Si ¼ NA,i=NB,i, i ¼ f or s (13:44)
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The overall concentration of divalent cations bound by the carrier in a liquid membrane phase and reaction zones ([A]m, [B]m),
and their ratio (Sm) which characterizes the competitive accumulation of one of the cations in a liquid membrane phase:

[A]m ¼ ([C2A]f,zVf,z þ
Xn
k¼1

[C2A]kVk þ [C2A]s,zVs,z)=(Vm þ Vf,z þ Vz,s) (13:45)

[B]m ¼ ([C2B]f,zVf,z þ
Xn
k¼1

[C2B]kVk þ [C2B]s,zVs,z)=(Vm þ Vf,z þ Vz,s) (13:46)

Sm ¼ [A]m=[B]m (13:47)

TABLE 13.1
Mathematical Description of Competitive Pertraction of A2þ, B2þ Cation Mediated
by an Ionic Carrier CH

Time-dependent variables—concentrations, mol cm�3

Feed (f) and strip (s) phase [A]i [B]i [H]i i¼ f or s
Interfaces [C2A]i [C2B]i [CH]i i¼ f or s
Membrane [C2A]k [C2B]k [CH]k k¼ 1,2, . . . , n

Feed solution Stripping solution

Capacitance fluxes (mol cm�3 s�1)

D[A]f=dt¼�(Vf,r=Vf)Jf,A d[A]s=dt¼�(Vs,r=Vs)Js,A
d[B]f=dt¼�(Vf,r=Vf)Jf,B d[B]s=dt¼�(Vs,r=Vs)Js,B
d[H]f=dt¼ 2(Vf,r=Vf)(Jf,AþJf,B) d[H]s=dt¼ 2(Vs,r=Vs)(Js,Aþ Js,B)
Accumulation of A2þ Accumulation of B2þ

Membrane and interfaces

d[C2A]f,r=dt¼ Jf,A�NC2A(f,1)=Vf,r d[C2B]f,r=dt¼ Jf,B�NC2B(f,1)=Vf,r

d[C2A]1=dt¼ [NC2A(f,1)�NC2A(1,2)]=V2 d[C2B]1=dt¼ [NC2B(f,1)�NC2B(1,2)]=V1

d[C2A]k=dt¼ [NC2A(k� 1,k)�NC2A(k� 2,k)]=Vk d[C2B]k=dt¼ [NC2B(k� 1,k)�NC2B(k,kþ 1)]=Vk

d[C2A]n=dt¼ [NC2A(n� 1,n)�NC2A(n� 2,n)]=Vn d[C2B]n=dt¼ [NC2B(n� 1,n)�NC2B(n,s)]=Vn

d[C2A]s=dt¼NC2A(n,s)=Vs,r� Js,A d[C2B]s=dt¼NC2B(n,s)=Vs,r� Js,B

Accumulation of Hþ

d[CH]f,r=dt¼NCH(f,1)=Vf,r� 2 Jf,AV ¼ SLf

d[CH]1=dt¼ [NCH(2,1)�NCH(1,f)]=Vs,r¼SLs

d[CH]k=dt¼ [NCH(kþ 1,k)�NCH(k,k� 1)]=V

d[CH]n=dt¼ [NCH(s,n)�NCH(n,n� 1)]=Vs,r

d[CH]s,r=dt¼ 2(JA,s� JB,s)�NCH(s,n)=Vs,r

Reaction rates (J=mol cm�3 s�i) and local fluxes (N mol s�I)

Jf,A ¼ kf,A[A]f [CH]
2
f � k�f,A[C2A]f[H]

2
f Jf,B ¼ kf,B[B]f [CH]

2
f � k�f,B[C2B]f[H]

2
f

Js,A ¼ ks,A[C2A]s[H]
2
s � k�s,A[A]s[CH]

2
s Js,B ¼ ks,B[C2B]s[H]

2
s � k�s,B[CH]

2
s

NC2A(f,1)¼ 2PC2A([C2A]f� [C2A]1) NC2B(f,1)¼ 2PC2B([C2B]f� [C2B]1)
NC2A(k,kþ 1)¼ 2PC2A([C2A]k� [C2A]kþ 1) NC2B(k,kþ 1)¼ 2PC2B([C2B]k� [C2B]kþ 1)

NC2A(n,s)¼ 2PC2A([C2A]n� [C2A]s) NC2B(n,s)¼ 2PC2B([C2B]n� [C2B]s)
NCH(1,f)¼ 2PCH([CH]1� [CH]f) PC2A¼ nDC2AS=Lm
NCH(k,1þ k)¼PCH([CH]kþ 1� [CH]k) PC2B¼ nDC2BS=Lm
NCH(s,n)¼ 2PCH([CH]s� [CH]n) PCH¼ nDCHS=Lm

Parameters

Kinetic constants kf,A, k�f,A, kf,B, k�f,B, ks,A, k�s,A, ks,B, k�s,B (mol�2 s�1 cm3)
Diffusion coefficients DC2A, DC2B, DCH (cm2 s

�1)
Membrane area and thickness S(cm2): Lm(cm)

Thickness of reaction compartments Lf, Ls (cm)
Volume of feed and stripping solutions and membrane Vf, Vs, Vm (cm3)
Number of membrane compartments n

Source: From Wodzki, R., Szczepanska, G., and Szczepanski, P., Sep. Purif. Technol., 36, 1, 2004. With permission.
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The overall separation factor (aA
B):

aA
B ¼ [A]s[B]f

[B]s[A]f
(13:48)

The above quantities are accessible by standard measurements of liquid membrane transport and are frequently reported in the
corresponding literature. To emphasize the kinetic source of separations studied, all computations have been carried out after
assuming the same equilibrium constants for cation-exchange reactions appearing in the pertraction system, i.e.,

Kf,A ¼ Kf,B ¼ kf,A=k�f,A ¼ kf,B=k�f,B (13:49)

Ks,A ¼ Ks,B ¼ ks,A=k�s,A ¼ ks,B=k�s,B (13:50)

TABLE 13.2
Parameters and Operational Conditions for Simulation
of Competitive Transport Process

Parameter Variables Symbol Value

Initial concentrations (mol cm�3)

Feed phase [A]f,o 1� 10�5

[B]f,o 1� 10�5

[H]f,o 1� 10�10

Stripping phase [A]s,o 0

[B]s,o 0
[H]s,o 3� 10�3

Membrane [C2A]k,o 0
[C2B]k,o 0
[CH]k,o 5� 10�4

Reaction zones [C2A]i,o 0
[C2B]i,o 0

[CH]i,o 5� 10�4

Diffusion coefficients (cm2 s�1)

DC2A 1� 10�5 to 1� 10�7

DC2B 1� 10�5 to 1� 10�7

DCH 1� 10�5 to 1� 10�7

Kinetic constants (cm6 mol�2 s�1)

kf,A 1� 106 to 1� 109

k�f,A 1� 106 to 1� 109

Ks,A 1� 106 to 1� 109

k�s,A 1� 106 to 1� 109

kf,B 1� 106 to 1� 109

k�f,B 1� 106 to 1� 109

Ks,B 1� 106 to 1� 109

k�s,B 1� 106 to 1� 109

Dimensions

Vf (cm
3) 100

Vs (cm
3) 10

Lm (cm) 2.5� 10�3

Lf (cm) 5� 10�5

Ls (cm) 5� 10�5

Sm (cm2) 1

Source: From Wodzki, R., Szczepanska, G., and Szczepanski, P., Sep. Purif.
Technol., 36, 1, 2004. With permission.
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The conditions (Equations 13.49 and 13.50) impose no selectivity for the CPS under stationary conditions when the reactions
attain their equilibrium state and the diffusion coefficients DC2A and DC2B are equal.

The bond-graph network of liquid membrane process can be successfully exploited for modeling the separation and
transport ability of complex reaction–diffusion phenomena. However, it should be stated that such models involving appro-
priate mathematical formulations are especially useful in predicting the system’s response to the changes in operating
conditions and specific characteristics of the liquid membrane components. In general, such models are not applicable for
the assessment of unknown parameters. The idea of network modeling needs as much information as possible to be introduced
into a model. Thus, at the initial step no factor can be ignored though it is common in many other phenomenological
descriptions assuming diffusion- or reaction-limited conditions. Consequently, the related calculations should be treated as
experiments aimed at searching for new quantitative differences in transport and separation systems rather than numerical
interpretations of the data that possibly explain the known experimental facts.

13.2.3 THEORY OF HOLLOW-FIBER LIQUID MEMBRANE TRANSPORT [5,9–11,38,62,63,91–93]

The theory of a hollow-fiber contained liquid membrane (HFCLM) transport is described in detail by Sirkar et al. in Refs.
[58,59,91]. Its modified model, (HFLM), developed by Schlosser et al. [5,9–11,25,38,92] is presented below.

Concentration profiles of a solute in three-phase system transport through LM in a hollow-fiber module are similar to that,
presented in Figure 13.3.

Following assumptions are held [11,25]:

1. Steady-state flux.
2. Consider only diffusional resistances, Ri. Reactions on both interfaces are fast and negligible accumulation in

boundary layers is supposed.
3. High stoichiometric excess of reactant in the stripping solution.
4. Fibers are identical and the number of fibers in both bundles (for feed and strip solutions) is the same.

SwF ¼ SwR ¼ Sw; «F ¼ «R ¼ «; tF ¼ tR ¼ t; and kwF ¼ kwR (13:51)

where
SwF, SwR, are surface area (square meters), in the feed and strip
« is porosity of the fiber
t is tortuosity of the pores
ki are individual mass transfer coefficients, m s�1

This results concentration of solute in the feed referring to its concentration in the strip, CFRM, equal zero:

CFRM ¼ CR *DR=DF ¼ 0 (13:52)

and

RR ¼ 0 (13:53)

where
Ci are the molar solute concentrations
Di are distribution coefficients at equilibrium at feed-membrane and membrane-strip interfaces

Relation for the overall mass transfer resistance can be derived [11,25,91]:

1
Kp

¼ «F
kF

þ SF
DSwFkwF

þ SF«F
DSMkM

þ SF«F
DSwR«RkwR

þ SF«F
SRkR

(13:54)

R ¼ RF þ RwF þ RM þ RwR þ RR (13:55)

Identification of the individual mass transfer coefficients depends on the construction of the module (material and structure of
fibers in both bundles) and on the way of its operation. For the laminar flow inside hollow fibers, the following correlation can
be used [93]:
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kFdi
Df

¼ 1:5
d2i uF
LDf

� �1=3

(13:56)

where
di is the fiber diameter (m)
Df is diffusion coefficient (m s�1)
ui is linear velocities of flow (m s�1)
L is the effective length of the fibers (m)

Individual mass transfer coefficients in the pores are estimated by equation

kw ¼ kwF ¼ kwR ¼ 2DfM

t(d0 � di)
(13:57)

and

RwF ¼ RwR ¼ Rw (13:58)

The resistance in the BLM is calculated from equation:

RM ¼ R� (RF þ 2Rw) (13:59)

Differential mass balance of solute in the feed stream along the length of the HF contactor for constant volumetric flow rates of
the solutions is

�VF

dCF

dz
¼ Kploc(p * diFNF«F)(CF � CFRM) (13:60)

where
Vi are volumes of the solution passed
Kploc is defined for effective surface area of the feed=LM interface

In cases when concentration CFRM is close to zero, after rearranging of Equation 13.60:

Kplocdz ¼ � VF

pdiFNF«F

dCF

CF

(13:61)

Integrating Equation 13.60 for initial and boundary conditions, z¼ 0, CF¼CF1¼CF0, and for z¼ L, CF¼CF2 the following
relation is obtained:

L ¼ VF0

KppdiFNF«F
ln
CF0

CF2

(13:62)

and the concentration of the solute in the strip, CF2 can be calculated by equation:

CF2

CF0

¼ exp [�(pdiNF=VF)(KpL)] (13:63)

where Kp is the integral value of the overall mass transfer coefficient of the module.
These considerations and the set of equations for transport of the solute through the HF modules are modified

and simplified in comparison to the HFCLM [91] theoretical considerations. The models presented in Sections 13.2.1 and
13.2.2 consider more detailed diffusion parameters at the F=LM and LM=R interfaces, more detailed kinetics of chemical
reactions. So, they are more identical to the real transport processes, therefore, these models, modified for a hollow-fiber
permeator, may be used for the hollow-fiber transport also.
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13.3 MODULE DESIGN FOR SEPARATION SYSTEMS

Technological complexity of ELM and problems with the stability of SLM has led researchers in the recent years to look for
alternative BLM or organic (water-immiscible) LM. A big number of OHLM (or BLM) separation systems are described in the
literature. They can be divided according to type of membrane walls (barriers) used: planar, spiral wound and hollow fiber, and
to hydrophobic=hydrophilic properties of the membrane. The hydrophobic membranes are immobilized by LM organic
solutions and hydrophilic or ion-exchange membranes are immobilized by aqueous feed and strip solutions.

Hydrophilic (or ion-exchange) membranes were used for designing rotating disc, creeping film, HLM, and MHSs, HFLM
modules. Hydrophobic membranes were used for designing HLM, MHS, FLM, HFCLM, and capillary liquid membrane
modules. Below, some of these systems are referenced and described shortly.

13.3.1 LAYERED BULK LIQUID MEMBRANE MODULES [55,94]

The simplest U- or H-shaped layered BLM modules, without membrane walls, are used mainly in transport studies [55,94].
Examples of BLM-layered module with mixing all three solutions are presented in Figure 13.7.

13.3.2 ROTATING DISC MODULES [12,14,16,18,20,95–103]

As seen in Figure 13.8, hydrophilic membrane discs are fixed on a horizontal shaft and their lower parts are immersed to
compartments, which are filled with the feed and strip solutions. The remaining parts of the discs, in which aqueous phases
(feed or strip) are immersed, due to rotation, are in contact with the LM phase. Mass transfer of the solute from the feed into the
strip solutions occurs through the BLM phase.

Contactor with two parallel shafts with discs, one for the feed and one for the strip solutions are presented in the Ref. [96].

13.3.3 CREEPING FILM MODULES [19,21,22,58,104–107]

Creeping film process (CFP) is a liquid membrane technique for simultaneous removal and concentration of dissolved species
from their diluted aqueous solutions. CFP contactor is presented schematically in Figure 13.9. Feed and strip solutions flow
down the vertical hydrophilic porous membrane sheets. A mobile organic LM is interposed between two creeping aqueous
films. CFP is a continuous mass transfer process in which eddy diffusion controls the mass fluxes in all three liquid films.

E

F

(a)

(c) (d)

(b)

R

R

22

1

F

F E R

FR R

22

E

E

FIGURE 13.7 Examples of layered BLM modules.
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13.3.4 HYBRID LIQUID MEMBRANE MODULES [1–3,40,43,44]

Figure 13.1 represents schematically different types of HLM contactors. A liquid membrane solution flows (or circulates)
between two membranes, which separate the LM phase (E) from the feed (F) and receiving (R) phases. A solute (or solutes)
diffuses to the F=E interface and is extracted from feed phase by a carrier as a result of the thermodynamic conditions at the F=E
interface. The solute–carrier complex diffuses to the E=R interface and is simultaneously stripped by the receiving phase due to
the different thermodynamic conditions at the E=R interface. The membranes may be hydrophobic, immersed by LM, or
hydrophilic (or ion exchange), immersed by feed and strip aqueous phases.

13.3.5 MULTIMEMBRANE HYBRID SYSTEMS [29,47,51,56,108]

MHS with pervaporation of water from LM (MHS-PV) is presented in Figure 13.10. Contrary to the simple MHS with an
agitated BLM, separated from the feed and strip solutions by flat hydrophobic or hydrophilic or ion-exchange membranes, the
MHS-PV system exploits an FLM continuously flowing between the two flat cation-exchange and two pervaporation
membranes. To couple the separation and pervaporation processes, the LM is simultaneously pumped through the MHS and

4
1 2

4

5
3

O

F

FR

R

E

FIGURE 13.8 Scheme of a rotating film contactor: (1) body; (2) stage wall; (3) feed=stripping solution separating walls; (4) rotating discs;
(5) common shaft. (From Zhivkova, S., Dimitrov, K., Kyuchoukov, G., and Boyadzhiev, L., Sep. Purif. Technol., 37, 9, 2004. With
permission.)

R
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R

F

E E E E E

S

FIGURE 13.9 Scheme of a creeping film contactor: F, R—inlet and outlet of the feed and receiving solutions, respectively; E—FLM
organic solution. (From Boyadzhiev, L. and Lazarova, Z., Chem. Eng. Sci., 42, 1131, 1987. With permission.)
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PV modules. The pervaporation membranes are placed on a stainless steel porous supports. Aqueous feed and strip solutions
are intensively agitated. The MHS (without pervaporation section) and HLM are very similar systems.

13.3.6 FLOWING LIQUID MEMBRANE MODULES [19,30,33–36,109]

In FLM, the LM organic solution flows in a thin channel between two hydrophobic microporous membranes separating the
LM phase from an aqueous feed and strip solutions. The FLM differs from the HLM and MHS modules with hydro-
phobic membranes by application of a spiral-type module. A schematic diagram of the spiral-type FLM module is shown in
Figure 13.11.

The microporous membrane films (see Table 13.3) and one mesh spacers were spirally wound around acrylic resin
pipes through which the feed, strip, and organic LM solutions were supplied to the module [34,36]. The outer surface and
the top and bottom ends of the module were sealed with an adhesive.
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H2O
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FIGURE 13.10 Scheme of the MHS[FLM-PV] multimembrane hybrid system: (1) cation-exchange membranes, (2) FLM, (5) vacuum
system, (6) pervaporation unit, (7) pervaporation membranes, (8) contactor, (9) feed solution, (10) stripping solution. (From Wodzki, R. and
Szczepanski, P., J. Mem. Sci., 197, 297, 2002. With permission.)

8

7

7

53

4
5

1 2

2

2
3

5 4

5

10 11

11
6

1

1

1

9

FIGURE 13.11 Schematic diagram of a spiral-type flowing liquid membrane module: (1) microporous hydrophobic membrane, (2) mesh
spacer, (3) inlet and (9) outlet pipe of feed, (4) inlet and (10) outlet pipe of strip, (5) inlet and (11) outlet tube of organic membrane solution,
(6) feed solution, (7) organic LM solution, and (8) strip solution. (From Teramoto, M., Matsuyama, H., and Ohnishi, N., Sep. Sci. Technol.,
24, 981, 1989. With permission.)
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13.3.7 HOLLOW-FIBER LIQUID MEMBRANE MODULES [4–6,9–11,38,104]

Several types of three-phase hollow-fiber (HF) modules have been described. They can be classified into two groups. The first
one with parallel phase flow was developed by Sirkar group, termed as a ‘‘hollow-fiber contained liquid membrane’’ (HFCLM)
and described in detail in Ref. [4]. The HFCLM module was used for separation of solutes in liquids and gases. Another type of
HF modules, developed by Schlosser group, ‘‘hollow fibers in tube pertractor’’ with parallel flow [10,11,23–26,55,104] consists
of one or two intermixed U-shaped bundles of microporous polypropylene fibers, inserted into polysulfon (or glass) tubes
(see Figure 13.12). For a better mixing, pulsation of the LM phase along the fibers is used. It increases the transport rate by
35%–60%.

TABLE 13.3
Examples of Flat Sheet Polymer Membranes Used in the Referenced Works and Their Properties

Trademark Supplier Type
Porosity,

%
Pore Size,

mm
Thickness,

mm

Celgard 2400 Hoechst-Celanese Co.,

Charlotte, North Carolina

Hydrophobic 38 25

Celgard 2402 38 50
Celgard 4400 38 0.05–0.125 175
Celgard 3400 Hydrophilic 38 25
Celgard 5401 38 175

Duragard 2500 Polyplastics Co. Ltd., Tokyo, Japan Hydrophobic 47 0.04� 0.4 25
Duragard 2502 45 0.04� 0.4 50
Fluoropore FP-010 Sumitomo Co. Ltd., Japan 67 0.1 60

Mesh Spacer Dainippon Plastics Co. Ltd., Osaka, Japan
KDJ-6 87 NAa 800
KDN-4 73 NAa 900

Hydrophilic Spacer 70 NAa 800–1000
Nylon 6 (polyamide 6) ENKA America Inc. Ltd.,

Asheville, North Carolina
Hydrophilic 70 0.2 110

Cuprophan 150 PM (polyamide 150) 59 NAa 22

Note: Celgard 3400 is made hydrophilic by coating a surfactant onto Celgard 2400.
a Pore size not available in manufacturer’s catalog.
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FIGURE 13.12 Scheme of the hollow-fiber contactor with parallel flow of phases, distributed U-shaped bundles of fibers and with separated
inlet and outlet end chambers. F: feed (donor phase), E: liquid membrane phase, R: stripping solution, (1) hollow fiber for the feed, (2) glass
tubulet, (3) glass tempering jacket of the contactor. (From Schlosser, S. and Sabolova, E., J. Mem. Sci., 210, 331, 2002. With permission.)
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The second type of the HF modules has also been developed by Schlosser group [25,38–40,92,104]. This module enables a
cross flow of the liquid membrane phase or its pulsation perpendicular to fibers, as shown in Figure 13.13. The planar HF
elements can be assembled for contacting four or more phases.

Some modified plate and frame HF modules [110–112] were proposed. Both ends of fibers were potted on opposite sides of
the frame-forming elements of the stack. The transversal flow of one phase was possible. The module with ‘‘fiber in fiber’’ units
and cross flow of one phase is described in Ref. [9].

13.3.8 CAPILLARY LIQUID MEMBRANE SYSTEMS [113–115]

Facilitated transport for gas separation using a capillary membrane module was developed by Teramoto group [113,114].
Concept of capillary membrane apparatus is shown in Figure 13.14. Both an feed gas and an LM solution are supplied to the
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FIGURE 13.13 Scheme of the hollow-fiber contactor of three phases with cross flow of LM phase: (1) body of element, (2,3) hollow fiber in
downstream and upstream part, (4,5) inlet and outlet chamber, (6,7) inlet and outlet tube, (8) flowing head, and (9) central baffle, F: feed, E:
LM phase, R: strip solution. (From Schlosser, S., Pertraction through liquid and polymeric membranes. In: Belafi-Bako, K., Gubicza, L., and
Mulder, M. Eds. Integration of Membrane Processes into Bioconversions. Proceedings of the16th European Membrane Society Annual
Summer School. Veszprem, Hungary, August 1999. Kluwer Academic=Plenum Publishers, New York, 2000, 73–100. With permission.)
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FIGURE 13.14 Schematic diagrams of facilitated transport of gas using capillary membrane module for removal and enrichment of carbon
dioxide. (a) Experimental capillary membrane apparatus and (b) capillary membrane modules with permeation of carrier solution. (From
Teramoto, M., Ohnishi, N., Takeuchi, N., et al., Sep. Purif. Technol., 30, 215, 2003. With permission.)
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lumen side (high-pressure feed side) of the capillary ultrafiltration membrane module and flow upward. The LM solution,
which contains dissolved solute gas (CO2 in the present case), flows to the permeate side (low pressure, shell side), where
the solution liberates dissolved gas to become a lean solution. The lean solution is returned to the lumen of the capillary
module by a pump. In the shell side, dissolved gas is stripped from the liquid flowing down the outer surface of the
capillary, and discharged from a vacuum pump through a liquid reservoir. Schematic diagram of experimental setup is shown
in Figure 13.15.

Mixtures of CO2 (5%–15%) and N2 were used as model feed gas, and monoethanolamine (MEA), diethanolamine (DEA),
and 2-amino-2-methyl-1-propanol (AMP) were used as the carriers of CO2. The polyethersulfone capillary ultrafiltration
membranes (see Table 13.4) were used in the module. The membrane was very stable over a discontinuous 4-month testing
period. The energy consumption was found to be much smaller than those of conventional chemical absorption and membrane
separation processes.

13.3.9 MEMBRANE TYPES USED

Most membranes, used as a wall between phases in the OHLM systems, are polymeric although inorganic membranes have also
become available. Membranes can be classified according to structure as homogeneous, asymmetric, or composite, according to
geometry as flat sheet, hollow fiber, or tubular, according to pore surface as neutral hydrophobic or hydrophilic and surface
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FIGURE 13.15 Schematic diagram of experimental setup with capillary membrane for simultaneous removal and enrichment of CO2.
(From Teramoto, M., Kitada, S., Ohnishi, N., et al., J. Mem. Sci., 234, 83, 2004. With permission.)

TABLE 13.4
Examples of Hollow-Fiber Membranes, Used in the Referenced Works, and Their Properties

Trademark Supplier Type ID, mm CD, mm Pore Size, mm Porosity, %

Celgard X-10 Hoechst-Celanese Corporation,

Charlotte, North Carolina

Hydrophobic 100 150 0.03 20

Celgard X-20 240 290 0.03 40
Cuprophan C1 AKZO, Asheville, North Carolina Hydrophilic 140 200 NAa 55
Cuprophan D4 220 270 NAa 60

Nylon 6 600 1,000 0.2 75
Capillary ultrafiltration membranes Daicel Chemical Industries, Ltd., Osaka, Japan Hydrophobic 800 1,300 1,50,000b NAa

Notes: ID¼ internal diameter; CD¼ external diameter.
a Data not available in manufacturer’s catalog.
b Molecular weight cut-off.
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charged (ion exchange). Hydrophobic membranes, flat sheet, or hollow fibers, (see Tables 13.3 and 13.4) are readily
moist enable by most organic solvents, but water does not moisten it. An organic solvent, brought on one side of the
membrane, immediately wet the membrane and appears on the other side, or immobilize the interface. Aqueous solution to
be contacted with the organic solution of a carrier is brought at a pressure higher than that of organic solution to prevent
the last from coming through the membrane, but not so high to be able to displace organic phase from inside the pores
completely. The two phases contact each other at a mouth of the pores or inside the membrane (see Figures 13.1a, 13.1d,
and 13.3).

On the contrary, hydrophilic and ion-exchange membranes (see Tables 13.3 through 13.5) are readily wettable by aqueous
solutions, but immiscible by organic phases. So, contact between aqueous and organic phases takes place on the other side to
the bulk aqueous phase interface of the membrane (see Figures 13.1b, 13.1e, and 13.4).

Although several inorganic ion-exchange materials (zeolites, bentonites) are now available, most membranes used
are polymeric. The properties of ion-exchange membranes are closely related to those of ion-exchange resins. The
properties, important for the separation reasons, are permselectivity, long-term electrical (resistance) and chemical
stability, and ion-exchange capacity (see Table 13.5). Flat sheet, hollow fiber, and tubular ion-exchange membranes are
available.

The limits of pore dimensions in OHLMs are purposely chosen to minimize convective transport. Two solutes can be
separated if their diffusion coefficients differ by at least an order of magnitude. This diffusivity is modified by the matrix
structure and pore size of the membrane. Knowledge of the relative solute diffusivities in the membrane gives us the
knowledge of retention abilities of the membrane. The sieving properties of the membranes allow them to retain some
macromolecules while selectively removing solutes of middle molecular weight and less selective removal of solutes with
small molecular weight.

The knowledge of the difference between solute diffusivities in the membrane, immobilized by organic phase (hydropho-
bic), vis-à-vis the membrane, immobilized by aqueous phase (hydrophilic, ion exchange), would aid in the choice of membrane
type. In all cases, the membrane material would have to be completely long-term resistant to the solvents of either phase.

The first choice would be to use a membrane as thin as possible, with high porosity, and small pore size, while still
providing the mechanical stability for potting and pumping pressure.

13.4 SELECTED APPLICATIONS

Applications of the OHLM processes are tested mainly in metal separation, wastewater treatment, biotechnologies, drugs
recovery-separation, organic compounds, and gas separation. In the recent years, integrated hybrid systems incorporating two
or more functions in one module, for example biotransformation and separation, become systems of great interest to
researchers. The recent applications of different types of the OHLM systems are summarized below.

13.4.1 METAL SEPARATION-CONCENTRATION

Metal ions separation for hydrometallurgical applications has attracted considerable interest. Selective separations of alkali,
alkali earth, heavy metal ions, rare earth, precious metals, etc. are studied by many authors using all the above-described
techniques. Referenced works in metal separations classified according to the OHLM techniques with types of membrane walls
and carriers used are listed in Table 13.6.

TABLE 13.5
Examples of Ion-Exchange Membranes Used in the Referenced Works and Their Properties

Supplier Trademark Type
Gel

water, %
Thickness,

mm
Permselectvity,

%
Capacity,
meq=g

Tokuyama Soda Co, Tokyo, Japan Neosepta, CMX Cation-exchange, low-electric resist 24 0.13–0.16 90 2.0–2.5

Neosepta, AFN-7 Anion-exchange antifouling 45 0.16 NAa 3.2
Neosepta, BP-1 Cation–anion exchange 20 0.3 85 2.0

DuPont De Nemours, Fayetteville,
North Calorina

Nafion 117 Cation exchange 18.5 0.22 90 3.9
Nafion 120 44 0.26 96 4.3

FumaTech GmbH, Germany FKS Cation exchange 40 0.6 79 1.8

a Not available in manufacturer’s catalog.
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13.4.2 BIOTECHNOLOGICAL PRODUCTS RECOVERY-SEPARATION

Recovery from fermentation broth and separation of carboxylic acids, amino acids were tested by many authors using layered
BLM, rotating, creeping, spiral-type FLM, HFLM, HLM, and MHS-PV techniques of the OHLM processes. The research
works for the last 15 years in this field classified according to the OHLM techniques with types of membrane walls and carriers
used are provided in Table 13.7.

13.4.3 PHARMACEUTICAL PRODUCTS RECOVERY-SEPARATION

Selected papers for the last 15 years, presenting results of separation of drugs, antibiotics, enantiomers by layered BLM,
HFLM, rotating film techniques are listed in Table 13.8. Hollow-fiber contactors, developed modular elements with optimum-
configured stacks for individual applications may be an interesting direction in research.

13.4.4 ORGANIC COMPOUNDS SEPARATION, ORGANIC POLLUTANTS RECOVERY FROM WASTEWATERS

Separation of ethylene, benzene, propanol, olefin, aromatic amines from organic liquid mixtures, of volatile organic
compounds (VOC), and phenol from wastewater, were investigated by the authors (Table 13.9), using rotating film module,

TABLE 13.6
Selected References on Metal–Ion Separations by OHLM Techniques

Metal Ions Liquid Membrane Polymer Membrane Walls References

HLM technique

Ti(IV) DEHPA Celgard 2400, 2402, 3400.
Neocepta CM-1, ACH-45

[1,2]

Cu(II), Cd(II), Zn(II) MEHPA, DEHPA Cyanex 302 Neosepta CM-1, CM-2

Celgard 2400, 2402, 3400

[70,85,116–120]

MHS with (or without) pervaporation (PV) technique

K(I), Na(I), Mg(II), Ca(II), Cu(II), Zn(II) Star-shaped polymers, PEG Nafion 117, Neosepta CMX,
AFN-7, Pervap 1000, 2201

[28,121,123,125–127]

K(I), Na(I), Zn(II), Cu(II), Mg(II), Ca(II) DEHPA, Acorga P-50, Cyanex 302 Nafion 120, FKS Pervap 1000 [29,47,75,87–89,106,124]
Zn(II), Mn(II), Cu(II), Co(II), Ni(II),
Cr(III), Fe(III)

DEHPA, Acorga P-50 Nafion-117, 120,
Neosepta CMX, BP-1

[49–51,86,122]

Rotating film module

Cu(II), Zn(II), Fe(II), Ni(II) Kelex 100, TOA, LIX 54, 65, 65N, 860,
Hydroxy-oximes, Acorga P-5100

Hydrophilic coating with viscose
Hydrophilic support

[12,14,16,17]

Ag(I) TIBPS Hydrophilic support [21,97–99]

Creeping film module

Cu(II) Acorga P-5100, 5300 Hydrophilic support of viscose [19,22,57]
Jodine DB18C6 Hydrophilic support [103]
Hollow-fiber module

Cu(II), Cr(III), Cr(VI), Hg(II) LIX-84, TOA Celgard X-10 [8,128,129]
Nd, Ho DEHPA Celgard X-10 [9,24,39,130,131]

Spiral-type flowing module

Cr(VI), Zn TOA, TOMAC, EHPNA Duragard 2500, 2502 [34]
Co, Ni, Zn DEHPA Cayanex 302 Duragard 2500, 2502,

Mesh spacer KDJ-6

[35–37]

Layered (without polymer membrane walls) BLM module

Li, Ag, Na, K, Sr Crown 18 C6 [133,139,141,149,154,159,161]
Zn, Co DEHPA Cayanex 471X [25,42,53,132]

Cd, Cu, Zn Calixcrown oligomers,
Janus Green, LIX-860

[134–138,141,142,145,148,
150,151,157]

Pd, Au Crowns 18C6 [140,152,153,155]

Bi Cayanex 301 [141]
Hg Crown 18 C6 [143,147,156]
Er, Nd HEH(EHP) 146,158]

U TBP, calixarenes [144,160]
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TABLE 13.7
Selected References on Carboxylic and Amino Acids Separations by OHLM Techniques

Acids Liquid Membrane
Polymer

Membrane Walls References

HLM technique

Lactic, acetic Alamine 336 Celgard 2400, 3400 [85,162]
Citric, propionic Alamine 304 Neosepta AM-3, AMX

MHS with (or without) PV technique

Acetic, formic, lactic, propionic, oxalic,

citric, tartaric

TOPO, TBP, MIBK, TOA, octanol,

hydrocarbons C6–C10

Neosepta AFN-7

Nafion-120

[29,46,48,163–166]

Rotating film module

Phenol, L-lysine, butyric DEHPA Hydrophilic support [21,23,54,103,106]

Hollow-fiber module

Phenol, acetic, oxalic, succinic, citric acids TOA, MIBK, Hostarex A327,
Decanol, xylene

Celgard X-10, X-20,
Nylon 6, Cuprophan

[6,11,26,40,104,167–169]

Butyric acid, DMCCA, 5-methyl-2-
pyrazine carboxylic acid, heterocyclic
carboxylic acid, PAA, MAs 6-APA

TOA, Hostarex A327, Cyanex 471,
lipase in octanol

Celgard X-10, X-20,
Cuprophan

[38,170]

Spiral-type flowing module

Fatty acids DEHPA, silver nitrate Duragard 2500, 2502
Mesh spacer KDJ-6

[32,171]

Eicosapentaenoic acid Silver nitrate Fluoropore FP-010 [172]

Docosahexaenoic acid DEHPA Mesh spacer KDN-4

Layered (without polymer membrane walls) BLM module

Butyric acid 5-methyl-2-pyrazine

carboxylic acid

TOA, Hostarex A327, THP [43,44,170]

Amino acids, L-isoleucine, 7-ACA DEHPA, DB18C6, Aliquat-336 [173–175]
Aminocephalosporanic, p-amino benzoic

acid, phenylalanine

Carboxylated poly (styrene),

octanoic, lauric, decanoic acids

[176–178]

Dihydrogenphosphate anion Oxomolybdenum (V)
tetraphenylporphyrin complex

[179]

a-Amino acids Chiral lipophilic ligand [180]

TABLE 13.8
Selected References on Pharmaceutical Compounds Separations by OHLM Techniques

Separated Compounds Liquid Membrane Polymer Membrane Walls References

Rotating film module

Erythromycin, tylosin, L-lysin DEHPA Hydrophilic coating,
hydrophilic support

[15,181]

Phenylalanine DEHPA Hydrophilic support [182]

Hollow-fiber module

Diltiazem, drugs Octanol, decanol Celgard X-10, X-20 [183–188]
Fructose Alcohols [189]
Antibiotics 1-Decanol, n-decanol, n-octanol Cuprophan [190–192]

Layered (without polymer membrane walls) BLM module
Indole alkaloid vincamine Trichloroethylene [193]

Tryptophan, Serotonin M-t Bu4-salphen-3n-cr-n complexes (M¼Mn,Fe) [194]
Proteins Reversed micellar solution [97,195]
Enantiomers Aerosol-reversed micelles with Ba2þ, b-cyclodextrin [196–199]

Cephalosporin-C, cephalexin Aliquat-336 [176,200,201]
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spiral-type FLM, hollow fiber and layered LM techniques. High separation factors (>1000) in pilot and industrial scale
experiments were found.

13.4.5 GAS SEPARATIONS

Oxygen transport via a hemoglobin carrier was one of the first LM transport systems [53]. It was noted that the rates of complex
formation and reversal were very important.

Carbon dioxide separation from the air, mixtures with CH4, N2, O2, has been studied from both biological and engineering
applications. Spiral-type FLM, HFLM, and capillary membrane techniques were tested for these purposes.

Hydrogen sulfide and sulfur dioxide removal were studied using HFLM technique for coal gasification applications.
References of the works carried out in the field of gas separations are presented in Table 13.10.
Schematic diagram of experimental setup for gas separation and enrichments is shown in Figure 13.16.

TABLE 13.9
Selected References on Organic Compounds Separations by OHLM Techniques

Organic Compounds Liquid Membrane Polymer Membrane Walls References

Rotating film module

Aromatic amines C11–C13 normal paraffins Disk with hydrophilic support [13,21,202]

Spiral-type flowing module

Ethylene=ethane Silver nitrate Duragard 2500, 2502, Mesh spacer KDN-4 [30,203]
Benzene Silver nitrate Fluoropore FP-010, Mesh spacer KDN-4 [33]

Hollow-fiber module

VOC 1-Octanol, vacuum Silicone-coated HF [204–208]
2-propanol=n-heptane Water, sulfolane Silicone-coated HF [209,212]

Layered (without polymer membrane walls) BLM module

Olefin=paraffin Silver nitrate [210,211]

Phenol Dialkylamine, trioctylamine, Cyanex 923 [23]

TABLE 13.10
Selected References on Gas Separations by OHLM Techniques

Gases Liquid Membrane Polymer Membrane Walls References

Spiral-type FLM module

CO2 (mixture with CH4) Water, Solution of K2CO3=

KHCO3, DEA
Duragard 2500, 2502 [213]

CO2 (mixture with O2, N2) Fluoropore FP-010
Spacers: KDJ-6, KDN-4

Capillary ultrafiltration membrane module

CO2 (mixture with N2) Aqueous solution of 2-(butylamino)ethanol,
2-methylamino-1-propanol (AMP)
MEA, DEA

Polyethersulfone capillary
ultrafiltration membranes

[31,113–115,214]

Hollow-fiber module

VOC Inert, nontoxic solvent, silicone oil Perfluorodimethyldioxole-
tetrafluoroethylene (PDD-TFE)
hollow fibers

[205–207,215,216]

H2S Aqueous solution of alkali carbonate,
MDEA

Hydrophobic or hydrophilic
microporous membranes

[222–224]

CO2, O2 Vacuum PDD-TFE hollow fibers [7,221,227]
SO2 from SO2, NO, CO2, O mixture Fe2þEDTA or Fe3þEDTA aqueous solution Polypropylene Celgard X-10, X-30 [217]

CO2–N2 mixtures Water, DEA Polypropylene Celgard X-10, X-30 [218–220,225,226,228–230]
CO2–CH4 mixture
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13.4.6 FERMENTATION OR ENZYMATIC CONVERSION-RECOVERY-SEPARATION (BIOREACTORS)

The OHLM systems, integrating reaction, separation, and concentration functions in one equipment (bioreactor), find a
great interest of researchers in the last few years. A bioreactor combines the use of specific biocatalyst for the desired
chemical reactions, and repeatedly or continuously application of it under very specific conditions. Such techniques were
termed as hybrid membrane reactors. In biotechnology and pharmacology, these applications are termed as hybrid membrane
bioreactors or simply bioreactors (see Table 13.11). Experimental setup of the bioreactor system is shown schematically in
Figure 13.17.

13.4.7 ANALYTICAL APPLICATIONS

OHLM techniques were used in analytical methods for separation and preconcentration of metals [252–254], organic acids
[255,256], and organic and pharmaceutical compounds [257–261]. Preparation of the samples for analytical purposes seems to
be one of the perspective directions in application of the OHLM processes.

Gear pump

Dl water-tank

Vacuum
pump

Membrane-absorption
module

Inlet
sampling

Condenser

Outlet
sampling

Membrane-degasification
module

Gas cylinder

FIGURE 13.16 Experimental setup; gas absorption and subsequent degasification using membrane modules. (From Bhaumik, D.,
Majumdar, S., Fan, O., and Sirkar, K.K., J. Mem. Sci., 235, 31, 2004. With permission.)

TABLE 13.11
Selected References on Reactor Conversion-Separations by OHLM Techniques

Solutions Treated Solutes Treated Liquid Membrane Polymer Membrane Walls References

Wastewater treatment Reviews Enzymes, fermentors,

biocatalysts, catalysts

UF membranes [231–234]

Metals, hydrogen
Anions

UF flat sheet (spiral bound),
HF, and capillary membrane

[235–237]
[238–242]

Organic compounds [243–245]

Enzymatic conversion Organic compounds, hydrolysis Catalysts UF flat sheet (spiral bound),
HF, and capillary membrane

[246–250]

Electrokinetic conversion Lactic acid Fermentors Ultrafiltration HF membranes [251]
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13.5 CONCLUDING REMARKS

In comparison with LLX, SLM, and ELM, the OHLM has the potential of providing many economic and operational
advantages such as low-carrier losses, long membrane lifetime, ‘‘once through’’ continuous operation, compact equipment,
application of different driving forces (chemical potential, pressure, temperature gradients between different compartments,
electric field, etc.), no need of surface formation, impregnation, gravity gradients, high membrane capacity, etc. Commercially
available membrane modules and equipment may be used in the OHLM.

Currently, only commercial application of the LM technologies is wastewater treatment (water and degasification), where
low concentration solutes are removed from large volume of effluents. Solvent extraction and ion exchange are often not
economically convenient at these cases. Due to the complexation reaction and low quantity of complexing agent-carrier
required, the OHLM technologies are suited for high recoveries of dilute solutes. LMs are used commercially in production of
ion-selective electrodes and gas sensors selective for organic vapors.

Despite promising technological performance, fewOHLM techniques have been commercialized. This fact stems frommany
economic and technical factors. The main drawbacks of the OHLM systems observed are the poisoning of the carrier by
irreversible reactions, low-diffusion rate of the large organic molecules, losses of the LM and contamination of the treated and
product aqueous solutions by the LM organic components due to the leakage, the membrane walls blinding or fouling due to the
emulsion, and gel formation on their surfaces. Long-term stability of complexing agent-carriers in the LM, stability of membrane
walls, and their long-term permeability are the problems that limit the commercialization of the OHLM technologies.

It is necessary to develop complexation chemistry and new selective carriers or to improve existing ones for improving
separation and transport properties, required to optimize the OHLM processes.

Improving and reducing the price of membrane film or hollow-fiber production will definitely speed industrial application
of the OHLM technologies, especially in gas, pharmaceutical, and bioreactor applications.

NOMENCLATURE

7-ACA 7-aminocephalosporanic
AMP 2-amino-2-methyl-1-propanol
6-APA 6-aminopenicillanic acid
Cyanex 302 di-(2,4,4-trimethyl-pentyl) monothiophosphinic acid, a product of CYTEX Canada Inc.

(nowadays Cognis)
Cyanex 471x or TIBPS triisobutylphosphine sulfide
DB18C6 dibenzo-18-crown-6
DEA diethanolamine
DEHPA di-(2-ethylhexyl) phosphate
DMCCA dimethyl(cyclopropane)carboxylic acid
EHPNA 2-ethylhexyl phosphonic acid, mono-2-ethylhexyl ester (PC-88A), Daihachi Chemical

Industry Co., Ltd. Japan
Hostarex A 327 n-octyl(n-decyl)amine
MDEA methyl-di-ethanol-amine
MEA monoethanolamine

Nitrogen
supply

Sample
collection

Water bath 40�C

Reservoir
for buffer

Reaction cell

Power
supply

Personal
computer

Balance

Membrane

Stirrer

FIGURE 13.17 Schematic flow diagram of the integrated membrane reactor system. (From Gan, Q., Allen, S.J., and Taylor, G., Biochem.
Eng. J., 12, 223, 2002. With permission.)
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MEHPA (2-ethylhexyl) phosphate (C8H19O4P), containing 45% of mono-(2-ethylhexyl) phosphate on molar
basis

MAs mandelic acids
PAA phenylacetic acid
PABA p-aminobenzoic acid
Star-shaped polymer [CH3O(CH2CH2O)n]x-[DGEEG]-[(CH2CH2O)mP(O)(ONa)2]x, (MPOE-[DGEEG]-POEP),

(DGEEG is ethylene glycol diglycidyl ether)
PPOPP poly[poly(oxypropylene) phosphate]s, (Mn¼ 5,800, 8,100, 10,400), with different POP units

(400, 1,200, 2,000)
PEG 4000 and 6000 poly(ethylene glycol)
PPG, PPO poly(propylene glycol)
MPOEP methoxy-poly(oxyethylene) phosphate (1)
POEBP poly(oxyethylene) bisphosphate 2, poly(oxyethylene) bis(di-Me phosphate), 3
POEBMP poly(oxyethylene) Me ether phosphate
POEP poly(oxyethylene) phosphate
PEGP poly(ethylene glycol) phosphate
TBP tri-n-butylphosphate
THP tri-hexylphosphate
TOA tri-n-octylamine
TOMAC tri-(octylmethyl) ammonium chloride
TOPO tri-n-octylphosphinic oxide
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14.1 MEMBRANE TECHNOLOGIES

Filtration- and membrane-based separation operations are used in the manufacture of many pharmaceutical products. These
operations range, for example, from the clarification of fermentation broths used in the production of antibiotics, to virus
clearance for plasma-derived protein therapeutics, to sterile filtration of heat-labile products, and beyond. Innovations in
membrane materials and module design allow membranes to be used in an increasingly wider range of manufacturing steps.
This chapter describes different membrane technologies and their applications during the manufacture of pharmaceutical
products such as antibiotics, plasma-derived proteins, active pharmaceutical ingredients, and parenterals (small and large
volume).

Membranes are selective barriers that allow for the transmission of certain feed components while retaining other
components. The mechanism behind the selectivity is generally the size of the component—particles or molecules larger
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than the membrane pores are retained while the smaller ones pass through. Membrane operations cover a broad range of
pore sizes. Microfiltration (MF) membranes have pore sizes ranging from 0.1 to 5 mm, and are used for the separation
of particles from dissolved species. Ultrafiltration (UF) membranes have pore sizes ranging from 1 to 100 nm, and are used in
applications where the retention of large molecules such as proteins is important. Reverse osmosis (RO) membranes retain
practically all solutes other than the solvent. Nanofiltration (NF) membranes have pores, which are between RO and UF. Pore
size is used to characterize the retentive properties of MF membranes, while the size of the molecules that would be retained
by the membrane, sometimes called nominal molecular weight cutoff (MWCO), is used to characterize UF, NF, and RO
membranes.

Membrane operations are conducted either in a direct flow filtration (also called dead end) mode or in a tangential flow
filtration (TFF) mode. Direct flow filtration is simple and easy to implement but has limited capacity for applications with high-
solid mass. TFF is capable of processing large-solid masses but is more complex and capital intensive.

14.1.1 DIRECT FLOW FILTRATION

14.1.1.1 General Principles

In the pharmaceutical industry, most of the critical membrane filtration operations, such as sterile and virus filtration, are
performed in the direct flow filtration mode where a feed solution passes directly through a membrane. As the solution passes
through the membrane, particles are retained by size exclusion or adsorption. Direct flow filtration can be operated under
constant flow or constant pressure modes.

The performance of direct flow filters can be characterized in terms of three parameters: flux, throughput, and retention.
Flux is the filtration flow rate per unit area and follows D’Arcy’s law [1]. It is proportional to the pressure driving force and
inversely proportional to the hydraulic resistance of the porous media and the viscosity of the solution.

Throughput characterizes how much filtration can be conducted before the operation needs to be stopped due to fouling.
As the membrane fouls there is a decrease in the flux or an increase in transmembrane pressure (TMP) depending on the
operation mode, and the operation is stopped when either the flux is too low or the TMP is too high. The amount of filtrate that
is processed per unit membrane area is called throughput.

Filter plugging can be caused by different dynamics [2–4]. Particles that are larger than the largest membrane pore are
retained on the surface and form a cake. Particles of similar size to the size of the pores can completely block pores and reduce
the effective surface area of the membrane. Particles that are smaller adsorb to the internal surface of the pores, reducing their
effective diameter and increasing the hydraulic resistance of the media. In an actual filtration operation all these dynamics can
work together in fouling the membrane [5]. The amount and type of fouling is strongly dependent on solution properties
and operating parameters. The composition, particle size distribution, temperature, pH, and ionic strength of the feed solution
can play an important role on the rate of fouling. Operating parameters such as the mode of the filtration operation, i.e., constant
flow or constant pressure, and the selected pressure or flow rate are important as well.

Retention is a function of the pore size distribution of the membrane, solution properties, and operating conditions. For
critical applications such as sterile or virus filtration, retention should be tested with the actual solution under different operating
conditions. Typically, membrane filters are tested for integrity before use to ensure the required retention is obtained during
operation. Integrity tests are based on bubble point or diffusion [6].

Direct flow filters are available typically in cartridge format, such as 10–40 in. (25–100 cm) lengths. Cartridges contain
membranes that are pleated to provide the maximum amount of surface area within a single cartridge. Direct flow filters are also
available as self-contained disposable capsules that do not require the use of housings. The ease of use associated with capsules
has increased their use.

There are several categories of direct flow filtration; however, this chapter covers the three major ones—sterile filtration,
virus filtration, and membrane adsorbers—as well as depth filtration.

14.1.1.2 Sterile Filtration

Sterile filtration is used in the biopharmaceutical industry to sterilize heat-labile products and to keep the bioburden low by
filtering process intermediates and buffers. A sterilizing grade filter is defined as a filter that will produce a sterile filtrate when
challenged with 107 colony-forming units of Brevundimonas diminuta [7]. The membranes used for sterile filtration can be
based on various polymers such as nylon, PVDF, PES, and polypropylene. They can also have different structures such as
isotropic or asymmetric. Asymmetric membranes have a graded pore structure that provides for high permeability while
maintaining the required mechanical strength. These structures can also result in higher throughput due to particles being
retained throughout the depth of the filter.

For sterile filtration, filterability and validation experiments are typically conducted at the laboratory scale to determine the
size of the large-scale system and verify the absolute retention of bacteria with the actual process solution and operating
conditions.
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In a typical application, the filters are sterilized by autoclaving or steaming in place and flushed with water for injection or
buffer before filtering the actual process solution. A postuse integrity test is performed after the product solution has been
filtered to ensure that the required retention performance was obtained during the filtration process.

14.1.1.3 Virus Filtration

Virus filtration allows for the transmission of the product molecule while retaining virus particles. The extent of virus removal
depends on both the pore size distribution of the membrane and the size of the virus. As viruses differ in size, virus filters have
been developed accordingly with different pore size ratings. Large virus filters are designed to remove larger viruses typically
having lipid envelopes such as retroviruses. They have been labeled as 50 or 70 nm filters. Small virus filters target non-
enveloped viruses such as human parvovirus B19 or Hepatitis A virus. They are typically rated as 20 or 15 nm.

Virus filtration membranes are made of various polymers such as hydrophilized PVDF, hydrophilized PES, and cellulose.
They are available in pleated cartridge and hollow-fiber formats. At present almost all virus filtration applications are performed
in the direct filtration mode.

14.1.1.4 Membrane Adsorbers

Membrane adsorbers are made of microfiltration membranes with modified surfaces to attach an appropriate ligand such as ion
exchange, affinity, and hydrophobic interaction [8,9]. They are not limited by the mass-transfer resistance associated with
conventional chromatography, where large molecules need to diffuse within pores to reach the binding site and adsorb. The
slow rate of diffusion within the pores limits the flow rates that can be used in standard chromatography. In membrane
chromatography, the separation media has large convective pores that allow for the fast transport of the solute to the binding
sites. This results in high-binding capacities at high-flow rates, enabling membrane adsorbers to be operated at high
throughputs.

Membrane adsorbers are mostly used in flow-through applications where the contaminants bind to the membrane while the
product molecule flows through. In applications where the product molecule is large, membrane chromatography presents
significant advantages over beads in the bind–elute mode because the large size of these molecules results in low-binding
capacities for beads. Membrane adsorbers with different base membranes such as 0.8 mm hydrophilic PES or 3 mm cross-linked
cellulose are available.

14.1.1.5 Depth Filtration

A major alternative to direct flow membrane filtration is depth filtration, in which particles are removed throughout the filtration
matrix rather than just at the membrane surface, by various mechanisms such as size exclusion, electrostatic, and hydrophobic
interactions. Depth filters are typically composed of a bed of cellulose or polypropylene fibers together with an inorganic filter
aid such as diatomaceous earth and a binder to form a filter sheet. The filter aid imparts the matrix very high surface areas and
plays an important role in increasing both retention and the capacity. Depth filters can also have an electrostatic charge usually
associated with the binder polymer.

14.1.2 TANGENTIAL FLOW FILTRATION

14.1.2.1 Fundamentals

Direct flow filtration has certain limitations. The flux (filtration flow rate per unit membrane area) decreases over time as the
process continues because the filtering media is loaded with more contaminant particles, as illustrated in Figure 14.1. Moreover,
when the concentration of the contaminant in the feed stream is high, the filtering media must be replaced very frequently,
which can be economically impractical. Also when the contaminant matter to be separated is small in size, requiring
ultrafiltration or reverse osmosis membranes with much smaller pores, then direct filtration is less feasible as the flux declines
very rapidly over time, again requiring frequent filter replacement.

Tangential flow filtration technology, also known as crossflow filtration, overcomes these direct flow filtration limitations.
TFF is a continuous process in which the feed stream flows parallel (tangential) to the membrane filtration surface, generating
two ongoing streams. A part of the feed stream, which gets separated by passing through the membrane is called permeate or
filtrate. The remaining portion of the feed stream, called retentate or concentrate, contains the components retained by the
membrane [10].

TFF membranes can be cleaned or regenerated using chemicals (sodium hydroxide, acid, sodium hypochlorite, etc.) and
mechanical methods (backwash, backpulse, reverse flow, etc.). Regenerated membranes can be used repeatedly, with effective
lifetimes ranging from months to years. TFF module configurations and operating modes differ from direct filtration. Table 14.1
shows how TFF products are categorized according to membrane pore size or rating, membrane material, compatibility, shear
generating method, etc. As a quick rule of thumb, TFF can be the optimal processing choice for those pharmaceutical
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applications where (1) concentration of retained components is too high for direct flow; (2) concentrated material (retained by
membrane) is a desired end product; and (3) diafiltration is required for desalting or buffer exchange or increased recovery.

14.1.2.2 Effect of Polarization on Flux

During TFF, species retained by the membrane form a concentrated boundary layer, called concentration polarization layer, on
the surface of the membrane that creates a resistance to the filtrate flow and reduces flux [11]. The effect of polarization is a
flux—usually called limiting flux—that does not change with TMP above a critical pressure as shown in Figure 14.2.

14.1.2.3 Processing Modes

TFF is widely applied in biopharmaceutical downstream processes including concentration, clarification, fractionation, and
diafiltration.

1. Concentration is probably the most frequently used crossflow processing mode, in which molecules smaller than the
membrane pore size rating pass through the membrane as permeate, with a net effect of increasing the concentration of
retained components in the feed stream. During a concentration run, the flux decreases with increasing bulk
concentration as illustrated in Figure 14.3. Typically, a pharmaceutical feed stream that starts out with a protein
content of 1% can be concentrated up to 20% or more.

2. Clarification is another crossflow processing mode, often used as a preliminary step before the concentration
operation, in those cases where the feed stream contains excess suspended solids or unwanted microorganisms,
usually employing microfiltration membranes.
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FIGURE 14.1 Direct flow and crossflow.

TABLE 14.1
TFF Product Categories

Rating MF=UF=NF=RO

Membrane material Polymeric (PES, PS, R-CA, PVDF, etc.),
inorganic (ceramic, stainless steel)

Configuration Flat sheet (cassette, P&F, spiral), hollow

fiber, tubular, monolith
Operating feature Backwashable, backpulsable, steamable, autoclavable
Shear generation Pump, mechanical

Pressure generation Pressurize feed, vacuum filtrate
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3. Fractionation commonly refers to a process when both the concentrate and the permeate are valuable end products in
their own right. The filtration of conjugated vaccine to separate oligosaccharides is a good example of fractionation by
TFF in the biopharmaceutical industry.

4. Diafiltration (DF) is conducted by adding fresh solvent or buffer to the feed tank. The removal of salt from a feed
solution by diafiltration is illustrated in Figure 14.4. There are several possible diafiltration modes depending upon
system configuration and DF solvent=buffer flow direction, but continuous DF (also called constant volume diafiltra-
tion) mode is very typical and most often used.

14.1.2.4 Membrane Module Configuration

Crossflow filtration membranes can be produced in flat sheet, hollow fiber, tubular formats when using polymeric materials, and
in monolith and tubular configurations when using inorganic membrane materials. Table 14.2 summarizes the various module
configurations.

Cassette: Cassette products are widely used in the biopharmaceutical industry and specifically dominate the protein concen-
tration purification market due to their compactness, which provides excellent product recovery capability. Cassette modules
contain presealed flat sheet membranes separated by feed and filtrate spacers. This is an improved design compared to earlier
‘‘plate and frame’’ configurations, making installation and replacement much easier and more reliable for the end user (shown in
Figure 14.5).

Cassettes use a short feed channel path length to reduce the feed channel pressure drop. Flat sheet membranes used in
cassettes allow for a wide ranging selection of MWCO in UF membranes, as well as various micrometer ratings in MF
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FIGURE 14.4 Salt reduction by diafiltration.

TABLE 14.2
Membrane=Module Configuration

Membrane Module Feature Major Application

Flat sheet Cassette Compact, high product recovery Biotechnology, biopharmaceutical
Spiral wound Inexpensive Food and beverage, industrial
Plate and frame Open channel Food and beverage, industrial

Hollow fiber Hollow fiber No spacer, easy to replace Biotechnology, biopharmaceutical,

pharmaceutical water, makeup water
Tubular Tubular High solids Food and beverage, industrial

FIGURE 14.5 Cassette modules used in biotechnology applications.

Microza is a tradename of Asahi Kasei Corporation

Housing

Hollow-fiber membrane
Bonded
section

FIGURE 14.6 Configuration of Microza hollow-fiber module.
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membranes. This broad selection is critical for the successful processing of different protein sizes required in the pharmaceut-
ical industry.

Hollow Fiber: Hollow-fibers are open channel products; however, due to their small fiber diameters, they do not require the
high-energy consumption of tubular membrane products. Hollow fibers are self-supported; they do not require additional
support substrates like flat sheet membranes do. Figure 14.6 shows a schematic of a hollow-fiber module.

Hollow fibers can be steamed, autoclaved, and are easy to replace, making them a frequent choice for continuous
fermentation applications. They are frequently used for clarifying fermentation broths. Hollow fibers, typically with a
6000 Da MWCO, are also used in producing pharmaceutical grade (WFI) water.

Ceramics: Ceramic membranes are manufactured by processes, which are completely different from polymeric membranes.
Polymeric membranes are typically formed by the phase inversion process where the polymer dissolved in solvent
precipitates upon exposure to nonsolvent. In contrast, ceramic membranes consist of ceramic particles that have been sintered
at very high temperatures into one solid shape. It is the gaps or voids between the solid-state ceramic particles that determine
the membrane pore size (Figure 14.7).

Ceramic membranes are cast within feed channels, contained in support structures that are then inserted in housings. To
reduce energy=flow requirements, up to two to four membrane housings can be connected in series.

Ceramic membranes are robust, easy to clean, and are available with large diameter feed channels, making them a strong
technology for clarifying fermentation broths.

Spiral Wound: Spiral-wound membrane products are similar to cassettes since they combine flat sheet membranes and
feed=permeate spacers, but the flat sheet membrane and the spacer pack are rolled or wound into a spiral form. Spiral-
wound modules have much longer feed path lengths than cassettes.

Vibrating Membrane: The previously described TFF products require a pump to produce crossflow along the membrane surface
to generate the shear rate necessary to reduce polarization and fouling. In contrast, in this configuration the membrane vibrates
creating shear at its surface. This vibrating membrane arrangement, suitable for high concentration and viscosity processing, is
used in antibiotics and enzyme applications.

14.2 MEMBRANE APPLICATIONS

14.2.1 PLASMA FRACTIONATION

Human plasma provides the starting material for a large number of proteins (700 or more) that are of therapeutic relevance.
These include albumin, immunoglobulins, blood clotting factors such as Factor VIII and Factor IX, and protease inhibitors.
Under physiological conditions, plasma proteins have a broad range of concentrations, from 40 g=L for albumin to less than
1 mg=mL for some clotting factors, and molecular weights (MWs). Some of the important plasma derivatives, their thera-
peutic use, and concentrations in the plasma are listed in Table 14.3.

The first purification process for plasma-derived products was specifically developed for the supply of albumin by Edwin
Cohn during World War II. This process was based on a cold ethanol fractionation relying on the solubility of proteins
changing as a function of ethanol concentration, pH, temperature, ionic strength, and protein concentration [12]. During
fractionation, the ethanol concentration is raised from 0% to 40% and the pH decreased from neutral to 4.8 through different
stages of sequential differential precipitation. A block diagram depicting the stages of Cohn fractionation is shown in
Figure 14.8.

Membrane
layer and

sublayer(s)

Support
structure

FIGURE 14.7 Structure of ceramic membrane.
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TABLE 14.3
Molecular Weights and Plasma Concentrations of Some Important
Plasma Proteins

Protein
Molecular
Weight (Da)

Concentration in
Plasma (mg=L) Indication

Albumin 66,000 40,000 Volume replacement

Immunoglobulin G 160,000 12,500 Replacement therapy
in immune deficiency

Von Willebrand factor 220,000 10 Von Willebrand’s disease

Factor VIII 330,000 0.3 Hemophilia A
Factor II 72,000 150 Factor II deficiency
Factor VII 50,000 0.5 Factor VII deficiency
Factor IX 57,000 5 Hemophilia B

Factor X 59,000 10 Factor X deficiency
a-1-Protease inhibitor 54,000 1,500 Hereditary emphysema

Plasma

Ethanol  8%
Temperature −3°C
pH 7.2

Ethanol 18%

Ethanol 40%

Ethanol 25%
Temperature −5°C

Temperature −5°C

Temperature −5°C

pH  6.9

pH  5.2

pH  5.2

Cryoprecipitate Cryosupernatant

Factor VIII

Prothrombin complex

Fraction I Filtrate I

Fraction II + III Filtrate II + IIIImmunoglobulins 

Fraction IV Filtrate IV α1-Protease inhibitor

Fraction V Filtrate VAlbumin 

FIGURE 14.8 Cohn fractionation process (simplified illustration).
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14.2.1.1 Factor VIII

Factor VIII is a high-molecular-weight protein (approximately 330 kDa) that is involved in blood coagulation cascades. The most
important impurities that need to be removed during its purification process are fibrinogen and prothrombin complex (composed
of Factors II, VII, IX, and X). The starting point for Factor VIII purification in most production processes is the cryoprecipitate
that forms upon thawing frozen plasma at temperatures between 08C and 48C. Typically the cryoprecipitate is harvested by
centrifugation, suspended in appropriate buffer, and filtered for the removal of fines. In addition, steps such as precipitation and
chromatography are used to remove impurities. Virus inactivation=removal is obtained through multiple operations such as
solvent=detergent treatment, dry heat treatment, and filtration. Ultrafiltration and diafiltration are performed at the downstream
end of the process to concentrate Factor VIII to levels required for the final formulation, remove small-molecular-weight
contaminants, and to obtain the desired buffer formulation. Sterile filtration is generally the last step before lyophilization. One
of the important challenges in Factor VIII purification is the stability of the protein—it can lose its activity and precipitate easily.

14.2.1.2 Immunoglobulins

IgG is a 160 kDa protein that is administered intravenously or intramuscularly. The concentration of IgG for most intravenous
formulations is 10% while it can go up to 18% for intramuscular formulations. The source material for IgG in most production
processes is Cohn fraction IIþ III [13,14]. The paste is generally collected by centrifugation and suspended in water for
injection. The solution is then clarified through depth filtration and purified by a series of precipitation steps where ethanol,
caprylic acid or PEG are used as precipitating agents. Virus inactivation=removal is conducted through solvent=detergent
treatment, heat treatment, and membrane filtration. One or more ion-exchange chromatography steps are used to further remove
protein impurities and reagents used during solvent=detergent treatment. Ultrafiltration is used to remove precipitating agents
and virus-inactivating reagents and to concentrate IgG to the levels desired for the final formulation. The last step in the
purification process is sterile filtration.

14.2.1.3 Albumin

Albumin is a single-chain protein of 66 kDa molecular weight. It is supplied in concentrations of 5%, 20%, and 25%. The
starting material for a typical production process is fraction V [15]. The paste is suspended in water and further purified through
precipitation with ethanol. Depth filtration is performed to clarify the supernatant resulting from the precipitation steps. The
purity of albumin is increased through polishing ion-exchange chromatography step. Ultrafiltration is used to concentrate
albumin, remove ethanol, and provide the final formulation. The last step of the purification process is sterile filtration.

14.2.1.4 a-1-Protease Inhibitor

a-1-Protease inhibitor is a 52 kDa protein that protects lungs against proteolytic damage caused by elastase. The source for a-1-
protease inhibitor is Cohn fraction IV-1 [16]. The paste is dissolved in appropriate buffer and subjected to precipitation and
chromatography operations for purification. Virus inactivation is provided by solvent=detergent and heat treatments. Ultrafil-
tration and diafiltration are performed in between chromatography steps to obtain the buffer environment necessary for the
subsequent chromatography step. The last step of the purification process is sterile filtration.

14.2.1.5 Prothrombin Complex

Prothrombin complex is the combination of Factors II, VII, IX, and X. It is indicated for individuals with hemophilia B. In a
typical production process, the supernatant resulting from the separation of cryoprecipitate is filtered to remove particles and
applied to an anion-exchange column. The coagulation factors are eluted, ultrafiltered, and exposed to 608C for 10 h for virus
inactivation. This is followed by diafiltration, ultrafiltration, and sterile filtration.

14.2.1.6 Membrane Operations during Plasma Fractionation

Filtration plays an essential role during plasma fractionation. Practically all plasma derivatives are processed with sterile
filtration at the end of the purification train. Virus filtration is becoming a very important part of viral safety management and it
is being incorporated to most processes. Ultrafiltration and diafiltration are used in all processes to remove reagents such as
ethanol and salt, concentrate the protein to the desired level, and exchange the buffer to the appropriate conditions before a
chromatography operation. Finally, each precipitation step is accompanied with clarification filtration to remove residual
precipitates. Below is a more detailed discussion of the various filtration operations.

14.2.1.6.1 Sterile Filtration
Sterile filtration during the production of plasma derivatives is performed to sterilize product intermediates, final product,
and buffers. Typically filtration fluxes of 200–1000 Lmh are obtained depending on the solution. Typical operating pressures
are within the range of 5–20 psi. In cases of solutions with high protein concentrations or containing aggregates, sterile filtration

Pabby et al./Handbook of Membrane Separations 9549_C014 Final Proof page 417 13.5.2008 1:18pm Compositor Name: BMani

Advancements in Membrane Processes for Pharmaceutical Applications 417



can be challenging. For example for IgG and albumin processing where the concentration of the proteins is high (up to 25% for
albumin and to 12% for IgG) and the processing temperatures are low, the solutions can be viscous and difficult to filter.
Generally, immunoglobulins and Factor VIII are slower to filter than albumin [17].

The presence of colloids in the solutions necessitates pre-filtration to increase the capacity of sterile filters. Usually a filter
train of increasingly tighter filters such as 1, 0.45, and 0.22 mm (or 0.65, 0.45, and 0.22 mm) is used to limit clogging. The
sequence of filters and their surface areas in the filter train should be optimized by experiments. In certain cases, depth filters are
used to protect sterile filters.

Some large proteins such as fibrinogen or Factor VIII can demonstrate retention by the sterilizing grade filters. The effect of
solution properties such as pH, ionic strength, temperature, and operation parameters such as TMP on retention should be
understood to minimize the loss of the product protein.

Sterilizing grade filters are available from various suppliers such as Pall Corporation (East Hills, New York), Sartorius AG
(Göttingen, Germany), and Millipore Corporation (Billerica, Massachusetts). A typical filtration operation consists of the
sterilization of the filters by autoclaving or SIP, flushing the filter with WFI, preuse integrity testing, buffer conditioning,
filtering the protein solution, and postuse integrity testing. The filtration of the solution is usually conducted under constant
TMP of 5–20 psi. TMP can be increased as the filtration rates decline due to fouling.

14.2.1.6.2 Clarification=Prefiltration
Depth filters are typically used to clarify the paste suspended in WFI or the supernatant from the precipitation step. In many
cases, the filtrate from the depth filter is further clarified with a 0.45 mm membrane.

The capacity of expensive sterile and virus filters is usually increased through prefiltration. Typically 0.1 mm-rated
membranes are used for prefiltration before virus filtration. Sterile filters are protected by depth filters or 0.45 mm membranes.
Some virus inactivation operations such as solvent detergent exposure also require prefiltration for the removal of particulates
that can shield viruses from the inactivating effects of solvent detergent agents.

14.2.1.6.3 Virus Filtration
Virus filtration is one of the critical steps in the production of plasma derivatives as outbreaks of hepatitis A, hepatitis C, and
HIV in hemophiliac populations have underlined the importance of virus inactivation=clearance during these processes [18].
The concerns about the safety of plasma derivatives are managed by a multilayer approach. As a first step, donors are screened
through blood tests, interviews, and review of their medical history. In addition to that the collected plasma is tested for
infectious agents, and manufacturing processes have multiple virus inactivation=removal steps with sufficient viral clearance. It
is recommended that production processes have at least two virus removal=inactivation steps complementary in their mode of
actions. Viral inactivation methods that are commonly used are precipitation, solvent=detergent treatment, pasteurization at
608C for 10 h, caprylate treatment, and low-pH treatment. Among these methods, solvent=detergent, low-pH, and caprylate
treatments are not effective against nonenveloped viruses.

Viruses that contaminate human plasma range from 20 to 200 nm in size, with a majority containing lipid envelopes and a
few, such as HAV and B19, being nonenveloped. The difficulties associated with the inactivation of nonenveloped viruses with
methods such as solvent=detergent or low-pH exposure makes the clearance of such viruses with filtration important. Virus filters
with mean pore sizes of 20 or 15 nm are used for such applications. While this type of filtration is relatively easy for cases where
the product protein is small, such as Factor IX, when the size of the product protein is large, the process becomes much more
difficult due to the relatively small size difference between the virus and the protein. In these cases the filtration conditions need to
be optimized to obtain acceptable viral clearances without compromising from the protein yield. Virus filtration for Factor VIII
has mostly been conducted with 35 or 50 nm filters because of the large size of Factor VIII. Certain manufacturers have been
successful in using smaller diameter filters without losing significant yield, by dissociating Factor VIII from Von Willebrand
Factor. In other cases, the optimization of the filtration conditions has resulted in the acceptable use of 20 nm virus filters for
processing Factor VIII [19]. Virus filtration for IgG products has in general been conducted with 35 to 50 nm filters. There have
recently been reports of success with the use of 15–18 nm filters for processing IgG [20].

Virus filtration operations typically need prefiltration due to the presence of aggregates that shorten the capacity of the filter.
Prefilters with pore sizes of 0.1 mm or 75 nm have been used. In certain cases, the fouling of the filter and the accompanying
flux decline result in the degradation of viral retention.

Virus filters are available from various suppliers such as Pall Corporation (East Hills, New York), Sartorius AG (Göttingen,
Germany), Asahi Kasei Pharma Corporation (Tokyo, Japan), and Millipore Corporation (Billerica, Massachusetts). A typical
virus filtration operation consists of sanitizing or sterilizing the filter, flushing the filter withWFI, preuse integrity testing, filtering
the solution, and postuse integrity testing. In most applications the filtration is conducted in the constant TMP mode, at a typical
TMP of 10–30 psi. Typical fluxes are in the range of 10–50 L m h.

14.2.1.6.4 Ultrafiltration
Ultrafiltration is conducted to remove precipitating agents such as ethanol, PEG, and caprylic acid through diafiltration and to
concentrate the protein to the desired level. It has replaced lyophilization for ethanol removal from albumin and immuno-
globulins and size exclusion chromatography for buffer exchange.
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The processing of plasma derivatives with ultrafiltration is usually conducted in cold rooms. For albumin processing,
cassettes and spirals with 10 kDa polysulfone and polyethersulfone membranes have been used to remove the 40% ethanol
as quickly as possible and for concentrating the protein to the final concentration of 25%. Typically, 4–5 diafiltration
volumes are used to remove ethanol. For high concentration HSA formulations (25%), the protein is first concentrated
to 12%, diafiltration conducted under constant volume conditions at that concentration and the protein subsequently concen-
trated to 25% [21,22]. Typical fluxes for albumin range between 50 and 100 Lmh with operating TMPs ranging between 30 and
50 psi.

Typically 30 or 50 kDa membranes are used for concentrating and diafiltering immunoglobulins. Diafiltration is generally
conducted at IgG concentrations of 7%–8%. Typical fluxes are 25–70 L m h with typical operating TMPs ranging between
20 and 40 psi. For high concentration formulations, the viscosity of the solution increases as IgG is concentrated resulting in
high-pressure drops in the feed channel. The user may need to reduce the crossflow rate to keep the pressure drop within
specifications. The formation of IgG aggregates during the ultrafiltration operation needs to be minimized by determining
the effect of operating and solution conditions on aggregate formation [23].

The processing of Factor VIII is usually conducted under low crossflow rates to avoid any loss in activity.
Ultrafiltration modules are available from various suppliers such as Pall Corporation (East Hills, New York), Sartorius AG

(Göttingen, Germany), GE Healthcare (Buckinghamshire, England), and Millipore Corporation (Billerica, Massachusetts).
A typical operation consists of WFI flush, water permeability testing, integrity testing, buffer conditioning, protein processing,
buffer flush, water permeability testing, and cleaning.

14.2.2 ENZYMES AND ANTIBIOTICS

Today, many therapeutics including antibiotics, pharmaceutical enzymes, vaccines, and recombinant proteins are produced
through fermentation or cell culture. Table 14.4 lists examples for some of these pharmaceuticals. While the use of fermentation
can be traced back over 1000 years, it was following the discovery of penicillin in 1928 and its mass production by
fermentation in the 1940s, that a wide range of antibiotics and other pharmaceuticals have come to be produced using large-
scale fermentation processes [24]. Today, cephalosporin and penicillin V and G are among the antibiotics with the largest scale
production. For some of the so-called semisynthetic antibiotics, fermentation is used to produce an intermediate product, which
is then subjected to chemical reactions to produce the final product. Penicillin G and V (especially G) are more likely to be used
as a raw material to produce an intermediate product such as 6-APA and 7-ADCA rather than as a final product. 6-APA is made
by enzyme modification using penicillin acylase. The intermediate products are then converted to final products such as
amoxicillin, ampicillin, and carbenicillin. Fermentation, plus a synthetic modification method, is also used in the manufacture
of semisynthetic cephalosporin products.

Enzymes are typically produced using fermentation. They cover a wide variety of applications (see Table 14.5) including
their use in the production of antibiotics (as noted above with the use of penicillin acylases to produce 6-APA from penicillin).

Pharmaceutical production processes based on fermentation can be separated into two segments. Upstream processing
consists of all the operations that are involved in producing the desired amount of target molecule in fermenters. Downstream
processing encompasses all the separation and purification operations that are needed to obtain the required purity for the target
molecule. In general, upstream processing consists of media preparation, and fermentation; while downstream processing
includes cell separation, clarification, primary isolation, purification, depyrogenation, and final isolation. The objectives and
technologies that are used are summarized in Figure 14.9 (although the exact steps will vary for each specific product). We
provide more detail on upstream and downstream processing in the sections that follow.

TABLE 14.4
Pharmaceutical Products by Fermentation and Cell Culture

Antibiotics Penicillin, erythromycin, cephalosporin, streptomycin,
vancomycin, bacitracin, etc.

Enzymes Amylase, protease, penicillinase, asparaginase, etc.

Recombinant proteins TPA, protein A, hemoglobin, BMP, human growth hormone,
IL2, antibodies

Vaccines Influenza, hepatitis, DPT, cholera, Streptococcus pneumonia

Vitamins B2 (riboflavin), B6, B12 (cyanocobalamin),
C (L-ascorbic acid),
b-carotene (provitamin A)

Steroids hormones Cortisone, cortisol, prednisone

Nucleic acids ATP, IMP, GMP, cAMP, adenine, inosine, etc.

Pabby et al./Handbook of Membrane Separations 9549_C014 Final Proof page 419 13.5.2008 1:18pm Compositor Name: BMani

Advancements in Membrane Processes for Pharmaceutical Applications 419



TABLE 14.5
Enzymes for Pharmaceutical Application

Enzyme Producing Organism Application

Amylase Aspergillus, Rhizopus (mold), Bacillus subtilis (bacteria) Digestive agent
Asparaginase Escherichia coli, Serratia marcescens Leukemia
Lactase Saccharomyces fragilis (yeast) Digestive agent
Lipase Aspergillus niger Digestive agent

Penicillinase Bacillus cereus, B. subtilis Benzylpenicilloic acid production
Penicillin acylase E. coli, Kluyvera citrophila 6-APA production
Protease Bacillus subtilis, Clostridium,

Lactobacillus (bacteria),
Streptomyces griseus (mold)

Digestive agent, blood clotting effect

Urokinase E. coli, animal cell Thrombolytic agent, plasminogen activation

Streptokinase Thrombolytic agent
Lysozyme Anti-inflammation
Elastase High-blood pressure, diabetes, arteriosclerosis

Cytochrome Improves oxygen consumption for strokes, etc.

Diagnosis

Uricase Candida utilis, E. coli Uric acid
Glucose oxidase A. niger, Penicillium chrysogenum Glucose

Cholesterol oxidase Brevibacterium sterolicum Cholesterol
Lipase A. niger Triglyceride

Sterilization of media, culture Filtration, steam 

Filtration of air (oxygen
 supply), temperature control,
 removal of products
 (perfusion)

Filtration, heat exchanger

Removal or harvest of
 microorganisms and
 suspended solids

Centrifuge, DE filtration,
 crossflow

Removal of unwanted
 proteins, bacteria,
 suspended solids

DE filtration, crossflow,
 direct flow filtration

Separation of products from
 other components

Ion exchange, solvent
 extraction, precipitation

Removal of fractional
 precipitation, color

Liquid–liquid extraction,
 precipitation, chromatography,
 activated carbon

Removal of bacteria, virus,
 and pyrogen

Crossflow 

Crystallization, spray
 drying, lyophilization 

Cell harvest
separation

Clarification

Primary
isolation

Purification

Depyrogenation

Final isolation

Preparation

Steps Objectives Technologies

Fermentation

Powdering

FIGURE 14.9 Fermentation process.
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14.2.2.1 Upstream Processing

Fermentation has been used to produce beer, wine, and other products for thousands of years. At the core of these processes lies
the conversion of one component into another by microorganisms; for example the transformation of sugar into alcohol by
yeast. For recombinant processes, the transforming microorganisms are modified using plasmids to insert gene sequences
coding for the product of interest, along with promoters, etc.

The most commonly used microorganisms for fermentation are bacteria, fungi (mold), and yeasts whereas animal
(mammalian and insect) cells and plant cells are used for cell culture (Figure 14.10). If the desired product is contained within
the microorganism, it is referred to as intracellular, if outside it is extracellular. Bacteria, which typically produce intracellular
products, are 0.2–2 mm in size and can grow to more than 109 cells=mL. Yeasts are larger (3–4 mm) and grow to concentrations
of over 108 cells=mL. They generally produce extracellular products. The generation times of bacteria, yeasts, and mammalian
cells are 20–30 min, 3–4 h, and 1 day, respectively. In the case of optimized E. coli processes, for example 1 cell=mL can grow
to 109 cells=mL after only 10 h.

Most of fermentation and cell culture operations are done in the batch mode where a volume of sterile medium in a vessel is
inoculated, the broth is fermented for a period, and the contents of the tank are removed and filtered. Semi-batch or fed-batch
modes can also be used during large-scale production processes. Continuous fermentation, where sterile medium is continu-
ously added to the fermentation system with a balancing withdrawal of broth for the extraction of the target molecule, has only
been applied to a limited number of products such as those produced with yeast. Such limited application is due to difficulties of
maintaining sterility for a long period. However, the implementation of continuous fermentation in the production of
antibiotics, amino acids, and nucleic acids is anticipated soon.

Fermentation processes need several components as starting materials: an inoculum, growth medium (carbon source such
as carbohydrates and sugars, and nitrogen source such as ammonium salts), air=gas, and water. To have a successful
fermentation, all these components have to be maintained as sterile to avoid contamination.

The culture media used in fermentation processes contains a variety of unwanted cells and spores which need to be
inactivated or removed before fermentation. The most commonly used inactivation method is heat sterilization. Most cells and
some spores can be destroyed at 608C–808C, while some heat-resistant spores such as bacterial spores require more than 1208C.
Heat-based methods, however, cannot be used when the product molecules, such as vitamins and antibiotics, are heat sensitive,
because the application of high temperatures changes their properties. In these cases, sterile filtration with membrane filters or
depth filters is used.

During aerobic fermentation, used in the majority of pharmaceutical processes, air has to be supplied as the oxygen source.
This leads to processing requirements since air contains as many as 105 particles=m3 and 104 cells=m3 of microorganisms, such
as spores and bacteria. Traditional technologies used include heat, glass-packed towers, HEPA filters, and UV. However, these
have now been replaced by much more reliable sterile filtration using 0.2 or 0.1 mm filters. Air=gas has to be filtered not only
when incoming into the fermenter but also outgoing from the fermenter to avoid any microbial contamination. In many cases,
enriched oxygen air or pure oxygen is used to increase the mass transfer of oxygen and to allow for higher cell density and
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FIGURE 14.10 Large-scale fermentation for antibiotics etc.
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productivity. Higher oxygen concentration poses a challenge when selecting the material for filter media and its components.
PTFE membranes, antioxidant components, and special configurations are used to deal with the corrosion problem as well as
the issue of fire hazards.

14.2.2.2 Downstream Processing

14.2.2.2.1 Clarification
The first step following fermentation is the separation of solids from the liquid growth media, a step generally referred to as cell
separation. More specifically, when the desired products are contained within the cells (intracellular) this step is called cell
harvesting and when the products are extracellular it is known as broth clarification. The list of antibiotics with their producer
organisms, molecular weight, and whether they are extracellular or intracellular is shown in Table 14.6.

To accomplish this separation step, centrifugation has traditionally been used and is still used for many applications.
However, centrifugation has some limitations. Most importantly, it does not achieve the required clarity and therefore, typically
leads to further downstream clarification requirements—depth filtration is the most common operation applied to centrate in
such cases.

As an alternative to centrifugation, a vibrating membrane filter is used in some applications such as yeast processes (Pichia
pastoris) and vaccine processes. Diatomaceous earth (DE) filtration is another potential alternative. Figure 14.11 illustrates DE
embedded within a filter module structure.

Ceramic membrane systems are achieving widespread application in the place of centrifuges. These systems do not require
filter aid media or a separate follow-on clarification step. Hollow-fiber crossflow modules are preferred for the separation of
mammalian cells, which require particularly gentle handling. They can also be used as disposable filters for perfusion and
vaccine processes.

When clarifying antibiotics there are some specific considerations to keep in mind; most important is whether or not the
product is intra or extracellular. Penicillin V, G, and many others are extracellular products. In such cases, the target antibiotics
are excreted into the broth. For clarification, a crossflow system with ceramic membranes or hollow fibers is therefore widely
used. The permeate (filtrate) contains the desired product. Diafiltration can also be used to improve upon the yield.

If the desired product is intracellular, cells are first concentrated and then lysed to release the product. Extraction by solvent
or pH change is used alone or in conjunction with the mechanical disruption. The resulting lysate is then clarified to remove cell
debris leaving only the clarified products. With the introduction of ceramic membrane systems, concentration, extraction, and
clarification can be done using a single system. One example of an intracellular process, i.e., vitamin B12 production (185 m3

broth) is shown in Figure 14.12.

14.2.2.2.2 Purification
The most common operations used for the purification of antibiotics and enzymes are extraction, crystallization, carbon
adsorption, chromatography, and filtration. Antibiotics pose some particular challenges because they are small and likely to be
purified using solvents. Therefore, purification is often undertaken using solvent extraction as in the case of Penicillin.
Cephalosporin uses an ion-exchange resin as the primary isolation method. Enzymes processes use similar technologies but
pose some distinct requirements because they are typically large and are produced in aqueous environments. They are therefore
more likely to be purified using precipitation, chromatography, and ultrafiltration.

TABLE 14.6
Typical Antibiotics and Organisms

Antibiotic Producer Organism
Molecular
Weight Extra or Intracellular

Bacitracin Bacillus subtilis 1391 Extracellular Intracellular

Cephalosporin Cephalosporium acremonium 415 Extracellular
Erythromycin Streptomyces erythreus 734 Extracellular
Griseofulvin Penicillium griseofulvum 353 Intracellular

Neomycin Streptomyces fradiae 322 Extracellular
Penicillin Penicillium chrysogenum 334, 350 Extracellular
Semduramycin 895 Intracellular

Streptomycin Streptomyces griseus 582 Extracellular
Tetracycline Streptomyces rimosus 444 Extracellular Intracellular
Vancomycin Streptomyces orientalis 407 Extracellular
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14.2.3 ACTIVE PHARMACEUTICAL INGREDIENTS

Most active pharmaceutical ingredients are produced by synthesis through a series of chemical reactions where different
functional groups are attached to the starting raw material. In some cases, the production involves a semisynthetic process
where the starting material originates from the extraction of a substance from a botanical or animal source or from fermentation.

FIGURE 14.11 Diatomaceous earth filtration (SURPRA disc by Pall).
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FIGURE 14.12 Clarification=extraction process for vitamin B12 production.
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The products formed after each stage of reaction are termed as intermediates. Some type of isolation operation such as
extraction, filtration, or distillation is usually conducted on the reaction mixture at each intermediate step. The final reaction
mixture goes through a series of purification operations such as precipitation, distillation, chromatography, filtration, and
crystallization where impurities are removed. These impurities can include residual-unreacted starting materials, by-products of
reactions, catalysts, residual solvents, and enantiomeric forms of a chiral drug. The last step of the process is usually
crystallization where the active product is recovered in the desired morphological form. The crystallized product is typically
recovered by filtering, washing, and drying.

Various types of reactions including halogenation, alkylation, arylation, oxidation, reduction, sulfonation, esterification,
and amination are used in the production of active pharmaceutical ingredients. These reactions typically take place at high
temperatures in stainless steel or glass reactors of various sizes ranging from 50 gal at the pilot scale to 3000 gal at the
manufacturing scale and require the use of catalysts and large volumes of solvents. As solvents are pumped from tank farms to
the reactors, they need to be filtered to remove any particulate that could interfere with the reaction. For solvents with low solid
concentrations polymeric cartridge filters are typically used.

The most important consideration in the selection of the filter is the compatibility of the filter materials of construction with
the solvent. The solvents used in pharmaceutical processes can be very aggressive. They include acetone, methanol, ethanol,
isopropyl alcohol (IPA), acetonitrile, dimethyl acetamide, dimethyl formamide (DMF), ethyl acetate, tetrahydrofuran (THF),
methyl isobutyl ketone (MIBK), and methyl ethyl ketone (MEK). Filters with PTFE membranes and polypropylene supports
are used in most applications.

Heterogeneous catalysts made of transition metals on various supports such as carbon are used in many reactions. At the
completion of the reaction, the catalyst needs to be removed from the product mixture and recycled. The recovery of the
catalysts can be conducted by centrifugal discharge or by using Nutsche-type filters. These types of filters retain large masses
of solids and have the capability of washing and drying them. The filtrate is usually filtered through a solvent compatible
cartridge to remove any fines that may still be in the liquid. The removal of homogeneous catalysts from the active
pharmaceutical ingredient is more difficult. Distillation, adsorption, and extraction have been used. Recently, solvent-resistant
nanofiltration devices have been targeted for this application. The filtrate containing the intermediate product can be further
purified by activated carbon for clarification. The use of sheets impregnated with carbon simplifies the operation over the batch
process by eliminating the carbon removal step.

The gasses going to the reactors, such as nitrogen that is used to blanket the reactor and hydrogen that is used as a reactant,
are filtered with gas filters typically made out of PTFE membranes. Since the filters can be exposed to the solvents used in the
reactors the materials used in their construction need to be compatible with the solvents.

Usually the type of solvent that is optimum for a particular reaction or purification step is different from what would be
optimum for a different step. Therefore, solvents are changed several times during the process. This exchange can be conducted
by precipitation and evaporation followed by dissolution in the new solvent. Solvent-resistant nanofiltration can also be used
for solvent exchange during the process. Typically the used solvent is purified by distillation and recycled. The product mixture
from the last reaction step is typically purified by crystallization, washing, and drying.

14.2.4 PARENTERALS

Parenteral solutions are typically administered intravenously. They are packaged as large volume parenteral (LVP) and small
volume parenteral (SVP) solutions. LVP solutions are bags or bottles containing from 100 mL to 1 L solutions. They are
usually administered for electrolyte and fluid balance disturbances, nutrition and as a vehicle to administer other drugs. The
most common examples of LVPs are sodium chloride, Ringer’s, sodium bicarbonate, dextrose, amino acids, dextrans, and other
plasma expanders. Due to the large volumes involved, LVPs should not contain bacteriostatic agents, or other additives and
excipients. SVPs are 100 mL or less and their primary use is the delivery of a medicine. They can be packaged as 50–100 mL
bags, ampules, vials, and prefilled syringes. SVPs can have antibacterial preservatives, solubilizers, antioxidants, and other
excipients.

Parenterals are prepared under a controlled environment by dissolving the drug and excipients in water for injection, and
sterilizing the bulk solution by passing it through a sterilizing grade filter, filling individual sterile containers. The air to the
production facility is filtered by HEPA filters.

The water used for preparing parenteral solutions needs to meet USP requirements for water for injection. These
requirements include bacterial endotoxins no greater than 0.25 eu=mL, total organic content less than 500 ppb, and a
conductivity of 1.3 mS=cm. Water for injection is prepared by distillation or a two-stage reverse osmosis process. A typical
process to produce water for injection consists of multimedia filtration, softener, activated carbon, 1–5 mm prefiltration, UV
treatment, two-stage reverse osmosis, mixed DI, UV, and sterile filtration.
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14.3 FUTURE TRENDS

Membrane separation applications with higher selectivity, capacity, and flow rates are driven by the need for more
economical and robust manufacturing processes providing higher purity products. In the area of virus and sterile filtration,
membrane providers are developing high capacity and high-flux membranes by the use of multilayer structures. New module
designs are packing more membrane material within the same module volume. Advances in processing are yielding
membranes with lower levels of extractables. For TFF, better fluid management technologies will result in processes more
resistant to fouling [25]. Advances in module design, membrane chemistry, and application knowledge are resulting in
membrane applications with high-purification factors [26]. Disposable TFF devices will eliminate the complexity of TFF
systems and eliminate cleaning validation. The use of membrane adsorbers will simplify the purification operations in plasma
and enzyme processing. Finally, solvent-resistant nanofiltration will make solvent exchange and catalyst recovery more
economical and robust [27].

14.4 CONCLUSION

Membranes play an ever growing essential role in the economic manufacture of a multitude of pharmaceutical products.
The membranes range from microfiltration and ultrafiltration to reverse osmosis and nanofiltration. Direct flow and crossflow
membrane systems are used not only to concentrate, clarify, and diafilter the products themselves but also to pretreat the water
needed during the manufacturing process, as well as to post-treat ensuing wastewaters. As membrane technology advances and
as materials of construction improve, the process of applying membranes in the pharmaceutical world will expand. Benefits will
include new products, lower manufacturing costs, improvements in purity, and rendering the production processes more
environmentally friendly.
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15 Membranes in Drug Delivery
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15.1 INTRODUCTION

A membrane can be defined as a sheet of solid or semisolid material, insoluble in its surrounding medium, which separates
phases that are usually (but not necessarily) fluid [ 1]. A transport system is realized when there is a passage of solute across the
membrane.

Based on mechanisms ruling mass transport, typically, membranes can be divided into two main classes: biological
and synthetic membranes. Indeed, in synthetic membranes mass transport is usually only due to a chemical potential gradient,
while in biological membranes mass transport can also be due to other special mechanisms. Facilitated diffusion implies solute
binding to a protein embedded in the biological membrane and, then, protein–solute complex permeation through the
membrane (this mechanism does not require energy as solute diffusion takes place according to the chemical potential
gradient). Important examples are represented by Hþ=organic cation antiport system and the dipeptide transporter [2]. Active
transport denotes carrier transport processes consuming energy since transport often takes place against a chemical potential
gradient. The energy required for active transport can be supplied by two different mechanisms: cotransport and ATP pump [3].
In cotransport, the target molecule associates to another compound that crosses the cellular membrane due to the existing
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concentration gradient (this is the case of glucose and aminoacids that associate to Naþ crossing the cellular membrane
according to the concentration gradient). Instead, in the ATP pump case, the energy required for molecules transport is supplied
by the hydrolysis of high-energy compounds such as ATP (ATP¼> ADPþ Pþ energy). A typical example is represented by
the Naþ�Kþ pump. Finally, very large molecules are transported by invagination of the membrane and subsequent vesiculation
and devesiculation (endocytosis or transcytosis).

While in biological membranes the above-mentioned phenomena can highly influence solute permeability, in synthetic
membranes permeability is essentially due to solute chemical–physical properties and membrane microscopic structure. Indeed,
synthetic membranes are usually complex structures that can be, in the most general case, composed of three different phases:
(a) continuous, (b) shunt, and (c) dispersed [1]. These phase types may be further classified as primary, secondary, and tertiary,
the subclassification depending on the spatial relationships of each phase to the other phases present. A primary continuous
phase is an uninterrupted phase between membrane surfaces as well as laterally or in the plane perpendicular to the flux vector.
Depending on its composition relative to the compositions of associated phases, it may provide an uninterrupted diffusional path
for a solute or it represents an un-accessible zone acting as a mere supporting structure. A primary shunt phase completely passes
through the membrane but it is laterally discontinuous, i.e., a pore or channel. Of course, this structure may not influence
permeability or may affect it by providing parallel diffusional pathways or may be the sole diffusional pathway. Dispersed phases
are embedded in continuous or shunt phases. They are discontinuous along the flux vector and do not provide an uninterrupted
pathway through the membrane or through any of its subphases. If they are also discontinuous laterally, they are fillers that can
be usually adopted to improve mechanical properties such as elasticity and resistance to tear. Netting is sometimes embedded in
a membrane structure as a means of reinforcement. Since there can be phases within phases and phases, in turn, within these, it
is necessary to designate whether a given identified phase is contributing to the coarsest structural breakdown (primary) or is a
subphase of a primary or higher order phase. In this regards, each major phase identified must then be examined for the
presence of secondary phases of each type and these, in turn, for tertiary phases, etc., until all distinct regions are accounted.
Secondary phasic structure is common in real membranes. Recourse to characterization of tertiary and finer subclassification is
generally unnecessary. Indeed, despite this complex frame, in the majority of the situations drug release field deals with
polymeric membranes comprised of a continuous phase (usually a liquid phase) trapped in a swollen solid phase (polymeric
network) [4]. This structure can be seen as a coherent system, having mechanical characteristics in between those of solids and
liquids [5]. The presence of cross-links between polymeric chains hinders polymer dissolution in the liquid phase that can only
swell the network. This structure is roughly similar to that of sponge filled by a liquid phase. Nevertheless, this is a particular
sponge as, in the case of strong cross-links between polymeric chains (typically chemical covalent bonds), the network does not
modify with time. When, on the contrary, weak cross-links prevail (typically physical interactions such as Coulombic, van der
Waals, dipole–dipole, hydrophobic, and hydrogen bonding interactions), polymeric chains are not so rigidly connected to each
other and the similarity with the sponge is no longer so pertinent. Indeed, while cross-link density (number of cross-links per
unit volume) is constant with time (in static conditions), Brownian motion of chains and segment of chains makes the
distribution of polymer–polymer junctions (cross-links) time dependent. As a consequence, while average dimensions of
network meshes do not modify, each mesh can modify, thus resembling a statistical network. Obviously, this kind of network
can easily undergo erosion due to polymer–polymer junction weakness. This physical frame is made more complex by the fact
that the whole structure can be constituted by an ensemble of small matrix domains embedded in a continuum, usually
represented by a polymer solution as it occurs for Carbopol [6,7]. Finally, the contemporary presence of two networks
(interpenetrating structures), originated by two different polymers, can further complicate the scenario. Typically, these systems
are produced by an initial swelling of a monomer, reacting to form a second intermeshing network structure [8,9]. Obviously,
the choice of the polymer depends on the final administration route (examples include oral, ophthalmic, rectal, vaginal, and
subcutaneous) and on different factors such as membrane swelling degree, biodiversity, biocompatibility, and interactions with
drug, excipients, and mechanical properties.

Despite the considerable wide application spectrum of membranes, typically, their use in the delivery field falls into drug
release modulation based on a diffusive-controlled mechanism [10], isolation of particular structures from the external
environment [11], making artificial implants biocompatible [12], allowing drug release (due to membrane dissolution) only
when particular environmental conditions take place [13], and simulating the permeation properties of natural tissues [14–23].
At this purpose, it is interesting to consider some typical examples taken from the two most important delivery systems
categories: externally regulated and self-regulated delivery systems [24]. For what concerns externally regulated systems,
Miyazaki and coworkers [25] use ethylenevinyl alcohol membranes in reservoir-type drug delivery systems for the release of
bovine insulin in the presence of ultrasounds. When diabetic rats receiving implants containing insulin are exposed to
ultrasound (1 W=cm2 for 30 min), a sharp drop in blood glucose levels is observed after the irradiation. This indicates a
rapid rate of release of insulin in the implanted site. The authors attribute this behavior to temperature raising due to the
radiating energy supplied. Okahata and coworkers [26,27], working on thermoresponsive delivery systems, use semipermeable
nylon capsules prepared by interfacial polymerization (trimesoylchloride as a cross-linking agent) of ethylenediamine and
terephtaloylchloride, or 1,10-decanedicarbonylchloride. NaCl-loaded capsules are transferred to dodecane solutions of dialkyl
surfactant to introduce an amphiphilic bilayer on the capsule membrane. Remarkable permeability changes induced by
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temperature changes are observed at the phase transition temperature, in contrast to the uncoated capsules. Bae and coworkers
[28] working on insulin delivery report the use of thermosensitive hydrogel membranes constituted by poly(N-acryloylpy-
rolidine) and its copolymers with styrene or 2-hydroxyethylmetacrylate cross-linked by ethyleneglycoldimethacrylate. The
cross-linked poly(N-acryloylpyrolidine) homopolymer shows thermosensitivity in water swelling, with weak mechanical
strength, restricting its practical application to diffusion experiments. The incorporation of a hydrophobic monomer into the
polymer improves the mechanical strength and lowers the overall swelling level as well as thermosensitivity. Accordingly,
membrane composition and temperature represent two fundamental parameters for the achievement of the desired insulin
delivery rate. In particular, insulin permeation through poly(hydroxyethyl methacrylate) increases with an increase in tempera-
ture. On the contrary, insulin permeation through poly(N-acryloylpyrolidine) copolymers increases with a decrease in
temperature.

Interestingly, membrane permeability can be modified by the action of an electric field. Indeed, electrophoretic migration of
a charged macrosolute within a hydrated membrane depends on the effect of electrical forces acting on the solute and its
counterions in the adjacent electrolyte solution [29]. It is well known that [30] four distinct electrochemical and electromech-
anical mechanisms concur in determining transport of proteins and neutral solutes across hydrogel membranes: (a) electrically
and chemically induced swelling of a membrane to alter the effective pore size and permeability; (b) electrophoretic
augmentation of solute flux within a membrane; (c) electroosmotic augmentation of solute flux within the membrane; and
(d) electrostatic partitioning of charged solutes into charged membranes. In other words, the application of an electric field can
result in control of solute flux by a combination of the electrophoretic and electroosmotic mechanisms. Pasechnik and
coworkers [31] report an increase in the effective pore radius of ultrafiltration membranes due to electrodynamic effects.
Burgmeyer and Murray [32] observe changes in the ionic permeability of polypyrrole redox membranes using a voltage-
controlled electrochemical reaction. Eisenberg [33] can modify the restricted diffusion of sucrose through collagen membranes
via electrodiffusion (this is due to effect of the electric field on concentration profiles within the membrane), obtaining flux
changes up to 25%. Nussbaum [34] obtains reversible changes in the uniaxial swelling of poly(methyl methacrylate) (PMMA)
membranes via electrodiffusion control of intramembrane ionic strength. Application of an electric field across a hydrated
polyelectrolyte membrane, such as PMMA, yields to a net force on the space charge in the fluid phase, which contains an
excess of counterions over coions. This force, transfered to the solvent, results in an electroosmotic fluid flow relative to the
solid membrane. Grodzinsky [29] observes a volume flux of 1.2� 10�6 m3=s at the direction of the current across a 3.1 cm2

PMMA membranes, fixing pH¼ 7 and current density equal to 320 A=cm2. As soon as the current is cutoff, the flow is stopped.
Mathiowitz [35–40] realizes reservoir-type delivery systems recurring to a photochemical control. Microcapsules, built up

by interfacial polymerization of polyamide, also contain azobisisobutyronitrile, a substance that emanates nitrogen due to a
photochemical action. Accordingly, after exposition to light, microcapsules’ internal pressure increases (as a result of nitrogen
release) until membrane rupture and consequent contents release.

Self-regulated delivery systems [41] are closed loop-controlled devices in which the release is modulated by the system, in
response to feedback information, excluding any external intervention. For example, it is possible to use pH as an environ-
mental stimulus to deliver a drug in a desired gastrointestinal (GI) zone. Basically, the polymeric membrane ruling drug release
rate from the delivery system can be poorly swollen and, thus, scarcely permeable with respect to drug, at a low pH (typical of
stomach). On the contrary, if it shows a considerable swelling degree at higher pH, it allows drug release in the intestine where
pH is considerable increased. A typical example of self-regulated delivery system using membranes concerns insulin delivery.
Some authors suggest the immobilization of glucose oxidase in pH-responsive polymeric hydrogel membranes surrounding a
saturated insulin solution (Figure 15.1). As soon as glucose penetrates into the membrane, glucose oxidase catalyses its
conversion to gluconic acid. Consequently, pH lowering in the membrane microenvironment takes place. This pH decreases,
determining membrane swelling, greatly improves permeability toward insulin that is copiously released. Horbett and
coworkers [42], for example, use N,N-dimethylaminoethylmethacrylate (DMA), hydroxyethyl methacrylate (HEMA), and
tetraethylene glycol dimethacrylate (TEGDMA). Membranes are prepared at �708C by radiation polymerization to preserve
enzymatic activity. To get sufficient insulin permeability, HEMA-DMA polymerization is led in order to have a two-phase
membrane: the continuous one is the polymer-rich phase, while the dispersed one contains solvent and unreacted monomers.
When gelation occurs after the phase separation, the dispersed phase is fixed in the space to form of porous structure. Typically,
pores diameter ranges between 1 and 10 mm [43], and the addition of glucose provokes an insulin permeability increase equal
to 2.4–5.5 times. Ishihara [44], following a similar approach, uses 2-hydroxyethylacrylate (HEA), N,N-dimethylaminoethyl-
methacrylate (DMA), and 4-trimethylsilystyrene (TMS) by radical polymerization of the corresponding monomers in DMF.
The mole fractions of HEA, DMA, and TMS in the copolymer are 0.6, 0.2, and 0.2, respectively. Membranes are prepared by
solvent casting. Capsules containing insulin and glucose oxidase are prepared by an interfacial precipitation method using
gelatin as an emulsion stabilizer. The average diameter of the polymer capsules obtained was 1.5 mm. Iwata and coworkers [45]
pretreat porous poly(vinylidene fluoride) membranes (average pore size of 0.22 mm) by air plasma and subsequently
acrylamide is graft polymerized on the treated surface. The polyacrylamide is then hydrolyzed to poly(acrylic acid). In the
pH range of 5–7, grafted poly(acrylic acid) chains are solvated and dissolved, but cannot diffuse into the solution phase because
of grafting to the porous membrane. Accordingly, membrane pores are effectively closed. In the pH range of 1–5, the chains
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collapse and the permeability increases. To achieve the sensitivity of the system toward glucose, glucose oxidase was
immobilized onto a poly(2-hydroxyethyl methacrylate) gel.

Siegel and coworkers [46] approach insulin delivery by means of an implantable mechanochemical pump converting
changes in blood glucose concentration into a mechanical force pumping insulin out of the device. Briefly, this
device comprises three chambers (Figure 15.2): Chamber I contains an insulin solution, chamber II contains an aqueous
fluid, while chamber III comprises a pH-sensitive polymer membrane that expands as glucose concentration increase.
Chamber I is separated from the environment by a one-way valve opening when pressure in the pump exceeds that of the
environment. Chamber II communicates with body fluids through a one-way valve opening when the pressure inside the pump
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is less than that of the external medium. Hydrogel (Chamber III) is maintained in contact with the surrounding environment
via a rigid membrane permeable only to small molecules and impermeable to large molecules, such as plasma proteins.
Chambers II and III are separated by an elastomeric diaphragm, while chambers I and II are separated by a movable partition.

Of course, insulin release is not the unique target in the delivery field. Indeed, for example, Ishihara [47] matches
the problem of urea release using a non-erodible membrane. The system is constituted by a pH-sensitive membrane
(copolymerization of 4-carboxyacrylanilide and methacrylate) sandwiched among a membrane containing urease immobilized
in free radically cross-linked N,N-methylenebisacrylamide. System permeability with respect to a model drug ((1,4-bis-
(2-hydroxyethoxy)benzene) varies with urea concentration in the external environment.

Membrane-controlled devices, responsive to the concentration of external amines and amino acids, are prepared by
polymerizing 2-hydroxy-dependent ethylmethacrylate and then reacting the polymer with 3,5-dinitrobenzenoylchloride
to attach 3,5-di-nitrobenzoate groups to the polymer [48]. Upon addition of amine substances to the external solution a
charge–transfer complex forms, which increases the permeability of the membrane.

While the above-mentioned examples cannot be considered an exhaustive representation of all the possible uses of
membranes in the delivery field, they serve to give an idea of how many and how variegated the applications can be. The
aim of this chapter is to first describe the basic principles ruling mass transport through membranes. Then, in the light of
the administration route (oral, transdermal, and implantable), some of the most important applications are presented and
discussed. Finally, future applications of membranes in the delivery field are briefly treated.

15.2 MASS TRANSPORT

15.2.1 FACTORS AFFECTING DRUG PERMEATION

As most of the membranes used to modulate drug release kinetics are composed of polymers, this section focuses the attention
on the typical mechanisms ruling mass transport through a polymeric network (whose structure has been previously described).
At this purpose, it is necessary to first define the concept of membrane porosity as polymeric network can be classified as
macroporous, microporous, and nonporous systems [49]. In the first two categories, drug diffusion occurs essentially through
pores. For macroporous systems pores range between 0.1 and 1 mm, which are much larger than diffusant molecules size. For
microporous systems, pore size ranges between 0.005 and 0.02 mm, which means, approximately, slightly larger than diffusant
molecules size. Finally, nonporous systems have no pores and the molecules diffuse through network meshes. In this case,
consequently, only the polymeric phase exists and no pore phase is present. While for macro- and microporous networks drug
diffusion is mainly affected by pores topology; for nonporous structures, polymer swelling, polymer erosion, network topology,
and drug=polymer interaction play the key role in determining drug diffusion. Indeed, it may happen that upon contact with the
release environment, polymeric network undergoes a swelling process, particularly important in the case of a dry membrane.
This implies molecular rearrangement of polymeric chains that tend to reach a new equilibrium condition as the old one was
altered by the presence of the incoming external solvent [50]. The time required for this rearrangement depends on the
relaxation time, tr, of the given polymer=solvent system which, in turn, is a function of both solvent concentration and
temperature. If tr is much lower than the characteristic time of diffusion td of the solvent (defined as the ratio of the solvent
diffusion coefficient at equilibrium and the square of a characteristic length), then solvent adsorption may be described by
means of Fick’s law with a concentration-dependent diffusion coefficient. On the contrary, if tr is much greater than td, then a
Fickian solvent adsorption with constant diffusivity takes place. Despite this complex phenomenology, however, in both cases
the diffusion of drug molecules crossing the membrane may be described by Fick’s law with a nonconstant diffusion coefficient
(this is due to the variations of network meshes) and the macroscopic drug kinetics is defined Fickian. When tr� td, solvent
adsorption does not follow Fick’s law of diffusion [51–53] and, consequently, also the diffusion of drug molecules crossing the
membrane is not Fickian [54,55]. Accordingly, solvent absorption and drug permeation also depend on the polymer=solvent
couple viscoelastic properties [56].

Polymer erosion can take place because of chemical and physical reasons. Under particular physiological conditions, the
hydrolysis of eventually present water-labile bonds incorporated in the polymer can cause chain breaking. Moreover, erosion
can also be due to enzyme attack and chemical reactions on particular polymeric chains sites [49]. On the contrary, in physically
cross-linked matrices, erosion is due to chain disentanglement, induced by the matrix swelling fluid and the hydrodynamic
conditions imposed in the release environment. Obviously, polymer characteristics play a very important role in erosion
kinetics as extensively documented by the review of Miller-Chou and Koenig [57]. Erosion can be of two different types
[49,58]: (a) surface or heterogeneous erosion and (b) bulk or homogeneous erosion. While in the first case only the outer parts
of the matrix are affected by erosion, in the second case, the phenomenon also affects the polymeric bulk phase. Homogeneous
erosion is usually due to a rapid swelling fluid uptake by the matrix system and consequent polymeric network degradation due
to chemical reasons discussed above. On the contrary, surface erosion can be caused by both chemical (in this case the swelling
fluid uptake is slower) and physical reasons, namely hydrodynamic conditions imposed in the release environment. On the
basis of the relative chain cleavage and solvent diffusion rate, a system can be defined ‘‘surface eroding’’ or ‘‘bulk eroding.’’
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In particular, if solvent diffusion is much slower than polymer degradation, we are dealing with a surface eroding system.
Surface erosion, also referred to as polymer dissolution in case of physically cross-linked matrices, can be further subdivided
into two categories based on the amorphous and semicrystalline nature of the polymer. Indeed, while in the case of amorphous
polymers only chain disentanglement is necessary for erosion, in the case of semicrystalline polymers, crystal unfolding
precedes chain disentanglement, resulting in slower erosion kinetics [59].

Polymeric network topology heavily reflects on drug diffusion as it concurs in determining the drug diffusion coefficient as
discussed later on. Additionally, polymeric network can also be responsible for a non-Fickian diffusion. Indeed, in presence of
a very complex topology, deriving from a high internal disorder degree, the network can assume fractal characteristics [60].
If wide network meshes are defined as accessible sites for the diffusing drug and small network meshes (beside, obviously,
polymeric chains) as forbidden sites, the entire network can be seen as a percolative network (fractal network), if forbidden sites
approach a threshold value [61,62]. It is well known that diffusion on percolative (fractal) networks differs a lot from diffusion
in non-fractal networks and release kinetics is different [60,63].

Although drug=polymer interactions can be expected to take place in several cases [64], particular importance is assumed
by electrostatic interactions as reported by Singh and coworkers [65,66]. According to these authors, drug binding on polymeric
chains follows a Langmuir isotherm mechanism characterized by an adsorption and desorption rates depending on drug free
and bound concentration and on adsorption and desorption constants. Consequently, drug permeation through the membrane is
the result of two phenomena, namely diffusion and adsorption–desorption.

15.2.2 CONTINUITY EQUATION

In the case of diffusion of a substance through a stationary solid or semisolid phase such as the polymeric network of a
membrane, it is convenient to view the stationary phase as a fixed reference and to consider only the flux of mobile molecules,
namely drug or external solvent. Assuming that the diffusion processes do not imply important variations of membrane density
[50] and that no convective flux is present (this is the most common situation met in practice when dealing with membranes),
mass conservation law reads [67]:

@Ci

@t
¼ �r � Fi þ Ri (15:1)

where Ci and Fi are, respectively, the ith species concentration (mass=volume) and flux (mass=surface time), t is time, Ri is the
ith component generation rate (mass=volume time), while the scalar product between the operator nablar and Fi, in a cartesian
coordinate system, for the r expression in other coordinate systems [see 67] reads

r � Fi ¼ @Fxi

@X
þ @Fyi

@Y
þ @Fzi

@Z

� �
(15:2)

where Fxi, Fyi, and Fzi, respectively, are the x, y, and z flux components relative to the ith species. Typically, Fi can be expressed
according to Fick’s law:

Fi ¼ �DirCi (15:3)

where Di is the ith species diffusion coefficient. Accordingly, in a cartesian coordinate system, Fi components read

Fxi ¼ �Di
@Ci

@X
; Fyi ¼ �Di

@Ci

@Y
; Fzi ¼ �Di

@Ci

@Z
(15:4)

As discussed in Section 15.3.1, it may happen that Equation 15.3 does not hold because of polymeric chains relaxation
phenomena occurring during diffusion. In this case, indeed, the hypothesis of an instantaneous proportionality between Fi and
rCi does not work and a time dependence has to be considered. Several approaches have been proposed to interpret this aspect.
For instance, Joshi and Astarita assume a time-dependent composition at the polymer=penetrant interface [68]. In an interesting
series of papers, Cohen first generalized Crank’s idea [54] of a time-dependent diffusion coefficient [69], and then supposed that
flux can be properly described by coupling the concentration and stress gradients, being the stress dependent on concentration
and time via a Maxwell-like viscoelastic relationship [70]. Later on, Cohen and coworkers developed and improved the above-
mentioned approach by modifying the stress dependence on time and concentration [71–73]. The existence of a stress-related
convective contribution to flux is postulated by Frisch [74] and is also taken into consideration by other authors [75,76].
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According to Adib and Neogi [77] and Camera-Roda and Sarti [78], the flux may depend on the history of the concentration
gradient. The most general theory about diffusion in a viscoelastic polymer matrix was developed by Lustig [79], since he
assumes that the flux depends on several driving forces such as temperature gradient, species’ inertial and body forces, chemical
potentials, and stress gradient. A good compromise between simplicity and theoretical correctness is given by the approach of
Camera-Roda and Sarti [80]. Basically they assume that Fi may be expressed as the sum of two terms: Fif, characterized by a
zero relaxation time and representing the Fickian contribution to the global flux, and Fir, characterized by a nonzero relaxation
time and representing the non-Fickian contribution to the global flux.

Accordingly, Fi can be expressed as

Fi ¼ Fir þ Fif ; Fif ¼ �Dif rCi; Fir ¼ �DirrCi � t
@Fir

@t
(15:5)

where
t is the relaxation time of the given polymer=diffusing molecule system
Dif is the diffusion coefficient relative to the Fickian flux, while
Dir is the diffusion coefficient relative to the non-Fickian flux

In this approach, the time dependence is considered in the relaxation flux Fir. Grassi and coworkers [50] improved the Camera-
Roda and Sarti model assuming that Fir is the sum of different contributes, each one characterized by its proper relaxation time.
In this manner, the description of membrane viscoelastic properties is more adherent to reality.

While the time-dependent approach applies to describe possible membrane swelling (or deswelling) due to the presence of
the external release environment fluid, it is not necessary in the case of drug permeation through a swollen membrane. The same
is true when membrane swelling (or deswelling) is very fast or very slow in comparison to the duration of drug permeation
through the membrane. A fast membrane swelling (or deswelling) will only reflect on a rapid drug diffusion coefficient
variation.

15.2.3 DIFFUSION COEFFICIENT

Once an appropriate frame of reference is chosen, a two components (A, B) system may be described in terms of the mutual
diffusion coefficient (diffusivity of A in B and vice versa). Unfortunately, however, unless A and B molecules are identical in
mass and size, mobility of A molecules is different with respect to that of B molecules. Accordingly, the hydrostatic pressure
generated by this fact will be compensated by a bulk flow (convective contribution to species transport) of A and B together,
i.e., of the whole solution. Consequently, the mutual diffusion coefficient is the combined result of the bulk flow and the
molecules random motion. For this reason, an intrinsic diffusion coefficient (DA and DB), accounting only for molecules
random motion has been defined. Finally, by using radioactively labeled molecules it is possible to observe the rate of diffusion
of one component (let’s say A) in a two component system, of uniform chemical composition, comprised of labeled and not
labeled A molecules. In this manner, the self-diffusion coefficient (DA

*) can be defined [54]. Interestingly, it can be
demonstrated that both DA and DA

* are concentration dependent. Indeed, the force f acting on A molecule at point X is [1]

f / �rmA (15:6)

where rmA is the A chemical potential gradient. Accordingly, the total force fT acting on all molecules is

fT / �CArmA (15:7)

where CA is concentration. The assumption that the flux FA is proportional to the total force yields to

FA ¼ � CA

sAh
rmA (15:8)

where sAh is a resistance coefficient connected with diffusing molecules mobility [1,54]. Remembering the definition of
chemical potential [81]:

dmA ¼ RT d(ln(aA)) (15:9)

where
aA is the activity
R is the universal gas constant
T is temperature
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it follows

FA ¼ � RT

sAh

d( ln(aA))

d( ln(CA))
rCA (15:10)

Accordingly, DA can be expressed by

DA ¼ RT

sAh

d( ln(aA))

d( ln(CA))
(15:11)

Repeating the same treatment for DA
* and remembering that in this case concentration and activity coincide due to obvious

solution ideality, it follows that

DA
* ¼ RT

sAh0
(15:12)

assuming that sAh¼sAh
0, it descends that

DA ¼ DA
*d( ln(aA))
d( ln(CA))

(15:13)

In conclusion, thus, the drug diffusion coefficient in a solvent is both concentration and temperature dependent. In the case of
drug transport through swollen nonporous membranes, the physical frame is complicated by the presence of polymeric chains.
Assuming that only drug molecules are moving due to a chemical potential gradient (in this sense, polymeric chains and the
swelling agent molecules are retained immobile), the drug diffusion coefficient will be mainly affected by the presence of
polymeric chains. Indeed, polymer chains have been proposed to retard solute movement by reducing the average free volume
per molecule available to the solute, by increasing the hydrodynamic drag experienced by the solute, and by acting as physical
obstructions thereby increasing the path length of the solute [82]. Basically, drug diffusion estimation can be performed
recurring to the free volume theory, the hydrodynamic theory and to the obstruction theory [82]. Free volume theory [83]
assumes that solute diffusion in a liquid is due to solute jumping into voids formed in the liquid space due to liquid molecules
thermal motion. Solute diffusion is dependent on the jumping distance, the thermal velocity of the solute, and the probability
that there is a hole free volume adjacent to the molecule. If, in addition, the presence of a polymeric network is considered, this
theory yields, for example, to the model proposed by Peppas and Reinhart [84]:

Dg

D0
¼ k1

Mc �Mc
*

Mn �Mc
*

� �
exp �k2r2s

w

1� w

� �� �
(15:14)

where
Dg and D0 are, respectively, the solute diffusion coefficient in the polymeric network and in the swelling solvent
k1 and k2 are the two constants
Mc is the number-average molecular weight between polymer cross-links
Mn is the number-average molecular weight of the uncross-linked polymer
Mc
* is a critical molecular weight between cross-links

w is polymer volume fraction
rs is solute radius

Hydrodynamic theory [67], based on Stokes–Einstein equation, postulates that solute is represented by a very large sphere
in comparison with the surrounding small liquid phase molecules. Solute mobility, and thus its diffusion coefficient, depends on
the frictional drag exerted by liquid phase molecules. For heterogeneous gels (rigid polymeric chains), Cukier [85] suggests

Dg

D0
¼ exp � 3pLcNA

Mf ln(Lc=2rf )

� �
rsw

1=2

� �
(15:15)

where
Lc and Mf, are, respectively, the polymer chains length and molecular weight
NA is the Avogadro number
rf is the polymer fiber radius
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For homogeneous gels (flexible polymeric chains), the same author proposes

Dg

D0
¼ exp�kcrsw0:75

� �
(15:16)

where kc is a parameter depending on the polymer solvent system.
Models based on obstruction theory assume that the presence of impenetrable polymer chains causes an increase in the path

length for diffusive transport. The polymer chains act as a sieve, allowing passage of a solute molecule only if it can pass
between the polymer chains. Some authors [86], assuming solute molecule of the same size as polymer segments and assuming
that solute transport occurs only within the free sites, suggest

Dg

D0
¼ 1� w

1þ w

� �2

(15:17)

On the basis of more refined speculations, Ogston et al. [87] propose

Dg

D0
¼ exp � rs þ rf

rf
w1=2

� �
(15:18)

According to Amsden [82], hydrodynamic approach should be used to deal with homogeneous hydrogels, while, for
heterogeneous hydrogels, obstruction are more consistent with experimental data.

In the case of porous membranes, where solute diffusion takes place inside the liquid filling the pores, it is usual defining an
effective diffusion coefficient De:

De ¼ Dw«

t
(15:19)

where
« is the matrix void fraction (porosity)
t is tortuosity
Dw is solute diffusion coefficient in the liquid filling the pores [88]

It is sometimes desirable [89] to incorporate into this expression a partition coefficient, Kp, for possible solute adsorption on
pores walls and a restriction coefficient, Kr, accounting for hindered diffusion, and defined by

Kr ¼ (1� l)2 l ¼ rs
rp

(15:20)

where rp is the pore radius. Accordingly, Equation 15.19 becomes

De ¼ Dw

«

t
KpKr (15:21)

15.2.4 MODELING EXAMPLES: SWELLABLE AND NOT SWELLABLE MEMBRANES

Drug diffusion through a not swelling=deswelling=erodible (or through an already swollen) membrane can be described by
means of Fick law. Indeed, assuming that drug concentration on one side of the membrane (donor environment) is always
constant and equal to C0, that drug concentration Cr on the other side (receiver environment) never sensibly detaches from zero
(sink conditions), that drug diffusion takes place only in one dimension (X), that membrane thickness is constant, that drug
diffusion coefficient Dg inside the membrane is constant, and that no mass transport resistance exists at the membrane=donor
and membrane=receiver interface (this means that, for example, we assume a negligible effect of the unavoidable presence of
the stagnant layers sandwiching the membrane), Fick law solution yields (Equation 15.1):

Cr ¼ C0KS

Vr

Dg

hm
t � hm

6
þ 2hm

p2

X1
n¼1

(�1)n
n2

e� (np=hm)
2Dgtð Þ

 !
(15:22)
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where
t is time
K is the partition coefficient
S is the surface available for diffusion
hm is membrane thickness
Vr is the receiver volume

For t approaching infinite, Equation 15.22 coincides with a straight line given by

Cr ¼ C0SP

Vr

(t � tL); P ¼ KD

hm
; tL ¼ h2m

6D
(15:23)

where
P is the membrane permeability
tL is the lag time (intercept of Equation 15.23 on the t axis)

For thermoreversible gel membranes [90,91], the description of the swelling–shrinking phenomenon (induced by tempera-
ture changes) becomes paramount importance for what concerns a correct description of solute permeation. As mentioned in
Section 15.3.2, a possible approach is that suggested by Camera-Roda and Sarti [80]. Accordingly, membrane swelling–
shrinking can be described by Equation 15.5, provided that the following concentration dependence of Df, Dr, and t on solvent
concentration C are considered

Df ¼ Din (15:24)

Dr(C) ¼ Deq exp[g(C � Ceq)]� Din (15:25)

t(C) ¼ teq exp[k(Ceq � C)] (15:26)

where
Ceq is solvent concentration in the swollen membrane (C¼Ceq)
Din and Deq are the diffusion coefficient of the solvent in the membrane at the beginning of the swelling phenomenon and

at swelling equilibrium (C¼Ceq), respectively
g and k are the two adjustable parameters
teq is the membrane relaxation time when C¼Ceq

Equation 15.5 and Equations 15.24 through 15.26 have to be numerically solved [92] with the following:

Initial conditions

J ¼ 0 C ¼ Ceq; �Lin=2 � X � Lin=2 (15:27)

Boundary conditions

C ¼ Ceq; X ¼ �Lb=2 (15:28)

where
Lin is the initial membrane thickness
Lb is the position of the swelling membrane contours

Of course, membrane thickness can be calculated supposing that its volume is given by the arithmetic addition of solvent and
polymer volume. Assuming that the most important effect of matrix swelling=shrinking is to modify the solute diffusion
coefficient Dg (and the Peppas–Reinhart equation [Equation 15.14] can be considered to account for this), permeation can be
described by the continuity equation (Equation 15.1) where the generative term Ri is set to zero and the following initial and
boundary conditions hold:

Initial conditions

Cd ¼ 0; �Lin=2 < X < Lin=2 (15:29)
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Boundary conditions

Cd ¼ 0; X ¼ Lb=2 (15:30)

Cd ¼ Cs; X ¼ �Lb=2 (15:31)

where Cd and Cs are, respectively, solute concentration and solubility, Equation 15.29 implies that the membrane is solute
free at the beginning, Equation 15.30 accounts for sink conditions in the receiver and Equation 15.31 states that
solute concentration in the donor is always constant and equal to solubility. Figure 15.3 shows the comparison between
model best fitting (solid line) and experimental data relative to hydrocortisone permeation through a copolymer that comprises
poly(N,N,-dimethylaminoethyl methacrylate) (DMAEMA) and acrylamide (AAm) (molar ratio: 57% DMAEMA, 33% AAm).
As this copolymer undergoes a sharp deswelling passing from 208C to 408C, hydrocortisone permeation is considerably
decreased when temperature has risen to 408C. Model best fitting reveals that hydrocortisone diffusion coefficient in the
DMAEMA–AAm copolymer at 408C is one tenth of that at 208C.

15.2.5 OSMOTIC SYSTEMS

Osmosis is the natural movement of a solvent through a semipermeable membrane into a solution of higher solute concentra-
tion, leading to equal solute concentrations on both sides of the membrane [93]. A semipermeable membrane can be crossed by
solvent molecules but solute (ionic or high molecular weight compounds) permeation is impeded. Solvent migration from one
side of the membrane to the opposite one takes place to render equal solute and solvent chemical potentials across the
membrane. Osmotic pressure p can be expressed by

p ¼ (mL � mR)

v
¼ �RT

v
ln(a) (15:32)

where
v is the solvent partial molar volume
m is the solvent chemical potential on the left (initially solute-free environment) and on the right of the membrane
a is the solvent activity on the membrane right side environment

When hydrostatic pressure in the right environment (initial solute richer environment) equals the osmotic pressure p, the net
solvent flux ends. According to nonequilibrium thermodynamics, the rate of solvent transport dV=dt through the membrane is
given by [94]:
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FIGURE 15.3 Model fitting of the hydrocortisone permeation through a swelling=deswelling copolymer (DMAEMA and AAm (molar
ratio: 57% DMAEMA, 33% AAm)) gel undergoing step temperature variations. The permeated amount Mt is plotted as a function of time t.
The dashed line indicates the temperature profile (From Grassi, M., Yuk, S.H., and Cho, S.H., J. Membr. Sci., 152, 241, 1999. With
permission.)
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dV

dt
¼ A

h
LP (sDp� DP) (15:33)

where
A is the cross-sectional area for transport
h and Lp are the membrane thickness and hydraulic permeability, respectively
s is the reflection coefficient while Dp and DP are the osmotic and hydrostatic pressure difference across the membrane

As, typically, DP � Dp, Equation 15.33 simplifies into

dV

dt
¼ A

h
kDp, k ¼ LP s (15:34)

where k can be taken as the effective membrane permeability. Equation 15.34 is the basic equation for calculating the amount
m of drug released from an osmotic pump. Indeed, since in an osmotic pump the volume of drug solution pumped out is equal
to that (V) of the external solvent entered in the pump through the semipermeable membrane, the rate of drug released will be

dm

dt
¼ dV

dt
c ¼ A

h
kDpc (15:35)

where c is the drug concentration of the solution contained in the osmotic pump housing.

15.2.6 ELECTROTRANSPORT

In order to improve drug permeation through skin, recourse to an electrical field can be made. On this idea, the electrically
assisted delivery systems are based. Typically, electrotransport is due to iontophoresis, electroosmosis, and electroporation [95].
Iontophoresis consists in the use of an electric current to drive charged drug molecules into skin by placing them
under an electrode of like charge. Accordingly, a positively charged drug should be placed under the anode or positive
electrode and the resulting electric repulsion would provide the driving force for drug permeation through skin. Typically, a
0.5 mA=cm2 current is used (this intensity being unable to cause skin damages) even if drug permeation can be modulated by
acting on current intensity. Electroosmosis is the phenomenon according to which a bulk fluid flow rises when a charged porous
membrane is subjected to a voltage differences. This fluid flow can be up to microliters per hour per square centimetres of
hairless mouse skin [96]. Since skin is a perm-selective membrane with negative charge at physiological pH, the electroosmotic
flow occurs from anode to cathode, increasing the flux of positively charged drugs. Unlike iontophoresis adopting a continuous
low current, electroporation requires the use of high-voltage pulse for a very short duration to render the skin permeable.
Probably, electroporation promotes the formation of new aqueous pathways (open for some microseconds and then closed for a
time period ranging from milliseconds to hours) that allow the entry of drug molecules by diffusion and local electrophoresis or
electroosmosis.

For iontophoresis, the flux Fi of an ionic species, i, is defined by the Nerst–Plank equation:

Fi ¼ �DirCi � zimfCirE � CiV (15:36)

where the first right-hand side term accounts for Fickian diffusion, while the second is relative to electrical field E effect and the
third represents the electroosmotic flow. In particular, zi is ionic species valence, m is mobility, f is Faraday constant, and V is
the velocity of the convective electroosmotic flow. In order to get drug profile concentration, we have to solve the continuity
equation (Equation 15.1), provided that Equation 15.36 is considered for the flux expression Fi and the generative term Ri is
set equal to zero.

15.3 MEMBRANES: USEFUL DEVICE FOR DRUG DIFFUSION COEFFICIENT MEASUREMENT

In order to design a controlled release system based on membranes, it is of paramount importance to know the membrane drug
diffusion coefficient, D [97]. Thus, the measure of D plays a very important role and the necessity of developing proper
models able to interpret the experimental data arises. Several methods are available in literature for the experimental
determination of D [98–100]. Among this plethora, I can mention the category of methods derived from nuclear magnetic
resonance (NMR) and dynamic light scattering (DLS) experiments, those based on holographic relaxation spectroscopy, those
founded on the determination of the drug concentration profile such as the sectioning and inverse sectioning method [101], and
the methods based on drug concentration gradient under stationary and nonstationary gradient. This section, in particular,
focuses on the D determination resorting to the analysis of drug permeation through a swollen membrane. At this purpose,
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the side-by-side apparatus is considered [102,103]. This device consists (see Figure 15.4) a donor compartment (volume
Vd¼ 100 cm3), containing the drug solution, and a receiver compartment (volume Vr¼ 100 cm3) initially filled by pure solvent.
Each compartment is equipped with a constant temperature jacket and a magnetic stirrer housed at the bottom of the cell. The
membrane (diffusing area �10 cm2) is located in the teflon adapter connecting the receiver and the donor compartments. Drug
concentration increase is measured and recorded by means of a personal computer managing a UV spectrophotometer
connected to the receiver environment as indicated in Figure 15.4. In order to prevent bubble formation in the detecting
system, a surge chamber is inserted between the spectrophotometer and the peristaltic pump, which provides for solution
recirculation. A more sophisticated configuration permits the substitution of the recirculating system (peristaltic pump, surge
chamber, etc.) with an optical fiber apparatus allowing a direct measurement of drug concentration in the receiver environment.
The main advantages of this approach lie in the reduction of the receiver environment perturbation and the attainment of an
optimal thermal control of the whole system.

15.3.1 NOT SWELLABLE MEMBRANES MODELING: EFFECT OF STAGNANT LAYERS AND DRUG DISSOLUTION

One of the most important errors affecting the determination of the drug diffusion coefficient resorting to permeation data
through a swollen membrane may be due to the presence of two stagnant layers. Indeed, an insufficient stirring of both the
donor and receiver environment gives origin to two stagnant layers sandwiching the membrane. Neglecting these two layers
means to determine the value of the diffusion coefficient referred to the whole tri-laminate (comprised of the two stagnant layers
and the membrane) instead of that referred to the single membrane. This implies an error depending on the sum of the thickness
of the two stagnant layers. Sometimes this error may be not negligible, as the membrane thickness may be not small [104–106].

In order to make the present analysis as general as possible, it is assumed that the donor compartment contains an excess
amount of undissolved drug. Indeed, this strategy is usually adopted in the attempt of achieving a constant drug concentration
(in this case, drug solubility) in the receiver compartment. Accordingly, the drug dissolution process needs to be taken into
account carefully. Nevertheless, it is assumed that Fick’s law for diffusion holds inside the tri-laminate, which means that the
effects of all possible chemical or electrical interactions between drug molecules and polymer chains or solvent molecules
are accounted for by a drug partition coefficient (membrane=release environment medium) different from the value of one. Of
course, a more detailed analysis should account for drug=polymer interaction by coupling, for instance, the diffusion with a
drug adsorption–desorption phenomenon on polymer chains [107,108]. Anyway, the usual way to proceed [1,54,109,110] is to
implicitly incorporate the polymer=drug interactions in the drug partition coefficient this being, in the majority of the situations,
more than enough to correct model a permeation experiment. Furthermore, it is supposed that membrane is completely swollen,
which means that the solvent concentration has reached its thermodynamic equilibrium value before starting the permeation
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FIGURE 15.4 Schematic representation of the side-by-side apparatus. The drug moves from the donor to the receiver compartment
diffusing through the membrane and the receiver concentration increase is monitored and recorded by means of a personal computer
managing an UV spectrophotometer. (From Grassi, M., Colombo, I., and Lapasin, R., J. Control. Rel., 76, 93, 2001. With permission.)
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experiments [111]. Indeed, membrane swelling may heavily influence the features of the drug permeation as previously
discussed. Figure 15.5 schematically shows the physical setup with which all the following considerations will be referred to.
Fick’s second law for the first layer, the membrane and the second layer read, respectively:

@C1

@t
¼ @

@X
D1

@C1

@X

� �
(15:37)

@C2

@t
¼ @

@X
D2

@C2

@X

� �
(15:38)

@C3

@t
¼ @

@X
D3

@C3

@X

� �
(15:39)

where
X is the abscissa
t is the time
C1, C2, C3 represent drug concentration in the first stagnant layer, in the membrane, and in the second stagnant layer,
respectively

D1, D2, D3 represent diffusion coefficient in the first stagnant layer, in the membrane, and in the second stagnant layer,
respectively

Equations 15.37 through 15.39 must be solved with the following boundary conditions:

Vd

dCd

dt
¼ � dM

dt
þ D1S

@C1

@X

����
X¼0

(15:40)

dM

dt
¼ �VdKt(Cs � Cd) (15:41)

D1
@C1

@X

����
X¼h1
¼ D2

@C2

@X

����
X¼h1

(15:42)

D2
@C2

@X

����
X¼h1þh2

¼ D3
@C3

@X

����
X¼h1þh2

(15:43)

Vr

dCr

dt
¼ �D3S

@C3

@X

����
X¼h1þh2þh3

(15:44)
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FIGURE 15.5 Physical setup. A membrane is sandwiched among two layers arising in the donor and receiver compartments due to an
insufficient stirring. In the donor volume, a dissolution process may take place. (From Grassi, M. and Colombo, I., J. Control. Rel., 59, 343,
1999. With permission.)
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C1(X ¼ 0) ¼ K1dCd (15:45)

C2(X ¼ h1) ¼ K21C1(X ¼ h1) (15:46)

C2(X ¼ h1 þ h2) ¼ K23C3(X ¼ h1 þ h2) (15:47)

C3(X ¼ h1 þ h2 þ h3) ¼ K3rCr (15:48)

and the following initial conditions:

Cd ¼ C1 ¼ Cd0; Cr ¼ C2 ¼ C3 ¼ 0; M ¼ M0 (15:49)

where
Cd and Vd are, respectively, the drug concentration and volume of the donor compartment
M is the time-dependent undissolved (solid) drug amount present in the donor compartment
S is the area available for permeation
Kt is the drug dissolution constant
Cs is the drug solubility
Vr is the receiver compartment volume
h1, h2, and h3 are, respectively, the thickness of the first stagnant layer, the membrane, and the second stagnant layer

Cd0 andM0 are, respectively, the initial drug concentration and undissolved drug amount in donor compartment, while K1d,
K21, K23, and K3r are partition coefficients defined as follows:

K1d ¼ C1(X ¼ 0)
Cd

¼ C11
Cd1

(15:50)

K21 ¼ C2(X ¼ h1)

C1(X ¼ h1)
¼ C21

C1(X ¼ h1)
¼ C21

C11
(15:51)

K23 ¼ C2(X ¼ h1 þ h2)

C3(X ¼ h1 þ h2)
¼ C22

C3(X ¼ h1 þ h2)
¼ C21

C31
(15:52)

K3r ¼ C3(X ¼ h1 þ h2 þ h3)

Cr

¼ C31
Cr1

(15:53)

where
Cd1 and Cr1 are the drug concentration in the donor and receiver compartments
C11, C21, and C31 are the drug concentration in the first layer, the membrane, and the second layer, respectively, after

an infinite time

In this way, partition coefficients, defined by Equations 15.50 through 15.53, are thought concentration independent and, thus,
time independent. Equation 15.40 represents the drug mass balance made up on the donor compartment: the first right-hand side
term takes into account the dissolution, while the second represents the matter flux leaving the donor trough the first stagnant
layer. Equation 15.41 takes into account the reduction of the solid drugM as the dissolution goes on. WhenM is zeroed, the first
term of the right-hand side of Equation 15.40 vanishes. Equation 15.42 imposes that the matter flux leaving the first stagnant
layer is equal to that entering the membrane (X¼ h1), while Equation 15.43 imposes the equality of the matter flux leaving the
membrane and entering the second stagnant layer (X¼ h2þ h1). Equation 15.44 represents the drug mass balance made up on
the receiver compartment: the right-hand side term is the entering drug flux coming from the second layer. Equations 15.45
through 15.48 indicate the partitioning relation holding at the interface in X¼ 0, h1, (h1þ h2), (h1þ h2þ h3). Equation 15.49
sets to zero the drug concentration in the membrane, the second layer, and the receiver while it sets to Cd0 the drug
concentration in the first stagnant layer and in the donor at the beginning of the permeation. An inspection of the above
shown set of differential equations makes clear that the simpler situation represented by the absence of undissolved drug present
in the donor compartment can be obtained by setting M0¼ 0.

If drug dissolution takes place from a thin tablet, it is reasonable to assume that Kt is time independent as dissolution
surface is, practically, constant. On the contrary, if we are dealing with the dissolution of a powder, this is no longer true as
particle radius and, thus, particle surface (this is the dissolving surface) reduce as dissolution proceeds. Indeed, the dissolution
of a solid from a plane and uniform surface may be easily modeled by means of Equation 15.54 [112]:
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V
dC

dt
¼ D0Sp

h
(Cs � C) (15:54)

where
C, Cs, and V are, respectively, the solute concentration, the solute solubility, and the volume of the dissolution medium
Sp is the area of the solid=liquid interface
D0 is the solute diffusion coefficient in the dissolution medium
h is the thickness of the boundary layer arising between the solid surface and the dissolution medium

The thickness of the boundary layer, h, strongly depends on the stirring conditions of the dissolution medium [113,114].
Remembering that Kt is equal to

Kt ¼ D0Sp
hV

; Kd ¼ D0

h
(15:55)

where Kd is the drug dissolution rate. Equation 15.54 may be recast in the following form:

V
dC

dt
¼ Kt(Cs � C)V (15:56)

The right-hand side of Equation 15.56 coincides with the dissolution contribute employed in Equation 15.41. Since Sp, for a
plane and uniform surface, does not change as dissolution develops, we may be sure that Kt is time independent. Unfortunately,
this is not the case for a dissolving powder. Indeed, in such hypothesis, the dissolution surface decreases as the time goes on.
The initial value of Sp and Sp0 is equal to the powder surface area and, for a monodisperse powder made up of Np, all equal,
spherical particles, is given by

Sp0 ¼ Np4pR
2
0 (15:57)

where R0 is the particle radius.
At time t, the particle radius will be decreased to R and, as a consequence, Sp will be equal to

Sp ¼ Np4pR
2 (15:58)

Then, the Kt time dependency will be given by

Kt ¼ Kd

V
4pR2 (15:59)

Equation 15.59 holds the hypothesis that the whole powder surface is available for dissolution. This is reasonably accomplished
when the dissolution medium is highly stirred so that the particles cannot adhere to the vessel walls or each other. Accordingly,
the Kt time dependency, given by Equation 15.59, has to be inserted into Equation 15.40, getting

Vd

@Cd

@t
¼ 4pNpR

2Kd(Cs � Cd)þ D1S
@C1

@X

����
X¼0

(15:60)

Equation 15.60 has to be coupled with the R time dependency coming out from a mass balance made up on the tri-laminate,
donor, and receiver compartments. This mass balance reads

M ¼ M0 þ Vd(Cd0 � Cd)� VrCr �
ðh1
0
C1S dX �

ðh1þh2
h1

C2S dX �
ðh1þh2þh3
h1þh2

C3S dX (15:61)

Bearing in mind that

M ¼ NpMp ¼ Np

4
3
prR3 (15:62)
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it follows

R ¼
ffiffiffiffiffiffiffiffiffiffiffiffiffiffi
3M

Np4pr
3

s
¼ R0

ffiffiffiffiffiffi
M

M0

3

r
(15:63)

where

M0 ¼ Np

4
3
pR3

0r; M0A ¼ Np4pR
2
0 (15:64)

where A is the powder surface per unit mass before dissolution. Equation 15.63 is the well-known Hixon–Crowell equation
[115]. The effects of the Kt reduction are more evident when the dissolution phenomenon implies a considerable decreasing of
the particle radius. Indeed, in this case, the dissolution surface will be strongly reduced and, as a consequence, the dissolving
drug mass going into the donor compartment will be decreased. Obviously, the solution of the above set of equations
(Equations 15.61 through 15.64) may be achieved only by means of a numerical method, for example, the control volume
method [92] that is an implicit finite differences method suitable to solve such kind of problems.

Interestingly, if the drug concentration profile inside the two stagnant layers and the membrane has always a linear trend, Kt

is time independent and the drug diffusion coefficient is concentration independent (these conditions are usually met for thin
membranes and well stirred donor and receiver compartments), the proposed numerical model has the following analytical
solution:

Cd(t) ¼ A1 þ A2e
(m1t) þ A3e

(m2t) (15:65)

Cr(t) ¼ B1 þ B2e
(m1t) þ B3e

(m2t) (15:66)

M(t) ¼ M0 þ E1(e
(m1t) � 1)þ E2(e

(m2t) � 1) (15:67)

where A1, A2, A3, m1, m2, B1, B2, B3, E1, and E2 are defined by the following equations:

m1 ¼ 0:5 �(Tg� Gþ xb� Y)þ
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
(Tg� Gþ xb� Y)2 � 4((xb� Y)(Tg� G)� Tzxa)

q� �
(15:68)

m2 ¼ 0:5 �(Tg� Gþ xb� Y)�
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
(Tg� Gþ xb� Y)2 � 4((xb� Y)(Tg� G)� Tzxa)

q� �
(15:69)

A1 ¼ � (xb� Y)KtCs

m1m2
(15:70)

A2 ¼
KtCs � (xb�Y) KtCs

m1
� (m2 � (Tg� G))Cs

m1 � m2
(15:71)

A3 ¼
KtCs � (xb�Y) KtCs

m2
� (m1 � (Tg� G))Cs

m2 � m1
(15:72)

B1 ¼ �KtCs þ (Tg� G)A2

Tz
(15:73)

B2 ¼ A2

Tz
(m1 � (Tg� G)); B3 ¼ A3

Tz
(m1 � (Tg� G)) (15:74)

E1 ¼ A2

m1
; E2 ¼ A3

m2
(15:75)

G ¼ KtCs þ D1SK1d

Vdh1
; T ¼ D1S

Vdh1K21
; x ¼ D3S

h3VrK23
; Y ¼ D3SK3r

h3Vr

(15:76)

a ¼ g

a� d
; b ¼ b

a� d
; g ¼ ag

a� d
; z ¼ db

a� d
(15:77)

a ¼ 1þ D3h2
D2h3K23

; b ¼ �D3h2K3r

D2h3
; g ¼ K1d

D2h1
D1h2
þ 1

K21

; d ¼ 1
D1h2

D2h1K21
þ 1

(15:78)
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To empirically adapt Equations 15.65 through 15.67 for the description of drug permeation through thick membranes, it is
convenient to introduce a lag time tr taking in account the time required to get a linear concentration profile in the two stagnant
layers and in the membrane. Accordingly, it follows:

Cd(t) ¼ A1 þ A2e
(m1(t�tr)) þ A3e

(m2(t�tr)) (15:79)

Cr(t) ¼ B1 þ B2e
(m1(t�tr)) þ B3e

(m2(t�tr)) (15:80)

Equations 15.79 and 15.80 can describe the linear part of the permeation curve [116].

15.3.2 EXAMPLES: THEOPHYLLINE PERMEATION THROUGH CALCIUM ALGINATE MEMBRANES

For its large use in the pharmaceutical field, theophylline monohydrated (C7H8N4O2 �H2O; Carlo Erba, Milano) can be used as
model drug to measure the permeability of calcium alginate membranes having different thickness. Membranes are prepared by
gradually adding the dry polymer powder (Protanal LF 20=60, Na salt of alginic acid; Protan Biopolymer, Drammen, Norway)
into a highly stirred thermostatic (408C) vessel containing demineralized water. In order to eliminate air bubbles produced by
stirring, the solution undergoes a further mixing stage under vacuum for 5 min. The solution is put in a Petri disk, which in turn
is immersed for 30 min in an aqueous solution containing 0.05 M CaCl2 and 0.4 M NaCl. CaCl2 represents the Ca

þþ source
necessary for the gel formation (based on Caþþ mediated egg-box junctions [5,117]), while NaCl is added to guarantee a better
gel homogeneity as suggested by Skiåk-Bræk et al. [117]. The gel membrane is washed for 2 min in demineralized water in
order to remove salts from its surfaces and then its thickness is determined as the average of four measurements taken in
different membrane points by means of an electronic calibre (Mitutojo, type IDC 112MCB, Japan).

The side-by-side apparatus used (see Figure 15.4) is characterized by donor and receiver compartments having equal
volumes (Vd¼Vr¼ 100 cm3) and a surface area S available for permeation of ~10 cm2. While, initially, the donor compartment
contains a saturated theophylline solution in presence of not dissolved theophylline, the receiver compartment is initially filled
by demineralized water. By means of the surrounding jacket, temperature is kept uniform and constant in the whole system
while a magnetic stirrer (600 rpm) ensures good mixing in both the compartments. The drug concentration increase is measured
and recorded by means of a personal computer managing an UV spectrophotometer (271 nm, UV (ultra violet)–VIS (visible)
Spectrophotometer, Lambda 6, Perkin Elmer) connected to the receiver environment. Permeation experiments, led in duplicate,
are performed at 258C and 378C, and for three different polymer concentrations (%P): 1, 2, and 4 w=w%. In order to get a
reliable determination of the theophylline diffusion coefficient, all other model parameters have to be measured in advance
[116]. In particular, theophylline water solubility Cs (6681� 42 mg=cm3 at 258C; 12495� 104 mg=cm3 at 378C), its water
diffusion coefficient Dw (6.1� 0.4)� 10�6 cm2=s, 258C; (8.2� 0.6)� 10�6 cm2=s, 378C), the powder dissolution constant
Kd (¼ 1.57� 10�3 cm=s, 258C; 1.52� 10�3 cm=s, T¼ 378C), the partition coefficient Km between the membrane (calcium
alginate gel) and the donor–receiver fluid (water) and, finally, the thickness h1 and h3 of the two stagnant layers (see Table 15.1)

TABLE 15.1
Theophylline Partition Coefficient (Km), Membrane Thickness (hm), Surface
Area (A), and Stagnant Layer Thickness (hss) Relative to the Experimental
Tests Performed (Calcium Alginate Gels)

T (8C) Sl No %P (�) Km (�) hm *104 (cm) A (cm2) hss * 10
4 (cm)

25 1 1 0.92� 0.02 475 10.8 54.8
2 425
3 2 0.83� 0.04 450 10.7

4 430
5 4 0.88� 0.01 870 10.2
6 700

37 7 1 0.83� 0.04 280 10.8 60.7
8 380
9 2 0.79� 0.001 490 10.7
10 480

11 4 0.84� 0.01 720 10.2
12 655

Source: From Grassi, M., Colombo, I., and Lapasin, R., J. Control. Rel., 76, 93, 2001. With permission.

Notes: T is the temperature and %P is the polymer percentage in the membrane.
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are determined. Figure 15.6 shows the trend of the receiver drug concentration Cr vs. time t, for the test performed at 258C at
three different %P (test N8 2, 3, 5). The difference between the curves obtained from tests 2 and 3 is mainly due to different
values of D2, since membrane thickness is comparable (see Tables 15.1 and 15.2), while in the case of test 5 membrane
thickness is the key parameter governing the difference. Moreover, the nonlinear trend in the beginning part of the curves,
regardless the %P value, indicates that the membranes under consideration cannot be defined as thin. Depending on the %P
considered, after a sufficiently long time, the permeation curves assume an almost linear trend indicating that, correspondingly,
a linear drug concentration profile is attained inside the tri-laminate (two stagnant layers and membrane). Similar considerations
can be done for Figure 15.6 where the Cr� t trend refers to T¼ 378C. Alginates do not give origin to thermosensitive hydrogels
and, hence, an increase in temperature does not lead to appreciable changes in the membrane structure, whereas, the
theophylline diffusion coefficient increases with temperature. Accordingly, the permeation kinetics is improved at 378C and
Cr increases more rapidly than at 258C. An inspection of Table 15.2 reveals that the theophylline diffusion coefficient (D2) does
not sensibly vary with %P, regardless temperature. This can be explained with the fact that the %P increase, in the 1%–4%
range, does not substantially reflect in an increase of the polymeric network cross-link density, responsible for a reduction of the
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FIGURE 15.6 Experimental trend of the receiver theophylline concentration Cr vs. time t relatively to three different membrane polymer
concentrations %P (w=w %): test No. 7%P¼ 1%, test No. 9%P¼ 2%, test No. 11%P¼ 4% (T¼ 378C). (From Grassi, M., Colombo, I., and
Lapasin, R., J. Control. Rel., 76, 93, 2001. With permission.)

TABLE 15.2
Theophylline Diffusion Coefficient Calculated According to the Linear
(Equation 15.80) (DLIN) and Numerical (DNUMERIC) Models Data Fitting

T (8C) No. %P (�)
DLIN * 106
(cm2=s) tr (s)

DLIN * 106
(cm2=s)

25 1 1 5.6� 0.34 90.6 5.6� 0.35
2 66.2
3 2 4.3� 0.43 141.7 4.2� 0.46

4 165.1
5 4 5.0� 0.70 270.0 5.1� 0.64
6 185.9

37 7 1 4.3� 0.59 38.2 4.3� 0.22

8 51.1
9 2 4.5� 0.21 154.1 4.4� 0.22
10 133.6

11 4 4.2� 0.11 167.1 4.2� 0.12
12 194.6

Source: From Grassi, M., Colombo, I., and Lapasin, R., J. Control. Rel., 76, 93, 2001. With permission.

Notes: tr is the empirical lag time calculated according to the linear model (Equation 15.80) data fitting;
T is the temperature and %P is the polymer percentage in the membrane.
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network mesh size, but it reflects in a higher membrane thickness. Nevertheless, it cannot be also excluded that, due to reduced
theophylline dimension (�3.8 Å [116,118]), polymeric network meshes are always very large even in the case %P¼ 4.
Obviously, this result cannot exclude that for higher polymer concentration, typical of some polymeric pharmaceutical
membranes, %P increase does not reflect in a, reasonable, cross-link density increase.

Finally, it is interesting to note that the results obtained by fitting Equations 15.79 and 15.80 (being tr and D2 the only fitting
parameters) on experimental data are, practically, equal to those deducible by fitting the numerical model to the same data (see
Table 15.2). Figure 15.7 shows the good agreement between experimental data (open circles) and model best fitting (thick solid
line, numerical model; thin solid line Equations 15.79 and 15.80).

15.4 ORAL DELIVERY SYSTEMS

Oral administration is the most popular route due to ease of ingestion, pain avoidance, versatility, (to accommodate various
types of drug candidates), and, most importantly, patient compliance [119]. In addition, solid oral delivery systems do not
require sterile conditions and are, therefore, less expensive to manufacture. Orally delivered pharmacologically active
compounds must have favorable absorption and clearance properties, and satisfactory metabolic stability to provide adequate
systemic exposure to elicit a pharmacodynamic response. If the compounds possess reasonable physicochemical properties
have low to intermediate clearance and reasonable absorption, adequate oral bioavailability may be achieved [120]. Indeed, oral
bioavailability, defined as the rate and extent to which the active drug is absorbed from a pharmaceutical form and becomes
available at the site of drug action [121], is influenced by several factors including solubility, permeability, intestinal and liver
metabolism, rapid biliary and other efflux pump-mediated excretion, and conditions in the gastrointestinal milieu [122,123].
Thus, both absorption and elimination processes determine the oral bioavailability F of a given drug. Accordingly, F can be
estimated as

F ¼ FaFgFhFl (15:81)

where
Fa is the fraction absorbed across the intestinal wall
Fg, Fh, and Fl, are, respectively, the fractions escaping clearance by the gastrointestinal tract, liver, and lung

The product of fraction available after gut and liver extraction (FgFh) following oral administration primarily determines the
oral clearance of the drug, although the contribution of lung clearance should also be considered [124]. It is therefore clear that,
due to the complexity of drug absorption, the designing of drug release kinetics is of paramount importance and membranes can
play an important role in oral delivery systems that are diffusion and dissolution controlled, as well as in ion exchange resins
and osmotic systems. Indeed, apart from the simple taste masking aim (but this aspect becomes very important when dealing,
for example, with delivery systems devoted to pediatric applications), typically, membranes are used in oral delivery systems to
modulate release kinetics by controlling drug diffusion in the release environment or by controlling external solvent penetration
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FIGURE 15.7 Best fitting of the numerical (thick solid line) and linear (thin solid line) models on the experimental data (open circles)
referring to test No. 5 (membrane polymer concentrations [w=w %] %P¼ 4%, T¼ 258C). The two models best fitting practically coincide in
the linear part of the curve. (From Grassi, M., Colombo, I., and Lapasin, R., J. Control. Rel., 76, 93, 2001. With permission.)
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in the delivery system. Additionally, membrane can be designed to dissolve in particular physiological conditions to ensure
drug release in the stomach rather in the intestine or vice versa depending on the drug absorption window. For example,
Verapamil (calcium channel blocker, indicated for the hypertension treatment), a water-soluble compound that does not show
bioavailability problems, can be administered by means of both reservoir systems (Verelan capsules, Elan Corporation,
Gainesville, Georgia) and osmotic pumps (Searle’s Covera-HS tablets, Alza Corporation, Palo Alto, Califorina). Verelan
contains a mixture of rapid and slow release beads [125] coated by a polymeric film consisting an hydroxypropylmethylcellu-
lose=ethylcellulose blend that is applied in standard coating pan by spraying the coating suspension onto the core beads.
The final commercial capsules, containing 20% uncoated beads and 80% coated beads, show a totally pH-independent
release kinetics [126]. Covera-HS is designed to be administered at bedtime while active drug release takes place 4–5 h
from ingestion as, in general, high blood pressure for many patients with myocardial infarction occurs early in the morning.
This device comprises two chambers: the active drug core and the osmotic push compartment. Delayed release is achieved
by the presence of an interposed membrane (enteric coating material) between the drug active core and the semipermeable
membrane (cellulose acetate, hydroxypropylcellulose, polyethylene glycol). Indeed, the osmotic mechanism does not start until
the GI tract water has completely dissolved the enteric coating material.

Nifedipine, another antihypertension drug belonging to the calcium channel blockers, is poorly soluble in water. Accord-
ingly, an effective administration of this drug must be based on erosion or osmotic pressure mechanism. While the osmotic
pump (Procardia XL tablets) device adopts the same membranes seen in the Verapamil release (Covera-HS), the erosion driven
delivery consists in a compress-coated system. The inner portion (core) contains micronized nifedipine plus various excipients
(among which lactose, corn starch, microcrystalline cellulose), while the external membrane is comprised of hydroxypropyl-
cellulose, lactose, and nifedipine. As soon as this delivery system is put in contact with the release environment, the
hydroxypropylcellulose hydrates and the soluble lactose erodes allowing nifedipine release at a constant rate. After, approxi-
mately 8 h, the external membrane is completely dissolved and the immediate dissolution of the inner core takes place, yielding
a very fast release of the remaining nifedipine dose.

Another interesting application of membranes is shown in the work of Järvinen and coworkers [13] who study drug release
from pH and ionic strength responsive poly(acrylic acid) (PAA) grafted poly(vinylidenefluoride) (PVDF) membrane bags in
vitro. Square-shaped bags (2� 2 cm) are formed by placing two PVDF membranes (Millipore; pore size 0.22 mm) on top of
each other and hot-sealing three sides to get a membrane bag. The open side serves to insert model drug inside the bag after
grafting. Bags are irradiated with 25 kGy under nitrogen atmosphere and the unsealed side is protected with a copper plate to
avoid hot-sealing after grafting. Immediately after irradiation, bags are immersed at room temperature in a graft solution
containing AA that is continuously purged with nitrogen to remove oxygen. Then, bags are soxhlet extracted with water to
remove any remaining monomer and dried overnight. Finally, bags are filled manually with model drug (FITC-dextran) and the
open side is hot-sealed. The United States Pharmacopea (USP) 23 rotating basket method (100 rpm, 378C, 900 cm3 of
dissolution medium: 6 mM phosphate buffer at pH 2.0 or 7.0. The ionic strength is adjusted to 0.15 with NaCl) is used to study
release kinetics from bags. Figure 15.8 shows that FITC-dextran release is considerably higher at pH 2.0 than at pH 7.0. Indeed,
this is due to changes in the conformation of the grafted PAA chains as a function of pH. As PAA pKa is about 4 [127], at
pH 2.0, polymer chains are undissociated resulting in a compact conformation. Accordingly, the pores of the PVDF-PAA
membrane are open and the drug can pass through. On the contrary, at pH 7.0, PAA molecules are dissociated and swollen so
that pores are partially blocked and drug passage is hindered. On the same principle it is based on the application of Li and
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FIGURE 15.8 Release of FITC-dextran from membrane bags prepared from 50 wt% PAA grafted PVDF membranes into dissolution
medium at pH 2.0 (filled circles) and pH 7.0 (open circles). (From Järvinen, K., Åkerman, S., Svarfvar, B., Tarvainen, T., Viinikka, P., and
Paronen, P., Pharm. Res., 15, 802, 1998. With permission.)
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D’Emanuele [128] who synthesize cross-linked poly(NIPAAm) hydrogel (thermoresponsive polymer) within the pores of
sintered glass filter discs using an in situ free radical polymerization method. At 408C, poly(NIPAAm) is in the shrunken state
so that pores are open and model drug (salicylic acid) permeation is high. On the contrary, at 208C, poly(NIPAAm) is in the
swollen state and pores are filled by the gel that hinders model drug (salicylic acid) permeation. In this manner, the authors can
control drug release kinetics acting on temperature.

The aim of this section is to illustrate some coating techniques based on physical and physicochemical principles. In
addition, for their potentiality, the attention will be then focussed on asymmetric membranes and on membranes devoted to
colon-specific delivery systems.

15.4.1 MEMBRANES FOR PHYSICALLY COATED SYSTEMS

Typically, aqueous and organic techniques can be used to coat solid dosage forms. In general, the choice of aqueous polymer
dispersions implies various advantages, such as reduced toxicity and lower processing times, with respect to organic
polymer solutions. In addition, aqueous approach, despite much higher polymer concentration, yields to coating formulation
characterized by relatively low viscosities compared to those of the respective organic coating solutions. However, aqueous
approach suffers for sensitivity to several factors—such as temperature, pH, addition of electrolytes, and other polymers—
which, potentially, can lead to dispersion destabilization and coagulation. Obviously, coating properties coming from aqueous
or organic techniques are neatly different and this, in turn, is the result of different film formation mechanisms. In the organic
solution, macromolecules, highly mobile and interpenetrated (spaghetti like configuration), undergo solgel transition upon
solvent evaporation to get film formation. Accordingly, homogeneous and compact films are realized. On the contrary, in the
aqueous strategy, polymer particles are dispersed in the liquid and, upon water evaporation, they get well organized on the
dosage form solid surface to form close-packed arrays. Capillary forces then drive the particles to coalesce together. Usually,
the addition of a plasticizer is required to minimize film formation temperature, making particles softer and facilitating their
coalescence. Consequently, film microstructure differs from that of organic-based film and crack formation is, generally, more
probable [129].

In both the organic and aqueous approaches, release kinetics from coated systems is not an easy process as many variables,
such as water diffusion, polymer swelling and dissolution, drug dissolution, diffusion, and cracks formation through the coating
can play a key role [130]. In addition, the use of polymer blends in coating formation, although allowing a broad variety of drug
release patterns, makes the release kinetics scenario much more complicated. Indeed, nowadays limited knowledge is yet
available on the importance of the coating technique strategy (aqueous or organic) in the case of polymeric blends.
Nevertheless, it seams clear that, in blend coatings, the effect of film formation mechanism on film structure and, thus on
release kinetics, is more important than in the case of one polymer coating [131].

For example, Lecomte and coworkers [129] study the characteristics of propanolol hydrochloride (Abbot, Ludwigshafen,
Germany) loaded pellets (10% w=w loading) coated by a blend of water-insoluble (ethyl cellulose (EC); Ethocel Standard 10
Premium, Dow Chemical Company, Midland, Michigan) and enteric polymers (methacrylic acid–ethyl acrylate copolymer 1:1,
Eudragit L100-55, Röhm, Darmstadt, Germany). Triethyl citrate (TEC, Morflex, Greensboro, North Carolina) is used as
plasticizer. Drug-loaded pellets are coated or with EC and Eudragit L100-55 ethanolic solutions and blends thereof or with the
respective aqueous polymer dispersions. EC:Eudragit L blend ratios investigated are 0:100, 25:75, 50:50, and 100:0 w=w, while
0.1 M HCl and phosphate buffer pH 7.4 are the release environments considered in the USP XXV paddle apparatus (378C).
Spraying technique is used to coat the loaded pellets. In virtue of the higher degrees of entanglements, dry films coming from
organic solutions show better mechanical properties (energy at break and elongation) for all the blend ratios considered. In
addition, dry film mechanical properties do not sensibly depend on plasticizer content. For what concerns release properties, the
authors find that release kinetics strongly depends on the coating technique considered (organic or aqueous) and a great variety
of release patterns can be obtained by varying blend ratios. In particular, for organic coating, release kinetics increases with
Eudragit L content and it is improved by higher pH values. Conversely, in the case of aqueous coating, if pH increase still
reflects in improved release kinetics, the effect of Eudragit L content on release kinetics is no longer (increasing) monotone.
Finally, wherever low-pH release kinetics from aqueous coating is higher than the organic coating, these differences practically
vanishes at high pH where the most important aspect is enteric polymer dissolution.

On the other hand, Siepmann and coworkers [130] focus attention on release kinetics from aqueous coating technique. In
particular, theophylline pellets (�800 mm diameter; Boehringer Ingelheim, Ingelheim, Germany) coated by two different kinds
of water-insoluble and enteric polymers: (a) EC (Aquacoat ECD, FMC c=o Interorgana, Köln, Germany) and hydroxypropyl
methylcellulose acetate succinate HPMCAS (ShinEtsu c=o Syntapharm, Mühlheim and er Ruhr, Germany); and (b) EC and
Eudragit L30D-55 (Röhm, Darmstadt, Germany) are considered. Triethyl citrate (TEC, Morflex, Greensboro, North Carolina)
is used as plasticizer. Blend ratios and release apparatus are the same used by Lecomte [129] and Siepmann and coworkers. At
low pH, the authors find that release kinetics from EC:Eudragit L and EC:HPMCAS coated pellets is similar and it increases
with HPMCAS or Eudragit L content, respectively. At high pH, regardless of the coating type, release kinetics is improved due
to the partial dissolution of the enteric polymer. Nevertheless, this is more evident in the EC:Eudragit L coating irrespective of
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blend ratio. The authors demonstrate that this is due to the high presence of water-filled cracks in the EC:Eudragit L coating.
This affirmation is also supported by mechanical tests on films exposed to high pH release environment (higher energy is
required to break EC:HPMCAS films).

It is now interesting to focus the attention on the different techniques used in the coating process. Typically, it involves
deposition of uniform polymeric membrane onto the surface of the substrate such as tablets, pellets, or drug particles. Film
coating, layering coating, and compressed coating represent the most used techniques [126]. Film coating process is performed
in a coating pan, a fluidized bed, or a rotary granulator. Ethylcellulose, methacrylic ester copolymers, methacryl ester
copolymers, cellulose acetate, and enteric polymers are widely used either alone or in combination with water-soluble polymers
for the preparation of controlled release films. Since the integrity of the film and the absence of flaws or cracks are important
factors in controlling the drug release kinetics from such preparation, it is very important that film formulation is optimized.
In the light of this, plasticizers are often added to increase flexibility and to reduce the incidence of flaws. Obviously, coating
properties also strongly depend on the presence of pigment and solvent, and on process variable such as temperature, spray
rate, and so on. Layering coating is often performed in a fluidized bed in a noncontinuous manner. In coating beads, for
instance, the seeds may first be coated with one layer of active drug and then with one polymeric layer followed by another
active drug layer to get a wafer structure. In some cases, the active drug may be dissolved or dispersed with the coating
materials. Compression coating process is performed using a tablet press to make a compress coat surrounding a tablet core
(tablet-in-tablet). The compress coat can act as a barrier to drug release or as a part of formulation to provide biphasic release.
Initially the process needs to compress the core formulation to get a relatively soft tablet that is then transferred in a larger die
for final compression of the compress coat layer. This process can be used to develop a controlled release system with
unique release profiles or to formulate two incompatible drugs by incorporating one in the core and the other in the compress
coat layer.

Among the novel technologies, electrostatic coating merits to be considered [119]. The interesting advantage of this dry
coating process consists in the elimination of blending powders, granulation, drying, lubrication and compression. In addition,
it is less operator-dependent, it is continuous and is considerably fast. The principle of electrostatic deposition is based on the
fact that opposite charges attract. Material deposition occurs when a pattern of charges is established on the substrate where the
deposition is desired, and a supply of material to be deposited is delivered in the form of small, charged particles. The pattern of
charges on the substrate will establish an electrical field, E, that interacts with charges on the material to be deposited according
to Coulomb’s Law:

F ¼ qE (15:82)

where
F is the force
q is the charge

The charged particles will be moved by this force, transported to the substrate, and deposited in a pattern determined by
the charge on the surface. The key components in the technology may be summarized as four main areas, namely, active
pharmaceutical ingredients, substrate, electrostatic chuck, and the controlled field deposition process. For what concerns
active ingredients, the technology allows the production of material with controlled size, morphology, uniform flow, and
charging properties. Intrinsic surface properties of active ingredients can be modified to enhance charging and handling. The
substrate, an insulating film, is defined as the base upon which the drug is deposited. The substrate mechanical properties, such
as thickness, modulus, and strength, and the electrical property of bulk resistivity are critical [132]. A chuck is a clamp or a
device that holds an object. The role of an electrostatic chuck is to hold the substrate and provide the charged pattern onto
the substrate in this technology. The electrostatic chuck can be equipped with an electrode for sensing the number of particles
attracted to the chuck, thereby ensuring an accurate amount of particles [133]. Finally, the charging is achieved by using
a three layer structure that has a conducting back-plane electrode, an insulating layer, and a patterned conducting top electrode.
This controlled field deposition process enables the material to be directly deposited onto a single layer substrate [134].
The electrostatic powder coating process implies electro-charged powder adhesion on a rotating charged cylinder. Then, the
powder is put into close proximity to the tablets (to be coated) that are vacuum-held in depressions around another cylinder. An
opposite charge is given to the powder by means of a high-tension electrode to transfer it on the exposed tablet surface. Powder
fusion to form a film is achieved by brief exposure to a source of long-wave infrared radiation.

15.4.2 MEMBRANES FOR PHYSICOCHEMICALLY COATED SYSTEMS

In contrast to previous paragraph, in this case, coating process can also involve a chemical reaction and this approach can be
generally named as microencapsulation. Microencapsulated solid preparations are widely used in pharmaceutical, chemical,
and other industries to protect various substances from environmental impact, as well as for extending their action [135]. In the
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pharmaceutical field, in particular, these preparations are mainly used to get controlled release drug kinetics, to minimize side
effects, to reduce gastric irritations, and to mask the unpleasant taste of the contained drug [135–140]. Indeed, many different
active components are microencapsulated: analgesics, antibiotics, antihistamine, cardiovascular agents, iron salts, antipsycho-
tics [141], vitamins, peptides [142], proteins [143], anti-asthma [138,144], broncodilators, diuretics, anticancerogens, tranqui-
lizers, and antihypertensives [135].

Basically, microencapsulation can be performed according to the interfacial polymerization technique and the coacerva-
tion=phase separation methods [135,145]. The first approach consists polymerization of a monomer at the interface between
two immiscible phases yielding to the formation of a solid film surrounding the dispersed phase (termed microcapsule core or
simply core). This technique applies in the case of water-immiscible liquid core, water-miscible liquid core, and solid core. For
instance, in the case of a water-miscible liquid core, a hydrophilic polymer aqueous solution is dispersed in an organic phase
with the aid of an emulsifier to get a water-in-oil emulsion. The addition of a water-insoluble reactant in the organic phase
promotes the polymerization and thus the formation of a solid film around the aqueous dispersed phase. As the penetration of
reactants in the polymerization zone is easier in a liquid environment than in a solid one, interfacial polymerization is more
suitable for liquid encapsulation. Typically, polyamides, polyesters, and polyurethanes films are realized by using various
combinations of water- and oil-soluble monomers and solvents [145]. Microcapsules morphology is characterized by a
continuous and smooth external film, while an inner irregular surface is generally encountered. Microcapsules of 20–30 mm
diameter (even if smaller 3–6 mm diameter capsules can be produced) characterized by a 20 nm film thickness can be obtained.

The coacervation=phase separation methods can be divided into aqueous and organic groups. In turn, aqueous group can be
divided into complex and simple [135]. Simple coacervation, applying only for the microencapsulation of solid and liquid
hydrophobic materials, implies the dissolution of a hydrophilic polymer in water where, subsequently, the hydrophobic core is
dispersed. Encapsulation occurs due to the deposition of the coacervate (polymeric colloidal phase) on the hydrophobic core
following a variation in temperature=pH or the addition of a precipitating agent. While complex coacervation differs from
simple coacervation for the presence of more than one colloid, organic coacervation is the inverse of the aqueous one. Indeed,
in this case, the core is constituted by a water-soluble material, while the film is an hydrophobic material. Among the many
polymers that are used in the coacervation technique, agar, albumin, alginates, chitosan, collagen, pectin, and starch can be
remembered for what concerns natural polymers, while acrylic acid, cellulose derivatives, polyurethanes, polyamides, and
polyvinylpyrrolidone represent the synthetic part. Typically, microcapsules ranging from 5 up to 5000 mm can be produced
while elastic or rigid and fragile or tough films can be obtained.

To achieve maximum efficiency from using microencapsulated particles, it is necessary to know the time needed to extract
the solid phase out of the polymeric capsule. The extraction rate of active components through a polymeric coating depends on
many factors such as the nature of the polymeric film binder, the conditions under which the coating was applied, its structure,
thickness, and porosity [146]. As a consequence, to properly design these particular delivery systems, a deep knowledge of the
release mechanism and of the drug–film physical properties is required [147,148]. Indeed, drug release occurs from an
ensemble of poly-dispersed spherical particles constituted by an external polymeric film that can undergo both erosion and
swelling upon contact with the release environment. In addition, drug dissolution in the inner core (in the case of solid core) and
drug diffusion in the film concur to determine the release kinetics. Indeed, as soon as microparticles are put in contact with the
release environment, the external fluid crosses the polymeric coating, progressively dissolves the drug core, and fills the inner
void space generated by core dissolution. Consequently, the drug present in the inner solution moves through the polymeric
film determining the increase of its concentration in the release environment. Thus, drug is distributed among outer solution
(release environment), polymeric coating, inner solution, and solid core. Despite the industrial relevance of microencapsulated
delivery systems, no many authors matched the mathematical modeling of these systems, probably due its complexity.
Nevertheless, some interesting examples can be found in literature [139,146,149,150].

15.4.3 ASYMMETRIC MEMBRANES

Asymmetric membranes are composed of a thin, dense skin layer supported by a thicker, porous substructure layer (Figure
15.9). Accordingly, they combine the high selectivity of dense membranes with the good permeability of porous membranes
and thin dense membranes [151]. The technique used to produce these particular membranes implies the dissolution of the
desired polymer in a solvent mixture composed by at least two solvents. One will be a good solvent for the polymer (more
volatile solvent), while the other (less volatile solvent) will be a poor solvent (or non-solvent) for the polymer. Upon
evaporation, due to different solvents boiling point, the solution enriches in the less volatile solvent (poor solvent) causing an
abrupt precipitation of the polymer [152]. This technique (phase inversion) implies the transformation from a solvent continuous
phase to a polymer continuous phase. Indeed, as soon as the drying process develops from the original solvent phase, two
inter-dispersed liquid phases grow up. Then, further drying leads to a primary and secondary gel. The initial solvent solution
contains also a third solvent (pore former) that has a non-solvent character for the polymer and that is neatly less volatile than
the other two solvents. An alternative process implies polymer dissolution in a solvent system, film casting, and subsequently
immersion into a quench bath of non-solvent for polymer. The solvent of the first step is extracted from the cast
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polymer solution into the quench bath, which leads to the precipitation of the polymer in structured form. In order to infer the
desired elasticity and to reduce brittleness to asymmetric membrane, hydrophobic=hydrophilic plasticizers (glycerol, diethyl
phthalate) may be added to the coating formulation.

In the delivery field, asymmetric membranes are typically employed as semipermeable membranes in osmotic-controlled
delivery systems. Even if the drug release mechanism is mainly governed by the difference in osmotic pressure between the
environmental fluid and drug-containing core of the delivery system, the diffusion contribute through the membrane cannot,
in principle, be neglected. As soon as the delivery system is put in contact with the external delivery environment, water
penetrates the asymmetric membrane, dissolves the inner core-soluble compounds (among which the drug and the osmotic
agent), and pumps out drug solution through membranes pores due to increased internal pressure. As asymmetric membrane
is not perfectly semipermeable, part of the drug can be delivered also by diffusion. Accordingly, the drug release rate (dM=dt) is
given by

dM

dt
¼ dMo

dt
þ dMd

dt
(15:83)

where
t is time
M is the total drug amount released until t, Mo and Md are the M contribute due to osmotic pressure difference and

diffusion, respectively

According to Equations 15.35 and 15.3, Equation 15.83 becomes:

dM

dt
¼ A

h
kDpcþ AD

c

h
(15:84)

where
A and h are device surface area and membrane thickness, respectively
k is the membrane permeability (with respect to water)
Dp is the osmotic pressure difference
c is the dissolved drug concentration in the core fluid, while D is drug diffusion coefficient inside the asymmetric

membrane

With respect to other osmotic technologies, asymmetric membranes ensure higher water permeability reflecting in the
possibility of greater designing flexibility. Indeed, fast release rate can be achieved and lower solubility drugs can be

FIGURE 15.9 Scanning electron micrograph showing the cross-section of the asymmetric membrane wall. (From Thombre, A.G., Cardinal,
J.R., DeNoto, A.R., and Gibbes, D.C., J. Control. Rel., 57, 65, 1999. With permission.)
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considered. Then, not only membranes porosity can be controlled by choosing the proper pore former, but also asymmetric
membranes can be produced by means of conventional pharmaceutical equipment [151]. Typically, polymers such as
cellulose derivatives, polysulfones, polyamides, polyurethanes, polypropylene, poly(vinyl chloride), polyvinyl alcohol,
poly(vinylidene fluoride), ethylenevinyl acetate, ethylenevinyl alcohol, and PMMA are used to fabricate asymmetric
membranes [153]. On the technological side, it has to be remembered that asymmetric membranes can be used to produce
capsule shells and tablets by dip-coating process followed by immersion into a quench bath or air drying process [153]. In
addition, they can be used to coat beads (�1 mm diameter) by means of the spray-drying and conventional spray-coating
technique.

An interesting study about in vitro and in vivo performances of asymmetric membranes is given by Thombre and
coworkers [154]. These authors, starting from a standard coating solution (cellulose acetate 15%, acetone 49%, ethyl alcohol
28%, and glycerin 8% [plasticizer, variable: 0%–8%], triethylcitrate [TEC] [variable: 0%–8%]), manufacture capsules, filled by
drug, based on a dip-coating process [155]. The in vitro dissolutions are performed using standard USP dissolution method-
ology (Apparatus 2, rotating paddles, 50 rpm, 378C, and 900 or 1000 mL of medium). The pharmacokinetic studies are
performed in four fasted and fed laboratory beagle dogs using an immediate release tablet as the control. In vitro results clearly
evidence how the more soluble the drug the higher the release rate. In addition, the authors observe that membrane permeability
decreases with increasing TEC concentration. Indeed, higher amount of TEC reflects in a thicker dense membrane layer. This
aspect is well documented by Figure 15.10 showing the percentage of glipizide released from capsules characterized by an
increasing TEC concentration. For the in vivo performance of asymmetric membranes (same composition of in vitro test apart
from the percentage of glycerin 3% and triethylcitrate 5%) doxazosin (1.5 mg dose) is used as a model drug. Figure 15.11
shows the comparison between mean plasma concentration due to standard immediate release tablets used as the control (Std
tablet) and asymmetric membrane capsules (AM Capsules). Four laboratory beagle dogs in fed and fasted conditions are
considered. It is clear that AM capsules alter doxazosin pharmacokinetics by reducing the concentration peak and prolonging
absorption (Tmax¼ 59.0 h fasted and 7.0 h fed).

15.4.4 MEMBRANES FOR COLON DELIVERY

Membranes play a fundamental role also in the colon-specific drug delivery systems. This administration route, whose
advantages have been well recognized and documented [156], provides more effective therapy of colon-related diseases
such as irritable bowel syndrome, inflammatory bowel disease (IBD) including Crohn’s disease and ulcerative colitis. Colon-
specific delivery has the potential to address important unmet therapeutic needs including oral delivery of macromolecular
drugs. The colon is also viewed as the preferred absorption site for oral administration of protein and peptide drugs, because of
the relatively low proteolytic enzyme activities in the colon. For example, insulin, calcitonin and vasopressin can be absorbed in
that region [157]. Because of the distal location of colon in the GI tract, a colon-specific drug delivery system should prevent
drug release in the stomach and small intestine, and effect an abrupt onset of drug release upon entry into the colon. This
necessitates a triggering element in the system that can respond to physiological changes in the colon. Basically, the traditional
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four approaches to colon delivery are pro-drugs, pH-dependent systems, time-dependent systems, and microflora-activated
systems [156]. Membranes, typically, are involved in the last three situations. For example, LiuXing [158] studies the delivery
of bee venom peptide loaded on liposomes contained in an Eudragit S100 coated calcium alginate beads. Drug release studies
are carried out using a USP Dissolution Rate Test Apparatus (Apparatus 1, 100 rpm, 378C). The coated calcium alginate gel
beads are tested for drug release for 2 h in 0.1 M HCl (250 mL), as the average gastric emptying time is about 2 h. Then, the
dissolution medium is replaced with pH 6.8 phosphate buffer (250 mL) and tested for drug release for 3 h, as the average small
intestinal transit time is about 3 h. Next, pH 7.4 phosphate buffer (250 mL) is used to test drug release for 3 h. As Eudragit S100
dissolves at pH 	 6.8, it is expected that peptide release takes place only after 2 h. Indeed, after coating dissolution, gel beads
are exposed to the aqueous environment that promotes polymer matrix swelling and erosion, leading to the liposome-loaded
peptide release. Figure 15.12 shows that while the initial release of bee venom from the coated gel beads is very low, it
considerably increases later on. Bee venom release in the first 2 h is negligible (pH 1.2), while the fractional drug amount
released rises to 5.5% after 3 h and 16% after 4 h. After 8 h, about 90% is released. Siew and coworkers [159] study
5-aminosalicylic acid release from amylose–ethylcellulose coated pellets in batch culture fermentation systems containing
amylase enzymes or fecal bacteria. The pellets (100 g batch size) are coated in a fluidized bed coater (GPCG-1 Uni Glatt, Glatt
GmbH, Binzen, Germany) using an amylose–ethylcellulose mixture containing 50% amylose to a total weight gain of 15%.
The mixture is sprayed at a rate of 0.3 g=min through a 1.1 mm nozzle under a pressure of 2 bars. The bed temperature is
maintained at 408C. These authors find that the rate of release of 5-aminosalicylic acid is slightly faster in the fecal fermentation
system than in the enzyme system, although release in both systems is substantially faster than in the control. This proves that
the amylose coating can be destroyed by the presence of proper enzymes that can be produced by fecal bacteria. These findings
are substantially confirmed both in vitro and in vivo (four healthy volunteers) also by Macleod and coworkers [160] who work
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on pectin-chitosan-hydroxypropyl methylcellulose (3:1:1) film coated radiolabelled (99mTc) tablets. For both in vitro and in
vivo tests, tablets are provided by an outer enteric coating (hydroxypropyl methylcellulose phthalate). The gastrointestinal
transit of the tablets is assessed by gamma scintigraphy while a Caleva dissolution apparatus is used for in vitro release
(pectinolytic enzyme is added to Sorensen’s phosphate buffer to mimic colon environment). The experimental results show that
tablet breakup starts once tablets are in the colon, due to degradation of the coat by colonic bacteria. Basically, this example
falls in the so-called CODES approach [156] that couples the action of outer pH-sensitive coatings and an inner bacteria
degradable coating as illustrated in Figure 15.13. Three polymeric layers surround the tablet core. The first coating (next to the
core tablet) is an acid-soluble polymer (for example, Eudragit E) and outer coating is enteric with a HPMC barrier layer in
between to prevent any possible interactions between the oppositely charged polymers. The core tablet is comprised of the
active, one or more polysaccharides and other desirable excipients. The polysaccharides, degradable by enterobacteria to
generate organic acid, include mannitol, maltose, stachyose, lactulose, fructooligosaccharides, etc. During its transit through
the GI tract, CODES remains intact in the stomach due to the enteric protection, but the enteric and barrier coating will dissolve
in the small intestine, where the pH is above 6. Because Eudragit E starts to dissolve at pH� 5, the inner Eudragit E coating is
only slightly permeable and swellable in small intestine. Upon entry into the colon, the polysaccharide inside the core tablet will
dissolve and diffuse through the coating. The bacteria will enzymatically degrade the polysaccharide into organic acid. The
consequent pH lowering is sufficient to affect the dissolution of the acid-soluble coating and the following drug release.

Among newly developed colon-specific drug delivery systems, pressure-controlled delivery capsules (PCDCs) [161] can be
mentioned. Their mechanism of action is based on the relatively strong peristaltic waves taking place in the colon and leading to
an increased luminal pressure. They consist of a capsular-shaped suppositories coated with a water-insoluble polymer (ethyl
cellulose). Once taken orally, PCDCs behave like an ethyl cellulose balloon, because the suppository base liquefies at body
temperature. In the upper GI tract, PCDCs are not directly subjected to the luminal pressures since sufficient fluid is present in
the stomach and small intestine. The reabsorption of water in the colon provokes an increase of the luminal content viscosity.
As a result, increased intestinal pressures directly affect the system via colonic peristalsis. Consequently, PCDCs rupture and
drug release in the colon take place.

15.5 TRANSDERMAL DELIVERY SYSTEMS

As skin is one of the most readily accessible organs of the body, topical application of drugs for treatment of skin diseases or
pathology has been studied for a long time [162]. Indeed, skin separates the vital organs from the outside environment and
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FIGURE 15.13 CODES approach mechanism of action. (From Yang, L., Chu, J.S., and Fix, J.A., Int. J. Pharm., 235, 1, 2002. With
permission.)
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serves as a protective barrier against physical, chemical, and microbial attacks. Though these good protective properties, often
topical applications represent a successful drug delivery strategy. Indeed, for many drugs, the transdermal route has the
potential to be an extremely efficient delivery site [163]. Topical application avoids the effects of both gastric degradation and
hepatic first-pass metabolism, and it presents a large surface area for absorption (~2 m2) and has relatively low proteolytic
activity [163]. Accordingly, today there exist a number of patches for drugs such as clonidine, fentanyl, lidocaine, nicotine,
nitroglycerin, oestradiol, oxybutinin, scopolamine, and testosterone [164,165]. There are also combination patches for
contraception, as well as hormone replacement (see Table 15.3). In addition, transdermal administration can represent an
opportunity to avoid side effects as it happens in the case of oestradiol patches (used by more than a million patients annually)
that, in contrast to oral formulations, do not cause liver damage [166]. Similarly, transdermal clonidine, nitroglycerin, and
fentanyl patches exhibit few adverse effects than conventional oral dosage forms. Despite this encouraging frame, however,
some problems connected with the transdermal route still remain. Indeed, only low molecular weight (MW< 500), high
lipophilicity (oil soluble), and small required dose (up to milligrams) drugs can be successfully administered. The smallest drug
presently formulated in a patch is nicotine (MW¼ 162) and the largest is oxybutinin (MW¼ 359). Opening the transdermal
route to large hydrophilic drugs is one of the major challenges in the field of transdermal drug delivery. Indeed, the possibility
of releasing drugs such as proteins and peptides would lead to considerable advantages in terms, for example, of patient’s health
and compliance. In the light of this, the most clinically significant protein is, of course, insulin. Due to the chronic nature and
multiple daily-dosing requirement of its administration schedule and the population of diabetics in the world, providing
a noninvasive delivery mechanism for this compound would represent a considerable improvement from both the patient and
the manufacturer viewpoint. However, other macromolecules such as cyclosporin, luteinizing hormone-releasing hormone
(gonadotrophin-releasing hormone), and thyrotropin-releasing hormone could take advantage of a transdermal administration.
Finally, also vaccines could be administered by means of the transdermal route and this assumes a very important aspect
if we remember that the World Health Organisation currently recommends that children be immunized with approximately
12–13 different vaccines before 1 year of age which, in addition to the discomfort associated with needle injections, also
raises issues about the potential risk of transfer of blood-borne pathogens [163]. Accordingly, the possibility of delivering
such large molecules through the skin in a painless way, and yet still achieve sufficient cellular response to elicit immune
protection, would be very important. Fortunately, large molecule release through skin may now be possible with some of
the physical enhancement technologies. Consequently, the target of this section is to illustrate some examples of
transdermal drug delivery focussing on passive diffusion-regulated delivery systems and systems aided by physical
enhancing methods.

TABLE 15.3
Characteristics of Transdermal Patches

Drug Product Name Dose and Patch Size Dose Delivered Clinical Indication

Clonidine Catapres-TTS 2.5–7.5 mg in 3.5–10.5 cm2 0.7–2.1 mg in 7 days Hypertension
Ethinyloestradiol(EO)
norelgestromin (N)

Ortho-Evra 0.75 mg EO and 6 mg N
in 20 cm2

0.14 mg EO and 1.05 mg N
in 7 days

Birth control

Fentanyl Duragesic 2.5–10 mg 1.8–7.2 mg in 3 days Analgesia

Lidocaine Lidodem 700 mg in 140 cm2 10–32 mg in 12 h Post-herpatic neuralgia
Lidocaine (L)
epinephrine (E)

Iontocaine 20–50 mg=L and 10–25 mg E
in 5.7–11.1 cm2

40 mAmin iontophoresis Dermal anesthesia

Nicotine Habitol Nicoderm-CQ
Nicotrol Prostep

8.3–114 mg in 3.5–30 cm2 5–22 mg in 16–24 h Smoking cessation

Nitroglycerin Nitro-Dur Transderm-

Nitro

12.5–160 mg in 5–40 cm2 1.2–11.2 mg in 12–14 h Angina

17b-oestradiol Alora, Climara Esclim,
Estradem FemPatch,

Vivelle, Vivelle-DOT

0.39–20 mg in 2.5–44 cm2 0.075–0.7 mg in 3–7 days Hormone replacement

Oestradiol (O)
norethindrone (N)

CombiPatch 0.51–0.62 mg O and 2.7–4.8 mg N
in 9–16 cm2

0.15–0.20 mg O and
0.42–1.0 mg N in 3–4 days

Hormone replacement

Oxybutynin Oxytrol 36 mg in 39 cm2 11.7–15.6 mg in 3–4 days Overactive bladder

Scopolamine Transderm Scop 1.5 mg in 2.5 cm2 1.0 mg in 3 days Motion sickness
Testosterone Androderm Testoderm

TTS Testoderm
10–328 mg in 37–60 cm2 2.5 mg in 1 day Hypogonadism

Source: From Prausnitz, M.R., Mitragotri, S., and Langer, R., Nat. Rev. Drug Discovery, 3, 115, 2004. With permission.
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15.5.1 MEMBRANES FOR PASSIVE DELIVERY SYSTEMS

As skin has evolved to impede the flux of toxins into the body and minimize water loss, it shows very low permeability to the
penetration of foreign molecules [167]. A unique hierarchical structure of lipid-rich matrix with embedded corneocyte in the
upper strata (15 mm) of skin—the stratum corneum—is essentially responsible for this barrier. The corneocytes, comprising
cross-linked keratin fibers, are ~0.2–0.4 mm thick and ~40 mm wide [168]. They are held together by corneodesmosomes,
which confer structural stability to the stratum corneum. The stratum corneum lipids are composed primarily of ceramides,
cholesterol, and fatty acids that are assembled into multi-lamellar bilayers. This unusual extracellular matrix of lipid bilayers
serves the primary barrier function of the stratum corneum. The layer of lipids immediately adjacent to each corneocyte is
covalently bound to the corneocyte and is important in maintaining barrier function. The stratum corneum is continuously
desquamated, with a renewal period of 2–3 weeks. It is actively repaired by cellular secretion of lamellar bodies following the
disruption of its barrier properties or other environmental insults [169]. Due to its structural heterogeneity, solute transport in
stratum corneum lipid bilayers is highly anisotropic and size dependent, and that is why spatial variations in solute partition and
diffusion coefficients are often observed [170].

Just below stratum corneum, we can find the epidermis, a viable tissue devoid of blood vessels 50–100 mm thick. The inner
skin layer is represented by the dermis (1–2 mm thick) containing capillary loops able to take up transdermally administered
drugs for systemic distribution [164]. On the basis of its morphology, in principle, drug penetration through skin can take place
through sweat glands, hair follicles, and transepidermally [171,172]. However, the contribution of follicles is hard to be
quantified (in human skin, their contribution is negligible [172]) as their number per unit area is not equal for the different body
parts both in humans and animals). Undoubtedly, based on the surface area available to permeation, the diffusion mechanism
through stratum corneum is the most relevant one and that is why stratum corneum characteristics, often, discriminate between
drugs that can take or cannot take advantage from a purely diffusive transdermal strategy.

The release of a therapeutic agent from a formulation applied to the skin surface and its transport to the systemic circulation
is a multistep process involving (a) dissolution within and release from the formulation, (b) partitioning into the stratum
corneum (SC), (c) diffusion through the SC, principally via a lipidic intercellular pathway (i.e., the rate-limiting step for most
compounds), (d) partitioning from the SC into the aqueous viable epidermis, (e) diffusion through the viable epidermis and into
the upper dermis, and (f) uptake into the local capillary network and eventually the systemic circulation [173]. Therefore, an
ideal drug candidate would have sufficient lipophilicity to partition into the SC, but also sufficient hydrophilicity to enable the
second partitioning step into the viable epidermis and eventually the systemic circulation.

Transdermal patches can be classified into two categories on the basis of their design: reservoir-type and matrix-type
patches [164]. A reservoir-type patch consists of four major components: the reservoir, where drug is hosted in a solution or in a
gel, the rate-controlling membrane, the adhesive layer, and the backing. Drug release occurs due to drug permeation through the
membrane and the adhesive layer to get skin surface. Typically, the reservoir contains also an enhancer, a chemical compound
that diffuses through the membrane and the adhesive layer penetrates into skin improving its permeability to drug. A little
variation of the reservoir-type patch is represented by the multi-laminate design, where drug is dispersed=dissolved in a solid
polymer matrix [174]. By contrast, matrix-type patches, which were introduced after reservoir-type patches, combine drug,
adhesive and patch backing into a simpler design that does not involve a rate-controlling membrane. Accordingly, skin
permeability usually governs the rate of drug delivery. Although these patches are easier to fabricate, they have limited
flexibility in their design compared with reservoir-type patches that also offer the advantage of higher formulation flexibility
and tighter control over delivery rates. Obviously, reservoir-type patches usually involve greater design complexity. While
reservoir-type patches can provide a constancy of drug release rate, which means that the device can supply a constant amount
of drug per unit time, which is not achievable in matrix-type patches. On the contrary, however, reservoir-type patches can have
an initial burst of drug release. As membrane plays a fundamental role in reservoir-type patches, it must satisfy some
requirements. In particular, a drug diffusion coefficient ranging from about 10�7 to 10�9 cm2=s, the possibility of being
fabricated in form of thin film, a low solubility for the drug, the property of being soften well above shipping temperatures and
an elastic modulus about 1000–1 MPa constitute fundamental prerequisites. For example, polyethylene, ethylene vinyl acetate,
and polypropylene films match the above-mentioned requirements [174]. In general, however, ethylene vinyl acetate films
represent the best candidates for these applications as vinyl acetate content can be modified to tune membrane permeability in
relation to drug. In addition, membrane thickness, ethylene components crystallinity, and domain structure are other important
variables to properly design release rate characteristics. For what concerns adhesives, they must be very permeable to both drug
and enhancers as drug release rate is demanded only to membrane.

15.5.2 MEMBRANES FOR PHYSICALLY ENHANCED DELIVERY SYSTEMS

While chemical enhancers can be a successful tool for the improvement of small drug permeability through skin, for big
molecules other strategies have to be undertaken. Indeed, proteins and peptides transdermal administration requires the use of
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physical methods to enhance permeability. Basically, these methods comprehend electrically based techniques (iontophoresis,
electroporation, ultrasound, and photomechanical wave), structure-based techniques (microneedles), and velocity-based tech-
niques ( jet-propulsion) [163]. Although a detailed description of all these techniques is out of the scope of this section, some
details on electrically based systems can be useful in the light of membrane applications in the delivery field.

Iontophoresis was initially developed to facilitate the delivery of ionized solutes, with inherently low partition coefficients
due to their charged state, across tissue membranes. The technique involves the application of a small electric current (usually
0.5 mA=cm2) to a drug reservoir on the surface of the skin, with the same charged electrode as the solute of interest placed
together to produce a repulsion effect that effectively drives solute molecules away from the electrode and into the skin [175]
(Figure 15.14). The effect of simple electrorepulsion is known to be one of the main mechanisms by which iontophoresis
produces its enhancement effects, although other factors such as a permeability increase of the stratum corneum due to an
electric current flow, and electroosmosis of uncharged and larger water-soluble molecules can play an important role [176]. If
iontophoresis proved to be successful for small molecular weight drugs (MW< 500) [163,175], encouraging results can also be
achieved for macromolecules and proteins. At this purpose, we can mention calcitonin (salmon) [177], corticotrophin-releasing
hormone [178], delta sleep-inducing peptide [179], dextran sulphate [180], insulin [181], growth hormone-releasing factor
[182], leuprolide acetate [183], leutenizing hormone-releasing hormone [184], neutral thyrotrophin-releasing hormone [185],
oligonucleotides [186], parathyroid hormone [187], and vasopressin [188].

Electroporation is a technique that was initially developed for transmembrane delivery of macromolecules in isolated cells
in culture systems and then expanded to intracellular delivery in vivo [189]. The process involves the application of large
transmembrane voltages caused by electrical pulses (10 ms to 100 ms), which probably cause the formation of transient pores
(Figure 15.15) in the membrane that subsequently allow the passage of macromolecules from the outside of the cell to the
intracellular space via a combination of possible processes including diffusion, local electrophoresis, and electroosmosis [190].
The application of electroporation to skin descends from the theory that the intercellular lipid bilayers of the skin should
behave like those of cell membranes and be susceptible to pore formation following high-voltage electrical pulsing [191]
(Figure 15.15). The work of Prausnitz and coworkers demonstrates the effectiveness of electroporation in transdermal drug
delivery [164]. While the electrical resistance of the skin is reported to decrease as much as three orders of magnitude within
microseconds of administration of an electrical pulse [192], skin permeability to drugs is also reported to increase by several
orders of magnitude. This is mainly attributed to electrophoretic movement and diffusion through the newly created aqueous
pathways [193] (Figure 15.15). In vitro experiments proved the increase in transdermal penetration up to 104-fold not only for
small molecular weight drugs, but also for bigger drugs such as leutenizing hormone-releasing hormone [194], insulin [195],
and oligonucleotides [196].

Ultrasound (or sonophoresis) is a technology more traditionally associated with the fields of physiotherapy, sports medicine,
andmedical imaging rather than transdermal drug delivery. Compared to physiotherapy, where high-frequency energy (1MHz) is
used, in transdermal drug delivery low-frequency energy (20 kHz region) is applied across the skin. Cavitation, the acoustically
induced formation and oscillation of gas bubbles formed because of the mechanical energy supplied, is the most probable
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electrode positioned elsewhere on the body, and a current (<0.5 mA) passed between the two electrodes effectively repelling drug away from
the active electrode and into the skin. (From Cross, S.E. and Roberts, M.S., Curr. Drug Deliv., 1, 81, 2004. With permission.)
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explanation for skin permeability increase [197]. Indeed, bubbles presence and movement produce defects large enough
to facilitate the passage of macromolecules through the stratum corneum bilayers. Recent studies demonstrate an increase of
2.6–15-fold of the estradiol, naphthol, aldosterone, lidocaine, and testosterone diffusion coefficient due to ultrasound.

Photomechanical waves (PWs) (also known as laser-generated stress waves) are the pressure pulses produced by ablation of
a material target (polystyrene) by Q-switched or mode-locked lasers (Figure 15.16). Although the mechanisms by which
PWs increase the permeability of the stratum corneum are not entirely clear, microscopic studies have indicated that the
energy supplied promotes to the formation of transient channels through the stratum corneum. The PW delivery of insulin
through the skin of diabetic rats was shown to cause reductions in blood glucose of around 80%� 3%, and was maintained
below 200 mg=dL for more than 3 h. The largest molecule that has been reported to be delivered through rat skin to date has
been 40 kDa [163].
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FIGURE 15.15 Hypothetical bilayer poration model. Pores are hypothesized to form in the intercellular bilayers via momentary realignment
of lipids that recover their original position at various times after the electrical pulse. (From Cross, S.E. and Roberts, M.S., Curr. Drug Deliv.,
1, 81, 2004. With permission.)
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FIGURE 15.16 Photomechanical wave delivery devices. A drug reservoir backed with a laser target material (e.g., black polystyrene) is
placed on the skin. Laser-induced photomechanical waves are supposed to increase the permeability of the stratum corneum allowing the
facilitated passage of drug molecules from the reservoir into the skin. (From Cross, S.E. and Roberts, M.S., Curr. Drug Deliv., 1, 81, 2004.
With permission.)
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15.6 IMPLANTABLE DELIVERY SYSTEMS

Implants represent an important witnessing of the fruitful and necessary interaction among different competences typical of
engineers, chemists, biologists, and medical doctors. Indeed, if on one hand human mind likes to subdivide and classify
knowledge into different sectors (probably in the attempt of getting a simpler management of the complexity of the whole
frame) and this gives origin to different professional figures, on the other hand the need for solving more and more complex
problems requires the inverse process consisting knowledge sector merging. Accordingly, today, for example, chemical
engineers cooperate with chemists and medical doctors to improve therapeutic reliability and the effectiveness of many
delivery systems among which implants [198]. This delivery strategy, indeed, preliminary requires careful evaluation of the
biocompatibility, defined as the property of a defined substance not to produce any toxic, injurious, or immunological response
in living tissue [199]. Only on this basis it is possible to design a successful implantable delivery device that is able to work
properly in the long-term period also. Accordingly, it is evident that the importance of the implant coating membrane assumes
the role of mediator between the surrounding living tissues and the implants itself. A good implant performance implies a
negligible foreign body response, i.e., a good biocompatibility.

Basically, immune response acts by two complementary pathways known as innate and specific immunity. Innate
immunity comprises a set of defences not requiring recognition of foreign substances such as defensins, natural antibiotic
proteins expressed in the gut and providing nonspecific protection from pathogens. Innate response can represent a serious
problem for what concerns biomaterial implantation [199]. Specific immunity, on the contrary, is expressed by humoral and
cell-mediated actions. Humoral immunity, devoted to destroy extracellular foreign substances, implies the recognition of a
foreign substance (antigen) by antigen-specific B-lymphocytes and the following production of antigen-specific antibodies that
coat the antigen (phagocytosis). Cell-mediated immunity, aimed to eliminate intracellular foreign substances (e.g., viruses),
consists in the infected cell lysis by cytotoxic T-lymphocytes or in the elimination of intracellular microbes from infected
macrophage because of cytokines produced by helper T-lymphocytes. Also cell-mediated immunity can cause problems for
what concerns chronic response to implant [199].

In addition to a deep knowledge of immune response mechanisms, a reliable designing of implants needs to consider also
timescale of the immune response. Indeed, there are three major timescales of the immune response: hyperacute, acute, and
chronic. While hyperacute response, typically connected to innate immunity, develops on the timescale of seconds to minutes,
acute response is humoral mediated and occurs on the order of weeks, its intensity and appearance being highly dependent on
whether exposure to antigen is the first exposure or a repeated exposure. Finally, chronic response is cell mediated and occurs in
the order of months to years.

As soon as an implant is put in its working site, the surrounding living tissue reacts (acute phase). If a consistent chemical
or physical irritation takes place (as in the case of moving implants), a chronic inflammatory response occurs [200].
In the opposite case, on the contrary, a normal foreign body response develops and the implant is surrounded by a three-
layer membrane [201]. The first stratum comprises macrophages and foreign body giant cell formations whose secretions
give origin to the second layer, a dense and fibrous tissue 30–100 mm thick. Finally, the third stratum is composed by
highly vascularized tissue (granulation tissue). As this coating tends to be very stable and poorly permeable with respect to
most chemical species, it is clear that its formation, de facto, prevents any kind of delivery from the implant to the surrounding
living tissues.

Leoni [12,202], leading an interesting study on in vivo biocompatibility, observes different body responses in relation to
the materials used and the site of implantation (rats). Silicon membrane (control) and PEG-modified silicon membrane were
implanted in rat subcutis for 17 days and was then retrieved for analysis of body response. At gross examination, the
tissue surrounding the samples differs mainly in the degree of vascularization. Indeed, very few blood vessels surround
the control, while a rich network is present in the proximity of PEG-modified implants. In addition, histologic examination
clearly reveals that PEG-modified samples have no sign of infiltration and the tissue has the characteristic structure and
composition of the tissue found at the site of implantation. In another experiment, biocapsules were implanted in the rat
abdominal wall and the omentum, and they were retrieved after 15 days of implantation. Different host response develops at the
two sites of implantation. In the first case, a dense fibrotic tissue, consisting of collagen fibers, with parallel orientation and very
poor vascularization is detected. On the contrary, no gross abnormalities of color or consistency are observed in the tissue
surrounding omental pouch implants. The membrane surface appears to be free of tissue, while blood vessels are in its
proximity. Microscopic analysis of the tissue reveals a nonuniform structure, with prevalence of large round cells typical of
adipose tissue and loose connective tissue matrix, characterized by short collagen fibers randomly oriented. In both cases, no
signs of infiltration are present.

A possible technique adopted to prevent fibrous capsule formation around the implant is the addition of a tissue
intermediary [203,204]. Indeed, if this material has a continuous, interconnected, porous structure (pore diameter 	8–
10 mm), macrophages are capable of invading structure voids. Consequently, vascularized tissue can grow in the implant
and the foreign body response is avoided as this porous structure is able to mimic extracellular matrix. The first example of
intermediary tissue use concerns the coating of an implanted catheter by means of a silicone rubber cage [205]. Typically,
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swollen hydrogels, for their rheological properties and water content resembling those of soft tissues, are good candidate to act
as intermediary membranes [198]. In particular, poly(2-hydroxyethyl methacrylate) (PHEMA) hydrogels can be easily
synthesized into macroporous sponge-like materials.

15.6.1 MEMBRANES FOR PASSIVE IMPLANTS

Implantable delivery systems can be classified as passive, biodegradable (bioerodable), and active [198]. In passive implants,
drug release kinetics is controlled by drug diffusion through a nondegradable membrane that is usually constituted by silicone
and poly(ethylene-co-vinyl acetate), polyacrylates. Indeed, membrane coats an active core represented by solid drug, drug
solution, or dispersion. By properly choosing membrane thickness and permeability, release kinetics can be controlled and
properly designed for a specific therapeutic target. For example, Norplant, an implantable 5 year contraceptive (developed by
the International Committee for Contraception Research of Population Council), is based on this passive strategy for the long-
term release of levonorgesterol (LNG) [174]. The first version of Norplant is a capsule system constituted by an LNG crystals
core encapsulated by Silastic polymer (polydimethylsiloxane). An updated version consists in a Silastic matrix (containing
LNG microcrystals) coated by an external membrane. Both the configurations yield an approximately constant release rate for
about 15 months even if the first approach yields an initial nonconstant rate because of the nature of the drug present in the
capsule. Indeed, if at the beginning drug transport is mainly ruled by LNG diffusion through membrane, for longer time, LNG
dissolution is the rate determining step as slow water penetration transform the solid drug core into drug dispersion.

Alzet pumps (laboratory animal applications) and Duros (human applications) implants represent interesting examples of
passive implants based on osmotic pressure [206]. Alzet device is a cylindrical structure composed by three main concentric
parts: drug reservoir (the innermost part), osmotic agent, and semipermeable membrane (the outermost part). Drug reservoir is
moulded from a flexible synthetic hydrocarbon elastomeric membrane carrying, in the upper part, an orifice for drug delivery.
Obviously, the elastomeric wall is impermeable to water and drug to impede drug migration into the osmotic agent and vice
versa. Sodium chloride is the osmotic agent filling the osmotic sector surrounding the drug reservoir. A cellulose ester blend
constitutes the rigid semipermeable external membrane. The orifice end is equipped by a flow moderator (21 ga stainless steel
tube) to reduce passive diffusion and convective losses. As soon as the device is put in contact with an aqueous external
environment, the osmotic sector imbibes water, expands, and causes the shrinking of the flexible drug reservoir. Consequently,
the release rate of Alzet pump depends on the water flux crossing the semipermeable membrane as predicted by Equation 15.35.
It, therefore, clears the paramount importance of the semipermeable membrane that is, ultimately, the real heart of the whole
system. On the contrary, except for very viscous or nonhomogeneous suspensions, the characteristics of the drug formulation
do not affect the delivery profile. Typically, Alzet pumps deliver at fixed rate between 0.25 and 10 mL=h for 1 day to 4 weeks.
They are commonly implanted subcutaneously or intraperitoneally, although intracerebral, intravenous, and intra-arterial
delivery has been used. Anesthetics, antibiotics, growth factors, hormones, and neurotransmitters are some examples of
drugs that can be released by means of Alzet pumps. Duros implant is made up of a titanium alloy cylinder capped on one
end by a rate-controlling, semipermeable membrane and on the other end by a diffusion moderator (orifice) for drug delivery
[206]. Internally, this implant is equipped by a polymeric piston separating the osmotic chamber from drug reservoir.
Semipermeable membrane can be made up of cellulose esters, polyamides, or polyurethane materials, which remain chemically
stable under physiological conditions. The osmotic chamber contains sodium chloride (>50% wt) (although other solutes can
be used) and gelling polymers, such as polyvinylpyrrolidone and sodium carboxymethylcellulose. Upon contact with an
aqueous environment, water diffuses through semipermeable membrane, fills the osmotic chamber, and provokes forward
piston movement that leads to drug delivery from orifice. Depending on semipermeable membrane characteristics, Duros
implant can ensure drug release from 1 month (release rate 4.5 mL=day) to 1 year (release rate 0.25 mL=day). Due to its metallic
nature, this system requires anesthesia to be implanted. Subcutaneous implantation is the preferred strategy, even though it is
also adaptable to other sites of administration. Duros has been used to deliver leuprolide (palliative treatment of advanced
prostate cancer), salmon calcitonin (osteoporosis treatment), and a-interferon (antiviral and antiproliferative activity).

A particular kind of passive implants is represented by stents, rigid scaffolds that contribute to prevent artery re-occlusion
after the mechanical removal of an atherosclerotic plaque by percutaneous trans-luminal angioplasty [207]. Although they can
efficiently prevent early artery elastic recoil and late constrictive remodeling, two known events underlying restenosis [208],
in 10%–30% of the cases, induce a pronounced intimal hyperplasia [209] characterized by exuberant proliferation of vascular
smooth muscle cells (VSMCs), which contribute to occlude the treated vessel (restenosis) [210]. The pathobiologic events
leading to artery restenosis start a few days after treatment [211] and are characterized by the proliferation of VSMC, normally
present in a quiescent state in the media layer of arteries, in response to a variety of growth factors released at the site of artery
treatment [212]. The process is completed by the migration of VSMC from the media to the intimal layer, followed by a further
proliferation step and deposition of extracellular matrix proteins in the subendothelial space (intimal layer) giving origin to
the so-called neo-intima [213–215]. In the light of this, membranes (stent coatings) can play a double important task as they
can reduce foreign body response at the stent=tissue [216] interface and they can represent a mean for the release of
antiproliferative substances at the site of stent implantation [210]. While nylon [217] and silicon [218] gave interesting
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results for what concerns the insulation of the stent from surrounding tissues, many other materials have been considered for the
in situ release of antiproliferative drugs [216]. Indeed, the choice of the coating material depends also on the drug to be
incorporated. Both conventional (synthetic antproliferative agents) and nonconventional (nucleic acid-based drugs) drugs can
be considered [210]. While sirolimus [219] and paclitaxel [207] have been considered as conventional drugs, ribozymes,
antisense oligonucleotides, DNA enzymes, and siRNAs, which represent the nonconventional approach [210]. Typically,
polyurethane, polyglycol, silicon, polyvinylpirrolidone-co-cellulose ester, and polyethylenglycol can be used for the drug
eluting stent technology [220]. In addition, in the frame of ribozymes delivery, the use of thermoreversible gels (such as
Pluronic) seems to be promising [221–223].

Apart from the possibility of an abrupt drug release due to membrane disruption when the reservoir-type implant is on site,
the main disadvantage of passive implants consists surgical procedure required for their removal. Biodegradable=bioerodable
polymers represent a possibility to overcome this problem as they are characterized by bonds that can be hydrolyzed or cloven
by enzymes. Moreover, drug release is not only ruled by diffusion but also by polymer degradation kinetics. Finally, this
strategy also allows to deliver high-molecular weight drugs, such as proteins whose diffusion in usual membranes is very low.
Polyesters are typical biodegradable polymers and poly(lacticacid-co-glycolic acid) (PLGA) is one of the most used [198].
Indeed, PLGA hydrolysis leads to lactic acid and glycolic acid, which are natural cellular metabolites and, thus, are easily
eliminated by the body. As the hydrolysis of lactic acid monomers is much faster than glycolic monomers, the rate of PLGA
degradation can be controlled by simply playing on the copolymer ratio. While PLGA undergoes bulk degradation, poly-
anhydrides are subject to surface erosion [57,224], an important advantage in implant designing. Indeed, in the case of surface
erosion, system integrity is maintained for the lifetime of the device and drug release kinetics is more uniform. For example,
poly(bis(p-carboxyphenoxy)propane-co-sebacic acid) is used for implants in local taxol delivery after an excised brain tumor
[225]. As surface-eroding polymers exhibit a bigger tendency to degrade with respect to bulk-eroding polymers, drug release
duration can represent a drawback for surface eroding polymers. This problem can be overcome by creating a composite release
system of polyanhydride coated by a polylactic acid shell as demonstrated by Goepferich [224].

15.6.2 MEMBRANES FOR ACTIVE IMPLANTS

While passive and biodegradable implants fit very well a zero-order release demand, they cannot satisfy more complex release
rate behaviors. Indeed, as in the case of diabetic patients, insulin release must be ruled by blood glucose concentration and it is
well known that it can vary consistently during the circadian loop. Accordingly, an active implant needs to be able to adapt the
release rate on the basis of an external, and physiological stimulus, and in this consists its ‘‘active’’ characteristic. Although no
completely automated active implants have been yet reported [226], some interesting examples exist. Indeed, microfabrication
technology allows developing active implantable microfluidic devices that incorporate micropumps, valves, and flow channels
to deliver liquid solutions [226]. One of the key components in those devices is the miniature fluid-dispensing system
(micropump). Various pumping methods are available, including electroosmotic pumping for ionic fluids, positive displace-
ment pumps that use piezoelectric components, and pneumatic, bubble, or surface-tension pumps that rely on moving gas–
liquid interfaces to displace fluids [227]. Another possibility is represented by the drug array implant, a solid-state silicon
microchip for controlled release of single or multiple chemical substances on demand [228]. The release mechanism relies on
the electrochemical dissolution of thin anode gold membranes covering microreservoirs containing chemicals in solid, liquid, or
gel form. A sequential microfabrication process including photolithography, chemical vapor deposition, electron beam
evaporation and reactive ion etching has been used to create 34 microreservoirs on the chip, each covered by a thin gold
membrane functioning as the anodes. The gold membrane is dissolved upon application of a desired voltage and this leads to
drug release into the surrounding fluid. The possibility of individually controlling each reservoir allows the achievement of
many complex release patterns.

15.7 FUTURE TRENDS

Previous sections illustrate some different applications of membranes in the delivery field with particular attention to oral,
transdermal, and implantable delivery systems. It reports that, basically, membranes are required to modulate mass transport or
insulate the delivery system from the surrounding tissues to prevent foreign body response. In most situations, both these tasks
take place only on a passive basis in the sense that the delivery system behavior is not influenced by external, physiological
stimuli. Nevertheless, it is clear that the new generation of delivery systems (regardless the administration route) will be based
on an active basis so that the system is able to autonomously react to external stimuli, such as the concentration of a fixed
analyte [229]. This is the reason why smart and biomimetic materials are becoming more and more attractive for the delivery
field. Indeed, while the term ‘‘smart’’ is attributed to materials having property of shape memory (these materials, e.g., expand
or constrict to external stimuli such as pH, light, or pressure), ‘‘biomimetic’’ refers to materials able to mimic or elicit biological
function [198]. The synergic effect of these materials and nano–microtechnologies will determine the characteristics and
properties of the future delivery systems [230,231] where membranes will surely play a fundamental role.
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15.7.1 MOLECULARLY IMPRINTED MEMBRANES

Many of the future drug delivery systems will be based on intelligent gels able to autonomously react to external stimuli to
modulate drug release in response to pH, temperature, ionic strength, electric field, or specific analyte concentration differences.
Accordingly, the realization of a precise macromolecular chemical network able to recognize target molecules from an
ensemble of closely related molecules is of paramount importance. Molecular imprinting is a possible strategy allowing the
achievement of the above-mentioned task [231]. This technique (Figure 15.17) implies the formation of a pre-polymerization
complex between the template molecule and functional monomers or functional oligomers (or polymers) [233] with specific
chemical structures designed to interact with the template either by covalent [234], non-covalent chemistry (self-assembly), or
both [235,236]. Once the pre-polymerization complex is formed, the polymerization reaction occurs in the presence of a cross-
linking monomer or chemical cross-linking methods and an appropriate solvent controls the overall polymer morphology and
network structure. Template removal leads to a heteropolymer matrix able to specifically recognize template molecules. In the
light of this, molecular imprinting can be seen as a technique allowing the stabilization of a particular arrangement of chemical
groups (triangle and circle ending chains in Figure 15.17) by means of a polymer network. Obviously, the properties of
molecular imprinted network (MIP) depend on monomer chemistry (anionic, cationic, neutral, and amphiphilic), on the
association interactions between monomers and pendant group, on solvent and on the amount of comonomers present in the
mixture from which the structure is formed. In addition, MIP recognizing behavior results from the synergism between shape-
specific cavities matching the template molecule and chemical groups orientated to get multiple complexation points (binding
sites) with the template molecule. Finally, MIP are characterized by a bimodal distribution of binding sites, meaning that a
small number of high-affinity sites correspond a large number of low-affinity sites. In particular, non-covalent MIP will be
characterized by a heterogeneous population of binding sites with changing affinity and selectivity [237]. One major problem of
MIP depends on the possibility that phenomena such as polymer swelling and macromolecular chains relaxation induce a
distortion of the shape-specific cavities leading to an incorrect three-dimensional orientation of complexation points facing in
the cavities. This, in turn, reflects in reduced MIP selectivity and specificity. This problem, particularly important for structures
undergoing considerable swelling such as gels, can be matched by increasing cross-linking agent in order to get a reduction
of the average molecular weight between cross-links this reflecting into a more rigid structure. In particular, Peppas and
coworkers [232] suggest to realize a network structure characterized by an inhomogeneous spatial distribution of cross-links so
that higher cross-linked regions are embedded in lower cross-linked continuum matrix. Only higher cross-linked zones contain
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Complex
formation

Wash step

Binding

Swelling

FIGURE 15.17 Imprinting process scheme. (a) Solution mixture of template, functional monomer(s) (ending with triangles and circles),
cross-linking monomer, solvent, and initiator (I). (b) The pre-polymerization complex is formed by means of covalent or non-covalent bonds.
(c) Cross-linking yields the network formation. (d) Removal of the original template by a proper washing. (e) Rebinding of template. (f) In
weakly cross-linked systems, macromolecular chain movements yield areas of differing affinity and specificity (filled molecule is isomer of
template). (From Byrne, M.E., Park, K., and Peppas, N.A., Adv. Drug Deliv. Rev., 54, 149, 2002. With permission.)
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an effective imprinting structure and a proper rigidity to produce adequate specificity (areas or patches of recognition). In
addition, the structure of these two regions allows a better template diffusion, reflecting into higher rebinding percentage with
respect to more traditional, one-phase (fully cross-linked) gels. On the other hand, of course, this approach suffers a reduced
number of recognizing sites per gel unit mass of volume. An alternative to this strategy is represented by a post cross-linking
reaction after gel and imprint formation. Excess functional monomers on opposite macromolecular chains or monomers
subsequently added allow the post cross-linking process. In low cross-linked gels, the idea of increasing the molecular mass
(linear size) of functional monomers should reduce the loss of active binding sites due to network size fluctuations induced, for
instance, by swelling. Indeed, short functional monomers cannot conserve their correct spatial disposition upon mesh enlarging.
Irrespective of the low or high cross-linking degree, depending on the template size, there is an optimal value for the network
cross-link density.

For biological applications, non-covalent interactions with template molecules are preferred to get an easy binding=
nonbinding process. Indeed, in this field, the need for strong template removal conditions would make molecular imprinting
useless. Nevertheless, due to the weak nature of non-covalent bond, stable binding and recognition require an increased number
of interactions with respect to the case of covalent bond (typically, a covalent bond is 1–3 order of magnitude stronger than a
non-covalent one) [237]. The quality of the receptor mechanism of imprinted polymers can be evaluated by means of different
parameters. Binding affinity, a measure of how well the template molecule is attracted to the binding site, selectivity, the ability
to differentiate between the template and other molecules, and the binding capacity, the maximum amount of template bound
per mass or volume of polymer, represent the most important. Less important parameters are binding or imprinting ratios
representing the ratio of recognitive network template bound compared to control network. Binding affinity can be quantified
by means of the receptor–template dissociation constant Kd, that can be defined starting from the typical macromolecular–
template complex [MT] reaction [237]:

[M]þ [T] !kf
kr

[MT] (15:85)

where
[M] is the macromolecular binding sites concentration
[T] is the template concentration
kf and kr represent the forward and reverse rate constants, respectively

The equilibrium binding constant or association constant, Ka, and the equilibrium dissociation constant, Kd, are expressed by

Ka ¼ kf
kr
¼ 1

Kd

¼ [MT]

[M] [T]
(15:86)

Equation 15.86 simply descends from the equilibrium condition requiring that the forward reaction rate (Rf)

Rf ¼ kf [M] [T] (15:87)

equates the reverse one, Rr:

Rf ¼ kr[MT] (15:88)

While low Kd, or high Ka, indicate a strong interaction between macromolecular binding sites and template molecules, high Kd,
or low Ka, indicate the opposite situation. The ratio between the association (Ka) (or dissociation, Kd) constants characterizing
templates differing in chemical functionality, orientation of chemical functionality, or physical size, defines the selectivity (a)
of an imprinted network. Typically, for non-covalent imprinted polymers, a ranges between 1.1 and 8 [234], and imprinted
polymers with high association constants usually display high a values.

On the basis of the above considerations, the applications of imprinted polymers in the pharmaceutical field are
straightforward. Indeed, they can be profitably used both in responsive delivery systems and as biosensors. For example,
HEMA-based polymers were imprinted to recognize hydrocortisone as template molecule [238]. Once the template was
removed, the imprinted network was loaded with testosterone, a molecule structurally similar to hydrocortisone. The release
of testosterone performed in the presence or absence of hydrocortisone in solution was different showing a higher release rate
when hydrocortisone was present. Indeed, the high-imprinted network binding affinity for hydrocortisone promoted testoster-
one detachment from binding sites and this reflected into an increased testosterone release rate. In addition, methacrilic acid
(MAA) was used as functional monomer for the controlled release of propanolol (b-blocker), tetracycline, and sulfasalazine
(prodrug) [237]. Interestingly, MAA also proved to be effective in the enantioselective-controlled release, minimizing the
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transport of a diastomer, the undesirable isomer, while allowing the transport of a eutomer, the isomer of interest [239].
Imprinted polymers have also shown to be profitably employed as biosensors in the detection of nandrolone [240], okadaic acid
[241], caffeine [242] and paracetamol [243]. Another interesting application of imprinted polymers is about the optical sensors
platform. Indeed, a recent nanoscale-fabricated optical sensor is based on the variation of quantum dots photoluminescence due
to template binding on an imprinted polymer membrane coating quantum dots [244].

15.7.2 MEMBRANES IN MICRO=NANOTECHNOLOGIES

It is well established that future delivery systems will be completely automated to provide a closed loop therapy
[198,229,237,245]. This means that they will (i) monitor the physiological conditions inside the patient body and convert it
to electronic signals by means of physical and chemical transducers; (ii) receive the electronic signals, analyze them, and make
proper control regulations by means of microcontrollers; (iii) release the appropriate amount of drugs by means of micro-
actuators. For this reason, they can be defined as lab-on-a-chip [226,237]. To achieve this target, different components
(microactuators, micropumps, microvalves, flow regulators, microsensors, and control electronics) have to be integrated,
characterized and assembled on a very small surface. A possible assembling example should not differ too much from an
array of microreservoirs etched into a silicon matrix [227,246]. Each reservoir, covered with an individual gold membrane, can
be filled with solid or liquid drug. Drug release occurs by gold membrane electrochemically dissolution. ChipRx Company, in
Ohio, is developing an integrated, self-regulating responsive therapeutic device of cylindrical shape devoted to release various
drugs, e.g., insulin [247]. An external biocompatible permeable membrane surrounds an artificial muscle membrane inside
which batteries, control circuit, biosensor, and drug reservoir are housed. When the sensor reveals a variation of the
physiological levels of metabolites (i.e., glucose), a signal is sent from the sensor to the batteries, which emit an electrical
charge causing the opening of a responsive material that allows the release of the desired therapeutic agent (e.g., insulin) from a
reservoir. Once metabolites levels return to normal, the sensor stops the release of electrical charge from the battery, closing the
reservoir and preventing the release of more drug. Interestingly, Langer and coworkers proposed a resorbable polymeric
microchip device for multipulse drug delivery [248].

Due to a wide variety of possible applications, it is now not easy to predict the exact effect of micro- and nanotechnologies on
membranes. However, it is reasonable to suppose that these technologies, for example, will allow producing membranes
characterized by an extremely controlled porosity regardless the constituting material. Indeed, it will be possible to drill the
membrane getting cylindrical holes characterized by very small diameters and with the desired diameter distribution (mono-
dispersed, for example) and spatial collocation. In addition, very thin membranes with very small tolerance on thickness could be
produced and this will allow the stratification of many thin layers each one characterized by different properties. Accordingly, the
resulting wafer could be very versatile its characteristics resulting from the combination of each layer properties. In turn, this
could confer very peculiar behavior for what concerns, for example, mass transport, mechanical, and electrical properties.

15.8 CONCLUSIONS

The aim of the chapter is to illustrate and discuss membrane applications in the delivery field devoting particular care to the
mechanisms ruling mass transport, make clear that membranes often play a key role as they are very versatile. Indeed, while
they can be used to modulate drug mass flux to guarantee the desired release kinetics, they can also act as barriers separating an
external environment from an internal environment as explained. Obviously, due to the great variety of applications, it was not
possible to consider all of them, but I believe that the most significant have been shown. In addition, some of them, for the sake
of brevity, could not be discussed. In particular, I am referring to the wide field of living cells encapsulation techniques used in
tissue engineering [12,249]. In this case, interestingly, membranes are called to contemporaneously act as barrier and mass
transport modulators. Indeed, they must protect living cells hosted in the microcapsule from the immune response of the hosting
body where they are implanted to perform their action (e.g., insulin release in diabetic patients). Accordingly, membrane must
be impermeable to immunoglobulins, big molecules devoted to the destruction of foreign bodies. Contemporarily, however,
they must allow nutrients (Naþ, Kþ, oxygen, and glucose) permeation to feed encapsulated cells. Clearly, this is just a further
example of the complexity of membrane actions and it underlines that a proper membrane designing is needed. A possible tool
to match this goal is represented by mathematical modeling and this is the reason why the initial part of this chapter is devoted
to describe release mechanisms, fundamental bases for getting a reliable mathematical model.
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16.1 INTRODUCTION TO HYDROGELS

16.1.1 GENERAL PROPERTIES

Hydrogels are produced from cross-linked hydrophilic polymers to give three-dimensional mesh structures or networks. By
appropriate choice of synthetic conditions, gels can be formed which are either able to hold therapeutic molecules entrapped
within the mesh structure or to act as a gating barrier [1]. Immersed in an aqueous solution, these polymeric networks are
capable of imbibing large amounts of water or biological fluids [2,3]. However, the internal cross-links prevent complete
dissolution and constrain the degree of swelling and hence the release rate of solutes.

Hydrogels have been extensively studied for biomedical applications where their hydrophilic properties and high-water
content allow good biocompatibility [4,5], and their soft structure is mechanically similar to that of natural tissue [6]. In
addition to a general swelling phenomenon resulting from the balance between the thermodynamic effect of dilution and the
opposing retractive force of polymer chain extension, hydrogels may also show swelling changes, which are a function of
changes in the chemical composition of their external environment [7].

473

Pabby et al./Handbook of Membrane Separations 9549_C016 Final Proof page 473 13.5.2008 1:21pm Compositor Name: BMani



16.1.2 MATERIALS OF CONSTRUCTION

Hydrogels have been produced using a range of backbone materials. These can be broadly divided into two categories. The first
category is based on the cross-linking of preformed polymer chains e.g., dextran [8]; the second category involves building the
gel by polymerizing a suitable mixture of monomers [4]. A summary of monomers that have been used for this purpose is given
in Table 16.1.

Cross-linking preformed polymers offer potentially simpler coupling chemistry, and the ability to use chains of predefined
molecular weights means that final gel properties are easier to predict. Conversely, synthesis of polymer gels directly from their
constituent monomers allows considerably more flexibility in terms of the combination of pendant groups incorporated and can
be expected to be cheaper. Gels containing charged groups, which show pH-responsive behavior and temperature-responsive
gels incorporating poly(N-isopropylacrylamide) (PNIPAAm) are often produced in this way [9], although a number of naturally
charged polymers, for e.g., alginate and hyaluronic acid can also be used to form pH-sensitive gels [10,11].

16.1.3 SYNTHESIS PROTOCOLS

The cross-linking methods used to produce pH-sensitive hydrogels can be either physical or chemical [2]. Physical methods
include high-energy radiation and UV-irradiation [12]. Alternatively, emulsification methods [13] and free-radical polymeriza-
tion [14] have been employed to chemically fabricate pH-sensitive hydrogels. The magnitude of the volume collapse arising from
the pH response can easily be detected allowing these hydrogels also to be used for biosensors and permeation switches [15].

Recently, attention has been paid to new syntheses and applications of carbodiimides in hydrogels, allowing bioconjugation
based on amide formation under very mild conditions between carboxylic acids and amines in aqueous and organic systems
[16]. There are two advantages to using 1-ethyl-(3–3-dimethylaminopropyl) carbodiimide hydrochloride (EDC) as the cross-
linking agent for hydrogel preparation from carboxylated precursor. First, the reaction conditions are mild and easily controlled
by the level of COOH group substitution. Second, EDC is not incorporated into the cross-linked structure leaving no potentially
cytotoxic groups in the gel [17].

16.1.4 AREAS OF APPLICATION

The use of hydrogels has been explored in tissue engineering, drug delivery, biosensors, and biological actuator applications.
This results from the ease with which physicochemical properties of the hydrogel can be modified by changing monomer
structure, the degree of cross-linking, and the fabrication method [18–21]. In addition, their chemical stability can be varied to
give both stable and biodegradable constructs with good biocompatibility [6].

TABLE 16.1
Monomers Most Commonly Used in the Synthesis of Synthetic
Hydrogels for Pharmaceutical Applications

Monomer Abbreviation Monomer

HEMA Hydroxyethyl methacrylate
HEEMA Hydroxyethoxyethyl methacrylate
HDEEMA Hydroxydiethoxyethyl methacrylate
MEMA Methoxyethyl methacrylate

MEEMA Methoxyethoxyethyl methacrylate
MDEEMA Methoxydiethoxyethyl methacrylate
EGDMA Ethylene glycol dimethacrylate

NVP N-Vinyl-2-pyrrolidone
NIPAAm N-Isopropyl AAm
Vac Vinyl acetate

AA Acrylic acid
MAA MAA HPMA N-(2-hydroxypropyl) methacrylamide
EG Ethylene glycol

PEGA PEG acrylate
PEGMA PEG methacrylate
PEGDA PEG diacrylate
PEGDMA PEG dimethacrylate

Source: From Peppas, N.A., Buresa, P., Leobandunga, W., and Ichikawab, H., Eur. J.
Pharm. Biopharm., 50, 27, 2000. With permission.
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In the area of responsive materials pH-sensitive hydrogels have been most frequently studied and have been used to
develop a range of controlled release formulations for oral drug administration [22]. The functional mechanism of pH
sensitivity is that small changes in pH can result in significant change in the mesh size of the gels’ polymeric networks
resulting from charge repulsion effects [23].

D-glucose-sensitive hydrogels have been examined for the development of self-regulated insulin delivery systems to act
as an artificial pancreas that can administer the necessary amount of insulin in response to the blood glucose concentration [24].
Three approaches have been examined. The earliest reports are based on immobilized glucose oxidase in a pH-responsive
hydrogel [25]. The second approach is based on the competitive displacements of affinity cross-links in bio-responsive
hydrogels by D-glucose. Here the first systems that were studied used insulin chemically modified to introduce glucose
moieties, which bind specifically to the lectin concanavalin A (ConA) [26,27]. In this approach, glycosylated insulin is
competitively displaced from immobilized ConA by soluble glucose (Figure 16.1). To avoid problems associated with a
derivatized form of insulin, ConA can be used to cause affinity gelation of a polymer containing terminal or pendant glucose
moieties to form a responsive hydrogel [28,29].

A nonbiological route to fabricate glucose-sensitive hydrogels has also been developed using polymers having phenyl-
boronic acid groups and polyol polymers, which form a gel through complex formation between the pendant phenylboronic
acid and hydroxyl groups of glucose (Figure 16.2). Glucose can compete with polyol polymers for the borate cross-linkages,
thus the cross-linking density of the gel decreases and the gel swells or transforms from the gel phase to release more drugs as
the glucose concentration increases [30–32].

Owing to their structural similarity to the macromolecular-based components in the body (and their biocompatibility,
permeability, and physical characteristics), hydrogels can also serve as a synthetic extracellular matrix (ECM) to organize
cultured cells into a three-dimensional architecture and to present stimuli that direct the growth and formation of a desired
tissue [33]. The balance between mechanical properties and controlled degradation of hydrogels mainly depends on the original
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FIGURE 16.1 (See color insert following page 588.) Displacement of ConA bound glycosylated insulin by free glucose.
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FIGURE 16.2 Interaction between an immobilized boronic acid group and the vicinal diols of a glucose molecule. (From Kataoka, K.,
Miyazaki, H., Bunya, M., Okano, T., and Sakurai, Y., J. Am. Chem. Soc., 120, 12694, 1998. With permission.)

Pabby et al./Handbook of Membrane Separations 9549_C016 Final Proof page 475 13.5.2008 1:21pm Compositor Name: BMani

Bio-Responsive Hydrogel Membranes 475



rigidity of the polymer chains, the types of cross-linking molecules and the cross-linking density, and swelling as a result of
hydrophilic=hydrophobic balance [34]. The ability to cast gels into thin membranes allows fabrication of support matrices with
controllable mass-transfer resistances for both drug delivery and cell culture applications.

The development of responsive hydrogels for use in biosensors has been limited by the lack of accurate techniques to
gauge their volume change in response to any stimulus. Recently, with the advent of sophisticated micro-fabrication facilities
and new material technologies, diffractive and miniaturized optical gratings have been produced using hydrogels for biosensor
applications [35]. Using hydrogel membranes in biosensors allow combination of biological receptor compounds (antibody,
enzyme, nucleic acid, etc.) with the physical or physicochemical signal transduction required (e.g., optical, mass, electrochem-
ical, or thermal). Ideally, these biosensors permit real-time observation of a specific biological event (e.g., antibody–antigen
interaction) and allow the detection of a broad spectrum of analytes in complex sample mixtures. Furthermore, additional
applications using immobilizing biocatalysts have been expected to act as biomimetic actuators giving surfaces with switchable
hydrophobic–hydrophilic properties [36].

Hydrogels based on dextran have recently received specific attention due to their suitability for a variety of biotechnological
and biomedical applications. Owing to their low tissue toxicity and high enzymatic degradability at desired sites, dextran
hydrogels are increasingly seen as potential matrix systems for drug delivery [37] and controlled release of bioactive agents
[38]. For dextran hydrogels targeted at colon-specific drug delivery, the drug is loaded into the hydrogel, which undergoes no or
little release in the stomach and small intestine and is protected against digestion by enzymes [39].

Dextran hydrogels have been successfully applied in biosensors based on surface plasmon resonance. Carboxymethyl-
dextran (CM-dextran) hydrogel was the original sensor surface developed for biomolecular interaction analysis and hence the
most extensively studied and versatile. It has been used in a very wide range of interaction analyses including those between
proteins, nucleic acids, and carbohydrates [40,41].

16.2 RESPONSIVE HYDROGEL MEMBRANES

Responsive membranes represent a specific subset of hydrogel applications. Responsive membranes ideally undergo rapid,
reversible changes in microstructure. Small changes in the environment trigger changes at the macroscopic level leading to
changes in mesh size or swelling ratio. Because these macroscopic changes are reversible, the system returns to its initial state
after the triggering agent is removed [42].

Responsive membranes are attractive for drug delivery systems, as the delivery rate, chemical sensing, and triggering can
be integrated and precisely controlled. Depending on the chemical composition of the gel, different internal and external stimuli
(e.g., changes in pH, changes in specific solute concentration, application of a magnetic or electric field, variations in
temperature, or ultrasound irradiation) may be used to trigger the swelling effect [43]. Once triggered, however, the rate of
entrapped drug release is determined solely by the cross-linking ratio of the polymer network.

16.2.1 REACTIVE SYSTEMS

Reactive or catalytic systems are based on pH-responsive hydrogels where the chosen reaction generates a pH shift, which
in turn leads to a swelling change in the hydrogel. This response can either be used to increase the internal mesh size to increase
solute diffusivity in the gel phase for a diffusive membrane [44] or alternatively the gel can be used as a mechanical
valve within the pores of a microporous membrane such that a convective flux may be turned on or off in response to analyte
concentration (Figure 16.3) [45].

1.  No glucose–pH is high, ionisable groups in the gel are
dissociated and charge repulsion effects lead to a swollen gel

2. Glucose  present–production of gluconic acid lowers pH,
ionisable groups in the gel are protonated, charge repulsion

effects are reduced and gel shrinks

FIGURE 16.3 Pore opening in a pH-sensitive gel containing glucose oxidase resulting from gel shrinkage.
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16.2.2 BINDING SYSTEMS

Cross-linked hydrogels can be formed which contain affinity cross-links between polymer-supported ligands and receptors
[46]. Such gels can be based only on these biophysical interactions as described by Taylor et al. [28,29]. In these systems,
displacement of affinity cross-links by soluble competitors ultimately leads to a gel=sol transition (Figure 16.4) requiring that
the responsive phase be constrained between two diffusive membranes to prevent leakage while in the sol phase (Figure 16.5).

An alternative approach is to augment affinity cross-links with covalent cross-links at a specified density such that the total
number of cross-links determines the permeability change and degree of swelling observed in the polymer when exposed to
competing diffusible ligands [24,47,48]. In this case, the covalent coupling prevents dissolution of the gel and removes the need
for an external diffusive layer (Figure 16.6).

In both types of binding systems competitive reduction of cross-link density will lead to an increased mesh size and
hence increase solute diffusion. However, as this will inevitably be accompanied by some degree of gel swelling, these gels
cannot be used to switch on convective solute flux as can be done with pH-sensitive gels, where both swelling and contraction
effects can be generated.

Glucose removed

Glucose added

Glucose-sensitive phase in cross-linked (gel) state

Glucose-sensitive gel in dissociated (sol) state 

FIGURE 16.4 Schematic diagram showing the effect of competing glucose causing a gel to sol transition and increasing solute diffusion.

Insulin
reservoir

Insulin
reservoir

Responsive phase—
no glucose–gel

state

Responsive phase—
glucose–sol state

Ultrafiltration membranes

FIGURE 16.5 (See color insert following page 588.) Diagram showing the structural elements of a responsive sol=gel release system.
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16.3 MEMBRANE PREPARATION

16.3.1 COMPOSITE STRUCTURES

For responsive systems where changes in transport properties result from a sol=gel transition, the active components need to
be retained by an ultrafiltration membrane to prevent loss of material while the responsive phase is in a sol state as shown
in Figure 16.5. Hydrogels fabricated from ConA with glucose-containing polymer chains can be made to undergo sol–gel phase
transformations depending on the glucose concentration in the environment. Because of the non-covalent cross-linking between
glucose-containing polymer and ConA, individual free glucose molecules can compete with the polymer-attached glucose
molecules and exchange with them as the external glucose molecules diffuse into the hydrogel. It has been shown that diffusion
of insulin through the solution (sol) phase is faster than that through the hydrogel (gel) phase, and that insulin release can be
controlled as a function of the glucose concentration in the environment [28,29,49–52]. In addition to the use of diffusive
membranes to retain the polymer components, leakage can also be reduced by coupling the receptor protein to a larger polymer
preparation, e.g., a carbopol [53].

16.3.2 DIRECT CASTING

To remove the need for containment membranes, Tang et al. [54] cross-linked ConA with dextran to from a hydrogel which
could be cast as a flat sheet membrane. This material was mechanically weak but could be reinforced using internal support
gauze. In transport studies, membrane permeability showed a reversible change with the addition and removal of D-glucose and
there was no evidence of component leakage from the gel (Figure 16.7). A similar material was developed which changed
permeability in response to the coenzyme NAD [48].

16.3.3 PORE-FILLED SYSTEMS

To improve the mechanical properties of membranes based on soft gels, a number of groups have developed techniques for
casting hydrogels within the pores of preformed microporous membranes (Figure 16.8) [55,56]. These composite membranes
have been investigated for a range of applications including water softening [57], synthesis [58], nanofiltration [59], and fuel
cells [56,60]. As the transport properties of these membranes will depend on the polymer phase within the pores, transport will
still depend on cross-link density [61] and charge effects [62] as discussed below.

16.4 THEORETICAL DESCRIPTION

Effective modeling of hydrogel performance requires the effect of environmental changes on both the swelling ratio and mesh
size of the gel to be determined. Models have been proposed to describe the effects of environmental changes on both neutral
and charged hydrogel matrices where swelling changes result from charge repulsion or hydrophobic effects [4]. Models to

(a) (b)

(c) (d)

FIGURE 16.6 (See color insert following page 588.) Mode of action of a glucose responsive hydrogel based on ligand–receptor
interactions (bold lines denote covalent links). (a) Gel porosity reduced by affinity cross-links that exclude large molecules, e.g., insulin
(blue), (b) glucose (red) diffuses in and competitively displaces affinity cross-links, (c) insulin is able to diffuse into the more highly porous
gel, and (d) insulin diffuses through the gel providing the concentration gradient and glucose concentration is maintained.
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describe the performance of affinity response systems, where swelling results from reversible changes in cross-link density have
not previously been described, but can be formulated by combining predictions of affinity cross-link density using quantitative
descriptions of binding interactions, with swelling theories developed for use with hydrogel polymers.

16.4.1 EQUILIBRIUM SWELLING THEORY

16.4.1.1 Neutral Gels

Neutral cross-linked hydrogels are commonly described in terms of the polymer volume fraction in the swollen and unswollen
state and the number average molecular weight of the polymer chain between adjacent cross-links. The difference between
polymer volume fractions can be determined from the swelling ratio of the gel (Figure 16.9) [63].

The equilibrium swelling theory of Flory and Rehner [64] assumes that the degree of swelling of an uncharged gel results
from the effects of just two opposing forces: the thermodynamic effects of mixing tending to dilute the polymer component and
the elastic constraints imposed by the force required to stretch the polymer chains. At equilibrium, these two forces are equal.

(a) (b)

(c) (d)

FIGURE 16.7 SEM pictures showing structural changes in a dextran ConA hydrogel in response to glucose. (a) Buffer, (b) 0.1 M D-glucose,
(c) 0.1 M L-glucose, and (d) incubated in 0.1 M D-glucose and then extensively washed. (From Zhang, R., Dextran Hydrogel Preparation and
Application in Biomedical Engineering. PhD Thesis, University of Bath, England, 2004. With permission.)
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polyelectrolytes, etc.

Porous host
(cross section)

Pore-filled
membrane

FIGURE 16.8 Structure of a pore-filled membrane. A responsive hydrogel is incorporated into the pores of the substrate membrane to form
a stable composite membrane.
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Peppas and Merrill [65] modified the Flory–Rehner theory to describe the preparation of hydrogels in the presence of water
to obtain the following relationship:

1

Mc

¼ 2

Mn

v
V1

� �
ln 1� v2,sð Þ þ V2,s þ x1 v2,sð Þ2
h i

v2,r
v2,s
v2,r

� �1=3
� 0:5 v2,s

v2,r

� �� � (16:1)

where
Mc is the number average molecular weight of the polymer chain between cross-links
Mn is the number average molecular weight of the polymer chain
�v is the partial specific volume of the polymer
V1 is the molar volume of water
x1 is the Flory polymer-solvent interaction parameter
v2,s is the polymer fraction of the gel at equilibrium swelling
v2,r is the polymer fraction of the gel after gel formation

This relationship is commonly used to determine the cross-link density of a gel from experimentally determined swelling ratios,
where the swelling ratio is given by

Q ¼ v2,r
v2,s

(16:2)

However, for membrane applications, where the need to constrain physical dimensions and the mechanical properties required
impose limits on the acceptable swelling ratio, Equation 16.1 can be used to predict equilibrium polymer concentration and
swelling ratio for a gel with a known cross-link density. Figure 16.10 shows such a prediction for a dextran-based gel with an
initial polymer fraction of 0.16 based on a dextran of 500 kDa. Other parameter values are given in Table 16.2.

16.4.1.2 Charged Gels

The equilibrium swelling theory assumes that the degree of swelling of a charged gel changes as ions diffuse in and out of the
gel (Figure 16.11) [66]. Swelling results from the effects of three forces. In addition to the dynamic effects of mixing and elastic
constraints seen with uncharged gels, an additional force will result from the charge effects within the gel [23]. This leads to
expressions that also take account of the effects of both pH and ionic strength on gel swelling.

Polymer
solution

After
cross-linking

Equilibrium
swollen

Dry state

Contacting
solvent

Contacting

A B C

D

Represents the
cross-linkages

A
B C

D

FIGURE 16.9 Schematic illustration of the different states of gels and their mesh chain conformations: A is the free mesh chain solution,
B is the newly formed gel in the relaxed state, C is the equilibrium swollen state after contacting with solvent molecules, and D is the gel in the
dried state. (From Huang, Y., Szleifer, I., and Peppas, N.A., Macromolecules, 35, 1373, 2002. With permission.)
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Anionic gel
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Cationic gel
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� �1=3

� 0:5
v2,s
v2,r

� �" #
(16:4)

where
I is the ionic strength
Ka and Kb are dissociation constants for acid and base, respectively
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FIGURE 16.10 Effect of increasing molecular weight between cross-links on swelling ratio and equilibrium polymer fraction of a neutral
hydrogel. Simulations conducted for a dextran-based gel using the parameter values in Table 16.2.

TABLE 16.2
Parameter Values Used for Simulations (Polymer is Dextran)

Parameter Definition Value Dimensions

Cn Flory characteristic ratio 3.3 —

fb Force per bond 1.2 � 10�7 N
x1 Flory polymer-solvent interaction parameter 0.473 —

g Bond interaction distance 5 � 10�12 m
v1 Partial specific volume of the polymer 0.62 cm3 g�1

Dl Diffusate diffusivity in the liquid phase 1.1 � 10�10 m2 s�1

Kc Dissociation constant for competitor=ligand 1 � 10�3 M
V1 Molar volume of water 18 cm3 g�1

l The unit length along the polymer back bone 5 � 10�10 m
r Hydrodynamic radius of the solute 1.5 � 10�9 m

v2,r Polymer fraction of the gel after gel formation 0.04 —

Mn Number average molecular weight of the polymer 4.8 � 105 g mol�1

Mr Molecular weight of the monomer (glucose) 180 g mol�1

KD Dissociation constant for receptor=ligand 1 � 10�3 M
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In responsive applications based on these gels the cross-link density does not change, but the gel will swell in response to
changes in ionic strength or pH. Figure 16.12 shows simulation results obtained using Equation 16.3 to determine the effect of
pH on the equilibrium polymer volume and hence the swelling ratios for a CM-dextran gel. Comparison of the swelling ratios
predicted for neutral and charged dextran gels in Figures 16.10 and 16.12 suggests that pH-sensitive gels show much higher
swelling ratios even at high cross-link densities. In a range of simulations of swelling effects in carboxylated polyacrylates,

+

Osmotic pressure
acting outward

Ions diffusing
in

Ions diffusing
out

FIGURE 16.11 Phenomena affecting the selling of a charged hydrogel in a buffered pH solution. (Redrawn from De, S.K., Aluru, N.R.,
Johnson, B., Crone, W.C., Beebe, D.J., and Moore, J., J. Microelectromech. Syst., 11, 544, 2002.)
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FIGURE 16.12 Simulation of the effect of pH on the swelling ratio for a carboxymethyl dextran gel. The arrow indicates increasing chain
length between cross-links (simulation conditions given in Table 16.2, ionic strength 30 mM).
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Brannon Peppas and Peppas [23] found swelling ratios up to 250 for systems where the swelling solution had an ion
concentration comparable to the charged groups in the gel. For a preswollen gel, changes in swelling ratio can be computed
from n2,s values obtained at appropriate pH values.

These relationships are commonly employed to determine Mc in characterization studies of nonresponsive and responsive
hydrogel preparations where the response does not lead to a change in cross-link density.

16.4.1.3 Affinity Cross-Linked Gels

In the case of affinity gels, where the response is based on a change in the cross-link density, the effective value of Mc will
depend on both covalent and reversible cross-links based on bio-specific or affinity interactions. Here the Mc value resulting
from covalent links alone can be determined using Equations 16.1 and 16.2 under conditions where the reversible cross-links
are all open, i.e., saturating competitor concentration. Then the effect of a change in competitor concentration (C) on the
number of affinity cross-links can be predicted together with its effect on gel swelling.

In hydrogel containing fixed concentrations of immobilized ligand and receptor Ltot and Rtot, respectively, the mass balance
for receptor (R) sites within a finite mass of gel can be written as [67]

Rtot½ � ¼ R½ � þ RL½ � þ RC½ � (16:5)

Assuming mutual depletion of receptor (R) and ligand (L) populations, but that the competitor (C) reservoir is sufficiently large
that competitor concentration is unchanged by binding, gives an expression for the dissociation constant for ligand binding:

KL ¼ ([Rtot]� [RL]� [RC])([Ltot]� [RL])

[RL]
(16:6)

The dissociation constant for competitor binding is

KC ¼ ([Rtot]� [RL]� [RC])[C]

[RC]
(16:7)

where KL and KC are the dissociation constants for the immobilized ligand and competitor interactions, respectively.
Equations 16.6 and 16.7 can be combined to give a quadratic expression in [RL] which can be used to determine the fraction

of receptor, which is bound to immobilized ligand (Figure 16.13). From these equations, the number average molecular weight
(Mc) between affinity cross-links can be determined:
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FIGURE 16.13 Effect of competitor concentration on fractional binding of immobilized receptor to immobilized ligand in a responsive
hydrogel. Broken line denotes solution for fixed volume. Solid line accounts for dilution effect of swelling. Both ligand and receptor
concentrations 1 mM, other values as per Table 16.2.

Pabby et al./Handbook of Membrane Separations 9549_C016 Final Proof page 483 13.5.2008 1:21pm Compositor Name: BMani

Bio-Responsive Hydrogel Membranes 483



M
aff

c ¼ [P]Mn

[Rtot]Y
(16:8)

where
[P] is the polymer concentration in the gel
Y is the fraction of immobilized ligand bound to receptor ([RL]=[Rtot])

The polymer fraction of the gel n2,r after gel formation can be determined from the mixture conditions, as the polymer
and total mass of the mixture is known. The effect of changing competitor concentrations can then be expressed in terms
of the effect on n2,s. In the case of an affinity response the swelling ratio (sr) of a preswollen gel can be computed from changes
in the n2,s resulting from a change in competitor concentration.

sr ¼ v12,s
v22,s

(16:9)

In a chemically cross-linked responsive gel containing both bio-specific or affinity interactions and covalent cross-links at a
specified density, the cross-links determining the swelling ratio will represent the sum of both covalent and affinity links
(Mc þM

aff

c ).
In Equations 16.5 through 16.7, Rtot and Ltot are defined relative to the initial gel volume. Therefore, after swelling, these

concentrations will be reduced as follows:

Rs
tot ¼

Rtot

sr
and Lstot ¼

Ltot
sr

(16:10)

This requires iterative solution of Equations 16.2 and 16.5 through 16.10, as changes in ligand and receptor concentrations will
change swelling ratio, which will in turn change concentration. Simulations using this approach show that as a soluble
competitor for the affinity interaction is introduced, the number of cross-links is reduced and the gel swells (Figure 16.14).
In the case of a gel with no covalent cross-links the solution fails when the number of links per polymer chain falls below two,
i.e., the minimum theoretical number needed for gel formation.
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FIGURE 16.14 Effect of competitor concentration on the swelling of a gel in equilibrium with a solvent at zero competitor concentration.
Rtot and Ltot 5 mM, dissociation constants 1 mM for both ligand and competitor. (a) Zero covalent cross-links per chain—gel=sol transition
occurs, (b) 5 covalent cross-links per chain, and (c)10 cross-links per chain.
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16.4.2 PREDICTION OF MESH SIZE

Increasing the swelling ratio will have two effects on a gel:

1. For a gel sheet of constrained surface area, the thickness will increase.
2. Mesh size of the gel will increase.

When the gel used as a gating membrane to control the release of solute these will have two competing effects on flux:

1. Increases in mesh size will increase the gel diffusivity tending to increase transmembrane flux.
2. Increases in swelling ratio will increase the membrane thickness tending to decrease transmembrane flux.

The effect of competitor on the thickness of a gel sheet (d) will be given by

dC ¼ sr d (16:11)

where
d denotes membrane thickness
dC denotes membrane thickness in the presence of competitor

The influence of the mesh size will be seen in terms of its effect on diffusivity. Mesh size values for neutral gels have been
calculated using the following expression [68]:

j ¼ v�1=3
2,s

CnMc

Mr

� �1=2

l (16:12)

where
j is the gel mesh size
Cn is the Flory characteristic ratio
l is the unit length along the polymer back bone
Mr is the the molecular weight of the repeat unit

Figure 16.15 shows the predicted effect of competitor concentration on mesh size for the conditions reported in
Figure 16.14.
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FIGURE 16.15 Effect of competitor concentration on mesh size, simulation conditions as for Figure 16.14.
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16.4.3 EFFECT OF SWELLING ON BINDING CONSTANTS

An additional effect, which may be important in affinity gels with high degrees of swelling, is the effect of tensile stress on
binding constants. Gel swelling results in a force being applied to the cross-links within the gel [65]. In affinity cross-links, this
would be expected to increase the dissociation rate constant. This effect is encountered in studies of affinity-mediated cell–
surface interactions and has been described by Bell [69] in terms of the applied force and bond interaction distance.

k0r ¼ kr exp
gfb

kbT

� �
(16:13)

where
g is the bond interaction distance
fb is the force acting on the bond
kb is the Boltzmann constant

For an apparent dissociation constant expressed as the ratio of reverse to forward rate constants,

K 0
L ¼ k0r

kf
¼ KL exp

gfb

kbT

� �
(16:14)

These effects can also be incorporated into the iterative prediction swelling but are likely to only be significant at high swelling ratios.

16.4.4 PREDICTION OF GEL PHASE DIFFUSIVITY AND PERFORMANCE OF RESPONSIVE MEMBRANES

The ability of a solute to diffuse within a hydrogel has been described in terms of the probability of a solute of characteristic size
(r, defined as the radius of a sphere of equal volume to the solute molecule) passing through an opening equal to the mesh
size of the gel (j). This probability is taken to be a linear function of the ratio of r=j. Therefore, the gel phase diffusivity of a
solute can be related to its liquid phase diffusivity, molecular volume, and gel mesh size [70,71].

Dgel ffi D1 1� r

j

� �
exp

�1
Q� 1

� �
(16:15)

where
Dl and Dgel are liquid and gel phase diffusivities of the solute, respectively
r is the hydrodynamic radius of the solute

Equation 16.15 shows that, as expected, the gel phase diffusivity approaches zero as the solute radius approaches the mesh size.
In a responsive gel, as swelling increases in response to environmental changes gel phase diffusivity increases with increasing
mesh size. Figure 16.16 shows the effect of competitor concentration on predicted gel phase diffusivity assuming a solute
radius of 1.5 nm. Using this example and a dextran polymer gel, it is not possible to achieve a cross-link density sufficient to
give a predicted mesh size sufficiently small to prevent gel phase diffusivity. However, as Equation 16.12 does not consider the
steric effects of the immobilized receptor experimentally determined gel phase diffusivities are likely to be lower.

The final step in describing membrane performance is to consider the competing effects of competitor on diffusivity and
membrane thickness. Using Fick’s first law to describe transport across a thin slab of gel (a membrane)

J ¼ ADgel

VdC
(CD � CR) (16:16)

where
J is the flux (concentration change per unit time)
A is the membrane area
V is the volume of receiving compartment
CD is the donor compartment concentration
CR is the receiving compartment concentration

Simulations of the effect of competitor concentration using Equations 16.11, 16.12, 16.15, and 16.16 are shown in Figure 16.17.
This indicates that at low covalent cross-link density where swelling effects are more pronounced, flux passes through a
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maximum as competitor concentration is increased. Gels which contain a higher covalent cross-link density show less swelling,
and flux, although lower across the range, does not decrease at higher competitor concentrations.

16.4.5 DESIGN IMPLICATIONS OF GEL PERFORMANCE

Hydrogel swelling is determined by polymer properties and cross-link density determining the retractive forces which oppose
the dissolution effects of mixing and in the case of charged gels—ionic repulsion effects. It is apparent from the simulations and
literature data reported above that pH-sensitive gels show much higher swelling ratios than neutral or bio-responsive gels. In
membrane applications they will be more suited to a pore gating role in microporous membranes where the gel acts as a valve to
control convective flow [45]. While increases in mesh size with swelling will increase gel phase diffusivity, the high swelling
ratios seen with many pH-sensitive gels limit their mechanical strength for applications in a diffusive membrane form.
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FIGURE 16.16 Effect of competitor concentration on gel phase diffusivity. Arrow denotes increasing covalent cross-link density from
0 to 10 bonds per chain.
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FIGURE 16.17 Effect of competitor concentration on transmembrane flux showing competing effects of increased mesh size and increased
membrane thickness. (CD – CR)¼ 1 M. (a) Zero covalent bonds per chain, (b) 5 covalent bonds per chain, (c) 10 covalent bonds per chain, and
(d) 20 covalent bonds per chain.
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Conversely, for responsive gels based on ligand–receptor interactions, where swelling and mesh size changes result from
changes in cross-link density, changes in swelling ratio are usually much smaller. While this makes them less suitable for pore
gating applications, they are potentially more attractive for use in a diffusive membrane construct.

As described above, diffusive systems fall into two categories: (1) diffusive systems that are based on a sol=gel transition
[28,29,51,53] and (2) diffusive systems that are based on changes in mesh size [30,46,48,54]. In the sol=gel systems, the gel
state results solely from reversible interactions between ligand and receptor; thus increases in competitor concentration will
initially lead to increase in transport rate resulting from increases in mesh size, as the gel changes to a sol viscosity effects
will predominate (Figure 16.4). In gels which contain both reversible and covalent interactions, gel structure is retained even at
saturating competitor concentrations. In both systems, a cross-link density high enough to give a mesh size less than the radius
of the solute to be delivered will be required if zero delivery is to be achieved in the absence of competitor (Equation 16.15).
This requires a high cross-link density and ideally a polymer with a low molecular weight and short repeat unit (Equation
16.12). Thus when polymers are chosen, the monomer size, covalent cross-link density, and achievable degree of ligand and
receptor substitution need to be assessed to ensure that the resulting mesh size is compatible with the molecular weight of the
solute to be delivered.

16.5 APPLICATIONS OF RESPONSIVE MEMBRANES: INSULIN DELIVERY

In many clinical situations, controlled drug delivery systems, which deliver drugs at a predetermined rate, are replacing
conventional drug formulations. However, in diabetes mellitus, there is currently no entirely effectively system for continuous
control of blood glucose levels. The treatment of insulin-dependent diabetes requires the provision of insulin in response to
increases in blood glucose concentration. Although a conventional oral route would be preferred, this is not practical for the
systemic delivery of peptide and protein drugs, including insulin [72]. The consequent required daily injection of insulin may
cause discomfort, and can lead to several long-term complications associated with diabetes mellitus such as retinal damage and
cardiovascular disease. Therefore, an insulin delivery system capable of mimicking the pancreas and delivering insulin in
response to increases in blood glucose would be highly attractive [73]. It is for this reason that many of the responsive
hydrogels described above have targeted the controlled release of insulin in response to changes in glucose concentration.

As described previously, the specific interactions between enzymes and lectins with carbohydrates have been evaluated for
use in insulin delivery systems based on responses to chemical and biochemical stimuli. These include pH, changes in specific
ion concentration, and specific molecular recognition events [15].

An extensively studied approach has been the use of ConA=glucose derivatized polymer mixtures to form reversible sol=gel
system, which is sandwiched between two porous membranes [29,51,53]. Gelation is reversible in response to changes in
environmental glucose concentration such that the diffusion coefficient for insulin changes with degree of gelation. In earlier
studies, the gels were based solely on soluble components. However, leakage of ConA through the membrane during gel–sol
transition led to revised systems with ConA coupled to the polymer.

While reducing leakage, coupling of ConA to the polymer still results in a system that is in a soluble form in the presence
of glucose [51,52]. Thus, support membranes are still required, leading to increased complexity and slow diffusion rates
(Figure 16.5). To address these problems, the covalently cross-linked hydrogels containing glucose moieties and either
boronate or lectin-binding groups were developed [30,31,50,54].

16.6 PERFORMANCE MODELING

The overall response of the patient to an insulin delivery system can be modeled using compartmental analysis to allow the
performance of the release system and its interdependence with factors affecting the physiological response of the patient to be
systematically assessed. Several such models have been published [74,75] to describe the response to a bolus input in a glucose
tolerance test, but need to be combined with models of responsive gel performance to describe in vivo glucose and insulin
levels over an extended period in the face of varying levels of input and demand. The ultimate goal is a model that can be used
in the validation of control strategies for a gel membrane release system, i.e., the production of a chemical control system
analogous to the electronic systems proposed for pump-based closed loop delivery systems [76].

16.7 OUTSTANDING ISSUES

Despite considerable research on the development of responsive membranes for drug delivery there are significant hurdles to be
overcome before techniques developed in the laboratory are made suitable for in vivo use. In insulin delivery, three response
mechanisms have been investigated as described above: (1) a catalytically induced pH shift using glucose oxidase, (2) mesh
size changes induced by displacement of ConA-mediated gel cross-links, and (3) mesh size changes induced by displacement
of boronate-mediated gel cross-links. All three approaches require gel components which are either toxic, immunogenic, or
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both. Therefore, these mechanisms pose a significant risk to patient health if membrane components were to leak from a
delivery system.

In the glucose oxidase system, dissolved oxygen concentration as well as glucose levels will influence delivery response
requiring close control of mass-transfer limitations. For both systems containing a protein component, stability factors may
limit operational lifetime. This may be particularly severe in the case of glucose oxidase where the reaction product H2O2 will
accelerate enzyme denaturation unless it is rapidly removed by diffusion or reaction with a second enzyme (peroxidase or
catalase).

In terms of insulin release, catalytic systems offer the advantage of failing safe, i.e., for transport to increase, pH must be
actively reduced by the enzyme-catalyzed reaction. Loss of enzyme activity leads to a reduction rather than an increase in
release. Conversely, in binding displacement systems protein denaturation will lead to an increase in release as the number of
cross-links is reduced.

For extended operation, insulin release systems will need to require many times the lethal dose of insulin. Therefore, in
addition to failure of the responsive element, there is a significant risk associated with accidental release resulting from a
mechanical failure. This requires careful consideration of the mechanical design of a unit intended to operate as an implant.

Finally, the issue of biocompatibility and location needs to be considered to ensure response is triggered by a local glucose
change representative of the wider levels and that release is not compromised by fouling or cell growth over the release surface.
For these reasons little work has yet to be carried out in vivo systems. However, Taylor et al. [77] have demonstrated a
pharmacological effect using a ConA-based responsive gel to deliver insulin in the rat, highlighting the potential of responsive
membrane systems if the technical and safety issues can be resolved.

NOMENCLATURE

A membrane area (m2)
C competitor concentration (M)
CD Donor compartment concentration (M)
CR receiving compartment concentration (M)
Cn Flory characteristic ratio
Dgel diffusate diffusivity in the gel phase (m2s�1)
Dl diffusate diffusivity in the liquid phase (m2s�1)
fb force per bond (N)
I ionic strength (M)
J Flux (M s�1)
kr dissociation rate constant (s�1)
k0r apparent dissociation constant under applied stress (s�1)
l the unit length along the polymer back bone (m)
Ltot immobilized ligand concentration (M)
kb Boltzmann constant (J M�1 K�1)
Ka dissociation constant for acid (M)
Kb dissociation constant for base (M)
KC dissociation constant for competitor=ligand (M)
KL dissociation constant for receptor=ligand (M)
Mc number average molecular weight between cross-links (kg M�1)
Mn number average molecular weight of the polymer (kg M�1)
nb number of bonds
P polymer concentration in the gel (M)
Q ratio of the swollen gel volume to the dry gel volume
r hydrodynamic radius of the solute (m)
[RC] receptor=competitor complex concentration (M)
[RL] receptor=ligand complex concentration (M)
Rtot immobilized receptor sites concentration (M)
sr swelling ratio
v1 partial specific volume of the polymer (m3)
v2,r polymer fraction of the gel after gel formation
v2,s polymer fraction of the gel at equilibrium swelling
V volume of receiving compartment (m3)
V1 molar volume of water (m3 kg�1)
Y fraction of immobilized ligand bound to receptor
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d membrane thickness (m)
j mesh size (m)
x1 Flory polymer-solvent interaction parameter
g bond interaction distance (m)
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17 Membrane Applications
in Biotechnology, Food Processing,
Life Sciences, and Energy Conversion:
Introduction

Syed S.H. Rizvi
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Biological membranes have long been known to be crucially important in cellular homoeostasis and metabolic-energy
transduction. They not only control cellular transport processes but also regulate various functional characteristics of
multicellular organisms. Recent studies on bipolar membranes have provided a better understanding of the mechanism of
ionic transport in cellular systems and have also led to new developments in highly selective membranes with such
characteristics as permselectivity for monovalent ions, rectification, and water splitting. These discoveries are indeed harbingers
of new heights to be attained in the field of bioseparations.

Developments in synthetic membranes and their utilization are more recent. Industrial applications of membrane-based
processes in bioscience and technology have accelerated over the last four decades. The membranes are now used in numerous
diverse fields extending from production of potable water and separation of gases, to drug delivery and cold sterilization of
beverages and pharmaceuticals. It is often a method of choice for concentration and separation of different components of a
macromolecular mixture or solutions, especially if they are sensitive to high temperatures. The physical and chemical make up
of these membrane material are exploited to create a selective barrier for separation of species of different size, shape, electrical
charge, and related properties. Porous membranes affect separation primarily by discrimination of size and shape, and
hydrodynamic sieving; while nonporous membranes depend on sorption and diffusion. There has been tremendous progress
in our understanding of how components pass through a membrane; both on the basis of thermodynamics of solubility and
kinetics of diffusion that together constitute what is called permeability.

The utility of a membrane system is dictated by the degree of desired separations achieved and the rate of separation. The
degree of desired separations is measured in terms of solute selectivity or rejection, while the rate of separation is evaluated by a
combination of flux and fouling. The performance of a particular membrane and its replacement frequency will affect operation
and maintenance cost, and invariably dictate the process selection. Some of the most attractive features of membranes are
already listed in Chapter 1. Among few drawbacks, high initial capital costs, fouling, achievable product purity, and limited
durability often pose limitations to their widespread utilization. Nevertheless, numerous industrially significant processes in the
food processing and biotechnology industries continue to capitalize on the many products made using membrane-based
processes. Some of the current examples include water desalination and purification, and cold sterilization of beverages;
recovery and fractionation of proteins from cheese whey; clarification of fruit juice, wines and beer; removal of bacteria from
water; effluent treatment for removal of heavy metals and organic materials; separation of oil=water emulsions; removal of
VOCs from air; controlled release of drugs; separation of plasma from blood; dewatering of suspended solids such as slurries,
among many others.

495
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The statement made by Drioli and Romano in 2001 [1] on performance of various membrane-based installations in France
is given as below:*

It is interesting to mention that statistical analysis carried by Electricité de France on 174 different membrane installation in France
using MF, UF, RO, and ED mainly in small- and medium-sized industries found a normal percentage of satisfaction between 70% and
95%, one of the highest positive responses received in this kind of analysis. This result is, in part, surprising because of the high
innovative content of the technology and the lack of education still existing on their basic properties. It is, however, consistent with the
important contributions that membrane operations can make in terms of cost reduction, quality improvement, pollution control etc.

The potential of membranes to provide nonthermal energy conversion through fuel cells is widely recognized and has
received support from governmental agencies. Numerous research teams are working extensively across the world to develop
different types of membrane-based fuel cells and a large number of publications have come out in recent years in this area. This
clearly indicates that future research will be aimed at commercializing fuel cells as an alternative to current power sources.

The continuous interest and growth of the various new industrial processes related to the life sciences will also require
significant contributions from membrane engineering. It is hoped that future research would provide deeper insight on the
precise mechanisms involved, which would show new direction for research in membrane science and applications. It is,
however, important to recognize that applicability of electroporation has been demonstrated in a variety of bacteria, yeast, and
mammalian cells and some applications are ready for exploitation while many new technologies seem potentially possible.

It is indeed impossible to capture all current and future applications, and uses in any one publication. What follows here is a
selective presentation from the large number of possible membrane-based processes of relevance to bioprocess industries.

Ultrafiltration-based protein bioseparation is the subject of Chapter 18 and how it can, by judicious choices of operating
parameters, significantly reduce the number of purification steps currently in use. Membrane distillation, which is a relatively
new and emerging area of application for concentration of dilute aqueous feedstock in which a microporous hydrophobic
membrane is used, is covered in Chapter 19. Membrane-based separations in the brewing industry are discussed in Chapter 20
and a variety of uses ranging from beer clarification and cold sterilization to tank bottoms recovery, alcohol removal, as well as
water and effluent treatment are detailed. Chapter 21 summarizes the principles of operation of monopolar and bipolar
membrane and their applications in food and chemical processing, pollution control, and resource recovery with specific
details on electrodialysis. The current state of research and development in the sprawling industrial use of membranes in the
dairy industry for various processing purposes is presented in Chapter 22.

Chapter 23 is devoted to one of the most critical medical applications and discusses the principle and design of microporous
membrane blood oxygenator that are used to ensure that oxygen-rich blood reaches the cells in the body during cardiopul-
monary operations. In Chapter 24, the design, synthesis, characterization, and applications of nanotube membranes in
bioextraction and biocatalysis are discussed. The physicochemical properties and modeling of emulsion liquid membranes
and their uses in chemical and biotechnological separations are elaborated in Chapter 25. Chapter 26, goes into the mechanics
and biophysical aspects of cell membrane and the current understanding of the dynamics involved in electropore formation and
molecular transport, which have numerous promising implication to human health. The last chapter of this section, Chapter 27
deals with developments in polymer electrolyte membrane fuel cells, covering the principles, types, transport modeling, and
their applications.

It is hoped that the Chapters 18 through 27 would well serve the needs of professionals, both researchers and practitioners,
interested in the depth and breadth of membrane-based technologies of utility to them.

REFERENCE
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* From Drioli, E. and Romano, M. Ind. Eng. Chem. Res., 40, 1277, 2001. With permission.
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18.1 BIOSEPARATION

Bioseparations engineering deals with the large-scale purification of biological products such as proteins that are used as
biochemicals, pharmaceuticals, foods, food additives, nutraceuticals, and agrochemicals. Biological products can be catego-
rized in different ways. One way is to classify them based on their applications (see Table 18.1). Developments in the field of
bioseparations engineering have largely been fueled by the rapid growth in biotechnology. More and more biological products
are now required to be purified in sizable quantities. The separation of biological products from their respective starting material
(i.e., biological reaction medium or tissue extract) is technically difficult and expensive and can frequently be the critical
limiting factor in biological manufacturing. In many cases, the bioseparation cost is a substantial component of the total cost of
production. Manufacturing cost is perhaps a minor issue with newly developed products that enjoy patent protection, since the
cost of product bears no correlation with cost of production. This is due to the significantly high markup in product price, which
essentially serves to cover the substantial cost of product development. However, for generic biological products, the viability
of a manufacturing process depends largely on the cost of production. Table 18.2 lists the bioseparation costs of certain
biological products as percentage of total manufacturing cost. For high-value biological products such as generic therapeutic
proteins, the purification cost can be very significant, mainly due to the following reasons:

1. Low product yield in bioreactors
2. Product complexity
3. Susceptibility of product degradation
4. Stringent quality requirements
5. Need for multistep separation
6. Need for specialized bioseparation techniques, e.g., affinity chromatography

Conventional bioseparation is based on an RIPP (recovery, isolation, purification, and polishing) scheme [1]. This involves
using low-resolution, high-productivity techniques (e.g., precipitation, filtration, centrifugation, and crystallization) first,
primarily to reduce the overall volume and concentration of the process stream (this being referred to as recovery and
isolation). This is followed by high-resolution, low-productivity techniques (e.g., affinity separations, chromatography, and
electrophoresis) for purification and polishing. With the advent of membrane separation processes and other new types of
separations, it is now possible to combine high productivity with high resolution, and thus the opportunity exists to potentially
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cut down the number of purification steps. Membrane processes such as ultrafiltration inherently give high productivity and can
be fine-tuned or optimized to give high selectivity.

18.2 ULTRAFILTRATION

Ultrafiltration is a pressure-driven, selective permeability-based separation process in which membranes having pore sizes
ranging from 1 to 100 nm are used for processing macromolecules such as proteins. Figure 18.1 shows ultrafiltration relative to
other membrane-based separation processes. A common notion about ultrafiltration is that separation is solely based on solute
size. However, solute size is only one of the many factors, which influence separation in ultrafiltration. Indeed, a membrane can
be made to retain a smaller molecule while allowing a larger molecule to pass through; this phenomenon is referred to as
reversed selectivity. One cannot overemphasize the fact that solute separation by ultrafiltration is highly complex in nature, and
appreciating this complexity is absolutely essential if ultrafiltration is to be used efficiently. The complexity of ultrafiltration
rather than being a weakness is its strength since it makes it possible to carry out separations that would not have been possible
had ultrafiltration been a purely size-based separation process [2].

Ultrafiltration has a broad variety of applications ranging from the processing of biological macromolecules to wastewater
treatment. Food and biotechnological applications account for nearly 40% of current total usage of ultrafiltration membranes
[2]. Processing of biological macromolecules, such as proteins and nucleic acids, has assumed significant importance in the
bioprocess industry, where the impact of downstream processing on the overall process economics is now better appreciated.
From an operational point of view ultrafiltration is used for

1. Concentration (removal of solvent from protein solutions)
2. Desalting (removal of low-molecular weight compounds from protein solutions)
3. Clarification (i.e., removal of particles from protein solutions)
4. Fractionation (i.e., protein–protein separation)

TABLE 18.1
Classification of Biological Products Based on Their Applications

Categories Biological Products

Industrial chemicals Solvents, organic acids, industrial enzymes
Agrochemicals Biofertilizers, biopesticides
Biopharmaceuticals Antibiotics, hormones, monoclonal antibodies, plasma proteins, insulin, vaccines, alkaloids
Food and nutraceuticals Whey proteins, milk proteins, egg proteins, soy proteins, vitamins, amino acids, protein

hydrolysates, yeast cells, yeast extract
Diagnostic products Glucose oxidase, peroxidase, hormones
Commodity chemicals Detergent enzymes, insecticides

Laboratory reagents Bovine serum albumin, ovalbumin, lysozyme
Cosmetic products Plant extracts, animal tissue extracts

TABLE 18.2
Cost of Bioseparation

Product Bioseparation Cost (%)

Solvents, e.g., ethanol, acetone 15–20
Cells, e.g., bakers yeast, brewers yeast 20–25
Crude cellular extracts, e.g., yeast extract 20–25

Organic acids, e.g., citric acid, lactic acid 30–40
Vitamins and amino acids, e.g., lysine, ascorbic acid 30–40
Gums and polymers, e.g., xanthan, gellan 40–50
Antibiotics, e.g., penicillins, rifampicin 20–60

Industrial enzymes, e.g., amyloglucosidase, glucose isomerase 40–65
Nonrecombinant therapeutic proteins, e.g., pancreatin, papain, diastase 50–70
r-DNA products, e.g., recombinant insulin, recombinant streptokinase 60–80

Monoclonal antibodies 50–70
Nucleic acid-based products 60–80
Plasma proteins, human albumin, human immunoglobulins 70–80
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Concentration, desalting, and clarification processes are well-established operations in the industry for quite some time (since
the 1970s). Macromolecular fractionation using ultrafiltration is significantly more challenging and is still a developing field.
The major advantages of ultrafiltration of over competing separation technologies are high throughput of product, relative ease
of scale-up, and ease of equipment cleaning and sanitization.

18.3 MEMBRANES

A membrane is the key component of an ultrafiltration process and is defined as a thin barrier through which solutes are
selectively transported. Ultrafiltration membranes are prepared from organic polymers, such as cellulose and cellulose
derivatives like cellulose acetate (CA), polysulfone (PS), polyethersulfone (PES), polyvinylidenefluoride (PVDF),
polyamide (PA), and polyacrylonitrile (PAN). Membranes made from ceramic material are widely used in the water industry
but their use in protein processing has been very limited. From a structural point of view polymeric membranes can be
broadly divided into two types: symmetric and asymmetric (or anisotropic). A symmetric membrane has similar structural
morphology at all positions within it, while an anisotropic membrane is a composite of two or more structural planes of
dissimilar morphologies (see Figure 18.2). Most ultrafiltration membranes are anisotropic. The selectivity and hydraulic
permeability of an anisotropic membrane are usually due to an ultrathin skin layer, which can be 0.2–1 mm thick. The skin
layer is backed up by a microporous-supporting layer, which gives form and mechanical support.

Conventional
filtration

Microfiltration

Ultrafiltration

Nanofiltration

Reverse
osmosis

10−10 10−9 10−8 10−7 10−6 10−5 10−4 10−3 10−2

Pore size (m)

Ionic range Micron
range

Coarse
particle range

Macromolecular
range

Fine particle
range

FIGURE 18.1 Classification of membrane processes.

(a) (b)

FIGURE 18.2 (a) Symmetric and (b) asymmetric membranes. (Micrograph of symmetric membrane. Courtesy of Millipore Corporation.
With permission.)
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The term membrane element refers to the basic form in which a membrane is prepared. There are three types of membrane
elements: flat sheets, hollow fibers, and tubular membranes. The device within which the membrane element is housed is
referred to as the membrane module. The design of the membrane module largely depends on the type of membrane element, as
well as on additional requirements such as the need for cleaning and disassembling, the required transmembrane pressure
(TMP), and the required hydrodynamic conditions. Some of the different modules types are (see Figures 18.3 through 18.7):

FIGURE 18.3 Stirred cell. (Photo courtesy of Millipore Corporation. With permission.)

FIGURE 18.4 Flat sheet TF flow membrane module. (Figure courtesy of Millipore Corporation. With permission.)
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Feed Filtrate

Filtrate

Membrane

Retentate

FIGURE 18.5 Spiral wound membrane module. (Figure courtesy of Millipore Corporation. With permission.)

FIGURE 18.6 Tubular membrane module. (Photo courtesy of PCI Membranes. With permission.)

FIGURE 18.7 Hollow fiber membrane module. (Photo courtesy of Millipore Corporation. With permission.)
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1. Stirred cells (only for laboratory-scale applications)
2. Flat sheet tangential (TF) flow module
3. Spiral wound module
4. Tubular module
5. Hollow fiber module

Table 18.3 lists the relative advantages and disadvantages of the different types of membrane modules.
Membrane modules can be operated in the dead-end or cross-flow modes (see Figure 18.8). Dead-end ultrafiltration is used

mostly for laboratory-scale applications and industrial ultrafiltration processes are usually carried out in the cross-flow mode.
The main advantage of cross-flow ultrafiltration is the lower extent of concentration polarization. The cross-flow mode also
allows recirculation of the retentate stream to the feed tank followed by its mixing with fresh feed that leads to several
operational advantages.

18.4 THEORY OF ULTRAFILTRATION

Solvent transport through a membrane is driven by an applied TMP gradient. The TMP used in ultrafiltration ranges from 0 to
500 kPa, though most ultrafiltration processes are carried out at less than 100 kPa TMP. The transport of solvent through an
ultrafiltration membrane is quantified in terms of the volumetric permeate flux (Jv), which is obtained by dividing the
volumetric filtration rate by the membrane area. Solute molecules may be either fully or partially transmitted or indeed totally
retained (or rejected) by an ultrafiltration membrane. This depends on a number of factors that include steric, hydrodynamic,
thermodynamic, and electrostatic effects. Solute retention leads to its build-up near the membrane surface this being referred to
as concentration polarization. Concentration polarization results in generation of an osmotic back pressure, which acts against
the TMP. The basic working equation for ultrafiltration processes is the osmotic pressure model [3]

Jv ¼ DP� Dp

mRm

� �
(18:1)

where
DP is the TMP
Dp is the osmotic back pressure
m is the permeate viscosity
Rm is the resistance offered by the membrane

TABLE 18.3
Characteristics of Membrane Modules

Type Applications Feed Hold-up Special Remarks

Stirred cell Laboratory High Sometimes used for dead-end ultrafiltration
Flat sheet TF Food, pharmaceuticals, biotechnology Moderate Easy dismantling and cleaning
Spiral wound Food, pharmaceutical, water Low Uses flat sheet membrane element
Hollow fiber Pharmaceuticals, water, bioreactors Low Susceptible to fiber blocking

Tubular Water, wastewater, industrial chemicals High Easy cleaning

(a) (b)

Feed
Feed

Permeate
Permeate

FIGURE 18.8 Dead-end (a) and cross-flow (b) mode.
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In certain cases the accumulated solute may form a gel layer on the membrane leading to an additional gel-layer resistance (Rg):

Jv ¼ DP� Dp

m(Rm þ Rg)

� �
(18:2)

Concentration polarization is clearly a limiting factor in ultrafiltration. Several methods have been developed to reduce
concentration polarization, which includes [4–10]:

1. Creation of pulsatile flow in membrane module
2. TMP pulsing
3. Creation of oscillatory flow
4. Flow obstruction using inserts
5. Generation of Dean vortices in membrane module
6. Generation of Taylor vortices in membrane module
7. Gas-sparging

Ultrafiltration relies on the ability of a membrane to act as a selective barrier. One of the major properties of an ultrafiltration
membrane is its ability to act as a sieve for macromolecular substances. The transmission of a particular solute through an
ultrafiltration membrane can be expressed in several ways, a commonly used way being in terms of sieving coefficients. The
intrinsic or real sieving coefficient (Si) is defined as

Si ¼ Cp

Cw

� �
(18:3)

where Cp is the solute concentration in the permeate, while Cw is that on the membrane surface. Si depends on the solute-
membrane system, the operating conditions such as pH, ionic strength, temperature, and presence of additives such as
surfactants and organic solvents. The intrinsic sieving coefficient of a noninteracting solute can be predicted using the following
equation that is based on the diffusive–convective membrane transport theory [11]:

Si ¼
S1 exp

S1Jvdm
Deff

� �

S1 þ exp
S1Jvdm
Deff

� �
� 1

0
BB@

1
CCA (18:4)

where
S1 is an asymptotic sieving coefficient
�m is the membrane thickness
Deff is the effective diffusivity of the solute within the pores

Most proteins would be expected to interact with the membrane to some extent. The intrinsic sieving coefficient of an
interacting solute can be determined using Equation 18.5 [12]:

SInteractingi ¼ Si exp � E

KT

� �
(18:5)

where
E is the activation energy
K is the Boltzmann constant
T is the absolute temperature

Due to concentration polarization, the solute concentration near the membrane surface tends to be higher than that in the bulk
feed. Another sieving coefficient term that is commonly used is the apparent or observed sieving coefficient (Sa) which is
defined as

Sa ¼ Cp

Cb

� �
(18:6)
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where Cb is the solute concentration in the bulk feed. The apparent sieving coefficient of a solute can be predicted using
Equation 18.7 [13]:

Sa ¼
S1

S1Jvdm
Deff

þ Jv
k

� �

(S1 � 1) 1� exp
S1Jvdm
Deff

� �� �
þ S1 exp

S1Jvdm
Deff

þ Jv
k

� �
0
BB@

1
CCA (18:7)

where k is the mass transfer coefficient of the solute and depends on the hydrodynamic conditions within the membrane
module. For fully developed laminar flow on the feed side the following correlation could be used to calculate mass transfer
coefficient [3].

k ¼ 0:816g0:33D0:67l�0:33 (18:8)

where
g is the wall shear rate
D is the solute diffusivity
l is the length of the membrane module

The different solute concentrations on the feed and permeate sides are linked to the volumetric permeate flux in terms of the
concentration polarization model, which is based on the stagnant film theory [14]:

Jv ¼ k ln
Cw � Cp

Cb � Cp

� �
(18:9)

Membrane manufacturers prefer to use a parameter called the nominal molecular weight cut-off (NMWCO) or simply the
molecular weight cut-off (MWCO) to specify the sieving properties of their membranes. For a given membrane this is defined
as the molecular weight of a solute that has an apparent sieving coefficient of 0.1. Polymers, such as dextran or polyethylene
glycol, are usually used to determine MWCO.

Membrane fouling refers to the loss of membrane performance due to adsorption and deposition of material present in the
feed on the membrane surface and within the pores. Membrane fouling primarily leads to reduction in volumetric permeate flux
and alteration in solute transmission behavior. Membrane fouling usually leads to lowering of the sieving coefficients but in
some cases, the sieving coefficients can be increased due to fouling. This is usually due to electrostatic shielding. Fouling can
be reversible, i.e., its effects can be reversed by appropriate cleaning methods or irreversible, i.e., membrane properties are
permanently altered. Proteins are major foulants and can cause both reversible and irreversible fouling. Fouling is a highly
undesirable effect and efforts are necessary to keep it at an acceptably low level. Factors that affect membrane fouling are
physicochemical properties of the membrane and the solutes, membrane morphology, operating parameters (TMP, system
hydrodynamics), physicochemical properties of the feed solution (pH, salt concentration), and membrane operation history.
With certain types of membranes, particularly when operated at high TMP, membrane compaction (i.e., resulting from
deformation) may also result in flux decline.

18.5 CONCENTRATION

A concentration process involves removal of a solvent, typically water from a macromolecular solution. Ultrafiltration is the
method of choice for large-scale concentration. The selectivity issue involving removal of water from a macromolecular
solution using ultrafiltration is trivial. The main challenge in a concentration process is maintaining a high productivity on
account of the increased macromolecular concentration in the feed solution. Some of the main applications of macromolecular
concentration using ultrafiltration are listed below [2]:

1. Concentration of plasma proteins
2. Processing of milk products
3. Concentration of whey proteins
4. Concentration of soy proteins
5. Concentration of enzymes
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The type of ultrafiltration membrane to be used for a particular concentration process would depend on the type of protein being
concentrated. The membrane should typically give greater than 99% macromolecular retention. Membrane manufacturers
frequently provide tabular information to aid membrane selection (see Figure 18.9). Membrane modules used in concentration
processes should have low hold-up volume on the feed side, ability to handle viscous feed, and ability to give high mass transfer
coefficient of the retained solute. Flag sheet TF flow membrane modules are widely used for concentration-type processes.
Where the viscosity of the final concentrated product is low, hollow fiber membrane modules are used. Tubular membrane
devices on account of their high hold-up volume are generally not used.

Concentration is commonly operated as a batch process (see Figure 18.10). The liquid to be concentrated is pumped from a
feed tank through a cross-flow ultrafiltration membrane module and the retentate is returned to the tank. The ultrafiltration
process is generally carried out at a constant TMP, which is generated by throttling the retentate line. The permeate that is free
from protein is discarded and hence the feed concentration increases in the feed tank with time. The batch concentration system
is conceptually simple and efficient due to the low possible material exposure to the membrane for a given degree of
concentration. The main limitation of the batch concentration mode is the need for a large dedicated feed tank. This limitation
can be overcome using a fed-batch process (see Figure 18.11) in which a small primary feed tank is fed from a larger secondary
feed tank or where relevant, directly from a bioreactor. Batch process is preferred where dedicated equipment is used for a
particular product-line. Where the same ultrafiltration equipment is used for multiple product-lines, fed-batch process is
preferred since the membrane filtration setup can be mounted on a skid and can be moved around in the manufacturing
plant. This provides operational flexibility and versatility. However, the efficiency of membrane usage is lower since the
exposure of the membrane to material is greater when compared with the batch mode. Where continuous protein concentration
is required, a continuous process can be carried out using the multistep setup shown in Figure 18.12. A single step setup would
generally give very low degrees of continuous concentration. A partial recycle process (see Figure 18.13) could achieve
reasonable good concentration factors since a certain proportion of the concentrated retentate is directly taken through a recycle
line to the feed stream, thus effectively avoiding dilution in the feed tank.

18.6 DESALTING

Desalting refers to the removal of low-molecular weight solutes (e.g., salts and peptide fragments) from protein solutions. This is
an example of diafiltration and is achieved using an ultrafiltration membrane that retains the protein while allowing the low-
molecular weight substance to pass. The macromolecular retention should be in excess of 98%. The principle of desalting is
shown in Figure 18.14. Buffer exchange, which is operationally similar to desalting involves the gradual replacement of one
buffer by another. Solute selectivity is mostly not a major issue in desalting on account of the significant differences in solute size.
However, when low-molecular weight substances interact with proteins, obtaining good selectivity could be challenging. One of
the main objectives in a desalting process is to achieve and sustain a high permeate flux. In a desalting process, it might sometimes
be desirable to dilute the feed to enhance the permeate flux. Some of the major applications of desalting are listed below [2]:

1. Removal of salts used for precipitation from protein solutions
2. Removal of solvents used for precipitation from protein solutions
3. Removal of peptide fragments from protein solutions
4. Buffer exchange before and after chromatographic separation
5. Removal of toxic metabolites from blood
6. Formulation of therapeutic proteins in solutions
7. Removal of inhibitors from enzyme solutions
8. Protein refolding

Desalting is mostly carried out while keeping the feed volume constant, i.e., by replenishing the liquid lost in the filtrate.
Therefore the protein concentration in the feed is also maintained constant. Exceptions are where simultaneous concentration
and desalting are carried out.

Industrial-scale desalting processes are carried in the cross-flow mode at constant TMP. A wider variety of membrane
modules than in concentration can be used for desalting. This includes flag sheet TF flow, hollow fiber, spiral wound, and
tubular modules. A batch process (see Figure 18.15) is most commonly used for desalting. The feed solution is pumped into an
ultrafiltration module and the retentate is sent back to the feed tank. The feed volume is usually maintained constant by
continuous addition of fresh solvent. In a batch process the concentration of permeable species decreases with time while the
concentration of the retained species remains unchanged. This is due to continuous replenishment of liquid by addition into the
feed tank. In some separation processes, intermittent replenishment of solvent is preferred to continuous replenishment.
Multiple stages are commonly used for continuous desalting (Figure 18.16).
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FIGURE 18.10 Batch concentration.
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FIGURE 18.11 Fed-batch concentration.
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FIGURE 18.12 Continuous concentration.
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FIGURE 18.13 Concentration with partial recycle.
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FIGURE 18.14 Desalting.
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FIGURE 18.15 Batch desalting.
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18.7 CLARIFICATION

Clarification refers to the removal of particulate matter from protein solutions. In addition to efficient removal of particulate
matter, high-protein transmission through the membrane is desirable. Microfiltration membranes are more widely used for
clarification. However, in applications such as virus removal from biopharmaceutical solutions ultrafiltration is increasingly
preferred on account of the higher efficiency and reliability of particulate retention. Some of the common applications of
clarification are listed below [2]:

1. Sterile filtration of biopharmaceutical solutions
2. Sterile filtration of therapeutic products prior to injection
3. Removal of cell debris
4. Cell harvesting
5. Continuous recovery of products from bioreactor

High-macromolecular transmission through membrane is desirable in clarification. This depends on operating and physico-
chemical parameters such as solution pH and ionic strength. These have to be taken into consideration when selecting a
membrane and operating conditions for a particular application. Ultrafiltration is mainly used for virus removal from protein
solutions. As long as satisfactory virus removal can be ensured, less than 100% protein transmission through the membrane is
tolerated as an identified trade-off. Virus particles are removed by geometric exclusion, i.e., by sieving mechanism. The
efficiency of virus removal is expressed in terms of the log removal value (LRV):

LRV ¼ log
NF

NP

� �
(18:10)

where
NF is the number of virus particles per unit volume of feed
NP is the number of virus particles per unit volume of permeate

Membrane modules suitable for clarification should have low feed hold-up. Stirred cell- and cartridge-type ultrafiltration
modules are widely used. These are operated in a dead-end mode. Figure 18.17 shows the setup used for dead-end clarification.
If protein is freely transmitted through the membrane, the dead-end mode gives high recovery and is hence preferred. However,
if the protein is partially retained, the dead-end mode gives rise to severe concentration polarization and fouling. In such cases
tubular and hollow fiber ultrafiltration modules, which are operated in the cross-flow mode are preferred. Figure 18.18 shows a
setup used for a cross-flow clarification.

18.8 FRACTIONATION

Macromolecular fractionation, which involves high-resolution separation of solutes having comparable molecular weights
using ultrafiltration, is challenging primarily due to the broad pore-size distribution of ultrafiltration membranes. This implies
that purely size-based fractionation is not feasible using membranes currently available. The development of advanced
membranes with narrow pore-size distributions could make fractionation more feasible. With currently available membranes

Feed

Retentate

Filtrate

Diafiltration
buffer

FIGURE 18.16 Continuous desalting.
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other factors such as membrane modification, solute–solute interactions, and solute-membrane interactions have to be utilized
for macromolecular fractionation.

The use of ultrafiltration for macromolecular fractionation is not an established operation in the industry. This field is still a
domain for fundamental and applied research [15–20]. Some of the projected applications are listed as follows:

1. Fractionation of plasma proteins
2. Purification of monoclonal antibodies
3. Fractionation of whey proteins
4. Fractionation of egg proteins
5. Separation of antivenins

The main challenges that need to be addressed for these applications are

1. Development of better membranes and membrane modification methods
2. Control of concentration polarization
3. Control of membrane fouling
4. Understanding the role of operating and physicochemical parameters on protein transport through ultrafiltration

membranes
5. Understanding the role of protein–protein interactions in ultrafiltration
6. Development of processes specifically targeted at macromolecular fractionation

Development of new ultrafiltration membranes is focused on improving permeate, reducing membrane fouling, and increasing
selectivity of separation. Increasing permeate flux can be achieved by developing hydrophilic membranes with higher
porosities. Hydrophilic membranes inherently foul less. However, for a given membrane fouling increases with increase in
permeate flux. Fouling affects both productivity and product quality. Even moderately high permeate fluxes in ultrafiltration
give significantly higher productivities than competing separation techniques. Therefore where fouling can become a limiting

Compressed
air/nitrogen

Pressurized
feed tank

Dead-end
membrane

module

Filtrate

FIGURE 18.17 Dead-end clarification.

Feed tank

Membrane
module

Pump

Filtrate

FIGURE 18.18 Cross-flow clarification.
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factor a sensible approach is to lower the TMP and hence the flux, thereby reducing membrane fouling. In most ultrafiltration
processes, an identifiable flux value exists, below which fouling is negligible, this being referred to as the critical flux [21].
Protein fractionation processes should ideally be carried out at subcritical fluxes. Concentration polarization is recognized as a
limiting factor in fractionation processes. Fractionation processes should be carried out under conditions of low concentration
polarization. Membrane fouling can also be minimized by reducing concentration polarization.

The transport of proteins is affected by a range of operating and physicochemical parameters such as TMP, feed flow rate,
permeate flux, feed solution pH, and ionic strength. These parameters affect the way in which the proteins pass through
the membrane, interact with the membrane, and interact among each other. Understanding these intricacies is the key to the
development of efficient macromolecular fractionation processes. Development of processes specifically designed for frac-
tionation processes is of equal importance. Currently used membrane processes are focused around concentration and desalting
and hence are not suitable for macromolecular fractionation. Development of cascade-type separation processes would lead to
more efficient membrane utilization [22].

18.9 CONCLUSIONS

The role of bioseparation in biological manufacturing is increasingly becoming important. Ultrafiltration offers an exciting
prospect in the area of bioseparations engineering. The main advantages of using ultrafiltration are high productivity, ease of
scale-up, and easy device sanitization and cleaning. The use of ultrafiltration in high-productivity, low-resolution operations
such as concentration, desalting, and clarification is well established. However, its usage for high-resolution macromolecular
fractionation can only be brought about by the development of better membranes, better understanding of membrane transport
mechanisms, and better membrane processes.
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19.1 INTRODUCTION

The origin of the term membrane distillation (MD) lies in the essential similarity between the conventional process of
distillation and its membrane variant. Both processes depend upon the vapor–liquid equilibrium as a means of phase separation,
where the latent heat of evaporation drives the change in phase from liquid to vapor.
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Hitherto the commercial use of membranes in food processing was restricted to conventional processes such as micro-
filtration, ultrafiltration, nanofiltration, reverse osmosis (RO), gas permeation, and electrodialysis. These unit operations include
solid–liquid separation, concentration (dewatering), gassing=degassing, desalting, and deacidification. Membrane distillation
(MD) as a concept was first described in a US patent in the early 1960s for making potable water [1]. However, its merits were
progressively realized for wide range of application such as desalination of water [2,3]; treatment of oily feeds [4,5], humic acid
[6], and solvents [7,8]; concentration of liquid foods [9], sugar solutions [10,11], and beverages [12,13]; and the recovery of
products of fermentation [14], mineral acids [15,16], and aromas and fragrances [17].

The advantages of membrane distillation are associated with relatively lower energy costs as compared to competing
processes such as distillation, reverse osmosis, and pervaporation (PV); much lower membrane fouling as compared with
microfiltration (MF), ultrafiltration, and RO; a quantitative rejection of nonvolatile solutes from the feed stream; lower
operating pressure and temperatures, without sacrificing flux as compared with competing processes.

Advances in preparation and modification of membranes used in membrane distillation and their configurations have been
covered in a recent review by Curcio and Drioli [18] and it is evident that R&D efforts are largely concentrated on making
improvements in these areas.

Concentration and dewatering of liquids are one of the key unit operations encountered in food processing, particularly in
the processing of beverages, fruit juice, milk, whey, vegetable extracts, etc. In such unit operations, solid contents are generally
increased from an initial value of 10%–12% to a final value of 65%–75% by weight [19]. This concentration step is aimed
at lowering storage, packaging, and transport costs. It also helps, to a limited extent, in preventing microbial spoilage of
these concentrates.

Today, multistage vacuum evaporation is the predominant method used for liquid food concentration. Its major drawback is
that it causes heat-induced deterioration of sensory (color, taste, and aroma) and nutritional (vitamins, etc.) value of the finished
product. The food industry has developed alternate methods, such as freeze concentration and thermally accelerated short time
evaporation (TASTE) [20] for recovery and blending of such labile constituents for producing concentrates. Though they are
currently practiced commercially, the final products in some cases do not satisfy the consumer requirement of their fresh or
natural qualities. Some of these processes are energy intensive and therefore unattractive.

Membrane processes, in general, are very attractive for their simplicity and flexibility. They are capable of achieving
separations at a molecular level. Membrane modules are often compact and easily scaleable. For clarification and concentration,
microfiltration, ultrafiltration, and reverse osmosis are the current methods of choice. RO has been widely used in the food
industries as an attractive alternative to classical evaporation; the only limitation being its dependence on osmotic pressure,
which practically limits concentration of fluid streams to 258Bx–308Bx. Hence, currently it is used more as a preconcentration
step. In recent years, membrane processes, notably pervaporation, membrane distillation and osmotic membrane distillation
(OMD) [21], have been used either by themselves or in combination with other membrane processes to overcome the problems
associated with thermal processes.

19.2 HISTORICAL BACKGROUND

Bodell [1] was the first to describe membrane distillation when he was granted a patent on an apparatus and methods for
converting nonpotable aqueous fluids to potable water, where vapor and not liquid was permeable through a membrane. He
also suggested the use of vacuum for recovery of permeate vapor. However, he did not describe the geometry, the structure
of the membrane, and could not quantify his results. In 1967, Weyl [22] employed an air-filled porous hydrophobic
membrane for improving the efficiency of desalination. Weyl also proposed a method for placing the hot feed and cold
permeate solutions in direct contact with the membrane, thereby eliminating the macroscopic air gap found in other devices
of that time. He reported fluxes up to 1 kg m�2 h�1 using polytetrafluoroethylene (PTFE) membrane of 3.2 mm thickness
with a pore size of 9 mm and porosity of ~42%. In the late 1960s, Findley [23] was the first to publish the basic theory and
results of direct contact membrane distillation (DCMD), which were performed using membranes of different materials
treated either with silicone or PTFE to achieve the required hydrophobicity. Although, the equipment and experimental
procedures used by Findley were rudimentary, he was able to quantify the effects of air trapped in the membrane pores,
membrane thickness and porosity, and heat loss by conduction. After the work on desalination of seawater by Findley
et al. [24–26] no further development took place till the 1980s. In 1982, Gore proposed a spiral-type module using a Gore-
Tex membrane [27], which he called Gore-Tex Membrane Distillation. In 1983, the Swedish Development Co. (Svenska
Utvecklings AB) reported similar test results using a plate and frame module. In 1984, Enka AG presented a transmem-
brane distillation module using hollow fibers, at the Europe–Japan Joint Congress on Membranes and Membrane
Processes. At the second world congress on desalination and water reuse in 1985, papers presented on MD [28–31] led to
a renewed interest in the subject and facilitated the development of various hydrophobic membranes (polypropylene,
polytetrafluroroethylene) with porosities as high as 80% and membrane thickness as low as 50 mm. Subsequently, work
by Schofield et al. [32–35] contributed to a better understanding of temperature and concentration polarization, and their
effect on membrane distillation.
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In the late 1980s, it was observed that the same membranes that had been used in thermal membrane distillation could be
used in a concentration-driven process called OMD [36]. Both these processes show great similarity in employing hydrophobic
membranes, where a liquid–vapor interface is formed on both sides of the membrane pores. The source for the driving force
(vapor pressure difference) is different in both cases. It is a temperature difference in the case of thermal membrane distillation,
while it is a concentration difference in the case of OMD [37].

The OMD process can be included in the group of processes under membrane distillation [38], because it meets the
terminology for membrane distillation that was decided by the expert committee at the workshop on ‘‘membrane distillation in
Rome in 1986’’ [39]. Membranes used in MD need to satisfy certain conditions: For example, the membrane should be porous
and should not be wetted by the process liquids; no capillary condensation should take place inside the pores of the membrane;
the membrane must not alter the vapor–liquid equilibrium of the different components in the process liquids; at least one side of
the membrane should be in direct contact with the process liquid; for each component the driving force of this membrane
operation is partial pressure gradient in vapor phase.

Therefore, in this chapter OMD will be considered as a part of membrane distillation. The composition of the gas phase
above the liquid surface is often expressed by partial pressure and the difference in partial pressure is therefore accepted as a
driving force for the MD process [38–43]. The magnitude of this driving force depends on the solution temperature and
composition of the layers adjacent to the membrane surface.

The main advantages of the membrane distillation process over conventional distillation are the configuration of the
evaporation surface can be made into various membrane modules with a compact area density, mist can be eliminated, and
highly pure water can be obtained as product; corrosion may be less than that with metal surfaces.

Considering these merits, the fundamental characteristics of the membrane distillation process have been studied, and
progressively, articles by various researchers [32,33,36–39,41,43,44] have provided insights into various process aspects.

19.3 MEMBRANE DISTILLATION

Membrane distillation is a relatively new process in which a microporous hydrophobic membrane separates two aqueous
solutions or a solution and gas, either at different temperatures or at different compositions. Because of the vapor pressure
difference, water evaporates on one surface of the membrane and passes through the membrane in the form of vapor and gets
condensed on the other side of membrane, resulting in the concentration of feed and dilution of permeate solutions. In
membrane distillation one side (usually the feed side) of the membrane is always in contact with an aqueous solution. The other
side (i.e., the permeate side) may be brought into contact with different phases: For example (1) with an aqueous solution,
giving rise to the configuration called DCMD; (2) with a sweeping gas, in which case the process is termed sweeping gas
membrane distillation (SGMD); (3) with a stagnant air gap plus a cold plate called air gap membrane distillation (AGMD);
(4) with a vacuum and the process is called vacuum membrane distillation (VMD); and (5) with an osmotic solution where the
process is termed OMD. While the first four processes are non-isothermal, the last process is isothermal. More details of these
processes are discussed in the following sections.

19.3.1 DIRECT CONTACT MEMBRANE DISTILLATION

Direct contact membrane distillation is a form of membrane distillation in which both the heated feed (liquid) and cold permeate
(liquid) are kept in contact with porous hydrophobic membrane (Figure 19.1). In the absence of hydrostatic pressure difference,
liquid–vapor interfaces are formed at the entrance of each membrane pore, and a vapor pressure difference is maintained on
both sides of the membrane by applying a temperature difference. Water molecules evaporate from the hot liquid–vapor
interface, diffuses through the membrane in the form of vapor, and get condensed on the permeate liquid–vapor interface kept at
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FIGURE 19.1 Schematic representation of DCMD.
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lower temperature. Hence the DCMD process takes place at atmospheric pressure and at temperatures much lower than the
normal boiling point of the feed solution, thus it can be used for concentration of temperature insensitive liquids, such as liquid
foods. Most MD processes are carried out in the form of DCMD, which is easy to operate, consumes relatively low energy, and
gives high water permeate flux. It is commonly applied for situations where water is the major fluxing component [39,45,46],
such as desalination or the concentration of aqueous solutions. Desalination by DCMD has exhibited fluxes as high as 75 kg
m�2 h�1 [22], which are comparable with the fluxes typically observed in RO. Additionally, salt rejections of nearly 100%
have been observed in DCMD desalination, which cannot be accomplished with RO (at high fluxes) [47].

19.3.1.1 Heat and Mass Transfer

Heat and mass transfer takes place simultaneously in DCMD. The mass and heat transport can be described by three steps,
namely transport through boundary layer on the feed side, transport through membrane, and transport through boundary layer
on the permeate side.

The mass transfer in the boundary layers can be described by a mass transfer coefficient. In the membrane phase, the
diffusion of water vapor can be described by either of the four mechanisms, namely molecular=Knudsen diffusion model, or
Poiseuille flow, or by the dusty gas model (DGM). Heat transfer coefficients are used to describe the heat transfer in the
boundary layer on either side of the membrane. In the membrane heat transfer occurs through the vapor and by conduction.
These aspects have been explained in detail in the following sections.

19.3.1.1.1 Heat Transfer
The modes of heat transfer and the possible heat transfer resistances in membrane and the corresponding boundary layers of
DCMD are shown in Figure 19.2. The basic equation for the total heat transferred due to the difference in temperatures of the
feed (Tf) and permeates (Tp) is given by

Q ¼ H(Tf � Tp) ¼ HDTf (19:1)

where H is the overall heat transfer coefficient that accounts for all the three resistances for water transport and is given by

H ¼ 1
hf

þ 1
km
d þ hv

þ 1
hp

" #�1

(19:2)

where
hf and hp are the heat transfer coefficients in feed and permeate layers, respectively
km is the membrane conductivity
d is the membrane thickness
hv is the vapor heat transfer coefficient

Tf

Tm2
Tm1

Tp

Feed

Permeate

Mass flow

1/hf 1/hp
hv +
km/d

FIGURE 19.2 Heat transfer resistances in DCMD.
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19.3.1.1.1.1 Heat Transfer through the Membrane
Heat transfer through the membrane occurs by two mechanisms, first, by latent heat through the vapor, and second, by sensible
heat conduction across the membrane material.

The latent heat flux for dilute solutions is given by [34]

Qv ¼ JDHv ¼ hvDTm (19:3)

The conductive heat flux is given by [32]

Qc ¼ km
d

� �
(Tm1 � Tm2) (19:4)

The membrane conductivity km in Equation 19.4 can be estimated using the following three models [48]:

isostrain or parallel model

km ¼ (1� «)ks þ kg « (19:5)

iostress or series model

km ¼ «

kg
þ (1� «)

ks

� ��1

(19:6)

and flux law model

km ¼ kg
1þ (1� «)bs�g

1� (1� «)bs�g

" #
(19:7)

where

bs�g ¼
ks
kg
� 1

ks
kg
þ 2

(19:8)

Equation 19.5 is often utilized in MD, while Equations 19.6 and 19.7 are the alternate expressions to calculate the membrane
thermal conductivity, where « is the porosity, ks and kg are thermal conductivities for solid (polymer) and gases in the pores (air
and water vapor), respectively. The values of thermal conductivity of polyvinylidenedifluoride (PVDF), Polytetrafluoroethylene
(PTFE), and Polypropylene (PP) have been reported in a narrow range 0.17–0.29 W m�1 K�1 [48]. The thermal conductivities
of air are in the range of 0.026–0.03 W m�1 K�1 and that of water vapor in the range 0.020–0.022 W m�1 K�1. Since there is a
very small difference between the thermal conductivities of vapor and air, it is possible to assume that the gases in the pores
behave as one component.

From Equations 19.3 and 19.4, the total heat transfer across the membrane (Qm) can be written as

Qm ¼ Qv þ Qc

¼ hv þ km
d

� �
DTm (19:9)

Heat transfer through the membrane pores by convection can also be considered. It is the ratio of convective to conductive heat
transfer rates within the membrane pores and is given by the Peclet number, Pe [39]

Pe ¼ Re � Pr
¼ NCp

hm
(19:10)

where
N is the molar flux
Cp is the molar heat capacity of the vapor
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Studies of Schofield [49] and Gostoli [50] showed that, the heat transfer by convection accounts for only 0.6% of the total
heat transferred across the membrane and at most 6% of the total heat lost by dissipation in the membrane. So heat transfer by
convection is very small as compared to that of conduction and could be neglected.

19.3.1.1.1.2 Heat Transfer through Boundary Layers
Heat transfer across the boundary layers is often the rate-limiting step for mass transfer, because a large quantity of heat must be
supplied to the surface of the membrane to vaporize the liquid.

The rate of heat transfer through the feed boundary layer can be given as

Qf ¼ hf (Tf � Tml) (19:11)

The rate of heat transfer through the permeate boundary layer can be calculated using

Qp ¼ hp(Tm2 � Tp) (19:12)

where hf and hp are the heat transfer coefficients through the feed and permeate boundary layers, respectively, and can be estimated
using empirical equations. Empirical correlations are readily available to estimate the heat transfer coefficients for different
geometries and heat transfer mechanisms, and some of these correlations used in the literature are discussed here [51–53].

19.3.1.1.1.3 Heat Transfer Correlations for Turbulent Flow
For fully developed turbulent flow in smooth tubes, Dittus and Boelter have recommended the following relation:

hd

k1
¼ 0:023

dG

m

� �0:8 Cpm

k1

� �n

(19:13)

where
d is the tube diameter
kl is the thermal conductivity of the liquid
G is the mass velocity
m is the bulk liquid viscosity
Cp is the liquid heat capacity
n takes the values of 0.4 and 0.3, for heating and cooling of the fluid

Equation 19.13 is valid for the boundary conditions of 104<Re< 12� 104, 0.7<Pr< 120 and L=d> 60 (L is the tube length).
The use of this equation is limited to cases where the difference in tube surface temperature and the bulk fluid temperature is
more than 5.58C for liquids and 558C for gases. Equations listed in Table 19.1 can be used as an alternative to the Equation
19.13 depending upon hydrodynamic conditions.

TABLE 19.1
List of Equations Used in MD at Different Hydrodynamic Conditions

Sl. No Flow Regime Equations Reference

1 Turbulent
hd

k1
¼ 0:023

dG

m

� �0:8 Cpm

k1

� �n
m

mw

� �0:14

(19:14)a
[51]

2 Turbulent
h

h1
¼ 1þ d

L

� �0:7

or
h

h1
þ 1:33

d

L

� �0:055

(19:15)b [51]

3 Laminar
hd

k

� �
¼ 3:66þ 0:067 Gz

1þ 0:04 G2=3
z

, Gz ¼ mCp

k1L
(19:16) [55,56]

4 Laminar hf ¼ 1:86 K
RePr

d2hL

� �0:33

(19:17) [58]

5 Transitation hf ¼ 0:116 k
�
Re0:66 � 125

�
Pr0:33

1þ (dh=L)0:66

dh

� �
(19:18) [58]

6 — ha ¼ 0:206
k

dh

� �
(Re cosa)0:63Pr0:36 (19:19)c [58]

a Valid at higher Prandtl numbers (0.7<Pr< 16,700) and L=d> 60.
b For short tube L=d< 50.
c To determine the heat transfer coefficient in the permeate side ha in Equation 19.58.
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These correlations can also be used for noncircular geometry by substituting the equivalent diameter of the flow channel,
for example,

de ¼ 4rH ¼ 4
s

Lp
(19:20)

where
rH is the hydraulic radius
S is the cross-sectional area of the flow channel
Lp is the length of the wetted perimeter of the flow channel
de¼ d, for circular flow channels, de¼ 2l, for parallel plates separated by a distance l, and de¼ l, for a square channel

of side l

19.3.1.1.1.4 Heat Transfer Correlations for Laminar Flow
For laminar liquid flow in circular tubes with constant wall temperature, Sieder and Tate have recommended Equation 19.21
[51,53]

hd

k1
¼ 1:86 Re � Pr � d

L

� �1
3 m

mw

� �0:14

(19:21)

Knudsen and Katz [54] have shown that it is valid for Re �Pr � d=2> 10. Equation 19.21 cannot be used for long tubes, since it
would yield zero heat transfer coefficient. Sarti et al. have employed a different Equation 19.16 to estimate the heat transfer
coefficient for laminar flow in circular tubes (shown in Table 19.1).

Recently, Phattaranawik et al. [48] have used several equations to estimate the heat transfer coefficient in laminar and
turbulent flow regimes. They found that Equation 19.22 is the most suitable for laminar flow, while the Dittus–Boelter equation
was most suitable for turbulent conditions.

Nu ¼ 4:36þ 0:036RePr d
L

� �
1þ 0:0011 RePr d

L

� �� �0:8 (19:22)

19.3.1.1.2 Mass Transfer
19.3.1.1.2.1 Mass Transfer through the Membrane
Resistance to mass transfer comes both from the membrane structure and the air present within the membrane pores. The
resistance by the membrane structure (in the absence of air) can be described by Poiseuille flow. In presence of air within the
membrane pores either Knudsen diffusion or molecular diffusion, or a combined Knudsen–molecular diffusion flow model can
be used.

The correct choice of model requires some knowledge of the membrane morphology, which is scant in the literature. This
problem has been extensively discussed in the literature [32–34,39,57]. A few of these models, which were originally
developed for mass transfer through the porous media, have been adopted for MD.

The mass flux may be written as a linear function of the vapor pressure difference across the membrane (Figure 19.3) and is
given by

Jm ¼ Km(pm1 � pm2) (19:23)

where
Jm is the mass flux
pm1, pm2 are the partial pressures of vapor (water) at the membrane surfaces on the feed and permeate sides, respectively
Km is the membrane coefficient that is a function of membrane properties (pore size, thickness, porosity, and tortuosity),

properties of the vapor transported across the membrane (molecular weight and diffusivity) and temperature gradient

Any study that relates to the transport of vapor or gas through microporous structure begins with a comparison of the mean free
path of the gas (l) and the mean pore size of the structure (dp) (show in Figure 19.4). In general, the Knudsen number (Kn) is
used to determine the diffusion mechanisms across the pores of the membrane [41], which is defined as
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Kn ¼ l

2r
(19:24)

where
r is the pore radius
l is the mean molecular free path defined as the average distance the molecule travels between successive collisions

The value of l can be calculated using Equation 19.25:

l ¼ kBT

P
ffiffiffi
2

p
ps2

(19:25)

where
kB is the Boltzmann constant
s is the collision diameter of the molecule, for saturated water (s¼ 2.7 Å) at 608C and 20 kPa, the mean free path is

0.7 mm [39] and is a function of temperature (T), pressure (P), and mean collision diameter of the molecule.
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FIGURE 19.3 Water activity profile in MD.
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If the mean free path of the water molecules is much greater than the pore size of the membrane (l� dp, Kn� 10), then the
molecules will collide with pore walls and the transport mechanism follows Knudsen diffusion as shown in Figure 19.5. In this
case, the membrane coefficient is calculated using Equation 19.26 [32]

Km ¼ 1:064
r«

td

M

RT

� �0:5
(19:26)

where
« is the fractional void volume
d is the membrane thickness
t is the tortuosity
R is the gas constant
M is the molecular mass of water
T is the absolute temperature

If the resistance caused by the stagnant air is trapped within the membrane pores, for flow of water vapor, the mechanism is
called molecular diffusion and the membrane coefficient is expressed as [34]

Km ¼ 1
Yln

D«

td

M

RT
(19:27)

where
D is the diffusion coefficient
Yln is the mole fraction of air (log mean)

It may be noted that in this model the air entrapped in the pore is regarded simply as a motionless medium in which the vapor
molecules diffuse. Furthermore, the interaction between the vapor molecules and the membrane pores is not taken into account
[57]. However, it is clear that the vapor transport will also be limited by the membrane structure itself that has been indicated in
Equation 19.26. If Kn is between the two limits l� dp� 100l, 0.01�Kn� 10, then both the mechanisms will coexist
whereby both molecule–molecule collisions as well as molecule–wall collisions take place. Such a mechanism in this transition
region is called the Knudsen molecular diffusion and the following relationship (Equation 19.28) could be used for estimating
the membrane coefficient [58].

Km ¼ M

RTd

3t
4« r

pM

2RT

� �0:5
þ tPD

« pa

" #�1

(19:28)
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FIGURE 19.5 Types of diffusions of water vapor in a membrane pore.
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If the mean free path of the gas (vapor) is much lower than the pore size (l� dp, Kn � 0.01) then molecules will collide with
one another, while permeating through the pore (Figure 19.5), and the mechanism is called viscous or Poiseuille flow. Equation
19.29, which is used for estimating the membrane coefficient is given by

Km ¼ 0:125
r2«

dt

MPavg

mRT
(19:29)

where
m is the water viscosity
Pavg is the average gas pressure inside the membrane

Similarly, the membrane coefficient to describe the transition region between molecular=Knudsen diffusion and Poiseuille flow
can be written as [33]

Km ¼ ad[1þ b(Pr � 1)] (19:30)

and

a ¼ mv(Aþ BPref=L)
1
d

(19:31)

b ¼ (BPref=L)

(Aþ BPref=L)
(19:32)

where
a is the membrane permeation constant
b is 0 for Knudsen diffusion and 1 for Poiseuille flow
A¼ 2r«=3tRT, B¼pr2«=32tRT, and v¼ (8RT=pM)0.5 are the gas mean molecular speed
L is the mean free path at unit pressure

The membrane constant a is the permeability divided by the membrane thickness evaluated at the reference pressure. The
physical significance of a is that it represents the proportionality constant between flux and pressure drop at the reference
pressure. The parameter b indicates the extent to which Poiseuille flow contributes to the permeability and lies between 0 and 1.
Equation 19.30 is know as Knudsen–Poiseuille model, where Pr is the dimensionless pressure defined as Pavg=Pref, the Pref is
chosen in such a way that Pr becomes close to unity for the range of application of the equation. If a different pressure is
assumed, Equation 19.30 may be modified retaining its original form, but having different values for the parameters a* and b*
with the reference pressure as a new Pr* close to unity. In such a case the new parameters a* and b* can be written as [59]

a* ¼ a (1� b)þ b
Pref*

Pref

� �
(19:33)

b* ¼ b(Pref* =Pref)

1� bþ b(Pref* =Pref)
(19:34)

Equations 19.33 and 19.34 can be employed over a range of pressure using gas permeation data obtained in a different reference
pressure.

The mass transport through the membrane can also be described by assuming that the overall membrane resistance is equal
to the membrane resistance plus the molecular resistance, where the Knudsen–Poiseuille transition model (Equation 19.30) is
coupled with an expression for the resistance due to entrapped air (Equation 19.27), in such case the membrane coefficient can
be written as [34,59]

Km ¼ 1

a(1� b)þ ab Pavg

Pref

� 	þ PamtdRT

«DPM

2
4

3
5 (19:35)

Equation 19.35 can also be used as general equation for membrane coefficient. When the feed solution is distilled water,
Equation 19.35 provides a model that asymptotes to the Knudsen–Poiseuille transition flow Equation 19.30, When the
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membrane is deaerated, it asymptotes to molecular diffusion through a stagnant air film Equation 19.27, where the partial
pressure of air is high.

The other mechanism that rarely occurs in gas permeation is surface diffusion, where the vapor molecules (solutes) adsorb
on to the surface of the pores and diffuse under a pressure gradient. This mechanism is neither likely to be dominant for
noncondensable gases at low pressures and ambient temperatures, nor is it expected for water vapor permeation through
hydrophobic materials [33].

The models above may be useful for predicting mass fluxes in MD; however, each of these models has its limitations. The
Knudsen and Poiseuille model require knowledge of r, d, and «, which in general can be estimated by applying the models to
experimental gas fluxes through the given membrane. The molecular diffusion model is inadequate at low-partial pressures of
air, as it predicts infinite flux since, in totally deaerated membrane Yln tends to zero.

Most of the general models for describing flux through porous media is given by the DGM. The term DGM, which was first
described by Maxwell in 1860 [39], is relatively unfamiliar in the membrane separation field and has only recently been
appearing in the membrane literature [33,39,41,60,61]. In this model, the porous medium is visualized as a collection of
uniformly distributed dust particles, which are construed to be stationary.

The most general form of DGM applicable to MD is given by Equations 19.36 and 19.37 [39]

ND
i

Dk
ie

þ
Xn
j¼1 6¼i

pjND
i � pjND

j

Do
ije

¼ �1
RT

rpi (19:36)

Nv
i ¼ �piB0

RTm
rP (19:37)

where
Ni (total flux)¼ND

i þ Nv
i (diffusive fluxþ viscous flux)

P is the total pressure
pi is partial pressure of component i
� is the fluid viscosity

Effective diffusivities can be written as

Dk
ie ¼ K0

8RT
pMi

� �1
2

, Do
ije ¼ K1PDij (19:38)

where
(8RT=pMi)

0.5¼ vi is the mean molecular speed
Dij is the ordinary diffusion coefficient
Mi is the molecular weight of component i
K0, K1, and B0 are the constants that are strongly dependent on membrane geometry and the interactions between

membrane and molecule

These constants are best determined experimentally as the membrane structure is very complex and difficult to characterize,
which makes the direct calculation impossible. However, estimates of the constants can be obtained from the membrane pore
radius r, tortuosity t, and porosity « by assuming that the membrane contains uniform cylindrical pores and can be given as
[39,43,59]

K0 ¼ 2«r
3t

, K1 ¼ «

t
, and B0 ¼ «r2

8t
(19:39)

Based on the gas permeation experiments, Fernandez et al. [59] concluded that parameters K0 and B0 are independent of the gas
used, and an average value of the parameters for water vapor: K0¼ 3.5� 10�8 m and B0¼ 2.1� 10�15 m2 are used.

When l< dpore, the transport mechanism is Poiseuille (viscous) flow and the molar flux Nv
i from Equations 19.37 and 19.39

can be written as [61]

Nv
i ¼ pir2«

8RTmt
Dpi
d

(19:40)

Pabby et al./Handbook of Membrane Separations 9549_C019 Final Proof page 523 13.5.2008 1:24pm Compositor Name: BMani

Membrane Distillation in Food Processing 523



where l> dpore, the transport mechanism is Knudsen flow and the molar flux Nk
i from Equation 19.37 can be given as [39,61]

Nk
i ¼ Dk

i

RT

DPi

d
(19:41)

where Dk
i is the Knudsen diffusion coefficient, which is given by

Dk
i ¼

2r«
3t

8RT
pMi

� �0:5

(19:42)

when dpore is much larger than l, and the stagnant air is trapped within the membrane pores, then the transport of vapor
through the membrane is by molecular diffusion. The DGM then gives the well-known diffusion through a stagnant film
equation.

Ni ¼ K1PDw-air

Tb

Tb�1

Rd

Dpi
Pam

(19:43)

where Pam is the log mean of air pressures at the feed and permeate vapor–liquid interfaces. The temperature has been separated
into two terms Tb�1 and Tb and b¼ 2.334.

When the average membrane pore size is comparable to the molecular mean free path length (l), that is dp� l, the surface
and molecular diffusion can be neglected and in such case the general form of DGM falls into Knudsen–Poiseuille transition
region and can be written as [61]

Ni ¼ 1
RTavg

K0v
Dpi
d

þ B0
Piavg

m

DP

d

� �
(19:44)

where
P is the total pressure
Dpi is the gradient in the partial pressure of ith species
Tavg is the average temperature

Schofield [49] has shown that in DCMD applications, the net flux of air across the membrane is extremely small
relative to the flux of water, and viscous flux can be neglected (unless the process solutions have been degassed). With
these assumptions Equations 19.36 and 19.37 reduce to the Knudsen–molecular diffusion transition form and can be
written as [43]

Nw ¼ Dpw
RTd

1
K0v

þ pa
K1PDw-air

� ��1

(19:45)

where Dw-air is the ordinary water diffusion coefficient and can be calculated from Equation 19.46 [43,52]

PDw-air ¼ 4:46� 10�6T2:334 (19:46)

From Equations 19.37 and 19.38 another flux Equation 19.47 can be written for water vapor, where the Knudsen and molecular
diffusion, and viscous flow are considered, while surface flow was neglected.

N ¼ �M

d

K0K1Dwav

K1Dwa þ xaK0v
Dnw þ B0nw

m

DPT

1þ (xaK0v=K1Dwa)

� �� �
(19:47)

where
nw is the mole concentration of water vapor
Dnw is the water vapor mole concentration difference across the membrane
xa is the mean mole fraction of air, and other parameters as defined earlier

Mass transfer through boundary layer is explained in Section 19.3.5.
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19.3.1.2 Comparison of the Models

Schofield showed in his model Equation 19.30 (or Equation 19.23) that T/PDP for viscous flux and J/DP for Knudsen flux,
and obtained a correlation Jm ¼ aPb

rDP that approximates the Knudsen–Poiseuille transition of DGM. However, the Schofield
model has the advantage that the exponent b indicates the extent of Knudsen diffusion and Poiseuille flow contributes to the
permeability, while such approximations are not possible from K0 and B0 used in the DGM. Schofield tested his model on
membranes having different pore sizes ranging from 0.10 to 0.45 mm and estimated the values of b in a range of 0.1–0.6, which
suggest that both the mechanisms (Knudsen and viscous) play an important role in MD flux. On the other hand, Schofield’s
model has two main disadvantages compared to the DGM model. One is, the components a and b are dependent upon the gas
used. The other is, reference pressure Pref is chosen in such a way that the dimensionless pressure becomes close to unity
(Pr� 1), and a is evaluated at Pref, hence the parameters a and b also depend on the reference pressure chosen.

Further, Imdakm and Matsuura [61] have developed a Monte Carlo simulation model to study vapor permeation through
membrane pores in association with DCMD, where a three-dimensional network of interconnected cylindrical pores with a pore
size distribution represents the porous membrane. The network has 12 nodes (sites) in every direction plus boundary condition
sites (feed and permeate). The pore length l is assumed to be of constant length (1.0 mm), however, it could have any value
evaluated experimentally or theoretically [62].

The mass balance for each node of the entire network, assuming the transport of pure substance (water vapor only) can be
written as [61]

X
j

CijDPij ¼ 0 (19:48)

where Cij is the mass conductance coefficient in the ijth pore, for viscous flow transport Cij is defined as Cijv

Cijv ¼ Ppavgpr4

8RTpavgml
(19:49)

Similarly for Knudsen transport mechanism Cijk

Cijk ¼ �2r3

3l
8p

RTpavgMi

� �0:5

(19:50)

where
m is the fluid viscosity
DPij is the pressure drop across the pore
Ppavg and Tpavg are the average pore pressure and temperature, respectively

Once the pore size and length l are given to the pore network, one can calculate the effective pressure field (by using
iteration method), the temperature field through the network, and its effect on the vapor flux through the membrane. This model
takes into account all molecular transport mechanisms based on the kinetic gas theory for a single cylindrical tube and could be
applied to all forms of membrane distillation process [61].

19.3.1.3 Process Parameters

The effect of parameters such as concentration, operating temperature, and flow rate on permeate flux are generally considered
for the optimization of DCMD.

Permeate flux decreases with an increase in feed concentration. This phenomenon can be attributed to the reduction of the
driving force due to decrease of the vapor pressure of the feed solution and exponential increase of viscosity of the feed with
increasing concentration. The DCMD flux gradually increases with an increase in temperature difference between feed and
cooling water. Lagana et al. [63] reported that the viscosity of apple juice at high concentration induces severe temperature
polarization. It may be noted that temperature polarization is more important than concentration polarization, which is located
mainly on the feed side.

In DCMD, increase in flow rate increases the permeate flux. The shear force generated at high-flow rate reduces
concentration polarization. Banat [64] found that the flow rate of cooling water had minimal effect on the permeate flux.
Ohta [65] has shown that an increase in coolant velocity from 0.02 to 0.08 m s�1 resulted in 1.5-fold increase in the permeate
flux. In the same study, it was found that an increase in velocity of hot feed increased the flux by twofold.
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19.3.2 AIR GAP MEMBRANE DISTILLATION

In air gap membrane distillation (AGMD), an air gap is interposed between the membrane and the condensation surface (Figure
19.6). In this configuration, water evaporates on the feed surface of the membrane, transports through the membrane pores, and
condenses on a cold surface, which is separated from the membrane by an air gap. Carlsson [66] was the first to describe the
AGMD in 1983, subsequently; more studies were carried out on AGMD and its applications [26,33,67–71]. In AGMD, the
presence of air gap acts as a thermal insulation between membrane and condenser wall, and reduces considerably the heat loss
caused by conduction and temperature polarization, improving the separation efficiency.

The main advantage of AGMD over DCMD arises from the possibility of condensing the permeate vapors directly in a cold
surface rather than in a cold liquid. Additionally, in AGMD the permeate boundary layer is absent thus reducing the overall
mass transfer resistance.

19.3.2.1 Heat and Mass Transfer

The stages of heat transfer in AGMD (Figure 19.7) include heat flux from the feed boundary layer to the membrane surface,
vapor permeation through the membrane, and the diffusion in air gap, then condensation at the cold surface and finally heat
transfer to the cooling water.

Heat flux from the feed boundary layer to the membrane surface can be written similar to Equation 19.11:

Qf ¼ h1(Tf � Tsl) (19:51)

where h1 is the liquid film heat transfer coefficient that can be calculated from Equation 19.21 for laminar flow and Equation
19.13 for turbulent flow.
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The heat transfer through membrane material takes place by conduction and the latent heat transferred by vapor flow
through the membrane, which is small and could be neglected. The equation for heat transfer through the membrane can be
written as

Qm ¼ km
d
(Ts1 � Ts2) (19:52)

The vapors flow from the cold surface of the membrane to the condensation surface through the air gap. Natural convection is
very small and could be neglected [72], and only heat transfer (Qa) by conduction across the air gap is considered, which is
given by

Qa ¼ kg
(dg � dc)

(Ts2 � Ts3) (19:53)

where
kg is the thermal conductivity of the air
dg and dc are the air gap and condensate film thickness, respectively

The condensate film thickness can be calculated by [51]

dc ¼ 3mmc

pDtr
2
f g

� �0:33

(19:54)

where
m is the flow rate of condensate
mc is the viscosity of condensate film
Dt is the plate thickness
rf is the density of condensate film

The heat transfer by condensation of a pure vapor on a solid surface at constant temperature is given by

Q4 ¼ h1(Ts3 � Ts4) (19:55)

where Ts3 is the dew point temperature of the vapor and h1 is the film heat transfer coefficient, which can be obtained from
Equation 19.56 (for vertical walls) [52]

h1 ¼ 1:333
k3r2dpg

3mm

� �0:33

(19:56)

Heat transferred by conduction through the cooling plate and further by convection to the cooling fluid can be calculated from
equations similar to Equations 19.52 and 19.51, respectively.

The mass transfer studies in AGMD suggest that, the transport of vapor through the membrane can be modeled by
molecular diffusion mechanism [57], since the pore size of the membrane used is much bigger than the molecular mean free
path of water vapor. Equations 19.23 and 19.27 can be used to calculate the mass transfer through the membrane.

19.3.2.2 Process Parameters

The process parameters influencing the water vapor flux and energy efficiency are the temperature difference between hot and
cold solutions, flow velocities of feed and permeate, air gap pressure, air gap width, and membrane type.

The permeate flux is strongly dependent on the temperature. An increase in inlet temperature of the hot solution from 408C
to 808C increases the flux by nearly an order of magnitude and the thermal efficiency by 12%, while decreasing the coolant
temperature has a lesser effect on the flux increase and even slightly reduces the efficiency [72]. The hot solution temperature
has a greater influence because of the exponential increase of the partial pressure of the vapor with the temperature, so the
driving force is greater at higher temperature.

The permeate flux increases with increasing feed velocity due to the reduction of the boundary layer thickness. Therefore,
the temperature and concentration at the liquid–vapor interface are approaching values close to those in the bulk solution.
Garcia et al. [71] have observed that the feed pressure measured at the inlet of the feed cell frame increased with an increase in
the feed flow rate consequently increasing the risk of membrane wetting.
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The air=vapor gap width is one of the important parameter that plays a major role in AGMD. The major drawback of the air
gap is that it creates an extra resistance to mass transfer, which can lower the flux about eight times (for a 5 mm air gap)
compared to DCMD under similar conditions [73]. The literature overview of flux obtained so far in flat sheet AGMD
[10,50,70,71,73,74] demonstrates that the flux increases considerably by decreasing the air gap width. Alklaibi and Lior [72]
and Jönsson et al. [28] observed 2.6-fold increase in the permeate flux as the thickness of the gap is reduced. The increase in
permeate flux can be explained by the fact that the air gap conductivity is very low relative to the other regions between the
hot and cold solutions. The resultant high temperature and consequent vapor pressure drop across membrane increase flux.
Jönsson et al. [28] estimated the optimal air gap width to be 0.2 mm, resulting in large water vapor flux and low-energy loss.
However, the practical value of this air gap width has never been tested (because the available space 0.2 mm air gap is quite
small for condensed water vapor). Alternative methods to increase the vapor flux, other than reduction of air gap width are
reduction in air gap pressure and use of ultrasound technique. Gostoli et al. [50] have showed that decreasing the air gap
pressure from 1000 to 400 mbar has increased the flux by 2.4-fold. Reduction of the air gap total pressure from atmospheric
to the saturated water vapor pressure of the hot water flow raises the flux by a factor of 2.5–3 in hollow fiber module [75].
Zhu [70] has shown that the permeate flow rate could be increased up to 25% by ultrasonic stimulation.

In practical applications of the membrane distillation processes the most important and crucial issue is heat economy, which
is determined by cell design and eventually, the operating parameters. Calculations from the literature [28,69,74] claim
theoretical energy efficiencies in the range of 70%–99% for AGMD. In other words 70%–99% of energy drop of the hot
water flow is used for evaporation of water and that 1%–30% is lost by heat conduction across the membrane and the air gap.
Compared to DCMD, AGMD is expected to be more energy efficient especially at lower feed temperatures. Alklaibi and Lior
[72] speculate that air gap width exceeding 2 mm does not raise process efficiency; however, Guijt [75] has shown that the
theoretical energy efficiencies of 95%–98% can be achieved in a hollow fiber module of air gap width 3 mm, which could be
explained by a small heat loss to the surroundings.

19.3.3 VACUUM MEMBRANE DISTILLATION

Vaccum membrane distillation, such as any membrane distillation process, is a thermally driven process in which a feed
solution is bought into contact with one side of a microporous membrane and a vacuum is created on the opposite side to create
a driving force for transmembrane flux (Figure 19.8). The microporous membrane only acts as a support for a vapor–liquid
interface, and does not affect the selectivity associated with the vapor–liquid equilibrium [76].

The experimental procedures are quite similar to and often confused with pervaporation. The main difference between
VMD and pervaporation is the nature of the membrane used, which plays an important role in the separations. While VMD uses
a porous hydrophobic membrane and the degree of separation is determined by vapor–liquid equilibrium conditions at the
membrane–solution interface, pervaporation uses a dense membrane and the separation is based on the relative perm-selectivity
and the diffusivity of each component in the membrane material.

19.3.3.1 Heat and Mass Transfer

In VMD, the conductive heat transfer across the membrane is very low, mainly due to the low pressure on the permeate side of
the membrane and could be neglected. Thus latent heat of vaporization is the only mode for heat transfer to be considered
through the membrane [17,47,77]. Equation 19.3 can be used for calculating the rate of heat transfer across the membrane.
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FIGURE 19.8 Schematic representation of VMD.
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The heat transfer across the boundary layer present only on feed side (turbulent flow) can be calculated using Equations
19.13 through 19.21, based on the hydrodynamic conditions.

In VMD, the pore size of the membrane falls in the range of 0.1–0.2 mm [17,78]. The mean free path of the diffusing
species is usually larger than the pore size of the membrane and under such conditions; Knudsen diffusion is the only
mechanism for mass transfer through the membrane and the molecular diffusion resistance can be neglected because the
molecular diffusion resistance is proportional to the partial pressure of air in the membrane pores. Since VMD generally
operates at total pressures in the order of 10–50 kPa, which is below the vapor pressure of the diffusing species, only trace
amounts of air can exist within the membrane pores [77]. Thus, VMD is Knudsen diffusion controlled for the membrane
with relatively small pores (r� l). In this case, the expression is derived based on the kinetic theory of gases or more precisely
the DGM Equations 19.26 and 19.23 can be used to estimate the mass transfer across the membrane. However, VMD
membranes typically have pores that are comparable to mean free path (l), consequently the more complete Knudsen–
Poiseuille transition Equation 19.44 is more applicable [77].

19.3.3.2 Process Parameters

Feed temperature, flow rate, and solute (nonvolatile) concentrations are some of the parameters commonly studied in VMD.
Mengual et al. have observed an Arrhenius type of dependence of the permeate flux on the feed temperature. An increase in

the feed circulation velocity increases the heat transfer coefficient in the liquid boundary layer, which in turn increases the
VMD flux due to the reduction in the temperature polarization. Concentration factors increased with a decrease in feed
temperature during VMD, and for a decrease of 308C to 108C, increase in concentration factors from 7–15.5 to 21–31 were
obtained for a highly volatile black currant aroma ester [17].

One of the benefits of VMD relative to the other MD configurations is that conductive heat loss through the membrane is
negligible. This enables estimation of the boundary layer heat transfer coefficient. Care must be taken in VMD to prevent
membrane wetting, because DPinterface is typically higher in VMD than in other MD configurations.

19.3.4 SWEEPING GAS MEMBRANE DISTILLATION

In this case when the water molecules are collected with the help of a sweeping gas, the process is named SGMD (Figure 19.9).
The survey of literature [24,79–82] suggests that very little work has been done with regard to SGMD, although this
configuration has the advantages of a relatively low conductive heat loss with a reduced mass transfer resistance. This is
probably due to the fact that a very small volume of permeate is vaporized into a large volume of sweep gas and has to be
collected in an external condenser, which is not an easy task. Basini et al. [80] were the first to study this configuration for the
desalination of water. Later it was employed for the concentration of sucrose solutions and the separation of ethanol–water
mixtures [83].

In SGMD, a hot feed solution is circulated on one side of a microporous membrane and cold sweep gas on the other side of
the membrane. The temperature difference gives rise to a water vapor pressure difference, and consequently, to a water flux
through the membrane.
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FIGURE 19.9 SGMD configuration of MD.
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The SGMD configuration has a great scope for the future due to the advantages mentioned above. SGMD provides much
higher permeate fluxes than AGMD while maintaining high temperature polarization coefficient and evaporation efficiency
[80–84]. The apparent advantages of SGMD over DCMD are better selectivity, smaller temperature polarization, and higher
evaporation efficiency, albeit a low permeate flux [84].

19.3.4.1 Heat and Mass Transfer

The SGMD is a temperature driven process, and it involves: (a) evaporation of water at the hot feed side, (b) transport of water
vapor through the pores of hydrophobic membrane, (c) collection of the permeating water vapor into an inert cold sweeping
gas, and (d) condensation outside the membrane module. A decrease in driving force has been observed due to polarization
effects of both temperature and concentration [80,82]. To calculate both heat and mass transfer through microporous
hydrophobic membrane as well as the temperature and concentration polarization layer, the theoretical model suggested by
Khayet et al. [58] can be written as

N2 þ (win þ 0:622)
ma

A
þ B(P� pv(Cf ,Tf ))

h i
N þ B

ma

A
[Pwin � pv(Ta)(win þ 0:622)] ¼ 0 (19:57)

where
N is the mass flux
win is the inlet humidity ratio
ma is mass flow rate of air
A is the membrane area
P is the total pressure
pv is the vapor pressure
Cf is the solute concentration in feed
B is the net membrane coefficient
Tf and Ta are the feed and air temperatures, respectively

In Equation 19.57, the net membrane coefficient B can be calculated by using Equation 19.45, because the combined
Knudsen molecular diffusive flux is responsible for the transport in SGMD [58,81,82], while the temperature of the feed Tf at
the membrane surface can be obtained from

Tf ¼
«kgþ(1�«)km

d Tba þ hf
ha
Tbf

� 	
þ hf Tbf � NlL

«Kfþ(1�«)km
d þ hf 1þ «kgþ(1�«)km

dha

h i (19:58)

where
Tbf is the temperature in the feed (bulk) solution
Tf is the temperature at the feed membrane surface
Tba is the temperature in the permeate bulk solutions, respectively
lL is the latent heat of vaporization
kg and km are the thermal conductivities of the gas in the membrane pores and membrane matrix, respectively

In Equation 19.58, the heat transfer coefficients hf and ha can be determined using Equations 19.17 and 19.19
(Table 19.1).

19.3.4.2 Process Parameters

In SGMD, the temperature of the liquid feed and the circulation velocity of the sweeping gas are very important parameters.
To avoid membrane wetting, it is important that the circulation velocity of the air needs to be varied with caution such that
pressure difference between both fluids needs to be lower than the liquid entry pressure of water (LEPw) and the air pressure
must be lower than the liquid pressure. The increase in temperature of the feed and the circulation velocity of the sweep gas
increases the flux; mainly due to the increase in vapor pressure difference (the driving force). In general, SGMD is the most
difficult to describe, since in the downstream compartment, unlike in other MD configurations, none of the variables remain
constant along the module. All temperatures, concentrations, as well as heat and mass transfer rates change during passage of
gas within the module. Gas entering the cold chamber contains low permeate vapor, with a temperature of cooling water. As it
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sweeps the membrane, condensable vapors and heat are accumulated in the gas phase changing its temperature, concentration,
and flux. Khayet et al. [79] have observed an increase in the sweep air temperature by 208C for a module length of 6.5 cm. The
heat transferred through the membrane increases the sweep gas temperature along the module length, which results in a
progressive increase in partial pressures of the gas. Consequently the driving force decreases rapidly, making the process
impracticable at an industrial scale. In order to overcome these problems, Rivier et al. [84] have developed a modified SGMD
configuration called thermostatic sweeping gas membrane distillation (TSGMD), in which, a cold wall is added in a
downstream compartment to attenuate the increase in sweep gas temperature. Hence the driving force along the module
could be enhanced. In TSGMD, an inert gas circulates at more or less constant temperature in the cold chamber and collects the
vapors that permeate through the membrane. Part of these permeating vapors condenses inside the module depending on the
operating conditions, and the rest in an external condenser.

19.3.5 OSMOTIC MEMBRANE DISTILLATION

Osmotic membrane distillation is one of the membrane distillation variants that operate at ambient temperature and atmospheric
pressure. In OMD, a microporous hydrophobic membrane separates the two aqueous solutions, namely, feed and osmotic agent
(OA) having different solute concentrations (osmotic pressure). The driving force in OMD is vapor pressure difference across
the membrane. Water evaporates from the surface of the feed solution having higher vapor pressure, diffuses through the
membrane in the form of vapor, and condenses on the surface of a solution with a lower vapor pressure. This results in the
concentration of feed and dilution of osmotic agent solution.

Like any other membrane distillation, in OMD the membrane material is also hydrophobic, so that water in liquid form
cannot enter the pores unless a hydrostatic pressure exceeds the LEPw [37]. In the absence of such pressure difference, a liquid–
vapor interface is formed on either side of the membrane pores. In some aspects membrane distillation and OMD can be
considered as closely related, although there are some remarkable differences between them. In both cases, it is necessary to
maintain a vapor pressure difference across the membrane pores to get a difference in water chemical potential. However,
the means of obtaining this vapor pressure difference is different in both the cases. Whereas it is a temperature difference in the
case of membrane distillation, it is a concentration difference in the case of OMD.

OMD offers major advantages in comparison with the conventional thermal concentration techniques. The low temperature
employed can help avoid chemical or enzymatic reactions associated with heat treatment [85] and prevent degradation of flavor,
color, and loss of volatile aroma [38]. The low-operating pressure (atmospheric pressure) results in low investment costs, low
risks of fouling, and low limits on compactive strength of the membrane. Since the separation is based on vapor–liquid
equilibrium, only volatile compounds which can permeate the membrane and the nonvolatile solutes such as ions, sugars,
macromolecules, cells, and colloids are totally retained in the feed. These factors make OMD an attractive alternative to
traditional thermal routes currently used for concentration of liquid foods or aqueous solutions of thermally labile pharma-
ceutical products and biologicals [86].

19.3.5.1 Heat and Mass Transfer

The water transport in OMD is a simultaneous heat and mass transfer process. Evaporation cools the feed and condensation
warms the brine solution. This results in a temperature gradient across the membrane, which adversely affects the driving force
and in turn the mass flux.

The heat transfer through the membrane can be explained by the convective and the conductive component related to the
temperature difference. Thus the expression for rate of heat transfer through the system can be calculated using Equation 19.9.
Further, Gostoli [87] attempted to integrate the thermal effect in the mass transfer by introducing an efficiency coefficient, h,
which represents the fraction of the driving force really effective for mass transfer through the membrane. This is analogous to
MD temperature polarization. The value of h was reported to be 0.85 and the permeability was observed to be 15% lower than
the experimental values for NaCl and water system with stirred membrane cell where concentration polarization was neglected.
The heat transfer coefficients of the two compartments of the OMD system could be estimated using a friction factor, by
combining the experimental pressure loss to the theoretical value that would be obtained in the module having straight shaped
circulation channels.

The basic model used to describe the water transport in the system that relates the mass flux (J) to the driving force is
given by

J ¼ K(p1 � p2) (19:59)

where K is the overall mass transfer coefficient that accounts for all three resistances (feed, membrane, and OA side) for water
transport.
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19.3.5.2 Mass Transfer through the Membrane

Diffusion is the main mechanism involved in the mass transfer during osmotic distillation and the resistance to mass transfer
comes from both membrane structure and presence of air trapped within the membrane pores. While the former resistance can
be described by Knudsen diffusion Equation 19.26, the latter is described by molecular diffusion Equation 19.27.

The DGM equations can also be used to find out the mass transfer across the membrane. Since the DGM was derived
for isothermal conditions, it would be appropriate to use it for an isothermal membrane process such as OMD. It has been
shown that the DGM could be applied to a non-isothermal system also by the inclusion terms for thermal diffusion and
thermal transpiration [39,88]. In DCMD, AGMD, VMD, and SGMD these terms are negligible, hence Tavg has to be used in
place of T in the DGM equations. Since OMD is generally carried out at ambient temperature and atmospheric pressure, using
membranes with pore size ranging from 0.1 to 1 mm, so it can be assumed that, the main transport mechanisms present in
this case is Knudsen and molecular diffusion, and the Equation 19.45 can be used to calculate the mass transfer through
the membrane.

19.3.5.3 Mass Transfer through Boundary Layers

Boundary layers of concentrated feed and brine solution are present on either side of the membrane. This results in significant
resistance to mass transfer that cannot be neglected.

In order to characterize mass transfer in the boundary layers, it is necessary to determine the respective mass transfer
coefficients. These coefficients depend on the properties of the solutions and on the hydrodynamic conditions of the system.
Such coefficient can either be obtained by experiments or be estimated with the help of empirical correlations of dimensionless
numbers. The majority of the correlations referred to in the literature for various hydrodynamic conditions have the same
general form. These include Sherwood number (Sh), which contains the mass transfer coefficient, as a function of the Reynolds
number (Re) and Schmidt number (Sc) [89–91]. General mass transfer correlation can be written as

Sh ¼ aRebScg (19:60)

Sh ¼ kb

Dw

, Re ¼ rNd2

m
, Sc ¼ m

rDw

(19:61)

where
Dw is the water diffusion coefficient
a, b, and g are constants and are to be selected appropriately for the given hydrodynamic conditions [43,92]

In the case of a noncircular flow channel, for instance a square channel, an equivalent diameter is given by de¼ 4S=LP
where S is the cross-sectional area and LP the wetted perimeter length of the flow channel [41].

19.3.5.4 Process Parameters

Osmotic agent, flow rate, membrane pore size, and feed concentration are some of the key parameters associated with OMD.
The salt chosen as osmotic agent is, in general, NaCl because of its low cost and nontoxicity [57]. Different salts can lead to

remarkably different fluxes mainly due to the different osmotic activity of the salts. In general osmotic pressure difference up to
700 bar can be achieved, however, some authors have reported data for pressures as high as 1500 bar [57]. The commonly used
OA in OMD other than NaCl are CaCl2, MgCl2, MgSO4, K2HPO4, and KH2PO4. Potassium salts of ortho- and pyrophosphoric
acid offer several advantages, including low-equivalent weight, high water solubility, steep positive temperature coefficients of
solubility and safety in foods and pharmaceuticals [93,94].

It has been observed from the literature that transmembrane flux increases with an increase in flow rate. This could be
attributed to reduction in the concentration polarization layer. The work carried out by Sheng et al. [95] showed that the
transmembrane flux decreased with increase in juice concentration and exhibited a strong dependence on the osmotic pressure
difference between the two aqueous solutions. When the difference in osmotic pressure decreased by 33% (from 416 to 280)
atmospheric pressure, a fivefold decline in transmembrane flux was observed. As discussed earlier, the pore size plays an
important role in influencing the type of diffusion for water transport through membrane. The effect of membrane pore size on
transmembrane flux was studied [37,92] and no significant change in flux was observed in the range 0.05–0.2 mm studied.
However, from theoretical calculations it was observed that the mode of diffusion (and in turn transmembrane flux) depends on
the membrane pore size employed. Naveen et al. [92] have shown the mode of diffusion to be Knudsen when membrane pore
size is 0.05 mm and molecular when pore size is 0.2 mm. Brodard et al. [96] who employed ceramic membranes made of
alumina having pore sizes of 0.2 and 0.8 mm observed practically no effect of pore size on water flux.
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19.4 MEMBRANES

Membrane characteristics such as porosity, pore size, tortuosity, and membrane thickness dictate the resistance to mass transfer
through microporous membranes used in MD [35,97–99]. Furthermore, studies [100,101] have shown that the relationship
between intrinsic membrane properties and operating conditions, e.g., swelling, compaction, and wetting, are important in
deciding efficient operations. Therefore, selection of an appropriate membrane that poses the least resistance to mass transfer is
crucial. Lefebvre [36] has given some criteria for the choice of membranes.

Both the Poiseuille and Knudsen models show a large dependence of membrane flux on pore radius. Therefore, it is
inimical that membranes used in MD should have a high porosity (60%–80%). Since flux is inversely proportional to the
membrane thickness, in OMD it needs to be as thin as possible (0.1–1.0 mm) and should have high heat conductivity to achieve
rapid temperature equilibrium near the boundary, while in other variants of MD, such as DCMD, AGMD, SGMD, VMD where
temperature gradient is the driving force, membranes should be thicker and should have low thermal conductivity [57].
However, one should not conclude that thick membranes alone are recommended for MD. In fact, with an increase in
membrane thickness, the heat resistance increases so also temperature and vapor pressure differences. Similar to OMD, the
permeate flux in the DCMD increases with decreasing membrane thickness [102]. The hydrophobic nature of the membrane
plays an important role in the performance of MD; a variety of membranes having these characteristics are available. Table 19.2
lists the membranes used by the various researchers till date. This list includes mainly hydrophobic polymers with low surface

TABLE 19.2
List of Membranes Used by Various Researchers in MD Processes

MD Configuration Membrane Module Membrane Material Porosity (%) Nominal Pore Size d (mm) References

MD — PP 80 0.1 60 [103]

PP 80 0.45 60
PP 80 0.2 60

MD Tubular Zirconia — 50 nm — [104]

Alumina — 200 nm
MD Cross-flow cell PVDF 75 0.45 110 [105]
MD Flat membrane PTFE 80 0.45 60 [106]

DCMD Flat sheet PVDF 80 0.2 125 [107]
DCMD Hollow fibre PTFE — 0.45 120 [63]
DCMD Hollow fibre PP 40 0.03 31 [108]

DCMD — TF–200 80 0.2 178 [109]
TF–450 80 0.45 178
TF–1000 80 1.0 178

DCMD Flat sheet PTFE 55 0.1 60 [46]

PTFE 57 0.3 60
PVDF 70 0.2 60
PVDF (GVHP) 62 0.22 126

PVDF (GVHZ) 66 0.45 116
DCMD — PTFE 70 0.2 70 [48]

PTFE 90 0.2 64

PVDF 89 0.45 77
DCMD Plate and frame PP 70 0.22 150 [97]

PTFE 70 0.22 175
PTFE 70 0.45 175

PVDF 70 1.0 175
DCMD Flat sheet PTFE 80 0.2 60 [110]
DCMD Sheet membrane PVDF 75 0.45 110 [34]

DCMD — PP 75 0.1 100 [32]
PP 75 0.2 140
PVDF 75 0.45 110

PTFE 0.025
DCMD Stirred cell PP 70 0.2 150 [111]

PP 0.05

(continued )
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TABLE 19.2 (continued)
List of Membranes Used by Various Researchers in MD Processes

MD Configuration Membrane Module Membrane Material Porosity (%) Nominal Pore Size d (mm) References

DCMD Flat sheet TF-200 80 0.2 178 [112]
GVHP 75 0.22 125

AGMD Plate and frame PVDF 64 0.22 & 0.45 120 [71]
PTFE 90 0.22 & 0.45 70

PTFE 44 0.20 180
Cylindrical (hollow fiber) PE VA12 77 0.18 90 [75]

AGMD PE FA1 70 0.21 55

UPE test 57 0.26 250
AGMD — PTFE — 0.2�3 80 [44]
AGMD Flat sheet PTFE 85 0.1 150 [70]

AGMD — PTFE 60 0.2 60 [113]
AGMD Flat sheet PVDF 75 0.45 110 [114]
VMD Tubular PP — 0.2 150 [115]

VMD Shell and Tube C capillary PP 70 0.2 — [78]
DCMD PE 66 0.087 50
VMD Hollow fiber PP 53 0.074 50 [116]

PP 50 0.044 65

PP 47 0.056 42
SGMD Plate and frame TF–200 80 0.2 178 [81]

TF–450 80 0.45 178

SGMD Shell and tube capillary PP 70 0.2 — [58]
GVHP (PVDF) 70 0.2 120
FHLP(PTFE) 70 0.2 175

OMD Lewis cell Gelman TF–1000 80 1.0 178 [37]
Gelman TF–450 80 0.45 178
Gelman TF–200 80 0.2 178
Gelgard 2400

Gelgard 2500 — 0.19 25
Accurel IE –PP — 0.25 25
Accurel 2E –PP — 0.48 90

OMD Flat sheet Durapel VVSP–PP — 0.54 150 [117]
— 0.60 120

Durapel GVSP–PP — 0.81 120

— 1.08 50
Goretex L31189 — 1.10 50
Simitomo — 1.29 50

Simitomo
OMD Plate and frame PP — 0.2 — [11]
OMD Stirred cell PP 55 0.1 mm 90 mm [91]
OMD Plate and frame PTFE — 0.1 100 [95]

OMD — PTFE 80 0.25 175 [118]
OMD Plate and frame PTFE 60 0.2 165 [119]
OMD Hollow fibre PVDF 75 0.2 125 [120]

PVDF 64 0.2 125
OMD Capillary PP 70 0.2 — [121]

PP=PE 45 0.05 28

OMD Cylindrical semicell PVDF 80 0.2 108 [4]
UHMWPE 80 0.2 90

OMD Flat sheet TF–200 60 0.20 165 [41]
TF–450 60 0.45 178

MDþOD Lewis cell PTFE 80 0.25 175 [122]
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free energies, i.e., polytetrafluoroethylene (PTFE, 9.1 kN m�1), polyvinylidene fluoride (PVDF, 30.3 kN m�1), polyethylene
(PE, 33.2 kN m�1), and polypropylene (PP, 30.0 kN m�1 surface energy). The survey of literature suggests that the pore size,
porosity, and thickness of most of the membranes used in MD fall in the range of 0.2–1.0 mm, 65%–85%, and 0.06–0.25 mm,
respectively. The thermal conductivities of polymers are mainly dependent on temperature and the degree of crystallinity of the
polymer, which varies in the range of 0.15–0.45 W m�1 K�1 [123]. Hydrophilic membranes that have been treated to make
their surfaces hydrophobic have also been applied successfully to MD [124,125].

The pressure variable can be used in defining wettability in terms of LEP, as represented by the Laplace (Cantor) equation

DPentry ¼ �2Bg1

rp,max

cos u (19:62)

where
DPentry is the entry pressure difference
gl is the surface tension of the solution
u is the angle of contact between the solution and the membrane surface
B is a geometric factor
rp,max is the largest pore size

Once the pressure drop across the vapor–liquid interface DPinterface exceeds penetration pressure DPentry, the liquid can
penetrate the membrane pores and the membrane is termed as wetted. Contact angle measurement and surface tension are
the traditional methods to describe the wettability of the membranes. The contact angle comprised of a liquid droplet deposited
onto the surface of a smooth solid will have a value higher than 908 if there is low affinity between liquid and solid, and will be
less than 908 in the case of high affinity. Wetting occurs at 08, when the liquid spreads onto the surface. In general the solid–
liquid angle of contact for the membrane should be at least 908, while a value of 1308 being the optimal for use in MD [39].
Recently, the use of some copolymers of tetrafluroroethylene (TFE) and 2,2,4-trifluroro–5-trifluoromethoxy–1,3-dioxole
(TTD), commercially known as HYFLON AD, for fabricating polymeric membranes have provided an increased reliability
to the MD process. They have been used for preparing asymmetric and composite membranes that show a high contact angle
(1208) for water, demonstrating a highly hydrophobic character [126]. Brodard et al. [96] successfully employed hydrophobic
ceramic tubular membranes in the osmotic evaporation process. These ceramic membranes have been obtained by grafting
siloxane compounds on alumina porous supports. Ceramic membranes have the advantage of higher physical and chemical
stability as compared with polymeric membranes. Barbe et al. [117] have studied nine types of hydrophobic microporous
membranes for their influence on the retention of range of volatile organic species. The results of this investigation suggest that
membranes having relatively large surface pores have been shown to retain higher organic volatiles per unit water removed than
those with smaller surface porosity. However, pores with larger diameters at the membrane surface allow greater intrusion of
the feed and OA solutions, leading to an extended boundary layer. This extended layer offers extra resistance for diffusion of
volatile components. Further Barbe et al. [127] have studied changes in the surface morphology in hydrophobic membranes. A
change in morphology was observed when the membranes were in contact with water as against no change observed when in
contact with 30% w=w CaCl2. This was attributed to a lower degree of intrusion of the CaCl2 solution, relative to that of water
because of the higher surface tension of the former. Their results also suggested that the larger pores become larger while
smaller pores showed shrinkage.

Although fouling seems to be of minor importance for MD compared to other membrane techniques, periodic membrane
cleaning is necessary. Durham and Nguyen [128] evaluated the effectiveness of several cleaning agents for microporous PTFE
and cross-linked acrylic-fluoroethane copolymer membranes. The membranes were cleaned after 2 h of processing of a 21.5%
solution of tomato puree, and the change in flux and membrane hydrophobicity measured before and after cleaning. The authors
showed that repetitive cleaning and fouling can rapidly destroy certain membranes, an important result in regard to industrial
applications.

19.5 MEMBRANE MODULES

The choice of membrane module for MD is mainly determined by functional and economic considerations. A large variety of
membrane modules, such as plate and frame, spiral wound, tubular, capillary, and hollow fiber have been designed and tested
for MD.

In plate and frame modules, the membranes are placed (with or without spacers) between two plates. The packing density of
this configuration varies between 100 and 400 m2 m�3, depending on the number of membranes or cassettes used. Andersson
et al. [31] have used a plate and frame configuration for desalination purposes, where various cassettes were stacked together,
each consisting of injection molded plastic frames of two membranes. Naveen et al. [92] used a plate and frame membrane
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module having a membrane area of 0.016 m2 for the concentration of pineapple and sweet limejuice. The module (Figure
19.10) consists of a polyester mesh, a Viton gasket, and a hydrophobic microporous membrane of pore size (0.05–0.2 mm)
supported in between two stainless steel frames. Feed solution and osmotic agent solution were circulated on either side of the
membrane in cocurrent mode using peristaltic pumps.

Spiral-wound modules have a packing density of 300–1000 m2 m�3, which is greater than that of the plate and frame
module. This packing density depends upon height of the channel spacers. Koschikowski et al. [129] have used a spiral-wound
MD module for desalination experiments, which is assembled by spiral winding of PTFE membrane and condenser foils. It has
been reported to have a specific thermal energy consumption of 140–200 kW h m�3 of distillate and gained output ratio of 4–6.
The use of spiral-wound modules has been proposed by Gore [27] for industrial scale desalination units.

Tubular membranes unlike capillaries and hollow fibers are not self-supporting. Hence, such membranes tubes are placed
into porous stainless steel, ceramic, or plastic tubes. The diameter of tubular membranes usually varies from 1 to 2.5 cm, with a
packing density of about 300 m2 m�3. In MD operations, the tubular modules are used either for highly viscous fluids or while
operating under high-flow rates. In some cases, tubular modules are used to reduce fouling and concentration polarization
phenomena. In order to make SGMD practicable at industrial scale Rivier et al. [84] have used a tubular membrane module
(TSGMD) as shown in Figure 19.11. The module is made of glass and has six tubular membranes, each one surrounded by a
glass tube of 13 �10�3 m i.d. (inner diameter). The effective membrane surface of the module is 0.019 m2. The feed and
sweeping gas are circulated inside and outside the tubular membrane, respectively. Capillary membrane modules consist of a
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FIGURE 19.10 Plate and frame membrane module.
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FIGURE 19.11 Schematic representation of TSGMD module.
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large number of capillaries, which are arranged in parallel as a bundle in a shell and tube configuration. The capillary
membranes are self-supporting, and two kinds of module arrangement are possible based on flow of feed or permeate (through
the capillary or outside of the capillaries). The packing density is in the order of 600–1200 m2 m�3, which is between the
tubular and hollow fiber modules.

A hollow fiber module is conceptually similar to the capillary module, but differs in dimensions. In this case the diameter of
the tubular membrane varies between 50 and 100 mm and several thousand of fibers can be placed in the vessel. The hollow
fiber module is the configuration with the highest packing density (with values up to 30,000 m2 m�3).

Liqui-Cel Extra-Flow (Figure 19.12) is one of the well studied hollow fiber modules for concentration-driven mass transfer.
This module consists of several microporous polypropylene fibers, which are woven into a fabric and wrapped around a central
tube feeder that supplies the shell side fluid. The woven fabric allows more uniform fiber spacing, which in turn leads to higher
mass transfer coefficients than those obtained with individual fibers. The fiber lumen diameter and wall thickness are 240 and
30 mm, respectively [93,130]. The smallest Liqui-Cel modules are 2.5 in. in diameter and contain 1.4 m2 of contact area, while
the largest are 10 in. in diameter and offer 130 m2 of contact area by virtue of 225,000 fibers. The large modules can handle
liquid flow rates of several 1000 L=min.

Some more module configurations are reported for use in MD. Lawson and Lloyd [77] have designed a laboratory-scale
MD module as shown in Figure 19.13, where the membrane was sandwiched between the two half-cells, and several hose
clamps held the module together. The total area available is 9.7 cm2 and the smooth transitions at the module entrance as well as
exit allow achievement of relatively high Reynolds numbers, whereby conventional boundary layer equations are applicable.
The module does not require a support in low pressure-drop applications such as DCMD. Wider permeate channels would
require a support for VMD experiments. A porous sintered stainless steel material has been used for the gas permeation
experiments.
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FIGURE 19.12 Liqui-Cel Extra-Flow membrane contractor from CELGARD LLC.

1/4"

1/4"

FIGURE 19.13 Schematic diagram of the MD module.

Pabby et al./Handbook of Membrane Separations 9549_C019 Final Proof page 537 13.5.2008 1:24pm Compositor Name: BMani

Membrane Distillation in Food Processing 537



Mengual et al. [37] have used Lewis cell (stirred cell) for their experiments on MD (Figure 19.14). This mainly consists of
two equal cylindrical chambers made of stainless steel having a length of 20.5 cm. The membrane was fixed between the
chambers by means of a PVC holder. Three viton O-rings were employed to eliminate leaks in the assembly. The membrane
surface area exposed to the flow was 27.5 cm2.

To investigate the role of heat transfer in OMD and measure the asymptotic temperature difference, Celere and Gostoli [86]
used the flat sheet membrane module shown in Figure 19.15. This contains a few flat sheet membranes placed 1 mm apart and
supported by mesh-type spacers of 2 mm thickness, leaning against polypropylene walls. One stream (feed) flows between the
membranes and other (extractant) flows cocurrently through the spacers. The mass transfer zone of each membrane is 80 mm in
breadth and 200 mm in length.

19.6 ENHANCEMENT OF FLUX IN MEMBRANE DISTILLATION

In spite of their advantage and potential over conventional processes, membrane distillation suffers from the drawback of low
transmembrane flux when compared to RO. In the past few years, additional innovations in module design and new strategies have
been explored to reduce concentration polarization and to enhance mass transfer. Some of these attempts are discussed here.

Enhancement of transmembrane flux has been shown in OMD of grape juice pretreated by UF [131]. The increase in flux
has been attributed to a reduction in the viscosity of the concentrated juice–membrane boundary layer as the result of removal
of high-molecular weight biopolymers present in juice. UF is a powerful method for removing natural polymers (polysacchar-
ides, proteins) from fruit and vegetable juices. Lukanin et al. [12] have improved the concept of (UFþOMD), by enzymatic
pretreatment of the apple juice prior to the UF step. Introduction of an additional enzymatic deproteinization step with the
pectinase=amylase treatment of apple juice followed by UF has yielded minimal biopolymer content. Such a treatment is found
to enhance transmembrane flux during concentration of clarified juice by MD. As in the case of grape juice this has been
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FIGURE 19.14 Stirred cell. M: membrane, H: membrane holder, MS: magnetic stirrer, PM: propelling magnet, T: thermometer,
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attributed to reduction in juice viscosity. Lower viscosity improved hydrodynamic conditions in membrane channel thereby
decreasing concentration and temperature polarization.

An ultrasonic technique was applied to AGMD to enhance the permeability for the concentration of various aqueous
solutions. In this study, an ultrasonic stimulation of resonance frequency of 20 kHz and power up to 90 W was applied to a flat-
plate AGMD system of 1 mm PTFE membrane with a temperature difference of 558C. A 200% improvement in the
transmembrane flux was observed with an ultrasonic intensity of 5 W cm�2. Experimental investigation of the basic mechanism
of ultrasonic enhancement of AGMD suggests that, for a continuous ultrasonic stimulation the dominating mechanisms are
microstreaming and cavitation [70,130].

Narayan et al. [111] have tried to enhance the transmembrane flux by using an acoustic field (1.2 MHz), by placing the
membrane cell over an ultrasonic transducer (Figure 19.16). Their results show an increase in flux by approximately 35% to
98% when compared with control runs (without acoustic field). The increase in flux is due to the fact that acoustic field induces
mild circulation currents, which disturbs the hydrodynamic boundary layers of feed and OA solutions, thereby reducing the
effect of concentration polarization.

On examining the effect of membrane compaction on the membrane permeability, Lawson et al. [100] concluded that the
transmembrane flux in MD could be increased significantly up to 11% with relatively small pressure drops <70 kPa.

Concentration and temperature polarization can be reduced by the presence of spacers that are turbulence promoters, which
enhance the mass flux by increasing the film heat transfer coefficient. Spacers also change the flow characteristics and promote
regions of turbulence thus improving boundary layer transfer [106]. DCMD in spacer-filled channels have been shown to
improve flux by 31%–41% than that without spacers. The temperature polarization coefficients are substantially increased and
approach unity when the spacers are used in the channels.

Cath et al. [97] have demonstrated that, careful design of membrane module and configuration of MD processes could
simultaneously reduce temperature polarization and permeability obstructions in the DCMD of salt solutions. Results have shown
that fluxes almost double those that are observed in the traditional mode of DCMD, can be achieved at relatively low temperatures.
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19.7 APPLICATIONS IN FOOD PROCESSING

Most of the applications reported for MD have been carried out at a laboratory scale. Data on pilot scale studies are available for
demineralization of water and to a limited extent on beverages and fruit juice, that too for OMD.

19.7.1 DEMINERALIZED WATER

This is by far the most promising food-related application of MD. The advantages of MD over traditional methods, such as RO
and multiple stage evaporation lie in the quantitative solute rejection achieved and the comparatively low-energy inputs
required for MD when feed water has a high salt concentration, as in seawater.

The work carried out by Lawson and Lloyd [47] suggests that, the DCMD is a viable process for seawater desalination,
with fluxes of 2 mol m�2 s�1, which is twice that reported for RO. Banat and Simandl [74] have used an AGMD module with
PVDF membrane for their desalination experiments. Pure water with less than 5 ppm total dissolved solid was obtained with a
reproducibility of 	20%.

Energy consumption for manufacture of demineralized water from seawater is an issue, which has received much attention.
Criscuoli and Drioli [132] found the energy costs for RO to be between 4 and 12 kW h m�3 depending on whether or not an
efficient energy recovery system was in place. Cabassud and Wirth [133] have estimated costs for VMD using PVDF hollow
fiber membranes for salt concentrations varying between 15 and 300 g L�1 (Table 19.3).

They proposed that VMD could compete with RO on energy consumption for membranes 100 times more permeable than
those used in their experiment at 258C at the same permeate flux (5–15 L m�2 h�1). However, if coupled to a solar energy-based
system, the flux could be enhanced to 40–85 L m�2 h�1 and would make it competitive with RO. Reports on using solar energy
coupled to MD [134–137] appear to reinforce this belief.

The energy (Qreq) required increasing inlet feed solution temperature to the hot channel (Thi) was expressed by Alklaibi and
Lior [123] as follows:

Qreq ¼ mhCPs(Thi � Tsr) (19:63)

where
Tsr is the temperature of the feed solution at source
mh is the mass flow

Drioli et al. [138] suggested an integrated desalination process of MD and RO for decreasing the cost of production. They
arrived at the following cost for MD and RO using a fixed membrane area of 116 m2 (Table 19.4).

TABLE 19.3
Comparative Performance of RO and VMD for a Commercial Membrane

Membrane Process Energy Consumption (kWh m�3) Flux (L m�2 h)

RO with energy recovery 4.0 5–10
VMD single pass 3.2 0.7
VMD discontinuous 1.2 0.5–0.7

Source: From Corinne, C. and David, W., Desalination, 157, 307, 2003. With permission.

Note: (Km¼ 3.4� 10�7 � s �mol0.5�m�1 � kg�0.5 at 208C)

TABLE 19.4
Cost Comparison of Different Processes for Desalination of Seawater

Process Cost of Water Produced $ m�3 Production Recovery Factor (%)

Only RO 1.25 0.391; F1 40.0
Only MD 1.32 0.856; F2 87.6

ROþMD 1.25 0.856; F2 87.6

Source: From Drioli, E., et al., Desalination, 122, 141, 1999. With permission.
Note: Fixed cost of $116 m�2 membrane area; feed containing F1¼ 60.6%, F2¼ 14% salt.
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A novel idea for the production of water is by the combination of MD and membrane crystallization [139], where the salt is
concentrated on the feed side to a point close to super-saturation, thereby inducing nucleation of crystals. Recently Gryta and
Morawski [140] performed experiments using polypropylene capillary membranes with pore diameters ranging between
0.2 and 0.6 mm, and 70% porosity. They found crystallization to occur at the membrane surface, but by increasing the distillate
temperature to 328 K, the problem was eliminated and stable flux restored.

A new development reported by Li and Sirkar [141] for MD-based desalination makes use of polypropylene hollow fibers
coated with a plasma polymerized silicone–fluoropolymer. This ultrathin coating on the outside of the fiber was water vapor
permeable and was instrumental in decreasing the susceptibility of the composite membrane to wetting and fouling. They
reported stable water vapor fluxes between 41 and 79 kg m�2 h�1 for runs lasting up to 400 h.

MD holds great promise as a unit operation for water desalination, by itself and in conjunction with other processes such as
RO and traditional distillation. Advances in membrane chemistry and module design are expected to close the gap between
these processes in the near future.

19.7.2 BEVERAGES AND FRUIT JUICE

The concentration of fruit juice and allied beverages is very challenging from the view of retention of natural aroma and
flavor, which decides its acceptance by the consumer. The literature indicates membrane processes currently in use, RO
for concentration and pervaporation for aroma capture are mature technologies [21,142]. OMD in combination with RO for
concentration of juice beyond 258Bx (when osmotic pressure imposes limits on RO) has greater prospects than as a stand-alone
OMD operation [21].

Direct contact membrane distillation was shown by Drioli et al. [143] and Calabro et al. [13] to be very effective in the
concentration of orange juice. Drioli et al. report showed that most of the soluble solids in orange juice were rejected by a
microporous PVDF membrane, with the exception of vitamin C, which showed passage and oxidation because of the high
temperatures employed. While the report of Calabro et al. from the same group using the same membrane indicated that an
early UF pretreatment gave steady flux compared with untreated juice. The decay in flux of untreated juice was attributed to
pectin fouling of membrane. Bailey et al. [144] observed similar effects for single strength grape juice. This was attributed
to increase in viscosity in the juice–membrane boundary layer where the solute concentration is highest. Lukanin et al. [12] in a
study carried on apple juice showed that the stability of productivity in MD concentration improved with decreasing viscosity.
Lagana et al. [63] were able to concentrate apple juice up to 648Bx with transmembrane fluxes of 1 kg m�2 h�1. They too
observed that the viscosity of juice at high concentrations induced concentration polarization, thereby causing decline in flux.
DCMD offers advantages for processing high-osmotic pressure feeds, extremes of pH solutions, and application in remote
systems using solar or waste heat.

Bagger-Jorgensen et al. [17] found VMD to be a promising technique for retaining the aroma compounds in black currant
juice. Their observations on the improved retention of aroma compound cis-3-hexen-1-ol as a function of increased cross-flow
was attributed to reduced temperature and concentration polarization, which in turn increases the aroma concentration at the
vapor–liquid interface. The accumulation of aroma compounds at the boundary layer was eventually found to control flux in
spite of increase in cross-flow rate.

Sheng et al. [95] reported the concentration of orange, apple, and grape juices using OMD with a plate and frame module
having a membrane surface area of 1 m2. They quoted typical flux values of 5–10 L h�1 m�2 for a plant installation with spiral-
wound membranes and a juice concentration of at least 75% of solid content. In their installation the diluted salt solution is
separately concentrated by pervaporation through a hollow fiber membrane at 508C. Thompson [145] reported a novel
application of OMD, for the concentration of grape juice to make wine from reconstituted concentrate. The author mentioned
that wine obtained in this way was difficult to be distinguished from wine produced in the conventional way from simple
strength grape juice. This was done at a pilot plant scale having a feed rate of approximately 80–100 L h�1. He mentioned that
an OMD plant for processing between 10,000 and 23,000 L of feed grape juice was in operation.

Barbe et al. [117] studied nine different membranes for their retention of aromatic components commonly found in grape
and orange. Using GC–MS analysis of the head space of the simulated feed and elaborate scanning electron microscopy, they
showed conclusively that membranes with large pore sizes at the surface show higher retention of volatile components than
those, which have narrow surface pores. They have proposed a model to explain this phenomenon.

Ali et al. [146] investigated the passage of aroma constituents of fruit juice during OMD on a pilot plant scale. Using
headspace analysis of feed and permeate, they concluded that the loss in aroma could be minimized by operating at low
temperature and low feed velocity.

In feeds containing oily constituents (limonene in orange juice), there is often the problem of wetting of the pores of
hydrophobic membranes. For OMD applications, Mansouri and Fane [4] used polyvinyl alcohol (PVA) and polyhydroxy
2-ethyl methacrylate (PHEMA) hydrogels to coat membranes such that a hydrophilic gel layer was formed near the mouth of
pores. This laminate effectively controlled the ingress of oily constituents into the membrane, at the same time the permeability
of water vapor through the pore remained unaffected. Recently Xu [147] has reported alginate hydrogel coatings on PTFE
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membrane. They reported a 10-fold increase in the adhesion strength between the hydrophilic alginate and the hydrophobic
PTFE, by adjusting the surface tension of the coating material. Resistance to wetting of the composite membrane was tested
with feed containing 0.2%–0.8% orange oil over a period of 300 min.

Recently Alves and Coelhoso [148] have compared the concentration of a simulated orange juice (glucose, citral, and ethyl
butyrate) using MD and OMD. Using Accurel PP2E HF (Membrana, GmbH, Waltham, Massacheusetts) polypropylene
membrane, they concluded that as long as viscosity was low the contribution of the sucrose solution boundary layer (shell
side) in OMD was not significant. However, toward the end of the experiment, when kinematic viscosity of sucrose solution
increases, this resistance becomes considerable. For MD, using the same feed and similar driving force, the flux was found to be
less than half of that for OMD [148]. Transport of aroma compounds (citral and ethyl butyrate) for MD showed greater
permeation than in OMD for a normalized water removal rate (Table 19.5).

The results suggest that OMD has a distinct advantage over MD, both in terms of flux and aroma retention.
To summarize some of these observations: The viscosity and colloidal content of juice strongly influenced flux because of

concentration polarization; due to passage of vapor through pores, there is a fall in temperature at the vapor–liquid interface
causing temperature polarization. An increase in feed velocity would increase this temperature at the interface, thereby
maintaining flux; at lower solute concentrations, the water vapor flux is high and therefore aroma compositions at the
vapor–liquid interface are high; pores with a wider surface diameter allow greater retention of aroma compounds.

Jiao et al. [21] have compared the overall performance of membrane concentration techniques vis-à-vis conventional
evaporation (Table 19.6).

Though MD has provoked intense research activity that has led to numerous publications and patents, it finds relatively
fewer commercial applications as a stand-alone process, as compared with other membrane processes.

This could be attributed to some of the disadvantages that continue to plague membrane distillation, namely the lack of
selectivity of the pores for permeation of vapor through the membrane; significant energy loss due to conduction across the
boundary layers close to the membrane; leakage through the membrane caused by trace constituents of the feed stream that
lowers the surface tension at the liquid–membrane interface causing intrusion of liquid into the pores.

19.7.3 INTEGRATED MEMBRANE PROCESS

On the one hand, MD and OMD suffer from low flux (compared to RO) and temperature concentration polarization that limits
their full commercial application. On the other hand, RO process has the problem of maximum achievable concentration (can

TABLE 19.5
Comparison of OMD and MD with respect to Aroma

Process Feed Neb=Nw (10�6) Nc=Nw (10�6)

OMD Only volatiles 2.8 2.3
MD Only volatiles 7.2 4.5
OMD Sucrose (45%)þ volatiles 2.6 2.4
MD Sucrose (45%)þ volatiles 5.9 5.4

Source: From Alves, V.D. and Coelhoso, I.M., J. Food Eng., 74, 125, 2006. With permission.
Note: Neb, Nc, and Nw are the molar fluxes for ethyl butyrate, citral, and water, respectively.

TABLE 19.6
Salient Features of Evaporation and Membrane Concentration Processes

Process

Maximum
Achievable

Concentration
(8Bx)

Product
Quality

Evaporation
Rate (L h�1)

or Flux
(L m�2 h�1)

Product
Flexibility

Operating
Costs

Capital
Investment

Energy
Consumption

Status
of Technology

Evaporation 80 Very poor 200–300 No Moderate Moderate Very high Developed
Reverse osmosis 25–35 Very good 5–10 No High High High Developed
Direct osmosis 50 Good 1–5 Yes High High Low Under development

Membrane distillation 60–70 Good 1–10 Yes High Moderate Low Under development
Osmotic distillation 60–70 Very good 1–3 Yes High Moderate Low Under development

Source: From Jiao, B., Cassano, A., and Drioli, E., J. Food Eng., 63, 303, 2004. With permission.
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reach only up to 258Bx–308Bx). To overcome these drawbacks and to improve the product quality and process economics
integrated process are gaining popularity. They provide an efficient scaleable alternative to thermal processes for the
concentration of liquid foods, pharmaceuticals, and biologicals.

Johnson et al. [149] have studied the three-stage hybrid membrane process for the concentration of ethanol–water extracts
of the Echinacea plant, wherein ethanol removal from the extract was achieved by pervaporation in stage 1. This gave an
ethanol-free aqueous product containing suspended alkyl amides that were suitable for marketing in tincture form. In stage 2,
the precipitated alkyl amides were removed from the product of stage 1 by microfiltration. In stage 3, the MF permeate was
concentrated several fold by OMD. This gave a highly concentrated product suitable for marketing in capsule form.

Gryta [150] conducted integration of fermentation process with membrane distillation for the production of ethanol. The
removal of by products, which tends to inhibit the yeast productivity, from the fermenting broth by MD process increased the
efficiency and productivity of the membrane bioreactor. The ethanol concentration in permeate was 2–6 times higher than that
in the fermenting broth. The enrichment coefficient was found to increase with decrease of ethanol concentration in the broth.

The use of an integrated membrane process for the clarification and the concentration of citrus and carrot juices was
proposed as an alternative to the traditional techniques of the agro-food industry [151]. The ultrafiltration process was studied
on a pilot plant unit to clarify the raw juice. A clear phase was produced in this step and it was used for concentration by
successive membrane treatments. The RO process, performed on a laboratory plant unit, was used to preconcentrate the
permeate from UF up to 15–20 g TSS=100 g. A final OMD step yielded a concentration of the retentate from the RO up to
60–63 g TSS=100 g.

Shaw [152] has carried out pilot scale experiments for the concentration of orange and passion fruit juices involving
microfiltration followed by osmotic evaporation. Both juices were concentrated threefold to 33.58Bx and 43.58Bx, respectively.

Cassano et al. [153] proposed an integrated membrane process involving OMD for concentration of kiwifruit juice
(Figure 19.17). They passed 108Bx–118Bx juice through a UF membrane to separate solids (pulp) from the serum. Solids
were passed through a pasteurizer, while serum was preconcentrated using RO to 258Bx–268Bx. This was fed to an OMD
device, which further concentrated the juice to 638Bx–658Bx. The diluted OA (brine) was recycled after concentration using
a conventional evaporator. This concentrated juice was reconstituted with the pasteurized pulp. Alvarez et al. [154]
conducted an in-depth study on integrated membrane processing of fruit juice, which they found to be comparable if not
better than the conventional process. Using an integrated process for treatment of apple juice, they used an enzyme–
membrane reactor to clarify the raw juice, reverse osmosis to preconcentrate the juice up to 258Bx and pervaporation to
recover and concentrate aroma compounds. An evaporation step to concentrate apple juice to 728Bx was followed by an
aroma reconstitution step.

These operations were tested in both laboratory and pilot plant units. The product was far superior to apple juice
produced by conventional methods. Details on investment cost of conventional and integrated membrane processes are

UF RO

Evaporator

OMD

Diluted brine Concentrated brine
(CaCl2)

Preconcentrated
juice (25�Bx–26�Bx)

Fruit juice
(10�Bx–11�Bx) Water

Pulp

Concentrated juice (63�Bx–65�Bx)

Pasteurizer

FIGURE 19.17 Integrated membrane process for production of fruit juice concentrates.
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shown in Table 19.7. The analysis of profitability indicated that return on investment in conventional process and membrane
process is 24.6% and 30%, respectively, with corresponding pay back period of 4.1 and 3 years.

19.8 FUTURE DIRECTIONS

The MD process has several technical advantages and scope for promoting its industrial application. However, implementation
of MD on process scale would require long-term validation on a pilot scale. For achieving these goals more intensive and
focused research effort is needed in this field. Research on new membrane materials and composite membranes that enhance
transmembrane flux and selectivity is required. Modeling and scale-up studies will form an integral part of this activity.

Studies also need to be undertaken for the enhancement of transmembrane flux in the presence of the acoustic field for
applications on a large scale.

Integrated processes encompassing MD and its variants (OMD) are likely to provide solutions to challenging problems like
aroma and fragrance retention in food products.

The literature suggests that most of the studies on the application of MD in juice processing have focused on producing
highly concentrated juices. However, little attention has been paid to influence juice composition on the mass transfer,
membrane properties, and quality of resulting concentrated juices.

In view of the possible industrial applications of MD for concentration of juice, beverages, and aroma compounds,
sufficient quantifiable data need to be generated within installations working in continuous mode rather than batch mode.

GLOSSARY

Asymmetric membrane—A composite membrane, consisting of two or more structural planes of nonidentical morpho-
logies.

Boundary layer—Fluid layer in contact with membrane surface in which velocity gradient exists unlike the bulk fluid.
Concentration—Increasing solute percentage in solution by the removal of solvent.
Concentration Polarization—Accumulation of solute rejected by membrane in the vicinity of the membrane surface

resulting a gradient in concentration of the solute (higher than the well mixed bulk solution).
Diffusion—Process of movement of dissolved solute from higher to lower concentration.
Fouling—Deposition or adsorption of particulate or dissolved substances in the openings of the pores.

TABLE 19.7
Comparative Investment Cost of Conventional and Integrated Membrane
Processes for Processing of Fruit Juice and Beverages

Cost ECU

Investment Head Conventional Process Membrane Process

Investment
Apple storage 1.7� 105 1.7� 105

Washing and inspection of apples 0.1� 105 0.1� 105

Milling of apples 0.4� 105 0.4� 105

Clarification of juice 6.4� 105 3.9� 105

Preconcentration (RO) 1.3� 105

Recovery of aroma compounds
and apple juice concentration

4.2� 105 5.1� 105

Total capital investment 47.72� 105 43.38� 105

Operating Cost ECU=ton Concentration ECU=ton Concentration

Raw materials (apples) 810.0 77.0
Membranes 19.7

Others 99.9 50.2
Total variable cost 909.9 839.9
Labor, maintenance, and other fixed cost 151.9 145.0

Total manufacturing cost 1061.8 984.9

Source: From Alvarez, S., et al., J. Food Eng., 46, 109, 2000. With permission.
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Flux—Amount of fluid passing through the membrane per unit area per unit time.
Membrane—A thin barrier or film through which solvents and solutes are selectively transported.
Membrane Module—The unit in which the membrane area is packed.
Osmotic Pressure—The pressure exerted due to difference in solute concentration between two distinct zones and can

be calculated using Vant Hoff equation (p¼CRT=M, C¼ concentration of the solution, R¼ gas constant,
T¼ temperature, M¼molecular weight).

Porosity—Ratio of void space to total membrane volume (in porous membrane).
Pore tortuosity—Ratio of actual pore length to membrane thickness.
Permeate—The portion of the feed solution that passes through the membrane.
Retentate—The portion of the feed solution that is retained by the membrane.
Spacers—A mesh-like material used to separate successive layers of membrane and=or support backing.
Transmembrane Pressure (DP)—Average pressure difference between the upstream and downstream sides of the

membrane, which is the driving force.
Temperature Polarization—The difference in temperature of the bulk liquid and the membrane surface is called

temperature polarization.
Vapor and Gas—Any vapor above its critical temperature is called gas.
Volatile—A compound is said to be more volatile if it gives more vapor on heating.
Vapor pressure—The pressure exerted by the vapor at equilibrium condition where the rate of condensation is equal to the

rate of vaporization (all liquids and solids exhibit definite vapor pressure at all temperature).

NOMENCLATURE

a water activity (–)
B net membrane coefficient (s m�1)
B0 viscous flux coefficient (m2)
b stirred cell diameter (m)
Cp molar heat capacity (J mol�1 K�1)
Cij mass conductance of pore ij (–)
Cf solute concentration in feed (mol l�1)
D diffusion coefficient (m2 s�1)
Dw or Dw-air water diffusion coefficient (m2 s�1)
Dt plate thickness (m)
Dk Knudsen diffusion coefficient (m2 s�1)
Do pressure independent D (pa m2 s�1)
d tube diameter (m)
de or dh equivalent diameter (m)
dp pore diameter (m)
G mass velocity (kg s�1)
H overall heat transfer coefficient (W m�2 K�1)
h individual heat transfer coefficient (W m�2 K�1)
h1 film heat transfer coefficient (W m�2 K�1)
hf heat transfer coefficient for feed (W m�2 K�1)
hp heat transfer coefficient for permeate (W m�2 K�1)
hv vapor heat transfer coefficient (W m�2 K�1)
hm heat transfer coefficient of the membranes (W m�2 K�1)
h1 heat transfer coefficient for fully developed flow in long pipes (W m�2 K�1)
J flux (l m�2 h�1)
Jm mass flux through membrane (l m�2 h�1)
K overall mass transfer coefficient (kg m�2 h�1 Pa�1)
Km membrane coefficient (kg m�2 h�1 Pa�1)
KB Boltzmann constant (J K�1)
K0 Knudsen diffusion constant (m)
K1 molecular diffusion constant
km membrane conductivity (W m�1 K�1)
ks thermal conductivity of solid (polymer) (W m�1 K�1)
kg thermal conductivity of gases (air and water vapor) (W m�1 K�1)
kl thermal conductivity of liquid (W m�1 K�1)
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k mass transfer coefficient through boundary layer (m s�1)
L tube length (m)
Lp length of the wetted perimeter (m)
l pore length (m)
LEPw liquid entry pressure of water (Pa)
M molecular mass (kg mol�1)
m mass flow rate (kg s�1)
N molar flux (mol m�2 sec�1)
Ni total flux (mol m�2 sec�1)
Ni

D diffusive flux (mol m�2 sec�1)
Nv viscous flux (mol m�2 sec�1)
nw mole concentration of water (mol m�3)
Dnw water vapor mole concentration difference (mol m�3)
P pressure (pa)
pm1 partial pressure of vapor at membrane surface on feed side (pa)
pm2 partial pressure of vapor at membrane surface on permeate side (pa)
pa partial pressure of air (pa)
Pavg average gas (air) pressure inside the membrane (pa)
Pref reference pressure (pa)
Pr dimensionless pressure (Pavg=Pref)
Pam logarithmic mean pressure of air (pa)
pw partial vapor pressure of water (pa)
Ppavg average pore pressure (pa)
DP vapor pressure difference (Pa)
Q heat flux (w m�2)
Qv latent heat flux (w m�2)
Qc conductive heat flux (w m�2)
Qf rate of heat transfer through feed boundary layer (w m�2)
AQp rate of heat transfer through permeate boundary layer (w m�2)
Qm heat transfer across the membrane (w m�2)
Qa heat transfer across the air gap (w m�2)
R gas constant (J mol�1 K�1)
rH hydraulic radium of channel (m)
r pore radius (m)
S cross-sectional area (m2)
T temperature (K)
Tf feed temperature (K)
Tp permeate temperature (K)
Ts1 hot membrane surface temperature (K)
Ts2 cold membrane surface temperature (K)
Ts3 dew point temperature of the vapor (K)
Ts4 solid surface temperature (K)
Tm1 feed side membrane temperature (K)
Tm2 permeate side membrane temperature (K)
Ta air temperature (K)
Tavg average temperature (K)
Tpavg average pore temperature (K)
Tsr temperature of the feed solution at source (K)
DTf temperature difference (between feed and permeate fluids) (K)
DTm temperature difference (between membrane surfaces) (K)
v mean molecular speed (m s�1)
win inlet humidity ratio
x liquid mole fraction
xa mean mole fraction of air
y vapor mole fraction
Yln mole fraction of air (log mean)
m viscosity (Pa s)
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mc viscosity of condensate film (Pa s)
mw viscosity at wall temperature (Pa s)
l mean free path (m)
lL latent heat of vaporization (J kg�1)
s collision diameter of the molecule (saturated water s¼ 2.7 A8)
« fractional void volume or porosity (–)
t tortuosity factor (–)
gl liquid surface tension (N m�1)
d or dm membrane thickness (m)
dg air gap thickness (m)
dc condensate film thickness (m)
r density (kg m�3)
rf density of condensate film (kg m�3)
a yaw angle8
u contact angle8

DIMENSIONLESS NUMBERS

Nu Nusselt number
Kn Knudsen number
Pe Pecklet number
Re Reynolds number
Pr Prandtl number
Gz Greatz number
Sh Sherwood number
Sc Schmidt number
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20.1 PLACE AND ROLE OF MEMBRANE SEPARATION IN THE BEER INDUSTRY

Beer is the second most consumed beverage in the world after tea [1]. Beer production reached approximately 1.48 billion
hL=year* in 2003 and keeps increasing every year. The world per capita consumption in the same year was 23.6 L, the highest
consumption being recorded in the European Union (70 L) and on the American continent (66 L) [2]. The beer industry is
continuously challenged to meet the high standards required for producing beer of consistent quality, with unique taste and
flavor, while maintaining relatively low production costs and minimizing waste disposal. For the modern, highly demanding
consumer, purity and freshness are extremely important characteristics of a good beer, and this is why the beer industry is
permanently seeking new technical solutions that will enable it to deliver a product matching its customers’ expectation.

* hL ¼ traditional volume unit in brewing. l hL ¼ 100L.
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Membrane separation is increasingly emerging as an attractive alternative processing method for the brewing industry, with
applications ranging from beer clarification and cold sterilization to tank bottoms recovery, alcohol removal, as well as water
and effluent treatment. Other applications of membrane separation include the filtration of utilities, such as air filtration for tank
venting in yeast storage tanks or the filtration of air used for wort aeration. Another utility that could be filtered is the steam used
in the yeast storage and propagation area. Part of this steam or its condensate might come in contact with the yeast, and
therefore the steam needs to be filtered to separate any contaminating particles. Figure 20.1 shows an overview of the chemical
and biological species that can be found in beer, as well as the membrane processes that can be used to separate these molecules
or particles based on their size, from reverse osmosis (RO) to microfiltration (MF). Figure 20.2 provides a simplified process
flow diagram of a brewery, indicating the products and processes involving membrane separation reviewed here.

Utility Department Raw material

Barley Storage/aeration/
cooling

Steeping/
germination

Kilning

Malt rootlets

Malt

Spent grains

Wort

Hot trub

Yeast

Tank bottoms

Bright beer

Bottling/canning/
kegging

Final filtration Pasteurization Ethanol-
removal

Cleaning

Storage/cooling

Milling

Mashing

Lautering

Wort boiling

Separation

Cooling

Aeration

Pitching

Fermentation

Aging

Main filtration

Trap filtration

Malthouse

Brewhouse

Fermentation

Yeast
propagation

Filtration

Filling

Water

Water
Water

treatment

Hops

Air

Yeast

Sterile filtration of
compressed air

Water
treatment

Process Product/waste

FIGURE 20.2 Simplified process flow diagram of a brewery. The shaded blocks indicate the products and processes that may use membrane
separation.
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Laboratory applications for microbiological analyses are another area where membrane separation is used in the brewing
industry. Such applications are not described in detail in this chapter, as they are not necessarily specific to brewing.

20.2 FACTORS THAT INFLUENCE THE MEMBRANE SEPARATION OF BEER

The main factors that affect the separation efficiency and yield in the membrane separation of beer are beer composition,
membrane characteristics, process parameters, and membrane fouling.

20.2.1 BEER COMPOSITION

Filtration and storage behavior of beer depend strongly on its chemical composition (Table 20.1). Beer production is based on
natural ingredients and therefore beer contains a wide variety of chemical compounds. Most chemical components of beer have
an influence on beer filtration in general and membrane filtration in particular. Carbohydrates, such as pentosans and b-glucans,
proteins and protein–polyphenol complexes, are of particular importance in membrane filtration of beer, as they are responsible
for membrane fouling [3], which has negative consequences on both the flux and quality of the filtered beer, as it will be
discussed in detail later on in this chapter.

Among carbohydrates, it is the high mass molecular weight compounds that, under certain conditions, can impede the
efficiency of beer filtration. About 80% of these carbohydrates are represented by molecules that contain 4–20 glucose residues,
and only about 20% have more than 20 glucose residues. Dextrins (a–glucans) do not affect beer viscosity and have solely a
caloric contribution [4,5].

b-glucans are polymers of glucose that are found in the endosperm of barley, primarily in the cell walls. Some b-glucans
can have a molecular weight of above 106 Da. Their presence represents one of the major factors that lead to low filterability of
beer, as well as haze formation during storage. Based on their molecular size, b-glucans can be divided into the following
categories [6]:

1. b-glucans of molecular size >0.2 mm
2. b-glucans of molecular weight >300,000 Da (which, together with those from the first category, represent about 57%

of the total b-glucan amount)
3. b-glucans of molecular weight between 30,000 and 300,000 Da (about 10% of the total)
4. b-glucans of small and medium molecular weight—below 30,000 Da (about 30% of the total)

Despite the fact that the data available in literature is somewhat controversial, the amount of b-glucans in beer is generally
considered to range between 300 and 700 mg=L, from which about 10% can be found in gel form [8]. An extensive review and

TABLE 20.1
Main Nonvolatile Components of Beer

Category Compound Concentration (g=L) Molecular Weight (Da)

Minerals Ca, K, Mg, Na, P, and other metals 0.5–2 <100
Carbohydrates Mono- and oligosaccharides 7–13 200–600

Dextrins (a-glucans) 25–35 50,000–200,000
b-glucans 0.07–0.5 50,000–200,000

Pentosans and others 1.5–3.5 50,000–200,000
Total 33–44

Organic Nitrogen True proteins Traces >150,000

Polypeptides 0.06–0.2 5,000–70,000
Oligopeptides 0.1–0.5 1,500–5,000
Amino acids and others 0.02–0.1 <5,000

Total 0.3–1
Phenols Monophenols 0.02–0.06 <200

Polyphenols (monomers) 0.07–0.1 200–500

Polyphenols (polymers) and others 0.02–0.1 1,000–5,000
Total 0.15–0.35

Lipids 0.01–0.02 200–1,000
Glycerol 1–3 92

Nonvolatile acids Citric, malic, gluconic, etc. 0.2–1 192, 134, 218, . . .
Vitamins B1, B2, B5, B6, B12 0.005 205–1,355

Source: Adapted from Pollock, J.R.A., ed., Brewing Science, Vol. 1. Academic Press, London, 1979.
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characterization of barley b-glucans’ structure and properties has been published recently by Vaikousia et al. [8]. The flow
behavior and gelling properties of barley b-glucans are of special interest in brewing, since an excess of b-glucans can cause
problems such as slow filtration of wort and beer, as well as contribute to haze formation during storage [3,9].

The majority of the nitrogen compounds in beer have molecular weights between 5 and 70 kDa. The protein components of
this fraction are of particular importance in brewing, as some of them contribute to foam formation (positive effect) while
others, in association with polyphenols, lead to haze formation (undesirable effect) [10].

Beer contains a mixture of phenolic compounds, averaging about 150–350 mg=L, out of which about two thirds originate in
barley and the remaining in hops [11]. Of these, polyphenols present the greatest interest for beer processing and storage, since
they tend to associate with proteins into insoluble complexes, leading to the formation of cold haze in beer.

20.2.1.1 Haze Formation and Its Impact on Beer Filtration and Stability

Beer stability, defined as the ability of beer to maintain its properties unchanged from bottling to the end of the estimated shelf
life, has three distinct aspects: biological stability, colloidal stability, and sensory stability. The sensory stability of beer is
closely related to its biological and colloidal stability, and additionally can be affected by the presence of oxygen, which leads
to oxidative processes that can alter the taste of beer.

Biological stability is related to the yeasts and spoilage bacteria, which are possibly present in beer and could trigger
undesirable sensory and aspect changes during beer shelf life. In order to ensure its biological stability, microorganisms have to
be removed from beer, which for yeast cells is achieved by filtration. The maximum limit allowed for the number of yeast cells
accepted for filtered beer is generally 5 cells per 100 mL, but the modern filtration techniques can yield less than 2 cells per 100
mL beer [12].

In colloidal stability the presence of visible haze can significantly limit the shelf life of beer. Haze compounds can also
contribute to the fouling of equipment surfaces, forming deposits that are difficult to remove by in-place cleaning [13]. A
generic composition of beer haze is given in Table 20.2. Based on their size, the haze-forming particles can be classified into the
following categories [14]:

. Coarse dispersions (sizes >0.1 mm) represent the macroscopic haze and is formed out of coagulated proteins, yeasts,
and bacteria.

. Colloids (size between 0.01 and 0.1 mm), which can be visualized under refracted light, are represented by proteins,
gums, and resins from hops.

. Molecular dispersions (<0.01 mm) cannot be visualized.

Haze formation is mostly attributed to proteins, polyphenols, and their interactions. It is also possible that there are also other
factors that influence haze formation in beer, but their effect has not been yet clearly defined [15]. The amount of haze formed
depends both on the concentration of proteins and polyphenols, and on their ratio. Polyphenols can combine with proteins to
form colloidal suspensions that scatter light, which creates the cloudy appearance of beer. Beer polyphenols originate partly
from barley and partly from hops. The beer polyphenols most closely associated with haze formation are the proanthocyanidins,
which are dimers and trimers of catechin, epicatechin, and gallocatechin. These have been shown to interact strongly with haze-
active proteins [13,15–17] and their concentration in beer was directly related to the rate of haze formation [18]. Ahrenst-Larsen
and Erdal [19] have demonstrated that anthocyanogen-free barley produces beer that is extremely resistant to haze formation,
without any stabilizing treatment, provided that hops do not contribute polyphenols either. Not all proteins are equally involved
in haze formation. It has been shown that haze-active proteins contain significant amounts of proline and that proteins that lack
proline form little or no haze in the presence of polyphenols [13,15–17]. In beer, the source of the haze-active protein has been
shown to be the barley hordein, an alcohol-soluble protein rich in proline [16].

At least initially, the protein–polyphenol complexes are held together by weak associations and haze can be dispersed by
warming, which in brewing is commonly referred to as reversible haze or chill haze. The practical consequence of this
phenomenon is that beer should be filtered at the lowest possible temperature. The mechanism of haze formation appears to be

TABLE 20.2
Main Components of Beer Haze

Compounds Concentration (mg=L)

Total nitrogenous substances (N� 6.25) 450–650

Polyphenols 200–600
Dextrins plus b-glucans 150–200
Glucose 20–40

Minerals 7–35
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a non-covalent interaction—a combination of hydrogen and hydrophobic bonding—in which protein molecules are held together
by polyphenolic compounds acting as bridges [16]. According to Siebert and Lynn [20], polyphenols bind only to specific sites in
haze-active proteins, and the largest amount of haze forms in situationswhen there are comparable numbers of polyphenol-binding
sites in the proteins and binding ends of the polyphenol molecules. Since beer contains a large excess of haze-active proteins as
compared to haze-active polyphenols, most of the polyphenols are able to bridge two proteins together, but there are not enough
polyphenols to link these protein–polyphenol–protein aggregates, which results in relatively small particles [20].

20.2.2 MEMBRANE CHARACTERISTICS

Generally, the operating conditions in a brewing operation involve high flow rates, high pressures, and high production
capacity, which is challenging for any type of filtration operation. The filtration media must also withstand the high
temperatures, extreme pH conditions, and large temperature differences used during cleaning (i.e., from 08C during filtration
to about 808C in the cleaning stage). The membranes used in beer processing have to comply with all these conditions. The
membrane types typically used in beer filtration applications are flat sheets, hollow fibers, or ceramic. It should be noted that
ceramic membranes have better chemical and temperature resistance as compared to polymeric membranes, but typically
require higher investment and membrane replacement costs.

Recent research efforts brought about new and exciting developments in membrane technology, some with direct
implications for the membrane filtration of beer. For example, Stopka et al. [21] reported flux enhancement in the microfiltra-
tion of a beer yeast suspension when using a ceramic membrane with a helically stamped surface. A relatively simple
modification of the ceramic membrane surface resulted in modified hydrodynamic conditions and disturbance of the fouling
layer. As compared with a regular, smooth ceramic membrane of the same nominal pore size, the stamped membrane leads to
higher flux and lower power consumption per unit volume of permeate at the same velocity of the feed.

Kuiper et al., in The Netherlands, developed and fabricated ceramic microsieves with a very small flow resistance and used
them for beer clarification [22,23]. They reported fluxes about two orders of magnitude larger than fluxes typically obtained
membrane in separation of beer (~104 L=(m2 h)), and a good quality of the filtered beer—a haze value of 0.46 EBC after 9 h of
filtration was reported. These membranes allowed for much less fouling as compared to the traditional membranes. Although
very promising, the manufacturing of these membranes is still in the experimental stage and scaling up is required.

The development of high-selectivity nanotube membranes might also have some potential for beer membrane filtration.
Carbon nanotube membranes can be functionalized and tailored to efficiently separate molecules both on the basis of their
molecular size and shape, and on chemical affinity [24]. Newly developed nanotechniques can be used to functionalize
supported microfiltration or ultrafiltration polymeric membranes by filling their pores with polymeric or oligomeric liquids that
have an affinity for the compound of interest [25]. An Australian–American team of researchers has developed a nanoparticle-
enhanced membrane that combines organic polymers with inorganic silica nanoparticles, which enable large molecules to pass
through more readily than small molecules [26]. The addition of the silica resulted in over 200% improvement in the flux and
increased the permeability of the membrane. The reported use of these membranes is to purify fuel (ethanol and methanol)
inexpensively, but food-related applications, including beer filtration, could also become possible. While still too expensive for
regular food applications, such technologies might become a feasible technical solution in the future.

20.2.3 MEMBRANE FOULING IN MEMBRANE SEPARATION OF BEER

Crossflow microfiltration (CMF) using semipermeable membranes has been evaluated as a potential alternative to conventional
processing in the brewing industry since the early 1980s. Yet, the extensive adoption of this technology by the beer industry
was hindered by the protein and aroma retention, and the severe flux decline (Figure 20.3) that takes place during this process.

The drastic reduction of the permeate flux to only a fraction of the theoretical capacity of the membrane is rather common in
pressure-driven membrane processes, but it is more pronounced for beer as compared to other fluid foods such as milk, wine, or
fruit juices. This explains the earlier introduction of membrane technology at a commercial scale in those industries as
compared to the beer industry.

Eagles and Wakeman [27] noted that when filtering beer through membranes with pore sizes less than 0.5 mm the filtered
beer (permeate) lacks some components that are important for bitterness, fullness, and foam retention characteristic to beer.
When filtering beer through a 0.22 mm polysulfone membrane, Ryder and coworkers [28] found decreases in original gravity
(12.30–11.738P)* alcohol (3.94–3.78 wt%), protein (0.72–0.59 wt%), and bitterness (15.1–13.5 EBU). Both flux reduction and
quality effects have been attributed to membrane fouling and concentration polarization.

It is important to distinguish the effects of membrane fouling from those of concentration polarization. At the initial stage of
a filtration run, the solids concentration at the membrane level is relatively small, but it builds up progressively as permeate is
removed from the system. If a substantial flux decline is observed at low solids concentration, membrane fouling aspects are
believed to be important. A flux decrease with an increase in solids concentration is largely due to concentration polarization.

* oP ¼ Degree Plateau; represent total amount of soluble solids in beer, in kg=100 kg.
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During membrane filtration, some components (dissolved molecular species or particulates) of the feed are rejected by the
membrane and are transported back into the bulk by diffusion. If the concentration of the solute(s) at the surface is above the
solubility limit, a gel layer is formed.

The occurrence of fouling affects the performance of a membrane either by deposition of a layer onto the membrane surface
or by total or partial blockage of the pores, which changes the effective pore size distribution. Blanpain-Avet et al. [29]
investigated the fouling mechanisms and protein rejection for the microfiltration of a beer previously clarified by kieselguhr
filtration through a 0.2 mm polycarbonate membrane, and concluded that the permeate flux decay was governed by two
successive fouling mechanisms. An internal pore fouling took place during the initial stages of filtration, followed by external
surface fouling. The change of protein retention level throughout the duration of filtration was found to be closely related to the
nature of fouling, with an initial high-protein transmission rate being followed by a sharp decrease. Protein retention remained
constant and low (<20%) during the internal pore fouling stage, then increased abruptly (up to 60%) and stabilized when a
steady fouling gel layer formed over the membrane surface. Figures 20.4 and 20.5 represent a visualization of the fouling layer
characteristic for membrane filtration of beer [30].

The analysis of the fouling layer performed by Gans [12] and then by Taylor and coworkers [31] showed that it contains
carbohydrates, proteins, and polyphenols, and that the composition is dominated by proteins associated with polyphenols and
b-glucans. Gans reported that in the CMF of rough beer with hollow fiber polysulphonic membranes of 0.45 mm pore size the
total amount of the fouling layer per unit of membrane area was 8.6 g=m2, and consisted of 5.5 g=m2 total nitrogen compounds,
1.3 g=m2 polyphenols, and 1.8 g=m2 b-glucans [12]. Gan noted that, besides the chemical species mentioned in the above
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FIGURE 20.3 Evolution of flux with time in the CMF of rough beer with a cellulose acetate membrane of 0.45 mm pore size. (From
Moraru, C.I., Optimization and membrane processes with applications in the food industry: Beer microfiltration. PhD thesis, University
‘‘Dunarea de Jos’’ Galati, Romania, 1999.)

Fouling layer

FIGURE 20.4 Scanning electron micrographs (SEM) micrographs of the cross section of a cellulose acetate membrane of 0.45 mm pore size
after being used for beer CMF experiments. A dense fouling layer is observed on the membrane surface. (From Moraru, C.I., Optimization
and membrane processes with applications in the food industry: Beer microfiltration. PhD thesis, University ‘‘Dunarea de Jos’’ Galati,
Romania, 1999.)
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studies, trace minerals such as Ca2þ and Cu2þ also play an important role in the surface complexation of the key membrane
foulants [32]. The author hypothesized that these ions act as sequestering or chelating agents in the formation of macro-
molecular complexes, which results in stronger fouling and a tighter structure of the fouling layer. This supports the earlier
conclusions of Güell and Davis, who reported that protein fouling of membranes does not depend on the size of individual
proteins, but rather on their ability to form aggregates [33].

The presence of b-glucans, and particularly the deposition of a dense b-glucan gel layer at the membrane surface, is
considered to be another critical factor in fouling during membrane filtration of beer. The mechanisms of b-glucan gel
formation are described in detail by Vaikousia et al. [8]. The b-glucan gel has a thixotropic character [8,34,35], which
means that its viscosity becomes smaller at high shear rates. It is also worth mentioning that beer itself has as a Newtonian
behavior, and therefore its viscosity is not affected by shear. The enzymatic solubilization of b-glucans could potentially
diminish the filtration problems created by the b-glucan gel, but labeling requirements limit this practice in many countries, as
the addition of enzymes needs to be specified on the label, which might have a negative impact on traditionalist consumers.

It is generally agreed that yeast cells do not really play a role in membrane fouling [12,30,32]. Gan proved that increasing
yeast cell concentration had almost no appreciable effect when the fractional mass concentration of large particles increased
from 0.015% to 0.059% [32].

20.2.4 INFLUENCE OF PROCESS PARAMETERS ON MEMBRANE SEPARATION OF BEER

The driving force in CMF is transmembrane pressure (TMP), defined as the pressure differential between the feed side and the
permeate side. Given the fact that CMF is a pressure-driven process, it would be expected that the higher the TMP, the larger
the permeate flux. Yet, the results of beer CMF studies published in literature demonstrate that the TMP–flux relationship is not
necessarily straightforward. Gan reported that changing TMP between 0.3 and 1.15 bar (30–115 kPa) did not produce any
significant effect on the 10 h average flux in the CMF of beer with ceramic membranes (Ceramem Corporation, Waltham,
Massachusetts) of 0.5 mm nominal pore diameter [32]. He did, however, observe the beneficial effect of increased TMP when

(a) (b)

FIGURE 20.5 SEM micrographs of a cellulose acetate membrane of 0.45 mm pore size used in beer CMF experiments. (a) New, clean
membrane surface; (b) membrane surface after beer CMF. (From Moraru, C.I., Optimization and membrane processes with applications in the
food industry: Beer microfiltration. PhD thesis, University ‘‘Dunarea de Jos’’ Galati, Romania, 1999.)
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using a reversed morphology membrane. Details about this technique will be discussed later on in this chapter. On the other
hand Moraru [30], who performed beer CMF experiments using single sheet cellulose acetate membranes with 0.45 mm
nominal pore size, observed that generally higher TMP values resulted in higher values of the initial permeate flux, but lower
values of the flux after 6 h of microfiltration (Figure 20.6). This is explained by the fast build-up of a fouling layer at high TMP
values, which counteracts the faster transport of the filtered beer through the membrane.

These conclusions are similar to those of Gans, who performed beer CMF experiments with a polyethersulphone hollow
fiber membrane of 0.45 mm nominal pore size [12]. He did observe a slight increase of the permeate flux when increasing TMP
up to ~4 bar (400 kPa) (Figure 20.7), but increasing the TMP to 5–6 bar (500–600 kPa) resulted in a negative effect on the
permeate flux (Figure 20.8). The same effect is observed in industrial scale installations.
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FIGURE 20.7 Effect of low TMP values on the permeate flux in beer CMF through a 0.45 mm polysulphonic membrane. (From Gans, U.,
Die wirtschaftliche Crossflow-Mikrofiltration von Bier. Fortschritts-Berichte VDI Reihe 3 Nr. 385. Düsseldorf, Germany: VDI-Verlag, 1995.
With permission.)
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A direct consequence of the effect of TMP in microfiltration is the unequal distribution of the fouling layer along the
membrane. The TMP is the highest next to the feed inlet and decreases toward the end of the flow channel due to the drop in
pressure along the membrane, caused by frictional forces. This happens especially when the process is conducted at high
crossflow velocities, in which cases it is possible to experience TMP values at the module inlet up to 50% higher than the TMP
values at the outlet [36]. The distribution of the fouling layer will closely follow the TMP distribution, with a more pronounced
build-up near the entrance in the flow channel, which promotes unequal separation efficiency and yield. A solution that is
sometimes used to alleviate this problem is the reversal of flow direction at certain time intervals, which allows the leveling of
the fouling layer.

A recent approach to improving the CMF performance involves the concept of uniform transmembrane pressure (UTP).
This is achieved by varying the pressure on the permeate side with a recirculation pump, which maintains the TMP at a constant
value along the membrane. The schematics of the conventional crossflow and the UTP configurations are shown in Figure 20.9
and the TMP profiles for the two operational modes are shown in Figure 20.10. According to Bhave, flux improvements of up
to 500% have been achieved when using UTP systems as compared with the conventional crossflow mode in many practical
applications [36]. The membranes used in UTP systems must be able to structurally withstand significant backpressures on the
permeate side, and therefore this concept cannot be used with all membrane types.

In beer microfiltration, besides the TMP level—which is chosen to achieve the best possible separation yield and
efficiency—there are certain requirements for the value of the absolute pressure. The absolute pressure during this processing
step needs to be higher than the saturation pressure of CO2 at the process temperature, to ensure that CO2 remains solubilized in
beer.

It is generally accepted that crossflow velocity has a positive effect on yield in beer CMF, with higher fluxes being recorded
at higher flow rates across the membrane surface (Figure 20.11).

In practical applications, one has to keep in mind that the permeate flux will be determined by the combination of crossflow
velocity and TMP. As seen in Figure 20.12, the CMF experiments performed by Moraru indicated that the flux enhancement
caused by increasing crossflow velocity was particularly pronounced at low values of the TMP (<1 bar), due to the TMP effects
discussed above [30]. Thomassen and coworkers studied the effect of varying TMP and crossflow velocity on the microfiltra-
tion fouling of a model beer using Carbosep filters of nominal pore size 0.45 mm [37]. Fouling occurred over a range of TMPs
and crossflow velocities at a constant temperature of 208C. The permeate flux decreased with time during the development of
the fouling layer, but once the fouling layer was established, the permeate flux became constant for a given set of experimental
conditions. The steady-state flux increased with increasing TMP and with increasing crossflow velocity. For a given crossflow
velocity, an increase in TMP resulted in an increase in the fouling layer thickness and density due to higher permeate fluxes. For
a given TMP, an increase in crossflow velocity led to increased transmission, due to the inhibition of fouling layer development
through the larger wall shear stress and thinner laminar sub-layer. Overall, it is therefore safe to say that moderate TMPs and
high flow rates at the membrane surface are conducive of high permeate fluxes in the microfiltration of beer.
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The positive effect of velocity on the permeate flux is a result of enhanced hydrodynamic effects at the membrane surface,
since high velocities lead to high shear and turbulent flow, which results in the formation of vortices and eddies that minimize
the concentration polarization effects and the development of a fouling layer. The bigger the thickness of this layer, the higher
its flow resistance and the smaller the permeate flux through the membrane becomes. Under turbulent flow conditions, shear
effects induce hydrodynamic diffusion of the particles from the boundary layer back into the bulk, with a positive effect on the
permeate flux.

Besides the velocity in the flow channel, the level of turbulence also depends on channel diameter, viscosity, and density
of the retentate. The flow hydrodynamics can be characterized by calculating the Reynolds (Re) number in the retentate stream.
Re> 4000 indicates turbulent flow, while Re< 2000 indicates laminar flow. Gan reported that at Re< 2500 the change of
crossflow velocity had little, albeit positive, effect on the overall flux performance. It is important to note that Gan’s conclusions
are based on only three flow regimes, covering a relatively narrow range of hydrodynamic conditions [32]. A stronger
correlation between the permeate flux and Re was reported both by Moraru [30] and Gans [12], who performed experiments
in a much wider range of Re values. Figure 20.13 shows an overall positive effect of enhanced flow hydrodynamic conditions
on the average permeate flux in beer CMF, although in the turbulent regime (Re> 4,000) a weaker correlation and more data
scattering were observed. In Figure 20.14, the clear correlation between the 6 h flux and Re in the laminar and transient regime
can be observed.
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The relationship between permeate flux and the flow characteristics in microfiltration processes is often described using the
film model, which is based on the concentration polarization concept [38]:

J ¼ k � ln Cm

Cs
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FIGURE 20.13 The interdependence between average flux and hydrodynamic conditions in a wide range of Re numbers for beer CMF
performed at 08C and TMP¼ 1 bar. (From Moraru, C.I., Optimization and membrane processes with applications in the food industry: Beer
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where
J is the permeate flux (m=s)
k is the mass transfer coefficient (m=s)
Cm is the concentration of the separated species at the membrane level (g=L)
Cs is the concentration of the separated species in the feed (g=L)

The mass transfer coefficient k in Equation [1] can be estimated using the following correlation [38]:

Sh ¼ c � Ren � Scm (20:2)

where
Sh ¼ k dh

D is the Sherwood number
Sc ¼ n

D is the Schmidt number
Re ¼ w � dh

n is the Reynolds number
w is the velocity in the flow channel (m=s)
D is the diffusion coefficient (m2=s)
dh is the hydraulic diameter of the flow channel (m)
n is the kinematic viscosity of the product in the boundary layer (m2=s)
c, m, n are the numerical coefficients

This leads to the fact that the mass transfer coefficient, and thus the permeate flux, is related to velocity according to the
relationship:

k � wn (20:3)

According to Blatt et al. [39], the value of n can vary from 0.3 to 0.8 in laminar flow and from 0.8 to 1.3 in turbulent flow, with
the lower limit of the range applying to low-particle concentration of the feed, and the upper limit applying to high-particle
concentration of the feed. This behavior has been explained by the so-called tubular pinch effect, which enhances the
movement of particles away from the boundary layer as turbulence increases, thus reducing the concentration polarization
effect [36]. Moraru reported that in CMF of beer k ~ w0.8 for the laminar flow regime, but the dependence of the mass transfer
coefficient on crossflow velocity was much weaker in the turbulent range, with k ~ w0.33 [30].

While higher process temperatures do have a positive effect on permeate flux in membrane separation (Figure 20.15), due
to lower product viscosity and enhanced hydrodynamics at the membrane surface, in beer microfiltration the value of this
parameter is dictated by the technological requirement that beer be filtered cold, typically at temperatures between �1.58C
andþ28C.
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20.3 SOLUTIONS FOR INCREASING THE PERMEATE FLUX IN MEMBRANE SEPARATION OF BEER

20.3.1 BACKWASHING AND BACKFLUSHING

Prevention or minimization of fouling and concentration polarization represents one of the main challenges that confronts
membrane processing in general and membrane filtration of beer in particular. Various approaches have been developed to
control membrane fouling and increase the permeate flux in CMF, including membrane selection and modification, boundary
layer control, use of turbulence inducers, or pretreatment of the feed. The two main strategies that are currently used in beer
CMF are proper membrane selection and boundary layer control.

Membrane fouling is primarily a result of membrane–solute interaction that is generally irreversible and requires chemical
cleaning to restore the original separation properties of the membrane. Fouling effects can be accentuated or minimized by
proper selection of membrane material properties such as hydrophobicity=hydrophilicity or surface charge, as well as
membrane pore size. A discussion on the membranes that are typically used in beer processing was included in Section
20.2.2 of this chapter.

Concentration polarization and membrane fouling are the main factors that limit the commercial application of membrane
filtration of beer. Small permeate fluxes increase the capital costs, because larger membrane surface area is necessary to
achieve the desired production capacity, and may also result in poor product quality due to the undesirable retention by
the membrane of some compounds that are critical for beer quality. The boundary layer can be controlled by backwashing
or backpulsing, which consists of applying a negative pressure to the membrane by pushing a certain volume of permeate
back through the membrane, with the purpose of reopening the clogged pores and membrane surface. The main difference
between these two techniques is the speed and force utilized to dislodge accumulated matter on the membrane surface.
In backpulsing, a high permeate backpressure (up to 10 bar) is applied periodically, typically in a fraction of a second, while
backwashing uses permeate backpressure values of up to 3 bar for a few seconds. Backwashing is commonly used
with polymeric membranes, due to their lower pressure limitation, while backpulsing is mostly used with inorganic
membranes [36].

When using these techniques, it is recommended to start the backpulsing=backwashing procedures simultaneously with the
filtration process, as they are no longer effective after the boundary layer is fully formed. For maximum economical benefits, it
is recommended that backpulsing or backwashing is applied for the shortest duration possible. Since a certain amount of
permeate is used by the backpulsing=backwashing programs, minimizing the duration of backpulsing=backwashing minimizes
the permeate volume used in this process, thus minimizing the loss of productivity. The permeate volume typically used in such
applications is about 1%–3% of the total permeate [36].

Gan reported the development of flux-enhancement techniques by taking into consideration the specific nature of fouling
and the synergistic relationship between fouling and flux reduction that occur in beer CMF [32]. He tested a range of
techniques, such as (i) enhancing surface hydrodynamics and producing secondary flow vortices through two-way reversing
flow pulsation; (ii) superimposition of a helical-flow pattern to the bulk feed flow by installing helically wound baffle inserts
within the flow channel; and (iii) an automated multistage backflush facility that generates backpulses of controllable frequency
and strength. The author highlighted the predominant in-pore fouling formation in beer CMF and the ineffectiveness of
hydrodynamic techniques in tackling this type of fouling. Application of the two-way reversing flow pulsation had little effect
except when used in combination with a superimposed helical flow pattern. Backflushing was identified as a more effective
technique in reducing the fouling caused by pore-entrance blockage and in-depth particle plugging. Among the multiple
backflushing variables, frequency and strength of the backpulse were found to be the two most influential factors in determining
the overall effectiveness of the backflush program. The author achieved an even greater flux improvement when applying high-
frequency backflushing at reversed membrane morphology, which was achieved by changing port configuration so that
the process fluid was fed to the substructure side of the membrane. When coupling backflushing and reversed membrane
configuration, a flux increase of more than 870% as compared to the normal CMF was obtained. The author attributed the
higher and steadier flux to the progressive interception and holding of particles inside the membrane’s open matrix and support
sublayer. This particle-holding mechanism was presumably able to prevent particles from directly approaching and blocking
membrane pores, thus protecting the pores downstream.

Gans [12] combined the backwashing technique with chemical cleaning in beer CMF experiments performed
with polymeric membranes. Such a program involved alternating 60 min filtration cycles with 15 min backflushing cycles
(Figure 20.16). The backwashing cycle consisted of a caustic soda (0.05 mol=L) backwash, neutralization with hydrochloric
acid, and then rinsing with water. This program was extremely efficient, with the average flux stabilizing at around 80 L=(m2 h)
after 4 h of filtration, which is more than 4 times the permeate flux obtained in the absence of the backwashing program (Figure
20.17). Such a procedure requires extreme caution to avoid the risk of mixing the chemical washing stream with the product
stream, and requires special process control measures, preferably automation.

Blanpain-Avet and coworkers [40] reported that the use of oscillatory flow was also capable of permeate flux enhancements
in CMF of beer due to disturbing concentration polarization and cake layer formation.
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When such programs become relatively ineffective in preventing the abrupt flux decline, this indicates that irreversible
fouling of the membrane has taken place, and this can only be corrected by chemical and thermal cleaning.

20.3.2 CHEMICAL CLEANING

The regeneration of membrane properties is key to maintaining its selectivity and yield. Without a safe, practical, reproducible,
cost–effective, and efficient cleaning procedure, the viability of crossflow filtration is highly questionable [36]. The use of the
mechanical means discussed above can help extend the membrane performance over a limited period of time, but the complete
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FIGURE 20.16 Flux recovery using a caustic backwash program in beer CMF experiments performed with a polyethersulphone membrane
of 0.45 mm pore size. Backfl.¼CMF using the backwash program; Comp.¼ comparison experiment without backwashing. (From Gans, U.,
Die wirtschaftliche Crossflow-Mikrofiltration von Bier. Fortschritts-Berichte VDI Reihe 3 Nr. 385. Düsseldorf, Germany: VDI-Verlag, 1995.
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FIGURE 20.17 Effect of the caustic backwash program on the average flux in beer CMF experiments performed with a polyethersulphone
membrane of 0.45 mm pore size. Backfl.¼CMF using the backwash program; Comp.¼ comparison experiment without backwashing. (From
Gans, U., Die wirtschaftliche Crossflow-Mikrofiltration von Bier. Fortschritts-Berichte VDI Reihe 3 Nr. 385. Düsseldorf, Germany: VDI-
Verlag, 1995. With permission.)

Pabby et al./Handbook of Membrane Separations 9549_C020 Final Proof page 567 13.5.2008 1:26pm Compositor Name: BMani

Applications of Membrane Separation in the Brewing Industry 567



removal of membrane foulants requires the use of chemical cleaning. A flush of warm water or ambient caustic is sometimes
performed during the production in the form of an intermediate short-CIP, similar to the procedure designed by Gans [12]
and described in Section 20.3.1. The purpose of such a program is not cleaning of the membrane but a mere loosening of the
linkages between the gel-like fouling layer and the membrane structure, followed by subsequent flushing and removal with
ambient water flush. With this short-CIP most of the membrane characteristics may be regenerated. Even with such programs
in place, all membrane-based filtration processes require periodic cleaning that must remove both external and internal
deposits.

Gan and coworkers [41] suggest that the most effective cleaning programs for membranes used in beer separations are
those that combine the effect of temperature, oxidative agents, and caustic soda. Oxidation proved effective in removing the
residual fouling due to the cleavage of covalent and hydrogen bonds by the oxidative attack. The a-1,4 bonds in
polysaccharides and peptide bonds in proteins are also susceptible to oxidative cleavage, and these compounds are degraded
down to small molecules such as oxidized di- or monosaccharides, peptide segments, or amino acids. This breaks up the
foulants from the membrane surface and opens up the deposit for further attack by the caustic. Such a combination of caustic
cleaning and oxidation, when applied at a temperature of 808C, was able to recover 87% of the original water flux within
8 min [41].

The development of an effective cleaning process has to take into account the nature of the foulants, the thermal and
chemical resistance of the membrane material, membrane housing and seals. Typically, membrane manufacturers make specific
recommendations regarding the cleaning agents and cleaning procedures that need to be used for different membranes and
applications.

Membrane cleaners specifically formulated to remove the organic and inorganic foulants found in food and beverage
applications, including beer, include a variety of acid, alkaline, surfactant blend, oxidizer, enzyme, and solvent-based
membrane cleaners. Inorganic foulants such as precipitated salts of Ca and Mg can be removed with acidic cleaners, while
protein and other biological residues can be removed with alkaline cleaners, with or without bleaching agents or enzyme
cleaners. Many acidic and alkaline cleaners also contain small quantities of detergents, which act as complexing or wetting
agents to solubilize or remove insoluble particles and colloidal matter. Oxidizing agents such as peroxide or ozone are also
sometimes used to remove hardy foulants such as polysaccharides.

For many polymeric MF membranes, material considerations limit the use of high cleaning temperatures and strongly
acidic, alkaline, or oxidizing solutions. With time and repeated cleaning, polymeric membranes undergo progressive degrad-
ation, which limits their service life to 2–4 years, depending on the polymer. On the other hand, inorganic membranes can be
cleaned at high temperatures in strongly alkaline, acidic and oxidizing solutions, and can have a useful service life of 10 years
or longer [36].

The useful life of membranes can be significantly extended using suitable cleaning, operating, and maintenance procedures,
which will have a major economical impact for the processing plant. Recent developments in improved cleaning of the
membrane surface resulted in an increase of the economic efficiency of the membrane separation of beer. The CMF equipment
seen in the first industrial installations has been transformed into an integrated combination of filtration and cleaning
installations. In some fully automated plants membranes can be switched from production mode to cleaning mode in very
short time intervals.

20.4 USE OF MEMBRANE SYSTEMS IN BEER PROCESSING

20.4.1 BEER FILTRATION

After the fermentation and aging steps the beer is cloudy, despite the fact that after aging the beer is separated from most of the
sedimented yeast and tank bottoms. This cloudiness results from the remaining yeast cells—yeast concentrations of approxi-
mately 200,000 cells=mL are common for beer after separation from the tank bottoms—and from the haze-forming components
of beer.

The size of the haze-forming matter starts at the size of large clusters that are directly visible as particles suspended in the
liquid or at the bottom of the bottle, and ends with colloidal haze particles that are not visible as sole particles but at higher
concentrations scatter the light and give the beverage a turbid appearance. A certain fraction of the colloidal haze is temperature
dependent, meaning that it is fully dissolved in beer at temperatures above þ108C but becomes visible at lower temperatures.
To give beer the desired clear appearance, as well as longer stability, a filtration step is typically required. Since the formation of
chill haze is temperature dependent, beer filtration is normally performed at low temperatures so that chill haze can be filtered
out as large aggregate particles.

The removal of yeast cells and haze-forming colloids without unnecessarily removing other components of beer, especially
some of the dissolved proteins, is the task and challenge of the beer filtration step. The efficiency of the main filtration of beer is
measured by its removal of the yeast cells and by the remaining turbidity of the filtered beer. A common standard is that
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the concentration of yeast cells in the filtered beer should be reduced to<5 yeast cells=100 mL of filtered beer.* The turbidity of
the filtered beer should be less than 1–2 NTU (nephelometric turbidity unit)y, depending on the specific beer recipe.

20.4.1.1 Traditional Methods for Beer Filtration

The industry standard method for beer filtration is using diatomaceous earth (DE)z, a sand-like powder with a very high internal
surface area and a fine porous structure, as a filter aid in depth- and cake-type filtration. Conventional beer clarification employs
filter presses or pressure vessel filters that are pre-coated with porous diatomaceous earth particles as filter aids. In order to
minimize clogging of the filtration media and maintain a porous cake, and thus extend the duration of the filtration runs, filter
aid is continuously metered into the unfiltered beer as body feed [42].

Nowadays an estimated 95% of the annual volume of beer is clarified using this filter aid. The use of DE in the beer industry
has several disadvantages. First of all, this difficult to handle dry powder contains crystalline silica dioxide, a potential health
hazard for those who handle it, and therefore it is necessary to prevent its inhalation.§ Further, the wet filter aid known as DE
slurry needs to be disposed after use. In most countries, including the United States, this slurry is simply disposed as landfill.
There are, however, some facilities where a thermal recovery of the diatomaceous earth is used to decompose its organic
content, and the processed diatomaceous earth can then be reused for filtration purposes. Such a processing facility is Tremonis
GmbH in Dortmund, Germany. It is expected that the cost of using filter aids will increase in the future due to more stringent
requirements for the disposal of the diatomaceous earth slurry that contains entrapped organic matter.

Sometimes, additional haze removal techniques are used in conjunction with diatomaceous earth filtration to ensure the
long-term stability of beer. Based on the knowledge of what causes haze formation, two basic approaches to stabilize beer have
been developed: reducing the concentration of haze-active proteins, or reducing haze-active polyphenols, or both. The most
common stabilizer used for removing proteins during filtration is amorphous silica gel, while polyvinylpolypyrrolidone (PVPP)
is typically used for removing polyphenols. Since beer has a significant excess of haze-active proteins over haze-active
polyphenols, reducing the polyphenol content by adsorption using PVPP is considered an efficient way to haze stabilize
beer [43].

The authors of this chapter are unaware of any existing filtration equipment that uses filter aid and is able to completely
prevent the bleed of filter-aid particles into the filtered beer in a single filtration step. A small amount of the filter aid dosed into
the liquid upstream will always be found in the filtered liquid downstream of the filtration equipment, as clearly shown in a
recent paper by Hartmann and coworkers [44]. This bleed is technically inevitable, and a second filtration step is applied
normally to remove the filter-aid particles from the filtered beverage.

20.4.1.2 Use of Membrane Separation

Crossflow microfiltration membrane technology represents the best alternative to DE filtration available to date. Among
the advantages of CMF as compared to DE filtration one could mention: use of materials (the membrane) that are inert
to the product, easy to operate and environmental friendly, regeneration of the filtration media as well as the potential for high
final product quality. As compared to DE filtration, membrane filtration does not use any filter aid and, therefore, there are
no particles added in the process, rendering the filtered liquid free of foreign particles. Another advantage is that the CMF
equipment occupies a much smaller volume than a traditional DE filter. At the intial stage of the process both types of filters are
filled with water. The smaller equipment produces a smaller volume of water–beer mix at the outlet. This volume of water–beer
mix (called pre- and last-running) is difficult to reuse economically, and therefore the smaller volume produced by a crossflow
membrane filtration plant requires less cost to reprocess and reuse.

On the other hand, there are also several challenges associated with the use of CMF for beer clarification: slight variability
of permeate quality (either higher turbidity, or protein and aroma retention) between different types of beer filtered with the
same equipment and parameters, variability in fluxes due to varying ingredient concentrations in different batches or in different
beer brands, and the need for intensive cleaning due to membrane fouling.

Beer clarification by microfiltration requires a fine balance between the retention of large particles and the transmission of
soluble macromolecules such as carbohydrates, proteins, as well as flavor and color compounds, which contribute to beer
quality. Proteins and carbohydrates are known membrane foulants, but they are also essential for beer quality. Sufficient

* 100 mL equals 0.026 US gal or approximately 3=128 US gal.
y In Europe, the use of European brewing convention (EBC) units is more common. 1 NTU¼ 0.25 EBC.
z Diatomaceous earth is known as kieselguhr, diatomite, or filtration sand. Diatomaceous earth is a nonmetallic mineral composed of the skeletal remains of
microscopic single-celled aquatic plants called diatoms. These microorganisms have the unique ability to absorb water-soluble silica present in water and
thereby form a skeletal framework of amorphous silica.

§ IARC monographs on the evaluation of carcinogenic risks to humans. Volume 68 (1997, IARC Press CH-Geneva): Silica, some silicates, coal dust, and para-
aramid fibrils. ISBN 92–832–1268–1. The IARC working group decided to classify crystalline silica to class 1 (human carcinogen). This classification has
been given only to treated or calcinated diatomaceous earth, which may contain higher levels of crystalline silica. Natural diatomaceous earth, which might
contain none or low levels of crystalline silica, has not been considered as a carcinogen to humans (group 3).
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transmission of these molecules through the membrane is critical for obtaining a satisfactory quality of the filtered beer.
Therefore, the membranes used for the removal of haze, yeast, and bacteria cells from beer require special physical properties to
ensure that the separation process is highly selective, and only the desired components in the rough beer pass through the
membrane.

One of the main challenges when using membrane filtration at a commercial scale is its limited flexibility, which means the
inability of changing the setup or operating conditions according to the properties of the products to be filtered. It is known that
the flow of the filtered beer through the membrane (the permeate flux) is influenced by the following main factors:

1. Applied Transmembrane Pressure and Velocity along the Membrane Surface: These process parameters may be
varied extensively at the laboratory scale to achieve the optimal combination of process parameters for a given beer or
application. Variations in industrial installations are normally possible, but limited due to given sizes of the connecting
piping, pump capacity etc., which might not allow the process to be conducted under desired process conditions for
each individual application.

2. Interaction between the Product to be Filtered and the Membrane: The product–membrane interaction plays a
dominant role in the membrane filtration of beer. The contribution of the membrane to this interaction is defined by
the membrane material, surface structure (i.e., pore size), and the three-dimensional structure of the membrane. Beer is
the other major element in this interaction. Since beer is a product made from natural ingredients, its properties can
vary significantly, even for the same type of beer. Variations between different types or brands of beer are even larger.
Yet, it is expected that the characteristics of the final filtered beer are always the same. When filtration applications are
designed, the membrane type and installation are chosen based on given average properties of the beer to be filtered.
For economic reasons the membrane elements are only replaced if they are damaged, and cannot be changed according
to the varying properties of the rough beer. This might lead to variations in the filtered product throughput and quality,
which is obviously undesirable.

The use of membranes for beer filtration was identified as a possible choice some years ago, but the costs have until now
been higher than the competitive method of using a filter aid. Intensive research and development efforts have been employed
to turn this method from laboratory into industrial scale. Some of the first examples of industrial applications have been
recently reviewed by Noordman [45]. These applications have been installed in the Heineken brewery, in Zouterwoude,
The Netherlands. Such installations were characterized by a high degree of developmental effort per installation in the
brewery. Still, this technique is just becoming available in a repetitive industrial scale. The major membrane manufacturers
have reacted to the increasing interest of the brewing sector in membrane technology, and as a result several membrane
filtration systems are now commercially available for beer main filtration applications. In the most recent exhibition of
brewery equipment held in Munich, Germany (Drinktec 2005) three manufacturers displayed membrane filtration equipment
to be used for the main filtration step in breweries: Norit (formerly known as X-Flow, The Netherlands), Pall=GEA, and Alfa
Laval=Sartorius.

The crossflow filtration system distributed by Alfa Laval=Sartorius (Figure 20.18) employs a polyethersulphone membrane
with an asymmetric pore pattern developed specifically for beer filtration. This system is built on a modular basis, using plate
and frame cassettes (Sartocon CFB filtration cassettes) of 0.7 m2 of filtration area each. Due to its modular design, the system
can be sized by combining multiple cassettes into filtration stages to provide the desired filtration area. The systems that are
currently being commercialized are capable of handling throughputs of up to 500 hL=h (Source: www.alfalaval.com).

To establish a continuous, around the clock operation, an integrated approach to maintain the membrane characteristics
using intermediate CIP intervals is applied. The technique consists of reversing the flow and varying the TMP until reaching the
point where the membrane surface in one of the filtration stages needs to be cleaned. A possible diagram for this is shown in
Figure 20.19. The intermediate CIP can be performed using a cold water rinse, a warm water rinse, or a short-term ambient
caustic contact. This intermediate CIP is applied only to one filtration stage of the equipment and consists of displacing the
nonfiltered and the filtered product from this stage using carbon dioxide gas or water, then applying the CIP solution (warm
water or ambient caustic) to the membranes. After a defined contact time with the membrane, the CIP solution is drained and
after intensive rinsing the stage is filled again with product and its status changes to stand-by.* To perform these steps in the
correct and timely manner, automation is required.

20.4.2 FINAL FILTRATION OF BEER

Besides colloidal stability, it is also necessary to ensure the microbiological stability of the bottled product. Even if the primary
filtration has been done with utmost care, an additional processing step might be necessary to achieve microbiological safety of

* The described processes may be in part or entirely subject to existing patents held by the equipment manufacturer.
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beer. As illustrated in the overview diagram (Figure 20.2), there are two different techniques that can be used to ensure the
microbiological stability of beer: thermal pasteurization or final filtration.

The microorganisms of concern in beer (all of them spoilage microorganisms, as there are no known pathogens in beer) can
be inactivated by pasteurization. Two types of pasteurization techniques are typically used by breweries: (i) flash pasteurization,
in which bulk beer is continuously pasteurized in a plate heat-exchanger before bottling and (ii) tunnel pasteurization, used for
the in-pack treatment of bottles and cans. In flash pasteurization, beer is heated to 718C–748C (1608F–1658F) for 15–30 s, while
tunnel pasteurization consists typically in applying temperatures of about 608C (1408F) for a given time interval—typically
10 min. Sometimes, even if short holding times are used, the flavor of the final product is considered to be altered, and beer
loses its freshness.

Final filtration has been used as an alternative to pasteurization for many years. It must be noted that sometimes the term
‘‘sterile filtration’’ is used instead of ‘‘final filtration,’’ but this is a misnomer because this processing step achieves only the

FIGURE 20.18 Membrane filtration equipment for beer filtration. (Courtesy of Sartorius GmbH, Göttingen, Germany. With permission.)

Supply unit

Filtration unit 1

Stage 1

60 hL/h 60 hL/h 60 hL/h 60 hL/h 60 hL/h Standby Filtration
300 hL / h
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Filtration unit 2 Filtration unit 3
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300 hL / h

FIGURE 20.19 A simplified layout=operation scheme of beer filtration equipment using six stages. Stage 6 is in standby mode. As soon
as one of the first 5 stages reaches the condition for cleaning, it is switched into cleaning=regeneration mode and stage 6 is switched into
filtration mode.
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reduction of yeasts and bacteria to levels that do not result in spoilage of the beer during its shelf life, not microbiological
sterility. As compared to pasteurization, final filtration has the advantage of eliminating the possible flavor changes caused by
the heat treatment. The beers obtained using this technology are marketed and sold as cold filtered or non-pasteurized.

The final filtration step is not meant to remove significant amounts of particles or to reduce turbidity. For economic reasons,
there should not be many particles left from the first filtration step when entering into the second (final) filtration step. Only if
this condition is maintained the costs for the secondary filtration can be kept low. Also, the filtration should only remove
microorganisms, and not retain other useful components of beer, i.e., those proteins that have a role in foam formation and
stability. On the other hand, bacteria, which should be separated from beer during final filtration, typically have sizes down to
0.5 mm. This small difference in size between the desirable ingredients and those particles that should be removed, such as
bacteria, shows that the selection of the filtration technique and media needs to be done very carefully.

The typical pore size for the membranes used in final filtration of beer is 0.45 mm. The membrane filter systems are installed
in the beer processing line between the bright beer tank and the filling machine.

Since final filtration is used to physically remove as many contaminating microorganisms as possible from beer, the
membranes have to be checked to be free of defects before and after the filtration process. It should be noted that the integrity of
the large surface area of membranes applied in beer filtration applications cannot be tested directly using the bubble-point
method, since it is difficult to differentiate between the first bubble of gas passing through the biggest pore in a huge surface
area and the diffusion of the same gas through the wet membrane. To monitor the integrity of a large membrane surface, it is
either necessary to use special equipment (i.e., particle counters), or to divide the available membrane area into smaller units
and test them separately.

To check the ability of various membranes to remove bacteria, they need to be tested in the laboratory. Normally, a sample
of the membrane is used to filter a suspension of bacteria of known concentration. Serratia marcescens is used as challenge
bacteria for such tests. The results of laboratory bacteria challenge tests are commonly reported in the membrane specification
sheets. Such tests includes detecting the bacteria that pass through the membrane and determining the ratio of cell concentration
found on the feed side vs. the concentration on the permeate side of the membrane. This ratio should be high, indicating a high
microbial retention. Some membrane manufacturers guarantee a removal rate for bacteria. Typically, the membranes used for
beer applications can achieve a reduction greater than 6 log cycles (106 CFU*) for S. marcescens.

Back [46] describes a method to check the microbial reduction capability of an installed filtration line. This method
employs the use of five different types of microorganisms, which are suspended in water, and consists of inoculating a
suspension of about 1012 microorganisms the non-filtered beverage with a batch size of 100–500 hL. The ratio of the
microbiological count found between the inlet to the first main filtration equipment and the outlet of the final filtration
equipment should be higher than 107, typically higher than 108.

The most common practical method to check the efficiency of filtration or to detect the damage of a membrane filter
consists, however, of monitoring the turbidity of the filtered beer using an in-line haze-meter.

20.4.2.1 Traditional Methods for Final Filtration

Two filtration methods can be used for the final filtration of bright beer: depth filtration, which uses filter sheets or pads, and
membrane filtration.

Sheet filter media for depth filtration are typically made from cellulose fibers and diatomaceous earths compressed into a
thin mat. These sheets are typically mounted in plate and frame filters. There are also some special filters available that consist
of filter sheet discs stacked and sealed in modules, which fit in closed filter vessels. The filter sheets can be regenerated several
times until they need to be (manually) replaced.

20.4.2.2 Use of Membranes for Final Filtration

The membrane filtration system uses a large number of filter elements that may look like filter cartridges or stacked flat
membranes. The filter elements are organized in groups or clusters. Filter clusters are able to handle a significant product flow
and can be installed directly upstream of the filling line without any requirement for a buffer plant. Cleaning, sterilization, and
integrity testing are done cluster by cluster. A significant advantage of the clustered systems is that the integrity of each cluster
is tested separately, which makes it possible to isolate and exclude any ‘‘bad’’ cluster before processing. Figure 20.20 illustrates
a final filtration system manufactured by Pall Corporation. Several clusters are installed in one filter vessel using a common
product inlet, but each cluster is equipped with its own outlet valve. A membrane cleaning unit (CIP), as well as the integrity
testing unit, is connected to the fully automated filtration system. Other systems that can be used for the same purpose are
available from Alfa Laval=Sartorius (Göttingen, Germany).

* CFU¼ colony forming units
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The brewers have the choice to ensure the quality of the finished product using different techniques (e.g., final filtration and
pasteurization as mentioned in Figure 20.2). Their choice is mostly driven by economical and marketing considerations. There
are breweries, both small and large, known for successfully producing and marketing ‘‘cold-filtered’’ beer in different parts of
the world for many years.

20.4.3 RECOVERY OF SPENT BEER FROM YEAST AND TANK BOTTOMS

The fermentation of beer is done using different strains of the yeast Saccharomyces cerevisiae. At the end of fermentation of
lager type beers, the yeast cells sediment at the bottom of the fermentation tanks. At the bottom of the tank the yeast cells are
highly concentrated, still suspended in a small amount of beer. This yeast is normally removed from the tanks and sold to
other biotechnological industries. For economical reasons, it is necessary to recover as much beer as possible from the tank
bottoms, since otherwise a significant amount of beer would be lost with the yeast slurry. The next processing step, aging, is
carried out at very low temperatures, typically below 08C (328F). During aging, even more yeast settles at the bottom of the
tank. The yeast layer formed during aging is smaller than the yeast layer settled after fermentation and this yeast is considered to
be less valuable, because the cells are weak after the long and cold treatment.

The volume of yeast slurry harvested from the tanks after fermentation and after aging is estimated to be ~2.5% of the
fermented product volume.

20.4.3.1 Traditional Techniques Used for Tank Bottoms Recovery

The most common method to recover the spent beer from the yeast slurry is centrifugation. In this process, beer is separated
from the yeast using a centrifuge, based on the difference in specific gravity between beer and yeast. The dry matter content of
the centrifugally separated yeast is usually ~22%–25%. An alternative method to recover the beer used by some breweries
consists of mechanically pressing the yeast between sheets of cloth.

20.4.3.2 Use of Membrane Separation

The membrane filtration systems are typically completely closed, preventing excessive contact of beer with air or oxygen. Thus,
the filtered product is recovered at high quality, which allows it to be used directly in subsequent process steps or in the aging
process. In certain instances, a slight change in the quality of the beer recovered from tank bottoms is observed. For example,
Eagles and Wakeman [27] reported an increase in the concentration of some yeast metabolic products (ethyl acetate, butyl
alcohol, and amyl alcohol) in the permeate obtained by the microfiltration of beer tank bottoms through a 0.45 mm alumina
membrane. Such increases were attributed to the leaching of material from the yeast cells and to the secondary fermentation that
took place during filtration. Practical experience shows that processing of the tank bottoms should be done as early as possible
to minimize the deteriorating effect of storing the harvested yeast slurry over a long period of time.

The typical membranes used for tank bottoms recovery are tubular ceramic membranes. These membranes are available
from different equipment suppliers, particularly since they have proven their rigidity against temperature variations, pressure,

FIGURE 20.20 Typical filter element showing the membrane in the middle of two supporting layers. Seven of these filter elements are
arranged into a cluster. Several of these clusters are incorporated into one pressure vessel. The pressure vessel is equipped to connect or
disconnect each of these clusters individually to the filtration outlet. (Courtesy of Pall Corporation. With permission.)
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and abrasion. Compared to the main beer filtration step, the membranes used for filtration of tank bottoms have larger pore sizes
(~0.8 mm) and the flow channels have larger diameters.

One important challenge that needs to be taken into account during recovery of beer from tank bottoms is that centrifugal
pumps are used, and these pumps can only handle fluids up to a certain viscosity. Additionally, the rheological behavior of the
yeast slurry varies with its concentration. The more concentrated in yeast the slurry becomes, its viscosity departs from a
Newtonian behavior and gains a shear thinning behavior, which means that its apparent viscosity decreases significantly when
the slurry is subjected to higher shear rates (i.e., at high velocities). This effect keeps the concentrated yeast slurry pumpable as
long as the pumps keep running. If the pumps stop, for example, due to a power failure, the viscosity of the yeast slurry
becomes extremely high and the slurry in the pipe system becomes solid-like. This behavior needs to be taken into
consideration, as plants need to have in-place solutions for removing the yeast slurry from the membrane system even after
a power failure.

The viscosity of the yeast slurry must be sufficiently low to allow pumping through the recovery membrane equipment,
particularly through the narrow membrane channels. At around 30% dry matter the yeast slurry has a consistency comparable to
that of the wet sand used to build sand-castles at the beach. In most cases, 18%–20% dry matter is the limit for yeast processing
using membranes. In order to increase the recovery yield, the cells can be washed using diafiltration, which consists of
replacing the beer suspending the yeast cells with water. Another way to do this is to add water to the concentrated yeast slurry
and then filter it again. Figure 20.21 shows the yield of recovered beer as a function of the tank bottom concentration. The
diafiltration step enhances the amount of product recovered significantly, but the recovered product is diluted with water. This
dilution of the recovered product limits the amount of water to be used during diafiltration.

20.4.3.3 Costs of Tank Bottoms Recovery Using Membrane Separation

The main cost factors are represented by equipment depreciation, membrane replacement, and electric power consumption. The
other costs (man power and water consumption) are of minor influence. Membrane filtration plants equipped with a low level
of automation require only a few hours of attention and direct surveillance by the operator per day. Direct surveillance of
membrane filtration equipment is necessary at times when batches need to be changed or during membrane cleaning. The
electric power consumption is associated with the use of pumps to move the viscous yeast slurry over the membrane surface,
and its estimation is relatively straight forward.
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FIGURE 20.21 Theoretically possible yield as a function of the concentration of the yeast slurry entering and exiting the tank bottoms
recovery system, without diafiltration.
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The replacement of membranes needs to be done at certain time intervals and membranes are costly. To the knowledge of
the authors the ceramic membranes used in one of the oldest tank bottom recovery systems are running for some 10 years now.
Sometimes, a membrane replacement in a 5 year time interval is assumed. This long time, which is equivalent to the long-term
planning horizon of some companies, and the relatively high membrane prices, makes it difficult to accurately estimate the
contribution of this cost factor properly.

20.4.3.4 Examples of Commercial Installations

The general diagram for a tank bottom recovery system that includes a crossflow filtration unit is presented in Figure 20.22.
The CMF setup shown in Figure 20.23 is manufactured by Filtrox AG, St. Gallen, Switzerland, and is equipped with
10 vertically mounted membrane units, comprising of ceramic membranes with 90.8 m2 surface area each. This equipment
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FIGURE 20.22 Process flow diagram of membrane filter plant for tank bottoms or yeast.

FIGURE 20.23 Installation of crossflow membrane filtration for filtration of yeast and tank bottoms in a German brewery. (Courtesy of
König-Brauerei GmbH, Duisburg, Germany and Filtrox AG, St. Gallen, Switzerland. With permission.)
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is dimensioned for processing 2500 hL yeast slurry per week. When the yeast slurry concentration reaches a final value of
18%–20% dry matter, water is added to increase the total amount of beer recovered (diafiltration). The equipment shown in
Figure 20.23 was installed in October 2002 and is running since. A small CIP unit is included in the background for cleaning
the membranes.

Another example of CMF equipment used for tank bottom recovery is the Keraflux beer recovery system produced by Pall
Corporation. Keraflux systems are available both as a batch version and as a continuous version, the latter being used for larger
processing capacities. Other types of membrane systems have also been used for this purpose [47] but the tubular ceramic
membrane systems are the current state of the art.

20.4.4 ALCOHOL REMOVAL FROM FERMENTED BEER

Alcohol-reduced beer can be obtained using two different processes. On one hand, it is possible to produce beer with a low
ethanol concentration (<0.5% v=v) by stopping the fermentation very early, i.e., by keeping the contact time between the wort
and the yeast short and the temperatures low, both during fermentation and aging. This can be achieved in a batch process using
regular brewing equipment. Some breweries produce alcohol-reduced beer by running a continuous flow of wort through
immobilized yeast cells [48].

On the other hand, the ethanol can be removed from the beer after the regular sequence of fermentation, aging, and main
filtration steps has been completed. Ethanol removal from fermented beer can be done either by direct heating and ethanol
evaporation, or by membrane separation. The use of membranes is meant to avoid the heat treatment of beer, to ensure the
desired sensory quality of the final product.

The membrane process used for alcohol removal from beer is dialysis. In dialysis, the driving force for the transport of
chemical components through the membrane is the difference in concentration of those components between the two sides of
the membrane, unlike the microfiltration processes involved in the applications described so far, which are pressure-driven
processes. Dialysis membranes are very tight and allow some of the dissolved ingredients (such as ethanol) and water to pass
through, but do not allow the transport of larger molecules. The porous structure of these membranes is similar to ultrafiltration
membranes [49]. The dialysis membranes used to process filtered beer are often of the hollow fiber type. Glaser [50] reported
the use of a hollow dialysis membrane with an inner diameter of 215 mm and a wall thickness of 16 mm for alcohol removal
from beer. A bundle of these hollow fibers (up to 50,000 fibers) are housed in a single membrane module. The static pressure
difference across the dialysis membranes is typically kept small, in the range of 3–5 psi (20–35 kPa).

The diagram of a typical installation for the removal of alcohol from finished beer using dialysis is presented in Figure
20.24. The process may be described as follows: the equipment is first filled with water. As soon as the bright beer replaces the
water from the product side, alcohol is transported to the intermediate water cycle. The intermediate water–alcohol solution is
heated up and then the ethanol is removed in the distillation column using vacuum. Other low molecular ingredients and the
dissolved carbon dioxide of the bright beer are partly transported into the recirculated water until the concentration of those
ingredients becomes equal on both sides of the dialysis membrane. Since the content in dissolved carbon dioxide gas is
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FIGURE 20.24 Schematic of alcohol reduction using dialysis membranes.
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constantly reduced in the column due to the higher temperature and lower pressure inside the column, the carbon dioxide
content of the low alcohol beer needs to be readjusted downstream of the dialysis process. Such membrane installations are
capable of running for about 12 days with a constant throughput until the membranes need to be regenerated using a special
CIP procedure.

While very attractive from a product quality point-of-view, it is important to note that alcohol removal by dialysis has to
compete economically with thermal evaporation to be adopted by breweries.

20.5 OTHER USES OF MEMBRANE SEPARATION IN THE BREWING INDUSTRY

20.5.1 PURIFICATION OF BREWING WATER BY REVERSE OSMOSIS

The basic ingredient of beer is water (Figure 20.2), which must meet the highest standards of purity for potable water, and
should also have an acceptable taste and odor. In most cases, the water found in natural resources, such as wells or in some
countries, rivers does not have the desired composition for direct use in brewing processes. At least a purification step is
necessary to remove suspended, colloidal, or dissolved solids from water before processing. The lowering of hardness, which is
given by the concentration of calcium bicarbonate, can be done using ion exchange or wet chemistry, i.e., by adding lime to the
water, followed by sediment removal.

Reverse osmosis offers the possibility of achieving more than one purification purpose in one step. It simultaneously
reduces the hardness and the concentration of other salts, as well as organic molecules, bacteria or viruses. The higher the
concentration of undesired ingredients in the well water, the more economic the membrane filtration becomes as compared to
the ion exchange treatment. RO for water purification is one of the oldest applications of membrane separation and has been
extensively discussed in literature over the years.

20.5.2 UTILITIES FILTRATION

Besides its direct use in the final product, water is used in breweries as a utility, for purposes such as cleaning, steam generation,
etc. Another common utility in breweries are gases, such as air and carbon dioxide, which sometimes might contain impurities
that need to be removed in order to ensure the quality and uniformity of the final product. Besides traditional methods, i.e.,
activated coal treatment, purification of utilities can also be successfully done by membrane filtration. Some membrane
manufacturers (i.e., Pall Corporation, Donaldson Ultrafilter Inc., Sartorius, Millipore, CPM, etc.) offer commercial membrane
separation equipment that is specifically designed for the purification of water, steam, air, or carbon dioxide. This enables
breweries to produce sterile and particle-free utilities for the brewing processes.

20.5.3 BEER DECOLORIZATION

Alcopops and spirit mixed drinks are gaining much popularity in the Western world, reaching impressive growth rates in recent
years. Due to its specific color and taste, beer cannot be directly used in such applications. Recently, NORIT process
technology (NPT) has developed a method of beer decolorization that enables breweries to produce clear alcohol–water
mixtures that can be used in premixes or alcopops (Source: http:==www.noritpt.nl). For beer-based drinks, the NPT membrane-
based technology is able to produce a water–alcohol mixture with the taste and smell of beer. For premixes, alcopops, and
comparable products, the taste and smell can also be removed in an additional step, using activated carbon.

20.5.4 MICROBIOLOGICAL QUALITY CONTROL OF BEER

The microbiological quality of the packaged product is of major concern for beer manufacturers, and therefore needs to be
checked before the final product hits the target market. Typically, testing the microbiological quality of beer is done by passing
at least 100 mL of beer through a 0.45 mm membrane, followed by plating of the membrane on specific media, incubation, and
counting of the microbial colonies that grow on the media. Membranes for microbiological testing are available from
companies such as Pall, Millipore, Sartorius, Schleicher & Schuell, and Whatman.

20.6 AN ECONOMICAL PERSPECTIVE ON THE USE OF MEMBRANE SEPARATION IN BREWING

These days more and more equipment manufacturers are advertising their membrane filtration equipment for main filtration of
beer as a true possibility. This shows that nowadays there are economic circumstances for breweries that facilitate or even
induce the switch from the filtration with filter aids to the use of membranes for this purpose. The first installations in small- or
medium-sized breweries, as well in a large brewery, are already in successful operation. A higher number of installations is
expected.
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The global cost for beer filtration is significant, and for the year 2003, it was estimated that a total of 0.4� 109 USD was
spent to filter the total volume of 1.4� 109 hL beer produced that year (Source: www.e-malt.com). Therefore, the economics
of the process will have a decisive role in the expansion of membrane separation as a commercial filtration technique.
As all processing methods, CMF will have to cope with the ever-changing economical conditions, such as membrane prices,
the cost of electric power, as well as the changing ratio between these costs and the disposal costs of spent diatomaceous
earth. Since these costs, as well as the cost of man power, differ at least from country to country, global answers to this are
not accurate.

For CMF to be deemed a successful replacement of traditional clarification methods for the main filtration process, a high
beer flux is required (generally, a minimum of 100 L=(m2 h) is considered necessary), with power costs that do not exceed those
associated with the traditional filter aids [37]. Gan [32] considered that an average flux rate of 40 kg=(m2 h) over 10 h of
continuous filtration is of commercial interest.

Membrane filtration as a technique for final filtration of beer is widely used today, and companies use the term ‘‘cold-
filtered’’ and ‘‘not pasteurized’’ for selling their products.

In the area of beer recovery from tank bottoms the use of membranes is a competitive possibility and has been known for
some years now. There are numerous breweries using this technique, and the size of the equipment is of a smaller scale than
those intended for main filtration.

Briefly, the use of membrane filtration by breweries has been slowed down by the difficulties in filtering this very special
beverage made from natural ingredients. To overcome these problems intensive research and resources have been spent, mostly
because the market is promising. The bottom line is that membrane filtration produces a high-quality filtered product without
the use of filter aids that need to be disposed of, membrane processes are easy to automate, and their operation is more
continuous-like as compared to the filter-aid methods.

Membrane separation is becoming increasingly attractive to the beer industry and, as advances that will minimize or even
eliminate some of the current challenges associated with membrane separation of beer are made, it is expected that more and
more breweries will adopt this technology in the not so distant future.
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21.1 INTRODUCTION

Membranes may be hastily classified according to the driving force at the origin of the transport process: (1) a pressure
differential leads to micro-, ultra-, nanofiltration, and reverse osmosis; (2) a difference of concentration across the membrane
leads to diffusion of a species between two solutions (dialysis); and (3) an electric potential difference applied to an ion-
exchange membrane (IEM) leads to migration of ions through the membrane (electrodialysis, membrane electrolysis, and
electrochemical devices) [1,2].

Today, electrodialysis (ED) is one of a group of membrane-based separation technologies which are finding increasing use
in agri-food industries to concentrate, purify, or modify foods. The low-energy consumption, modular design, efficiency, and
ease of use as well as the heat sensitivity of many food products are among the reasons for their rapid growth. ED uses an
electric field as the driving force and charged membranes to perform the separation: electrodialysis is a combined method of
dialysis and electrolysis [3].

Electrodialysis can be performed with two main cell types: multi-membrane cells for dilution–concentration and water
dissociation applications, and electrolysis (or electro-electrodialysis [EED]) cells for oxidoreduction reactions. In multi-
membrane cells, only the membrane transport phenomena intervene, while electrochemical reactions occurring at the
electrodes do not interact with the separation process: the electrodes are simple electrical terminals immersed in electrolytes
allowing the current transfer. The electrolysis cell operates with only one membrane that separates two solutions circulating in
each electrode compartment. This application is based on electrode redox reactions, which are electrolysis specific properties.
The anode induces oxidations, and reductions occur at the cathode [4].

Electrodialysis is a well-proven technology with a multitude of systems operating worldwide. In Europe and Japan,
electrodialysis dominates as a desalting process with total plant capacity exceeding that of reverse osmosis and distillation [3].
Electrodialysis with monopolar membranes is applied to different food systems, to demineralization of whey [5–8], organic
acids [9], and sugar [10,11], separation of amino acids [12] and blood treatments [13], wine stabilization [14–16], fruit juice
deacidification [17–19], and separation of proteins [20–22]. These applications use the sole property of dilution–concentration
of monopolar IEMs in a stack of as many as 300 in an electrodialysis cell.

Electrodialysis with bipolar membranes (EDBMs) [23] was applied recently to the production of mineral and organic acids
[24–36], inhibition of enzymatic browning [37–39], and separation of protein [40–44]. These applications are based on water
dissociation at the interface of a bipolar membrane (BPM) coupled with monopolar membrane action. A recent up-to-date
overview gives the possibilities and the economic relevance of BPM technology [45].

In the domain of food industries, EED was used to reduce oxygen in fruit juice [46], to extract cytoplasmic proteins from
alfalfa [47,48], to coagulate proteins [49], and to reduce disulfide bonds in proteins [50]. These applications are based on the
electrode redox reactions coupled with monopolar membrane action.

This review summarizes the monopolar and BPM principles of operation. Moreover, this review presents shortly the main
applications in chemical processing, pollution control, and resource recovery, and details the specific applications of electro-
dialysis with BPMs to food and bio-industries.

21.2 PRINCIPLES OF ELECTROMEMBRANE PROCESSES

21.2.1 ION-EXCHANGE MEMBRANES

Two kinds of IEMs are used in electrodialysis (ED): homopolar membranes bearing charges of same sign and BPMs bearing
positive and negative charges located separately on each side of a same plane.

21.2.1.1 Homopolar Membranes

These are sheet-shaped materials through which a selective ion transport can be established under a driving force, generally an
electric field or a concentration gradient. Most of them are of a polymeric nature. They are constituted by reticulated
macromolecular chains forming a tridimensional structure. In this network, ionizable functionalized groups are borne by the
polymeric matrix and are at the origin of the membrane selectivity. For example, cation-exchange membranes (CEMs) contain
fixed negative charges and mobile cations that can be exchanged with other cations present in an external phase in contact with
the membrane. The ions balancing the fixed exchange sites are called counterions. The concentration of counterions within the
membrane is relatively high; therefore, counterions carry most of the electric current through the membrane. The fixed charges
attached to the polymer matrix repel ions of the same charges (co-ions). This exclusion, which is a result of electrostatic
repulsion, is called Donnan exclusion, named for Donnan who first reported the phenomenon in 1911 [51]. However, as the
membrane selectivity is never ideal, the membrane material can be penetrated by a non-negligible amount of electrolyte.
A schematic structure of such a homopolar IEM (CEM) is depicted in Figure 21.1. Under an applied electric field, the CEM
bearing sulfonic exchange groups (�SO�3 ) mainly allows the transport of counterions.
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21.2.1.2 Bipolar Membranes

Bipolar membranes (BPMs) are composed of two layers of ion exchangers joined by an hydrophilic junction. The diffusion of
water from both sides of the BPM allows it dissociation under the electrical field to generate protons and hydroxyl ions, which
further migrate from the junction layer through the cation- and anion-exchange layers of the BPM. The principle of this water-
splitting phenomenon is depicted in Figure 21.2.

The requirements for suitability of homopolar IEMs for industrial applications are the following:

1. High-ionic conductivity with a concentration of fixed charges
2. High-ionic permselectivity combining simultaneously a high conductivity and a moderate water uptake
3. Chemical stability of the fixed ions and a good mechanical resistance
4. Reasonable cost

In addition, BPM must have an experimental potential to achieve the water-splitting capability as close as possible as the
theoretical value equals 0.83 V at 258C. Nowadays, superior styrene–divinylbenzene copolymer membranes can be easily
purchased, perfluorinated membranes with great chemical stability are on the market, and BPM with an industrial-scale lifetime
(>10,000 h) is available.

21.2.2 PRINCIPLE OF CONVENTIONAL ELECTRODIALYSIS

Electrodialysis can be organized in two, three, or four compartments. Figure 21.3 depicts the schematic configuration of a
conventional two-compartment electrodialysis applied to the reconcentration=dilution of NaCl solutions. C and D are the
concentrate and diluate, respectively. When an ionic feed solution (e.g., a sodium chloride solution) flows through the channels
of the electrodialyzer, the positively charged sodium ions migrate to the cathode and the negatively charged chloride ions

Na+

CEM

Na+

Cl−

Cl−

Cl−

Na+

−+

FIGURE 21.1 Schematic process of transport of counterion (Naþ) through a CEM.
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FIGURE 21.2 Schematic principle of water dissociation by a BPM.
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migrate to the anode. As the chloride ions cannot pass the CEM and the sodium ions cannot pass the AEM, the overall effect is
a simultaneous ionic concentration increase in alternating compartments and ionic concentration decrease in the other
compartments. Consequently, alternate dilute and concentration solutions are formed. A set of two compartments (diluate
[D] and concentrate [C]) form a cell pair. In commercial applications, several hundred cell pairs are assembled in a stack.

21.2.3 PRINCIPLE OF ELECTRODIALYSIS WITH BIPOLAR MEMBRANE

21.2.3.1 Hþ and OH� Generation

The conventional method for generating Hþ and OH� ions from water utilizes electrolysis. Electrolysis also generates O2 and
H2, and the overvoltage for this generation consumes about half of the electrical energy of the process. Nowadays, special IEMs
are available for splitting water directly into Hþ and OH� ions without generating gases. Membrane water-splitting technology
is a general-purpose unit operation for converting water soluble salts to their corresponding acids and bases. This process uses
BPM in conjunction with conventional CEM and AEM, respectively. The separation and rearrangement of ions is effected by a
direct current driving force. EDBM is therefore an alternative method to electrolysis for the generation of Hþ and OH� ions,
which can be used to generate acid and base from salts, without the production of oxygen and hydrogen gases. The application
of BPM reduces the energy costs associated with electrode polarization in the more conventional electrolytic approach.

21.2.3.2 Water Dissociation in Bipolar Membrane

The origin of the water-splitting phenomenon in BPM is still a matter of controversy. In fact, ordinary water dissociation cannot
explain the magnitude of the electric current and the changes observed in the pH of the solutions in contact with the membrane
[52–54]. It is generally believed that the Hþ and OH� ions originate in a very thin region at the interface between the two ion-
exchange layers [55]. Nevertheless, it is not known exactly which mechanism is responsible for this enhanced dissociation, and
up to now three physical models have been proposed: the second Wien effect [56–58], a model based on protonation–
deprotonation phenomena [53–58], and recently a more global model [59].

21.2.3.2.1 Second Wien Effect
According to Ohm’s law, the conductance of electrolytes in aqueous solutions increases with the applied electric field.
However, Wien [56] observed that at high-electric field densities (>105 V cm�1), Ohm’s law is no longer valid for electrolyte
solutions. In weakly dissociated electrolytes, the ion mobility as well as the degree of dissociation are increasing with
increasing field density. This phenomenon is known as the second Wien effect. The deformation of the ion atmosphere and
its relaxation time [57] lead to an increase in ion mobility of approximately 20%–30%. The second Wien effect model for BPM
considers that water in the space-charge region at the bipolar junction behaves as a weak electrolyte, and uses Onsager’s theory

Na+

Cl�
Cl�

Cl�
Cl�

Cl�
Cl�

Cl�

Na+Na+

Na+ Na+ Na+

Na+

DDD D C C C

+ �

Electrolyte 

Diluate (outlet) 

Electrolyte 

Diluate (intlet) 

Concentrate (intlet) 

Concentrate (outlet) 

FIGURE 21.3 Schematic configuration of a conventional two-compartment electrodialysis applied to the reconcentration=dilution of NaCl
solutions. C and D: concentrate and diluate.
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[60] for the increase of the dissociation rate constant of a weak electrolyte in the presence of an external electric field [55,58].
Its application for BPM can be written as

kEd ¼
I1

ffiffiffiffiffiffiffi�bp� �
ffiffiffiffiffi
2b
p k0d

where
kEd is the dissociation rate constant of water under the influence of an electric field

k0d is the dissociation rate constant of water in the absence of an external electrical field
I1 is the first-order Bessel function
b = 0.09636 E=«rT

2 with E the electric field density, T the temperature, and «r the relative permittivity

Some limitations of the model should be pointed out. Although the water dissociation rate is increased significantly
with increasing electric field density due to the second Wien effect, the calculated values are still at least three orders of
magnitude smaller than the experimentally from current densities determined values [57]. In addition, Onsager’s theory has
been successfully applied only up to 107–108 V m�1, and theoretical estimations show that fields as high as 108–109 V m�1

could exist in the narrow space-charge regions existing in IEMs [53,61]. Hence, some effects not considered in this
theory (e.g., the rotation of water molecules) should be included in the model [53]. Furthermore, if the accelerated water
dissociation would only be due to the second Wien effect, it should be identical for both anion- and cation-exchange
layers forming the BPM while it has been observed that water dissociation is usually larger for AEMs than for CEMs
[53,61–63].

21.2.3.2.2 Protonation–Deprotonation Phenomena
Theoretical considerations and experimental evidence strongly support a hypothesis that the accelerated water dissociation
is also caused by a reversible proton-transfer reaction between the charged groups and water. In the presence of ionic groups,
the water dissociation rate constant may be several orders of magnitude higher than in free solution. The experimental
results showing that water dissociation occurs mainly at the surface of the AEMs [53,62,64] indicate that the water splitting
does not take place in the solution but in the membrane phase. Furthermore, Simons [52–54,63] showed that (1) water
splitting can be eliminated by methylation of the tertiary amines resulting in quaternary amines, (2) degradation of quaternary
ammonium groups in strongly basic environment leads to tertiary amines, and (3) water splitting at CEMs can be obtained
only when weak acids (proline, phenol) are present in the solution next to the membrane surface, or when the membrane
contains weakly acidic groups, such as carboxylic acid [59]. Based on these results, Simons suggested that with AEMs
the water dissociation is caused by reversible protonation of weakly basic groups (tertiary amines). For the BPM, both the
cation- and anion-exchange groups of the membrane polymer adjacent to the interphase layer can react with the water
molecules at the membrane surface by the following mechanisms for water dissociation [59,63]:

Bþ H2O  ! BHþ þ OH
�

BHþ þ H2O  ! Bþ H3O
þ

and

A� þ H2O  ! AH þ OH�

AHþ H2O  ! A� þ H3O
þ

where
B is a neutral base
BHþ is the catalytic active center (usually the AEM fixed charged group)
A� is the CEM fixed charged group
AH is a neutral acid

21.2.3.2.3 Global Model
This water dissociation model developed by Strathmann et al. [59] is described as being a combination of the second Wien
effect, the protonation–deprotonation phenomena of functional groups in the membrane, and the reaction zone thickness l. This
model was developed under some assumptions [59]:
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. Water dissociation occurs in the transition or depletion layer of the membrane and the dissociated ions removed from
this region are replenished by the following water dissociation equilibrium:

H2O !
kEd

kE�d
Hþ þ OH� or 2H2O !

kEd

kE�d
H3O

þ þ OH�

. Water dissociation is accelerated by the electric field according to the second Wien effect, which describes the
influence of a strong electric field on the water dissociation rate constant kEd , while the recombination rate constant kE�d
is not affected by the electric field:

kEd
k0d
¼ 2

p

� �1=2

8bð Þ�3=4 exp 8bð Þ1=2
h i

. The generated protons and hydroxyl ions are removed from the transition region by migration and the consumed water
can be compensated timely by diffusion from the bulk solution.

. The electric current is calculated from the migration flux of either protons or hydroxyl ions.

. The voltage drop across both anion- and cation-exchange layers of the BPM is neglected, so that voltage across a BPM
is equal to that across the transition layer Utr, and the driving force for the migration of protons and hydroxyl ions is
Utr=l, since the Donnan potential is in equilibrium with the diffusion of ions into the transition region.

Hence, according to Strathmann et al. [59], under the influence of a low-electric field, the salt ions (Naþ, Kþ, Cl� . . . ) initially
present in the transition layer of the BPMmigrate out of the transition region between the two ion-exchange layers. These ions are
replaced by salt diffusing and migrating from the bulk solution into the transition region resulting in a steady state with a constant
salt concentration in the transition region (Figure 21.4, step 1). When the electric field is increased, the migration from the
transition region can no longer be compensated by the diffusive flux into the transition region. In fact, the transition layer becomes
completely depleted of salt ions, since all salt ions were removed from the transition region, and a limiting current density is
reached (Figure 21.4, step 2). The limiting current density depends on the permselectivity of the BPM as well as on the diffusion
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FIGURE 21.4 Exchange mechanisms leading to water molecule dissociation inside BPM. (Adapted from Bazinet, L., Industries
Alimentaires et Agricoles, 10, 7, 2003.)
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coefficient of the salt in the membrane. When limiting current density is exceeded, water dissociation begins and the current is
now carried by protons and hydroxyl ions. These ions are available in very low concentrations (10�7 mol L�1) in completely
demineralized water. The protons and hydroxyl ions removed from the transition region are replenished by the water dissociation
equilibrium (Figure 21.4, step 3). This induces a water concentration gradient between the transition layer and the adjacent
compartments, which results in diffusion of water molecules into the hydrophilic layer (Figure 21.4, step 4) [65].

In the BPMs, the water splitting takes place in a very small region of themonopolar ion-exchange layer where uncompensated
fixed charges exist [66]. The protonation and deprotonation can take place at basic and acidic groups. According to the global
model, the authors demonstrated that for strongly basic groups, the protonation is very fast but the deprotonation is very slow, so
that the groups in the membrane remain in the protonated form. For strongly acidic groups, all groups remain in the dissociated,
deprotonated form. Consequently, the proton-transfer reactions are capable of explaining the enhanced water dissociation.
Because of their higher mobility, the protons will first move faster than the hydroxyl ions. This disturbs the electroneutrality in
the transition layer and leads to an additional electric field, which increases the migration of the hydroxyl ions and slows down the
protons. The thickness of the transition region between the ion-exchange layers, which includes the reaction zone, is a few
nanometers. Due to the roughness of the polymer surfaces, in some cases there might be thin neutral regions (water layer) between
the ion-exchange layers. The presence of these regions depends on the production of the BPM.

21.2.3.3 Catalysts for Improving Water Dissociation

The theoretical potential to achieve the water-splitting capability is 0.83 V at 258C. Due to the addition of catalysts, the
actual potential drop across a BPM is quite close to this being in the range 0.9–1.1 V for current densities between 50 and
150 mA=cm2, which is the general region of practical interest. Examples are the iron(III) as presumably introduced in the cation
permeable layer of the Tokuyama Soda membrane [67], and the chromium(III) ion used in the WSI membrane [68,69]. The
value of the membrane potential drops equates to theoretical energy consumptions of the order of 600–700 kW h=ton of NaOH.
Of course, the actual energy consumptions are significantly higher because of the ohmic resistances in the other cell stack
components, in practical operating units.

To enhance water molecule dissociation in BPM, catalysts are required to reduce the electric potential of a BPM. The
addition of a catalyst in the contact or transition region increased the water dissociation rate for a fixed electric potential across
this region because the activation energy of the overall dissociation reaction is reduced [70]. Catalysts provide alternative
reaction paths for the dissociation reaction by forming very reactive, activated complexes [54,69]. The water dissociation is a
disproportionation or proton-transfer reaction that is catalyzed by weak acids and bases [45].

It is assumed that the best catalytic effect can be achieved if the pKa or pKb value of the interphase material is close to
7 [71]. Some weak ion-exchange groups such as tertiary amines, phosphoric acid, carboxylic acids, or pyridine show the
required dissociation constant or pKa-values. Certain heavy metal ion complexes, such as chromium(III)- or iron(III)-
complexes, provide the required catalytic water dissociation effect. In principle, there are many more suitable metal ions
available. The metal ions or complexes are immobilized by either including an insoluble salt in the casting solution of the
interface layer between the ion permeable layers or by converting a soluble form by a follow-up treatment [45]. An additional
requirement for the catalytic material is to be effective and stable for a long period. It must also remain in the interphase, where
it is the most active, for the anticipated lifetime of the membrane.

Some metal hydroxides such as chromium(III) and iron(III) hydroxide are suited to be deposited as catalyst in the
interphase between the cation- and anion-exchange layers of the BPM. Other catalytic components used in the preparation
of BPMs such as tertiary amines or phosphoric acids are generally directly bonded to the polymer matrix of the membrane
[45,72]. The most commonly used catalytic components in BPMs are listed in Table 21.1.

TABLE 21.1
Main Catalysts Used in BPMs

Material Remarks pKa-Value References

Cr(OH)3 After treatment in OH�, and as salt
in the cation-exchange layer or the interphase

[69,73]

Fe(OH)3 Applied as salt in the cation-exchange

layer or interphase

[67]

–NR2=–NH
þR2 (tertiary amines) Tertiary amines bond onto the matrix

of the anion-exchange layer
�9–10 [74,75]

Sn or Ru ion [67,68]
R–PO2H

�=–COO� Bond to the matrix of the cation-exchange layer �7 [76]
R–COOH=–COO� 4.8 [77]
Pyridine 5.2 [77]
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21.2.3.4 EDBM Configurations

The configuration of the EDBM process depends on the application. Typical use of BPM is in the treatment of concentrated
salt solutions such as Na2SO4 from the chemical industry to produce H2SO4 and NaOH. A cell system consists of an anion,
a bipolar, and a CEM as a repeating unit. In this case, the configuration is a three-compartment EDBM as illustrated in
Figure 21.5. This elementary cell is repeated and placed between two electrodes. The Na2SO4 solution flows between the CEM
and AEM. When direct current is applied, water dissociates in the BPM to form the equivalent amounts of Hþ and OH� ions.
The Hþ ions flow through the cation-exchange side of the BPM and form H2SO4 with the sulfate ions provided by the Na2SO4

solution from the adjacent cell. The OH� ions permeate the anion-exchange side of the BPM and form NaOH with the sodium
ions permeating into the cell from the Na2SO4 solution through the adjacent CEM. The final result is the production of NaOH
and H2SO4 from Na2SO4 at a significantly lower cost than by other methods.

There are applications where high purity of both acid and base is not possible to be obtained, or even, may generate
problems during the process. For example, in the splitting of a salt from a weak acid (sodium acetate), the pure acid is weakly
dissociated, so its conductivity is low. It would not therefore be practical to achieve the splitting of sodium acetate in a three-
compartment cell. Instead, a two-compartment cell with the acetate solution flowing between a BPM and a CEM is
recommended (Figure 21.6a). When the conversion of the salt stream reaches 95%, the conductivity becomes very low. So,
it is not possible to pursue the EDBM more deeply. The EDBM is then stopped and the residual Naþ ions are removed using
cation-exchange resins. In a similar way, an ammonium or amine salt can be treated in a two-compartment cell with an AEM
instead of a CEM (Figure 21.6b).

Moreover, the performance of the two-compartment cell can be enhanced by the introduction of a third chamber.
For example, the multichamber cation cell now uses two CEMs [23]. In operation the salt solution is first fed to the chamber
between the two CEMs and then passes to the acid compartment. This gives a salt=acid stream with a higher concentration of
acid than the standard two-compartment cell. The multichamber anion cell is used in a similar way to that of the cation cell.
Clearly, this multicell arrangement incurs a greater electrical energy cost due to the higher cell voltage than that needed in the
two-compartment cell.

CEMAEMBPM BPM

Na2SO4

Na+

SO4
2−

H+

Water

+

H2SO4 NaOH

−

OH−

Water

FIGURE 21.5 Generation of acid and base from a salt. The three-compartment configuration.

CEMBPM BPM BPM BPM

Salt

X−

H+ OH−

M+

Water

+

Acid + salt   Pure base

−

AEM

Water

M+

H+ OH−

X−

Salt

+

Pure acid   base + salt

−

(a) (b)

FIGURE 21.6 Two-compartment EDBMs for production of (a) only pure base and (b) only pure acid.
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21.2.4 FEATURES OF EDBM, DIFFERENCE FROM THE CONVENTIONAL ELECTROLYSIS, LIMITS

The main features of EDBM are

. The BPM can dissociate water into Hþ and OH� ions.

. Since no gases are generated during water splitting, the energy consumption is very low.

. Since no electrochemical reactions are running, there is no oxidation or reduction, which may generate undesirable
products.

. BPM can be used in association with AEM and CEM to produce acids and bases from salts by electrodialysis.

However, and as for all the processes, EDBM presents limits [23]. The performances of a water splitter are controlled by
the permselectivities of the individual component membranes and by diffusive transport. Figure 21.7 illustrates the various
processes which contribute to the overall current efficiency. Zone 1 concerns the specific process which generates acid and base
from salt and water. Competing with this are the undesirable processes, which reduce the current efficiency. Zone 2 represents
the loss of permselectivity of each homopolar layers of the BPM. In the three-compartment configuration (Figure 21.5), this
factor directly acts on the purity of the acid and base produced. Zone 3 represents the loss of permselectivity of the associated
homopolar membranes. Zone 4 concerns the diffusional losses due to the concentration gradients, which significantly occur for
poorly ionized small molecules (HF, NH3, SO2, etc.).

21.2.5 CELL EQUIPMENT AND PROCESS CONFIGURATIONS IN EDBM

The principle of the cell design is depicted in Figure 21.8.
The technical requirements of an EDBM module should fulfill the following criteria:

1. Minimal distance between membranes (0.5–1 mm) to reduce the ohmic drop
2. Appropriate hydrodynamic conditions with high superficial velocity for a better control of the concentration polar-

ization
3. High value of the ratio (membrane area=volume of the EDBM module) for a reasonable material flux
4. Avoiding all leakages between the compartments
5. Reducing the short circuits and parasitic currents

From a practical point of view, a filter press module of 30–50 elementary cells with a geometric surface area of 0.3–0.5 m2

seems to be a good configuration [45]. The corrosion stability of the EDBM stack components such as bodies, frame,
turbulence promoters, gaskets, and electrodes is of great importance. The corrosion resistance of the electrodes and of course
their prices are also decisive elements. Stainless steel is the cheapest choice of material for anode and cathode and is suitable in
weakly alkaline or neutral aqueous electrolytes [66]. Nickel electrodes are much more expensive and used when an enhanced
passivity is required. Titanium electrodes have excellent stability against acid and slightly basic media. A coating layer of metal
oxides (such as RuO2) reduces significantly the overpotential for oxygen or chlorine evolution.
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FIGURE 21.7 Processes occurring during EDBM.
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Three common process configurations are used.

1. The batch mode for small- and medium-scale applications (Figure 21.9). In this case, the process can be easily
adjusted to the individual demands with respect to product concentration and mass flow. However, it requires a high
expenditure for buffer tanks and tubing and instrumentation.

2. The feed and bleed mode for medium- and large-scale applications (Figure 21.10). In this case, the process can also be
easily adjusted to the individual demands with respect to product concentration and mass flow. It is appropriate for a
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FIGURE 21.8 EDBM cell assembly. (Reprinted with permission from Kemperman, A.J.B., Ed. Handbook of Bipolar Membrane
Technology, Twente University Press, Enschede, The Netherlands, 2000. Copyright 2000 Twente University Press, p. 162.)
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Outlet: desalinated water
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FIGURE 21.9 EDBM setup for batch mode run. (Reprinted with permission from Kemperman, A.J.B., Ed. Handbook of Bipolar
Membrane Technology, Twente University Press, Enschede, The Netherlands, 2000. Copyright 2000 Twente University Press, p.182.)
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continuous production and steady operation conditions. However, it requires also a high expenditure for buffer tanks
and tubing and instrumentation.

3. The single-pass continuous flow configuration (Figure 21.11) for medium- and large-scale applications. This mode is
suitable for a continuous production and is cheaper than the two previous for buffer tanks, tubing, process control
instrumentation, and energy consumption. However, a later adjustment of unit to altered process conditions is
not easy.

21.2.6 SCALING-UP AND EXPLOITATION PARAMETERS OF THE BPM TECHNOLOGY

To optimize a BPM process, the following parameters have to be respected:

. Purity of the effluent to be treated: organic pollution and multivalent cations must be avoided: (1) IEM and BPM swell
in the presence of aromatic compounds and (2) metallic hydroxides precipitate in the membranes when the divalent
cation concentrations reach 1 ppm.

. Concentrations of the products: Due to the proton leakage through associated AEMs, the maximum concentration of
mineral acid products is 2–3 and 5 N for organic acids. Due to the hydroxide ion leakage through the associated CEM,
the maximum concentration of the base produced is 4.5 N.

. The voltage drop per elementary cell has to be maintained in the range 1.5–3 V for 1000 A=m2. The applied current
density is in the range 50–100 mA=cm2.

. The minimal conductivity of the salt loop is 20 mS=cm at 408C.

. The conversion ratio for organic salts is in the range 95%–98%.

Taking into account the previous recommendations, scale-up of EDBM is really quite simple. In most cases, the operating
conditions in a lab-scale EDBM can be reproduced on a commercial scale.

The product concentration (i.e., wt% NaOH resp, HCl) influences the energy demand and throughput. The higher the
product concentrations, the lower is the throughput and the higher the energy. The purity of the product is dependent on its

Feed
(brine salt solution)

Bleed (desalinated water)

Feed (water) Feed (water)

EDBM
module

Acidic
concentrate

Bleed
(base product)

Bleed
(acidic product)

Base
concentrate

FIGURE 21.10 EDBM setup for feed and bleed mode run. (Reprinted with permission from Kemperman, A.J.B., Ed. Handbook of Bipolar
Membrane Technology, Twente University Press, Enschede, The Netherlands, 2000. Copyright 2000 Twente University Press, p. 183.)
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concentration. The higher the concentration, the higher is the salt contamination of the acid and base. To get high-purity
products at a high throughput level, the current density should be as high as possible (>100 mA=cm2). Moreover, a well-
designed pretreatment is of importance to reduce scaling and fouling.

An example of performance of an EDBM pilot plant is reported in Table 21.2 [79]. It concerns the production of caustic
soda from an NaCl waste stream from an amino acid production process. Apart from organic components, this salt stream

Inlet: makeup water Inlet: makeup water

EDBM
module(s)

Outlet: acidic product

Inlet: brine salt solution

Outlet: base product

FIGURE 21.11 EDMB setup for single-pass flow configuration with hydraulic staging. (Reprinted with permission from Kemperman,
A.J.B., Ed. Handbook of Bipolar Membrane Technology, Twente University Press, Enschede, The Netherlands, 2000. Copyright 2000
Twente University Press, p. 184.)

TABLE 21.2
Performance of the EDBM Pilot Plant

Current density 1000 A=m2 (100 mA=cm2)
Current efficiency (CE)a 60%–70% with respect to Naþ

Total membrane area 1.78 m2

Specific energy consumption (SEC)b 2.8 kW h=kg NaOH
Throughput 1.5 kg NaCl=(m2 h)
Potential drop per repeating unit cell 2.7 V

HCl concentration 5.1 wt%
Naþ contamination in HCl product 1150 ppm
NaOH concentration 10 wt%

Cl� contamination in NaOH product 178 ppm

Source: Adapted from Engel, D., Lehmann, T.H., Weissland, G., and Picarri, J., Preprints
of the Aachener Membrakolloquium, GVC VDI-Gesellschaft Verfahrenstechnik und

Chemieingenierwesen, Aachen, 1993.
a The CE is defined for each transported ionic species. It is the ratio of the actual molar transport

calculated by Faraday’s law with the actual current density j according to CE¼F.zi.ni=j with ni
the molar flux density (mol=m2 s) and F the Faraday’s constant.

b The SEC is given by the relation SEC¼DE.I¼DE.j.A¼DE.(zi.F.ni=CE).A with I the current
(A), A the total membrane area (m2), DE the potential difference (V) applied to the EDBM unit.
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contains about 500 ppm of Ca2þ, Mg2þ ions. A pretreatment including polishing with ion-exchange resins reduces this amount
to less than 0.5 ppm. The waste stream is then processed in a three-compartment EDBM unit designed for both batch and feed
and bleed mode. The total membrane area is 1.78 m2 (16 repeating unit cells, each membrane with an area of 0.12 m2).

21.3 MAIN APPLICATIONS OF THE EDBM

A large number of applications of EDBM have been identified. A classification under two broad categories of pollution
control=resource recovery and chemical processing is reported in Table 21.3 [45].

This chapter deals with developments of EDBM technology in food industries and only a short review is devoted to other
application domains. The oldest industrial application of EDBM in the pollution control=resource recovery is the recovery of
HF and HNO3 from a stream containing KF and KNO3 generated from a pickling bath in a steel plant. This first commercial use
of BPM began operations in 1987 at Washington Steel in Pennsylvania [80]. This application was stopped in 2000. Among
the other examples, one can quote the regeneration of sodium sulfate in a rayon plant [23], a gas absorption process for the
conversion of amine in air, the treatment of flue gas for removal of SO2 [81], the electrodialytic dissociation of alcohols to
produce sodium methoxide [82], or the recovery of methanesulfonic acid from sodium methanesulfonate solutions [45]. While
the applications of EDBM in the pollution control=resource recovery seem to reach a stage, those concerning chemical
processing and food industries are growing [78].

21.4 APPLICATIONS OF EDBM TO FOOD INDUSTRIES

In 1990, Hatzidimitriu [83] patented a process for adjusting the pH of aqueous fluids. This process can be used for adjusting
the acidity of an edible fluid (specifically sugar syrups, fruit and vegetable juices, wines, sauces, and tomato paste) by
electrodialysis in a cell containing membrane pairs comprising a BPM and an ion-selective membrane. More specifically,
Dykalo et al. [84] used bipolar membrane ED to control the acidity of dairy products containing an aqueous phase. To control

TABLE 21.3
Some Applications of EDBM Process

Pollution control=resource recovery

HF=mixed acid recovery Stainless steel pickle liquor recovery
HF=NaOH recovery from spent aluminum potlinings
Fluorosilicic acid conversion to HF, SiO2

Fluoride emission control in chemical processing
KF conversion from alkylation process

Sulfate recovery Battery acid recovery

Waste sodium sulfate conversion
Sodium sulfate conversion in rayon manufacture

Nitrate recovery Ammonium nitrate conversion from the uranium processing
KNO3 conversion

Amine recovery Recovery of a catalyst used to cure epoxy resins
in Al coating moulds

Pulp and papers Sodium alkali recycling in pulping and bleaching operations

Flue gas desulfurization Soxal process SO2 recovery
Dry sodium scrubbing alkali recovery

Chemical processing

Organic acid production recovery Acetic, formic, acetylsalicilic, and organic acids

Aminoacids
Ion-exchanger regeneration Production of highly generated ion-exchange resins
Brine acidification in chlor-alkali industry

Wastewater treatment from amino
acid processing

Salt splitting of NaCl

Potassium and sodium mineral processing KCl conversion
Solution mining of trona and subsequent sodium alkali production

Sodium alkali production from natural brines and solid trona
Sodium methoxide production EDBM in methanolic solutions
Methanesulfonic acid production EDBM of sodium methanesulfonate

High-purity water production Continuous electrodeionization for high-purity water production
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the pH of dairy products, the solution was circulated on the cationic side of the BPM, where the Hþ ions are generated, to lower
the pH and on the anionic side of the BPM, where OH� ions are generated, to raise the pH. These applications point the way to
new applications for BPMs beyond the production of acids and bases. Recently, EDBM has been applied to protein
precipitation and purification, enzymatic browning inhibition, simultaneous recovery of coagulant agent and protein, fruit
juice deacidification, and dairy wastewater purification.

21.4.1 PRODUCTION OF SOY PROTEIN ISOLATE

A large proportion of the soy protein used in the food industry is in the form of protein isolates (>90% protein). Separation of
proteins by isoelectric precipitation at the isoelectric pH range 4.2–4.6 is the recognized industrial process. The isoelectric point
is the pH value at which the net global charge of the protein is neutral. At this pH value, the solubility of the protein is minimal
and can result in complete precipitation.

The conventional precipitation procedure involves five steps: extraction, precipitation, washing, resolubilization, and
drying. The defatted soy flakes are dissolved in water at pH 9� 2 in a ratio ranging from 6:1 to 20:1 at <808C. The extraction
step usually takes ~30 min. Once the extraction is finished, the proteins are precipitated by lowering the pH of the solution to
the isoelectric point, ~4.5, using hydrochloric acid. Centrifugation is used to separate the protein-containing curd from the
supernatant (or whey) containing the soluble materials and low-molecular-weight compounds. The curd is then washed with
water to remove soluble impurities (salts and sugars). After washing, it is neutralized with NaOH to obtain a proteinate,
a soluble form of protein. The final product is spray dried, and packaged as a dry material [2].

Most commercial soy protein products have been developed from the acid-precipitated fraction [85]. However, local
extremes in pH can cause irreversible denaturation of the proteins [85]. The disadvantages of this method include denaturation
of protein on exposure to alkali and acid treatment, high-ash content, and alteration of protein solubility after rehydration [86].

In this context, Bazinet et al. [41] developed a procedure using BPMs to precipitate soy proteins (Figure 21.12a). The
protons generated by the BPM come into contact with the protein, bringing them to their isoelectric point resulting in
selective separation. Centrifugation can then be used, as in the conventional process for separation of the proteins. To lower
the pH of the protein solution, this solution was circulated on the cationic side of the BPM. The pH of the protein solution
was lowered from 8.0 to 4.5 in a cell of 100 cm2 effective electrode surface, at a constant current of 25 mA=cm2. Lowering the
pH to 4.5 allowed a precipitation of 95% protein. The energy and electroacidification parameters are affected by various factors
such as the number of BPMs, the initial concentration of soy protein concentrate (SPC) and KCl in the protein solution, and
the temperature.

Electroacidification of soy proteins was related to the generation of Hþ at the surface of BPMs, and increasing the
membrane surface accelerated the electrochemical precipitation quasi-linearly: Doubling the number of membranes decreases,
by about one-half, the duration of the electroacidification procedure. Increasing the number of BPMs in the electrodialysis cell
increases the electrical efficiency of the system while decreasing the time required, but not in a linear fashion. The stacking has
no effect on the final protein precipitation rate. The time required to lower the pH to 4.5 is determined primarily by the SPC
concentration and the temperature [41]. This is due to the larger quantity of Hþ required from the dissociation of water to
overcome the higher buffering capacity associated with a higher protein concentration [87].

When the initial SPC concentration is increased, a change in the percent soluble protein as a function of pH is observed: at
15 g=L a quasi-linear precipitation occurs whereas at 60 g=L the protein precipitation curve takes on a sigmoidal form. From
initial pH to 7.0, no real difference is noted; the percent soluble protein was about 100%. A high-protein concentration slows
the electroacidification process as a result of the intrinsic buffering capacity of the protein [88,89]. However, the final percent
soluble protein is not affected by an increase in the SPC concentration.

Temperature is another factor affecting EDBM. By increasing the temperature, the mobility of the ions is increased and
consequently the overall resistance of the system is decreased [90]. The energy required to decrease the pH to 4.4 rises as the
SPC concentration is increased, and drops with an increase in the KCl concentration (Table 21.4). With an increase of 258C in
temperature (from 108C to 358C), a 53% decrease in energy consumption was observed. By expressing the energy consumed
relative to the production of 1 kg of protein isolate, a drop in energy is observed with an increase in the SPC concentration.
In parallel, a drop in energy consumed occurs as the KCl concentration and the temperature rise. This indicates that the SPC
concentration and the temperature are the primary factors influencing the energy consumption of the BPM electroacidification
cell. At low SPC concentrations, a high level of KCl will improve the overall efficiency of the system. The effect of the SPC
concentration is not related to the protein concentration but rather to its intrinsic salt concentration. The proteins have a minor
effect on the energy efficiency compared to salts, because the proteins represent a minute proportion of the electrical charges in
solution, and possess an extremely limited mobility. In fact, the effect of the SPC concentration is related to a high
concentration of minerals, approximately 5% of the dry weight of SPC [91], of which 50% is potassium [91]. Thus, an
increase in salt concentration results in a lower resistance of the medium because the added salt supplies the ions necessary to
maintain the conductivity of the solution during the production of Hþ by the membrane. The resistance of the solutions depends
mainly on the concentration of electrolytes in the medium [92]. Increasing the temperature increases the energy efficiency of the
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FIGURE 21.12 BPM electroacidification cell configuration. (a) Process for soy protein isolate production and (b) modified process for
production of soy protein isolate. BPM, bipolar membrane; CEM, cation exchange membrane.
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electroacidification procedure, but in a nonlinear fashion. This increase in efficiency is lower between 208C and 358C
than between 108C and 208C and is related to an increase in ion mobility, the result of a decrease in viscosity brought about
by the temperature increase [93]. Viscosity is one of the important parameters for a protein solution undergoing electrodialysis,
since it affects the hydrodynamics of the system. In an electrodialyzer, a high viscosity changes the overall electrical resistance
by slowing diffusion and migration of ions in the solution being treated [92].

The authors also compared the chemical and electrochemical acidifications to identify differences between both acidifica-
tion procedures. During chemical acidification of protein solution, the conductivity increased, while it decreased in electro-
acidification. In fact, the addition of acid corresponds to an addition of Hþ and Cl� ions: their respective conductivities are
349.6 and 76.4 S cm2 mol�1 [94]. Consequently, this addition of ionic species contributes to an increase in the overall
conductivity of protein solution (Figure 21.13). Electroacidification decreases the conductivity of the solution due to the

TABLE 21.4
Energy and Relative Energy Consumptions of EDBMs Run with Different Initial
Concentrations of SPC and KCl, and at Different Temperatures and Number
of BPMs Stacked

Duration (min) Energy (kJ)
Relative Energy

(kW h=kg of Isolate)

SPC (g=L) 15 14.7 113 0.610

30 27.9 187 0.496
60 54.9 345 0.463

KCl (M) 0.06 32.5 238 0.577

0.12 32.5 214 0.499
0.24 32.5 193 0.493

Temperature (8C) 10 30.4 283 0.728
20 30.2 177 0.455

35 26.8 133 0.371
Number of BPMs 1 81.3 237 0.639

2 43.2 192 0.517

3 27.8 183 0.493
4 22.1 188 0.507

Source: Adapted from Bazinet, L., Lamarche, F., Labrecque, R., and Ippersiel, D., J. Agric. Food Chem., 45,

2419, 1997; Bazinet, L., Lamarche, F., Labrecque, R., and Ippersiel, D., J. Agric. Food Chem.,
45, 3788, 1997.
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FIGURE 21.13 Effect of SPC concentration and acidification procedure, 0.25 N HCl (.), 0.5 N HCl (&), 1.0 N HCl (~), 2.0 N HCl (!)
and electroacidification (.), on the conductivity measured during the pH decrease of electrochemical and chemical acidifications of soybean
protein solutions, with 0.06 M KCl added and maintained at 258C. (Reprinted with permission from Bazinet, L., Lamarche, F., Labrecque, R.,
and Ippersiel, D., J. Agric. Food Chem., 45, 2419, 1997. Copyright 1998 American Chemical Society.)

Pabby et al./Handbook of Membrane Separations 9549_C021 Final Proof page 596 13.5.2008 1:56pm Compositor Name: BMani

596 Handbook of Membrane Separations



desalination phenomenon by electrodialysis [8,95,96]. As the pH decreases, the variation of conductivity depends both on
the SPC concentration and the acidification procedure. As the pH is dropped from its initial pH to 4.5, in electroacidification,
the variation in conductivity is inversely proportional to the SPC concentration while, in chemical acidification, this variation is
proportional (Figure 21.13) [88]. These effects are the results of an increase in buffering capacity of the protein solution
coupled, in electroacidification with the migration of cationic species, and in chemical acidification with the addition of ionic
species [88].

A comparison of the soluble protein evolution during the pH decrease revealed that there is a difference between the
chemical and the electroacidification (Figure 21.14). The protein precipitation curve obtained during electroacidification
shows a shift in comparison with those of chemical acidification levels; from initial pH to 6.8, the soluble protein percentage
was about 100% for chemical and electrochemical acidification. At pH 6.4, a difference appears between the two procedures
of acidification, with 85.1% and 94.9% of soluble protein, respectively, for chemical and electroacidification. This difference
increases between pH 6.0 and 5.6 with 57.1% and 32.6%, respectively, of soluble protein for chemical acidification compared
to 69.4% and 43.9% for electroacidification. Then, the difference drastically decreases until it disappears; at pH 5.2, 4.8, and 4.4
the soluble protein percentages were 14.5%, 5.7%, and 5.1% compared to 17.4%, 6.4%, and 5.5%, respectively, for chemical
and electrochemical acidification. The final precipitation extent of protein is not influenced by the acidification procedure;
however, the precipitation is slower during electroacidification. The difference in precipitation of protein between chemical and
electrochemical acidification could be related to a lower local excess of acid in electroacidification. In fact, the conventional
chemical acidification process to produce protein isolates is known to denature protein by local excesses of acid [85] while
electroacidification was demonstrated to precipitate protein with a low extent of protein denaturation [40,92].

The variation of precipitation as a function of pH is related to the different precipitation profiles of the two protein fractions,
7 S and 11 S [97]. According to Thanh and Shibasaki [97], protein concentrations (up to 4%) are favorable for the separation of
the two globulin fractions. They noted that the 7 S fraction is not very sensitive to an increase in protein concentration, whereas
the 11 S fraction started to precipitate earlier with a higher protein concentration. This correlates with the large change in
soluble protein observed for pH 6, a point close to the isoelectric point of the 11 S fraction and the inflection point of the protein
solubility curves. The electroacidification process influences the precipitation curve of the 11 S fraction; the electroacidified
11 S fraction precipitation curve presents a slight shift in comparison with the chemical acidification curves (Figure 21.15a
and 21.15b). The lower precipitation for the electroacidified proteins is the result of the lower extent of precipitation obtained
for the 11 S fraction [88].

Separation of soy protein by EDBM has specific advantages over the conventional isoelectric precipitation used industrially
for the production of soybean protein isolates. This technology does not use any added acids or bases during the process to adjust
the pH of the protein solution, and the chemical effluents generated during the process could be reused at different stages in the
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FIGURE 21.14 Effect of acidification procedure on the percentage of soluble proteins measured during pH decrease of electrochemical and
chemical acidification of soybean protein solution, with 0.06 M KCl and maintained at 258C. (Adapted from Bazinet, L., Lamarche, F., and
Ippersiel, D., J. Agric. Food Chem., 46, 2013, 1998.)
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process. The water consumption is decreased by reusing the effluents generated, and the cell electrical energy consumption for
protein precipitation is low (~0.3–0.7 kW h=kg of isolate). After washing the precipitate, it is possible to resolubilize the proteins
by reusing the sodium hydroxide generated on the anionic side of the BPM, or by recirculating the precipitated protein solution on
the anionic side during the acidification of another protein solution on the cationic side of the BPM (Figure 21.12b). In addition,
the chemical composition of bipolar-membrane electroacidified samples was demonstrated to be superior or equal to that of
commercial standards, with functional properties comparable to these standards [40,92].

The application of soybean protein electroacidification at the industrial scale is limited because of gradual protein
precipitation in the cell, which results in an increase of the cell resistance (decrease of the system efficiency) and loss of
protein (decrease in yield). The blocking which can appear in EDBM of soybean protein is not a form of membrane fouling as
in ultrafiltration and nanofiltration, but mainly due to spacer fouling, resulting from a nonoptimized hydrodynamic design of the
electrodialysis cell. The fouling is due to the particles in suspension, which agglomerate in the spacers when their concentration
is too high. An online centrifugation process has been proposed by Bazinet et al. [2] to allow the recovery of these particles and
decreased fouling. More recently, Mondor et al. [98] proposed a combination of electroacidification and ultrafiltration to
decrease this fouling.

21.4.2 PRODUCTION OF ACID CASEINATE

Due to its nutritional quality and functional properties, casein is extensively used in the manufacturing of food products.
However, pure casein can only be obtained by an insolubilization step followed by a centrifugation for a simple separation
of the casein from the whey [99]. Two main types of casein are usually produced in the industry: rennet and acid caseins
(Figure 21.16). In rennet casein, the underlying mechanism is identical to that of the production of cheese curd and depends on
the unique sensitivity of the Phe105-Met106 bond of k-casein to hydrolysis by acid proteinases, the active components of rennet.
For acid casein production, the three main procedures used are based on isoelectric precipitation of casein by chemical,
physicochemical, or fermentation acidification [99–101]. Other techniques have been proposed for the production of
acid casein: acidification of milk by ion-exchange plus acid [102] or by ion-exchange alone [103], electrodialysis of skim
milk to pH 5.0 followed by acidification to pH 4.6 with acid [104], and acidification by water electrolysis at the surface
of monopolar anion or CEMs stacked in an electrodialysis cell [105]. A specific advantage of these methods is the production of
acid whey with reduced mineral content. This acid whey is more readily utilized than acid whey produced by the normal
acidification process and may increase its value for further processing [101,106].

However, the procedures used in the dairy industry, rennet and acid casein, have the disadvantages to produce large volume
of chemical effluents due to the addition of bases and acids during treatments, and to generate inherent risk linked to handling,
stocking, and transportation of concentrated bases and acids. In acid casein production, milk pH is decreased to the isoelectric
point of the casein by addition of strong acid (hydrochloric, sulfuric, nitric, lactic, etc.). Hþ concentration of milk is increased
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FIGURE 21.15 Size exclusion HPLC chromatograms of (a) chemically and (b) electrochemically acidified soybean protein solutions, with
0.06 M KCl added and maintained at 258C, at different pH values. (Reprinted with permission from Bazinet, L., Lamarche, F., and Ippersiel,
D., J. Agric. Food Chem., 46, 2013, 1998. Copyright 1998 American Chemical Society.)
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with an increase of chloride, sulfate, nitrate, or lactate concentration. Hþ cations are necessary in the process to decrease pH.
However, anions are nondesired and contribute in an important manner to the mineral charge. These additional anions are
present at the final step in the curd before washing and in the whey. To use whey from hydrochloric casein production it is
necessary to demineralize it to decrease the mineral charge. A whey from hydrochloric casein contains 12% to 14% (w=w dry
basis) of mineral and approximatively 7% to 8% and more chloride. For fermentations, it is necessary to use mixed
starter culture and to change them regularly to avoid contaminations by phages. Furthermore, during rennet casein production,
k-casein is denatured by formation of caseinomacropeptide and para-k-casein [87,106,107]. In addition in water electrolysis
with monopolar membranes, the electrical efficiency is lower than with BPMs [40,92].

In this context, EDBM was used for the precipitation of bovine milk protein, without adding acids, by decreasing the
pH through electrodialysis [42]. The skim milk was circulated in a three pair cell configuration on the cationic side of the BPM
as for soy protein isolate production. The electroacidification was performed in batch process using a current density of
20 mA=cm2. The pH of the solution was lowered from pH 6.6 to 4.4. Lowering the pH to 4.4 allowed a precipitation of
80%–85% of the total protein. The remaining proteins were whey proteins soluble at pH 4.4. This technology allowed the
production of bovine milk casein isolates with a similar or higher protein content than those of commercial isolates (97% vs
95% on a dry basis). The protein profiles of the isolates obtained by HPLC showed that caseins represented 98.5% of the total
protein precipitated.

As in any electrochemical process, the products to be treated by EDBM must possess a relatively high mineral content to
allow a good electrical conductivity to decrease the global resistance of the electrodialysis cell. Moreover, Bazinet et al. [108]
demonstrated that the electrical efficiency of skim milk electroacidification is decreased, due to a lack of sufficiently mobile
ions such as potassium (Figure 21.17). Consequently, Hþ ions have to migrate across the CEM to ensure the electroneutrality.
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FIGURE 21.16 Processes for casein and caseinate production. (Adapted from Mulvihill, D.M., Caseins and caseinates: Manufacture. In:
Fox, P.F., Ed. Developments in Dairy Chemistry, Vol. 4, Elsevier Applied Science Publishers, London, 1989, pp. 97–129.)
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These migrated Hþ ions are lost for the process and decrease the electrical efficiency. Bazinet et al. [89] did not observed this
phenomenon on soybean protein electroacidification due to the higher concentration in potassium ions in the raw material.

They suggested adding a certain amount of salt to the skim milk to obtain a better electrical efficiency. The performances
of EDBM were then evaluated under different conditions of ionic strength added (madded¼ 0, 0.25, 0.5, and 1.0 M) and added
salt (CaCl2, NaCl, and KCl). The evolution of soluble protein during EDBM of skim milk was different according to the salt
added and the ionic strength level (Figure 21.18). Moreover, for each added salt, the soluble protein curves had different
evolution according to the ionic strength added. For NaCl, the soluble protein curves were the same with inflection points
close to pH 4.20 whatever the ionic strength added. In CaCl2, the delay in precipitation increased with an increase in the ionic
strength while for the KCl, the delay in precipitation was increased with the increase in ionic strength. For madded ranging
from 0.25 to 1.0 M, except for the NaCl, the pHc value, at which all the caseins are precipitated, decreased with an increase
in ionic strength by salting-in [87]. In NaCl addition, the different levels of madded had no effect on the soluble protein profile;
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however, there is an effect of salting-in in comparison with soluble protein of skim milk without NaCl added (Figure 21.18).
The results obtained for the KCl are in accordance with the data obtained by Bazinet et al. [41] on soybean protein
electroacidification. Repulsive hydration forces between proteins and protein solubility are minimal at the isoelectric pH,
unless the net charge on the proteins is controlled in part by highly hydrated cations such as Mg2þ, Ca2þ, and Naþ [109].
In the latter situation, coagulation occurs when the Hþ concentration is high enough to replace the hydrated cations. The
more Ca2þ present, the higher the Hþ concentration required to cause coagulation. Thus, the highest pH at which casein
micelles coagulate decreased from 5.0 to 3.8 as CaCl2 concentration was increased from 10 to 100 mM [110].
The combination of KCl and madded¼ 0.5 M was the best combination with a 45% decrease in energy consumption in
comparison with EDBM of skim milk without adding salt. Addition of salt, except for CaCl2, resulted in a decrease in energy
consumption (Table 21.5) [111,112].

Differences in supernatant composition at pH 4.6 were revealed for as-casein, b-casein, and whey proteins [113]. Thus, the
supernatant composition results obtained at pH 4.6 showed that the supernatant of electroacidified milk had a higher
whey protein content compared with the supernatants of chemically acidified solutions, with values of 95.0% and 87.2%,
respectively. At this pH value, unprecipitated as- and b-casein fractions were observed in the chemical acidification treatments,
whereas in electrochemical acidification, there was no trace of these two casein fractions. The difference observed between the
protein profiles confirms the results obtained previously for total protein and indicates a slight delay in precipitation of as- and
b-caseins during the chemical acidifications. This precipitation difference may be due to a salting-in effect from the addition of
salts [114] during chemical acidifications with HCl. By contrast, in electroacidification the impoverishment of salts by
electrochemical demineralization, combined with a dilution effect from the system’s dead volume, promotes precipitation of
the proteins. Indeed, at the isoelectric point (pH 4.5–4.7 for caseins), the proteins have a net charge of zero, and they precipitate
due to the effect of hydrophobic interactions. Under these conditions, there are no electrostatic repulsions between the
molecules. Hence, if the ionic strength is increased, as in chemical acidifications, the salting-in effect of salts on hydrophobic
interactions tends to slow the formation of aggregates and increase their solubility, leading to slower protein precipitation
[87,115]. Electroacidification, on the other hand, accelerates the formation of protein aggregates and their precipitation. The salt
removal in the milk solution promotes the hydrophobic interactions.

The isolates produced by BPM electroacidification with different type of added salts and ionic strength except at 1 M CaCl2
madded showed similar physicochemical and functional properties than those chemically produced and three commercial sodium
caseinates used as references. The chemical composition of the isolates produced by EDBM varied according mainly to the
ionic strength of the skim milk solution treated (Table 21.4). At high concentration of added salt, whatever the salt, there was
retention of salts and lactose in the isolates decreasing the total protein content of these isolates. For high-salt-concentration
isolates, the washing conditions used were not sufficient to allow removal of most of the salts and lactose from the coagulum.
Furthermore, the concentration of lactose in the isolates increased with the ionic strength; ionic strength might influence
porosity and particle size of coagulum which affect contact with the washing solution, and effectiveness of lactose removal.
Many authors have pointed out that processing variables such as heat treatment, number of washes to which the curd is

TABLE 21.5
Effect of Ionic Strength Added and Type of Salt Added on the Relative Duration
and Energy Consumption of Electroacidification and on Protein, Ash,
and Lactose Contents of EDBM Isolates Produced

Duration
(min)

Protein
(% Dry basis)

Ash (g=100 g
Protein)

Lactose
(g=100 g Protein)

Energy Consumption
(kW h=kg of Isolate)

Control 0.00 M 46.4 86.8 5.3 6.8 0.87
CaCl2 0.25 M 97.3 80.8 10.2 9.4 2.11

0.50 M 106.6 78.5 11.3 14.4 2.36

1.00 M 134.9 68.0 23.7 19.7 1.64
NaCl 0.25 M 93.6 82.2 8.3 10.0 0.69

0.50 M 105.7 81.1 10.8 10.7 0.56
1.00 M 106.9 76.0 16.1 10.0 0.60

KCl 0.25 M 80.2 79.4 9.1 10.6 0.55
0.50 M 95.1 80.0 9.7 7.9 0.39
1.00 M 116.9 74.8 20.4 10.9 0.58

Source: Adapted from Bazinet, L., Ippersiel, D., Gendron, C., Mahdavi, B., Amiot, J., and Lamarche, F., J. Dairy Res., 68(2),
237, 2001; Bazinet, L., Gendron, C., Ippersiel, D., René-Paradis, J., Tétreault, C., Beaudry, J., Britten, M., Mahdavi,
B., Amiot, J., and Lamarche, F., J. Agric. Food Chem., 50(23), 6875, 2002.
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subjected, and the content of iron influence the quality of the rennet casein [116–118]. The type of salt and the ionic strength
influenced the functional properties and the structure of the sodium caseinate produced by EDBM. Addition of the KCl and
NaCl during EDBM decreased the viscosity of the protein solution but the foaming and emulsifying properties, and also the
particle size and the solubility profile, were unchanged [112]. The CaCl2 acted in a different way from both previous
monovalent salts. It decreased the particle size and the viscosity from 0 to 0.5 M madded and thereafter increased back both
factors. The solubility profile of the isolate produced with addition of CaCl2 from 0 to 0.5 M madded was similar to those from
both monovalent salts, while at madded of 1 M the solubility was decreased. By addition of CaCl2, whatever the ionic strength,
the emulsifying and foaming properties were unchanged except for the foaming capacity, which was decreased [112]. As the
isolate produced by EDBM with addition of 1 M CaCl2 showed a high-calcium content after dialysis, this caseinate could
assimilate to a Ca=Na caseinate [119].

These recent results showed that EDBM is a new alternative process for production of high-purity casein bovine milk isolate.
At the moment, two main problems limit the application of the EDBM at an industrial level: the fouling of spacers and the fouling
of cationic membranes. During EDBM process, the protein curd formed can lead to a fouling of the cell spacers by recirculation
and accumulation of protein aggregates in the turbulence promoters of the spacers. However, an online centrifugation at the
inlet or outlet of the cell would limit this nondesired formation in the system [2]. During long-time process of milk, there is
formation of calcium carbonate on the membrane in contact with the base electrogenerated but also inside the membrane and on
the surface of the membrane in contact with the milk solution (Figure 21.19) [120]. Calcium carbonate precipitate originated from
the skimmilk solution. Diffusion of H2CO3 and migration of Ca2þ through the CEM toward the basified KCl solution explain the
presence of CaCO3, which is practically insoluble in water [121]. In addition, as someOH� leach across the CMXmembrane, part
of the CaCO3 can precipitate inside and on the other side of the membrane [120] (Figure 21.19). This deposit affected the
performance of the system and decreased drastically the lifetime of the membrane.
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FIGURE 21.19 Elemental configuration of EDBM cell used for skim milk solution, principles of CEM fouling formation, basified and
acidified milk side microscopic photographs (magnitude �45) of EDBM CMX membrane. (Adapted from Bazinet, L., Montpetit, D.,
Ippersiel, D., Amiot, J., and Lamarche, F., J. Interface Colloid Sci., 237(1), 62, 2001.)
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In this context, the KCl solution was replaced by a 0.25 N HCl solution to neutralize the OH� electrogenerated by the BPM
and to evaluate this neutralization effect on the integrity of the cationic and BPMs used [122]. It appeared from these results that
the resistance of cationic membranes increased after 27 EDBM of which 13 were carried out with addition of CaCl2 at
concentrations ranging from 8.9 to 47.3 g=L. This increase was due to an exchange of monovalent counter-cations of the
membrane by divalent cations less mobile and to a slight fouling of 0.0103 mm. This fouling was identified as a protein fouling.
No mineral fouling was observed on EDBM CEM. In addition, integrity and physical characteristics of EDBMs were preserved.
Control of the basified stream compartment pH during EDBMdid not result in complete protection of CEM characteristics since a
small protein fouling of the membrane occurred during the process. However, when no pH control was applied, after one EDBM
of skim milk with addition of 47.3 g=L of CaCl2 a mineral fouling thickness measurement of the CEM was up to 0.0431 mm.

21.4.3 INHIBITION OF ENZYMATIC BROWNING IN CLOUDY APPLE JUICE

Cloudy or unclarified apple juice has increasing customer demand due to its superior sensory and nutritional qualities [123].
This light-colored juice contains a high proportion of pulp in suspension and preserves the flavor of freshly pressed
apples [124]. However, production of high quality juice is difficult due to the presence of numerous compounds sensitive to
oxidation reactions. In practice, soon after production, apple juice experiences enzymatic changes which modify its taste and
color. These enzymatic changes are related to enzymatic browning reactions, which confer a dark color to the juice and have a
negative impact on sales [125].

Cloudy apple juice is very sensitive to enzymatic browning since it contains considerable quantities of polyphenols and
polyphenol oxidases (E.C.1.14.18.1, PPO) bound to suspended particles. Enzymatic browning reactions are catalyzed by PPO
and result in oxidation of phenolic compounds into o-quinones which polymerize into complex dark-colored pigments [126].
To limit enzymatic browning and to provide a product with clear and appealing color, cloudy apple juice producers can use
treatments such as thermal treatment, flash thermal treatment [127], or add large quantities of antioxidants such as ascorbic
acid [128] or its derivatives [129]. In addition, these methods are coupled with an aseptic conditioning to allow the stabilization
of the juice. However, such treatment can also alter the sensory and nutritional quality of the juice and induce, during extended
storage, nonenzymatic browning reactions that are detrimental to product quality.

Zemel et al. [130] showed that PPO activity could be irreversibly inhibited by temporarily lowering the pH to 2.0 with HCl.
According to McCord and Kilara [131], inhibition of PPO activity in acidic media is due to protonation of free carboxyl groups
of the enzyme, which neutralize the negative charges of the protein. This change would result in electrostatic repulsion between
acids and positively charged amino groups. Such repulsion would greatly affect the tertiary structure of the enzyme. A process
solely for acidification of juice has limited commercial applications. To produce a cloudy apple juice preserving its organoleptic
properties, it is necessary to readjust the pH to its initial value, pH 3.5. Zemel et al. [130] adjusted the pH to its initial value by
adding an NaOH solution. This treatment inhibited enzymatic browning and stabilized the apple juice. However, the dilution
effect due to addition of acid and base and the formation of salts rendered the juice flavor unacceptable.

Starting from the observations of Zemel et al. [130], Tronc et al. [37,38] used BPMs to lower the pH of cloudy apple juice.
The apple juice was circulated on the cationic side of the BPM where the Hþ ions are generated (Figure 21.20a). The pH of
apple juice was reduced temporarily from 3.5 to 2.0 in 30 min in a small-scale unit at a constant current of 40 mA=cm2.
However, this level of acidification required the addition of 12.3 mM Kþ (KCl) every 5 min during the treatment. Exogenous
Kþ compensated for the Kþ loss from the juice and maintained the electric charge at neutrality, which favored the accumulation
of Hþ in the juice [38]. Reducing the pH of the juice to 2.0 completely inhibited the polyphenol oxidase activity compared with
the control. Following acidification, the pH of the juice was returned to its initial value by introducing OH� produced by water
splitting; the juice was circulated on the anionic side of the BPM where the OH� ions are generated (Figure 21.20b). The pH
readjustment of the juice partially reactivated the PPO, but browning inhibition was complete and irreversible. The treatment
enhanced the color of cloudy apple juice during storage without modifying the flavor [38]. However, the ED treatment slightly
reduced the malic acid content and substantially reduced the mineral contents.

In these previous studies [37,38], the feasibility of acidifying cloudy apple juice and returning the pH to its initial value
without altering flavor was demonstrated by using electrodialysis (ED) with bipolar and cationic membranes. However, the
total process was too lengthy, about 90min, and required the addition of exogenous KCl to the juice to reach pH 2.0. Furthermore,
the voltage applied greatly exceeded the 2 V=membrane average and was not compatible with industrial constraints [39].

More recently, Lam Quoc et al. [39] replaced cationic membranes in the stack with anionic membranes and the KCl
solution with 0.1 M HCl (Figure 21.21). In this configuration, acidification is still triggered by the introduction of protons
generated by the BPMs, but the retention of these protons is more effective owing to the continuous introduction of
Cl� counterions from the HCl compartment. The Cl� ions accumulated in the juice will subsequently serve as counterions
for the introduction of OH� ions, generated by the anionic side of the BPMs, during the return of the juice pH to its initial value.
The accumulated Cl� ions will thus be eliminated from the juice during the acidification period. The impact of this
configuration was important on acidification speed. The authors demonstrated that with a 4-membrane stack, the juice
pH decreased from 3.35 to 2.0 in 4.7 min. By increasing the number of membranes to 10, the required time dropped
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to about 1.5 min. Treatment time is therefore inversely proportional to the number of membranes used, which boosts the
introduction of Cl� ions to promote the retention of Hþ. The HCl solution also serves to neutralize OH� produced by
the anionic side of the BPMs by hindering their introduction into the juice. Hence, the juice acidification process is more
effective and faster than before. This is confirmed by the conductivity results: conductivity is considerably higher because of
the accumulation of ions in the juice. At a pH of 2.0, the Cl� concentration reached 580 mg=L of juice in comparison with
0.7 mg=L in the control juice and 29 mg=L in the adjusted juice (Table 21.6). The increase in conductivity improved EDBM
treatment by reducing the applied voltage and energy consumption. The latter was 4–5 kW h=m3 of juice, which represents very
low energy consumption from an industrial standpoint. The yield obtained with a BPM=anionic configuration, independent of
the number of membranes used, was three times higher than that of BPM=cationic configuration with the addition of KCl [38].
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Furthermore, by doubling current density to 40 mA=cm2, the average applied voltage did not exceed 2 V=compartment and
ranged from 1.5 to 1.8 V. The time required to return juice pH to its initial value with BPM=anionic configuration, where
the juice and HCl compartment were reversed, was longer than the time required to reach pH 2 (about 10 min vs 4.7 min) [39].
The difference is because this phase is achieved by replacing the Cl� accumulated in the juice with OH�. The low conductivity
of Cl� compared to OH� (73.5 cm2 V�1 equiv�1 vs 199 cm2 V�1 equiv�1) and the depletion of Cl� during treatment caused
the low retention of OH� in the juice and made it difficult to eliminate Cl�. The membrane stacks reduced the time needed to
achieve the initial pH of the juice, but the yield remained the same as in the previous study [38], i.e., 2.5 L of juice=m2 of
membrane=min.

The acceleration of acidification by EDBM provides better control over enzymatic browning compared with previous
studies [37,38] (Figure 21.22). According to the changes in color of the control juice, enzymatic browning is very active after
extraction, and it must be inhibited as fast as possible in the first few minutes following extraction to keep the color of the
treated juice essentially like that of freshly pressed juice. The discrepancies observed between the colors of the control and
the adjusted juices obtained by Lam Quoc et al. [39] were greater than those obtained by Tronc et al. [38] for the same storage
time following extraction. After the acidification and pH adjustments, the color stabilized at about the level for freshly pressed
juice, which demonstrates that browning is completely inhibited. However, the acidified juice has a tendency of more red color

TABLE 21.6
Impact of EDBM Treatment on the Chemical Composition
of Cloudy Apple Juice

Compounds
Control
Juice

Acidified
Juice

Adjusted
Juice

Ash (mg=L) 1730 2010 1750

Kþ (mg=L) 764 774 775
Ca2þ (mg=L) 27 22 21
Mg2þ (mg=L) 35 35 32

Cl� (mg=L) 0.7 580 29
Malic acid (g=L) 7.8 7.6 6.2
Glucose (g=L) 18.8 18.0 17.3
Fructose (g=L) 84.3 79.4 75.1

Saccharose (g=L) 13.1 11.8 11.7
Anthocyanin (mg=L) 55 55 53
Chlorogenic acid (mg=L) 163 ND 158

(�)-Epicatechin (mg=L) 208 ND 198
Phloridzin (mg=L) 37 ND 36

Source: Adapted from Lam Quoc, A., Lamarche, F., and Makhlouf, J., J. Agric.

Food Chem., 48, 2160, 2000.
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FIGURE 21.22 Impact of EDBM treatment on PPO activity in apple juice during storage. (Adapted from Lam Quoc, A., Lamarche, F., and
Makhlouf, J., J. Agric. Food Chem., 48, 2160, 2000.)
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than the adjusted juice. This is due to the presence of anthocyanins, primarily cyanidin 3-galactoside, whose red color depends
on the acidic pH [132], giving acidified juice a red color. The intensity of this coloration, however, lessens when the juice is at a
normal pH, as in adjusted juice.

Chemical analyses demonstrated that EDBM treatments have variable effects on the composition of cloudy apple juice
(Table 21.6). The percentage of adjusted juice ash remained unchanged by the treatment. A slight increase in ash in acidified juice
is because the salts formed after the juice was heated to 6008C are chlorides not carbonates, owing to the accumulation of Cl� ions
in the juice during acidification. The main cation in the juice, Kþ, is preserved owing to the layout of the anionic membranes,
which prevent the cations from leaving the juice, representing an advantage from a nutritional standpoint. However, a slight loss
in divalent cations (Ca2þ andMg2þ) was observed, owing to their low solubility. They could be partially precipitated or adsorbed
on the surface of the anionic membranes where the pH at the membrane–solution interface is higher [133]. There was no
significant change in the concentration of sugars in the juice because the uncharged sugars do not migrate during electrodialysis.
Only a major osmotic pressure gradient between two compartments could force them to migrate through membranes [134]. The
malic acid concentration of the adjusted juice decreased by about 20%. The loss occurred through the anionic membranes because
malic acid is negatively charged. Cl� accumulated in the juice is not totally eliminated after the rise in pH. A residual quantity of
30mg=Lwas found in the juice. The use of anionicmembranes with greater monovalent anion selectivity would help limit the loss
of malic acid and eliminate Cl�more effectively. Sensory evaluation tests revealed that adjusted juice retained the characteristic
flavor and color of freshly pressed juice. The presence of a residual quantity of Cl� did not seem to affect the flavor of the EDBM-
treated juice. Moreover, the treated juice was slightly fresher, more fruity and sweeter, with a taste of real apple [39].

The configuration with bipolar and anionic membranes provides several advantages over the first configuration. This
treatment does not require the addition of exogenous KCl; furthermore, there is no chemical waste since all the electrolytes are
reused. It accelerates the treatment and rapidly inhibits enzymatic browning, while preserving freshly pressed taste of cloudy
apple juice. However, the concentration of some nutrients such as sugar and malic acid is decreased during the treatment.
This pH modification should have other positive consequences on the stability of cloudy apple juice. It is possible that
the pectin methyl esterase, responsible for the cloudy precipitate in the juice, can also be affected by the EDBM treatment. The
very small loss of divalent ions such as Ca2þ and Mg2þ by electromigration should reinforce the stability of the suspended
particles [125]. EDBM can be considered as a nonthermal stabilization which is simple, efficient, and applicable to the
stabilization of food liquids.

21.4.4 DEACIDIFICATION OF PASSION FRUIT JUICE

The yellow passion fruit, Passiflora edulis f. flavicarpa, has intense and special aroma and flavor, which make it a desirable
ingredient in the formulation of various food products. These fruits are processed and exported as concentrated juice at 508Brix
(500 g=kg of total solids) from several South American countries such as Ecuador, Brazil, Peru, and Colombia. For Ecuador,
the principal exporter country [135], in 2000 the passion fruit occupied the second place in exports with 26,000 ton of
concentrated juice and is a very important source of income (US$ 28 millions) [136]. However, due to its high acidity, only
limited amounts of juice can be added as an ingredient in the formulation of various preparations such as beverages, ice creams,
marmalades, cocktails, pies, etc., which reduces their flavor intensity [137,138]. Addition of sweetening agents or simple
neutralization by basic compounds is not a suitable method because they affect the flavor and natural taste of juices, resulting in
poor palatability [19]. Therefore, it is important to find a deacidification process having very little effect on the chemical
composition and aromatic quality of juice.

Based on these problematics, Vera Calle et al. [19] tested the deacidification of clarified passion fruit juice by EDBM. The
stack was equipped with homopolar and BPM, forming two compartments (Figure 21.23). The reduction of acidity was
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brane.) (Adapted from Vera Calle, E., Dornier, M., Sandeaux, J., and Pourcelly, G., Desalination, 149, 357, 2002.)
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achieved by increasing the pH from 2.9 to 4.0. This pH limit was chosen to avoid microorganism growth and spoilage [19]. In
this EDBM configuration only anions are able to pass through the AEM from the juice to the concentrate (C) compartment. The
net effect was the extraction of anions, mainly citrate, and their replacement by hydroxyl ions provided by the BPM. Citric acid
was formed in the concentrate (C) compartment by citrate ions extracted from juice and protons provided by the second BPM
separating the (C) compartment and electrode compartments. This configuration allowed the production of citric acid with 89%
purity and avoids the increase in the sodium concentration in the juice.

In a further study by Vera Calle et al. [136], the previous configuration was compared with a modified one, in which the
stack was equipped with homopolar and one BPM constituting three compartments (Figure 21.24). The configurations were
compared for their performances in terms of deacidification rate, current efficiency, energy consumption, and characteristics of
deacidified juices such as concentration of inorganic and organic ions, color, and flavor. They observed that the deacidification
rates and current efficiencies were similar for both processes. However, although the nonmodified configuration induces the
greatest energy consumption (0.50 vs 0.38 kW h=L of juice), it offers the advantage of eliminating the consumption of
chemicals. The Kþ, Ca2þ, and Mg2þ concentrations were not modified whereas the Naþ concentration was markedly increased
by using the modified configuration (180 vs 50 mg=L). Both processes did not achieve citrate removal without elimination of
other anions. The anions concentration was similar for the two processes. The inorganic ions were almost eliminated, 62% of
the citrate ions and 48% of the malate ions were removed from the fresh juice. Nevertheless, the proportion of the anions kept
the same value in the fresh and deacidified juices, the citrate ions remaining the major anionic species (about 90%) [136]. The
color variations obtained for the configurations, in the L, a, b space calculated according to DE¼ (DL2 Da2þDb2)1=2 and using
the nontreated sample as a reference solution, were 0.5 and 0.2 for the modified EDBM3C and the nonmodified EDBM2C
configuration, respectively. Finally, no difference between the untreated and the deacidified juices was observed following the
sensory analysis. According to these authors, although the EDBM2C configuration leads to the highest energy consumption, it
seems a very interesting option because of the elimination of the soda consumption and the production of citric acid [136],
which can be used as a preservative or antioxidant in the food industry.

To assess the feasibility and to verify if the ED operations of the EDBM2C configuration could be expensive because of the
NaOH and energy consumption, the authors recently published a work comparing this method with different methods used for
deacidification of clarified passion fruit juice [18]. They compared EDBM with other physicochemical technologies, ion-
exchange resins, and electrodialysis with homopolar membranes (Figure 21.25), as well as the conventional chemical method
based on the precipitation of calcium citrate obtained by addition of calcium hydroxide or carbonate to the clarified juice.
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A commercial macroporous weakly basic ion-exchange resin, Amberlite IRA95 from Rohm and Haas, was tested in a
column, 1.7 cm in diameter and 60 cm long with a bed volume of 50 mL. The resin matrix consisted of styrene–divinylbenzene.
The tertiary amine functional groups were equilibrated in the OH� form before use. ED experiments were performed with a
laboratory cell of 20 cm2 of effective area at a constant current density of 400 A=m2. The principle of the two electrodialysis
configurations used is the extraction of citrate anions from the juice and their replacement by hydroxyl ions provided either by
the NaOH solution in the C2 compartment (ED3C configuration, Figure 21.25) or by the BPM sandwiched between the juice
and electrode compartments (EDBM2C configuration, Figure 21.23). The performances of the two ED operations were
compared (Table 21.7). For the conventional method, the calcium citrate was precipitated by adding calcium hydroxide or
carbonate at pH 4.5. Then, the mixture was maintained for 24 h at 48C, and the precipitated calcium citrate was separated by
filtration. After filtration, the pH was adjusted to 4.0 by mixing the filtrate with fresh juice. They determined total soluble solids,
acidity and color, as well as inorganic and organic ion concentrations. They completed their analyses by triangular tests to
compare the aroma of the fresh juice with the deacidified juices.

The titrable acidity and total soluble solids varied up to 30% according to the deacidification method applied (Table 21.8).
Resin treatment induced the greatest change in the total soluble solids and color. In all the deacidified juices, a decrease in the
citrate and malate concentrations was obtained. The precipitation of calcium citrate is the most selective technique where citrate
ions were preferentially eliminated—the chloride, sulfate, and phosphate concentration remaining unchanged. Nevertheless, a
lower elimination of citrate and malate ions was induced by the use of CaCO3, 40% and 12.5%, respectively, than with
Ca(OH)2 where it reached 65% and 32%, respectively. The difference between extraction ratios of organic anions was lower for
other methods, about 65% and 53% for citrate and malate, respectively. Moreover, the inorganic anions were partially extracted
together with organic ions when using resin and electrodialysis. In the electrodialysis method, the elimination of anions is
related to their mobility both in the solution and membrane, and consequently the extraction of inorganic anions is easier
than that of organic anions. Almost all the chloride ions were eliminated and about 90% of phosphate and 70% of sulfate ions
were extracted. Potassium and magnesium concentrations were not affected whatever the method used, while the calcium
and sodium concentrations were significantly increased by using the precipitation method and electrodialysis with three
compartments (ED3C), respectively [18]. There was no change in the cation concentration while using resins and EDBMs.
According to the sensory properties of deacidified juices, the triangular tests did not highlight significant differences between
the deacidified juices and the fresh juices. To classify the deacidified juices, a ranking test of degree of preference was done by
directly tasting the juices. The juice treated by ion-exchange resin appeared has highly significant as the sample liked least, the
precipitation method with calcium hydroxide giving the most liked sample by a narrow margin [18].

TABLE 21.7
Comparison of Performances of the Two Electrodialysis Configurations Tested

Time to Obtain
pH 4.0 (min)

Deacidification
Rate (eq=h m2)

Current Efficiency
for Citric Acid (%)

Energy Consumption
(kW h=L of Juice)

ED3C 496 4.9 33 0.38

EDBM2C 549 4.6 31 0.50

Source: Adapted from Vera, E., Ruales, J., Sandeaux, J., Dornier, M., Persin, F., Reynes, M., and Pourcelly, G., J. Food
Eng., 59, 361, 2003.

TABLE 21.8
Physicochemical Analysis of the Juices Deacidified by Different Methods and Comparison
with Control Clarified Juice

Deacidification
Method pH

Titrable Acidity
(g Citric Acid per kg)

Total Soluble
Solids (g=kg)

Color

L a b DE

Clarified juice 2.93 43.3 132 30.8 �1.40 5.00 N=A
CaCO3 4.00 13.5 130 30.9 �1.50 5.14 0.2
Ca(OH)2 4.00 10.4 112 31.0 �1.46 4.94 0.2

IRA95 4.00 10.8 100 31.7 �1.49 4.09 1.5
ED3C 4.00 12.3 111 30.3 �1.26 4.62 0.5
Electrodialysis with bipolar
membranes (EDBM)2C

4.00 12.0 111 31.3 �1.30 4.94 0.4

Source: Adapted from Vera, E., Ruales, J., Sandeaux, J., Dornier, M., Persin, F., Reynes, M., and Pourcelly, G., J. Food Eng.,
59, 361, 2003.
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All the methods tested allowed the deacidification of the clarified fruit juice in which pH was increased from 2.9 to 4.0.
Nevertheless, these methods have some different advantages and disadvantages. The deacidification using CaCO3 is not
recommended due to the liberation of CO2, foam making, and poor pH control during the precipitation phase. The use of
Ca(OH)2 is easier and gives a good quality product. Besides, citric acid could be recovered by dissolving the precipitated
calcium citrate in sulfuric acid, and converting the calcium citrate to calcium sulfate and citric acid [139]. However, the
precipitation method has three limitations: the legislation of some countries, the precipitation problems in the final product
induced by the increase in the calcium concentration, and the fact that consumers prefer natural product, without chemical
addition. The ion-exchange process does not seem to be a good option, since it leads to changes in the organoleptic
characteristics of the treated juice, and the large amounts of effluent produced during the regeneration phase of resins. The
deacidification by electrodialysis has some advantages over the above methods, especially EDBMs. It is a continuous process
without reagents added, giving a high quality juice in terms of physicochemical and sensorial analyses. It was observed that
there was no change in the cation concentration, slight color variation, and good flavor. Only organic and inorganic anions were
partially eliminated. Nevertheless, electrodialysis is more expensive than the other techniques but the citric acid simultaneously
produced during the deacidification could improve the cost of this technique. Therefore, EDBM could be a promising
alternative to the conventional calcium precipitation process for the deacidification of the passion fruit juice.

21.4.5 PROCESS FOR PURIFYING DAIRY WASTEWATER

Whey is a by-product of dairy industry with a worldwide annual amount of 96millions of tons (46millions of tons in Europe) [140].
One possibility to use the whey is ultrafiltration to produce a protein concentrate for food and feed preparation. The filtrate is
whey permeate and its disposal is still a problem because whey permeate contains almost the total lactose and salts derived from
milk, resulting in a high chemical oxygen demand (COD) of 50–60 kg O2=metric ton. Consequently, due to its high COD it is
not economic and mostly not possible to treat it in communal sewage treatment plants. In addition, in conventional wastewater
purification processes, degradable constituents are degraded either anaerobically to form methane and CO2 or aerobically
to form CO2, water, and biomass. In these processes, a considerable part of the energy contained in the wastewater constituents
is lost [141].

In this context, an integrated bioprocess for the dairy sewage treatment, using bipolar membrane ED, was developed
recently by Boergardts et al. [141]. They provided a three-stage process for purifying dairy wastewaters obtained from milk-
processing enterprises (Figure 21.26). In the first stage, the wastewater was pretreated with base to precipitate out a portion, and
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FIGURE 21.26 Process for purifying dairy wastewater. (From Bazinet, L., Crit. Rev. Food Sci. Nutr., 45, 307, 2005.)
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to the extent possible, the majority of the Ca2þ and Mg2þ ions and PO4
3� ions present. In the second stage, the pretreated

wastewater was then fed to a fermentation reactor and the fermentation broth formed was given a secondary purification. In the
fermenter, the lactose and any other sugars present were converted homofermentatively to lactic acid using lactic acid bacteria.
According to the authors, the use of a cell retention system could lead to significantly higher productivities. They used a cell
retention system operated by microfiltration membrane unit fed by the circulating stream from the fermenter; complete removal
of all components and higher transmembrane fluxes was achieved. However, the cells could be removed by membrane
processes or centrifugation. In the third stage, the permeate was fed to the electrodialysis system via a nanofiltration unit or
a selective ion exchanger to remove any calcium residues still present. In the third stage, the concentration of lactic acid in the
wastewater was reduced and the wastewater produced had a very low COD load. The use of ED with BPMs also had permit
isolation of free acid in high concentration and purity directly from the fermentation solution. As a third product in this case,
alkali solution was formed which could serve to elevate the pH during pretreatment of the wastewater. Alternately, the alkali
solution formed could be used to regulate the pH of the fermenter. The bipolar-electrodialysis configuration was the same as the
one used by Van Nispen and Jonker [142] (Figure 21.27), wherein fermentation solution filtrate circulates in the diluate circuit.
The pH in each of the two circuits was set by the BPMs. The free lactic acid was taken off from the acidic circuit and the alkali
solution formed from the basic circuit. According to the authors, to achieve both low COD and pure lactic acid product with
good results in each case, the bipolar ED may be carried out as follows. The fermentation broth is reduced in batchwise
concentration to the desired wastewater concentration, and acidic and basic compartments are concentrated up to the maximum
product concentration. During this process step, water is continuously transported through themembranes. Therefore, the product
streams produced (alkali solution and lactic acid) can be taken off continuously and at constant concentration. Accordingly, the
alkali solution produced can be continuously returned to the wastewater during a continuous wastewater pretreatment stage. The
lactic acid produced can also be additionally purified in further continuous process steps [143].

In another embodiment of the invention, the authors suggested that the ED could be carried out in two stages.
The fermentation broth is subjected in the first stage to bipolar membrane ED in which the broth is continuously reduced in
concentration, to about 10–15 g L�1 diluate concentration. In the second stage, a monopolar ED is carried out in which the
concentration is further decreased to the desired wastewater concentration, preferably in a batch procedure. The sodium
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FIGURE 21.27 Operation of BPM ED using a three-compartment configuration for lactate migration. (From Bazinet, L., Crit. Rev. Food
Sci. Nutr., 45, 307, 2005.)
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lactate produced in the second stage can be returned to the feed stream of the first ED stage to increase the starting concentration
of lactate there (Figure 21.26). According to Boergardts et al. [141], the COD value may be decreased by 85%–95% and
free lactic acid may be produced at a concentration of approximately 200 g=L. The alkali solution concentration can achieve
about 2 mol=L.

21.4.6 SEPARATION OF WHEY PROTEIN

Whey proteins have a high nutritional value and excellent functional properties [107,144]. When concentrated, whey proteins
are interesting sources of proteins for young mammal and human nutrition [145]. According to their disponibility, their low cost
(in comparison with others sources of proteins), and their characteristics, they are hugely used in the food industry [134].
However, knowledge about the property of the individual fractions of whey proteins commands more research about processes
for separation of these fractions to use them separately and to optimize their respective properties in the food industry [146].
The fractionation research aimed at the major protein constituents b-lactoglobulin (b-lg) and a-lactalbumin (a-la), and
numerous isolation methods for their separation have been proposed. Their fractionation may be performed by ion-exchange
chromatography [147,148], metaphosphate complex precipitation [149], heat=acid separation [146,150–152], and ion depletion
at low pH [21,22]. Amundson et al. [21] and Slack et al. [22] separated the two major whey protein fractions by demineralizing
a concentrated whey solution and adjusting the pH chemically. This process was based on 90% volume reduction of whey by
ultrafiltration, partial demineralization of the UF retentate by electrodialysis or diafiltration, pH adjustment of the UF retentate
before and after demineralization to pH 4.65, and centrifugation of the retentate. With this method, they produced b-lg-enriched
fractions containing 33% of the original acid whey proteins and 17% of the original sweet whey proteins.

Based on these data, Bazinet et al. [44] demonstrated the feasibility of EDBM to fractionate whey proteins from a whey
protein isolate (WPI, BiPRO) and studied the effect of protein concentration on its performance in comparison with chemical
acidification. The acidification method had a considerable effect on soluble protein as the pH decreased; chemical acidification
did not allow precipitation of a large amount of whey protein, while electroacidification succeeded in precipitating up to 54% of
the total protein. Effectiveness of electroacidification to precipitate whey protein was improved by increasing protein
concentration, but at concentration higher than 10% WPI the conductivity of the solution became the limiting factor. These
results were confirmed by protein profiles during acidification since only EDBM allowed a significant precipitation of whey
protein (Figure 21.28). In comparison with results for the soluble protein, these results suggest that a part of the other
whey proteins were precipitated with b-lg. According to the results of HPLC, the a-la would be the main protein precipitating
with b-lg at high WPI concentration. Since WPI was made from thermal treated milk, a part of the a-la should have been
denatured to form a complex with b-lg or BSA through thiol–disulfur interchange reactions [153–155]. These complexes
should have co-precipitated with b-lg during EDBM.

To complete these information, the chemical composition of isolates obtained at pH 4.6 or 5.0 for 20% WPI EDBM was
compared (Table 21.9). Isolates produced by EDBM had a lower ash content than isolates produced by chemical acidification
(1.61% vs 2.37% dry basis, respectively). The protein content, on a dry basis, of electroacidified isolates was higher than that of
chemically produced isolates: 97.2 vs 94.0, respectively. The difference in ash content may explain the difference in percent
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FIGURE 21.28 Effect of protein concentration on the evolution of protein fraction kinetic during chemical and electrochemical acidifica-
tion. (Adapted from Bazinet, L., Ippersiel, D., and Mahdavi, B., Innovative Food Sci. Emerg. Technol., 5, 17, 2004.)
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total protein observed for the isolates produced by EDBM vs chemically produced isolates. As expected, the protein content of
the isolates increased with an increase in protein concentration. The isolate composition in terms of protein fraction was similar
for both acidification methods, but the concentration of a-la increased while the concentration of b-lg decreased with an
increase in total protein concentration.

These results demonstrated the feasibility of EDBM for whey protein separation and the influence of the initial protein
concentration on the purity and yield of the separated fraction. At 5% WPI initial concentration, this technology allowed the
separation of 98% pure b-lg fraction with a 44% recovery yield, while at 10%WPI initial concentration a b-lg-enriched fraction
was produced containing 97.3% of b-lg and 2.7% a-la, for a 98% total protein purity. The 10% protein concentration seems to
be the best level for electrodialytic parameters and protein recovery. Furthermore, EDBM of a 10% WPI solution, by
precipitation of 53.4% of the b-lg, allowed the production of an a-la-enriched fraction in the supernatant. Since the best pH
to precipitate b-lg was demonstrated to be pH 4.65 [21], and that the protein yield increases with an increase in initial protein
concentration in the solution, it was expected that electroacidification of a 20% WPI solution to pH 4.65 would allow the
highest precipitation yield. However, the limiting factor of such a process at 20% was the low conductivity of the protein
solution at pH 5.0.

Since the limiting factor of electroacidification by EDBM process at 20%WPI was hypothesized to be the lack of mobile ion
inherent to the protein solution at pH 5.0, the authors studied the effect of ionic strength on the precipitation behavior of whey
protein [156]. In the first part of this study, electroacidifications of 10% (w=w) WPI solutions were carried out, in batch process
using a current density of 20 mA=cm2, in different conditions of conductivity control, to evaluate the effect of the conductivity on
the precipitation behavior of the whey protein. The highest protein precipitation with 10%WPI solution was obtained at pH 4.6
and at a conductivity level of 200 mS=cm maintained with many 0.4 mL-additions of 1.0 M KCl (200 mS[þ]), with a 46%
precipitation of the total protein; b-lg composing the main part of the precipitated protein. One global addition of 1.0 M KCl
decreased the protein precipitation yield by resolubilizing protein. The protein fractions showed different trends (Figure 21.29).
b-lg composed the main part of the protein-precipitated fraction and the maximum precipitation of b-lg appeared at pH 4.6 and
200 mS[þ]. The BSA did not seem to be affected during EDBM of 10% BiPRO solution, while a small amount of a-la was
precipitated at pH 4.6 and afterward. These results agreed with the literature [21,157] and previous results obtained for
the soluble protein on the optimum precipitation pH of the whey protein at pH 4.65. In a previous work [44], a 40.5% of b-lg at
pH 4.6 was obtained with a 258C normalized conductivity value of 107 mS=cm. The difference in b-lg precipitation observed
between the present and the previous work may be explained by the different final conductivity levels reached: 200 or 250 vs
107 mS=cm. The conductivity appears to influence strongly the extent of protein precipitation.

Since the conductivity control of a 10% WPI solution allowed to reach a lower pH than 4.6, in the second part of their
study, Bazinet et al. [156] electroacidified a 20% (w=w) WPI solution with conductivity control: when pH 5.0 or 350 mS=cm
was reached, conductivity was maintained constant at 350 mS=cm. This value was determined as the best combination of
protein solubility and system resistance, according to a previous study [44]; at this point the protein insolubility curve was
close to its optimum and the system resistance began to increase. With conductivity control at 350 mS=cm of the 20% WPI
solution, it was possible to reach pH 4.65. A 27% protein precipitation was obtained at pH 4.6. This value was higher than the
21% precipitated protein obtained previously for the same solution at pH 5.0 and at a normalized conductivity value of
161 mS=cm [44]. However, this percentage was still low in comparison with the 46% protein recovery obtained with 10%
BiPRO solution at 200 mS[þ]. The apparent viscosity of 10% and 20% BiPRO solution was determined during chemical
acidification with 1 N HCl at different shear rates. It appeared that the 10% BiPRO solution should be modeled as a linear
surface response regression (Figure 21.30a) while the 20% BiPRO solution should not (Figure 21.30b). Since the viscosity
of the 20% whey protein dispersion was very different in comparison with 10% BiPRO and presented a Non-Newtonian profile,
the change in viscosity as pH decreases observed at 20% WPI would decrease the precipitation rate of b-lg. Some factors have

TABLE 21.9
Ash and Protein Composition of the Isolates Produced at 5%, 10%, and 20% WPI

Chemical Acidification Electrochemical Acidification

5 10 20 5 10 20

Ash content (% dry basis) 2.3 2.2 2.7 1.5 1.7 1.6

Total protein (% dry basis) 91.7 94.3 96.2 95.3 98.2 98.2
a-lactalbumin (a-la) (% total peak area) 0.3 2.1 4.7 1.8 2.7 4.8
b-lactoglobulin (b-lg) (% total peak area) 99.5 97.7 94.6 98.1 97.3 94.9
BSA (% total peak area) 0.2 0.1 0.7 0.0 0.0 0.4

Source: Adapted from Bazinet, L., Ippersiel, D., and Mahdavi, B., Innovative Food Sci. Emerg. Technol., 5, 17, 2004.
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an influence on the viscosity: particle size, polydispersity of diameters, and electroviscous effect in charged particles. Large
monodispersed particles tend to give lower relative viscosities than smaller particles at equivalent volume fractions but the
differences between them decrease as the mean diameter. This change in viscosity by the means of one or a combination of
the three factors would decrease the precipitation yield of b-lg. An increase in the voluminosity of the particles related with an
increase in viscosity would slow down the migration or diffusion of the b-lg and consequently its aggregation with other
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monomer or dimer. Moreover, the increase of viscosity should have a direct consequence on the intern hydrodynamic design of
the EDBM cell.

EDBM has numerous advantages in comparison with alternative methods for protein fractionation. The process can be
precisely controlled, as electroacidification rate is regulated by the effective current density in the cell. The in situ generation
and reuse of dangerous chemicals for the environment (acids and bases) suppress the drawbacks and the risks linked to the
handling, transportation, use, and elimination of these products. Moreover, by the use of an electrodialytic system, which is
well known in industry, EDBM technology can easily be transferred to the industrial scale and installation would not need a
complete change of the production process, but only some modifications [2]. However, the main advantages of this technology
are the high-protein recovery yield, up to 53% in comparison with 33% and 17%, respectively, from acid whey and sweet whey
proteins [21,22], and the lower ash content of the isolates.

21.4.7 FRACTIONATION OF MAJOR SOYBEAN PROTEIN FRACTION

Soybean proteins are composed of four protein fractions: 2 S, 7 S, 11 S, and 15 S according to their respective Svedberg units.
The two major reserve soybean proteins are the globulins 7 S or b-conglycinin (37% to 39% of total protein) and 11 S or
glycinin (31%–44% of total protein). They have different intrinsic properties leading to different functional properties. Saio and
Watanabe [158] reported that the 11 S and 7 S have distinct functional properties: 11 S globulin makes much harder tofu gels
than 7 S globulin, precipitates faster, and forms larger aggregates relative to 7 S gels. Ning and Villota [159] found that after
extrusion the 11 S globulin fraction appeared to favor expansion and water-holding capacity of the finished product. Numerous
processes have been patented to separate these proteins based on their different isoelectric points and the capability of the 11 S
fraction to precipitate at low temperatures [160].

Adjusting the temperature to 108C during EDBM allowed a selective fractionation of soybean protein fractions (Figure
21.31a and 21.31b) [43]. In practice, if a sample of precipitated protein was taken at pH 6.2, the protein composition will be
composed of 33.8%, 92.9%, 16.2%, and 8.7% of the original content of the 15 S, 11 S, 7 S, and 2 S fractions, respectively. This
leads to a solution enriched in the 11 S fraction in the precipitate (71.8% of 11 S and 10.8% of 7 S) and to a solution enriched in
the 7 S fraction in the supernatant (46.6% of 7 S and 4.6% of 11 S) [43]. The selective fractionation at low temperature is
explained by the fact that proteins which have a high proportion of hydrophobic to polar amino acids, and therefore have
structures which depend on hydrophobic interactions, are particularly sensitive to denaturation at the freezing point [87].
According to Cheftel et al. [87], soy fractions 11 S and 7 S have relatively high average hydrophobicity values as calculated
using Bigelow’s equation [161]. Consequently, the combination of the differences in low-temperature sensitivity and in the
isoelectric point of both the 11 S and 7 S fractions, the main protein soybean fractions, would allow their selective separation by
BPM electroacidification.
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21.4.8 RECOVERY OF PROTEIN AND COAGULANT AGENT FROM SOY TOFU WHEY

In the tofu-making process, coagulant is added to soy milk at a concentration of 2%–4% (w=w) of the soybeans used in the
batch [162,163]. The coagulating agent can be calcium sulfate or magnesium chloride. The coagulant causes the protein to
aggregate through calcium or magnesium bridging and eventually to precipitate [163]. The combination of coagulant and
subsequent heat processing promotes the aggregation and coagulation of the tofu [163], which is then separated from the
residual soy tofu whey (STW) and further processed. Disposal of STW, which contains substantial concentrations of pentose
and hexose sugars, minerals, proteins, and excess coagulant, is an expensive process that adds significantly to the cost of tofu
manufacturing. Now, the whey is discharged to the municipal sewerage system. By rejecting this waste, an important part of the
protein (about 20%) and the coagulant is lost; furthermore, these salted effluents pollute the environment. Then, recovering the
Mg from STW would decrease the direct cost associated with tofu production while recovering the protein would increase the
production yield.

Electrodialysis (ED), EDBM, and a combined configuration of ED followed by EDBM (EDþEDBM) were evaluated
for the recovery of magnesium (Mg2þ) and protein from STW, where magnesium chloride was used as a coagulant [164]
(Figure 21.32). ED alone was performed in batch process using a constant current of 1 A for 30 min. EDBM alone was
performed in batch process using a constant current of 1 A during the first 40 min, and a constant current of 3 A during the last
20 min of processing, to accelerate the process of electroacidification. In the combined configuration (EDþEDBM), the STW
was first treated in the electrodialysis configuration for 60 min, at 1 A constant current, and then in the electroacidification
configuration for another 60 min, at 1 A. The configurations were compared on the basis of changes in electrical conductivity,
Mg2þ recovery, percent protein precipitation, and energy consumption.

During electrodialysis treatment, total Mg2þ concentration in the STW diminished from 980 to 800 ppm in 30 min: a 18.4%
decrease from the initial concentration. This decrease in Mg2þ concentration is due to Mg2þ migration, from the STW solution
to the concentrate compartment where its concentration increases proportionally. For cheese whey and skimmed milk, Hiraoka
et al. [165] showed that at the early period of demineralization Kþ and Cl� are initially removed followed by calcium,
magnesium, and phosphorus. However, deashing rate of about 60% and 30% for cheese whey and skimmed milk, respectively,
had to be reached before Mg started to migrate. In our case, about 22% of demineralization was reached at the end of the ED
configuration.

During EDBM processing, the pH of STW decreased from 5.5 to 3.4 in 60 min. Changing the current from 1 to 3 A allowed
a better migration of ions in the solutions and resulted in a faster reduction in pH. The soluble protein concentration decreased
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from 660 to 510 mg equiv BSA=L: a 22.7% decrease in 60 min. Moreover, this configuration allowed a 14.3% decrease in STW
Mg2þ concentration (decrease from 700 to 600 ppm).

During the ED phase of the combined configuration, the STW pH increased slightly, as previously noted in the ED
configuration alone, from 5.6 to 5.9 in 60 min. During the EDBM phase, the pH decreased to 4.0; the pH decreases in the same
way in the EDBM configuration and the EDBM step in the combined configuration. The recovery of Mg2þ from STW was
60.5% during the ED phase in 60 min: the demineralization was performed in a linear fashion during this period (Table 21.10).
During the EDBM step, an additional 5% recovery of Mg2þ was achieved. For the soluble protein concentration, 34.7% of total
protein was precipitated during the EDBM configuration step. The combination of the ED and EDBM configurations allowed
the recovery of 65% of the Mg2þ and 34.7% of the proteins from the STW. A demineralization step highly improved the protein
precipitation efficiency of EDBM; the efficiency of EDBM increased by a factor of 2 between EDBM configuration and the
EDBM step in the combined configuration.

Energy consumption, calculated on a 30 min basis, was about 0.69 kW h=kg Mg2þ recovered from STW in the ED
configuration compared to 0.08 kW h=kg Mg2þ for the ED step in the combined EDþEDBM configuration (Table 21.10).
This could result from the higher temperature of 398C for the EDþEDBM configuration compared to only 128C for the ED
configuration. Boer and Robbertsen [166] observed that a 108C change in temperature corresponded to an increase in
conductivity and a higher demineralization rate, which had a positive effect on power efficiency. For the EDBM step, values
of 1.7 and 3.76 kW h=kg Mg2þ recovered were obtained, respectively, for the EDBM and the EDþEDBM configurations. The
higher initial concentration of Mg2þ could also be responsible for the higher electrical efficiency for the ED configuration
compared to the EDBM configuration [164]. The energy consumption for protein precipitation was lower by a factor of 2 when
the STW was partially demineralized by ED before electroacidification by EDBM processing. This confirmed the previous
results obtained for protein precipitation slopes.

The combination of demineralization=protein precipitation is an efficient configuration to recover salts and proteins
from an STW. Electrodialysis is the most efficient configuration for recovering salts. However for protein recovery, the
electroacidification needs a demineralization step to improve its efficiency. Further work is needed to optimize the combined
EDþEDBM configuration. Recovery of Mg2þ and protein from an STW using a two-step process would decrease the
cost associated with tofu production. The recovered Mg2þ could be reused as coagulant thus decreasing the lost of excess
coagulant in the effluents. Furthermore, the protein recovered could be reused in the tofu production to increase the protein
content of tofu.

21.5 OTHER APPLICATIONS: BIOTECHNOLOGY, NUTRACEUTIC, COSMECEUTIC,
AND BIOPHARMACEUTIC

BPMs offer a solution to the cation elimination problem accompanying most organic acids: They allow a salt to be split into the
corresponding alkali and acid solutions. Consequently, BPMs are used in water-splitting processes and offer possibilities for
organic acid recovery from fermentative production. In addition, the decrease in ionic strength induced by cation deminera-
lization coupled with acidification of the solution was also used for the production of phospholipids.

TABLE 21.10
Energy Efficiency, Recovery Rates of Mg and Protein Obtained
for Three Electrodialytic Configurations

Mg2þ Recovery
in 30 min
(ppm)

Protein
Recovery
in 60 min

(mg equiv BSA=L)

Energy
Consumption

(W h)

Relative Energy
Consumption
(kW h=kg Mg2þ

Recovered)

Relative Energy
Consumption

(kW h=kg Protein
Recovered)

Electrodialysis (ED) 174 0 0.96 0.69 N=A
Electrodialysis with bipolar
membranes (EDBM)

35 93 0.34 1.70 0.60

EDþ
EDBM

127 0 0.08 0.08 N=A
21 238 0.47 3.76 0.33

Source: Adapted from Bazinet, L., Ippersiel, D., and Lamarche, F., J. Chem. Technol. Biotechnol., 74, 663, 1999.

Note: N=A¼ not applicable.
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21.5.1 FERMENTATIVE PRODUCTION AND ISOLATION OF LACTIC ACID

Lactic acid is one of the organic acids having a wide use in a numerous fields such as food industry, beverage production,
pharmaceutical industry, chemical industry, and medicine [167]. Today, more than half of the world production of lactic acid is
produced in industrial scale traditionally in simple batch fermentations with low productivities [140]. The conventional
fermentation process produces calcium lactate precipitate, which must be concentrated by evaporation and reacidified by a
strong acid [168]. The disadvantages of the conventional fermentation processes are a low reaction rate, an elaborate product
recovery, a large amount of by-products, and thereby negative impact on the environment. There are other possibilities for lactic
acid recovery, but solvent extraction, direct distillation, adsorption, and other relatively simple methods have certain limita-
tions, which obstruct their wider use [169,170]. Electrodialysis is one of the very promising and perspective methods provided
by the rapid development of membrane processes.

Bipolar membrane ED was used by Norddahl [171] and Norddahl et al. [172] for fermentative production and isolation of
lactic acid (Figure 21.33). A sterilized growth medium as whey permeate from production of whey protein concentrate (WPC)
with an admixture of protein-hydrolyzing enzymes was subjected to continuous fermentation in a fermenter by Lactobacillus
sp. bacteria, which produces lactic acid. The fermentation liquid was ultrafiltrated (cutoff 5000 Da, 7.3 m2 total membrane area)
to retain the retentate containing bacteria culture and nonhydrolyzed whey protein, and allowed dissolved matter to pass,
including lactic acid formed in the fermentation process. Since ammonia was used to control pH fermentation, the lactic acid
was in the form of ammonium lactate. The permeate from the UF process was treated on a chelating resin to bind divalent ions
thus preventing precipitation of calcium salts that might otherwise lead to a slow irreversible scaling of the membrane in a
subsequent electrodialysis treatment of the permeate. The eluate from the ion-exchange resin was concentrated in a two-step ED
process, in which the first step uses conventional ED membranes. In the second step, BPMs separate the salts formed into lactic
acid, inorganic acids, and ammonium hydroxide solution (Figure 21.27). Ammonium lactate was thereby converted to
ammonium hydroxide and lactic acid in two separate streams. The overall recovery rate of lactic acid was quite high, about
85%–90% based on the amount of sugar added to the fermenter [171].

Fermentation

Whey permeate

Ultrafiltration

Ion-exchange resin Chemical acidification
pH < 3.8

Nanofiltration or
reverse osmosis

BPM
electrodialysis

BPM ED
three-compartment

configuration

BPM ED
two-compartment

configuration

Conventional electrodialysis

BPM
electrodialysis

Lactic acid

Lactic acid Lactate partially
demineralized

FIGURE 21.33 Process for fermentative and isolation of lactic acid. (From Bazinet, L., Crit. Rev. Food Sci. Nutr., 45, 307, 2005.)
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This process was simplified from the general process proposed by Van Nispen and Jonker [142], since the feed stream
contained no organic matter that could foul the BPM. Finally, the lactic acid could be purified and concentrated to the desired
concentration using a falling film multistage vacuum evaporator or compression evaporator. Recently, a further development
based on this process provided a novel purification procedure for isolation [172]. After ultrafiltration of the fermentation liquid,
the permeate was acidified (Figure 21.33). The acidification comprises adjustment of the pH to a value of below 3.8, preferably
between 2.5 and 3.0, to below the pKa-value of lactic acid (3.86). As a result, the free lactate ions combine with hydrogen ions
to form lactic acid having no net electrical charge. The resulting acidic solution was then subjected to a nanofiltration or reverse
osmosis process to retain divalently charged ions and molecules larger than 180 g=mol. The permeate, free of calcium and
magnesium was treated by ED in which ion-selective membrane and BPM separate the inorganic salts from the lactic acid
(Figure 21.33). Lactic acid was thus recovered in the feed stream, which was deionized during ED.

Various arrangements are possible for this ED process. Bipolar membrane ED can be operated using a three-compartment
configuration, with separate compartments for brine-, base-, and acid-containing streams [142,171,172] (Figure 21.34). The brine
compartment, to which the lactate is fed, is passed through the membrane stack in the space between the monopolar and anionic
membranes. The base stream is led between the monopolar cationic membrane and the anionic side of the BPM, where the
hydroxide ions are generated. The acid stream is led between the monopolar anionic membrane and the cationic side of the BPM,
where acid is generated. Thus, the anions (mainly chloride) are transported from the brine compartment, through the monopolar
anionic membrane, to the acid compartment, where they combine with protons generated by the BPM to form the corresponding
acid. Similarly, cations (Na, K, etc.) are transported from the brine compartment, through the monopolar cationic membrane, to
the base compartment, where they combine with hydroxide ions generated by the BPM to form bases. In this way, hydrochloric
acid and Na=K hydroxide can be recovered in the acid and base compartments, respectively.

Alternatively, the bipolar membrane ED can be operated using a two-compartment configuration, where either the anionic
(Figure 21.35a) or the cationic (Figure 21.35b) monopolar membranes are omitted. In this mode of operation, only cations or
anions are removed from the feed compartment and replaced with either protons or hydroxide ions. A brine compartment is
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therefore not present in this configuration. A disadvantage of this configuration, however, is that the lactic acid-containing
stream is only partly deionized, since only cations or anions are removed.

This improved process for lactic acid production has the advantage of being simple and inexpensive and resulting in a high-
lactic acid recovery rate requiring fewer steps. According to Norddahl et al. [172], it is possible to reach an overall recovery rate
of about 90%–95% or more than 98% based on the amount of sugar added to the fermenter. Further, several additional
advantages are obtained by the invention, including

1. No need to use chemicals to regenerate ion-exchange materials.
2. Higher operating efficiency, since in contrast to a process using ion exchange, there is no risk of calcium or

magnesium ions passing through the ion-exchange resin; therefore, the process is also easier to control.
3. All the effluent streams are recycled, the acids and bases generated in the optional bipolar ED step being returned to

the process.
4. A reduction in the amount of waste products, since the only waste generated is in the concentrate from nanofiltration,

which contains Ca2þ=Mg2þ ions and colored compounds.

21.5.2 PRODUCTION OF PHOSPHOLIPIDS

Dairy whey is a by-product of cheese and casein manufacture. Cheese whey contains 7–10 g=L of proteins with a high content
of b-lactoglobulin (3 g=L) [173] and about 2–8 g=L of lipids [174]. Whey lipids are composed of almost 66% of nonpolar lipids
and 33% of polar lipids. Polar lipids are mainly phospholipids with 34% phosphatidylethanolamine, 31% phosphatidylcholine,
15% sphingomyelins, 12% phosphatidylinositol, and 8% phosphatidylserine [175]. In comparison with other sources of
phospholipids available in the market (soybean essentially), the dairy phospholipids are original due to the presence of a
high concentration in sphingomyelins and a low proportion of polyunsaturated fatty acids [175]. Hence, the presence of a high
concentration of sphingomyelins in the lipids of the skin suggests a possible use of whey phospholipids in cosmeceutic.
Furthermore, the fact that the fatty acids presented a low rate of polyinsaturation would have a main impact on the susceptibility
to oxidation of these lipids.

Whey is generally concentrated by evaporation and spray dried to obtain WPCs. Over the past several years, WPCs have
been largely used in the food industry as nutritional and functional ingredients. Typically, conventional WPCs are composed of
more than 35% of protein and have a fat content higher than 4% [176]. However, the presence of lipid in these products affects
their functional properties [177] and promotes the development of oxidation reactions, which could impart off flavors [178].
For these reasons, methods to decrease fat content in the final product have been developed. Among those methods, the
thermocalcic precipitation can be cited. It consisted of the addition of divalent calcium ions to the solution the pH of which was
adjusted to 7.3. This solution was then heated to allow aggregation and precipitation of phospholipoprotein complexes
[174,179,180]. These complexes were then eliminated by, for example, microfiltration. With this method, it is possible to
produce a WPC containing less than 0.5% of lipids [181]. However, this microfiltration process have to be optimized to obtain a
satisfactory membrane flow and protein permeation. De Wit and Klarenbeek [182] have found that the decrease of the ionic
strength of whey solutions combined with chemical acidification at pH 4.6 allowed the precipitation of lipoproteins, which
could be separated by decantation. Ionic strength reduction was carried out by demineralization with ion-exchange resins,
electrodialysis, or diafiltration. Another method consisted of an acid precipitation of lipids in a medium with a low-ionic
strength. Phillips et al. [183] and Boswell and Hutchinson [176] have proposed a process consisting of a preliminary
concentration of the whey by ultrafiltration until a solid value of nearly 23% was reached. This intermediate WPC was then
diluted to decrease the ionic strength and was chemically acidified to reach a pH of 4.3. Separation of the fat compounds by
flocculation was then obtained. The clarified product was concentrated by ultrafiltration and dried by an atomization process.
The final product was then composed of less than 1% of lipids [176]. However, the chemical products used for the WPC
acidification present the disadvantage of adding organic or mineral salts which increase the ionic strength of the solution.

Recently, Lin et al. [184] used EDBM technology for acidification and decreasing the ionic strength of a fresh cheddar
cheese whey. In this study, EDBM process was carried out with or without preliminary decrease of whey mineral salts content
by conventional electrodialysis to obtain precipitates with high level of lipids (Figure 21.36). After centrifugation of the treated
whey, composition of flocs and precipitation yields was determined.

Whey centrifugation at 1000 g during 5 min (process 1) allowed a 20.8% recovery of cheddar cheese whey initial lipids (Table
21.10). The other components, proteins and lactose were precipitated at a lower rate (1.1% and 0.6%, respectively). A 32.1% whey
lipid precipitation was obtained in process 2 consisting of an electroacidification to reach a pH value of 3.7 before the centrifugation
step. This represents a 54% increase of precipitation rate in comparison with process 1, with proteins and lactose precipitation levels
quite similar (1.9% and 0.9%, respectively). Demineralization step before electroacidification had only small effect on the
precipitation level: Similar precipitation levels for lipids and lactose were obtained in comparison with process 2 values except
for proteins. Conventional electrodialysis allowed an increase of protein precipitation from 1.9% to 3.3% (Table 21.11).
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Phosphatidylcholine (PC), phosphatidylethanolamine (PE), and phosphatidylserine (PS) have a nitrogen atom in their
structure; then it was possible to estimate the nitrogen content of precipitates from their lipid contents. The calculated nitrogen
content from the phospholipids was close to the total nitrogen values detected in the precipitates (except for the process 3),
which suggests that precipitates were composed mainly of phospholipids. Other constituents should be proteins, lactose, and
mineral salts but at a low level. These latter two compounds could be washed by water.

Lipids recuperation by centrifugation in process 1 was due to residual fat particles. The increase of lipids precipitation
levels in processes 2 and 3 may be explained by the formation of lipids=proteins complexes during electroacidification
precipitates [182]. The protein–lipid interactions that exist in food systems involve hydrophobic interactions between apolar
aliphatic chains of the lipid and the apolar regions of the protein. In model systems, the energy of the protein–lipid interaction
reaches a maximum in the neighborhood of the isoelectric point of the protein [87]. The associations between lipids and
proteins are probably electrostatic interactions involving the phospholipids. The isoelectric point of the b-lactoglobulin, the
main whey protein, is at pH 5.5. So at pH 3.7, the protein carries a positive electric charge [185]. However, some phospholipids
have a negative charge at acid pH like the phosphatidylserine which have, at pH 3.7, two negatively charged groups: the
phosphoric acid group and the carboxylic acid group [186]. An equation, including calcium ion level that represents the
mechanism of protein=lipid complex formation, was reported by Cornell and Patterson [187]:

Pzþ þ nCaLþ e PLn(z�n)
þ þ nCa2þ (21:1)

Process 2

Conventional
electrodialysis

(40% demineralization
rate)

BPM
electroacidification

(final pH: 3.7)

Whey

Process 3Process 1

Precipitate
control

Electroacidified whey
precipitate

Demineralized and
electroacidified whey

precipitate

Centrifugation
(1000 g, 5 min)

FIGURE 21.36 Cheddar cheese whey treatment by conventional electrodialysis and EDBM before final centrifugation.

TABLE 21.11
Whey Components Precipitation Yields

Process 1 (%) Process 2 (%) Process 3 (%)

Lipids 20.8� 3.5 32.1� 4.7 29.7� 2.3
Proteins 1.1� 0.7 1.9� 0.5 3.3� 0.4
Lactose 0.6� 0.4 0.9� 0.2 1.1� 0.1

Total solids 1.5� 0.6 2.3� 0.4 2.6� 0.2
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where
P denotes protein with a charge z
Ca denotes calcium ion
L denotes phospholipid carrying a negative charge
n denotes number of phospholipids bound per protein group

Lau et al. [188] have shown that calcium ions are linked to phospholipids. The binding of calcium with lipids inhibits the
formation of lipid=protein complexes. The decrease in mineral salts, particularly in magnesium and calcium ions, during
processes 2 and 3 promotes the lipid=protein complexes formation. This phenomenon was confirmed by higher precipitation
levels for lipids and proteins in process 3 in comparison with process 1 (Table 21.11). Equation 21.1 also means that an increase
of Pzþ components should improve the lipid=protein complexes formation. This increase of Pzþ may be obtained by a
concentration step of whey solutions by ultrafiltration.

On the basis of these observations, further works were carried out by Bazinet et al. [189] to evaluate the effect of protein
concentration on the lipid precipitation. In this second study, a WPC with 55% of protein on dry basis was used. WPC
electroacidification was carried out with or without preliminary demineralization by conventional electrodialysis. The effect of
the ionic strength on precipitation rates of fats was also evaluated by water dilution of the WPC samples.

Products A1, B1, and C1 which were the supernatants coming from the centrifugation of products A, B, and C (Figure 21.36)
presented similar levels of total solids and proteins (Table 21.12). However, the fat contents are significantly lower in products B1

andC1: lipid levels in supernatantsA1, B1, andC1were 0.63%, 0.55%, and 0.47%, respectively. Then, the EDBMprocess resulted in
an increase in the rate of lipid precipitation (35% yield) in comparison with a single-step centrifugation. The demineralization
process carried out under the given conditions did not induce a destabilization of the lipids matter which could have resulted in a
higher lipid precipitation.However, amore important decrease of the ionic strength can have significant effect on lipids precipitation.
This was the object of the second part of this study on the decrease of the ionic strength of solutions by dilution of the acidifiedWPC.

Hence, in products from D to I, which were the supernatants obtained after dilution, decantation, and centrifugation of
previous products, respectively, significant drops in protein and lipid levels were observed in comparison with the initial
product composition (Table 21.12). Only samples H and I had a protein level different from the other samples (Table 21.12).
The decrease of protein content was of 9% and 8%, respectively, for these products. This suggests that a part of the protein in
the supernatants has precipitated. This could be explained by their lower ionic strength (conductivity of 0.4–0.8 mS=cm).
Products D, E, F, and G had similar protein contents. In a general manner, the acidification by EDBM followed by a dilution
resulted in the preservation of more than 90% of the protein present initially. For the fat content, the more important decrease
was observed for products E and F with a respective reduction of their lipid contents of 73% and 66%. In second position are
products H and I with 49% and 45% respective reduction of lipids levels (Table 21.12). These different precipitation levels
might be explained by the initial fat contents of the products. Effectively, products E and F obtained from samples B and C
contained between 0.72% and 0.78% of fat while products H and I obtained from products B1 and C1 have fat levels between
0.47% and 0.55%. Samples dilution following the EDBM step resulted in a reduction of lipids from 0.78% to 0.21%, a decrease
of nearly 73% of initial content in WPC lipids. It also resulted in clarified supernatants with a low level in lipids and with the
majority of the proteins present initially.

This new process would have two advantages, the production of a phospholipid-enriched fraction, which could be used in
cosmeceuticals and nutraceuticals and a purified (demineralized and delipided) and more valuable protein fraction after
concentration of the whey. EDBM process could be a part of the first step of WPC treatment for the valorization of the
whey in the form of lipid fractions of different nature. In comparison with the chemical acidification, EDBM process has the

TABLE 21.12
Protein and Lipid Contents of Initial Samples (A, B, C, A1, B1, and C1)
and of the Diluted Samples Supernatants (D to I)

Products
Protein

Content (%)
Fat Content

(%) Products

Protein
Content (%)
Multiplied by
Dilution Factor

Fat content (%)
Multiplied by
Dilution Factor

A 9.27 0.76 D 9.25 0.54
B 9.72 0.78 E 9.57 0.21

C 8.89 0.72 F 8.04 0.24
A1 9.01 0.63 G 9.00 0.50
B1 9.63 0.55 H 8.80 0.28

C1 8.84 0.47 I 8.17 0.26
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advantage of offering continuous acidification without the addition of salt. This could allow, in an industrial process, (1) to
maintain a low-ionic strength of the solution, for example, before or after WPC dilution and (2) to produce a purified WPC
(with a low ash level).

21.6 SUCCESSFUL EDBM INDUSTRIAL PLANTS

Authors are grateful to Eurodia Company (Wissous, France) for its contribution to this part.

21.6.1 HISTORY OF ELECTRODIALYSIS WITH BIPOLAR MEMBRANES

Over the past 15 years, more than a dozen known commercial plants totaling about 2500 m2 of BPMs have been installed
throughout the world. These membranes came from two suppliers: Aqualytics Corporation (Warren, New Jersey) and
Tokuyama Corporation (Tokyo, Japan) (Neosepta).

Table 21.13 reviews the (known) different plants installed worldwide with above membranes and the corresponding
estimated membrane area. The first bipolar system was delivered in 1986 to Washington Steel in Pennsylvania for the recovery
of hydrofluoric and nitric acids from stainless steel pickling liquor and the most recent one has been installed in China for the
production of an organic acid. In the last few years, some of the plants in operation in the United States have been closed due
mainly to overall plant shutdowns, product line changes, or other economical reasons.

Therefore, we know of about 1850 m2 of BPM currently (or soon) in operation, mainly for the production of
specialty and fine chemicals, such as amino and organic acids. The limited number of EDBM plants in operation is the
result of many factors, mainly industry concerns over reliability and cost. The relatively high investment of EDBM systems
limits its use so far to higher value products. However, improvement in stack and plant design, as well as overall process
design, allows its use for the production of a growing number of products. Already, four new plants have been installed in the
last 2 years.

TABLE 21.13
Different Plants Installed Worldwide Operating with Aqualytics and Neosepta BPMs (Tokuyama Corporation)

EDBM Plants Installed

Year United States Asia Europe

1986 Pickling liquor recovery (stainless steel)a

1994 HF recovery (chemical industry)a

1995 Organic acid production (agro industry)a

Inorganic acid production (chemical
industry)a

1996 Organic acid production (specialty chemical
industry)

Methane sulfonic acid production
(Italy) (specialty chemical industry)

1997 Organic acid recovery (specialty chemical
industry)

Organic acid production (specialty chemical
industry)

Organic acid production (France)
(agro industry)

1998 Inorganic acid production (chemical

industry)

Amino acid production (France)

Organic acid production (Czech
Republic) (agro industry)

1999 Amino acid production (pharmaceutical

industry)
2001 Organic acid production (specialty chemical

industry)
2002 Organic compound production (fine chemical

industry)

Organic acid production (China) (agro

industry)

Organic acid recovery (Germany)

(pharmaceutical industry)
2003 Organic acid production (specialty chemical

industry)

2004 Organic acid production (dairy industry)

Total installed
BPM area
(estimated)

1660 m2 650 m2 700 m2

a Closed
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21.6.2 EDBM: A COST-EFFECTIVE SOLUTION FOR THE PRODUCTION OF SPECIALTY AND FINE CHEMICALS

21.6.2.1 Criteria for the Application of EDBM

The effective utilization of EDBM requires the following conditions:

. Total multivalent cations content in the treated fluid was in the range less than 1–5 ppm. Indeed, the multivalent
cations may precipitate by association with OH� ions in the stack. This precipitation may occur in the CEM during the
ionic transfer from the acid to the base compartment, thus destroying this membrane. It is to be noted that the BPM is
not affected by this problem.

. Feed concentration in organic acid salt greater than 1 equiv=L: this specification allows a reduction of the membrane
area required for the conversion because the current density can remain high enough during most of the conversion.
This leads to a decrease of both the investment and operating costs.

. Operating temperature lesser than 408C.

. No oxidizing compounds. These requirements are related to the materials used to manufacture the membranes.

21.6.2.2 Organic Acid Production in France

Eurodia Industry delivered an EDBM plant in 1997 in France for the production of an organic acid from its sodium salt
(Figure 21.37). The acid, produced by fermentation, must remain confidential as well as the name of the customer. The plant
was initially designed to produce 2600 mton=year of acid (100%) over 8000 h of operation. Two EUR20-240 stacks with 81 m2

of effective cell area were initially installed in the two-compartment configuration (see Figure 21.37) with Neosepta CMB
cation-exchange and BP1 BPM. The acid conversion rate (purity) is 98% with a concentration of 390 g=L: this is equivalent to a
final conductivity of 3 mS=cm. The NaOH was initially produced at a concentration of 6 wt% to be reused in the fermentation
(most microorganisms do not like acidic conditions). The plant initially operated in a batch mode to consistently meet the
customer requirements. The initial battery-limit investment was £1,050,000.

After several years of operation, a membrane life of 20,000 h was reached for the BPMs, while the CEMs have been
replaced after 18,000 h. The electrodes have not been changed until now. The customer has increased the capacity in several
steps by adding several EUR20 and EUR40 stacks and an additional capacity expansion is being considered. By changing the
operation from batch mode to feed and bleed, the base concentration could be increased from 6 to 8 wt% with the same current
efficiency (for a new plant, the NaOH could be produced at 10 wt%). The main operating costs are power at 0.88 kW h=kg of
produced acid and membrane (electrodes) replacement at 0.077 £=kg.

21.6.2.3 Acetic Acid Production in Germany

In 2002, Eurodia has supplied chelating resins and bipolar ED plant for 1700 ton=year acetic acid production, which represents
450 m2 as total membrane area (Figure 21.38). The purpose of this application is to recover acetic acid from sodium acetate
waste effluent and to reuse it in the process. The feed flow of sodium acetate concentration at 210 g=L is 1.5 m3=h and 91.5% is
converted in acid. Acetic acid is recovered at 3 N and sodium hydroxide at 1.5 N. This plant was built according to
pharmaceutical standards.

(a) (b)

FIGURE 21.37 (See color insert following page 588.) Organic acid production in France. (From Eurodia Co.)
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21.6.2.4 pH Adjustment of Wine

After the development of wine stabilization by conventional ED, INRA Pech-Rouge with Eurodia has developed a
new application of EDBM for wine. In many regions, the pH of wine is quite high. To improve the quality, the pH of wine
must be increased from 0.3 to 1 pH unit. The EDBP allows this pH decrease in continuous treatment with a high efficiency
and without any addition of chemicals (Figure 21.39). The official European Community approval is under progressing for
this technology since 2005. This application is allowed in United States after getting Food and Drug Administration approval
in 2004.

21.6.2.5 EDBM Included in Complete Processes

As previously mentioned, the efficiency of EDBM, as a single-unit operation, has been demonstrated for the recovery=produc-
tion of specialty chemicals. However, to propose overall cost-effective solutions, EDBM has frequently to be considered as one
step of a complete process. As an example, the process reported in Figure 21.40 could be proposed for the production of an

FIGURE 21.38 (See color insert following page 588.) Acetic acid production in Germany. (From Eurodia Co.)

FIGURE 21.39 EDBMs for the stabilization of the wine pH. (From Eurodia Co.)
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organic acid, such as lactic acid starting from sodium lactate produced by fermentation. The heart of the process is the
conversion step performed by EDBM. To meet the feed requirements of EDBM (see above), the fermentation broth is first
clarified by microfiltration. Then, the divalent cations content is lowered to a range of 1–5 ppm. The target species, i.e., sodium
lactate, are concentrated and purified by conventional electrodialysis. After the conversion of sodium lactate into lactic acid, the
product is purified by ion-exchange resins.

It is to be noted that the environmental impact is greatly reduced compared to traditional precipitation processes. Indeed,
recycling can be optimized to the extent that the only environmental discharge is due to the use of ion-exchange resins.
Furthermore, the effluent generated by the divalent cation removal step can be reduced by coupling both ion-exchange and
membrane techniques. In 2002, Eurodia sold an equipment for a 2500 ton=year of lactic acid production in China. It consisted
in three conventional ED stacks EUR40 and two EUR40 bipolar stacks, which represent a total membrane area of 2310 m2

(Figure 21.41). An ultrafiltration skid with organic membranes was installed to clarify the fermentation broth.

Effluent

Base recycling

Diluate recycling

Cells
recycling

Fermentation Clarification
Removal of

divalent
cations

Conventional
ED

Bipolar
ED

Purification

Organic acid

Effluent
Water

Sugars
nutriments

H2O

FIGURE 21.40 Organic acid production from a fermentation step. (From Eurodia Co.)

(a) (b)

FIGURE 21.41 (See color insert following page 588.) Electrodialysis stacks. (a) Aqualyzer EDC (conventional ED) and (b) aqualyzer
EDBP (EDBMs). (From Eurodia Co.)
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21.7 CONCLUDING REMARKS AND PERSPECTIVES

EDBM is a recent technology, which appeared only in the 1980s, with the first commercial BPMs. Twenty years later of
commercialization, lots of commercial plants are in operation and the demand for this technology grows up due to improved
economics resulting from better design for ED stack and operating conditions.

EDBM has numerous advantages. Among others, (1) it uses electricity to generate the desired ionic species to acidify or
alkalinize the treated solutions, (2) water dissociation at the BPM interface is continuous and the process can be precisely
controlled by the effective current density in the cell, (3) the in situ generation and reuse of dangerous chemicals for the
environment (acids and bases) suppress the risks linked to their handling, transportation, and elimination, (4) the water
consumption is lower by reuse of a part of the effluents generated and a low-energy consumption, and (5) the duration life
of BM is more than 10,000 h, and reaches 20,000 h for specific applications.

However, some disadvantages of EDBM still exist: (1) the cost of equipment, which limits its use to high value products,
(2) the permselectivity of the associated AEMs, decreasing the effectiveness of the BPM. In addition, presently, the
development of EDBM is always limited by the number of applications, which are mainly focused on acid=base production.
But, the selectivity and the lifetime of associated homopolar membrane are continuously increasing owing to researches in
polymer science, along with the quality of new BPM. Food, nutraceuticals, biotechnology, and pharmaceutic are and will be in
the future very interesting fields of application for combining all the advantages of BPM technology in a more competitive
market. Promising applications for the production or recovery of organic and amino acids, as well as other specialty=fine
chemicals and biomolecules are under study. The development of the technology, and its application in the agri-food and bio-
industries, will surely help to minimize the cost of the BPMs equipment. In the future, EDBM would have to be considered as a
step of a complete process and not as a single-unit operation, to discover its multiple potential uses not only in the chemical
industry.

ABBREVIATIONS

AEM anion-exchange membrane
CEM cation-exchange membrane
IEM ion-exchange membrane
BPM Bipolar membrane
EDBM Electrodialysis with bipolar membrane
COD chemical oxygen demand
PPO polyphenols and polyphenol oxidases
SPC soy protein concentrate
STW soy tofu whey
WPC whey protein concentrate
WPI whey protein isolate
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22.1 INTRODUCTION

22.1.1 GENERAL OVERVIEW

Microfiltration (MF), ultrafiltration (UF), nanofiltration (NF), and reverse osmosis (RO) are the four major membrane processes
that have become standard unit operations in the dairy industry. They often offer cheap capital and utility costs and have
displaced conventional separation techniques that require phase change, such as the energy-intensive distillation, evaporation,
or freeze concentration. Membrane processes require only small amounts of electrical energy for pumps and small amounts of
steam for heating cleaning solutions, so that even RO, which is the most energy intensive of membrane processes, offers
economic advantage. Also, unlike most separation processes, which require tall and hence more expensive buildings,
membrane systems are relatively compact and they may often be accommodated in existing buildings [1–3].

Since their introduction in the 1960s, membrane technologies have been utilized in food industries because they provide a
unique opportunity for accomplishing both the fractionation and the concentration of components in liquid systems without
phase change, while retaining desirable physical and chemical characteristics of key food components. Two of such food
commodities with various components of desirable functional properties and health-enhancing effects, especially when utilized
in purified form, are milk and whey [4–6].

22.1.2 CURRENT AND NEW APPLICATIONS

Both retentate and permeate from membrane separation techniques have become important starting materials in producing
novel products and ingredients from milk of unique functional properties and organoleptic quality. Henning et al. [7]
enumerated the current and new applications of membrane technologies in the dairy industry, which include

. Microfiltration processing for clarification and defatting of cheese whey, for selective separation and concentration of
micellar caseins from milk for various purposes, for fractionation of caseins and their peptides, for recovery of native
whey proteins from milk, for gentle sterilization of milk to produce extended shelf life liquid milk and cheese milk, for
fractionation of globular milk fat and its components, for the reduction of microorganisms in cheese brine, and for the
removal of colloidal particles in membrane cleaning solutions.

. Ultrafiltration processing for whey proteins concentration and fractionation, for recovery of lactose from milk and
whey, for total milk protein concentration for the production of milk protein concentrate (MPC) or milk protein isolate
(MPI), for milk standardization for continuous mechanized manufacture of cheese and other fermented products, and
for production of high-solids milk base for dried milk production.

. Application of RO in the partial demineralization or pre-concentration of whey, and the treatment of dairy effluents.

. Application of NF in the simultaneous demineralization and concentration of whey, concentration of lactose from the
permeate of the UF whey, and the purification of membrane cleaning solutions.

22.2 MEMBRANE-BASED PROCESSES AND THEIR USES

22.2.1 MICROFILTRATION

Microfiltration is a technique that allows the differential concentration in the retentate of the feed components that are larger
than the average pore diameter of the membrane [8]. Developed as early as 1929 by Sartorius-Werke, in Germany,
microfiltration is one of the oldest filtration technologies whose main use was for water and beverage sterilization [9,10].
MF membranes have pore diameter ranging 0.1–10 mm, which can selectively separate particles with molecular weights >200
kDa based on sieve effect [8,11,12].

The advent of ceramic membranes that can withstand pH range from 0.5 to 13.5, or from 0 to 14 for some membranes, such
as Membranlox, and temperatures over 1008C provided significant advantages in terms of chemical, thermal, and mechanical
stability over the more available polymeric membranes [13]. This and the invention of crossflow microfiltration (CFMF), which
is an economic and efficient method for purification of fine particle or proteins, increased the utilization of MF in the dairy
industry [14]. Today, CFMF is utilized in the dairy industry in three major applications: (1) removal of bacteria, (2) whey
defatting, and (3) micellar casein enrichment of milk for cheesemaking and other applications [10]. A fourth and relatively new
application of MF in dairy processing, which is based on the pioneering work of Goudédranche et al. [15], is the recovery and
fractionation of native milk fat globule from milk, or even from mixed milk, and whey cream [16,17].

22.2.2 ULTRAFILTRATION

Ultrafiltration involves the separation of molecules in solution predominantly according to their sizes and shapes as well as
charges and affinity for the membrane [18–20]. It involves the use of membranes with a molecular weight cut-off (MWCO) in

Pabby et al./Handbook of Membrane Separations 9549_C022 Final Proof page 636 13.5.2008 1:57pm Compositor Name: BMani

636 Handbook of Membrane Separations



the range of 1–300 kDa and a pore size of ~0.01 mm, which operate at a pressure of <10 bar (1000 kPa) [11,21]. The nominal
MWCO of UF membranes makes them appropriate for processing colloidal suspensions to filter particles or dissolved
macromolecules that are <1 mm in size [11]. For this reason, crossflow UF is used in a wide range of applications
other than those in the food industry, such as biotechnology, pharmaceutical industry, and water and wastewater treatments
[21]. When used in milk processing, UF results in a retentate containing proteins, fat, and colloidal minerals at higher
proportions than that found in untreated milk, and permeate consisting water, minerals, lactose, nonprotein nitrogen (NPN)
compounds, and water-soluble vitamins [11].

The application of UF in the dairy industry started, in the early 1970s, with the separation and concentration of whey
proteins from cheese whey to protein-rich retentate and lactose-containing permeate [22–24]. Later, it was introduced as a
cheese manufacturing technology, also in the early 1970s, for its potential in increasing cheese yield by the incorporation of
whey proteins and other milk constituents in the cheese matrix while allowing a greater degree of control over cheese
composition [3,25–28]. Cheesemakers recognize UF technology as more flexible than traditional processing methods and
give unique opportunities to meet the demand for large product diversity [29]. The introduction of the thermal and pH resistant
polysulfone membranes in the market in the mid 1970s, and the development of ceramic membranes and improved polysulfone
membranes in the 1980s contributed to the advancement of UF technology, which was followed by explorations of different
applications of UF in the dairy industry [26,29]. Among such applications are the potential of UF as a method for standardizing
milk composition and clot-forming properties, and as a technique for developing new cheese varieties with different textural
and functional characteristics [27,30–32]. Presently, concentration and purification of milk proteins to produce MPCs and MPIs
are two of the important applications of UF in milk processing [33].

The purification process for UF retentates is optimized by including a diafiltration (DF) step [3,34]. Compared with
conventional processes, UF with DF has the advantage of allowing high product purity and process yield such as the removal of
lactose from milk to the desired degree [3,35]. This process commonly includes three basic steps: (1) a pre-concentration stage,
(2) a DF stage to purify the retentate and permeate, and (3) a final concentration stage to maximize the concentration of high-
molecular weight solute in the retentate [35].

22.2.3 REVERSE OSMOSIS

Reverse osmosis membranes are characterized by an MWCO of ~100 Da, and the process involves transmembrane pressures
(TMP) of 10–50 bar (1000–5000 kPa), which are 5–10 times higher than those used in UF [11,36]. Unlike UF, the separation
by RO is achieved not by the size of the solute but due to a pressure-driven solution–diffusion process [36]. Like UF
membranes, RO membranes are uniquely structured films from synthetic organic polymers and consist of an ultrathin skin
layer superimposed on a coarsely porous matrix [3]. The skin layer of the RO membrane is nonporous, which may be treated as
a water-swollen gel, and water is transported across membrane by dissolving in this gel and diffusing to the low-pressure side
[3]. In the dairy industry, RO is used to concentrate milk or whey by removal of water and ionized minerals [11].

22.2.4 NANOFILTRATION

Nanofiltration separates particles with molecular weights in the range of 100–500 Da and allows the rejection of ions based on
their diffusion characteristics and charge [11,24]. NF separation is governed by mass transfer phenomena, which comprises
diffusion and flow through pores and involves the use of membranes that are tight enough to retain lactose when utilized for
dairy applications [11,24]. Due to the tightness of the membrane, Jelen [37] suggested that the NF process can be considered as
an ultratight UF or as a loose RO. Somewhat similar to UF, NF is able to perform simultaneous separation and concentration
functions and is commonly used in the dairy industry to process UF and MF permeates [24,36]. NF is often utilized in the
concentration and partial demineralization of the UF permeates in whey processing [37].

22.3 INDUSTRIAL APPLICATIONS

22.3.1 CONCENTRATION AND FRACTIONATION OF WHEY PROTEINS BY ULTRAFILTRATION

To date, the fractionation and concentration of whey proteins from cheese whey remain to be one of the more successful
industrial applications of UF [22–24]. Due to flux decline during operation, however, Mulvihill and Ennis [38] reported that the
practical limit for whey concentration by UF in modern plants is around 24% total solids, with a protein:total solids ratio limit
of ~0.72:1. DF is used to achieve a higher ratio of protein to total solids, ~0.80:1, and a total solids content of about 28% [38].

The efficiency of UF in whey processing is limited by a few factors, the most significant of which are concentration
polarization and membrane fouling [6,39–41]. While both factors, which adversely affect permeate flux, may be aggravated by
protein–protein and membrane–protein interactions [23,40,42–44], they may also be minimized by choosing suitable mem-
brane material and configuration as well as the appropriate process conditions such as TMP, feed velocity or recirculation rate,
temperature, and the chemical environment of whey [42,45,46].
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The membrane material and the molecular conformation of the whey proteins are of considerable influence on flux decline
[40,41,47]. Opposite charges on the whey proteins and the membrane induce protein–membrane electrostatic attractions that
initiate protein adsorption on the membrane surface [23,40,46]. This may result in the undesirable denaturation and aggregation
of the adsorbed proteins, especially at high-shear operations [48,49]. To date, the polymeric polysulfone membrane remains to
be the most widely used membrane in whey UF primarily because of its low cost, good thermal stability, and mechanical
properties [6,50]. It is commonly believed that compared with ceramic membranes and hydrophilic polymeric membranes, the
hydrophobic polysulfone membrane gives low fluxes and more severe fouling [40]. However, Doyen et al. [43] showed that in
the UF of whey, practically the same flux=concentration factor and whey permeability coefficient are obtained using
polysulfone and ceramic membranes. The minimization of the hydrophobic and electrostatically induced interactions between
polysulfone membrane and whey proteins, especially denatured whey proteins, which lead to massive fouling is still a
challenge to date [40,42,51,52].

While a-lactalbumin (a-La) was found to have the greatest gel-forming tendency in UF of whey using polysulfone
membranes and is the cause of immediate loss of initial flux, b-lactoglobulin (b-Lg) has great effect on long-term fouling
[23,47]. Although whey proteins themselves are the major foulants, calcium and phosphates have been directly implicated with
membrane fouling as possible catalysts or bridging agents between the proteins and the membrane or the proteins themselves,
and the formation of insoluble calcium salts [23,41,47,53,54]. Rao [41] observed that for both sweet whey and acid whey, flux
was controlled by fouling through gradual adsorption of whey proteins to the membrane surface and pore plugging by
precipitated calcium phosphate. Hanemaaijer et al. [23] found that the UF membrane characteristics do not influence the
deposition of calcium phosphate as strongly as pH and temperature. They observed membrane rejection of Ca at higher pH and
temperature because its solubility decreases at these conditions [55]. Their findings were consistent with those of Kuo and
Cheryan [45]. Labbé et al. [54] found that phosphates, either calcium phosphate, apatite and hydroxyapatite at pH 6.9, or
sodium hydrogen phosphate at pH 5.6, were the main mineral foulants in the UF of raw and clarified whey using ceramic
membranes. The same authors suggested the formation and adsorption of calcium–phosphate–protein complexes on the
membrane surface at high pH. This explains the gelatin-like and firmly compacted fouling layer at high pH and the loose
fouling layer at low pH observed by Kuo and Cheryan [45]. Using sweet whey, data by Hanemaaijer et al. [23] showed that
calcium permeates satisfactorily through an acrylic copolymer membrane (30 kDa MWCO) at pH 6.0 and 458C at a permeate to
initial feed calcium content ratio of about 0.9 after 2 h of process time. Marshall and Daufin [56] pointed out that around pH 6,
calcium changes to a more soluble form and that phosphate is in the soluble sodium hydrogen phosphate.

Using tubular ceramic membrane, Aimar et al. [19] showed that in the UF of sweet whey at pH 6.3, there was no
considerable difference in flux plateau values at crossflow velocities from 1.8 to 4.0 m�s�1 at 508C and TMP of 3 bar (300 kPa).
This seems to indicate that the critical TMP in UF of whey is ~3 bar (300 kPa), although the absolute flux plateau values might
be affected by pH and the membrane material and configuration. Kuo and Cheryan [45] found that the critical TMP in the UF of
pre-filtered cottage cheese whey, acidified to pH 3, at 508C using 20 kDa MWCO polysulfone membrane in spiral wound
configuration, was between 3.1 and 3.5 bar (310 and 350 kPa). At higher pressures, these authors pointed out that, even at high
flow rates, flux declined rapidly due to extensive fouling and deposit layer compaction, reiterating that higher flow rates are
beneficial only at pressures below some critical pressure [40,49]. Brans et al. [6] suggested that concentration of whey should
be carried out just above the critical pressure where flux is equal to the limiting flux, to achieve optimal operation. Kuo and
Cheryan [45], however, did not observe the critical TMP for hollow fiber module because of the limited pressure rating of the
module.

Although flux decline may be minimized through appropriate process variables, energy consumption is a function of these
variables [22]. While TMP–flux relationships (for pressure-controlled systems) and fluid velocity–flux relationships (for mass
transfer-controlled systems) are relatively independent of module design [22,40,43], the pressure drop–fluid velocity relation-
ship, and thus energy consumption, is a characteristic of the particular module design [22]. Polysulfone membranes are usually
in the spiral wound or hollow fiber configurations. The available hollow fiber modules in the industry are limited by their low
TMP ratings. The spiral wound modules, which can withstand higher pressures and are able to minimize the occurrence of
concentration polarization, involve the lowest in capital and operating cost compared with other configurations [57–59].

Depending on process objective, UF can be carried out below, above, or at the critical TMP in which the flux ceases to
increase linearly with increase in TMP, and therefore, referred to as the limiting flux [6,49]. When the feed solute concentration
is low, higher TMP is required to achieve the limiting flux [60]. Therefore, using the spiral wound configuration to concentrate
large volume of low solute-concentration feed, such as whey, is practical. On the other hand, the hollow fiber configuration has
the advantage of giving higher flux than the spiral wound due to higher shear rates developed in the module for the
same pressure drop [22,58]. This would be of advantage for high solute-concentration systems, such as pre-concentrated
whey, where permeation is more likely to be mass transfer controlled and a high crossflow velocity is needed to maintain
reasonable flux [6,22].

In concentrating whey proteins, DF is employed, in which water or buffer is continually added to the retentate while lactose
and minerals are simultaneously removed in the filtrate, to increase whey protein purity [4,52,61]. This is commonly done in
constant-volume mode where water or buffer is added to the retentate at the same rate as permeation. There is an optimum
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protein concentration in the retentate at which DF can be commenced where the trade-off between permeate flux and the
number of diavolumes are balanced, and only the minimum membrane area or process time is necessary [62,63]. Using 20 kDa
MWCO polysulfone membrane sheets, Nilsson [18] found that, in the UF of reconstituted WPC-80, the relative flux reduction
increased with protein concentration and then plateaued up to about 3.2% protein concentration in the retentate. Above this
concentration, the relative flux reduction increased sharply. Cheryan and Kuo [22] showed that at 3.35 bar (335 kPa) TMP and
508C, the flux approached a minimum when the retentate reached about 3% protein concentration using polysulfone spiral
wound membrane while the flux in the polysulfone hollow fiber is four times higher (Figure 22.1). This suggests that DF may
be effectively carried out after 3% protein concentration in the retentate has been reached.

22.3.2 PRETREATMENT OF CHEESE WHEY BY MICROFILTRATION

Most commercial whey protein concentrate (WPC) and whey protein isolate (WPI) are produced from classic cheese whey.
To remove cheesemaking remnants, such as starter culture bacteria, enzymes, glycomacropeptide, and fat, the whey is
clarified, pasteurized and, in the case of acid whey, decalcified before WPC or WPI manufacture [58,61,64]. Although
clarification processes, such as pH adjustment or salt addition followed by gravity settling or centrifugation, are useful in
removing colloidal calcium phosphate and protein–mineral complexes, they do not remove phospholipoprotein complexes
and the smallest milk fat globules [65]. A number of authors have demonstrated the detrimental effects of fat on the
functional and keeping quality of whey concentrates [61,66,67]. Centrifugation reduces the fat content of whey down to only
0.05%, which is predominantly small fat globules between 1 and 2 mm in diameter, and increases up to 3% when whey is
concentrated by UF [68].

Pretreatment of cheese whey by MF has emerged as a necessary step in producing WPI and WPC of varying whey protein
content [69]. The MF of cheese whey has two specific applications: (1) defatting of whey and (2) removal of bacteria, or cold
pasteurization, to produce high-quality WPC or WPI of valuable functional and health or medical properties [70].

Tanny et al. [71] proposed CFMF as a potential solution to the fat removal problem in whey. Using 1.2 mm pore size MF
membrane to clarify sweet cheese whey, Merin et al. [68] observed a permeate that was totally free of fat, while containing all
the other whey components. Compared to the centrifuge-separated and nontreated whey, Merin et al. [68] reported 30%
increase in permeation flux when the MF permeate was used as a feed stream in UF to produce WPC. They explained that this is
probably due to the absence of small fat globules and casein fines in the MF permeate, which were suggested as major
contributors to permeation resistance in the UF of sweet whey. The same group observed reduction of bacteria in the MF
permeate by 1 to 2 orders of magnitude.

Rather than the thermo-calcic aggregation of lipoproteins and subsequent MF, Pearce et al. [72] showed the efficacy of
CFMF in the direct removal of residual lipids from separated and pasteurized cheddar cheese whey. Results of their study
indicated improvement in the foaming ability of the defatted whey products. Using 0.22 mm cellulosic membrane, Hawks et al.
[67] showed that MF is more effective in reducing the fat content of both acid whey and sweet whey compared with
centrifugation. However, while MF is effective in removing PLPC, it also partially retains whey proteins, specifically bovine
serum albumin (BSA) and immunoglobulin-G (Ig-G) [65]. The extent of retention depends on physicochemical and hydro-
dynamic conditions during the MF process.
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FIGURE 22.1 Variation of flux with protein concentration during UF of cottage cheese whey. (From Cheryan, M. and Kuo, K.P., J. Dairy
Sci., 67, 1406, 1984. With permission.)
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22.3.3 CHEESE MANUFACTURING

22.3.3.1 Ultrafiltration of Milk

The French government’s dairy research laboratory, the Hungarian Dairy Research Institute, and the Australian Commonwealth
Scientific and Industrial Research Organization can be given credit for propelling the UF of milk forward [70]. Since the
pioneering work of Professor Maubois and colleagues in France in the 1970s, the concentration of total milk proteins by UF has
been utilized extensively in the dairy industry to create a liquid pre-cheese for the production of soft cheese such as feta and
Camembert [70,73,74]. In this process, the appropriate amount of water, lactose, and minerals are removed by UF from the
milk, to make the pre-cheese, before coagulation and fermentation [25,28,70]. Using the UF pre-cheese, rennet coagulation
could take place with the incorporation of whey proteins in the cheese matrix, which substantially increases the yield per liter of
milk by 16%–20% while enabling the attainment of a more uniform product [25,28,70].

Ultrafiltration may be integrated into the cheesemaking process either for partial milk concentration or full milk concen-
tration (Table 22.1), in which cutting and whey drainage are entirely eliminated and 100% of the whey proteins of milk are
retained in the cheese matrix [28,75,76]. The reduced volume of the liquid pre-cheese and the absence of whey drainage from
the curd when UF pre-cheese is used lead to the reduction of rennet requirement by ~80% compared to what is usually needed
in conventional manufacture of cheese [25,77].

Pedersen and Ottosen [29] calculated ~13%–14% reduction in skim milk requirement in the German quarg cheese
production if UF is employed rather than the conventional thermo-separator technique to recover acid whey after fermentation.
They further estimated that the raw material savings for other UF fresh acid cheeses production including cream cheese are in
the order of 4%–6% and 0.5%–1.5% fat. In the UF process described by Pedersen and Ottosen [29], the UF is carried out
following heat treatment of milk (958C for 5 min) and fermentation (pH 4.4–4.6), recovering acid whey from the UF step by the
end of the process. Schkoda and Kessler [75] suggested the reduction of acid whey drainage by modifying this conventional UF
process. They suggested the inclusion of twofold pre-concentration of skim milk by UF before heat treatment (UF–UF process).
However, pre-concentration of skim milk by UF was reported to cause bitterness in quarg cheese and other fresh cheeses due to
the higher buffering capacity of retentates compared with normal milk, the increased starter growth and possibly the high
concentration of calcium in the UF milk [78]. Schkoda and Kessler [75] proposed the use of mesophilic starters of sufficient
activity to ensure adequate acid and flavor production in the UF milk and lactose concentration of up to 9% in the retentate. The
authors showed that the fresh cheese produced from the UF–UF process had the same quality attributes as those produced from

TABLE 22.1
Composition of UF Raw Milk, Skim Milk, and UF Milk at Different Concentration Factors

Sample pHb % TSb % Protein
Temperature

(8C)
TMP
(kPa) Membrane Module References

3x concentrate — 29.71 20.44 60 — Abcor 22S HFM polystearine,

20 kDa MWCO

[194]

Skim milk — 8.61 3.22 [133]
5x concentrate — 20.90 15.16 38 213 Abcor spiral wound UF model 1 [133]
Skim milk — — 3.42 [78]

2x concentrate — — 6.85 50 121 Amicon H43 PM30; 30 kDa MWCO [78]
4x concentrate — — 13.51 50 121 Amicon H43 PM30; 30 kDa MWCO [78]
5x concentrate — — 17.10 50 121 Amicon H43 PM30; 30 kDa MWCO [78]

2x concentrate 6.70 13.2 6.80 50 134 Romicon HF15–43-PM50;
50 kDa MWCO

[90]

Skim milk 6.72 9.1 3.10 [80]

2x concentrate 6.71 12.1 6.24 50 200 Protosep III Koch-UF HFM-100;
30 kDa MWCO

[80]

3x concentrate 6.68 14.6 8.90 50 200 Protosep III Koch-UF HFM-100;
30 kDa MWCO

[80]

1.8x concentratea — 12.85 5.26 50 125 Romicon polysulphone HF;
10 kDa MWCO

[79]

Fresh milk — — 3.50 [24]

4x concentration — — 13.00 50 404 Zoltek Rt MAVIBRAN FS10;
6–8 kDa MWCO

[24]

a From semi-skimmed milk with 1.33% fat content.
b

—¼ not reported.
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the conventional UF process. They also noted increased firmness and about 50% increase in calcium content in the cheese made
from the UF–UF process compared to that made from the conventional UF process, suggesting that high calcium concentration
was an unlikely cause of bitterness in fresh acid cheeses from UF milk. They reported at least 50% reduction of acid whey
amount from the process compared to the conventional UF process.

Aside from improved yield, the use of UF pre-cheese results in the improvement of product taste and texture compared to
cheese produced by conventional methods because of the reduction of lactose content, controlled acidification rate, and increase
in the water-holding capacity of the product due to the incorporation of whey, which makes for softer product [25,73,79].
Lucisano et al. [77] noted an enhanced rennet-induced clotting time of UF-concentrated milk as pH is lowered from its natural
pH level.

Using hollow fiber membrane with 30 kDa MWCO at 508C and 0.8 bar (80 kPa) longitudinal pressure drop, Waungana
et al. [80] reported that concentration of skim milk by UF to protein levels of ~6% (concentration factor of 2) and ~9%
(concentration factor of 3) had no effect on gelation time in rennet coagulation at the natural milk pH. They also noted that an
increase in UF milk concentration led to an increase in the curd firming rates and storage modulus, which is a measure of solid-
like behavior. This is because reducing the aqueous volume in the retentate decreases the mean path between casein micelles.
Since the aggregation rate depends on the number of effective collisions between casein micelles, a gel will form at a lower
extent of k-casein hydrolysis [81–83]. However, Waungana et al. [80] reported that lowering the pH to 6.5 before renneting
resulted in shorter gelation time values, which increased with protein concentration, and increased curd firming rates for the UF
milk.

Although UF technology has been successfully utilized in the production of soft cheeses, problems were encountered in the
production of hard and semi-hard cheeses from UF-concentrated milks. These products tend to be very hard and crumbly in
texture, which may be associated with the difference in coagulation properties of UF milk because of high protein and calcium
concentration [80]. The coagulation time of UF milk is too short and curd firmness is high which renders cutting of the curd in
conventional cheesemaking equipment impossible [82].

Using a UF retentate obtained at low concentration factor [79] is an alternative method for producing hard and semi-hard
cheeses with characteristics similar to those produced by the conventional method. Kosikowski [84], for instance, suggested
that 1.8x is the limit for making good-quality cheddar cheese. In a related work on raw milk, Hinrichs [76] reported a transition
from Newtonian to non-Newtonian flow behavior above a concentration factor of 2 in the UF, which corresponds to more than
8% fat and 3.33% protein in the retentate. Similarly, Erdem [83,85] found that because of concentration by UF to twofold and
threefold using 10 kDa MWCO polysulfone membrane, the protein system in skim milk becomes more agglomerated via
hydrophobic bonds, which results to reorganization of the protein system into a more compact micellar structure.

Aside from further increasing cheese yield due to enhanced incorporation of whey proteins, heat treatment of UF milk was
suggested as appropriate in controlling the rate of curd formation and curd firmness, because the heat-induced interaction
between b-Lg and k-casein prolongs coagulation time and lowers curd firmness [82]. Because rennet-induced gelation of
cheese milk is hindered by whey protein denaturation, it has been suggested that high heat treatment (HHT) of milk should be
ruled out as a possible application for the production of semi-hard and hard cheeses using normal milk [32]. However, the
increase in casein concentration through UF concentration of milk counteracts the reduction in gel strength caused by denatured
whey proteins because more caseins for network formation are available [25,86]. Therefore, if UF pre-cheese were used, high
heating and denaturation of whey proteins would be permissible to integrate them into the cheese [32].

In 1973, Maubois et al. noted a surprising property of ultrafiltered ultra-high temperature-treated (UHT) milk—its rennet
coagulum forming an ability suitable for cheesemaking, which is ordinarily lost as a result of the heat treatment, is restored
[87]. Furthermore, Maubois et al. [25] observed that UF retentates containing twice the normal amount of proteins than milk
that were easily transformed into cheese, regardless of whether application of UHT treatment was before or after UF. This
finding was confirmed by later studies of Sharma et al. [82], who reported that the heat-treated UF milk, concentrated up to
4x, retains its coagulation and curd firming ability despite a slight decrease in the rate of k-casein hydrolysis. The same group
also noted that the initial rate of k-casein hydrolysis in the heated UF milk was not statistically different from that in unheated
milk. Similarly, Guinee et al. [27] observed that concentration of milk by UF helps to restore the gelation properties of
HHT milk.

Guinee et al. [27] observed that HHT of skim milk, which brings about whey protein denaturation and reduces cheese curd
firming rate, had little influence on the gelation time of high-protein (15%–19%) UF retentates. They reported that the gelation
time of HHT milk approached that of normal-pasteurized milk (728C, 15 s) at protein concentrations greater than ~12%–16%,
depending on the level of whey protein denaturation. The authors attributed this whey protein denaturation effect on gelation
time to the closer proximity of rennet-altered micelles in the high-protein retentates, which in turn increases the probability of
collision and aggregation. Steffl (cited in Ref. [32]) reported that rennet-induced gelation was hindered when more than 60%
whey proteins of cheese milk were denatured, prolonging gelation time. Similarly, Waungana et al. [80] reported that gelation
time is not affected up to 60% denaturation level of b-Lg in normal skim milk but the storage modulus of rennet gels decreased
gradually with increase in the extent in b-Lg denaturation and its association with casein micelles.
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When UF milk of 6%–9% protein concentration was heated at 1408C for 4 s, Waungana et al. [80] observed increased
gelation time, decreased curd firming rates, and decreased storage modulus values compared with unheated milk of the same
protein concentration. The authors noted that these effects were more pronounced when the UHT treatment was done before UF
of skim milk. They speculated that the nature of the b-Lg=k-casein complexes and the way in which these associate with casein
micelles upon heating of UF concentrates is different when normal milk is heat treated before UF. In a related study, El-Shibiny
et al. [88] reported a reduction of calcium to dry matter ratio during DF of whole milk with distilled water after UF to
concentration factor of 5 at 508C, which they supposed to be the partial dissociation of the colloidal calcium phosphate and its
subsequent removal in the permeate during DF. The same group observed an increase in the size and weight of the micelles
during DF, which they interpreted as the aggregation of micelles following the partial removal of colloidal calcium. The
findings of Pignon et al. [89] are in agreement with these. They found that while the internal structure of globular casein
micelles remains significantly unperturbed, they tend to agglomerate when temperature is increased from 208C to 708C, or
when pH is lowered from 6.6 to 6.0, during UF due to slight loss of calcium phosphate and k-caseins from the stabilizing layer.

Aside from increased protein concentration, Guinee et al. [27] and Waungana et al. [80] noted that the total effects of heat
treatment on rennet coagulation of UF-concentrated skim milk are influenced by changes in mineral equilibria. In relation to
this, Hinrichs [76] reported increased resistance from coagulation and gelation during storage of UF-concentrated whole milk
compared with NF and RO-concentrated milk. This is due to the UF milk’s low ash content and the fact that the initial
aggregation reaction in milk is controlled by the salt concentration [76].

Premaratne and Cousin [78] studied the changes in the chemical composition of skim milk during UF (30 kDa MWCO) at
508C and average TMP of 1.2 bar (120 kPa) to approximate concentration factors of 2, 4, and 5. They noted that milk proteins
membrane retention was about 99%. They reported an increase in the protein concentration from an average of 3.42% in skim
milk to 6.85%, 13.51%, and 17.10% at concentration factor values of 2, 4, and 5, respectively, while fat was also
proportionately concentrated with increase in concentration factor from 0.11% in skim milk to 0.24%, 0.45%, and 0.60%.
Because lactose is present in the free state in milk and has a molecular weight lower than the MWCO of the UF membrane used,
its concentration decreased progressively during UF from an initial 5.06% to 4.76%, 4.29%, and 4.06% at concentration factor
values of 2, 4, and 5, respectively. Bastian et al. [20] reported 100% retention and recovery of fat and rennet clottable N and
1%–3% recovery of lactose in the UF of pasteurized (72.28C for 16 s) skim milk (pH 6.7) to concentration factor of 5 using
spiral wound membrane (10 kDa MWCO) at 548C and 1.4 bar (140 kPa) TMP.

The concentration of minerals such as Ca2þ and Mg2þ, which are associated with milk proteins and fats gradually increased
with concentration factor while the free amino acids and the B vitamins (except riboflavin), which are mostly free and not
bound to proteins were extensively lost to the permeate in the work of Premaratne and Cousin [78]. The authors commented
that the increase in the mineral concentration in the retentate, which increases the buffering capacity of milk, can result in
adverse effects such as longer fermentation time and higher than normal final pH of cheese, while the B vitamins could affect
the growth of the lactic acid bacteria during cheesemaking. Similarly, Rajagopalan and Cheryan [90] observed that during UF
of reconstituted nonfat dry milk (NDM), with composition similar to that of skim milk, the ash decreases initially but becomes
constant, indicating that the minerals were being rejected by the membrane. They noted that this led to incomplete removal of
the ash components, giving a limiting ash to protein ratio of 0.08, even after exhaustive DF. They surmised that this was
because the minerals are insoluble or associated with the proteins. Bastian et al. [20] found that the acidification of milk resulted
in loss of Ca, Na, and P from the retentate due to the solubilization of colloidal calcium phosphate. They noted that this result
was more pronounced when the retentate was diafiltered.

Cunha et al. [79] noted an increase in the titratable acidity with increasing concentration factor (from 1.2 to 1.8) in the UF of
semi-skimmed milk (1.33% fat) using 10 kDa MWCO Romicon polysulfone hollow fiber membrane at 508C. They explained
that this result is mostly due to the protein concentration, which increased the apparent acidity of the retentates and promoted an
increase in its buffering capacity. When the UF retentates were made into reduced-fat Minas Frescal cheese, they noted a
decrease in yield with increasing concentration factor, due to the decrease in moisture content.

Recently, Atra et al. [24] proposed the integration of two-stage UF in milk and whey proteins concentration for
cheesemaking and NF to concentrate lactose from the UF permeate for a cleaner and more economic cheese production
(Figure 22.2). The processes incorporate whey proteins into the cheese curd by pre-cheese milk production using first-stage UF
to a concentration factor of 4. The whey proteins drained from the curd are recovered and concentrated by a second-stage UF
before being added back to the cheese curd. Lactose is recovered from the two UF stages and concentrated by NF.

22.3.3.2 Microfiltration of Milk and Recovery of Native Whey Proteins

A major emphasis in the utilization of MF in the dairy industry that is of relevance to cheesemaking is changing the casein to
whey protein ratio or the casein to fat ratio in milk fractions [91]. MF of whole or skim milk produces a retentate that is rich in
native micellar casein, which improves the cheesemaking process, and a crystal clear and sterile permeate with composition
close to that of sweet whey but with greater amount of native whey proteins that is suitable for direct manufacture of whey
protein isolate [8,52,92–95]. In processing skim milk using MF membranes of 0.2 mm pore size or smaller, the permeation of
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lactose and minerals is very similar to that observed in the UF of skim milk as the casein to whey protein ratio gradually
increases [96].

Le Berre and Daufin [97] reported that >99.6% of casein micelles, 100–300 nm in size, and >30% of whey proteins were
retained in the MF of skim milk using 0.1 mm composite membrane consisting of a ZrO2 filtering layer on an a-alumina support
at 508C. The process was carried out at a TMP range of 0.05–0.2 bar (5–20 kPa) until the volume reduction ratio (VRR) of 2
was reached and was then continued in a feed and bleed mode at a TMP of 3.00 bar (300 kPa). On the other hand, Samuelsson
et al. [98] reported 12% retention of whey proteins in the MF of skim milk at 558C, TMP range of 0.1–1.9 bar (10–190 kPa) and
8 m�s�1 crossflow velocity using 0.14 mm ZrO2 ceramic membrane in tubular configuration until a VRR of 1.15 was reached.
Pierre et al. (cited in Ref. [99]) obtained native phosphocaseinate (PPCN) with casein to total protein ratio of 0.93 by MF of
skim milk using 0.14 mm multichannel ceramic membrane under high tangential velocity of >6 m�s�1 and very low uniform
TMP along the hydraulic path of 0.1–0.2 bar (10–20 kPa). On the other hand, while flux declined by 50% at concentration
factor of 3, Pouliot et al. [99] reported that with conventional CFMF at 508C, average TMP of 1.9 bar (190 kPa) and 6.9 m�s�1

crossflow velocity using 0.22 mm pore size membranes, native PPCN may also be produced at a casein to total protein ratio of
0.91. Jost et al. [93] showed that after threefold concentration of milk by MF, the casein-nitrogen (CN) of the retentate
increased to 83% of the total nitrogen (TN) in the retentate and after DF using six initial retentate volumes of demineralized
water, the casein purity was ~95%.

Casein enrichment of cheese milk significantly improves the rennet coagulability and the productivity of cheese plants,
especially those producing hard cheeses [100]. For instance, the rennet coagulation time of a 3% native PPCN solution is
reduced by 53% compared to that of raw milk, and the gel firmness after 30 min is increased by more than 50% (Pierre et al.,
1992, cited in Ref. [100]).

Milk coagulation depends on a number of factors, such as the kinetics of the enzyme reaction, the concentration, and the
state of the proteins, especially casein, the balance of minerals, especially calcium, and pH [101]. Most of these factors are
directly influenced by UF or MF processing. Caron et al. [101] compared the rennet coagulation properties of milk enriched
with a regular ultrafiltered retentate powder (RUF) to milk enriched with a diafiltered MF (DMF) retentate powder. RUF was
prepared by concentrating skim milk to concentration factor of 5 by UF, while DMF was prepared from skim milk concentrated
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FIGURE 22.2 Schematic diagram of the proposed combined UF and NF process for more economical cheese production. (From Atra, et al.,
J. Food Eng., 67, 325, 2005. With permission.)
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by MF to concentration factor of 3, diafiltered with deionized water and then concentrated by UF (50 kDa MWCO) to
concentration factor of 2 to increase the caseins to whey proteins ratio. They observed that the DMF-enriched milk coagulated
faster than the RUF-enriched milk. MF and DF increased the casein content, while reducing whey protein and lactose
concentrations in the retentate compared with just UF. Compared with that of control milk (with 3.5% total protein content),
they reported an overall improved gel firmness but longer coagulation time for milk enriched to 4.5% and 5.0% total protein,
regardless of retentate powder used. The authors reasoned that this may have been due to enzyme diffusion retardation in the
casein-enriched milk.

Reduction of microorganisms in milk before cheese production must be achieved in such a way that the functionality of the
milk proteins is not affected. Heat-resistant spores, such as Clostridium tyrobutyricum and C. sporogenes can cause severe
spoilage of the cheese by late fermentation that can result in the production of H2 and CO2 gases, and unpleasant smelling
fermentation products [102]. Although heat sterilization reduces these spores, because of the heat-induced complexation
between b-Lg and k-casein, UHT milk normally does not form a rennet gel and consequently could not be used efficiently
for cheesemaking [87].

The partial removal of whey proteins by MF reduces the detrimental effects of heat treatment on the rennet coagulability of
milk [100]. The use of MF followed by UF produces micellar casein-rich powder that increases cheese yield. The removal of
b-Lg during MF eliminates the heat-induced b-Lg=k-casein complex typically found in NDM used in cheesemaking [101,103].
The extent of formation of the b-Lg=k-casein complex decreases and the increase in the electronegativity of casein micelles is
not high enough to prevent their aggregation when caseinomacropeptide is cleaved even if the milk is UHT-treated [100]. The
MF of raw, pasteurized, UHT, and sterilized whole milks (3.5% fat) using 0.45 mm pore size membrane allowed the recovery
and quantification of whey proteins and whey protein=k-casein macroaggregates in the milk, which Carbonaro et al. [104]
stressed may lead to finding the mechanisms by which these aggregates are formed during heat treatment of milk. This will be
useful for process modeling and in understanding how such aggregates affect the nutritional quality of milk proteins.

To address the adverse effects of heat treatment on the rennet coagulability of milk during cheesemaking, Quiblier et al.
(cited in Ref. [105]) developed a process that involves the partial removal of whey proteins, especially b-Lg, from skim milk
followed by mild to moderate heat treatment. The process was adapted by Garem et al. [105] to produce milk powder for
cheesemaking that is partially depleted of whey proteins to avoid the formation of b-Lg=k-casein complex during thermal
processing. The steps involved in the process are as follows (Figure 22.3): (1) partial or total removal of whey proteins of
the milk by 0.1–0.2 mm pore size MF membrane, (2) UF of the MF permeate using membranes with MWCO �20 kDa,
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FIGURE 22.3 Schematic description of the process of preparation of the whey protein-depleted skim milk powder. (From Garem, A.,
Schuck, P., and Maubois, J.-L., Lait, 80, 25, 2000. With permission.)
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(3) blending of the MF retentate with the UF permeate, and (4) vacuum evaporation and spray drying of the blend at moderate
heat application to produce the recombined milk powder for mozzarella cheese manufacture [105]. They reported about 31%
depletion of whey protein from the fresh milk, which resulted in a firmer gel during rennet coagulation and in a significant
cheese yield increase of 7.3%. Their data also showed important decrease in stretch water losses without having to modify the
cheesemaking process as with common recombined milk. Moreover, since the MF–UF recombined milk does not require
the addition of chemical additives, they suggested that its utilization might be of economic advantage over common recombined
milk of higher casein to whey protein ratio.

Terré et al. [106] showed that MF membrane of 0.2 mm pore size also allows separation of b-casein when this component,
by physicochemical means, is solubilized from the casein micelles [92]. Moreover, at high recirculation velocity of the retentate
of at least 6 m�s�1, efficiency of separation is strongly related to the maintenance of low temperatures (28C–68C) in the MF
equipment and adjustment of ionic strength in the caseinate solution. Products obtained on both sides of the MF membrane are
suitable for modifying the b-casein to as-casein ratio of cheese milks and consequently, the texture and flavor of resulting
cheeses, which may result to new cheese varieties [92]. van Hekken and Holsinger [91] reported that the cold MF (48C) of skim
milk using either 0.2 or 0.1 mm pore size ceramic membrane gave a permeate, which when ultrafiltered enabled the production
of b-casein-enriched retentates with b-casein to as-casein and b-casein to k-casein ratios that were twofold to fourfold and
threefold greater than those of skim milk, respectively. The retentates formed softer gels with greater syneresis and hydration,
and lower holding capacities than skim milk gels. They suggested that such gels may be used as starting materials in the
production of novel soft cheeses.

22.3.3.3 Vatless Manufacture of Cheese

Caron et al. [101] studied the effect of acidification of milk in the MF and UF processes on the rennet coagulability of milk.
Diafiltered MF retentate powder from acidified milk (ADMF) was prepared by acidifying milk to pH 6 using lactic acid
solution, concentrating the milk by MF 3x with DF, and then concentrating the MF retentate by UF (50 kDa MWCO) 2x. They
observed that ADMF contained ~90% protein, while RUF and DMF retentate contained ~69% and ~83%, respectively. They
also noted that ADMF had reduced concentrations of mineral, noncasein nitrogen (NCN) and NPN, and whey proteins. This is
because acidification of milk increases soluble minerals and during DF of acidified MF milk more lactose and minerals are
removed from the retentate while further reducing whey proteins content. This led to decreased gel firmness for milk enriched
with ADMF.

In a related study, Brandsma and Rizvi [94] gradually acidified pasteurized skim milk to pH 6.0 using 1.6 g of glucono-
delta-lactone (GDL) per kilogram of skim milk to promote solubilization of micelle-bound colloidal minerals into the serum
phase of milk. GDL was used in the acidification process for its ability to hydrolyze and form gluconic acid in a temperature-
dependent manner that allows highly predictable and controlled method of lowering the MF retentate pH. Using 0.2 mm pore
size MF ceramic membrane operated at a TMP of 2.6 bar (260 kPa), 508C, and 7.5 m�s�1 crossflow velocity, they concentrated
the acidified skim milk to concentration factor of 8. They observed an effective change in mineral balances, specifically Ca,
while maintaining 87.4% nominal whey protein permeation. They reported 20.1% decrease in Ca concentration and 12.6%
increase in whey protein concentration in the MF retentate compared to milk at its natural pH of 6.6. The whey protein content
of the MF retentate they observed is about 55% lower than typical UF retentates [94].

The process was utilized to produce MF milk for the manufacture of mozzarella cheese using 80–100 mL rennet per
kilogram of MF cheese milk at 328C–368C to give post-coagulation cutting time of 15–20 min. When the same MF retentate
and butter oil were utilized in the manufacture of low-moisture part-skim (LMPS) mozzarella cheese, Brandsma and Rizvi
[107] observed delay in the rheological and functional development of MF retentate LMPS, which occurred between 30 and 60
days as opposed to 7 and 30 days for commercial LMPS mozzarella. They noted an improvement in rheological and functional
behavior in the MF retentate LMPS using starter culture. These indicate that the MF of skim milk with in-process acidification
to pH 6 can be potentially developed into a novel cheesemaking process to manufacture cheese of improved textural and
functional qualities, along with the recovery of highly functional native whey proteins in the MF permeate, or virgin whey [95].

The virgin whey harvested from the MF, which does not contain cheesemaking remnants, fats, or spores, contained ~5.3%
total solids (TS), ~6% of which is whey proteins. Brandsma and Rizvi [94], Punidadas and Rizvi [108], Solanki and Rizvi
[109], and Ardisson-Korat and Rizvi [110] showed that the virgin whey’s composition is consistent at mass concentration factor
of 8. Brandsma and Rizvi [107] suggested uniform transmembrane pressure (UTMP) operation to improve permeate flux and
achieve a calcium to total protein ratio in the MF retentate suitable for cheesemaking. Similarly, Vadi and Rizvi [111] suggested
that to achieve practical permeate flux values at concentration factor higher than 6 in the MF of skim milk at pH 6 and 508C
using 0.2 mm pore size membrane, operation in the UTMP mode is necessary. Table 22.2 gives the permeate flux achieved at
different concentration factor values in the MF of skim milk.

Using 0.1 mm pore size MF ceramic membranes in a Tetra Alcross M-38 system operated at UTMP of 1 bar (100 kPa),
508C, and crossflow velocity of 5 m�s�1, Ardisson-Korat and Rizvi [110] showed that at mass concentration factor of 8, the MF
retentate contains up to 30% total solids that can be used for semi-continuous vatless manufacture of LMPS mozzarella cheese.
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They reported 66%–71% whey proteins depletion and calcium to casein ratio in the MF retentate suitable for LMPS mozzarella
cheese with properties comparable to those of commercial products.

In a related study, Maubois et al. [112] noted high-protein purity of WPI produced from milk microfiltrate, or ideal whey
harvested before cheesemaking, by MF of milk at low concentration factor of 2. The same group suggested the suitability of
milk microfiltrate as starting material in obtaining native whey protein fractions. Bacher and Kønigsfeldt [113] showed that
because of the absence of glycomacropeptide and the relatively large amount of native whey protein in milk microfiltrate WPI
(MWPI), it showed vastly improved functionality compared with WPC-80 from cheese whey. However, with the exception of
gelation property, MWPI’s functionality is similar to cheese whey WPI. They reasoned that this was probably due to a
pretreatment that removes denatured WP from the cheese whey before WPI manufacture.

With the objective of increasing calcium and lactose content of MF retentate in addition to micellar casein while
maximizing whey protein depletion, Nelson and Barbano [114] developed a multistage MF process that removed ~95% of
whey protein from skim milk. They reported that the MF retentate produced from this process contained soluble minerals, NPN,
and lactose similar to the original milk. This was accomplished by using the permeate from the UF of the MF permeate to
diafilter the MF retentate after achieving a concentration factor of 3 in the MF. Aside from the recovery of native micellar
caseins, they showed that the process enabled the production of whey protein stream (UF retentate) with protein content similar
to that of commercial WPC.

22.3.4 REMOVAL OF MICROORGANISMS

Since the 1980s, MF has been investigated as an alternative technology to centrifugation for clarification and bacteria removal
of milk and whey and is often referred to as a gentle sterilization method [8,68,115,116]. Due to bacterial spoilage, high-
temperature, short-time (HTST)-processed milk can last up to 14 days only [117]. Although ultrapasteurization can extend
refrigerated fluid milk shelf life to 45 days, it imparts distinct cooked flavor to milk, which may be undesirable to some people
[52,118,119]. Unlike UHT pasteurization, MF can reduce the amount of bacteria and spores without affecting the taste of the
milk, and provides longer shelf life than pasteurization [6,52,87].

Spore-forming bacteria, which represent the main surviving species after pasteurization, are better retained by MF
membrane because of their large cellular volume, giving a decimal reduction of ~4.5 (cited in Ref. [8]). For instance, due to
the high retention of Bacillus cereus in MF, which is between 99.95% and 99.98%, the shelf life of milk is improved from 6–8
days by conventional pasteurization to 16–21 days by MF [87,120]. Also, decimal reduction factors for MF are higher than that
for bactofugation, which is the continuous reduction of bacteria and spores from milk and skim milk by centrifugal force
that results to about 98% reduction in spores [6,87].

The work of Holm et al. [121] and that of Piot et al. (cited in Ref. [8]) led to the development of one of the most important
applications of MF in the dairy industry, the Bactocatch process with a patent owned by Tetra Pak [8,121]. In this process,
cream is removed from whole milk by centrifugation [119]. Skim milk is then passed through 1.4 mm pore size MF membrane
where up to 99.99% bacteria reduction at 508C, UTMP of 0.5 bar, and a high crossflow velocity of 7.2 m�s�1 is accomplished
at a volumetric reduction factor of 20, or 200 in larger membrane modules where the retentate, which represents 5% of the
total starting volume, is concentrated 10 times more (Figure 22.4) [6,8,13,87,120]. The MF retentate and cream undergo
ultrapasteurization treatment (1158C–1308C for 4–6 s) and are then combined with the nearly bacteria-free MF skim milk
[11,119]. Common permeate fluxes obtained in the industry are between 500 and 800 L�h�1�m�2, usually up to 10 h operation,
giving average decimal reduction of bacteria above 3.5 while proteins and total solids transmissions are about 99% and 99.5%,
respectively [8,52]. Trouvé et al. (cited in Ref. [122]) examined the retention of 7 species of bacteria that typically occur in raw
milk using the Bactocatch process and reported 2.6 log reductions during theMF of milk contaminated with initial bacterial levels

TABLE 22.2
Permeate Flux Values in the MF of Skim Milk at Different Processing Conditions
under UTMP Mode

Permeate
Flux (m�s�1)

Crossflow
Velocity (m�s�1)

Concentration
Factor TMP (kPa) Membrane

Pore Size
(mm) References

2.5� 10�5 6.9 3 190 Ceraflo 0.22 [99]

1.9� 10�5 7.2 2 193 Membralox 0.2 [111]
1.3� 10�5 7.2 10 193 Membralox 0.2 [111]
3.1� 10�5 5.4 2 138 Ceramen 0.05 [108]

2.8� 10�6 5.0 8 90 Membralox 0.1 [110]

Source: Adapted from Brans et al., J. Membr. Sci., 243, 263, 2004.
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of 102–107 cfu�mL�1, where bacterial retention rates were 99.93%–99.99%. While the efficiency of the process in removing
bacteria and spores is widely accepted, it does not guarantee the complete removal of pathogenic bacteria in milk as required in
milk pasteurization [11].

As the size distribution of bacteria in milk (0.4–2.0 mm) partly overlaps with that of fat globules (Figure 22.5), MF can be
used as a pretreatment of skim milk for the production of raw milk cheeses and reduction of spores in acid cheese milk [6,123].
In 1987, Piot et al. (cited in Ref. [9]) showed that MF process using an inorganic alumina membrane of 1.8 mm pore size could
skim 98% of the fat and reduce bacterial counts by 2 orders of magnitude, with no apparent rejection of proteins. Using 1.4 mm
ceramic membranes, Pafylias et al. [124] compared the reduction in microbial population in nonfat and 1% fat milk in
conventional CFMF operation and UTMP MF operation, which were both run at 508C, TMP of 1.0 bar, and a crossflow
velocity of 5.0 m�s�1. They found that, except for fat and bacteria, the distribution of major milk components in the MF milk
did not change in either operation modes. While both MF operation modes gave a microfiltered milk with an average fat content
of 0.05%, and a bacterial reduction of 4–5 log cycles, the average flux over a concentration factor of 10 was higher with the
UTMP mode. The group, however, cautioned that over long-term (8–16 h per day) continuous operation, a gradual increase in
fouling or concentration polarization may lead to undesirable changes in milk composition.

Eckner and Zottola (cited in Ref. [124]) reported that sterilizing microfilters, such as the 0.2 mm membranes commonly
used in the pharmaceutical industry, would foul too rapidly when operated in the conventional crossflow manner, resulting in
low flux and permeates with an undesirable solids profile, making them of little practical value in the dairy industry. Guerra
et al. [102] employed the combined benefits of reverse asymmetric 0.87 mm pore size polymeric membranes and backshock
technique to control the adverse effects of concentration polarization and fouling in the removal of bacterial spores in skim milk
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FIGURE 22.4 MF process used by Olesen and Jensen in collaboration with Alfa-Laval and Ceraver in the integration of CFMF in a milk
processing line for the production of milk with low bacteria content. (From Olesen, N. and Jensen, F.,Milchwissenschaft, 44, 476, 1989. With
permission.)
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FIGURE 22.5 Size distribution of major milk components. (From James, B.J., Jing, Y., and Chen, X.D., J. Food Eng., 60, 431, 2003.
With permission.)

Pabby et al./Handbook of Membrane Separations 9549_C022 Final Proof page 647 13.5.2008 1:57pm Compositor Name: BMani

Applications of Membrane Technology in the Dairy Industry 647



at low linear velocities and, therefore, low-energy consumption. Reverse asymmetric membranes are those whose porous layer,
rather than the skin layer, faces the retentate side, making the fouling layer more loose and consequently result in lower cake
resistance as long as the porous layer is not completely filled up [125,126]. The backshock technique involves temporarily
forcing the permeate stream backwards through the membrane and into the retentate stream by pressurization of the MF
permeate side at short time interval of <1 s at around 0.2–1 s�1 frequency to prevent the formation of fouling layer. Guerra
et al. [102] reported spores reduction factors of 104–105 at high and stable fluxes of about 500% L�h�1�m�2 and 100% casein
transmission at low-linear velocities of 0.5–1.0 m�s�1.

Elwell and Barbano [119] determined the efficacy of MF, using 1.4 mm Membralox ceramic membranes at 508C and an
average TMP of 39 kPa, followed by pasteurization (728C for 16 s) in reducing the total number of bacteria, spores, and
coliforms in skim milk and in extending the shelf life of skim milk at 0.18C, 2.08C, 4.28C, and 6.18C storage temperatures. They
reported an average of 3.79 log reduction in bacterial count by MF and an average of 1.84 log reduction by pasteurization of the
MF skim milk, giving an average of 5.6 log reduction from the raw count due to the MF-pasteurization process. They observed
that both coliforms and spores in the skim milk were reduced by MF to an undetectable level and that fat was reduced from
0.1% to 0.03%. Bacterial count in the MF pasteurized skim milk did not exceed 20,000 cfu�mL�1 after 92 days at 0.18C–6.18C
storage temperatures. However, the microbial shelf life is limited by the shelf life due to proteolysis to 78 days for 28C storage
temperature or 32 days for 6.18C storage temperature.

22.3.5 STANDARDIZATION OF MILK AND MILK PROTEIN CONCENTRATION

Before the 1990s, there were few options to standardize milk: remove or add fat as cream, add casein as NDM, evaporated milk,
or condensed milk [127]. Although to a lesser extent than fat content, the protein content of fluid milk also exhibits considerable
natural variability worldwide. This variability is significantly magnified in dairy products that are manufactured by water
removal, such as skim milk powder [128]. The International Dairy Federation (IDF) interprets protein standardization to imply
relatively small changes in protein content, within the limit of natural variability, that are achieved by the addition or removal of
natural milk constituents without altering the natural ratio of whey protein to casein [128].

By UF it is possible to adjust the mass ratios of different milk constituents, including proteins, without adversely affecting
their physicochemical properties [11]. The development of more efficient membranes in the 1990s made UF an economically
and technologically feasible option to standardize milk proteins and to improve the nutritional uniformity of milk and other
dairy products (Figure 22.6) [31,127,128]. Percent total solids as high as 43.3 may be achieved by concentrating whole milk by
UF and DF [63], while a volume reduction as high as 85%, with a retentate containing 78% protein (dry basis), may be
achieved in the UF of skim milk [129]. This high concentration of solids in the retentate leads to increased viscosity. The
viscosity of skim milk UF retentates increases with its dry matter content as follows: 2 cP at 10% dry matter content, 4 cP at
15%, 10 cP at 20%, 33 cP at 25%, and 70 cP at 28% [130], while a drastic increase in the retentate viscosity is observed when
the protein concentration exceeds 14% [131].

In the United States, ultrafiltered whole milk is concentrated to approximately 30% total solids and ultrafiltered skim milk
to approximately 18% total solids and shipped to cheesemakers for use in standardizing milk or supplementing existing milk
supplies to increase manufacturing productivity [127].

Using the appropriate membrane and operating conditions, UF is especially useful in the production of MPI containing low
amount of lactose and high amount of native proteins with the same casein to whey proteins ratio as in milk [90]. High milk
protein powders (HMPP), or MPC from ultrafiltered milk have become increasingly important over the past years because of
their wide range of compositions and hence functionality and applicability [103].

UFSkim milk

UF
retentate  

UF
permeate

Skim milk

Skim milk

Up-standardized
skim milk

Down-standardized
skim milk

FIGURE 22.6 Schematic illustration of the use of UF for the production of up-standardized or down-standardized skim milk. (Adapted from
Rattray, W. and Jelen, P., Trends Food Sci. Technol., 7, 227, 1996. With permission.)

Pabby et al./Handbook of Membrane Separations 9549_C022 Final Proof page 648 13.5.2008 1:57pm Compositor Name: BMani

648 Handbook of Membrane Separations



Alvarez et al. [132] found that UF=DF using polysulfone UF membrane with MWCO of 20 kDa, operated at 5 bar (500
kPa) TMP at recirculation rate of 6 m3�h�1, could achieve a protein to lactose ratio ranging from 1.7 to 9.5, 7.9%–12.3%
defatted dry matter, 4.7%–8.9% protein, and 2.7%–0.8% lactose. Novák [33] reported a 90% true protein recovery after UF of
skim milk and 98.4% recovery after DF using deionized water using spiral wound membrane of 5 kDa MWCO at 508C and
neutral pH. He noted that the process enabled the production of MPC with 90% true protein content after UF, and MPI with
maximum total solids of 38% and true protein and lactose contents of 98.4% and 0.7%, respectively, after DF. Using 20 kDa
MWCO polysulfone UF membrane operated at 508C and TMP of 2 bar (200 kPa), El-Shibiny et al. [88] reported 18.5% total
solids concentration of MPI with 89.1 total protein to dry matter ratio after UF of whole milk to a concentration factor of 5 and
DF using four diavolumes of distilled water. Mistry and Hassan [133] reported 99.7% removal of lactose from pasteurized skim
milk after UF to concentration factor of 5 and 3 DF cycles, each time using 4 diavolumes (based on retentate volume at
concentration factor of 5) of water, using spiral wound module at 388C. The final retentate was spray dried to produce
delactosed, HMPP, which maintained its white color and bland flavor for 1 year of storage at room temperature. They suggested
at least two DF to achieve the lactose reduction they obtained in the UF retentate, which contained total solids of 21.6% and
18.9% protein. The HMPP, which had an average composition of 5.3% moisture, 83.9% total protein, 2.3% fat, 0.7% lactose,
and 7.1% ash, was of high-protein content—with caseins to whey proteins ratio similar to skim milk—and low mineral and
lactose content [103,133,134]. Mistry [103] reported that because of the low lactose content of HMPP, its microstructure is
more similar to that of caseinates but considerably different from NDM. It has a lower foaming capacity compared with
commercial protein concentrates because of its relatively high fat content (2.3%) [103].

Milk of UF-standardized protein and total solids content enables the production of fermented dairy products of improved
quality and characteristics compared with those produced from milk fortified with milk powder or evaporated milk [11].
Due to the similarity of the protein fractions in HMPP and those of skim milk and the virtual absence of lactose, Mistry and
Hassan [134] suggested its utilization for the development of new dairy products and the improvement of existing ones. When
these authors used HMPP to produce nonfat yogurt, they found that fortification level up to 5.6% protein can produce
acceptable yogurt with smooth texture and firm body that did not exhibit whey separation even without the addition of
stabilizers. They noted, however, that >5.6% protein concentration, the yogurt becomes excessively firm and has a grainy
texture and flat flavor.

Ozer et al. [135] compared the gelation properties of unconcentrated reconstituted milk (~16% TS) and milk concentrated
by UF, RO, and direct concentration on reconstitution (~23% TS) for yogurt making. They found that yogurt from the UF milk
contained the highest amount of protein (~9%) and fat (~8%), and the least amount of lactose (~0.8%). They reported that
unlike the other milk systems, the complex modulus (G*) of the UF milk did not reach a plateau within the experimental time
frame, but continued to increase over the entire period of incubation. Due to the similarity in the loss tangent (tan d) values for
the UF milk and those of other samples, the authors surmised that although the same interactive forces were involved in the gel
formation of the milk samples, the flocculation kinetics for the high-protein UF milk may have changed. The system may have
entered into a metastable state, in which the strength of the gel can continue to increase.

Aside from applications to fermented products, UF-standardized milk may also be used for the manufacture of several other
dairy products. For instance, Lee and White [136] reported an increase in the protein value of ice cream when UF retentate
rather than NDM was used for solids-not-fat (SNF) source in the formulation at substitution levels of 25%–75%. They also
reported that because of the high level of casein in the ice cream made from UF retentate, its water-binding capacity increased,
which resulted to an improvement in flavor and stability of body and texture.

22.3.6 RECOVERY OF LACTOSE AND MINERALS

Vyas and Tong [137] developed a method for calcium fortified reduced lactose skim milk production, which involves two UF
steps (Figure 22.7). The process aimed to maximize calcium recovery without adversely affecting the native state of the milk
proteins, while effectively removing lactose from the skim milk. In the first UF step (UF1), skim milk was ultrafiltered using a
spiral wound module (10 kDa MWCO) at 2 bar (200 kPa) TMP and 108C to concentration factor of 4. The permeate from UF1
was adjusted to pH 8, heated at 638C for 30 min, to cause the formation of calcium complex or precipitates, and was then
ultrafiltered (UF2) at the same condition as UF1. The retentate from UF2, which contained the concentrated calcium was mixed
with the retentate from UF1 to produce the calcium fortified reduced lactose skim milk. They reported 70% recovery of the
calcium from UF1 permeate during UF2 while enabling the recovery of high-purity lactose in the UF2 permeate.

22.3.7 FRACTIONATION OF MILK FAT AND ITS COMPONENTS

Milk fat globules are composed of triglyceride core and are surrounded by a natural biological membrane, the milk fat globule
membrane (MFGM), which contains proteins, glycoproteins, enzymes, phospholipids, triacylglycerols, glycolipids, and other
minor compounds, renders them compatible with the aqueous environment [138–140]. Because of its origin and amphiphilic
nature, MFGM isolates were found to show good emulsifying properties and nutritional advantages such as modulation of
cholesterol uptake, protection against bacterial infections in the gut, and inhibitory effect on colon cancer [141]. Although the
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MFGM proteins account for only 0.03%–0.04% of the total proteins in whole milk [139,142], many properties of dairy
products are influenced by the responses of the MFGM components to various treatments [139,143]. For instance, it is
supposed that a large part of the microstructure and consistency of dairy products, such as cheese, is largely affected by
interactions between the casein matrix and fat globule, so that if the number of fat globules in the milk were to be modified
without altering its total fat content, it may be possible to manipulate these interactions [144]. Since it is thought that fat globule
size, which ranges between 0.2 and 15 mm, could be a much better separation criterion between small and large globules than
fat globule density, MF is the preferred technology over centrifugation to separate fat globules according to size rather than
density without damaging the MFGM [140,144,145].

Goudédranche et al. [15] developed a CFMF process, which permits the selection of native small fat globules
(SFG, 1–3 mm) and large fat globules (LFG, >5 mm) in raw milk. Using this process, Goudédranche et al. [144] confirmed
that increasing or decreasing the number of native fat globules in milk leads to significant changes in the texture of liquid milk,
yogurt, fresh cheese, sour cream, Camembert cheese, and mini Swiss cheese. They reported that products with greater amount
of SFG gave creamier, smoother, and finer texture. They suggested the possible differences in triglyceride composition of SFG
and LFG to be responsible for their observations. Briard et al. [146] reported that small and large native milk fat globules
extracted from the same milk using the MF process developed by Goudédranche et al. [15] exhibited small variations in their
total fatty acids. On the other hand, using the same system, Michalski et al. [17] found no major differences in triglyceride
structures between native milk SFG and LFG after eliminating thermal history and the influence of cooling rates.

Using the milk fat globule MF fractionation process of Goudédranche et al. [144], Michalski et al. [140] observed
pronounced difference in physicochemical and functional properties of Emmental cheeses made using native SFG and LFG.
They reported lower flexibility and firmness in SFG cheeses, which had greater moisture and underwent greater proteolysis
compared to LFG cheeses, 52 days after manufacture. However, lipolysis was threefold lower in SFG cheeses. Results of these
studies confirm that the use of native milk fat globules with different sizes, separated using MF, can lead to a range of new dairy
products with different physicochemical and functional properties [140]. Even interactions between milk serum proteins and
MFGM proteins at different physicochemical conditions can now be characterized to elucidate their influence on dairy products
quality because native milk fat globules can now be recovered by MF [139].

In the manufacture of butter, cream undergoes churning, a mechanical process which involves agitation in the presence of
air that disrupts the phospholipid-protein membranes of the fat globules as they aggregate, releasing the water-soluble material,
along with most of the proteins, lactose, and minerals, into the aqueous phase, or buttermilk [147–149]. Aside from the proteins
in the buttermilk, which are mainly caseins and whey proteins, phospholipids render buttermilk as a potential source of
ingredients of functional and nutraceutical applications [147–149]. Although native MFGM have been isolated from cream and
purified by repeated washing-off of casein and whey proteins using simulated milk ultrafiltrate (SMUF) for characterization
such as those done by Ye et al. [139,143], a commercial isolation and fractionation methods for MFGM components from
buttermilk are yet to be developed [147].
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FIGURE 22.7 Production of calcium fortified reduced lactose skim milk. (From Vyas, H.K. and Tong, P.S., J. Dairy Sci., 86, 2761, 2003.
With permission.)
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Sachedva and Buchheim (cited in Ref. [147]) removed caseins from reconstituted buttermilk by precipitation of the caseins
followed by MF of the phospholipids-rich buttermilk serum phase using 0.2 mm pore size ceramic membranes. The authors
reported a recovery of 67% of the total phospholipids, giving a final buttermilk extract containing about 1.5% phospholipids
and 9% protein (dry basis) but the yields varied depending on coagulation conditions. Corredig et al. [147] observed retention
of skim milk-derived peptides, especially caseins, in the UF (250 and 500 kDa MWCO) of reconstituted commercial buttermilk
(8% w=v in deionized water) to a concentration factor of 2 and subsequent DF. When a 0.1 mm pore size hydrophilic
polysulfone Supor 100 membrane (Pall Gelman, Ann Arbor, Michigan) was used, greater permeation of the whey proteins was
observed, although caseins were retained with the MFGM components, allowing the production of buttermilk concentrate. The
addition of sodium citrate to buttermilk before MF disrupted the casein micelles, allowing their improved removal from the
retentate to produce the MFGM isolate. However, the retention of whey proteins, especially b-Lg, and to a lesser extent, a-La,
by the membrane was still considerable, even at repeated DF. The authors surmised that the retained proteins are probably whey
protein aggregates or complexes with caseins or the MFGM components, the amounts of which depend on the heat treatment
history of the buttermilk, which is commonly very severe to render the cream sterile before butter manufacture. Nevertheless,
the proposed process enabled the production of MFGM isolate with 35% (w=w) lipid and 60% (w=w) protein, which comprised
70% MFGM proteins, 6% caseins, and 24% whey proteins. Roesch et al. [148] showed that emulsions containing MFGM
isolates produced from the process, developed by Corredig et al. [147], had small particle distribution with droplets of higher
surface coverage showed good stability to creaming compared to buttermilk concentrate.

Morin et al. [149] compared the permeate flux through a 0.45 mm pore size ceramic MF membrane during volumetric
concentration to 2x and two-diavolume DF of regular buttermilk and whey buttermilk at 8–108C and 0.8–0.95 bar (80–95 kPa)
TMP. They reported that due to the lower amount of total solids, especially caseins and minerals, in the whey buttermilk, the
permeate flux was significantly higher compared with that for regular buttermilk. They suggested that whey buttermilk has the
potential of being a suitable starting material in producing MFGM isolate. However, they also recommended the standardiza-
tion of whey cream before butter making as they noted variability in its lipid and phospholipids content.

22.4 MEMBRANE PERFORMANCE

22.4.1 FOULING AND FLUX PREDICTION

Concentration polarization and fouling are the main phenomena that limit the practical applications of membrane filtration.
Both result in the unfavorable time-dependent flux decline and alteration of the membrane rejection behavior that compromise
process efficiency [19,150–153]. Concentration polarization occurs at the beginning of the filtration process when a concen-
tration gradient of the retained components is formed on or near the membrane surface [19]. The underlying mechanism behind
this practically reversible phenomenon is the unbalanced transport of dissolved components between the bulk phase and the
membrane surface. Fouling, on the other hand, is the largely irreversible deposition of solid materials on the membrane
surface or within its pores [154]. Both occurrences limit the permeation rate by increasing hydraulic resistance to permeate
flow. The osmotic back-pressure developed due to solids accumulation on the membrane surface also reduces driving force to
permeation [49].

The hydrodynamic conditions employed in the process, and the physicochemical properties of the membrane and the feed
solution are the main factors that influence the extent of concentration polarization and the occurrence of fouling [150]. For
instance, in dairy processing applications where milk proteins are involved, protein–protein interactions can contribute to
fouling of membranes in a variety of ways, such as inducing aggregation in solution, adding to the adsorbed protein layer, or
altering the effective sieving coefficient of the constituent proteins [155]. Protein–membrane interactions, on the other hand,
may lead to pore plugging, pore narrowing, and solids deposition that give rise to cake formation on the membrane surface [46].
On the other hand, the hydrodynamic conditions in crossflow filtration may alleviate fouling because, while the permeate flux
drags particles toward the membrane, the crossflow induces particle back transport into the bulk phase [156].

One important finding in membrane fouling during dairy processing is that at a pH equal to the isoelectric point of the
proteins, a minimum flux caused by severe fouling is observed. Huisman et al. [150] summarized the possible explanations to
this observation that has been put forward by many authors as follows: (1) Hydrophobic interactions between hydrophobic
membranes and the proteins are enhanced at the isoelectric point of the proteins where they become hydrophobic. (2) At their
isoelectric point, proteins tend to aggregate more readily due to reduced electrostatic repulsion and this causes severe fouling.
(3) Aside from enhanced transmission through the membrane, the small sizes of proteins at their isoelectric point cause them to
form a densely packed fouling layer of low permeability. (4) Adsorption of more proteins through protein–protein interactions
on the protein monolayer, which is usually hindered by electrostatic repulsion at all pH values, is enhanced at the isoelectric
point of the proteins. This absence of electrostatic repulsion also leads to increased protein transmission through the membrane.

Mineral precipitation and complexation with proteins also contribute to fouling considerably. Adsorbed minerals may serve
as salt bridges between the protein and the membrane, which aggravates fouling. In physicochemical conditions that promote
calcium phosphate precipitation or calcium–protein complexation, membrane fouling in the filtration of milk or whey is severe,
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although owing to the stabilizing influence of the casein micelles, the severity of fouling in milk filtration is less compared to
that in whey [56]. Away from the isoelectric point of the proteins, added salts that alter the ionic strength tend to reduce the
electrostatic repulsion by shielding charges, causing molecular contraction, thereby decreasing permeability [56].

Fat or lipid materials and calcium–lipid complexes also contribute to fouling and flux decline in membrane processing of
milk or whey. The transport properties of the feed stream and the changes they undergo as the concentration process proceeds
also affect the rate of permeation. At high concentrations, the increased fluid viscosity near the membrane surface limits back-
diffusion of solids from the polarized layer to the bulk phase, thereby, depressing flux rate [46].

Huisman et al. [150] observed two fouling regimes in the UF of BSA using flat-sheet module of polysulfone membranes
with MWCO of 30, 100, and 300 kDa: (1) the low-fouling regime at the initial stages of filtration and (2) the high-fouling
regime at the later stages of filtration. They found that for the more retentive membrane, such as 30 kDa MWCO membranes,
the hydrophobic protein–membrane interactions determine the fouling behavior at the low-fouling regime, while in the high-
fouling regime, protein–protein interactions determine the overall performance. These were not definitively observed for the
less retentive membranes, such as 100 and 300 kDa MWCO membranes, for which they found that the structure of the fouling
layer seemed to have a more important influence on the final fouling.

Although permeate flux may decline far below the theoretical capacity of membranes, the typical variation of flux with time
is that of an initial rapid decrease followed by a long and gradual flux decline (Figure 22.8) [157]. Modeling this flux decline
caused by fouling during filtration provides better understanding of membrane fouling and provides predictive tools for
successful scale up or scale down of filtration systems [153].

22.4.1.1 Mechanistic Models for Flux Decline

To understand the flux decline in pressure-driven membrane operations, a number of models were developed. Two of the most
widely studied models are the resistance model and the concentration polarization model. The resistance model is the oldest
and is based on the cake filtration theory, where it is assumed that a cake layer of rejected particles, which are too large to enter
the membrane pores, is formed. The frictional drag due to permeation through these immobile particles leads to additional
hydraulic resistance [21]. The cake layer and the membrane are considered as two resistances in series, and the permeate flux is
described by Darcy’s Law as

J � 1
Am

dV

dt
¼ TMP

m(Rm þ Rc)
(22:1)

where
J is the permeate flux
Am is the membrane filtration area
V is the total volume of permeate
t is the filtration time
TMP is the transmembrane pressure
m is the viscosity of the permeate
Rm is the intrinsic membrane resistance
Rc is the cake resistance

Time
F

lu
x

I II III

Clean water flux

FIGURE 22.8 Conceptual stages of flux decline in UF at constant-pressure operation: stage I, concentration polarization; stage II,
membrane fouling (usually due to protein deposition); stage III, further particle deposition or consolidation of the fouling layer. (Adapted
from Marshall, A.D., Munro, P.A., and Trägårdh, G., Desalination, 91, 65, 1993. With permission.)
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This model has been successful in describing flux decline during dead-end filtration of particulate suspensions, but is not
appropriate for application to crossflow filtration where the feed solution continuously recirculates [158]. Also, neither the
occurrence of macromolecules and colloidal particles diffusion nor the influence of solute–solute and solute–membrane
interactions on flux decline is considered in this model [42,59,159].

Aimar et al. [19] noted that in the UF of complex liquids, such as cheese whey, which contains proteins, salts and casein
fragments, concentration polarization, and adsorption and cake formation play a role in flux behavior during crossflow
filtration. They may induce osmotic pressure in the retentate side since the chemical potential of the solute-rich polarized
layer is lower than that of the permeate, and therefore at equilibrium, a positive osmotic pressure develops in the retentate to
equal that of the permeate. The smaller the solute, the greater is its contribution to the osmotic pressure of the liquid, so that in
milk, lactose and the minerals have the biggest contribution to osmotic pressure. In skim milk or whey, the osmotic pressure is
around 7 bar (700 kPa) and this must be exceeded in RO to commence permeation; in UF, only the proteins contribute to the
osmotic pressure, which increases exponentially with protein concentration [56]. In any case, a TMP greater than the osmotic
pressure is required for solvent to flow from the retentate side to the permeate side. This leads to the reduction in the
effectiveness of applied TMP as driving force to permeation.

Concentration polarization caused by macromolecules, which may induce a reversible osmotic pressure that disappears after
the filtration pressure is released, and the adsorption on the membrane pores of solid materials or inside the membrane pores of
solid materials, which are rid of by rinsing the membrane after the filtration process, are occurrences that both contribute to the
reversible resistance to permeation, Rrev. On the other hand, the solids that are deposited on the membrane surface or inside the
pores, which are removed only by chemical cleaning of the membrane, constitute the irreversible fouling, Rirrev.

When both Rrev and Rirrev are considerable, Equation 22.1 may be written as

J ¼ TMPeff

m(Rm þ Rrev þ Rirrev)
(22:2)

where TMPeff is the effective transmembrane pressure which is equal to TMPappl�DP, wherein TMPappl is the applied
transmembrane pressure and DP is the osmotic pressure [19,21].

In systems that involve solutes <100 kDa in size, such as most of the whey proteins, this model is found to be appropriate
[56]. In the UF of WPI solutions using dead-end MF with disc-type ceramic membranes of 0.8 mm nominal pore size,
Mourouzidis-Mourouzis and Karabelas [160] observed that irreversible fouling effectively develops during the first cycle. In
the UF of sweet whey, Aimar et al. [19] commented that for low levels of TMPappl, the effective pressure is not a function of
crossflow velocity while at higher TMPappl, where the extensive occurrence of concentration polarization is more likely, the
effective pressure increases with increasing crossflow velocity. On the other hand, the irreversible fouling, which results to the
modification of the transport properties of the membrane, is responsible for the variations in time of permeate flux. The rate of
tangential flow, which determines the wall shear stress (tw), plays a critical role in alleviating this phenomenon in that it helps
erode the adsorbed solid materials during the filtration process, limiting the thickness of deposited layer on the membrane
surface. In the UF of reconstituted skim milk using tubular polyvinyl difluoride (PVDF) membranes (200 kDa MWCO),
Grandison et al. [161] reported that increasing the tw at constant TMP led to an increase in both the initial flux and subsequent
flux decline, and to a decrease in Rirrev.

Where proteins and other dairy components are involved, aside from cake filtration, the occurrence of pore blocking
(complete and intermediate pore blockage phenomena) and pore constriction adversely impacts permeation flux
[21,112,153,162,163]. For instance, in the MF of skim milk, as the membrane pore size increases, the contribution of
irreversible fouling to overall fouling also increases, indicating greater fouling within the membrane structure [151]. The
effects of these various fouling occurrences can be estimated using the appropriate equations given in Table 22.3. An alternative
approach is to use the general differential equation

d2t

dV2
¼ k

dt

dV

� �n

(22:3)

which may also be written as

dJ

dt
¼ �kJ(JA0)

2�n (22:4)

where the value of the exponent n specifies the filtration model considered:
n¼ 0 for cake filtration
n¼ 1 for intermediate blocking
n¼ 3=2 for pore constriction
n¼ 2 for complete pore blocking [164]
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The concentration polarization model, which is based on the stagnant film theory, was developed to describe the back-diffusion
phenomenon during filtration of macromolecules. In this model, the rejection of particles gives rise to a thin fouling layer on the
membrane surface, overlaid by a concentration polarization layer in which particles diffuse away from the membrane surface,
where solute concentration is high, to the bulk phase, where the solute concentration is low [158]. At steady state, convection of
particles toward the membrane surface is balanced by diffusion away from the membrane. Thus, integrating the one-
dimensional convective–diffusion equation across the concentration polarization layer gives

Jv ¼ D

d
ln
fw

fb

¼ k ln
fw

fb

(22:5)

where
D is the diffusion coefficient
d is the thickness of the concentration boundary layer
fw is the solids volume fraction on the wall
fb is the solids volume fraction in the bulk solution
k is the mass transfer coefficient equal to D=d

For the UF of proteins, the concentration polarization model has been found to predict the filtration performance reasonably
well [56]. However, this model is inherently weak in describing the two-dimensional mass transport mechanism during
crossflow filtration and does not take into account the solute–solute interactions on mass transport that occur extensively in
colloids, especially during MF [21,44,158,159]. The diffusion coefficient, which is inversely proportional to the particle radius,
is low and underestimates the movement of particles away from the membrane [56]. This results to the well-known flux
paradox problem where the predicted permeate flux is as much as two orders of magnitude lower than the observed flux during
MF of colloidal suspensions [56,58,158]. This problem has then been underlined by the experimental finding of a critical flux
for colloids, which demonstrates the specificity of colloidal suspension filtration wherein just a small variation in physico-
chemical or hydrodynamic conditions induces important changes in the way the process has to be operated [21].

Modifications of the resistance and the concentration polarization models, which involve inclusion of suitable parameters
depending on membrane system and the feed chemistry, were introduced achieving some success in explaining the influence
of process conditions on flux decline. Saksena and Zydney [44] extended the stagnant film model to account for the effects of
both hydrodynamic and thermodynamic solute–solute interactions on bulk diffusion in binary protein system (BSA-IgG)
by making appropriate changes on the diffusion coefficient in the model. The modified model sufficiently explained
the flux-pressure dependence during UF of binary protein system in a stirred cell UF. Using the model, the authors deduced
that BSA transmission is reduced by the concentration gradient in IgG, which increased BSA’s diffusive flux. Bacchin et al.
[21] unified the resistance and the concentration polarization models to theoretically describe the crossflow filtration of

TABLE 22.3
Classical Fouling Models

Model Governing Equations Normalized Flow Rate

Complete pore blockage
dAu

dt
¼ �aQuCb

Q

Q0
¼ exp �a

TMP

mRm

Cbt

� �

Intermediate pore blockage
dAu

dt
¼ �a0QuCb

Au

A0

Q

Q0
¼ 1þ a0 TMP

mRm

Cbt

� ��1

Cake filtration
dRp

dt
¼ f 0R0JbCb

Q

Q0
¼ 1þ f 0R0 2TMP

mR2
m

Cbt

� ��1=2

Pore constriction
d(N0pr2pdm)

dt
¼ ainQuCb

Q

Q0
¼ 1þ ain

Q0

pr20dm
Cbt

� ��2

Source: From Duclos-Orsello et al., J. Membr. Sci., 280, 856, 2006. With permission.

Note: Au, area of unblocked membrane (m2); A0, initial area of unblocked membrane (m2); Cb, bulk concentration
(g�L�1); f 0, fractional amount of total foulant contributing to deposit growth; Jb, filtrate flux within the blocked
area (m�s�1); Q, volumetric flow rate (m3�s�1); rp, radius of membrane pore (m); Rm, resistance of the clean

membrane (m�1); Rp, resistance of the deposit (m
�1); R0, specific protein layer resistance (m�kg�1); t, filtration

time (s). Greek letters: a, pore blockage parameter (m2�kg�1); ß, pore contriction parameter (kg); dm,
membrane thickness (m).
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colloidal particles and molecules and, by numerical simulations, showed that the unified model can identify the crossover from
the occurrence of concentration polarization to irreversible fouling, which is useful in membrane system design. Their findings,
however, were not verified by experimental results on real systems.

Using experimental results on ovalbumin, Nyström [165] deduced that the charge on the protein rather than the difference
in charge between the membrane and the protein, determines the degree of protein deposition on membrane surface. When
the protein is charged, the solubility (protein stability) increases and the affinity for the membrane material decreases. Where
the membrane charge is opposite to that of the protein, initial adsorption may result in a thin modified layer of charged proteins
on the membrane surface that then repels further deposition as quasi-steady flux is attained [165].

22.4.1.2 Empirical Fouling Models

Assuming that the amount of flux decline is a function of cumulative permeate volume, Merin and Cheryan [47] suggested that
initial flux decline in the UF of whey be defined by

J ¼ JoV
�b (22:6)

where
J is the instantaneous flux at any time, t
V is the volume permeated
Jo is the initial flux at t¼ 0, which is an indication of the resistance to solvent transport by the membrane as well as the

concentration polarization layer formed on the membrane by the proteins
b is the indicator of the rate of fouling during long-term operation, or the true fouling effects, due to specific membrane–

solute interactions

Using individual whey and cottage cheese whey as feed streams, the authors used the model to speculate how each protein
influences flux decline and how their interactions in whey under certain physicochemical conditions affect flux decline in
polysulfone membrane. Although their findings provided useful insights, they were limited to the initial flux decline in the UF.
Kuo and Cheryan [45] utilized the same model to investigate long-term fouling of cottage cheese whey on polysulfone
membrane in spiral wound configuration. The model proved useful in identifying critical process settings but insufficient in
providing basic understanding on membrane–solute interactions, which the authors suggested, have the biggest influence on
initial flux decline before attaining quasi-steady flux. The model is limited by its inability to identify the point at which
concentration polarization and gel-layer is formed on the membrane surface. Despite this, it is by far, one of the most utilized
models in understanding fouling in the UF of whey.

22.4.1.3 Limiting Flux versus Critical Flux

In membrane processes, permeate flux generally increases with TMP, although the increase in flux for solutions is lower than
that of pure water flux. At high TMP values, the permeate flux is not significantly affected by increases in pressure and it levels
off to almost a constant value before dropping at higher TMP values. This constant flux is called the limiting flux, which
increases with increasing crossflow velocity. Michaels [166] used the film theory to explain the observed maximum stationary
flux when increasing the TMP of a filtration system. Materials deposited on the membrane by mass transport are removed by
the wall shear force and diffuse back into the bulk flow. Beyond the limiting flux, operation at sustained permeability and
selectivity is not possible due to the accumulation and compaction of the fouling layer on the membrane [167].

Field et al. [157] introduced the concept of critical flux in membrane filtration. They proposed that upon start-up, there
exists a flux below which a decline of flux with time does not occur. Although a concentration polarization layer is present,
solid deposition on the membrane that gives rise to cake layer formation does not take place, so that a nonfouling or cake-free
operation is achieved. This flux is the critical flux and it may either be in ‘‘strong’’ form, in which flux is identical to the clean
water flux at the same TMP, or in ‘‘weak’’ form, in which flux varies linearly with TMP but the slope of the line differs from
that of clean water [6,157,161].

Figure 22.9 shows the three regimes that are manifested in membrane filtration in accordance to the critical flux theory [6].
Regime I is the subcritical regime where flux varies linearly and reversibly with TMP. Because the operation capacity is small
due to low flux values, processing in this regime requires large membrane area otherwise a high crossflow velocity is employed
to increase capacity [6]. Due to the effective prevention of fouling or cake formation, the membrane selectivity in this regime is
optimal. Processes where high product purity is required, such as the fractionation of whey proteins, are carried out in this
regime. The flux in regime II is independent of TMP. It is equal to the limiting flux, which can be described by the cake
filtration or back transport model where the transport of particles toward the membrane is balanced by the back-transport
toward the bulk flow. Therefore, high crossflow velocity can promote high flux in this regime. For instance, the reduction of
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bacteria and spores, and concentration of casein micelles by MF are carried out just above the critical pressure, or the lower part
of regime II, usually utilizing a combination of high crossflow velocity and low UTMP for optimal flux. Although selectivity is
not optimal in this regime, it can lead to optimal capacity, which is particularly advantageous when expensive membranes are
used. Optimum capacity in the concentration of whey proteins can also be achieved in regime II. The high TMP, which is way
above the critical TMP, in regime III results in time-dependent flux decline that is mostly attributed to cake compaction.
Therefore, periodic mechanical removal of fouling, such as by backshock or backpulse, is necessary for stable extended
operation.

The critical flux value depends largely on the hydrodynamic conditions in the process, the membrane pore size, and the feed
physicochemical condition [161,168]. Appropriate manipulation of these parameters, specifically the hydrodynamic condition,
may lead to the reduction or even the elimination of both reversible and irreversible fouling of the membrane. Youravong et al.
[152] estimated the critical flux in the UF of skimmed milk to lie between 55 and 60 kg�h�1�m�2 and that the average critical
TMP was 0.22 bar (22 kPa) at 508C using PVDF membranes with MWCO of 200 kDa. In the UF of WPC and sodium caseinate
suspension, Youravong et al. [168] reported that both gave the weak form of critical flux, which increases with increase in
crossflow velocity.

Although in many cases, the critical flux is equal to the limiting flux, in other cases operating at the limiting flux causes more
fouling [161]. Therefore, it is useful to determine the operating conditions that will sustain satisfactory performance, in terms of
selectivity and permeability, around the critical zone especially for an extended period of operation. A pseudo steady-state
operation, described by the cake filtration model, is desirable in long-time operations. Since the permeation flux, J, governs
convective mass transport to the membrane and that the efficient wall shear stress, tweff, governs particle and molecule back-
transport from themembrane toward the bulk flow, and that these transport phenomena are necessary for sustained operation, then
a critical ratio, (J=tweff)crit, may also exist for satisfactory long-time membrane operation [96,169]. Le Berre and Daufin [97] as
well as Gésan-Guiziou and Daufin [169] determined the value of the critical ratio in the MF of skim milk as 0.95 and
1.00 L�h�1�m�2, respectively. Exceeding these values led to the accumulation of milk components on the membrane surface.
This suggests that the critical ratio pertains to the transition to irreversible material deposition on the membrane. Furthermore, the
similarity of the critical ratio values that the two groups obtained even when they used different membrane modules and adapted
different approach suggests that the critical zone in theMF of skimmilk is mainly related to the characteristic of the deposit. These
indicate the usefulness of the critical ratio in determining critical operating conditions.

Despite the numerous efforts in understanding the fouling mechanisms and the influence of operating parameters involved
that lead to flux decline in filtration systems, there remain significant gaps in the present knowledge on this phenomenon. To
date, none of the theoretical models, and their numerous modified forms, and empirical models sufficiently explain the
influence of membrane–solute interactions and solute–solute interactions on real dairy systems.

22.4.2 ENERGY CONSUMPTION

Aside from mild operating conditions suitable for processing dairy systems, membrane technology involves smaller energy
consumption and higher rate of return of investment that punctuates the technology’s economic advantages over conventional
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FIGURE 22.9 (a) Critical flux regimes: (I) Subcritical operation where flux is linear with TMP and no flux-dependent fouling, (II) TMP
above the critical pressure and flux is described by gel filtration or back transport model, and (III) TMP is far above critical pressure, time-
dependent flux decline occurs. (b) Graphical representation of fouling in the critical flux regimes: (I) Subcritical operation, fouling is
prevented by mechanical action such as turbulent mixing, (II) filtration with a dynamic cake layer, showing particle back transport into the
crossflow, and (III) time-dependent flux decline with severe cake formation (1), which could be remedied by backpulsing (2). (From Brans
et al., J. Membr. Sci., 243, 263, 2004. With permission.)
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separation techniques [170,171]. For instance, Marshall [1] reported that a single-effect evaporation system and a quadruple-
effect evaporation system consume as much as 626 and 126 kWh per ton of water removed, respectively, and that five- to
seven-effect evaporation systems and mechanical vapor compression consume 37–53 kWh per ton of water removed. On the
other hand, RO system used for water removal of milk consumes only 9–19 kWh per ton of water removed [1]. In the United
States, the cost of concentrating skim milk from 8.8% to 45% total solids by plate-and-frame RO plant with a capacity of 9,000
kg�h�1 was estimated to be 50% cheaper compared to the cost of water removal by evaporation [63,172]. If evaporation and RO
were combined to achieve the same total solids concentration, the total energy consumption is less than one-third of that when
evaporation alone is employed [63,172].

Although the smaller energy consumption involved in membrane operations is very well known, the membrane type and
configuration must be carefully chosen to further optimize energy cost in specific applications. For the same purpose and set of
operating parameters, one membrane type or module design might be advantageous over another as far as energy consumption
is involved. Cheryan and Kuo [22] compared the amount of energy used in the UF of whey using different membrane types in
various configurations (Table 22.4) and found that polysulfone membrane in spiral wound configuration consumed the least
amount of energy (kJ) per cubicmeter of permeate collected compared with polysulfone in hollow fiber configuration and
ceramic membranes, both in tubular and plate-and-frame configurations.

22.5 CLEANING AND SANITATION

Effective cleaning and sanitation are necessary strategies to restore membrane performance after processing and to sustain
hygienic operation [170]. It is generally acknowledged that a major cost associated with membrane maintenance in the dairy
industry is that incurred from cleaning and sanitizing the membranes after processing. The cost of water and wastewater
generated during cleaning alone was estimated to comprise 20% of the total cleaning cost [173]. The fact that cleaning and
sanitation protocols affect the membrane lifetime and efficiency is also a concern [55,174]. Therefore, the cleaning process
must be optimized to lessen the adverse effects of cleaning agents on membrane life, the cost of purchasing and disposing of
cleaning chemicals, as well as the volume of water consumed and wastewater produced [175].

Optimization of membrane cleaning and sanitation processes involves the understanding of: (1) the complex interactions
between the foulants and the membrane and (2) the economic impact of the cleaning and sanitation processes [174]. In dairy
applications, the usual soil consists of proteins, fat, carbohydrates, and minerals, with fat and protein residues being the most
difficult to remove [173]. Interactions between these dairy foulants and the different membrane materials have been the subject
of many studies to date.

22.5.1 CLEANING

Membrane cleaning involves the removal of a substance that is not an integral part of the membrane material [176]. The process
must remove fouling deposits and must restore the normal capacity and separation characteristics of the equipment [175]. The
cleaning process is usually divided into two main steps: rinsing and chemical cleaning.

The membrane is rinsed with softened water immediately after processing to remove reversible fouling from the membrane
surface by mechanical actions, such as mixing, turbulence, and shear. Marked increase in flux can be achieved by rinsing
because of the removal of soluble material or desorption of foulants or additives [175]. In dairy applications, the rinsing water
should have a fouling index lower than 1.5 and be of acceptable bacteriological quality [177]. Specifically for MF and
UF plants, Krack [173] reiterated that the salt density index of the rinsing water should be <3, otherwise problems may occur.

TABLE 22.4
Comparison of Energy Consumption and Average Flux for Various UF Systems Used
in Whey Processing

Module Design Type of Whey
Membrane
Material

Average Flux
(L�h�1�m�2)

TMP
(kPa)

Energy Use (kJ) Per
Cubicmeter of Permeate

Spiral wound Acid whey Polysulfone 38 480 5.2� 103

Spiral wound Cottage cheese whey Polysulfone 12 335 3.0� 103

Hollow fibers Cottage cheese whey Polysulfone 28 155 5.9� 103

Plate and frame Gouda whey Ceramic 51 300 8.8� 103

Tubular Gouda whey (decalcified) Ceramic 74 500 1.4� 104

Tubular Cottage cheese whey Ceramic 24 225 4.5� 105

Source: From Cheryan, M. and Kuo, K.P., J. Dairy Sci., 67, 1406, 1984. With permission.
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As a guideline for the water quality, the following may be used: total hardness should be maximum of 3.57 mmol (357 ppm
CaCO3), total amount of bacteria 1000 per mL, total amount of coliform bacteria <1 per mL [173].

After water rinsing, chemical cleaning is carried out to remove tightly bound materials on the membrane surface and pores.
Appropriate chemical cleaners are chosen to remove specific foulants, such as nonionic detergents (0.1%) to remove fat
deposits, acids to remove inorganic precipitates or oxide films, and alkaline detergents (0.1%–0.5%) to remove protein deposits
[3,175]. Nitric and phosphoric acids are the most frequently used acids for cleaning membranes. However, citric acid is also
used and favored by some due to its mildness compared with nitric acid [175]. Hydroxide solutions, either sodium hydroxide or
a mixture of sodium hydroxide and potassium hydroxide of pH 11–12, added with sodium hypochlorite for improved cleaning
and disinfecting power, are usually recommended for the alkali cleaning [175].

Aside from detergent cleaning, enzymatic cleaning is also considered for membranes soiled with dairy foulants. Enzymatic
cleaners are usually employed if the membrane pH limitation is at or below 10 or if a high level of contaminants is present
[173]. Enzymes are advantageous over traditional chemical cleaners in that they are biodegradable, less aggressive to the
membranes, and they can improve cleaning efficiency by reducing energy costs and the amount of chemicals needed [175].

Other than the type and composition of the cleaning agent, the order and duration of the cleaning steps, and the physical
operating parameters are key components of an effective cleaning strategy [175]. To obtain good mechanical cleaning effects, it
is recommended that the circulation flow rate is to be higher and the pressure lower than those used during the normal operation
[178]. Another factor to be considered is the amount of cleaning solution in comparison to the membrane surface, which in
process plants today ranges between 4 and 5 L m�2 membrane surface [173].

22.5.1.1 Water Rinsing

The first stage of rinsing is usually carried out with the permeate side of the membrane module closed, or TMP values close to
zero, to limit convective transport of permeate particles toward the membrane. This prevents adsorbed materials on the
membrane surface from migrating to the membrane pores, maximizing the rate of erosion of fouling on the membrane surface.
At this stage, the crossflow velocity is a major operation parameter. Later, when permeate convective transport is allowed by
opening the permeate side valve, the pore foulants are removed more efficiently [177]. This strategy improves rinsing
efficiency, which is measured in terms of hydraulic resistance reduction during rinsing, and helps minimize the consumption
of cleaning agents during the chemical cleaning step.

The feeding mode of rinsing water also influences rinsing efficiency. Some membrane modules allow backflushing, where
the rinse water is made to flow from the permeate side to the retentate side. This is carried out at the beginning of the rinsing
step, or periodically during the rinsing step, to remove internal fouling and to dislodge hard deposits on the membrane surface
rather than compressing the fouling layer that renders rinsing inefficient. Whether the rinsing water is recycled or not, especially
during the first stage of the rinsing step, also impacts rinsing efficiency. Cabero et al. [177] observed that 15 min rinsing of
ceramic membrane, which was previously fouled with whey, without recycling the rinsing water removed larger part of
hydraulic resistance compared to when rinsing water was recycled. The same authors also reported that prolonging the rinsing
time does not improve the rinsing efficiency when water is recycled.

The temperature at which water rinsing, including intermediate rinsing, is carried out is also a major consideration. Warm
water rinsing rather than cold water is preferred to avoid temperature stress on the membrane and to avoid break-up of well-
emulsified soil that may lead to redeposition of dairy foulants on the membrane [173]. The duration of rinsing time varies with
the size of the membrane plant, and usually ranges between 5 and 20 min.

22.5.1.2 Chemical Cleaning

Most chemical cleaning protocols consist of an alkali detergent step followed by an acid step, with appropriate rinses in
between. However, for polymeric membranes, it is also common to follow the acid cleaning step with a second alkali cleaning
step supplemented with chlorine as this further improves flux [176,179]. In some cases, acid cleaning has been recommended as
the first step, especially for whey applications, where mineral fouling maybe more important than protein fouling [176].

Many researchers consider the restoration of clean water flux as a measure of the degree of membrane cleanliness [3,180].
However, it is insufficient to characterize cleaning efficiency by either flux recovery or resistance removal alone because large
resistance removal values are often easily obtained even when considerable amounts of foulants are still deposited on the
membrane [181]. For instance, Bohner and Bradley [180] utilized a cleaning procedure at 438C where after processing and
flushing with water, acid solution, a 1:1 blend of nitric and phosphoric acids at pH 1.8, was recirculated for 1 h. After another
water flush, sodium hydroxide solution with 0.1% surfactant (w=v) at pH 11.8 was then recirculated also for 1 h to clean spiral
wound polysulfone UF membranes (10–15 kDa MWCO) soiled with cheddar cheese whey. Results of scanning electron
microscopy of the membranes after cleaning indicated that protein deposits and bacteria still contaminated the membrane
surface even after reducing the hydraulic resistance and restoring the permeate flux to its value before processing.

To improve the removal of deposits on the membrane surface, Bohner and Bradley [179] modified the cleaning procedure
described previously. The modified procedure, which was carried out at 548C, consisted of a 2 min initial rinsing of the
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membrane system with water. Sodium hydroxide at pH 11.0, with 0.1% of nonionic surfactant added, was circulated for
20 min. After a 2 min rinse with water, a 1:1 mixture of nitric and phosphoric acids at pH 2 was circulated for 20 min before a
final water rinsing. With the scanning electron microscopy images of the cleaned membrane, Bohner and Bradley [179] found
that the cleaning procedure rid the membrane surface of whey residues. They also noted that the cleaning procedure did not
damage the membranes even when it was used continuously for 300 h. However, when the cleaning temperature was increased
from 548C to 638C, they observed damage on the membrane after 100 h of cleaning.

Although alkali cleaning of membranes soiled with dairy proteins is generally accepted in the dairy industry, its efficacy
and optimal cleaning capacity has been the subject of a number of studies. Caustic concentration, operating temperature during
alkali cleaning, and the length of cleaning time impact flux recovery (Bird and Bartlett, 2002). An optimal sodium hydroxide
concentration where the flux recovery reaches maximum was found to range between 0.075 and 0.5% (w=w) [182]. The typical
dynamic flux recovery profile, expressed as the ratio of flux during cleaning to clean water flux, consists of an initial sharp
increase followed by an exponential decay to a steady-state value as that shown in Figure 22.10 [182]. The existence of
maximum flux recovery has been the subject of a number of investigations.

Using light microscopy, Bird and Bartlett [170] observed that the deposit on sintered stainless steel MF membrane (2.0 mm)
fouled with whey consists of a loose sheet-like protein-rich structure which is removed during the first few minutes of chemical
cleaning (Figure 22.11). Cleaning with sodium hydroxide removes the loose top proteinaceous layer, which results to the sharp
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FIGURE 22.10 Dynamics profile of the flux recovery in cleaning WPC-fouled PVDF MF membranes using NaOH solution at pH 13 and
308C, and at crossflow velocity of 0.45 m�s�1 and 350 kPa TMP. (From Mercadé-Prieto, R. and Chen, X.D., J. Membr. Sci., 254, 157, 2005.
With permission.)

FIGURE 22.11 Scanning electron microscopy image of sintered membrane surface fouled with WPC deposits. (From Bird, M.R. and
Barttlett, M., J. Food Eng., 53, 143, 2002. With permission.)
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increase in flux recovery as in Figure 22.10. Bird and Bartlett [170] found that underneath the proteinaceous top layer are
aggregates of calcium phosphate imbedded in a protein sheet. Although the protein sheet is eroded with continuous cleaning,
the authors found that calcium phosphate remains on the surface of the membrane. They also found that proteinaceous materials
are present within the membrane pores. They hypothesized that the flux decline observed during the caustic cleaning of
membrane is caused by these proteinaceous in-pore fouling that swells at high pH.

The physicochemical conditions of the foulants and the cleaning agents are important considerations in designing efficient
cleaning procedure. Kim et al. [181] studied the cleaning of UF membranes, fouled with BSA, using acid, bases, and anionic and
cationic surfactants. They reported that when membranes were fouled at the isoelectric point of BSA (pH 5), hydraulic resistance
removal was highest when hydrochloric acid and sodium hydroxide solutions were used. If the membranes were fouled at pH 7,
at which BSA has a net negative charge, they found that the cationic surfactant cetyl-trimethyl-ammonium bromide (CTAB) was
more effective due to electrostatic interactions between the protein fouling layer and CTAB. Muñoz-Aguado et al. [174]
reported that at pH 7, the protein layer on polysulfone UF membrane (30 kDa MWCO), recirculated with BSA solution or
reconstituted WPC, was almost three times thicker than that at pH 5. However, the permeate fluxes were lower at pH 5. This
was due to the more compact and less permeable protein layer formed on the membranes at pH 5, which is the isoelectric point
of BSA and the mean isoelectric point of whey proteins. On the other hand, the significant net negative charge on the proteins at
pH 7 causes expansion of the protein fouling layer that results to thicker but more permeable deposit. Such understanding of
protein fouling behavior and possible membrane–protein interactions led to the exploration of other cleaning strategies.

Proteases, lipases, or enzyme detergents, which hydrolyze proteins and fats, are sometimes used to supplement or replace
alkaline detergent cleaning, particularly when using less alkali-resistant cellulosic membranes [3]. Muñoz-Aguado et al. [174]
studied the efficiency of CTAB, the enzyme a-chymotrypsin (a-CT), and the complex mixture of detergents and enzymes
Terg-A-Zyme (TAZ) in cleaning polysulfone UF membrane fouled with BSA. All the cleaning agents took about 1 h to reach
maximum cleaning efficiency at 408C. The use of CTAB at 0.2% (w=w) concentration resulted to better flux recovery than the
use of a-CT. They reported that, at pH 5 and 7, the efficiency of CTAB is enhanced by the prior cleaning of the membranes
with a-CT, due to the better accessibility of the proteins in the cake layer that has been disrupted by the prior action of a-CT at
0.01% (w=w) concentration. The inclusion of water rinsing, also at 408C, in between the a-CT and CTAB cleaning cycles
further improved flux recovery. They also found that excessive treatment with these cleaning agents exacerbates fouling, with
a-CT reinforcing the membrane–protein binding, or acting as a foulant itself. The group reported the highest flux recovery
using TAZ at 0.4% (w=w) concentration. They observed similar trends when cleaning membranes fouled with reconstituted
WPC. However, because of the more complex fouling layer formed by reconstituted WPC, higher concentration of TAZ,
0.75% (w=w), was necessary to achieve the maximum flux recovery.

Although the effectiveness of multistep cleaning processes using surfactants, enzymes, or surfactant-enzyme system in flux
recovery is well-established, the economic impact of these procedures needs to be evaluated for truly optimized membrane
cleaning. Physical methods of cleaning membranes simultaneous to processing are also being investigated. One such method is
the use of electric field pulse to dislodge membrane fouling and restore initial flux while processing continues [171].

22.5.2 SANITATION

Plants are cleaned, sanitized, and rinsed immediately after processing, and right before processing to ensure satisfactory initial
process conditions from microbiological standpoint [3]. Because chlorine is freely permeable to most membranes that it is able
to sanitize the permeate side of the system as well as the retentate side, using solutions of sodium hypochlorite containing 100–
200 ppm of active chlorine is a common sanitation technique for many membranes, except cellulose acetate reverse osmosis
membranes, which can only tolerate brief exposure to chlorine at 10–50 ppm level [3].

Bohner and Bradley [180] evaluated the efficiency of a sanitizer whose composition enabled the release of chlorous acid
and chlorine dioxide from sodium chlorite at pH 2.7 in destroying bacterial populations in a polysulfone spiral wound UF
membranes soiled for 2.5 h by circulating and concentrating cheddar cheese whey and skim milk. Using results from swabbing,
they reported that the sanitizer was effective in controlling microbial populations in UF membrane systems. Bohner and
Bradley [180] investigated the use of sanitizing cycle at 548C after cleaning, which consisted of a 15 min recirculation of
sodium hypochlorite solution prepared by diluting commercial household bleach solution diluted to contain 100 ppm of active
chlorine in warm, softened tap water, and its pH adjusted to 6.5 using nitric acid. The authors commented that an effective
cleaning procedure followed by this low-cost sanitizing procedure is able to satisfy industrial concerns.

22.6 CHALLENGES AND EMERGING APPLICATIONS OF MEMBRANES IN THE DAIRY INDUSTRY

22.6.1 CHALLENGES

A major factor that remains to be the biggest challenge in optimizing the performance of membrane processes in the dairy
industry is biofouling, which is caused by specific interactions between the membrane and various proteins, as well as
protein–protein interactions that can lead to pore-narrowing or pore-blocking, during the filtration process [40,153,155].
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The irreversible alteration of membrane morphology caused by protein fouling during processing leads to severe flux decline
and alteration of membrane rejection properties [153]. Biofouling can adversely impact membrane processing economics
because of the loss of filtration efficiency, process down time to clean the membrane, and the decrease in membrane lifespan due
to frequent cleaning [183]. Therefore, considerable efforts during the past three decades in the dairy industry were not only
concentrated on process innovation, but also in understanding and combating the biofouling phenomenon.

Savello et al. [184] studied the fouling of 0.2 mm pore size MF ceramic membrane by milk proteins in two filtration
conditions: (1) static, where the membrane is soaked in skim milk for 5 min to allow the surface adsorption of proteins and (2)
dynamic, where the retentate is recirculated continuously until constant permeation rate was achieved. They observed greater
reduction in clean water flux under dynamic conditions than static conditions. SEM images of the fouled membrane by static
mode showed that the fouling is not only limited to surface deposition of particles, but also by pore-blocking (Figure 22.12).
They modified the membrane surface by silanization using glycidoxypropyltrimethoxysilane and 3-aminopropyltriethoxysilane
to derivatize the membrane surface and block the active sites for protein binding. Washing the surface-modified membrane with
protein solvent after static and dynamic fouling tests only partially restored the clean water flux while alkali and acid washes
completely restored the flux. This, they deemed, suggests that, aside from milk proteins, minerals play a critical role in the
fouling mechanism of ceramic membranes.

James et al. [155] suggested that, in addition to surface chemistry, the surface morphology and internal microstructure of a
membrane affect fouling and membrane performance. Klobes et al. [185] suggested the use of capillary pore membranes made
from polyester film, which is supported by a nonwoven polypropylene or polyester backing, in the MF of milk systems rather
than tortuous path membranes. Such membranes are microporous with cylindrical straight through pores of uniform diameter
manufactured by a two-step procedure of heavy ion irradiation and subsequent etching (Figure 22.13). They investigated
membranes with pore sizes of 0.4, 0.3, 0.2, and 0.1 mm in fractionating proteins in fresh skim milk at 488C� 28C and flow rates
of 3.8, 1.9, and 1.0 m�s�1. They reported that the 0.2 mm membrane showed the best skim milk fractionation characteristics
where nearly complete retention of caseins at all flow rates considered and whey protein permeation of up to 90% at the lowest
flow value investigated were observed. They also noted constant whey protein permeation of around 50% and complete casein
retention at all flow rates considered using 0.1 mm membranes.

Aside from membrane morphology, various membrane module geometries were also studied to determine their appropri-
ateness in various dairy processes. Operation of tubular ceramic membranes usually involves high TMP and pressure drop

1 µm 2 µm

FIGURE 22.12 Protein fouling of internal pore surfaces of MF membrane following filtration of skimmed milk at 300 psi TMP for 30 min.
(From James, B.J., Jing, Y., and Chen, X.D., J. Food Eng., 60, 431, 2003. With permission.)

(a) (b)

FIGURE 22.13 Scanning electron micrographs of the surface (a) and the internal structure (b) of a Rotrac capillary pore membrane. (From
Klobes et al., Bull. Int. Dairy Fed., 311, 13, 1996. With permission.)
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along the filter module, and requires recirculation of permeate to maintain uniform TMP and high permeation throughout the
length of the module for a long period of time [9]. The evaluation of flat ceramic membranes for use in the wastewater treatment
around 1996, and the reported energy-efficiency and cost-effectiveness of their operations due to small hydraulic diameter
prompted studies to use these membranes in milk proteins standardization and whey concentration [186]. To date, however,
they have not been utilized commercially in the dairy industry.

A recent development in MF technology is the microsieves, which are MF membranes with uniform narrow pore size
distribution and a smooth inert silicon nitride surface, manufactured using micro-machining technology [6,187]. Due to the
very low hydrodynamic resistance of microsieves and their open support structure, they enable high fluxes that can be two or
three orders of magnitude larger than for conventional membranes even as they are operated at extremely low TMP, which are
about two orders of magnitude lower compared to conventional membranes [6,187]. Because permeation in microsieves is
faster, the accumulation of particles on the membrane surface may also take place faster compared to conventional MF
membranes so that the large-scale MF of milk by microsieves is still in the investigation stage [187].

22.6.2 EMERGING APPLICATIONS OF MEMBRANES IN THE DAIRY INDUSTRY

Membranes can be used successfully in several fractionation stages of milk (Figure 22.14) [6,11]. As membrane materials and
understanding of processing conditions for efficient operation continue to evolve, new applications of membrane technology in
the dairy industry also continue to emerge. The continued development of the state-of-the-art ceramic membrane products that
persist to thrive despite the cheaper polymeric membranes and the increasing understanding of fouling that leads to effective
flux control contribute to the widespread use of membranes in the dairy industry. Such dynamism results in innovative products
of novel applications and unique functionalities.

Microfiltration of milk to separate micellar casein and produce an intermediate for the recovery of individual caseins rather
than producing a casein concentrate for cheesemaking alone is a goal of numerous efforts in dairy research. This opened
opportunities for more specialized applications of MF in the dairy industry [70]. For instance, recent studies on the biological
activities of milk components have propelled interest in recovering IgG in bovine colostrum using MF. Colostrum is a mixture
of the lacteal secretions produced by the mammary gland during the three days following parturition [188]. It contains high
amount of IgG and was found to have essential physiological action for many species and high efficacy in human clinical
applications [188,189].

κ -casein
glycomacropeptide

κ -casein
macropeptide

Skim milk MF

Low-concentrate
casein retentate

MF
T < 5�C

β -casein 
(permeate) 

Coagulation

Separation

Caseinate 
α /β /κ -casein
(retentate) 

MF/DF

Phosphocasein

UF, MF,
chromatography

αs-casein

β-casein κ-casein

Enzymatic
hydrolysis

Enzymatic
hydrolysis

β -casomorphin

MF

RetentatePermeate

UF/DF

Whey
protein
solution

Casein
solution

Protein standardized
milk

MPC

UF

UF/DF

MF/DF

FIGURE 22.14 Application of MF and UF in milk protein standardization and fractionation. (From Rosenberg, M., Trends Food Sci.
Technol., 6, 12, 1995. With permission.)
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Using MF ceramic Membralox membranes of 0.1 mm average pore size operated at UTMP of 0.4–0.5 bar (40–50 kPa) and
temperature lower than 408C, Piot et al. [188] employed the patented method developed by Garcin and Paviot [190] to recover
‘‘serocolostrum’’ as permeate, which is crystal clear, free of blood, and somatic cells as well as fat globules and casein micelles,
and has high hygienic and bacteriological quality (<10 cfu�mL�1), from bovine, caprine, or equine colostrums. The colostrums
were skimmed and diluted by 50% of KCl–NaCl saline solution or milk ultrafiltrate before MF. Continuous DF with 8–10
diavolumes of the saline solution followed to recover the whey fraction of colostrums, specifically to maximize the amount of
IgG in the permeate. The authors reported about 10% losses of IgG to the cream in the skimmed colostrums and 5.0%–6.7%
losses of IgG in the MF retentate. They suggested foregoing the cream separation step and proceeding directly to the MF step
with prolonged DF to minimize the losses.

Another recent innovation involves native whey proteins recovery pioneered by Tolkach and Kulozik [191]. They
introduced a novel membrane-based approach of separating native whey proteins from caseinomacropeptide (CMP) in
ultrafiltered and diafiltered sweet whey (Figure 22.15). They used the microbial enzyme transglutaminase (Tgase) to cross-
link CMP molecules through their glutamine and lysine residues. Although native whey proteins themselves are rich in
glutamine and lysine, they are resistant to enzymatic action, especially by Tgase, because of their compact globular shape
[192,193]. The authors reported that about 92% of the original amount of CMP was cross-linked without affecting native whey
proteins quantity and that the remaining CMP that was not cross-linked was mostly the glycosylated variety. The cross-linking
of the CMP molecules widened the size difference between CMP and the whey proteins, and rendered effective separation of
the two fractions by MF and subsequent DF in 0.1 mm pore size ceramic membrane module operated at 0.4 bar (40 kPa) UTMP
and 558C. The MF permeate, which contained whey proteins, was ultrafiltered using polysulfone (25 kDa MWCO) plate-and-
frame module and the UF permeate was used to diafilter the MF retentate, which contained the cross-linked CMP and the
remaining fractions of casein fines (about 5%–10% of the total proteins).

A decade ago, Jost and Jelen [96] commented that the success of some of the novel processing applications of MF will
depend on unique functionality and specific applications of the final fractions. Today, it is evident that with the use of MF,
several advancements have been attained in the dairy industry, such as the dramatic improvement of the hygienic safety of
dairy products, nutritional and bioactive properties of milk are kept intact or, at least, very minimally damaged, specific
separations of micellar casein and of small and large fat globules. These remarkable developments opened new and diverse
avenues in improving current manufacturing processes, product quality, and creating new milk derivatives for novel
applications [8].
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FIGURE 22.15 Fractionation of whey proteins and CMP by means of enzymatic cross-linking and membrane. (From Tolkach, A. and
Kulozik, U., J. Food Eng., 67, 13, 2005. With permission.)
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23.1 INTRODUCTION

Cardiac surgery is generally performed on a motionless heart.* The heart consists of two separate pumps: right ventricle pump
and left ventricle pump. The right ventricle pumps oxygen-depleted blood to the lungs while the left ventricle pumps oxygen-
rich blood to the body. Figure 23.1 shows the human circulatory system as well as the relationship between the heart and lungs.
Cardiopulmonary bypass therefore must ensure that oxygen-rich blood reaches the cells in the body.

During cardiopulmonary bypass, blood from the vena cava is directed to the external cardiopulmonary bypass circuit,
where it is oxygenated and returned to the aorta. Thus it is essential that an external blood oxygenator (BO) should be used to
oxygenate the blood. An additional circuit is required to ensure that the heart is provided with oxygenated blood.

Figure 23.2 is a simplified schematic diagram of the cardiopulmonary bypass circuit. During cardiopulmonary bypass, a
cannula is inserted into the right atrium to drain venous blood into the main blood reservoir. The cardiotomy reservoir receives
blood that has been aspirated from the heart or pericardium. The cardiotomy reservoir usually includes a defoaming chamber.
The cardiotomy reservoir also serves as a buffer storage reservoir in case there is a sudden change in blood pressure. Blood
from the cardiotomy reservoir flows into the main reservoir. The blood from the blood reservoir is pumped through a BO,

* Recently ‘‘beating heart’’ surgery has increased in popularity for more simple procedures where cardiac surgery is conducted on a beating heart. However
cardiopulmonary bypass will be needed for more complicated procedures.
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which replaces the gas transfer function of the lungs; oxygenation of the blood, and removal of carbon dioxide. A heat
exchanger is included with the blood oxygenator. Hot water is pumped through one side of the heat exchanger while the blood
flows through the other side, allowing control of the patient’s body temperature. A major concern during cardiopulmonary
bypass is the entrapment of air in the blood. Antifoaming compounds, e.g., silica A, are usually added to the blood [1,2].
Further, blood filters (e.g., polyester or nylon filters with pore size between 20 and 40 mm) are used to remove any air bubbles
that may be present. The blood returns to the body via a second cannula placed in the aorta.

The presence of an extracorporeal bypass circuit results in large heat losses from the blood. Thus an integral heat exchanger
is essential to regulate the patient’s body temperature. To decrease the oxygen demand during surgery, the patient’s body
temperature is often maintained at 58C–108C below normal body temperature.

The first cardiopulmonary bypass procedure was conducted on May 6, 1953 using a heart–lung machine invented by
John and Mary Gibbon [3]. Today cardiopulmonary bypass procedures are routine. Figure 23.3 shows the increase in
cardiopulmonary bypass procedures in United States from 1979 to 2002 [4]. From 1995 to 2002 about 700,000 cardiopul-
monary bypass procedures were conducted each year in the United States. Among these, more than 50% of cardiopulmonary
bypass procedures were conducted on patients above 65 years, while 40% were conducted on patients between 45 and 64 years
of age.
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FIGURE 23.1 Human circulatory system as well as the relationship between the heart and lungs.
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FIGURE 23.2 Simplified schematic presentation of the cardiopulmonary bypass circuit. Direction of blood flow is shown by the dashed
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23.2 HISTORY

The BO is a major component of the cardiopulmonary bypass circuit. A tremendous amount of research, as evidenced by the
numerous research papers and patents, has been devoted to the design of the highly efficientmicroporousmembraneBOs available
today. In the following section, the forerunners to today’s microporous membrane BOs, the film and bubble BOs are briefly
described.

23.2.1 FILM AND BUBBLE BOS

The original BOs were the film BOs. These BOs used rotating cylinders to spread blood in a continuously renewed thin film
while oxygen flowed over the film of blood. Though there was direct contact between the blood and gas phases, the gas
exchange efficiency was low leading to devices that had very large priming volumes. The first film BO was invented by
von Frey and Gruber in 1885 [5]. Using the same principle, Gibbon developed his first film BO in 1937 [6]. After more than
10 years of testing, Gibbon performed the first successful open-heart surgery using his film BO in 1953 [3,7].

Next came the bubble BOs. In these devices, the gas exchange efficiency was increased by dispersing bubbles of oxygen in
the blood, which resulted in significantly reduced priming volumes compared to the film BOs [8]. Since bubbling gas through
blood leads to foam formation, silicone compounds were used as defoaming agents [9]. In 1955, DeWall et al. performed the
first successful cardiopulmonary bypass procedure using a bubble BO [10].

Although the benefits of bubble versus film BOs were often debated, both have their own limitations. For film BOs, though
the blood surface area is large, the gas transfer efficiency was often compromised by channeling of the blood flow [5,11,12].
Further, a large priming volume was usually required to obtain sufficient gas exchange. On the other hand, bubble BOs caused
significant damage to the blood.

23.2.2 NONPOROUS MEMBRANE BOS

To improve the hemocompatibility of BOs, and avoid direct contact between the blood and gas phases, a nonporous membrane
was placed between the blood and gas phases giving rise to membrane BOs [13–17]. The initial challenge in mem-
brane technology was to produce reliable membranes with high permeabilities for O2 and CO2. The first nonporous
membrane materials included polyethylene, polypropylene, and ethylcellulose. The permeability of CO2 in these membrane
materials was only five times greater than the permeability of O2. Consequently, given the much lower CO2, concentrations of
CO2 transfer were membrane limited.

The second generation of nonporous membranes was silicon based which displayed increased CO2 permeabilities. In 1965,
Bramson et al. commercialized the first nonporous membrane BO [18]. Since the diffusion coefficient of oxygen and carbon
dioxide in air is about four orders of magnitude higher than in blood, the gas side mass-transfer resistance was negligible. The
major resistance to respiratory gas transfer was due to the membrane and the liquid side concentration boundary layer [19].
Though nonporous membrane BOs reduced blood damage, up to 5.5 m2 membrane surface area was often required to ensure
adequate gas transfer rates.

23.2.3 MICROPOROUS MEMBRANE BOS

The next major advance in the development of membrane BOs came with the introduction of hydrophobic microporous
membranes. These membranes were made from polypropylene or Teflon.Membrane pore diameters ranged from 0.02 to 0.6mm.
Red blood cells on the other hand consist of biconcave discs with an average diameter of 6–8 mm. Since the membranes are
hydrophobic, the pores are gas filled. Even though many plasma proteins are much smaller than the membrane pores, the blood
plasma cannot flow through the pores as long as the pressure drop from the blood side to the gas side is lower than the threshold
value, called the breakthrough pressure. The respiratory gases pass through the membrane pores rather than the membrane
material. Consequently, the major resistance to gas transfer is the blood side concentration boundary layer.
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FIGURE 23.3 Cardiopulmonary bypass procedures conducted each year in the United States.
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23.2.4 FLAT SHEET VERSUS HOLLOW FIBER

In 1980, microporous membrane BOs accounted for only 20% of all BOs sold in the United States [20]. At that time, the gas
transfer performance of membrane BOs, such as the Baxter Travenol Modulung-Teflo and Travenol TMO (Baxter Travenol
Laboratories, Inc., now Baxter International, Deerfield, Illinois), was not yet comparable with that of bubble BOs. Further the
membrane BOs were complex to operate. During the early 1980s, the designers of membrane BOs started to focus on
incorporating passive mixing of the blood to reduce the blood side resistance to gas transfer. For example, the Cobe CML
(Cobe Cardiovascular, Arvada, Colorado) contained a microporous flat sheet membrane with a screen (spacer) in the blood
channels to induce mixing [21]. The membrane surface area was reduced to 2.5 m2. The Johnson and Johnson Extracorporeal
Maxima (Johnson and Johnson Cardiovascular, Anaheim, California) used cross-wound hollow fibers where the blood flowed
outside the fibers [22]. By increasing the gas transfer efficiency of these BOs, the membrane surface area and priming volume
were reduced. As a consequence of these improvements, by 1986, membrane BOs accounted for more than 60% of all BOs sold
in the United States. This number further increased to 98% in 1992 and then to 99% in 1994. Today nearly 100% of BOs sold in
the United States contain microporous membranes. In 1999, the total BO market was worth about $460 million. In 2001, this
number had risen to over $500 million and is expected be almost $650 million in 2006 [23]. Table 23.1 summarizes some of the
BO manufacturers today whereas Table 23.2 lists major BO membrane suppliers.

TABLE 23.1
Main BO Manufactures

Manufacturer Contact Information
BO Trade
Name

Membrane
Material

Membrane
Type

Membrane
Surface
Area (m2)

Priming
Volume
(mL)

COBE
Cardiovascular, Inc.

(a Sorin Group
company)

14401 W. 65th Way Arvada
Colorado 80004-3599

Tel: 303 425 5508
800 221 7943
Fax: 303 467 6525
http:==www.cobecv.com

Apex Polypropylene
(PP)

Hollow fiber

Optima XP PP Hollow fiber 1.9
Optimin PP Hollow fiber 1.0
Sorin Monolyth Pro PP Hollow fiber 2.2
Avant PP Hollow fiber 2.0 310

CML DUO PP Flat sheet 2.6
Lilliput I PP Hollow fiber 0.34 60
Lilliput II PP Hollow fiber 0.6 105

Dideco (a Sorin Group
company)

Dideco s.r.l.
Via Statale 12 Nord, 86
41037 Mirandola Modena

Italy
Tel: 39 0535 29811
Fax: 39 0535 25229

http:==www.dideco.com

ECC.O PP Hollow fiber 1.1 380
D903 Avant PP Hollow fiber 1.7 250
D902 Lilliput 2 PP Hollow fiber 0.6 105

D901 Lilliput 1 PP Hollow fiber 0.34 60
Compact flo Evo PP Hollow fiber 1.7 250
D905 EOS PP Hollow fiber 1.1 160

SORIN BIOMEDICA
CARDIO (a Sorin
Group company)

Strada Per Crescentino
13040 Saluggia (VC)
Via Crescentino, Italy

Tel: 39 0161 4871
Fax: 39 0161 487316
http:==www.sorincardio.com

Synthesis PP Hollow fiber 2.0 430
Monolyth PP Hollow fiber 2.2 285
Monolyth C PP Hollow fiber 2.2 285

Monolyth Pro PP Hollow fiber 2.2 286

Terumo Corporation 44-1,2-Chrome
Hatagaya, Shibuya-Ku
Tokyo, 151-0072

Japan
Tel: 81 333 74 8111
Fax: 81 333 74 8399
http:==www.terumo.co.jp

CAPIOX RX05
Baby RX

PP Hollow fiber 0.5 43

CAPIOX RX25R PP Hollow fiber 2.5 250

CAPIOX SX10X
and SX10RX

PP Hollow fiber 1.0 135

CAPIOX SX18X
and SX18RX

PP Hollow fiber 1.8 270

CAPIOX SX25X
and SX25RX

PP Hollow fiber 2.5 340

Gish Biomedical, Inc. 22942 Arroyo Vista

Rancho Santa Margarita
California 92688
Tel: 800 938 0531

Fax: 949 635 6296
http:==www.gishbiomedical.com

Vision(r) PP Hollow fiber 2.45
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Today both flat sheet and hollow fiber BOs are sold though the hollow fiber geometry is more common. BOs with very low
membrane surface areas (e.g., Sarns Turbo, 3M Health Care, Ann Arbor, Michigan; and Cobe Optima, Cobe Cardiovascular,
have surface areas of 1.9 and 1.7 m2, respectively) have been built using carefully spaced mats of woven hollow fibers [24,25].
These woven hollow fibers provide uniform flow channels, which minimizes channeling of the blood. Figures 23.4 and 23.5 are
schematic representations of typical flat sheet and hollow fiber BOs. Flat sheet BOs are made from a flat sheet hydrophobic
membrane. To introduce passive mixing and provide proper flow distribution, screens are placed between membranes. During
operation, gas flows on one side of the membrane, while blood is delivered to the other side, as shown in Figure 23.4. Typical
flat sheet BOs include Cobe VPCML Plus and Cobe Duo (Cobe Cardiovascular).

Hollow fiber BOs use hydrophobic membranes. In most designs, the blood flows outside and across the fibers.
Consequently, the fibers help disrupt the blood side concentration boundary layer. Hollow fiber and flat sheet BOs have
almost equivalent hemocompatibility and gas exchange performance. However, the gross air handling is different due to
differences in the packing density (total available membrane surface area per unit volume). For flat sheet BOs, the packing

TABLE 23.1 (continued)
Main BO Manufactures

Manufacturer Contact Information
BO Trade
Name

Membrane
Material

Membrane
Type

Membrane
Surface Area (m2)

Priming
Volume (mL)

Medtronic 710 Medtronic Parkway
Minneapolis, Minnesota

55432-5604
Tel: 1 763 514 4000
Fax: 1 763 514 4879

http:==www.medtronic.com

AFFINITY NT Hollow fiber
TRILLIUM

AFFINITY NT

Hollow fiber

Carmeda
AFFINITY NT

Hollow fiber

ECMO Silicone polymer
I-Series Silicone polymer
Minimax Plus Hollow fiber

Maquet

Cardiopulmonary
AG

Hechinger Strasse 38

72145 Hirrlingen
Germany
Tel: 49 07478 921-0

Fax: 49 07478 921-100
http:==www.maquet-cp.com

Jostra Quadrox PP Hollow fiber 1.8 250

Jostra Quadrox D Polymethyl
pentene

Hollow fiber 1.8 250

NovoSci 2828 N. Crescent Ridge Drive Ready System Hollow fiber

The Woodlands, Texas 77381
Tel: 800 854 0567
Fax: 888 570 4009

www.novosci.us

TABLE 23.2
Main BO Membrane Suppliers

Suppliers Contact Information Membrane Commercial Name Membrane Material Membrane Type

Celgard LLC 13800 South Lakes Drive
Charlotte, North California

28273

Celgard Polypropylene (PP), polyethylene (PE),
PP=PE=PP trilayer, surfactant coated PP

Flat sheet

Tel: 704 588 5310
Fax: 704 587 8585
http:==www.celgard.com

Membrana Membrana GmbH OXYPHAN PP Hollow fiber
Öhder Straße 28 CELGARD PP Hollow fiber
42289 Wuppertal

Tel: 49 202 6099 –0
Fax: 49 202 6099 –241
http:==www.membrana.com
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density is usually less than 400 m2 m�3 while for hollow fiber BOs, the packing density can approach 3000 m2 m�3. Table 23.3
summarizes some advantages and disadvantages of flat sheet and hollow fiber membrane BOs.

Gu et al. compared flat sheet and hollow fiber BOs in terms of pressure drop, shear stress, and activation of leukocytes or
white blood cells [26]. They found that both configurations displayed similar gas transfer performance. However, the pressure
drop along the blood flow path of the flat sheet BOs was higher than that for hollow fiber BOs. Moreover, activation of
leukocytes in flat sheet BOs was greater.

23.3 DESIGN OF BOS

Designing improved BOs is complex, given the interdependence of the important design variables. Increasing the rate of gas
transfer per priming volume of the device will minimize the transfusion requirements. This is particularly important, given the
risk of contamination of the patients’ blood by pathogens associated with the donated blood. Reducing the membrane surface

Gas behind
membrane

Gas outLiquid in

Liquid out

L

2b W

CO

CI

FIGURE 23.4 Schematic diagram of flat sheet BOs. CI and CO refer to the inlet and outlet oxygen concentrations in the liquid phase.

D

D �
Liquid in

Liquid out

Gas in

Gas out

CI
CO

L0

FIGURE 23.5 Schematic diagram of hollow fiber BOs. CI and CO refer to the inlet and outlet oxygen concentrations in the liquid phase.
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area present will reduce the cost of the device. Finally, ideal designs are ones which disrupt the blood side mass-transfer
boundary layer thus enhancing the rate of gas transfer yet minimizing blood damage.

23.3.1 OXYGENATION AND DEOXYGENATION OF WATER

Due to the complexity of dealing with human blood, many previous fundamental studies have focused on developing mass-
transfer and friction factor correlations for BOs using Newtonian fluids such as water and glycerol water mixtures as a substitute
for blood [27–35]. The use of a nonbiological, nonpathogenic blood analogue fluid to test BOs provides a number of
advantages. Units of human and animal blood show a great deal of biological variability. Further a number of safety procedures,
especially when using human blood, must be followed to minimize the risk of transmission of pathogens from the blood being
tested to the operator.

The transfer of oxygen to Newtonian blood analogue fluids may be described by the following equation [36]:

N ¼ KDC (23:1)

where
N is the total molar flux
DC is the overall concentration difference
K is the overall average mass-transfer coefficient

A mass balance over the liquid phase results in the following expression for the overall average mass-transfer coefficient:

K ¼ Q

A

ðCO

CI

dC

C* � C
(23:2)

where
Q is the fluid flow rate
A is the membrane surface area
CI, CO, and C* are the inlet and outlet oxygen concentrations in the fluid, and the oxygen concentration in the fluid if it
were in equilibrium with the gas phase, respectively; see Figures 23.4 and 23.5 [27,37]

Integration of Equation 23.2 results in the following equation, which may be used to calculate the mass-transfer coefficient from
the experimentally determined oxygen concentration in the liquid phase:

K ¼ Q

A
ln

CI � C*

CO � C*

 !
(23:3)

Since the liquid side concentration boundary layer represents the major resistance to gas transfer, the overall average mass-
transfer coefficient may be approximated by the liquid side mass-transfer coefficient [27,38–40]. Experimentally, this means
that the overall average mass-transfer coefficient is independent of gas flow rate.

TABLE 23.3
Comparison between Flat Sheet and Hollow Fiber Membrane BOs

Membrane Module Advantages Disadvantages

Flat sheet Better consistency Low packing density
Air handling Poor pulse transmission
Low gas side pressure High priming volume
Low plasma weepage

Hollow fiber High packing density Priming more difficult
More efficient High gas side pressure
Low priming volume
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23.3.1.1 Flat Sheet BOs

Goerke et al. [29] determined mass-transfer and friction factor correlations using the Cobe VPCML Plus and Cobe CML Duo
(Cobe Cardiovascular). Water and water=glycerol mixtures were used as the liquid phases. Figure 23.6 shows the variation of
the Sherwood number with the Graetz number where the Sherwood number and Graetz numbers are defined as [29]

sh ¼ K(4B)
D

(23:4)

Gr ¼ (4B)2u
DL

(23:5)

where
K is the overall mass-transfer coefficient
D is the diffusion coefficient of oxygen in the liquid fluids
B is the average half thickness of rectangular blood flow channel
L is the length of rectangular blood flow channel
u is the velocity

In Figure 23.6, different symbols are used for different liquids. As can be seen, the Sherwood number increases with increasing
Graetz number.

Goerke et al. [29] noted that the correlation

Sh ¼ 6:4Gr0:33 (23:6)

does not fit the experimental data. Equation 23.6 represents the mass-transfer analogue of the Lévêque solution [41] modified
for flow in rectangular ducts. The mass-transfer analogue of the Lévêque solution has been shown to predict the mass-transfer
coefficient for flow in circular channels [41]. Goerke et al. used the following equations to describe their experimental data [29]:

Sh ¼ 0:5Gr for 0:5 < Gr < 10 (23:7)

Sh ¼ 3:0Gr0:33 for 10 < Gr < 500 (23:8)

At higher Graetz numbers, the experimental data lie parallel to but below the Lévêque solution. This is most likely because the
screen, placed in the blood flow channel, touches the membrane. Thus the membrane surface area available for gas transfer is

Sh = 6.4Gr 0.33
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80% Water/20% glycerol

60% Water/40% glycerol

Modified prediction

FIGURE 23.6 Mass transfer results for flat sheet BOs. Two different flat sheet BOs were tested. (From Goerke, A.R., Leung, J., and
Wickramasinghe, S.R., Chem. Eng. Sci., 57, 2035, 2002. With permission.)
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less than the actual membrane surface area present in the BO. At lower Graetz numbers, small variations in the thickness of the
blood flow channels can lead to compromised gas transfer.

Goerke et al. [29] assumed that the actual thickness of the blood flow channels may be described by a truncated normal
distribution. They then derived the following expression for the effective mass-transfer coefficient that incorporates the effects
of variations in channel thicknesses

<K>¼ K 1� 9KA
Q
� 3

� �
«20 þ L

� �
(23:9)

where «0 is the standard deviation of the channel thickness divided by the mean thickness. As can be seen, use of Equation 23.9
gives a better fit to the experimental data at low flow rates (i.e., low Graetz numbers, see Figure 23.6).

The variation of the friction factor with Reynolds number for flat sheet BOs is given in Figure 23.7 [29] where the Reynolds
number is defined as

Re ¼ u(4B)
n

(23:10)

where n is the kinematic viscosity. f is the friction factor which can be calculated by

f ¼ B

L

DP
1
2 rn

2
(23:11)

where
DP is the pressure drop for liquid flow through the membrane channel
r is the liquid density

For laminar flow in rectangular ducts [42],

f ¼ 16

Re 2
3þ 11

24
2B
W 2� 2B

W

� �� � � 24
Re

(23:12)

Equation 23.12, which is shown as a solid line in Figure 23.7, agrees very well with the experimental results [29].

23.3.1.2 Hollow Fiber BOS

Today most hollow fiber BOs are designed such that the gas phase flows inside the fibers and the blood flows outside and across
the fibers (Figure 23.8). Like flat sheet BOs, several investigators have used a lumped parameter approach to determine mass-
transfer and friction factor correlations for BOs. Different investigators have developed slightly different correlations. The
differences in the correlations are probably indicative of the level of accuracy of this approach.

f = 24Re 
−1

0.01
0.01 0.1 1 10 100 1000

0.1

1

10

100

1000
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Re

f

100% Water

80% Water/20% glycerol

60% Water/40% glycerol

FIGURE 23.7 Variation of the friction factor with Reynolds number. Two different flat sheet BOs were tested. (From Zhang, Q. and
Cussler, E.L., J. Membr. Sci., 23, 333, 1985. With permission.)
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Wickramasinghe et al. [28] studied various hollow fiber BOs. They found that for oxygen transfer into and out of water, a
mass-transfer correlation of the form,

Sh ¼ aRebScc (23:13)

could be used to describe the data. In Equation 23.13 Sc is the Schmidt number defined as

Sc ¼ n

D
(23:14)

In Equation 23.13, a, b, and c are empirical constants. The Sherwood and Reynolds numbers are defined as

Sh ¼ Kde
D

(23:15)

Re ¼ ude
n

(23:16)

where de is the equivalent diameter defined as [30]

de ¼ «

1� «

	 

d0 (23:17)

where
« is the void fraction defined as the ratio of the empty volume within the mass-transfer chamber to the total volume of the

mass-transfer chamber
d0 is the outside diameter of the hollow fibers

They suggested the following correlation [28]:

Sh ¼ 0:8Re0:47Sc0:33 (23:18)

More recently, Goerke et al. [29] studied three commercially available hollow fiber BOs (Cobe Optima, Cobe Optima XP, and
Cobe Optimin, Cobe Cardiovascular). They obtained slightly different mass-transfer correlations for BOs with different hollow
fiber diameters:

Sh ¼ 0:39Re0:59 Sc0:33 for 200 mm ID fibers (23:19)

Sh ¼ 0:20Re0:59 Sc0:33 for 280 mm ID fibers (23:20)

In a later publication, Wickramasinghe et al. [30] varied the Schmidt number of the liquid phase by conducting experiments
with various water=glycerol mixtures. The results are shown in Figure 23.9. They obtained the following mass-transfer
correlation [30]:

Sh ¼ 0:8Re0:59Sc0:33 (23:21)

Liquid out

Hollow fibers

Gas in

Liquid in

FIGURE 23.8 Schematic diagram of hollow fiber BO where the blood flows outside and across the fibers.
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It is likely that the correlations (Equations 23.18 through 23.21) are in fact the same, given the accuracy of the lumped
parameter approach.

Wickramasinghe et al. [30] also determined the variation of the friction factor with Reynolds number. The results are given
in Figure 23.10. They used the following correlations to describe the friction factor for flow across woven hollow fibers [30]:

f ¼ 260Re�1:1 0:1 < Re < 5 (23:22)

f ¼ 100Re�0:5 5 < Re < 100 (23:23)

The range of liquid flow rates used to generate the date in Figure 23.10 is similar to the blood flow rates used in clinical practice.
Figure 23.10 shows that for Reynolds numbers between 5 and 10, the slope of the friction factor versus Reynolds number curve
changes suggesting the onset of boundary layer separation. Boundary layer separation will lead to mixing of the blood and a
decrease in the blood side mass-transfer resistance.

Catapano et al. [35] studied the mass and momentum transport in hollow fiber BOs. Water and oxygen were used as the
liquid and gas phases, respectively. They investigated the effect of the shell void fraction («) and the membrane angle with
respect to the main direction of liquid flow (f). They proposed the following correlations [35]:

Sh/Sc0.33 = 0.8Re0.59
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Sc = 2,300 Sc = 4,710 Sc = 11,880

FIGURE 23.9 Variation of Sh=Sc0.33 with Reynolds number for Newtonian fluids. (From Wickramasinghe, S.R., Garcia, J.D., and Han, B.,
J. Membr. Sci., 208, 247, 2002. With permission.)
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FIGURE 23.10 Variation of friction factor with Reynolds number for Newtonian fluids. (From Wickramasinghe, S.R., Garcia, J.D., and
Han, B., J. Membr. Sci., 208, 247, 2002. With permission.)
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Sh ¼ Re
de
4L

� �0:15
«

1� «

	 
�0:13
Sc0:33(1:1þ 1:2e�0:1f) (23:24)

f ¼ Re�0:43(1� «)�1:22(1:75þ 0:049f) (23:25)

Their mass-transfer and friction factor correlations were derived for a range of Reynolds numbers between 20 and 60.
Rajasubramanian et al. [43] investigated oxygen transfer to saline in a commercial available hollow fiber BO (Avecor

affinity BO, Avecor Cardiovascular Inc., Minneapolis, Minnesota). They obtained the following mass-transfer correlation:

Sh ¼ 0:34Re0:18Sc0:33 (23:26)

Vaslef et al. [44] determined oxygen transfer rates in water using three commercial available hollow fiber BOs (SMO1 and
Sarns Turbo Oxygenator, Sarns=3M, Ann Arbor, Minnesota; Bentley Univox, Bentley Laboratories, Irvine, California). They
found that

For SMO1: Sh ¼ 0:136Re0:832Sc0:33 (23:27)

For Turbo: Sh ¼ 0:159Re0:751Sc0:33 (23:28)

For Univox: Sh ¼ 0:256Re0:779Sc0:33 (23:29)

23.3.2 EFFECTS OF NON-NEWTONIAN BLOOD RHEOLOGY

The preceding studies used Newtonian fluids, generally water and glycerol water mixtures, to model blood. However, the
rheological behavior of blood is complex. Blood is a shear-thinning, viscoelastic fluid. Further, blood also shows thixotropic
properties due to its slow recovery from shear degradation and displays an apparent yield stress [45]. Blood rheology is often
described in terms of two basic phenomena [46]: red cell deformation and red cell aggregation. Red cell deformation causes the
viscosity of blood at high shear rates to be less than that obtained at low shear rates, while red cell aggregation causes a large
increase in viscosity at low shear rates. At high cell concentrations, cell–cell interactions are also thought to play a critical role
in determining the overall rheological properties of blood [47].

During cardiopulmonary bypass, addition of fluids such as anticoagulants leads to a reduction in the hematocrit or
percentage or the total blood volume that is made up of red blood cells. Thus the elastic properties of blood do not affect
blood flow in a BO [48]. Further, since the hematocrit of the blood is low, cell–cell interactions are likely to be less important.
In modern BOs, the average relative shear stress on the blood is about 5–30 Pa [20]. Under these conditions, blood may be
modeled as a shear-thinning fluid. Consequently, a Newtonian blood analogue fluid cannot model the variation of blood
viscosity with shear rate.

Wickramasinghe et al. prepared non-Newtonian blood analogue fluids by adding polyacrylamide and xanthan gums to
water and glycerol=water mixtures [32]. Mann and Tarbell [49] found that xanthan gum solutions model the viscous and elastic
behavior of blood more accurately than polyacrylamide solutions. For shear-thinning fluids, the kinematic viscosity is not
constant but varies with the shear stress. By using generalized Reynolds and Schmidt numbers, assuming power law fluid
behavior, Wickramasinghe et al. found that the results for non-Newtonian fluids can be described using the same correlations
derived for Newtonian fluids [32–34].

23.3.3 EFFECTS OF OXYGEN BINDING TO HEMOGLOBIN

In human blood, oxygen not only dissolves in the plasma but also binds to hemoglobin. The reaction between oxygen and
hemoglobin leads to an enhanced rate of oxygen transfer compared to nonreactive blood analogue fluids. Thus to predict the
performance of a BO, the effect of the oxygen–hemoglobin reaction must be included in the mass-transfer coefficient. Based on
film theory [50], Wickramasinghe et al. introduced a mass-transfer enhancement factor to account for the increased rate of
oxygen transfer due to the oxygen–hemoglobin reaction [33,34]. Figure 23.11 is a schematic representation of the liquid film
that is assumed to exist at the membrane surface.

Hemoglobin is a globular protein composed of four polypeptide chains each containing a heme group. The oxygen-binding
curve for hemoglobin (i.e., percentage of saturation of hemoglobin as a function of oxygen partial pressure) may be described
empirically assuming the reaction between hemoglobin and oxygen is given by the following expression:

Hbþ nO2  !k1
k�1

Hb(O2)n (23:30)
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where
n is a measure of cooperatively between heme units [51]
k1 and k�1 are the forward and backward rate constants

An apparent equilibrium constant, KE, based on Equation 23.30 may be defined as

KE ¼ k1
k�1
¼ [Hb(O2)n]

[Hb] [O2]
n (23:31)

where [Hb(O2)n], [Hb], and [O2] are the concentrations of oxygenated hemoglobin, nonoxygenated hemoglobin, and dissolved
oxygen in the plasma, respectively.

Since the gas side resistance to mass transfer is negligible in microporous membrane BOs, only the liquid side film is
considered. Mass transfer by convection within the film is negligible. Further there is no mass accumulation at any point within
the film. Consequently, steady-state mass balances in the liquid film on [O2], [Hb], and [Hb(O2)n] lead to Equations 23.32
through 23.34 [36,52]:

0 ¼ @[O2]

@t
¼ DO2

@2([O2])

@x2
þ nk�1[Hb(O2)n]� nk1[Hb] [O2]

n (23:32)

0 ¼ @[Hb]

@t
¼ DHb

@2([Hb])

@x2
þ k�1[Hb(O2)n]� k1[Hb] [O2]

n (23:33)

0 ¼ @[Hb(O2)n]

@t
¼ DHb(O2)n

@2([Hb(O2)n])

@x2
� k�1[Hb(O2)n]þ k1[Hb] [O2]

n (23:34)

The general solution for Equations 23.32 through 23.34 is [53]

DO2
[O2]þ nDHb(O2)n [Hb(O2)n] ¼ a1xþ a2 (23:35)

DHb[Hb]þ DHb(O2)n [Hb(O2)n] ¼ a3xþ a4 (23:36)

where a1, a2, a3, and a4 are empirical constants. Four boundary conditions are required. At the gas–liquid interface (surface of
the membrane on the liquid side), x¼ 0. Here,

[O2] ¼ [O2]0 (23:37)

O2

Red blood cells

Liquid film

x = d

x = 0

Gas-phase inside
membrane

Liquid-phase
outside

membrane

Bulk liquid
solution

Membrane wall

Oxygenated hemoglobin

FIGURE 23.11 (See color insert following page 588.) Schematic representation of liquid film at the surface of a hollow fiber.
(From Wickramasinghe, S.R. and Han, B., Chem. Eng. Res. Des., 83(A3), 256, 2005. With permission.)
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where [O2]0 is the dissolved oxygen concentration in the liquid phase that is in equilibrium with the gas-phase concentration. At
the outer edge of the stagnant film, x¼ d. Here

[O2] ¼ [O2]d (23:38)

[Hb] ¼ [Hb]d (23:39)

where [O2]d and [Hb]d are the same as the dissolved oxygen and nonoxygenated hemoglobin concentrations in the bulk liquid.
Neither hemoglobin nor oxygenated hemoglobin can leave the liquid phase. Thus the fourth boundary condition states that

the flux of total hemoglobin is zero.

DHb

d[Hb]

dx
þ DHb(O2)n

d[Hb(O2)n]

dx
¼ 0 (23:40)

The rate of oxygen transfer through the stagnant film is equal to the dissolved oxygen flux plus the oxygenated hemoglobin
flux. Thus the oxygen flux, J, is given by

J ¼ �DO2

d[O2]

dx
� nDHb(O2)n

d[Hb(O2)n]

dx
¼ �a1 (23:41)

Substituting Equations 23.31 and 23.35 through 23.40 into Equation 23.41 results in

J ¼ DO2

d
([O2]0 � [O2]d) 1þ nDHb(O2)n

DO2

� 1

1þ DHb(O2)n
DHb

KE[O2]
n
0

� [O2]
n
0 � [O2]

n
d

[O2]0 � [O2]d
KE[Hb]d

8<
:

9=
; (23:42)

In the absence of a chemical reaction between oxygen and hemoglobin, the oxygen flux J0 is given by

J0 ¼ DO2

d
([O2]0 � [O2]d) ¼ k0([O2]0 � [O2]d) (23:43)

where k0 is the mass-transfer coefficient in the absence of chemical reaction. Comparing Equations 23.42 and 23.43,

k ¼ k0 1þ nDHb(O2)n

DO2

� 1

1þ DHb(O2)n
DHb

KE[O2]
n
0

� [O2]
n
0 � [O2]

n
d

[O2]0 � [O2]d
KE[Hb]d

8<
:

9=
; ¼ k0E (23:44)

where the term in brackets is the enhancement factor, E. The enhancement factor is a function of the oxygen partial pressure, as
the oxygen partial pressure increases, the enhancement factor decreases.

The enhancement factor given by Equation 23.44 contains the diffusivity of oxygen hemoglobin and oxyhemoglobin. Since
the hemoglobin is found within the red blood cells, the diffusivity of hemoglobin and oxyhemoglobin is the same as the
diffusivity of the red blood cells. The diffusivity of red blood cells is significantly enhanced by rotation and deformation of
the cells, which is a function of shear rate [33]. As the shear rate increases so does the diffusivity of the red blood cells and
hence the mass-transfer enhancement factor given by Equation 23.44. Consequently, designs which maximize the diffusivity of
red blood cells will display higher rates of gas transfer.

The enhancement factor given in Equation 23.44 assumes film theory. Other enhancement factors have also been described
[54–56]. For example, Shimizu and Yoshida proposed the following equation to calculate the enhancement factor [54,56]:

E ¼ 95,000
PO2

� �1=3

1þ 11:8 (1� s)
Ht

100

� �0:8
� 8:9 (1� s)

Ht

100

� �( )
(23:45)

In blood, oxygen is present in both dissolved and chemically reacted forms. Therefore, the oxygen concentration in blood is
given by

C ¼ CC þ CP ¼ b
Ht

100

� �
Sþ aPO2

(23:46)
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where
b is the maximum amount of oxygen that can combine with a unit volume of hemoglobin
CC and CP are the oxygen concentration bound to hemoglobin and dissolved in the plasma, respectively
S is the degree of oxygen saturation (oxyhemoglobin saturation), which is given by the ratio [Hb(O2)n]=[Hb]t where

[Hb]t is the total hemoglobin concentration (oxygenated and nonoxygenated) present

The degree of oxygen saturation is often described by the Hill equation [57–60]:

S ¼ [Hb(O2)n]

[Hb]t
¼ (PO2

=P50)
n

1þ (PO2
=P50)

n (23:47)

where PO2
and P50 are the oxygen partial pressure and the oxygen partial pressure, respectively, at 50% hemoglobin saturation.

By combining Equation 23.46, Equation 23.2 can be rewritten as

K ¼ Q

A

ðCP,O

CP,I

dC

(C* � CP)
¼ Q

A

ðCP,O

CP,I

d[b(Ht=100)Sþ aPO2
]

(C* � CP)
(23:48)

where CP,I and CP,O are the oxygen concentration dissolved in the plasma in the inlet and outlet stream, respectively. By using
the oxygen partial pressure to replace the dissolved oxygen concentration,

K ¼ Q

A

ðPO2 ,O

PO2 ,I

b(Ht=100)(dS=dPO2
)þ a

(P*O2
� PO2

)
dPO2

(23:49)

where PO2,I, PO2,O, and P*O2
are the inlet and outlet oxygen partial pressure that would be in equilibrium with the oxygen in

the blood and the oxygen partial pressure in the gas phase, respectively. dS=dPO2
can be obtained by differentiating

Equation 23.47.
Finally, the overall average mass-transfer coefficient in the absence of the reaction between oxygen and hemoglobin may be

calculated from

K0 ¼ Q

A

ðPO2 ,O

PO2 ,I

b(Ht=100)(dS=dPO2
)þ a

E(P*O2
� PO2

)
dPO2

(23:50)

Wickramasinghe et al. used bovine blood to evaluate the Cobe Duo and Cobe Optima XP BOs (Cobe Cardiovascular) [33,34].
By using K0 to calculate the Sherwood number, as well as the analogous Reynolds and Schmidt number for power law fluids,
Wickramasinghe et al. found that results for bovine blood do collapse onto the same curve as the results for Newtonian and non-
Newtonian blood analogue fluids. Their results are shown in Figures 23.12 and 23.13 [33,34].

Matsuda and Sakai proposed the following mass-transfer correlation for hollow fiber BOs [61]:

Sh ¼ Sc1=3 Re2=3 exp (3:29«� 4:27) (23:51)

However, the range of Reynolds numbers tested was very small being 2–20.

23.3.4 VALUE OF LUMPED PARAMETER APPROACHES

Table 23.4 summarizes some of the literature correlations. As can be seen most of these correlations were developed using
Newtonian blood analogue fluids such as water and glycerol water solutions. These correlations may be used to help guide
better BO designs. Table 23.4 indicates that correlations obtained by different researchers using different modules are not
always the same. Thus caution is needed when using these correlations to ensure they are applicable to the operating conditions
being considered.

23.4 CFD METHODS IN BOS

23.4.1 CFD APPLICATION IN BO STUDIES

Recently, computational fluid dynamics (CFD) models have been developed to guide the development of new BO designs
[62–67]. Baker et al. developed a two-dimensional finite-difference model to solve the Navier–Stokes equation and to predict
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gas transfer to blood flowing outside hollow fibers [62]. Using this model, Baker et al. calculated the oxygen saturation profile
and the velocity profile along the membrane module. They further compared their simulation results to experimental data for
bovine and human blood. They obtained reasonable agreement.

Gage et al. developed a three-dimensional CFD model to predict the pressure drop in a membrane BO [63]. They modified
a commercial membrane BO to allow pressure measurement along the fiber bundle in all cardinal axes. Close agreement was
obtained between experimental and simulated pressure drops at lower flow rates. However, the simulated pressure drops were
lower than the experimental results at higher flows.

Funakubo et al. used a CFD model to evaluate 10 artificial implantable lungs [64]. Their research focused on the occurrence
of thrombogenesis. They built a prototype to verify their CFD predictions. They found a correlation between predicted areas of
low flow and thrombus formation. Further although nearly identical low flow velocity conditions exist at both the inlet and
outlet ports, thrombus formation occurs only near the outlet port, which agreed with detailed vectorial analysis. Gartner et al.
also used a CFD approach to model flow effects on thrombotic deposition on a membrane BO [67].

23.4.2 LIMITATIONS

Although CFD has been widely used to model blood pumps and other membrane processes, its application in membrane BOs is
very limited. Development of a CFD model requires simplifying assumptions. In their model, Baker et al. assumed that blood
was statistically homogeneous; the reaction between oxygen and hemoglobin was fast; axial diffusion of gas was neglected;

Sh = 6.4Gr 0.33

0.1
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100

0.1 1 10 100 1000

Gr
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Modified prediction

Blood

Newtonian blood analogue

Non-Newtonian blood analogue

FIGURE 23.12 Variation of Sherwood number with Graetz number. Results are given for Newtonian and non-Newtonian blood analogue
fluids and bovine blood for flat sheet BOs. The solid line depicts Equation 23.6. The dashed line gives the predictions of Equation 23.9. (From
Wickramasinghe, S.R., Han, B., Garcia, J.D., and Specht, R., AIChE J., 51, 656, 2005. With permission.)
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FIGURE 23.13 Variation of Sh=Sc1=3 with Reynolds number. Results are shown for Newtonian and non-Newtonian blood analogue fluids
and bovine blood for hollow fiber BOs. Solid lines depict Equation 23.21. (FromWickramasinghe, S.R., Han, B., Garcia, J.D., and Specht, R.,
AIChE J., 51, 656, 2005. With permission.)
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metabolic oxygen consumption by blood was neglected; all flow components were parallel to the fiber axis; fibers were parallel
with no fiber crossings; cross-sectional fiber distribution was a uniform triangular array; and the blood and gas flow were fully
developed [62]. Other CFD studies use similar assumptions [63–65]. Clearly, the accuracy of the model depends on the validity
of the assumptions made.

CFD predictions depend on accurate determination of various parameters. For example, in the CFD model developed by
Gage et al. [63], the permeability of the fiber bundle was experimentally determined from pressure drop data obtained from
water perfusion testing.

While these CFD models are helpful, a large number of experimental studies are still necessary. The accuracy of a CFD
model needs to be verified experimentally. As commercially available CFD software becomes more sophisticated, these
simulations will provide a powerful tool to help design better membrane BOs.

23.5 FUTURE TRENDS

In 2002, of the 709,000 open-heart surgeries conducted in the United States, 368,000 were for patients over 65 years of age.
Another 261,000 were for patients between 45 and 64 while 41,000 for patients between 15 and 44 years of age [4]. Current
membrane BOs are very efficient in terms of the rate of gas transfer. The total membrane surface area is around 2 m2. During
operation, the effective blood film thickness (shown in Figure 23.11) is around 100 mm [20]. By further increasing the gas
transfer rate, the total membrane surface may be further decreased. This will further decrease the priming volume as well as the
cost of BOs. Since the dominant mass-transfer resistance for BOs is the blood side concentration boundary layer, further
increases in gas exchange efficiency will most likely be achieved using newer module designs that involve blood flow
augmentation. For example, centrifugal blood flow has been investigated [68]. Although these designs have yet to be
commercialized, development of novel auxiliary equipment for these designs may improve their commercial viability.

The primary mode of failure for membrane BOs is due to plasma leakage through the pores of the hydrophobic membrane
[69]. This leakage will cause a reduction in the gas transfer efficiency. Most commercial BOs are designed to operate without
plasma leakage for at least 6 h. Plasma leakage may be minimized by using smaller membrane pore sizes or coating the
membrane pores with a thin film [70]. However, this will lead to an increase in the membrane resistance to gas transfer.

During cardiopulmonary bypass, due to the contact between blood and the membrane surface, the patients’ hematological
and immune systems may be affected. Thus development of more hemocompatible BO membranes remains an important
challenge. Since deposition and activation of platelets, leukocytes, and proteins are thought to be the primary responses that
occur when blood contacts a BO membrane surface, the BOs hemocompatibility may be improved by developing materials that
suppress adsorption of blood components.

NOMENCLATURE

a empirical constant
a1, a2, a3, a4 constants
A membrane surface area (m2)
b empirical constant
B average half thickness of the rectangular channels (m)
c empirical constant
C concentration (mol L�1)
C* oxygen concentration in the liquid in equilibrium with the gas phase (mol L�1)
CC oxygen bound to hemoglobin (mol L�1)
CP oxygen dissolved in plasma (mol L�1)
CP,I physically dissolved oxygen in plasma at the inlet of the BO (mol L�1)
CP,O physically dissolved oxygen in plasma at the outlet of the BO (mol L�1)
DC overall concentration difference (mol L�1)
D diffusion coefficient (m2 s�1)
de equivalent diameter (m)
d0 outside diameter of the hollow fibers (m)
E enhancement factor
f friction factor
Ht hematocrit (%)
J flux (mol m�2 s�1)
J0 oxygen flux in the absence of chemical reaction between oxygen and hemoglobin (mol m�2 s�1)
K overall average mass-transfer coefficient (m s�1)
KE equilibrium constant (units depend on value of n)
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K0 overall average mass-transfer coefficient in the absence of chemical reaction in the boundary layer
(mol m�2 s�1)

k1 forward rate constant (units depend on value of n)
k�1 backward rate constant (units depend on value of n)
<K> average mass-transfer coefficient for flow in polydisperse channels (mol m�2 s�1)
L length of rectangular channel (m)
n measure of cooperativity between heme units
N total molar flux (mol m�2 s�1)
PO2

oxygen partial pressure (Pa)
PO2,I inlet oxygen partial pressure in equilibrium with the oxygen in the blood (Pa)
PO2,O outlet oxygen partial pressure in equilibrium with the oxygen in the blood (Pa)

P*O2
oxygen partial pressure in the gas phase (Pa)

P50 oxygen partial pressure at 50% hemoglobin saturation (Pa)
DP pressure drop (Pa)
Q fluid flow rate (m3 s�1)
S degree of oxygen saturation
t time (s)
u liquid velocity (m s�1)
W average width of rectangular blood flow channel (m)
x distance variable (m)

GREEK SYMBOLS

a physical solubility of oxygen in blood (mol L�1 Pa�1)
b maximum amount of oxygen combined with a unit volume of hemoglobin (mol L�1)
« void fraction of a BO
«0 standard deviation divided by the mean of the distribution of channel thickness
r liquid density (kg m�3)
n kinematic viscosity of Newtonian fluids (m2 s�1)
t shear stress (Pa)
�_ shear rate (s�1)
d thickness of boundary layer (m)
f membrane angle with respect to the main direction of liquid flow (8)

DIMENSIONLESS GROUP

Gr Graetz number, (4B)2u=(DL)
Re Reynolds number, u(4B)=n, ude=n
Sc Schmidt number, n=D
Sh Sherwood number, K(4B)=D, Kde=D

SUBSCRIPTS

e equilibrium; effective
Hb hemoglobin
Hb(O2)n oxyhemoglobin
I inlet
O outlet
O2 oxygen
t total
0 reference point
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24.1 INTRODUCTION

The ability to regulate transport across cellular boundaries is essential to the cell’s existence as an open system [1]. There is a
steady traffic of ions, molecules, polymers, and other species across the plasma membrane. Consider the chemical exchanges
between a human muscle cell and the extracellular fluid that surrounds it. For example, sugars, amino acids, and other nutrients
enter the cell, and waste products of metabolism leave the cell. The cell takes in oxygen for cellular respiration and expels
carbon dioxide. It also regulates its concentrations of inorganic ions, such as Naþ, Kþ, Ca2þ, and Cl�, by shuttling them one
way or the other across the plasma membrane. Mother Nature has created natural channels that are highly selective, that is, they
allow certain molecules and ions to pass more easily than others (or they reject them). For example, there are highly specialized
potassium protein channels that allow potassium cations to pass through with high selectivity than other ions. Other examples
include water, Naþ, Ca2þ, Cl�, glucose protein channels, nuclear pore, and complexes. The highly selective transportation
of molecules and ions is controlled by molecular recognition between transporting species and protein channels present in the
cell membranes.

Understanding and mimicking of the cellular transport processes are both challenging and rewarding from scientific and
technological point of view. For example in certain inherited diseases (such as cystinuria), specific transport systems are either
defective or missing [1]. Cystinuria is a human disease characterized by the absence of a transport system that carries cystine
and other amino acids into kidney cells. Kidney cells normally reabsorb these amino acids from the urine and return them to
the blood, but a person inflicted with cystinuria develops painful stones from amino acids that accumulate and crystallize in the
kidneys. Similarly, there are many technological applications of these transport processes, e.g., bioseparations, bioextractions,
and synthetic nano-bioreactors.

We have synthesized highly selective template-synthesized abiotic nanotube membranes that can be used as model systems
for mimicking natural ion and protein channels. These nanotubes have diameters of the same order (1–100 nm) as those found
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in the natural protein channels. We have designed the nanotube membranes to selectively recognize and transport small
molecules and biopolymers by modifying the inner surface of nanotubes with molecular-recognition molecules. These systems
are very useful as model systems for better understanding of transport processes of molecules and biopolymers through highly
constrained nanotubes. These nanotube membranes have also found many applications in the areas of chemical- and
bioseparations, biocatalysis, and drug detoxification.

Here, we will report on the design, synthesis, characterization, and applications of template-synthesized nanotube
membranes. Then, we will briefly review the synthesis of the template-synthesized nanotube membranes. Some details of
differential-surface chemistry on nanotubes, and nanotubes for bioextraction and biocatalysis are presented. We discuss in
detail the drug detoxification using functionalized nanotubes [2], and epoenzyme-, enzyme- and antibody-immobilized
nanotubes for enantiomeric separations, biocatalysis, and bioextractions [3–5]. We also describe our recent results on
DNA-functionalized nanotube membranes with single-nucleotide mismatch selectivity [6], and the fabrication of artificial
ion-channel using single-conical nanotube membrane [7].

24.2 NOMENCLATURE OF NANOPARTICLES

In the literature, the tubular structures of interest to this review are called by various names including microtubules, microtubes,
nanotubules, and nanotubes. This nomenclature can be simplified by noting that in this context, there is no difference between a
tube and tubule; in this review we use only the name tube. Nano vs. micro is a more difficult issue because there is no
universally accepted dimension scale above which a particle is micro, and below which it is nano. In our research group we
have agreed that if a tube has at least one dimension that is 100 nm or less, it is called a nanotube.

24.3 TEMPLATE SYNTHESIS OF NANOTUBES AND SOME RECENT ADVANCES

Spherical nanoparticles are typically used in such applications, but this only reflects the fact that spheres are easier to make than
nanoparticles having other shapes. Micro- and nanotubes—structures that resemble tiny drinking straws (Figure 24.1)—are
alternatives to spherical nanoparticles. Examples include organosilicon polymer nanotubes [8], self-assembling lipid micro-
tubes [9–13], fullerene carbon nanotubes [14–17], template-synthesized nanotubes [4–6,18–22], and peptide nanotubes
[23–26]. Nanotubes offer some interesting advantages relative to spherical nanoparticles for biotechnological applications.
For example, nanotubes have large inner volumes (relative to the dimensions of the tube), which can be filled with any desired
chemical or biochemical species ranging in size from nucleic acids and proteins to small molecules [4–6]. In addition,
nanotubes have distinct inner and outer surfaces, which can be differentially chemically or biochemically functionalized [4].
This creates the possibility, for example, of loading the inside of a nanotube with a particular biochemical payload but
imparting chemical features to the outer surface that render it biocompatible. Finally, nanotubes have open mouths, which make
the inner surface accessible and incorporation of species within the tubes particularly easy.

The template method is a general approach for preparing nanomaterials that entail synthesis or deposition of the desired
material within the cylindrical and monodisperse pores of a nanopore membrane or other solid [20–22]. Cylindrical nano-
structures with monodisperse diameters and lengths are obtained, and depending on the membrane and synthetic method used,
these may be solid nanowires or hollow nanotubes. This method has been used to prepare nanowires and nanotubes composed

100 nm

FIGURE 24.1 Scanning electron micrograph of an array of template-synthesized carbon nanotubes. These nanotubes are composed of
disordered graphitic carbon. (From Miller, S.A., Young, V.Y., and Martin, C.R., J. Am. Chem. Soc., 123, 12335, 2001. With permission.)
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of many different types of materials including metals, polymers, semiconductors, and carbons [20–22]. In addition, the template
method can be used to prepare composite nanostructures, both concentric tubular composites [20,27] and segmented composite
nanowires [28,29].

How one makes nanotubes within the pores of a template membrane can be illustrated by the carbon nanotubes shown in
Figure 24.1 [30]. An alumina template (Figure 24.2A) was heated to 6708C and ethylene gas was passed through the
membrane. This causes the ethylene to decompose on the pore walls to yield graphitic carbon nanotubes within the pores.
The alumina template membrane can then be dissolved away and the carbon nanotubes are collected by filtration. These tubes
have monodisperse outside diameters determined by the diameter of the pores in the template. The inside diameter is
determined by the carbon deposition time. Other synthetic methods we have used include in-pore polymerization to make
polymeric nanotubes, electroless deposition to make DNA nanotubes, metal nanotubes, and solgel chemistry to make nanotubes
comprised of silica and other inorganic materials [20–22,27,30–34]. Templated silica nanotubes (vide infra) [4,5] are shown in
Figure 24.2B. These nanotubes are of the same length, which is determined by the thickness of the template membrane.

24.4 SILICA NANOTUBES

We have used these silica nanotubes as test vehicles to illustrate the power of the template method for preparing nanotubes for
biomedical and biotechnological applications [4,5]. Silica nanotubes are ideal for such proof-of-concept experiments because
they are easy to make, readily suspendable in aqueous solution, and because silica surfaces can be derivatized with an enormous
variety of different chemical functional groups using simple silane chemistry with commercially available reagents [4,5].

24.4.1 ATTACHING DIFFERENT FUNCTIONAL GROUPS TO THE INSIDE VS. OUTSIDE SURFACES [4]

As noted above, one of the most important attributes of a nanotube is that it has distinct inner and outer surfaces that can be
differentially chemical and biochemically functionalized. The template method provides a particularly easy route to accomplish
this differential functionalization. The details of nanotube modifications using differential silane chemistry on nanotubes are
available elsewhere [4]. In the following paragraphs, we briefly describe the results of differential-functionalized nanotubes and
their applications in highly selective chemical and biochemical extractions [2,4].

To prove this concept, a set of nanotubes were prepared with the green fluorescent silane N-(triethoxysilylpropyl)dansyl-
amide attached to their inner surfaces, and the hydrophobic octadecyl silane (C18) to their outer surfaces. These nanotubes were
added to a vial containing water and the immiscible organic solvent cyclohexane, which were mixed and allowed to separate.
Because these nanotubes are hydrophobic on their outer surfaces, they partition into the (upper) cyclohexane phase (Figure 24.3B).
This may be in contrast to nanotubes that were labeled on their inner surfaces with the blue fluorescent silane triethoxysilyl-
propylquinineurethan, but were not labeled with any silane on their outer surfaces. When the same experiment is done on these

Surface 

1 µm

Cross section 
100 nm

(A) (B)

FIGURE 24.2 Scanning electron micrographs. (A) The surface and cross section of a typical nanopore alumina template membrane
prepared in the authors’ lab. Pores with monodisperse diameters that run like tunnels through the thickness of the membrane are obtained.
(B) Silica nanotubes prepared by solgel template synthesis within the pores of a template like that shown in (A). After solgel synthesis of the
nanotubes, the template was dissolved and the nanotubes were collected by filtration. (From Lee, S.B., Mitchell, D.T., Trofin, L., Li, N.,
Nevanen, T.K., Söderlund, H., and Martin, C.R., Science, 296, 2198, 2002. With permission.)

Pabby et al./Handbook of Membrane Separations 9549_C024 Final Proof page 695 15.5.2008 11:38am Compositor Name: VBalamugundan

Transporting and Separating Molecules Using Tailored Nanotube Membranes 695



nanotubes, the quinineurethan fluorescence is seen only from the aqueous phase (Figure 24.3A). When both sets of nanotubes
are added to the solvent mixture in the same vial, the tubes with the C18 outer surface chemistry go to the cyclohexane and the
tubes with the silica outer surface chemistry go to the aqueous phase (Figure 24.3C).

24.4.2 NANOTUBES FOR CHEMICAL AND BIOEXTRACTION AND BIOCATALYSIS: DEMONSTRATION OF POTENTIAL DRUG

DETOXIFICATION USING NANOTUBES [2,4]

One application for such differentially functionalized nanotubes is as smart nanophase extractors to remove specific molecules
from solution. Nanotubes with hydrophilic chemistry on their outer surfaces and hydrophobic chemistry on their inner surfaces
are ideal for extracting lipophilic molecules from an aqueous solution. The hydrophobic molecule 7,8-benzoquinoline (BQ),
which has an octanol=water partition coefficient of 10 [3,8] was used as a model compound for such nanophase solvent
extraction experiments. Figure 24.4A shows the UV–Vis spectrum of control solution containing 10�5 M aqueous BQ. A 5 mg
of the silica-outer=C18-inner nanotubes were suspended into 5 mL of 1.0� 10�5 M aqueous BQ. The suspension was stirred for

(A) (B) (C)

FIGURE 24.3 (See color insert following page 588.) Photographs of vials containing nanotubes modified with two different fluorophores
in two different solvent medium. (A) Cyclohexane (upper) and water (lower) under UV light excitation after addition of 10 mg of nanotubes
with dansylamide on inner and C18 on outer surfaces, (B) quinineurethan on inner and no silane on outer surfaces, (C) 10 mg of both (A) and
(B) nanotubes. 200 nm diameter nanotubes were used. (From Mitchell, D.T., Lee, S.B., Trofin, L., Li, N., Nevanen, T.K., Söderlund, H., and
Martin, C.R., J. Am. Chem. Soc., 124, 11864, 2002. With permission.)
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FIGURE 24.4 UV–Vis spectra showing the extraction of 7,8-benzoquinoline (BQ) from the aqueous solution by nanotubes with C18 silane
on their inner surfaces. (A) UV–Vis spectrum of 10�5 M aqueous BQ and (B) after extraction with SiO2 tubes (control experiments). (C) After
first extraction with C18 SiO2 tubes. (D) After second extraction with C18 SiO2 tubes. (From Lee, S.B., Mitchell, D.T., Trofin, L., Nevanen,
T.K., Soderlund, H., and Martin, C.R. Template-synthesized bionanotubes for separations and biocatalysis. Carrier-Based Drug Delivery
ACS Symposium 879, ACS, Washington, DC, 2004, pp. 88–117. With permission.)
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5 min and then filtered to remove the nanotubes. UV spectroscopy showed that 82% of the BQ was removed from the solution
(Figure 24.4C). When a second 5 mg batch of these nanotubes was added to the filtrate, more than 90% of the original amount
of BQ was removed from the solution (Figure 24.4D). Control nanotubes that did not contain the hydrophobic C18 inner surface
chemistry extracted less than 10% of the BQ (Figure 24.4B). This proof of experiment clearly shows that nanotubes are
possibly useful in applications involving drug detoxification and other chemical and biochemical extractions.

In principle, nanotubes with the C18 inside extract any lipophilic molecule. This ability to sequester lipophilic molecules
can be viewed as a generic type of extraction selectivity, which might be useful in some applications. However, nanotubes that
have molecular-recognition capability and extract only one particular molecule from solution might also be useful. We have
shown that antibody-functionalized nanotubes can provide the ultimate in extraction selectivity—the extraction of one
enantiomer of a chiral drug molecule.

In collaboration with professor Hans Soderlund of VTT Biotechnology in Finland, we have been investigating an antibody
that selectively binds one enantiomer of the drug FTB (Figure 24.5A), an inhibitor of aromatase enzyme activity [35]. This
molecule has two chiral centers and thus four stereoisomers, namely, RR, SS, SR, and RS. Professor Soderlund supplied us
with the Fab fragment [35] of an antibody that selectively binds the RS relative to the SR enantiomer. The antibody was
produced against the drug 4-[3-(4-fluorophenyl)-2-hydroxy-1-[1,2,4]triazol-1-yl-propyl]-benzonitrile (FTB, Figure 24.5A).
The selectively used antibody binds the RS enantiomer, and Fab fragments of this antibody were immobilized to both the
inner and outer surfaces of the silica nanotubes. This was accomplished by dissolving the template membrane, collecting the
nanotubes, and then dispersing them into a solution of the aldehyde-terminated silane trimethoxysilylbutanal. The nanotubes
were then dispersed into a solution of the Fab fragments, which resulted in attachment of the Fab to the nanotubes via Schiff base
reaction between free amino groups on the protein and the surface-bound aldehyde.

The Fab-functionalized nanotubes were added to racemic mixtures of the SR and RS enantiomers of FTB. The tubes were
then collected by filtration and the filtrate was assayed for the presence of the two enantiomers using a chiral HPLC method
(Figure 24.5B). Chromatogram I was obtained from a solution that was 20 mM in both enantiomers, and chromatogram II was
obtained for the same solution after exposure to the Fab-functionalized nanotubes; 75% of the RS enantiomer and none of the
SR enantiomer was removed by the nanotubes. When the concentration of the racemic mixture was dropped to 10 mM, all the
RS enantiomers were removed (chromatogram III). Nanotubes containing no Fab did not extract measurable quantities of either
enantiomer from the 20 mM solution.

We have also developed a chemistry that allows us to attach the Fab to only the inner surfaces of the nanotubes. While still
within the pores of the template membrane, the inner surfaces were treated with 3-aminopropyltrimethoxysilane. The template
membrane was then dissolved and the amino sites on the inner surfaces were coupled to free amino groups on the Fab fragment
using the well-known glutaraldehyde coupling reaction [4]. When 18 mg of these interior-only Fab-modified nanotubes were
incubated with 1 mL of a 10 mM racemic mixture of the drug, 80% of the RS (and none of the SR) enantiomer was extracted.
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FIGURE 24.5 (See color insert following page 588.) Enantioseparations. (A) 3-Dimensional structures of the RS enantiomer (left) and
the SR enantiomer (right) of the drug FTB. The black, white, blue, red, and yellow balls are carbon, hydrogen, nitrogen, oxygen, and fluorine,
respectively, and * denotes the chiral centers. The geometry optimization was done by ab initio calculation with minimal basis set in
HyperChem 6.03. The drug is in clinical trials by Hormos Medical Corp., Turku, Finland. (From Lee, S.B., Mitchell, D.T., Trofin, L., Li, N.,
Nevanen, T.K., Söderlund, H., and Martin, C.R., Science, 296, 2198, 2002. With permission.) (B) Chiral HPLC chromatograms for racemic
mixtures of FTB before (I) and after (II, III) extraction with 18 mg=mL of 200-nm Fab-containing nanotubes. Solutions were 5%
dimethylsulfoxide in sodium phosphate buffer, pH 8.5. (From Mitchell, D.T., Lee, S.B., Trofin, L., Li, N., Nevanen, T.K., Söderlund, H.,
and Martin, C.R., J. Am. Chem. Soc., 124, 11864, 2002. With permission.)
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This corresponds to 0.44 nmol RS enantiomer per milligram tubes, whereas almost double that amount, 0.80 nmol=mg, was
extracted by the nanotubes with Fab on both their inner and outer surfaces.

Another example concerns the immobilization of a biocatalyst—the enzyme glucose oxidase (GOD)—to the silica
nanotubes [4]. GOD was immobilized, on both the inside and outside surfaces, via the aldehyde silane route. These GOD-
nanotubes (60 nm diameter) were dispersed into a solution containing 90 mM glucose and also the components of the standard
dianisidine-based assay for GOD activity. A GOD activity of 0.5� 0.2 units per milligram of nanotubes was obtained. These
studies also showed that protein immobilized via the Schiff base route is not leached from the nanotubes, where GOD activity
ceased when the nanotubes were filtered from the solution.

24.5 NANOTUBE MEMBRANES FOR BIOSEPARATIONS [3,5,6]

In all the examples cited above, the template membrane was dissolved away and the liberated nanotubes were collected by
filtration. The nanotubes may also be left embedded within the pores of the template to yield a freestanding nanotube-
containing membrane. We have shown that the nanotubes can act as conduits for highly selective transport of molecules and
ions between solutions present on either side of the membrane [5,6,18,19]. For example, membranes containing gold nanotubes
with inside diameters of molecular dimensions (<1 nm) clearly separate small molecules based on the molecular size [19]. Gold
nanotubes with larger inside diameters (20–45 nm) can be used to separate proteins, and, here again, rendering the nanotubes
biocompatible is essential to prevent protein adsorption [36]. Generic chemical transport selectivity (lipophilic vs. hydrophilic)
can also be imparted to these gold nanotube membranes [37]. We now present in details of bio-tailored nanotube membranes
for separation of enantiomeric amino acids [3] and drug molecules [5], and nucleic acids [6].

24.5.1 ANTIBODY-FUNCTIONALIZED NANOTUBE MEMBRANES FOR SELECTIVE ENANTIOMERIC SEPARATIONS [5]

Chiral recognition is a fundamental and very important phenomenon that is observed in all biological systems ranging from
single-cell organisms to most complex animals [38]. In fact, specificity and efficacy of many biological reactions depend upon
chiral interactions because many biologically molecules and polymers are chiral; they interact more strongly with one
enantiomer than another enantiomer. The biological activity of many enzymes depends upon the enantiomeric form of
the interacting species, not simply chemical structure. Federal Drug Administration (FDA) requires drug manufacturers to
evaluate the effects of individual enantiomers and to verify the enantiomeric purity of chiral drugs that are produced. FDA also
mandates that the toxicity and pharmaceutical properties must be established independently for both enantiomers, even if the
drug is to be marketed as a single enantiomer.

Enantiomer separation is a challenging problem because two enantiomers have the same physical and chemical properties;
the traditional methods of separation (for example, chromatography) generally have relatively low enantiomeric separation
selectivity coefficients. We have developed highly selective membrane-based separation methods for enantiomer drug
molecules [3,5]. We have shown that membranes containing the silica nanotubes and the enantioselective FTB antibody Fab
fragment (Figure 24.5A) discussed above can be used to make membranes for chiral separations [5]. In this case, the nanotube
membrane separates a feed half-cell containing a racemic mixture of the RS and SR enantiomers of FTB and a permeate half-
cell that initially contains only buffer solution. The time course of permeation of the two enantiomers across the membrane was
determined by periodically assaying the permeate solution. Results for a membrane containing ~15 nm diameter silica
nanotubes are shown in Figure 24.6 as plots of moles enantiomer transported vs. permeation time. We see that the flux of
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FIGURE 24.6 Enantioseparations using antibody-immobilized membranes. Plots of moles of each enantiomer transported vs. time for a
silica nanotube membrane containing the enantioselective antibody Fab fragment. The inside diameter of the nanotubes was ~15 nm. (From
Kohli, P., Harrell, C.C., Cao, Z., Gasparac, R., Tan, W., and Martin, C.R., Science, 305, 984, 2004. With permission.)
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the RS enantiomer, the one bound by the antibody, is five times higher than the flux of the SR enantiomer. Because in principle,
antibodies can be obtained that selectively bind to any desired molecule or enantiomer; this concept might provide a general
approach for obtaining selectively permeable membranes for a host of enantio- and bioseparations.

Because it is the RS enantiomer that specifically binds to the immobilized anti-RS, these data suggest that this Fab fragment
facilitating the transport of RS enantiomer. Further evidence that it is the Fab fragment that is facilitating the transport of RS is
obtained from feed concentration of drug vs. flux curve, which showed Langmuirian-type curve.

We have not conducted detailed experiments to elucidate the effect of DMSO concentration on the molecular interactions
of binding of Fab to RS enantiomer drug molecule in PBS. The previous studies, however, have shown that the use of DMSO
decreases the binding interactions between drug molecule and Fab-immobilized silica in chromatography experiments [35].
Qualitatively, our studies agree with these results. We believe that there is an optimum binding affinity between drug and Fab
molecules that is expected to give highest transport selectivity coefficient; and that the addition of DMSO to the solution
containing antigen (FTB drug) decreases the binding constant between FTB and Fab molecules immobilized on inner walls of
silica nanotube membranes. In our studies, we have found that there is an optimum concentration of DMSO (~15%) that
maximizes the value of selectivity coefficient [5].

We now briefly discuss the possible molecular interactions between Fab fragment and enantiomeric drug molecules. Our
collaborators have produced Fab fragments that bind only to RS enantiomer of FTB drug molecules, but they do not bind
strongly to SR enantiomer [35]. The binding interactions between antibody and antigen depend upon many factors including
cumulative interactions between the antibody and antigen as well as entropic factors involved in their binding process. In
general, numerous weak electrostatic, hydrogen bonding, van der Waals forces, and hydrophobic interactions give strong and
specific binding between antibody and antigen [39]. Although we have not conducted detail studies to elucidate the interaction
between Fab and drug molecules at molecular level, we believe that Fab-fragments attached to silica nanotubes bind to RS
enantiomers through various molecular interactions including hydrogen bonding, van der Waals, and hydrophobic interactions.

Another important factor that is important to consider is the orientation of antibody immobilized on the surface. This
factor is very important to maximize the antibody availability for antigen binding because the binding between antigen and
antibody requires right orientation of antibody for antigen binding. It is well known that histidine interacts strongly with
copper and nickel ions. Therefore, one of the antibody immobilization methods to provide efficient, stable, and right
orientation on surfaces for antigen–antibody reaction utilizes histidine-tagged antibodies onto copper- and nickel-containing
surfaces [40]. The histidine modification of antibodies can be accomplished using conventional covalent bonding of antibody
with a reactive histidine or this can also be accomplished using molecular biology (cloning) techniques. The modification of
antibody with histidine should only be carried out only at Fc fragment of the antibody but not on the Fab fragment. In
principle, the immobilization of histidine tagged at Fc of antibody should provide surfaces with favorable antibody orientation
for antigen–antibody reaction, where antibody-binding fragments (Fab) are away from surfaces, and antigens can approach
Fab without significant steric hindrance.

24.5.2 FUNCTIONALIZED NANOTUBE MEMBRANES WITH HAIRPIN-DNA TRANSPORTER WITH SINGLE-BASE

MISMATCH SELECTIVITY [6]

There appears to be no previous examples of either biological or synthetic membranes, where nucleic acid hybridization is used
as the molecular-recognition event to facilitate DNA=RNA transport through the membrane [41,42]. If such membranes could
be developed, they might prove useful for DNA separations and sensors needed, for example, in genomic research.

We now describe synthetic membranes in which the molecular-recognition chemistry used to accomplish selective-
permeation is DNA hybridization. These membranes contain template-synthesized gold nanotubes with inside diameter of
12 nm, and a transporter DNA-hairpin molecule is attached to the inside walls of these nanotubes. These DNA-functionalized
nanotube membranes selectively recognize and transport the DNA strand that is complementary to the transporter strand
relative to DNA strands that are not complementary to the transporter. Under optimal conditions, single-base mismatch
transport selectivity is obtained.

The gold nanotube membranes were prepared via the template synthesis [21,22] method by electroless deposition of gold
along the pore walls of a polycarbonate template membrane [19,43]. The template was a commercially available filter (Osmonics),
6 mm thick, with cylindrical 30 nm diameter pores and 6� 108 pores per square centimeters of membrane surface area.

The hairpin-DNA transporter (Table 24.1) was 30 bases long (30-mer) and contained a thiol substituent at the 50 end that
allowed it to be covalently attached to the inside walls of the Au nanotubes [6]. The first six bases at each end of this molecule
are complimentary to each other and form the stem of the hairpin, and the middle 18 bases form the loop (Table 24.1). The
permeating DNA molecules were 18-mers that are either perfectly complementary to the bases in the loop, or contain one or
more mismatches with the loop (Table 24.1). A second thiol-terminated DNA transporter was investigated (Table 24.1). This
DNA transporter was also a 30-mer, and the 18 bases in the middle of the strand were identical to the 18 bases in the loop of the
hairpin-DNA transporter. However, this second DNA transporter does not have the complementary stem-forming bases on
either end and thus cannot form a hairpin. This linear-DNA transporter was used to test the hypothesis that the hairpin-DNA
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provides better transport selectivity because of its enhanced ability to discriminate the perfect complement-permeating DNA
from the permeating DNAs that contain mismatches.

The transport experiments were done in a U-tube permeation cell [43] where the Au nanotube membrane separates the feed
half-cell containing one of the permeating DNA molecules (Table 24.1) dissolved in pH 7.2 phosphate buffer (ionic strength
~0.2 M), from the permeate half-cell that was initially only buffer. The rate of transport (flux) of the permeating DNA molecule
from the feed half-cell through the Au nanotube membrane and into the permeate half-cell was determined by periodically
measuring the ultraviolet absorbance of the permeate half-cell solution, at 260 nm, that arises from the permeating DNA
molecule.

Transport plots (Figures 24.7A and 24.8) show the number of nanomoles of the permeating DNA transported through the
nanotube membrane vs. permeation time. When the hairpin-DNA is not attached, a straight-line transport plot is obtained for
the perfect-complement DNA (PC-DNA, Figure 24.7A), and the slope of this line provides the flux of PC-DNA across the
membrane (Table 24.2). The analogous transport plot for the membrane containing the hairpin-DNA transporter is not linear
but instead can be approximated by two straight-line segments—a lower-slope segment at short times followed by a higher-
slope segment at times longer than a critical transition time, t. This transition is very reproducible; for example, for a feed
concentration of 9 mM, t¼ 110� 15 min (average of three membranes).

Figure 24.7A shows that the flux of the permeating PC-DNA in the membrane containing the hairpin-DNA transporter is
at all times higher than the flux for an identical membrane without the transporter (Table 24.2). The hairpin-DNA is acting as a
MR agent to facilitate the transport [3,5,44,45] of the PC-DNA. Additional evidence for this conclusion was obtained from

TABLE 24.1
DNA Molecules Used

Transporter DNAs

Hairpin: 60HS-(CH2)6-CGCGAG AAGTTACATGACCTGTAG CTCGCG30

Linear: 50HS-(CH2)5-CGCGAGAAGTTACATGACCTGTAG ACGATC30

Permeating DNAs
Perfect complement (PC): 30TTCAATGTACTGGACATC50

Single base mismatch (30end): 30CTCAATGTACTGGACATC50

Single base mismatch (middle): 30TTCAATGTAGTGGACATC50

7-mismatch: 30AAGTTACATGACCTGTAG50

FAM-labeled perfect complement: 30TTCAATGTACTGGACATC-(CH2)6-FAM 50

Cy5-labeled single-base mismatch: 30CTCAATGTACTGGACATC-(CH2)6-Cy5 50

Source: From Harrell, C.C., Kohli, P., Siwy, Z., and Martin, C.R., J. Am. Chem.
Soc., 126, 15646, 2004.

Note: For transporter DNAs, the 18 bases that bind to the permeating DNAs are in
bold. For permeating DNAs, the mismatched bases are in underlined. FAM
is a fluorescein derivative (Applied Biosystems), and Cy5 is a cyanine dye

(Amersham Biosciences).
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FIGURE 24.7 (A) Transport plots for PC-DNA through Au nanotube membranes with (~) and without (*) the immobilized hairpin-DNA
transporter. Concentration in feed solution¼ 9 mM. (B) Flux vs. feed concentration for PC-DNA. The data in squares and circles were
obtained for a Au nanotube membrane containing the hairpin-DNA transporter. At feed concentrations of 9 mM and above, the transport plot
shows two linear regions. The data in squares were obtained from the high slope at longer times. The data in circles were obtained from
the low-slope region at shorter times. The data in triangles were obtained for an analogous nanotube membrane with no DNA-transporter.
(From Kohli, P., Harrell, C.C., Cao, Z., Gasparac, R., Tan, W., and Martin, C.R., Science, 305, 984, 2004. With permission.)
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studies of the effect of concentration of the PC-DNA in the feed solution on the PC-DNA flux. If the hairpin-DNA is facilitating
the transport of the PC-DNA, this plot should show a characteristic Langmuirian shape [3,5]. Figure 24.7B shows that this is,
indeed, the case for transport data both before and after the critical transition time, t. The analogous plot for the identical
membrane without the hairpin-DNA transporter is linear (Figure 24.7B), showing that transport is not facilitated but rather
described simply by Fick’s first law of diffusion. It is interesting to note that the transition to the higher slope segment was not
observed, during permeation experiments of total duration 300 min, for feed concentrations below 9 mM (Figure 24.7B).

Analogous permeation data were obtained for the various mismatch-containing permeating DNA molecules (Table 24.2).
The transport plots for these mismatch DNAs show only one straight-line segment (Figure 24.8), and their fluxes are always
lower than the flux for the PC-DNA obtained from the high slope region of the PC-DNA transport plot (Table 24.2). Note in
particular, the membrane containing the hairpin-DNA transporter shows higher flux for PC-DNA than for the two permeating
DNAs that contain only a single-base mismatch.

To illustrate this point more clearly, we define a selectivity coefficient aHP,PC=1 MM, which is the flux for the PC-DNA
divided by the flux for a single-base mismatch DNA in the membrane with the hairpin-DNA transporter. The data in Table 24.2
provide aHP,PC=1MM¼ 3. The analogous selectivity coefficient for the PC-DNA vs. the DNA with seven mismatches is
aHP,PC=7MM¼ 7. These selectivity coefficients show that nanotube membranes containing the hairpin-DNA transporter
selectively transport PC-DNA and that single-base mismatch transport selectivity can be obtained.

The importance of the hairpin structure to membrane selectivity is illustrated by analogous transport data for membranes
containing the linear-DNA transporter (Table 24.1). With this transporter, all the transport plots show only a single straight-line
segment, and the fluxes for the single-mismatch DNAs are identical to the flux for the PC-DNA (Table 24.2), i.e., the single-
base mismatch selectivity coefficient for this linear (LN) DNA transporter is aLN,PC=1MM¼ 1. The linear-DNA transporter does,
however, show some transport selectivity for the PC-DNA vs. the seven-mismatch DNA, aLN,PC=7MM¼ 5.

We have also investigated the mechanism of transport in these membranes. In such MR-based facilitated-transport
membranes, the permeating species is transported by sequential binding and unbinding events with the MR agent [3,5,44].

TABLE 24.2
Fluxes for Feed Concentration of 9 mM

Transporter DNA Permeating DNA Flux (nmol cm�2 h�1)

Hairpin Perfect complement 0.57, 1.14a

Linear Perfect complement 0.94
None Perfect complement 0.20

Hairpin Single mismatch (middle) 0.37
Hairpin Single mismatch (end) 0.44
Linear Single mismatch (middle) 0.94

Hairpin Seven mismatch 0.17
Linear Seven mismatch 0.20

Source: From Kohli, P., Harrell, C.C., Cao, Z., Gasparac, R., Jan, W., and Martin, C.R., Science, 305,
984, 2004.

a Two fluxes are obtained because the transport plot shows two slopes (Figure 24.11A).
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FIGURE 24.8 Transport plots for a Au nanotube membrane containing the hairpin-DNA transporter. The permeating DNA was (* solid line)
PC-DNA. (* dashed line) Single mismatch (end). (~) Seven mismatch. (&) Single mismatch (middle). Concentration in feed solution¼ 9 mM.
(From Kohli, P., Harrell, C.C., Cao, Z., Gasparac, R., Tan, W., and Martin, C.R., Science, 305, 984, 2004. With permission.)
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For these DNA-based membranes, the binding=unbinding events are sequential hybridization=dehybridization reactions between
the permeating DNA molecule and the DNA transporter attached to the nanotubes. To show that hybridization occurred in
the membrane with the hairpin-DNA transporter, the membrane was exposed to PC-DNA, and then to a restriction enzyme (Sfc I,
New England Biolabs) (supplementary materials, [6]). If hybridization between the PC-DNA and the hairpin transporter
occurred, this enzyme will cut the resulting double-stranded DNA such that the last five bases of the binding loop, and all
the stem-forming regions, at the 30 end of the hairpin are removed. This reaction will substantially damage the binding site, and
based on our earlier work [5], we predict that if this membrane is subsequently used in a permeation experiment, a lower PC-DNA
flux should be obtained [6].

After exposure to the restriction enzyme, the membrane was extensively rinsed to remove the enzyme and DNA fragments
and then used for a transport experiment with PC-DNA as the permeating species. Unlike the data in Figure 24.7A, the transport
plot for this damaged-transporter membrane showed only one straight-line segment [6] corresponding to a flux of 0.2 nmol
cm�2 h�1. This value is well below what we observe from membranes with undamaged DNA-hairpin transporter (Table 24.2).
The damaged DNA transporter was then removed from the nanotubes and fresh DNA-hairpin transporter was applied.
A subsequent transport experiment with PC-DNA showed a transport plot identical to that obtained before exposure to the
restriction enzyme [6]. These data suggest that hybridization is, indeed, involved in the transport mechanism for the DNA-
hairpin-containing membranes.

To show that dehybridization occurs on a reasonable timescale in these membranes, we exposed a hairpin-DNA membrane
to a fluorescently labeled version of the PC-DNA (Table 24.1). The membrane was then rinsed with buffer solution and
immersed into a solution of either pure buffer or buffer containing unlabeled PC-DNA. If the dehybridization reaction is facile,
the fluorescently labeled PC-DNA should be released into the solution. We found that dehybridization does occur, but it is
strongly accelerated when unlabeled PC-DNA is present in the solution (Figure 24.9). Hence dehybridization is much faster
when it occurs by a cooperative process whereby one PC-DNA molecule displaces another from an extant duplex [46].

We have also investigated transport selectivity for a feed solution containing fluorescently labeled versions (Table 24.1) of
both the PC-DNA and the single-mismatch DNA. The fluorescent labels allow for quantification of both these permeating
DNAs simultaneously in the permeate solution. In analogy to the single-molecule permeation experiment, the flux of the
PC-DNA was five times higher than the flux of the single-mismatch DNA [6]. To assess the practical utility of these
membranes, transport studies with more realistic samples (such as cell lysates) will be needed.

Finally, we have not observed a spontaneous transition from a low flux to a high flux state (Figure 24.7A) with our previous
MR-based membranes [3,5]. The fact whether this transition is observed depends on the feed concentration suggests that the
transition is a transport-related phenomenon. It is possible that this transition relates to the concept of cooperative (high flux) vs.
noncooperative (low flux) dehybridization (Figure 24.9), but further studies, both experimental and modeling, will be required
before a definitive mechanism for this transition can be proposed.

24.5.3 ENANTIOSEPARATIONS OF AMINO ACIDS USING APOENZYMES IMMOBILIZED IN A POROUS

POLYMERIC MEMBRANE [3]

Most of amino acids are chiral and as discussed earlier, the chiral separation is a challenging problem. Another possibility to
separate amino acids is to use enzymes that can recognize and selectively separate them. As enzymes also catalyze chemical
reactions on substrate molecules that they bind to, this creates an unwanted problem because the reaction products must be
separated in the following step. This problem can be circumvented by using apoenzymes as molecular-recognition transporter.
Apoenzymes are enzymes that lack in their cofactors; they cannot transform substrates into products.

0

1

2

3

0 300 600

Time (min)

R
el

at
iv

e 
flu

or
es

ce
nc

e 
in

te
ns

ity

FIGURE 24.9 Release of fluorescently labeled PC-DNA from a membrane containing the hairpin-DNA transporter. The fluorescently
labeled PC-DNA was released into a buffer solution containing no unlabeled PC-DNA (lower curve) or into a buffer containing 9 mM
unlabeled PC-DNA (upper curve). (From Kohli, P., Harrell, C.C., Cao, Z., Gasparac, R., Tan, W., and Martin, C.R., Science, 305, 984, 2004.
With permission.)
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We have used apoenzymes as molecular-recognition transporters for binding and selective transportation of molecules
without production of unwanted chemical reactions on reactants. Figure 24.10 shows the design of membrane consisting of
microporous polymer membrane sandwiched between two thin films of polypyrrole [3]. The apoenzymes are physically
trapped within the pores of the membrane and polypyrrole films. More details regarding the fabrication of the membranes,
materials, and experimental setup can be found in the Ref. [3].

The transport flux of ethanol for membranes loaded with alcohol dehydrogenase apoenzyme (apo-ADH) is found to be
greater than nine times from those obtained for phenol. The flux vs. feed concentration curves for ethanol showed Langmuir-
type isotherm. These observations clearly indicate that apo-ADH acted as molecular-recognition sites for ethanol, and it
facilitates the transport of ethanol through the membranes.

To explore the enantioseparation of amino acids which is a more challenging and an interesting problem, D-amino acid
oxidase apoenzyme (apo-D-AAO) was trapped in the membrane (containing 400 nm inner pore diameter). The transport fluxes
vs. feed concentration of D-phenylalanine and L-phenylalanine through apo-D-AAO-containing membranes were investigated.
We found that apo-D-AAO-containing membranes transport D-phenylalanine relative to L-phenylalanine with a selectivity
coefficient of 3.3 (Figure 24.11A) [3]. Although the selectivity coefficients obtained using apo-D-AAO-trapped membranes are
much higher than those obtained with chromatography-based separation methods, still higher selectivity coefficients are
desired. One method to improve selectivity coefficients is to shutdown simple diffusional transport through membrane
pores. This can be done by reducing the inner pore diameter of the membranes to reduce the diffusional transport of
L-phenylalanine. When apo-D-AAO-trapped within 30 nm inner pore diameter membranes were used, a selectivity coefficient
of 4.9 is obtained (Figure 24.11B). As expected the enantiomeric selectivity coefficients were increased, but the transport fluxes
were also found to be smaller as compared to those obtained with apo-D-AAO loaded 400 nm pore diameter membranes.
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FIGURE 24.10 Schematic cross section of the polypyrrole=polycarbonate=polypyrrole sandwich membrane with the epoenzyme entrapped
in the pores. The membrane is drawn as coming out of the plane of the paper. The various components are not drawn to scale. (From Lakshmi,
B.B. and Martin, C.R., Nature, 388, 758, 1997. With permission.)
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D-amino acid oxidase apoenzyme (apo-D-AAO)-loaded membrane. The membrane had pores of 400 nm diameter and (B) as (A) but using
a membrane with pores of 30 nm diameter (pore density 6� 108 pores cm�2). (From Lakshmi, B.B. and Martin, C.R., Nature, 388, 758,
1997. With permission.)
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To improve transport rates without sacrificing selectivity, new type of membranes that contain conical pores are being
developed. The conical pores containing membranes have much smaller diffusional resistance (higher diffusion coefficients) to
molecules for most of the length of the nanotubes except at the narrower tip. We expect conical nanotube membranes to have
much higher transport fluxes. The separation selectivity coefficients can be tuned by optimizing the diameter of the narrower tip
(pore) in the membranes and by immobilizing molecular-recognition transporters on the inner nanotube walls at optimum
concentrations. It is therefore possible to obtain much higher fluxes without sacrificing separation selectivity coefficients.

Recently, we have also conducted experiments with antibody-based nanotube membranes for very high selective protein
separations [47]. We found that immobilization of antibodies on the inner walls of the nanotubes selectivity bind and transport
its antigenic-protein molecules across the membranes. Remarkably, we have routinely observed selectivity coefficients as high
as 34 for antibody-based membrane separation. In principle, antibodies can be raised for any molecules, and the antibody-
tailored membranes can be used as a general but highly selective separation method.

24.6 CONICAL NANOTUBES: MIMICKING ARTIFICIAL ION CHANNEL [7]

There is considerable interest in developing chemical devices that mimic the function of biological ion channels [48]. We
recently described such a device, which consisted of a single conically shaped gold nanotube embedded within a polymeric
membrane [49]. This device mimicked one of the key functions of voltage-gated ion channels—the ability to strongly rectify
the ionic current flowing through it. The data obtained were interpreted using a simple electrostatic model (vide infra) [49].

While the details are still being debated [50a–c], it is clear that ion current-rectification in biological ion channels is more
complicated and involves physical movement of an ionically charged portion of the channel in response to a change in the
transmembrane potential [50d]. We report here the artificial ion channels that rectify the ion current flowing through them via
this electromechanical [51] mechanism. These artificial channels are also based on conical gold nanotubes, but with the critical
electromechanical response provided by single-stranded DNA molecules attached to the nanotube walls.

Single conically shaped nanopores were etched into 0.07 cm2 samples of a 12 mm thick polycarbonate membrane [52]. For
most of the studies reported here, the large diameter opening of the pore was 5 mm (Figure 24.12A) and the small diameter
opening was 60 nm (Figure 24.12B). However, membranes having conical pores with large diameter openings of 5 mm and
small diameter openings of 150 and 100 nm were also used. An electroless plating method [18] was used to deposit a
correspondingly conical gold nanotube within the pore. This entails coating the pore walls, and membrane faces, with a thin
(~10 nm) layer of gold. Because this layer is so thin, the large diameter opening of the conical gold nanotube remained 5 mm.
An approximate measure of the diameter of the small opening (here after called the mouth) of the conical nanotube was
obtained using a simple electrochemical method [52] (Table 24.3).

In the final step, single-stranded DNA molecules were covalently immobilized to the gold surfaces. The following are
the thiol-terminated DNAs: 50HS-(CH2)6-CGAGTCCATTCA30 (12-mer), 50HS-(CH2)6-GACCGAGTC-CATTCA30(15-mer),
50HS-(CH2)6-CGCGAGAAGTTACAT GACCTGTAGACGATC30 (30-mer), 50HS-(CH2)6-A4530 (45-mer), and 50HS-(CH2)6-
CGCGAGAAGTTACATGACCTG-TAGCTCGCG30(30-mer hairpin) [6,7]. In all the experiments described here, the conically
shaped gold nanotube was left embedded within the polycarbonate membrane. However, to prove that this nanotube is, indeed,
conical, the membrane can be dissolved away and the liberated nanotube is imaged via electron microscopy (Figure 24.12C).

Current–voltage (I–V) curves for these artificial ion channels were obtained by mounting the membrane sample between
the two halves of a U-tube conductivity cell [18]. Each half-cell was filled with ~5 mL of a 10 mM pH 7.0 phosphate buffer that
was also 100 mM in KCl. A Ag=AgCl reference electrode was inserted into each half-cell solution, and a Keithley instruments

(A) (B) (C)

FIGURE 24.12 Electron micrographs showing (A) large diameter (scale bar 5.0 mm) and (B) small diameter (scale bar 333 nm) opening of
a conical nanopore, and (C) a liberated conical Au nanotube (scale bar 5.0 mm). (From Harrell, C.C., Kohli, P., Siwy, Z., and Martin, C.R.,
J. Am. Chem. Soc., 126, 15646, 2004. With permission.)
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6487 picoammeter=voltage source was used to apply the desired transmembrane potential and measure the resulting ionic
current flowing through the gold nanotube.

In our earlier work, the mouth diameter of the Au nanotubes was 10 nm, and the rectification observed resulted from
electrostatic interactions between cations traversing the nanotube and fixed surface charge (due, e.g., to adsorbed Cl�) at the
nanotube mouth [49]. This mechanism applies only when the mouth diameter is comparable to the thickness of the electrical
double layer associated with the fixed surface charge, and this is not the case for the larg mouth-diameter nanotubes used here
(Table 24.3). This is proven by the fact that without attached DNA molecules, these nanotubes do not rectify, even though there
is adsorbed Cl� on the nanotube walls (Figure 24.13A). In contrast, the DNA-containing nanotubes rectify the ion current,

TABLE 24.3
Nanotube Mouth Diameter (d ), DNA Attached, rmax, Radius of Gyration
(rg), and Extended Chain Length (l )

d (nm) DNA attached rmax rg (nm) l (nm)a

41 12-mer 1.5 1.4 5.7
46 15-mer 2.2 1.6 6.9
42 30-mer 3.9 2.9 12.9
38 45-mer 7.1 4.0 18.9

98 30-mer 1.1 2.9 12.9
59 30-mer 2.1 2.9 12.9
39 30-mer 3.9 2.9 12.9

27 30-mer 11.5 2.9 12.9
13 30-mer 4.7 2.9 12.9
39 30-mer hairpin 1.4 n=a 6.9

Source: From Harrell, C.C., Kohli, P., Siwy, Z., and Martin, C.R., J. Am. Chem. Soc., 123, 12335, 2001.
a Includes the (CH2)6 spacer.
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i.e., they show an on state at negative transmembrane potentials (anode facing the mouth of nanotube, Figure 24.13B) and an
off state at positive potentials (Figure 24.13C).

The extent of rectification may be quantified via the ratio, rmax, which is the absolute value of the current at �1 V (on state)
divided by the current at þ1 V (off state) (Table 24.3). The first four entries in Table 24.3 correspond to the nanotubes in Figure
24.13A. As is evident from the figure, rmax increases with DNA chain length. The extent of rectification can also be controlled
by holding the chain length constant, and varying the diameter of the nanotube mouth (Table 24.3). With one exception (vide
infra), rmax increases with decreasing mouth diameter.

We propose that rectification in these nanotubes entails electrophoretic insertion of the DNA chains into (off state, Figure
24.13C) and out of (on state, Figure 24.13B) the nanotube mouth. The off state is obtained because when inserted into the
mouth, the chains partially occlude the pathway for ion-transport, yielding a higher ionic resistance for the nanotube. There is
ample evidence in the literature to support this hypothesis. First, because DNA chains are anionic, they can be driven
electrophoretically through nanopores, and during translocation, occlusion of the nanopores by the DNA causes a transient
increase in the pore’s ionic resistance [53]. Furthermore, in complete analogy to our model, if one end of a DNA chain is
immobilized in an electrophoresis experiment, the chain extends linearly in the direction of the anode [54]. In addition,
simulations of the electric-field strength in conical nanopores, identical to those used here, show that the field in the electrolyte
solution in the mouth of the nanopore is 1� 106 V m�1, when the total voltage drop across the membrane is only 1 V [55]. This
focusing of the electric field strength at the nanotube mouth means that there is ample field to extend the DNA chains toward the
anode.

Further support for this model can be garnered from our experimental I–V data. First, the magnitudes of the on state
currents in Figure 24.13A decrease with increasing DNA chain length. This is because even in the on state, the DNA chains
partially occlude the mouth of the nanotube and increase the nanotube resistance. Second, while the general trend is that rmax

increases with decreasing mouth diameter, one exception was noted; the nanotube with the ~13 nm mouth and the 30-base
DNA rectifies less than the nanotube with the ~27 nm mouth and this same 30-base DNA (Table 24.3). These data suggest that
the DNA chain can be too long, relative to the mouth diameter, to allow for efficient rectification. Table 24.3 lists two relevant
lengths of the DNA chains: the length if the chains were completely extended [53] and the radius of gyration [56] for the
globular form. According to our model to rectify, the chain must have the freedom to extend linearly toward the anode. The
nanotube with the 13 nm mouth is the only case where the length of the extended DNA chain is equivalent to the mouth
diameter. We suggest that this makes it sterically difficult for the chains to reorient and insert themselves into the mouth, and
this is why poor rectification is observed.

Third, according to our model, the DNA chain must have the flexibility to extend in the direction of the anode. This issue
was explored by comparing the extent of rectification for a nanotube containing the conventional 30-base DNA and an identical
tube containing a hairpin 30-base DNA. The hairpin-DNA [57] folds back on itself because the bases at one end of the chain are
complementary to the bases at the other end, making the chain much less flexible. The nanotube containing this 30-base
hairpin-DNA is a very poor rectifier, much worse than the same nanotube with the conventional 30-base DNA (Table 24.3).

24.7 CONCLUSIONS

We believe that nanotubes offer some important advantages for biotechnological and biomedical applications of nanoparticles.
Because of its tremendous versatility in terms of materials that can be used, sizes that can be obtained, and chemistry and
biochemistry that can be applied, the template method might prove to be a particularly advantageous approach for preparing
nanotubes for such applications. However, this field of nanotube biotechnology is in its infancy, and there is much work to
be done before products based on this technology are brought to the market place. For example, in our applications to date, we
have incorporated the payload into the nanotubes by either covalent bonding or other chemical interactions. However, in some
applications it might be useful to simply fill the nanotube with a payload and then apply caps to the nanotube ends to keep
the payload encapsulated. Furthermore, it might be useful to have these caps fall off, thus spilling the payload, when a particular
chemical or biochemical signal is detected. We are currently exploring routes for preparing such capped nanotubes. The issues
of cost of production and mass production of nanotubes must also be addressed.

Finally, the synthetic nanotubes discussed here can be thought of as mimics of naturally occurring nanotubes–protein
channels [7,58]; indeed, the cyclic peptide nanotubes have been used as artificial ion channels [26]. Ion channels open and close
in response to chemical and electrical stimuli. We are developing synthetic nanotubes with similar voltage [7,18,49,59] and
chemical [60] gating characteristics. These nanotubes can be used in smart membranes whose transport properties change in
response to an electrical stimulus [18,59] and in sensing devices where a chemical stimulus turns on a current that can be
measured in an external circuit [60]. One of major drawbacks of membrane-based separation method is low transport flux of
separating molecules. The use of conical nanotubes-containing membranes can possibly eliminate low transport flux problem
because conical pore-containing membranes are expected to have much larger porosity. We have fabricated conical nanotube
membranes [7,49]; these membranes have potential of greatly increasing the transport flux without significantly loosing the
selectivity coefficients. Further, we report on separation of biomolecules and biopolymers using conical-nanotube membranes.
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25.1 INTRODUCTION

The concept of emulsion liquid membranes (ELM) was first proposed by Li in 1968 [1]. Since their inception in the late 1960s
they have been referred to as surfactant liquid membranes, double emulsion membranes or ELM. Regardless of the terminology
used, the workings of such systems are as follows: they consist of an emulsion formed by an organic solvent and water, which
can be stabilized by the addition of surfactant. This emulsion is then contacted with a continuous phase containing the desired
solute, stirred to yield globules, and transported across the extremely thin membrane layer that separates internal phase droplets
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inside the emulsion globule. The three phase dispersion can be either a water-in-oil emulsion dispersed in an aqueous phase
(W=O=W) or an oil-in-water emulsion dispersed in an oil phase (O=W=O) [2]. According to Ho et al. [3], in general the internal
phase droplets are small, with diameters in the order of 1–10 mm. The emulsion globules, however, are much larger usually
0.1–2.0 mm in diameter. On completion of the extraction process, the emulsion needs to be broken=demulsified to recover the
internal phase containing the concentrated solute.

Such systems are capable of providing extremely large membrane surface areas and are applicable in situations where the
desired solute in the feed stream is in low concentration. Some of the attractive features of ELM systems include simple
operation, high efficiency, extraction, and stripping in one stage, large interfacial area and scope for continuous operation [4].

However, these systems are disadvantaged by emulsion swelling, emulsion breakage, lack of stability, and the fact
that modeling tends to be complicated and tedious. Despite these disadvantages ELM systems have found applications in
numerous situations such as the removal of metal ions, acids and bases from wastewater streams, and the recovery of
biochemical products.

The chapter deals with the workings of emulsion liquid membrane systems: the physicochemical properties, modeling of
such systems, difficulties associated with these types of membrane systems, and their uses in chemical and biotechnological
applications.

25.2 THEORY AND MECHANISM

The transfer of the solute from the bulk aqueous phase into the droplets of the internal phase can be via two mechanisms,
referred to as type 1 and type 2 facilitations. In type 1 facilitation, the solute species in the continuous phase transfers into the
internal phase and reacts with a chemical reagent present in this phase forming a product that is not capable of diffusing back
through the membrane. Thus the solute concentration in the internal phase of the ELM is effectively zero. An example of type 1
facilitation is the removal of phenol from wastewaters. The process is illustrated in Figure 25.1.

In this figure, phenol from the continuous phase solubilizes in the membrane oil phase and then diffuses into the internal
phase where it reacts with the sodium hydroxide to form sodium phenolate. Being an ionic species, it is not soluble in the
oil phase of the membrane and is effectively captured in the internal aqueous phase. The concentration of phenol in the internal
phase is effectively zero.

Type 2 facilitation is also known as carrier facilitated transport, since a carrier compound, that is, an extractant or
complexing agent, solubilized in the organic phase is used to assist transfer across the membrane. In this situation, the solute
of interest reacts with the carrier to form a complex that is only soluble in the membrane phase. The solute is de-complexed by a
stripping solution contained in the internal phase. An example of such a process is the removal of a metal ion such as copper or
zinc from wastewater by the extractant DEHPA (di-2-ethylhexyl phosphoric acid, represented as HL) as shown in Figure 25.2.
In this case, the carrier also enhances the selectivity as most extractants are specifically designed to extract particular metal ions

NaOH

NaOH

NaOH

H2O

External aqueous phase

Membrane  phase

Internal
aqueous phase

O–Na+

O–Na+

OH

FIGURE 25.1 Schematic diagram of type 1 facilitation in an ELM system.
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under given conditions. The metal ion, Cu2þ in the continuous phase reacts with the DEHPA in the oil phase to form the oil
soluble complex, Cu(HL)2. Concentrated sulphuric acid in the internal aqueous phase strips the metal ion from the oil phase
complex and transfers it into the internal phase, exchanging the metal ion for protons.

25.3 MODELING

A range of mathematical models were developed to explain solute transfer in ELM systems. Given the nature of these systems,
most modeling efforts tend to end up as complicated mathematical structures with too many parameters and are far too tedious
to be determined experimentally. The development of these models over the years has been discussed extensively [5–7]. Some
of the development highlights are presented in the following sections.

25.3.1 TYPE 1 FACILITATION

Mathematical descriptions of type 1 facilitation began with the pioneering work of Cahn and Li’s [8] uniform flat sheet model,
which was later adapted with limited success by Kremsec [9], Kremsec and Slattery [10] followed by the hollow sphere model
of Matulevicius and Li [11] and later the reaction front concept of Kopp et al. [12].

Models for type 1 facilitation can be divided into two main categories: the state of the art advancing front models and the
reversible reaction models.

The advancing front model first proposed by Ho et al. [3] assumes that the solute reacts instantaneously and irreversibly
with the internal phase reagent at the reaction surface, which advances into the globule as the reagent is consumed. This model
assumes an uniform globule size described by the Sauter mean diameter, no coalescence between emulsion globules, no
circulation within the emulsion drop, local equilibrium exists between the internal phase and the membrane phase. The model
does not account for mass transfer resistance in the external phase. Fales and Stroeve [13] as well as Stroeve and Varanasi [14]
extended the advancing front model to include external phase mass transfer resistance outside the emulsion globules, that is, in
the continuous phase.

Teramoto et al. [15] and Bunge and Noble [16] incorporated reaction reversibility in describing the transport process in the
emulsion globule. Teramoto et al. [15,17,18] also developed models that accounted for diffusion in the emulsion drops and the
drop-size distribution of the W=O emulsion. Kataoka and coworkers [19,20] developed the work of Teramoto et al. [15,17,18]
by proposing a model with parameters that could be determined independently or through correlations in the literature.

Teramoto et al. [21] verified that the correlation used in the model of Bunge and Noble [16] was the most accurate of the
correlations without adjustment parameters, because of the introduction of the apparent increase of the internal phase diffusivity
caused by the diffusion of the reaction product between the solute and the internal stripping reagent (Baird et al. [22]). This
effect was not included in the models proposed by Teramoto et al. [17] and Kataoka et al. [20]. Lin and Long [23] tried to

External aqueous phase

Membrane phase

H2SO4

H2SO4

H2SO4

Internal
aqueous phase

Cu2+
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HL

HL

HL

H+

FIGURE 25.2 Schematic representation of type 2 facilitated transport in an emulsion liquid system.
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upgrade the model proposed by Bunge and Noble [16] to discard the simplification of considering an average value for the
effective diffusivity and its variation with concentration in the model equations, but they ended up developing a slightly
different model.

Chan and Lee [24] assumed that a reaction equilibrium existed in both the internal and external continuous phases. They
also incorporated the overall mass transfer resistance in their model as well as accounting for leakage of the internal phase into
the external phase as did Borwankar et al. [25], Liu and Liu [26], and Boyadzhiev et al. [27]. The reversible model was later
extended by Baird et al. [22] to predict the extraction rate for multicomponent systems. A comparison study of the advanced
front model and the reversible reaction model for multicomponent systems undertaken by Wang and Bunge [28] found the
latter to be significantly better for mixtures of organic acids.

Yan et al. [7] proposed a model based on the model of Ho et al. [3], where the possibility of kinetic control of the stripping
reaction is added as well as the mass transfer resistance inside and outside of the emulsion globules. Correia and de Carvalho
[29] have presented a comparison between several models for the recovery of 2-chlorophenol from aqueous solutions by ELM,
where they proposed the effective upgrade of the Bunge and Noble [16] model. The same authors present an application of the
Yan et al. [7] model for the recovery of 4-hydroxybenzoic acid from aqueous solutions by ELM [29,30].

Although most models have been developed for batch extraction, the need to extend to continuous systems has been
recognized by researchers (e.g., Rautenbach and Machhammer [31] and Datta et al. [32]).

A selected summary of the various systems, models, and observations for type 1 facilitation is presented in Table 25.1.

25.3.2 TYPE 2 FACILITATION

These models take into account the diffusion of the carrier and the metal ion–carrier complex in the emulsion globules. They
must also account for the reversible reactions at the external and internal interfaces.

In developing a model for the extraction of copper, Teramoto et al. [34] included external phase mass transfer and also
considered leakage. Kataoka et al. [35] included mass transfer resistance in the peripheral thin membrane layer. The results of
such models have complicated equations with too many parameters. Lorbach and Marr [36] in what is considered to be the state
of the art model, simplified the system by assuming a constant sum of the free and complexed carrier concentration. They also
assumed constant pH in the external phase, eliminating mass transfer resistance in the peripheral thin membrane layer. Ortner
et al. [37] extended the model of Lorbach and Marr [36] for countercurrent column separations but found it too complicated.

Yan [38] further simplified the equations for batch extractions by assuming an irreversible, first-order extraction reaction
between the solute and the carrier, irreversible first-order stripping reaction between the complex carrier and the internal
reagent and constant distribution coefficients. Weiss et al. [39] proposed an empirical model for the extraction of mercury.
Recently, Banerjea et al. [40] and Chakraborty et al. [4] presented an unsteady-state mathematical models to explain type 2
facilitation.

A selected summary of the various systems, models, and observations for type 2 facilitation is presented in Table 25.2.

25.3.3 MODEL PARAMETERS

Here, some of the physical parameters used in the various models are examined in terms of their contribution to the overall
stability and effectiveness of the ELM system.

25.3.3.1 Internal Droplet Size

Extraction and stripping efficiency is greatly enhanced with smaller droplets due to an increased surface area for diffusion. In
the study of copper ion extraction, Cahn et al. [45] have shown that the average size of the internal phase droplets significantly
influence the extraction rate. They also report that smaller droplets enhance membrane stability and retard leakage. The internal
phase and its impact on the ELM process are discussed in Section 25.4.

25.3.3.2 Emulsion Globule Size

According to Gu et al. [46], the size of the emulsion globule, generally characterized by the Sauter mean diameter or radius, is
dependent on the viscosity of the emulsion, the type and concentration of the surfactant, and the method of mixing used to form
the ELM. The emulsion globule size controls the surface area available for mass transfer between the emulsion and the
continuous external phase. In a given volume of an emulsion dispersed in a continuous phase, the smaller the size of the
globule, the larger will be the number of globules and therefore the larger the available surface area.

As shown by many studies, the globule size is characterized by the Sauter mean diameter or radius. This diameter=radius
must be experimentally determined by photographic and microscopic techniques [34], or be estimated from correlations [47]
that are often limited to the system for which they were developed. While the availability of correlations for ELMs is limited,
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TABLE 25.1
Models for Type 1 Facilitated Transport

Solute
Membrane

Phase
Internal
Phase Model Description Observations References

Aniline,

m-toluidine,
p-toluidine

5 vol% SPAN

80, kerosene

0.2–0.4

M HCl

Mass transfer model in which diffusion in the

emulsion drop, external mass transfer around the
drop, phase, and chemical equilibria are taken into
account.

The model satisfactorily predicted the

experimental trends observed. A
correlation for effective diffusivity
in the emulsion globule is presented.

[15]

Phenol, cresol 5 vol% SPAN

80, kerosene

NaOH or

LiOH

Modified mass transfer model in which diffusion in

the emulsion drop, external mass transfer around
the drop, phase, and chemical equilibria and the
drop-size distribution of the W=O emulsion are

taken into account.

Satisfactory agreement between

experimental data and the model.

[17]

Phenol (data of
Ho et al. [3])

1 wt% SPAN
80, 3 wt%

ENJ 3029, 96
wt% S100N

1.5 wt%
NaOH

An extension of previous diffusion models with the
incorporation of reaction equilibrium. This model

includes the reversibility in the reaction of solute
with the reagent present in the internal droplets.

Excellent agreement between
experimental data and the model.

[16]

Amines data

of Teramoto
et al. [15,17]

Mass transfer model that takes into account

reversible reactions in both internal and external
phases, external continuous phase mass transfer
resistance, interfacial resistance, and diffusion
within the emulsion globule. The leakage effect of

the internal phase due to membrane rupture was
also incorporated.

Satisfactory predictions of

experimental data obtained for weak
acids and bases.

[24]

Acetic acid 8 wt% E644

polyamine,
72 wt%
kerosene, 19

wt% paraffin

3 M

NaOH

Mass transfer model that accounted for the mass

transfer both inside and outside the emulsion
globules, the reaction between the diffusing
component and the internal reagent in the globules

jointly. A perturbation solution to the resulting
nonlinear equations contained the parameters Bi
and Da.

The model predictions showed that

when Da was less than 5 or larger
than 200, the overall process was
controlled by reaction or diffusion,

respectively, and for intermediate
values of Da by reaction and
diffusion jointly. The model

predictions were in good agreement
with the experimental data for batch
extraction of acetic acid.

[7,33]

500 ppm o-

chlorophenol

1–6 wt%

ECA 4360
nonionic
polyamine,

LOPS
(Exxon)

2.5 M

NaOH

General model for physical transport of solute

disregarding any chemical reaction effects. The
model accounted for the continuous phase
resistance and the interfacial resistance and

permeation through a composite emulsion globule.
It also quantified the loss in extraction efficiencies
by leakage due to membrane breakage.

Satisfactory agreement between

experimental and the model
predictions with the best fit being
achieved with the lowest surfactant

concentration.

[25]

Phenol 5 vol%
ECA 4306J,
kerosene

0.1 M
NaOH

General permeation model in which the emulsion
drop is composed of the inner core of emulsion
phase and the peripheral thin oil layer. The model
accounted for chemical reactions, diffusion in the

emulsion phase, in the peripheral thin oil layer of
the emulsion drop, in the external aqueous film.

All parameters required for
simulation can be estimated from the
diameters of the emulsion drop and
internal water droplet. Experimental

results for the batch permeation of
phenol were in good agreement with
results computed by the model.

[19,20]

m-nitroaniline,
m-toluidine

7 wt% SPAN
80, heptane,
NaCl

0.1–1.0
M HCl

A new equation for the effective diffusivity of weak
bases in the W=O emulsion.

This model is an improvement of the
previous model [15,17].

[21]

2-Chlorophenol 2 wt%
ECA 4360J,
98 wt%

Shellsol T

0.5 M
NaOH

Used the advancing front model and three
reversible reaction models: Bunge and Noble [16]
model, Lin and Long [23] model, modified Bunge

and Noble model.

Both sets of models were found to
predict the experimental data with
reasonable accuracy implying that in

the case of 2-chlorophenol the role
of reversibility is negligible.

[29]

Aniline 2 vol%
SPAN 80,

isoparaffin

HCl Mass transfer within the emulsion globule
considered by shrinkage of the unreacted internal

zone and the reversible reaction between solute
and internal reagent.

Good agreement for the continuous
system. Discrepancies at high stirrer

speed and residence time.

[31]
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TABLE 25.2
Models for Type 2 Facilitated Transport

Solute Extractant
Membrane

Phase
Internal
Phase Model Observations References

Chromium 0.5 vol% Aliquat

336

1.5 vol%

Paranox 106,
5 vol%
decanol,
kerosene

0.005–0.01

M NaOH

Unsteady-state mathematical model

based on the advancing front
model of Ho et al. [3] considers a
reaction front to exist within the
emulsion globule and assumes

instantaneous and irreversible
reaction between the solute and the
internal reagent at the membrane-

internal droplet interface.

Simulated curves were found to

be in good agreement with the
experimental data.

[40]

Citric acid 40 vol% Alamine
336

4 vol% C9232,
mineral oil,

8 vol%
chloroform

2.5 M
NaOH

Modified shrinking core model that
accounts for globule aggregation

and emulsion break-up.

Model was tested by varying the
system parameters. Good

agreement between experimental
and calculated results.

[43]

Copper
Zinc

LIX64N

DEHPA

4 vol% SPAN

80, kerosene

0.5 M

H2SO4

General permeation model in which

the emulsion drop comprises the
inner core of emulsion phase and
the peripheral thin oil layer. The
model accounted for chemical

reactions, diffusion in the emulsion
phase, in the peripheral thin oil
layer of the emulsion drop, and in

the external aqueous film.

All parameters required for

simulation can be estimated
from the diameters of the
emulsion drop and internal water
droplet. Experimental results for

the batch permeation of copper
and zinc were satisfactorily
predicted by the model.

[19,20]

Copper, nickel,
chromium, iron

10 vol% DEHPA 5 vol% SPAN
80, 80% v=v

kerosene
þ 5% v=v
heptane

0.5–1.0 N
HCl

Unsteady-state mathematical model
based on the advancing front

model of Ho et al. [3] neglects
external phase mass transfer
resistance and the effect of

membrane breakage and has no
adjustable parameters.

The results obtained from the
numerical model were found to

be in agreement with the
experimental data. A
semiempirical correlation

between the distribution
coefficient and the equilibrium
external phase metal ion
concentration was developed for

use in the modeling.

[3]

Europium 5 vol% 2-
ethylhexyl

phosphoric acid
mono-2-
ethylhexyl ester

(PC-88A)

4 mol%
SPAN 80,

kerosene or
dodecane

1.5 M HCl Mass transfer model built on to the
immobilized hollow spherical

emulsion globule [24].

Model calculations found to agree
with experimental data within

experimental error limits.

[41]

Gold 1% N503 4% E644,
kerosene

0.1 M
Na2SO3

Mass transfer model that accounts
for mass transfer and first-order
reactions both inside and outside

the emulsion globules.

Good agreement between model
predictions and the experimental
data compared to the advancing

front model of Ho et al. [3] and
the external boundary layer and
membrane diffusion controlled

model of Yan [38].

[38]

Nitrate Tri-n-octyl amine
(TOA)

4 vol% SPAN
80, kerosene

Na2CO3 Modified diffusion model that
assumes that the solutes react

reversibly with the internal
reagents and the effective
diffusivity of the solutes in the

emulsion globules is dependent
upon the local solute concentration
in the membrane phase.

Model predictions deviated from
experimental data at longer

contact times.

[44]
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several are reported for oil=water and water=oil systems. A summary of the various correlations for the Sauter mean diameter in
oil=water and emulsion systems is presented in Table 25.3.

25.3.3.3 Biot Number

Biot number, Bi, is the ratio of the mass transfer resistance inside the emulsion globules to that of the external phase [5] and is
given by Equation 25.1:

Bi ¼ kR=aeDe (25:1)

where
k is the external phase mass transfer coefficient
R is the radius of the emulsion globule (see Section 25.3.3.2 and Table 25.3)
De is the effective solute diffusivity in the emulsion mixture and can be estimated from the Jefferson–Witzell–Sibbett

equation [3,5–7]
ae is the distribution coefficient of the solute between the external and membrane phase at equilibrium (dimensionless)

The external phase mass transfer resistance becomes insignificant if the Biot number is <20. At very high Biot numbers mass
transfer resistance in the external phase can be neglected [7]. In general, the Biot number is >20 as a result of good mixing
needed to minimize the globule size to obtain a high mass transfer surface area, and therefore the external phase mass transfer
resistance is negligible.

If k is significant, polydispersity of the emulsion globules will need to be considered since the Biot number is dependent
on globule size. Correlations for k are available in the literature [33,41,74–80]. Distribution coefficient data should be
experimentally determined for a given system. Data for some systems are available from the literature [21,38,42,81–83].

TABLE 25.2 (continued)
Models for Type 2 Facilitated Transport

Solute Extractant
Membrane

Phase
Internal
Phase Model Observations References

Phenylalanine 4% v=v DEHPA 3% v=v SPAN

80, 93% v=v
kerosene

1.5 M HCl Model accounted for external phase

mass transfer resistance, the
interfacial reaction resistance,
diffusion within the emulsion
globule as well as leakage of the

internal phase due to membrane
breakage.

The model satisfactorily predicted

the experimental results, but
deviations at low external phase
pH and longer contact time were
observed. Depending on the

experimental conditions, the
transport of phenylalanine was
governed by mass transfer in the

external phase boundary layer,
by diffusion within the
membrane phase or by a

combination of these effects.

[26]

Tellurium 5% DEHPA 3% SPAN 80,
kerosene

5.0–6.0 M
acid

A diffusion controlled film model
that accounts for both the

continuous phase and membrane
phase resistance in the form of a
Biot number.

Good agreement between
computed and experimental

data. Model capable of
predicting the effect of
parameters such as Biot number,
ratio of emulsion phase volume

to continuous phase volume, and
membrane thickness on the rate
of extraction. The continuous

phase resistance was the
controlling factor for the
extraction of tellurium.

[42]

Zinc 3.5 wt% di(2-
ethylyhexyl)
dithiophosphoric

acid (DTPA)

2 wt% ECA
4360,
94.5 wt%

Shellsol T

5 N H2SO4 Mass transfer model based on
extraction and stripping reactions
that also account for diffusion of

the loaded carrier molecules into an
emulsion globule.

Good agreement between
experimental data and the model
predictions. Reaction at the outer

interface is important in the
transfer process.

[18]
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Several studies have modeled and attempted to quantify the effect of the Biot number on ELM performance, including Yan
et al. [7,33] and Huang et al. [84].

25.3.3.4 Damköhler Number

The Damköhler number, Da, represents the ratio of the reaction rate to the diffusion rate inside the globule [7] and is given by
Equation 25.2:

Da ¼ fintk1R
2=aeDe (25:2)

where
fint is the volume fraction of the internal aqueous phase in the emulsion globule
k1 is the reaction rate constant
ae, R, and De are as previously defined

Yan et al. [7] have shown that in the case of batch extraction of acetic acid from dilute solution (using an ELM), when Da is
<5 or >200, the overall process is controlled by reaction or diffusion, respectively, and by a combination of reaction and
diffusion for intermediate values of Da.

25.4 EMULSION LIQUID MEMBRANE PROCESS

Emulsion liquid membrane process can be divided into three stages: 1. emulsification, 2. permeation and settling, and
3. demulsification. Each stage and associated critical parameters are described in the following sections.

25.4.1 EMULSIFICATION

The components of an ELM system are the diluent, surfactant, internal aqueous phase, continuous phase, and carrier in the case
of type 2 facilitation. Emulsification is usually achieved by high speed or ultrasonic stirrers for batch operations and high-
pressure static dispersion or colloid mills for continuous mode [46]. The presence of a surfactant is necessary to ensure adequate
stability of the emulsion during the extraction process. However, an ultra stable emulsion is not desirable as it will lead to
difficulties in the demulsification stage. For the effective working of an ELM all components must be carefully chosen and each
composition is critical. Some of the desirable properties of the various components are listed in the following sections.

25.4.1.1 Surfactants

Surfactant is a key component for the formation of a stable emulsion. Ideal surfactant properties, apart from being relatively
cheap and nontoxic include [46]:

1. Virtually no water is carried during operation to prevent=reduce osmotic swelling (see Section 25.4.2.2).
2. No reaction with the extractant in the membrane phase. Any possible reaction should enhance the extraction rather

than cause decomposition of the extractant.
3. Low interfacial resistance to mass transfer.
4. Inhibition to demulsification.
5. Solubility in the membrane phase, but not in the internal and external phases.
6. Stability in the presence of acids, bases, and bacteria.

It has been observed that as the hydrophilic lipophilic balance (HLB) value of the surfactant increases, the stability of the
emulsion decreases [85]. The contribution of the surfactant to stabilization and swelling is discussed in Sections 25.4.2.1 and
25.4.2.2, respectively.

Stevens et al. [86] proposed the replacement of the surfactant with fluids to modify the rheological properties and stabilize
the emulsion. The aim was to slow the drainage of the film between the coalescing drops, thereby increasing the stability of the
membrane. Their study on the removal of chromium with Alamine 336 showed that the emulsion stability could be controlled with
the addition of small amounts of polymer to the organic phase and that demulsification could be achieved by heating the system.

25.4.1.2 Diluents

The diluent in which the extractant and surfactant are solubilized is a major component of an ELM system. It impacts on the
membrane properties such as distribution coefficient and diffusion coefficient and on the effectiveness of the membrane system.
Apart from being relatively cheap and readily available, the desired properties of the diluent include [46]:
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1. Low solubility in the internal and external aqueous phases.
2. Compatibility with the extractant and surfactant and the inability to form new phases.
3. Moderate viscosity (not too low as to compromise membrane stability).
4. Having a density that is sufficiently different to the aqueous phase.
5. Low toxicity and high flash point.

In general aliphatics are preferred to aromatics as they are more likely to meet most of the listed requirements. To date the
most commonly used diluents for ELM systems include kerosene, isoparaffin, cyclohexane, toluene, Shellsol T, heptane,
decane, dodecane, nitrobenzene, S100N, and Escaid 110. The pros and cons of specific diluents will be discussed in Section
25.4.2.1.

25.4.1.3 Carriers

Carriers tend to be lipophilic and can exhibit quite high interfacial activity [87]. They generally decrease the stability of
the ELM due to competitive adsorption (with the surfactant) at the interface [88]. In addition, some carriers have high affinity
for water (hydration of their polar groups). Transport of hydrated water can also occur during the metal–carrier complex
formation if the metal ion is present as a hydrated complex in the external phase and transports the waters of hydration to the
complex formed with the carrier [89]. This effect is more serious in the case of carrier molecules containing many oxygen
atoms (such as DEHPA and TOPO) as opposed to those that contain nitrogen (such as LIX64N and Aliquat 336) [89,90]. The
interaction of the carrier with the surfactant to form complexes that reduce the free surfactant content of the emulsion has also
been reported [90].

Several carriers=extractants=ligands are available commercially for the extraction of acids, bases, elements such as copper,
cobalt, nickel, zinc, iron, chromium, precious metals, and the rare earths. The physicochemical properties of the various
commercial extractants available for type 2 facilitation have been previously reported by Gu et al. [46] and Cox [91], and the
chemical behavior of these extractants can be broadly classified into three categories:

1. Acidic extractants, chelating or non-chelating containing one or more ionizable proton, combine with a metal ion to
form a neutral complex. Carriers in this category include hydroxyoximes (P50 (Acorga), LIX 84, LIX 65N, LIX 64N,
LIX 860 (Cognis), SME529 (Shell)); b-hydroxyquinolines (Kelex 100 (Witco)); b-diketones (LIX 54, acetylacetone);
carboxylic acids (naphthenic acids, versatic acids); alkyl phosphorous compounds such as organophosphoric acids
(DEHPA, DBP); organophosphonic acids (PC 88A, Ionquest 801); organophosphinic acids (Cyanex 272, DTPA); and
ionizable crown ethers.

2. Basic or anion exchangers, generally quaternary ammonium compounds and alkylamines, extraction is dependent on
the ability of the metal ion to form an anionic species in the aqueous phase and then be extracted as an ion-pair by the
amine salt.
Included in this category are the high-molecular weight primary amines (Primene JMT); secondary amines (Amberlite
LA-2); tertiary amines (TOA, TNOA, Alamine 336); and quaternary alkylammonium salts (Aliquat 336).

3. Solvating extractants compete with water for a position in the first solvation shell of the metal ion. The replacement of
water molecules by these reagents facilitates the transfer of the metal–ion complex into an organic phase.

Commercial solvating extractants include phosphine oxides (TOPO, Cyanex 923) and phosphorous esters (TBP).
The key criterion in selecting a carrier=extractant is that it and the complex formed must be soluble in the membrane phase,

but not soluble in both the internal and continuous phases [46]. Further precipitation within the membrane or at the interfaces
must be prevented. To ensure successful stripping, it is necessary to have a solute-complex of moderate stability so as to
maximize the effectiveness of the stripping agent [46]. The effect of carrier concentration on the stability of ELM systems is
discussed in Section 25.4.2.1.

25.4.1.4 Internal Phase

Parameters relating to the internal phase such as volume fraction of the internal aqueous phase, pH, and volume ratio of
membrane phase to internal aqueous phase impact on the working of an ELM system. Discussion of the role of the internal
phase in terms of swelling, leakage, permeation, and settling is found in Sections 25.4.2.1 through 25.4.2.3.

25.4.2 PERMEATION AND SETTLING

Following emulsification, the emulsion is dispersed by mechanical agitation into the external feed phase containing the solute to
be extracted. The efficiency of this extraction process is dependent on several parameters as discussed below.

Pabby et al./Handbook of Membrane Separations 9549_C025 Final Proof page 719 13.5.2008 2:01pm Compositor Name: BMani

Use of Emulsion Liquid Membrane Systems in Chemical and Biotechnological Separations 719



25.4.2.1 Composition

A water-in-oil emulsion dispersed in an aqueous phase (W=O=W ELM) is generally stabilized by the addition of a surfactant. In
the case of type 2 facilitation, a carrier species is also present. The concentration of these additives together with the
composition of the internal aqueous phase, external aqueous phases, and the permeation conditions influence the properties
of the ELM system. These effects are summarized as follows:

Effect of Surfactant Concentration: Emulsion stability generally increases with increasing surfactant concentration [92,93].
As discussed in Section 25.4.2.3, an increase in surfactant concentration leads to the lowering of leakage due to an increase in
the mechanical resistance of the membrane. An increase in this parameter also increases the membrane phase viscosity as well
as its resistance to mass transfer including water mass transfer, thus reducing osmosis [89,94].

However, increasing surfactant concentration has the drawback of reducing globule drop size and increasing the interfacial
area available for mass transfer of both solute and water. This effect is enhanced in the case where the surfactant molecules
themselves have an affinity for water [95,96]. If the surfactant concentration exceeds the critical micelle concentration (cmc),
water transport in W=O=W systems by reversed micelles can occur [89,97]. An increase in concentration of some surfactants
such as SPAN 80 also leads to an increase in the entrainment of the external phase during permeation promoted by an excess of
surfactant molecules [71,98]. Miesiac et al. [99] found that in the case of penicillin G separation, the choice of surfactant could
control not only the extraction rate, but also the back transfer rates of the hydrolysis products.

As the surfactant is of key importance in the stability of the ELM much work has been carried out in the area of surfactant
development. Wan et al. [100] observed that higher molecular weight surfactants demonstrated much better properties. They
have developed a new polymeric-type surfactant: LMA with molecular weights in the range 5,976–56,798 g=mol. Zhang et al.
[101] report that LMS-2 is more stable than Span 80 for phenol removal. The anionic, sulfonic-type surfactant EM301 leads to
lower swelling than Span 80 and E644 according to Li and Shi [94]. LYF-G2 (sulfonate polybutadiene) showed better emulsion
stability than ECA 4360 (polyamine) and EM 301 (surfactant polyisobutylene) for an aqueous HCl feed [102]. Draxler et al.
[103] reported that P18 (maleic anhydride=1-octadecene copolymer surfactant) is more compatible with the hydroxyoxime
extractant, while Span 80 and polyamine are not. Improved membrane formulation was noted with the addition of 2.5%–5%
v=v cyclohexanone [85] as a result of preferential micellization with Span 80, which reduced swelling. Kakoi et al. [104] have
developed surfactants that served as both emulsion stabilizer and carrier.

Volume Fraction of the Internal Phase: Decreasing the volume fraction of the internal phase will lead to a more stable
emulsion in terms of osmosis and leakage due to the increase in the membrane phase layer around the internal droplets
[93,105,106]. However, this leads to an increase in surfactant content in the emulsion and a consequent increase in the
probability of entrainment [107].

Maximum stability is attained when saturation of the adsorbed surfactant layer is reached. In the case of high-volume fraction at
a specific surfactant concentration, if the adsorbed layer is unsaturated, the emulsion stability decreases. In a low-volume fraction
case, if the specific surfactant concentration is too high, emulsion stability is also decreased. Therefore, while an increase in
surfactant concentration may increase the stability of the internal phase, the absolute stability of the ELM may be decreased [88].

Carrier Concentration: Mass transfer rates can be increased by increasing the carrier concentration [41], however, increasing
the carrier concentration usually increases swelling and lowers the emulsion stability [33,108]. Other studies have found limits
to the carrier concentration where further increases do not lead to an increase in extraction rates as the mobility of the carrier is
stifled due to an increase in viscosity [34,41].

Continuous Phase Composition: Emulsion liquid membrane properties can be significantly influenced by changing the
composition of the external aqueous phase. Emulsion stability can be improved by an increase in the viscosity as a result of the
decrease in the rate of fluid drainage between the liquidfilms [88]. An increase in ionic strength of the external phase has been shown
to cause a decrease in entrainment phenomena during permeation. This has been attributed to an alteration of the structure of the
interface between the emulsion and the external phase promoted by the presence of electrolytes in the external phase. A reduction in
osmosis also occurs due to a reduction in the chemical potential difference between both sides of the membrane [94,98].

Internal Phase Composition: As with the continuous phase, the internal phase properties also influence the properties of the
ELM. Ionic strength, pH, and the presence of organic species will impact on the stability of the ELM. Emulsion liquid
membranes work on the basis that the polar substances (usually high concentrations of acid or base) contained in the internal
phase are impermeable to the membrane phase. However, the presence of the surfactant can cause the uptake of these
compounds by the formation of reverse micelles [97].

Ma and Shi [109] report on the influence of the internal phase composition on breakage rate in the removal of acetic acid by an
ELM system. They found that for a given surfactant concentration and stirring rate, increasing the concentration of NaOH in the
internal phase led to an increase in emulsion breakage. These observations have been confirmed by Yan et al. [110] who proposed
that high internal reagent concentrations lead to thinning of the electrical double layer, decreasing the stability of the ELM. Bart
et al. [89] report on the exponential increase in osmosis with increasing acidity of the internal phase. Care should be taken to ensure
that the internal phase reagent concentration is sufficient to effect removal of the solute but not so high as to destabilize the system.
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Internal Phase Droplet Diameter: Drop size increases with increasing volume [34,41]. However, increasing the drop size will
reduce the thickness of the membrane phase and lead to a lower mass transfer resistance. Optimization is a trade-off between
interfacial area reduction and the increase in the mass transfer rate because of the reduced membrane thickness and thus small
mass transfer resistance [107].

Diluent and Additives: There is no doubt that both diluents and any additives have an impact on the efficiency of the ELM
system.

Kinugasa et al. [98,111] noted that in the case of aliphatic hydrocarbons, the ELM becomes more stable with increasing
number of carbon atoms, while those composed of aromatics, such as toluene, were less stable to mechanical forces. Lin and
Long [44] found kerosene to be the more efficient diluent than S100N for nitrate extraction. Kumbasar and Tutkun [112] report
that kerosene is a better-performing diluent than STA90 NS for gallium removal by ELM. Lee et al. [41] studied several
diluents for europium extraction and report that while n-dodecane and kerosene are somewhat similar, xylene demonstrated
much lower extraction efficiency. They speculate that the difference may be due to the steric chemistry and polarity effects
imposed on the carrier, in this case PC 88A.

Strzelbicki and Schlosser [113] report that the addition of alkylphenol sulphides to ELMs containing ECA 4360 accelerates
cobalt ion extraction by DEHPA. Skelland [114] and Skelland and Meng [115] proposed the modification of the rheological
properties of the organic phase by the addition of small quantities of polyisobutylene, polybutadiene, or polystyrene. As noted
by Shere and Cheung [116], emulsions prepared with high viscosity oils are generally more stable. The effect of such additions
includes increases in the membrane viscosity and stability together with a reduction in the amount of surfactant required for
stabilization which in turn could lead to a reduction in swelling. Skelland and Meng [115,117] have reported improved
performance for the extraction of benzoic acid, phenol, and ammonia with such modifications.

Permeation Conditions—Stirring Speed, Time, and Temperature: Turbulent contact of the continuous and emulsion phases
can lead to the emulsification of the continuous phase into the emulsion (secondary emulsification) [73]. Swelling also increases
with increasing stirring speed [118,119]. Several studies have sought to optimize stirring speed and minimize breakage [41,44].

Gallego-Lizon and Perez de Ortiz [73] state that swelling increases with contact time and may cause emulsion rupture, limiting
the operational contact time. Bart et al. [89] report that the degree of osmosis is approximately linear with residence time. The
transfer of water across the membrane depends on the temperature that affects the formation of surfactant aggregates, viscosity
of the membrane, and the emulsion viscosity.

25.4.2.2 Swelling in Emulsion Liquid Membranes

As mentioned earlier, one of the disadvantages of ELM systems is their tendency to undergo swelling. There are two types of
emulsion swelling, namely, osmotic swelling and entrainment swelling. In the case of W=O=W-type systems osmotic swelling
occurs as a result of water transfer from the continuous phase into the internal phase due to the large difference in osmotic
pressure between the internal and external aqueous phases [120]. Entrainment swelling is caused by the entrainment of the
external phase into the internal phase due to the repeated coalescence and re-dispersion of emulsion globules during
the dispersion operation thus causing an increase in the volume of the internal phase [33,120].

The disadvantages of swelling are dilution of the separated product in the internal phase, an increase in membrane
rupture=breakage, and an increase in agitation power required to disperse the emulsion [121].

Swelling is usually quantified in terms of the swelling ratio, which is defined as the ratio of the diameter of the W=O=W
globule at time, t, to that at time t¼ 0 [120].

The consequences of swelling according to Yan and Pal [122] are

1. Rapid increase in the internal phase volume
2. Sharp increase in the viscosity of the emulsion
3. Possible breakdown of the globules
4. Retardation of the solute enrichment process
5. Reduced separation efficiency
6. Adverse effects on the final demulsification process

Several mechanisms have been proposed to explain swelling in ELM globules [89,94,122]:

1. Molecular diffusion of water from the external phase to the internal phase [123]
2. Micelle-assisted transport of water from the external phase to the internal phase [124]
3. Water transfer via hydration of the surfactant molecules [123]
4. Entrainment and emulsification of the external aqueous phase due to the presence of excess surfactant; also called

entrainment swelling or just entrainment [95,111,117,121]
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In most situations, mechanisms (i) and (iii) are the probable reasons for swelling.
Studies on the measurement of swelling in ELM systems have been reported by many, including Li and Shi [94], Wan and

Zhang [120], Itoh et al. [121], Yan and Pal [122], and Ramaseder et al. [125]. Yan and Pal [119] proposed an online technique
for the measurement of swelling in these systems.

Different methods [120] such as volume variation, internal phase droplet size variation, viscosity variation, density
variation, tracer method, Karl-Fischer method, and electrical conductivity have been employed in the measurement of emulsion
swelling. The data obtained tends to be as varied as the methods used [120]. One major drawback is that none of the above
methods is capable of determining both emulsion swelling and membrane breakage in the same experiment. Further, osmotic
swelling cannot be differentiated from entrainment swelling.

Some general observations on swelling in ELM systems suggest that the swelling ratio is dependent on the following four
factors [94,119,120,122]:

Type and Concentration of the Surfactant: Wan and Zhang [120] observed that both entrainment and osmotic swelling were
dependent on the surfactant: in the order of increasing swelling: SPAN 80>Lan113A>ENJ-3029>LMA. They note that the
low-molecular weight SPAN 80 with a large hydrophilic group mainly comprised oxygen with high electronegativity will have
a higher hydration capacity and larger diffusivity compared to the others with high-molecular weight and their hydrophilic
group mainly comprised nitrogen with relatively low electronegativity. LMA has the lowest hydration capacity and diffusivity.
Li and Shi [94] observed the following order of increasing swelling: SPAN 80>E644>EM301, under a given set of
conditions. Yan and Pal [119] observed increasing swelling rates with increasing surfactant (EMSORB2500) concentration
up to 5 wt% and then a drop with further addition of surfactant.

Background Electrolyte Concentration: Since the chemical potential difference between the external and internal phases is
the driving force for osmotic swelling [90,120] an increase in the chemical potential difference will result in an increase in
osmotic swelling. Wan and Zhang [120] show that electrolyte concentration differences between external and internal phases
have no significant effect on entrainment swelling, while this is not the case for osmotic swelling.

Volume Ratio of the Oil (Membrane) Phase to the Internal Phase: This parameter can affect the surfactant concentration at
the interface of the membrane=aqueous phases and in the bulk membrane phase, affecting emulsion swelling [120]. Both
entrainment and osmotic swelling increase with increasing volume ratio of the oil (membrane) phase to the internal phase. The
effect of this parameter is also dependent on the surfactant present [120].

Stirring Speed: The emulsion is generally dispersed into a large excess of the continuous phase. To maximize mass transfer a
large interfacial area is required and this requires a high stirring speed. Increasing the stirring speed not only increases the
interfacial area but can also lead to membrane swelling [94] and membrane breakage [120]. Therefore, optimization of the
stirring speed is required. This process has been found to be dependent on the surfactant type [94,106,120].

Emulsion swelling is one of the major drawbacks in the use of this technology in industrial situations. For example, the
economic advantages of ELM, over conventional solvent extraction for copper processing are lost with a swelling ratio in
excess of 30–40 [102]. In terms of processing, an emulsion swelling of about 10% is considered acceptable [45].

25.4.2.3 Membrane Leakage

Membrane leakage=rupture=breakdown where the previously extracted solute as well as the stripping reagent are released into
the feed stream impacts on the extraction efficiency of the ELM system. It is generally agreed that the properties of the
surfactant, diluent, the internal phase, and its volume fraction have significant effects on membrane leakage [46]. Membrane
leakage at the rate of ~0.1% is allowable for a practical process [126]. Leakage in ELM systems is well documented: Bunge
et al. [93] studied encapsulated phase leakage during ELM extraction of copper ions. They found that the type of surfactant had
an impact in that ECA 4360 showed greater encapsulated phase leakage than ECA 5025. The leakage rate decreased with
increasing surfactant concentration with a limit at 3 wt%. Leakage is strongly dependent on the volume fraction of the
membrane phase with leakage rates increasing greatly when this volume fraction was>0.5. They also noted that the presence of
surface active carriers contributed to leakage. Borwanker et al. [25] found that the rate of leakage by membrane rupture is
usually a function of surfactant concentration and agitation speed. Okazaki et al. [106] report that the W=O emulsion droplets
were not affected by the apparent viscosity of the W=O emulsion but by the organic phase viscosity. They also observed that
leakage increased with increasing volume of the internal aqueous phase, leakage was affected by the osmotic pressure
difference and that the type of tracer had no effect. In an effort to quantify the effects of such parameters, Okazaki et al.
[106] propose two correlations for the leakage rate constant conditional on the osmotic pressure difference between the inner
and outer aqueous phases. Shere and Cheung [116] studied the influence of internal phase volume fraction, surfactant
concentration, agitation speed, and emulsifying device on leakage. As expected, leakage was significantly dependent on the
volume fraction and surfactant concentration. They also found that the use of a high-speed blender rather than an ultrasonic
dispenser, for making the emulsion, causes faster leakage and noted that although the viscosity of the emulsion increases if a
high-speed blender is used, the stability acquired is offset by the increase in the size of the microdroplets formed with this
device. In general, emulsions prepared with a high energy density input such as the ultrasonic method will have smaller
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droplets. This will enhance the membrane stability, provided the surfactant concentration is high enough. Smaller droplets also
give a large area for interfacial mass transfer [46].

Efforts to compute breakage=leakage in W=O=W include the work of Boyadzhiev et al. [82], Kinugasa et al. [98], Okazaki
et al. [106], Martin and Davies [127], and Goto et al. [128]. Nakano et al. [129] report on leakage in O=W=O systems.

25.4.3 DEMULSIFICATION

As stated earlier, after extraction the membrane must be broken and the solute recovered. The breaking or demulsification of a
loaded emulsion is one of the most important steps in the process as the membrane phase must be available for recycling [46].

The demulsification process can be divided into three stages [130]:

1. Droplet coalescence and growth
2. Droplet settling
3. Coalescence of the large water and oil droplets with their respective continuous phases in the coalescer

To date, chemical or physical treatment is the method used for demulsification.

25.4.3.1 Chemical Treatment

This treatment involves the addition of a demulsifier. For example acetone [85], n-butanol [130,131], and 2-propanol [132]
have been found to be effective demulsifying agents for particular applications. Although this method is effective, it modifies
the properties and prevents reuse because additional separation steps for recovery and recycling are required. Further recovery
of the demulsifier by distillation is expensive [101,131].

25.4.3.2 Physical Treatments

Physical treatments include heating, centrifugation, high shear, ultrasonics, solvent dissolution, and the use of high-voltage
electrostatic fields [46]. Other nonconventional methods, such as microwave demulsification [134] and the use of porous glass
membranes [135], have also been investigated.

25.4.3.2.1 Heat Treatment
The advantages of heat treatment [131] are reduction in the density and viscosity of the oil and an increased solubility of the
surfactants in both the oil and water phases. This in turn leads to a weakening of the interfacial film. The main disadvantage is
that heat treatment by itself is slow demulsification kinetics.

25.4.3.2.2 High Shear
Emulsion liquid membranes can be effectively demulsified by high shear. A variation on this is to employ centrifugation as a
first step, followed by processing in a high shear device [46].

25.4.3.2.3 High-Voltage Electrostatic Fields
By using high-voltage electrostatic fields not only can faster coalescence be achieved, but also the organic phase can be
recycled. The mechanisms of electrostatic demulsification are not completely understood. The general belief is that the electric
field can polarize and elongate water droplets, neighboring water droplets, after acquiring induced charge from the electric field,
will attract each other and coalesce to form a larger drop.

The use of electrostatic fields believed to be the most efficient and economic method of demulsification [46] will be
discussed further in terms of equipment used, operating parameters, and proposed models for the process.

Equipment: Several types of ac and dc electrostatic coalescers have been developed. Documented equipment for electrostatic
demulsification includes the continuous insulated electrode coalescer [130,136], two-phase insulated electrodes in parallel
[126], circular coalescer [137], continuous coalescer [138], horizontal insulated electrode [130], box electrostatic demulsifier
[139], tubular coalescer [140], and batch cylinder demulsifier [141]. Design criteria for electrostatic demulsifiers have been
reported by Draxler and Marr [142] and Draxler et al. [143].

Operating Conditions: Parameters such as applied voltage, frequency, waveform, temperature, stirring, and additives have
been shown to have an impact on the demulsification process. Kataoka and Nishiki [144] enhanced demulsification with
increasing voltage as did Wang et al. [141], Fujinawa et al. [145], and Hauertmann et al. [146]. However, there are limits to
maximize voltage that can be applied before formation of a stable sponge emulsion (a high water content water-in-oil emulsion)
as noted by Larson et al. [131].

Feng et al. [138] found that coalescence efficiency could be improved with increasing frequency. Draxler et al. [103]
demonstrated that for a given degree of demulsification the voltage could be reduced if the frequency was enhanced. It has
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been shown that under constant voltage an optimum frequency exists, below which the demulsification rate was enhanced with
increasing frequency, but above which the rate decreased with increasing frequency [147–149].

A square waveform has been shown to be more effective than a triangular or sine form [102,148,149]. The proposed
explanation of this is that under the same peak voltage, the square waveform offers longer time to act on the water droplets to be
coalesced.

Both stirring and temperature elevation have been shown to accelerate demulsification [130,138,150]. Hsu and Li [130]
report that insulation material having a dielectric constant >4 offered better demulsification performance. Goto et al.
[140] report on the effect of surfactant type on demulsification.

Modeling: Many researchers, including Goto et al. [140], Wang et al. [141], Fujinawa et al. [145], and Hano et al. [150], have
attempted to quantify the rate of demulsification. In a recent development, Ichikawa et al. [151] and Ichikawa and Nakajima
[152] proposed a theory for electrostatic demulsification of O=W emulsions (by low-external electric fields) based on the
Poisson–Smoluchowski equation. Their theory revealed that the applied field induced demulsification according to the
following mechanisms [152]:

1. Applied field induced a steady-state current of ions in the aqueous phase, which in turn generated an electric field in
the aqueous phase.

2. Electric field in the aqueous phase rearranged surface charges on the oil droplets to compensate the field gradient on
the surface of each droplet, which caused the polarization of the electrostatic surface potential.

3. Polarization lowered repulsive osmotic pressure in the overlapped diffuse electrical double layers of the droplets and
accelerated demulsification.

25.5 APPLICATIONS

Documented applications of ELMs include [2,46,153–158]:

1. Wastewater treatment, e.g., removal of zinc, removal of radioactive materials and nuclear wastes, recovery of nickel
from plating wastes, and phenol removal.

2. Biochemical processing, e.g., recovery of penicillin and erythromycin.

A summary of a number of systems studied in both categories is presented in Tables 25.4 through 25.8. While the majority of
the work to date has been on W=O=W systems, studies on the use of O=W=O systems for the removal of various oils have been
reported [1,216,217,129].

TABLE 25.4
ELM Systems for the Separation of Metal Ions

Solute
External Feed

Phase Extractant Surfactant Diluent
Internal
Phase

Efficiency=
Recovery References

Arsenic 5.5 mg=L As(III)

(as As(OH)3) in
0.4 M H2SO4

10 vol% 2-ethylhexanol 2 vol% ECA

4360
polyamine

88 vol%

n-heptane

2 M NaOH >95% [159]

Cadmium Cd(CN)2�4 Aliquat 336 0.1% SPAN 80,

3% polyamine

86% isoparaffin EDTA, pH 4–6 99% [160]

Cadmium 1100 ppm Cd pH
4.45

5 wt% DEHPA 3 wt% ECA
5025

82 wt%
tetradecane

6 N H2SO4 97% [161]

Cerium Ce3þ in 6.0 M

NaNO3þ 0.1 M
HNO3

0.1 M TOPO 3% SPAN

80=20

Cyclohexane 0.05 M sodium

citrate, pH 8

98.5% [162]

Cesium 0.001 M CsNO3 in

0.01 M HNO3

0.01 M 8,80-dibromo-bis

(1,2-dicarbolly) Co(III)
(BR2DCC)

4.0% SPAN

80=85

Nitrobenzene 1.0 M KNO3 92% [162]

Chromium 0.1% K2Cr2O7 Alamine 336 0.1% SPAN 80,

3% polyamine

86% isoparaffin 10% NaOH 99.7% [160]

Chromium 0:06 g=L Cr2O
2�
7 1% TOA 4% LMS-2 Kerosene 5% NaOH 99.8% [101]
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TABLE 25.4 (continued)
ELM Systems for the Separation of Metal Ions

Solute
External Feed

Phase Extractant Surfactant Diluent
Internal
Phase

Efficiency=
Recovery References

Chromium Cr2O
2�
7 in 0.5 N

H2SO4

20% tri-n-butyl phosphate

(TBP)

4%–5%

SPAN 80

n-Hexane 0.1 N NaOH >99% [163]

Chromium 0.000962 N
K2Cr2O7 pH 1.6

0.05 M alamine 336 — 89.8 wt%
HYVIS 2,
10 wt% Shellsol

2046, 0.2 wt%
polyisobutylene

0.25 M NaOH 80% [86]

Chromium 75–100 mg=L

K2Cr2O7 pH
5.1–5.4

0.5 vol% Aliquat 336 1.5 vol%

Paranox 106

5 vol% decanol,

kerosene

0.005–0.01 M

NaOH

— [40]

Cobalt Co(NO3)2 � 6H2O,

0.5 M KNO3

pH 3.1

6.3% v=v DEHPA 2% v=v SPAN

80

Cyclohexane 2 M HNO3 ~90% [164]

Cobalt Co(NO3)2 � 6H2O,

pH 4.5

6.3% v=v DEHPA 5% v=v SPAN

80 or Paranox
100 or ECA
4360

Kerosene 0.5 M H2SO4 ~70%–90% [113]

Cobalt 1.0 g=L CoSO4,

0.1 M NaAc,
pH 5

DEHPA ECA 4360 LOPS 50–200 g=L

H2SO4

~95% [165]

Cobalt 2� 10�5 M Co2þ

pH 7.95

0.36% LIX 64 N 2.1% SPAN 80 Toluene 0.005 M

EDTA, pH
7.9

99% [162]

Copper 80–2500 ppm

CuSO4 pH 1.5–7

Shell SME 529 3% wt=wt

SPAN 80

Shellsol T 250 g=L

H2SO4

90% [127]

Copper 1000 ppm CuSO4

pH 6 (buffered

with NaAc=HAc)

1.6% w=v benzoylacetone 6.5% v=v Emery
DNP-8

65.5% v=v
decane

26.4% v=v
H2SO4

99% [166]

Copper 1000 ppm CuSO4

Unbuffered
10.1% w=w LIX 860 9.98% w=w

Emery DNP-8
79.92% w=w
Hexadecane

30% w=w
H2SO4

~50% [166]

Europium 1.3� 10�3

M Eu3þ
0.5 vol% DEHPA 2 vol% SPAN

80

87.5 vol%

kerosene,
10 vol%
polybutadiene

4 N HNO3 >99% [167]

Europium 4.6� 10�3 M
Eu3þ pH >2.78

5 vol% 2-ethylhexyl
phosphonic acid mono-2-
ethylhexyl ester (PC-88A)

4 mol% SPAN
80

Kerosene or
dodecane

1.5 M HCl >99% [41]

Gold 63.9 ppm Au pH
2.54

1% N503 4% polyamine
E644

Kerosene 0.1 M
Na2SO3=0.5
M NaOH

99% [108]

Iron 5 mM FeCl3 5 mM CH3(C8H17)3NCl

(methyltrioctylammonium
chloride)

2 wt% SPAN 80 Toluene 1 N HCl - [168]

Lead 75–127 mg=mL

Pb2þ (PbNO3)
and in the
presence of

LiNO3 or KNO3

0.1 M dicyclohexano-18-

crown-6

1 vol% SPAN

80

70 vol% S-100

N, 30 vol%
indopol L-100

0.1 M Na4P2O7 >90% [169]

Lead 1020 ppm Pb pH
4.66

5 wt% DEHPA 3 wt% ECA
5025

82 wt%
tetradecane

6N H2SO4 99.95% [161]

Mercury 2.5–190 ppm
Hg2þ

2.92 kg=m3 1,1-di-n-butyl-
3-benzoyl-thiourea
(DBBT)

3.5 vol%
Rofetan OM
(fatty ester)

Decane 0.1N HCl, 7.6
g=L Thiourea

96% [39]

(continued )
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TABLE 25.4 (continued)
ELM Systems for the Separation of Metal Ions

Solute
External Feed

Phase Extractant Surfactant Diluent
Internal
Phase

Efficiency=
Recovery References

Mercury 1.1 g=L Hg2þ Alamine 336 0.1% SPAN 80,

3% polyamine

86% isoparaffin 2% NaOH >99% [160]

Mercury Mercuric chloride or
nitrate

0.35 M oleic acid 3 wt% paramins
ECA 5025

95:5 w=w
tetradecane:
mineral oil

6 N H2SO4 ~80% [170]

Mercury Mercury nitrate
0.07–0.35 g=L
Hg2þ pH 2.8–3.0

10% 2:1 mixture of linoleic
and oleic acid

2% Arlacel C Normal paraffins 2 N H2SO4 >99% [171]

Molybdenum 1:06 g=L Mo7O
6�
24 ,

16 g=L H2SO4

0.02M TOA 5% SPAN 80 Kerosene 2 M Na2CO3 99.5% [172]

Nickel 2.2 g=L Ni2þ 5% Di(2-ethylyhexyl)

dithiophosphoric acid
(DTPA)

3% ECA 4360,

0.2% SPAN 80

Shellsol T 250 g=L

H2SO4

— [126]

Nickel 400–6000 mg=L

Ni2þ in H2SO4

5 wt% DTPA 3 wt% ECA

11522
polyamine

92 wt% Shellsol

T (paraffin)

250 g=L

H2SO4

>99.8% [157]

Nickel 100–500 ppm Ni(II) 6.4 vol% DEHPA 3 vol% SPAN
80

90.6 vol%
n-Heptane

1 M H2SO4 42% [173]

Nickel 0.2M Ni
(NO3)2 � 6H2O pH
2.5–3.5

Di DEHPAþ
5,8-dimethyl-
7-hydroxydodecane-

6-oxime (LIX63)

SPAN 80 Toluene 1 M HNO3 >99% [174]

Di-oleylphosphoric acid
(DOLPA)þ
5,8-dimethyl-
7-hydroxydodecane-
6-oxime (LIX63)

Palladium 63 ppm Pd2þ,
25,000 ppm Fe3þ

1 M HCl

0.1 M MSP-8 (di-2
ethylhexyl
monothiophosphoric
acid)

0.1 M SPAN 80 n-Heptane 1 M HCl, 0.1
M thiourea

>95% [175]

Plutonium 50 mg=L Pu4þ in
3 M HNO3=0.05 M
NaNO3

0.2 M dicyclohexano-18-
crown-6 (DC18C6)

3 wt%
polyamine or
SPAN 80

97 wt% toluene
or paraffin

0.5 M Na2CO3 >90% [176]

Selenium 1 mg=L Se (IV) or
Se (VI) pH 10.5

2% proprietary complexing
agent

2% proprietary
surfactant

Keroseneþ 2%
n-decanol

0.5–2.0 M
NaCl

>99.9% [177]

Strontium 100 ppm Sr2þ

pH 5.3

0.2 M DEHPA 3 wt% SPAN 80 97 wt% kerosene HCl, pH 1.6 92% [178]

Strontium 5� 10�4 M SrCl2 in
acetate buffer pH
5.5þ 0.025 M

CaCl2

1.25� 10�2 M DEHPA 2.5%
RADIASURF
7155

Dodecane 1 M HNO3 99.99% [162]

Technetium TcO4�, 0.1 N HNO3 0.5% Aliquat 336 3% SPAN 80 Cyclohexane 1 M NaClO4 92% [162]
Tellurium TeCl4, 4.2–4.5 M

HCl

5% DEHPA 3% SPAN 80 Kerosene 5.0–6.0 M acid ~85% [42]

Uranium � 0:016 g=L UO2þ
2 ,

~6 M H3PO4

DEHPA=TOPO Polyamine LOPS H3PO4 >90% [179]

Uranium 1:15 kg=m3UO2þ
2 ,

33 kg=m3 H2SO4

0.02 M TOA 5 wt% SPAN 80 Kerosene 1 M Na2CO3 95% [180]

Uranium 4:2� 10�3 M

UO2þ
2 , 0.1 M

Na2SO4 pH 2

0.075 M DEHPA 0.96% SPAN 80 Cyclohexane 1.30 M H2SO4 99.7% [162]
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25.6 PILOT PLANT STUDIES=COMMERCIAL APPLICATIONS

As stated earlier, one of the major advantages of ELM technology is the creation of systems with very high surface area to
volume ratios. As noted by Kentish and Stevens [218], with such systems, large interfacial areas can be achieved in units that
occupy significantly less floor space and cost much less than traditional solvent extraction columns. This has led to the
commercialization of this technology for the extraction of zinc [157,219], phenol [219], and cyanide [219] from wastewater.
Pilot plant studies have also been conducted on the use of ELMs for the removal of contaminants such as cadmium [220],
copper [221], chromium [160], and zinc [157,219] from wastewaters. Details of some pilot plant and commercial studies are
given in Table 25.9. Other plants for the removal of zinc have been noted in the literature [157]: Glanzstoff AG, Austria (7000
L=h), CFK Schwarza, Germany (200 L=h), and AKZO=Ede, the Netherlands (200 L=h).

25.7 CONCLUDING REMARKS

Nearly 40 years since the initial reporting of the emulsion liquid membrane concept and the many potential applications
discussed in the literature, very few commercial plants are operating successfully. This technology offers a number of distinct
advantages including reduction in the volume of organic, the large interfacial area, hence transfer rates are compared with
traditional solvent extraction. However, issues of osmotic swelling, the stabilization, and destabilization of the emulsion remain

TABLE 25.4 (continued)
ELM Systems for the Separation of Metal Ions

Solute
External Feed

Phase Extractant Surfactant Diluent
Internal
Phase

Efficiency=
Recovery References

Vanadium 16–604 ppm

VO3�
2% TOA 4% succimide

derivative

Kerosene 2.5%–5%

Na2CO3

98–99.3% [181]

Zinc 200 mg=L Zn2þ in
6 g=L H2SO4

5 wt% DTPA 3 wt% ECA
11522
polyamine

92 wt% Shellsol
T (paraffin)

250 g=L
H2SO4

>99.5% [126]

Zinc 0.5 g=L Zn2þ 2–4% DTPA 2% ECA 4360 Shellsol T 250 g=L
H2SO4

99.5% [103]

Zinc ZnSO4 in 50 g=L

Na2SO4 pH 1.4

3.5 wt% DTPA 2 wt% ECA

4360

94.5 wt%

Shellsol T

5 N H2SO4 — [36]

Zinc 0–5 g=L, 0–1 M
Na2SO4

0–10 wt% bis-2-ethylhexyl
mono thiophosphoric acid

(MTP)

1–20 wt%
ECA 4360

C7–C12 n alkane H2SO4 — [89]

TABLE 25.5
ELM Systems for the Separation of Anions

Solute External Feed Phase Extractant Surfactant Diluent Internal Phase
Efficiency=
Recovery References

Cyanide 130 mg=L CN� as in
Au(CN)2 pH 9–9.5

5 wt% extractant M
(protonated cation type)

(or Alamine)

2 wt% Lan 113-b
(or polyamine)

93 wt% kerosene 0.8 wt%
NaOH

99.6% [182]

Nitrate 0.22 g=L NaNO3 — 2% SPAN 80 S100 N 50% H2SO4 84% [183]
20% FeSO4

30% H2O
Nitrate 500 ppm HNO3 TOA SPAN 80 Kerosene Na2CO3 94% [44]
Phosphate 0.27%–0.57% PO3�

4 Amines 1–2% SPAN 80,

polyamine

Isoparaffin CaClþ2 NH4OH

or Ca(OH)2

91%–98% [183]
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a problem. Also, the influence of surface active impurities on the stabilization process is an issue during reuse of these systems.
These challenges to the industry implementation of this technology remain as barriers to more wide spread application. At
present, however, the technology has found some application in the treatment of relatively low-concentration waste streams
where other technologies are not economical. Hence experience in these applications will drive further development and
confidence in this technology and so find its niche in the available separation technologies.

TABLE 25.6
ELM Systems for the Separation of Acids and Bases

Solute
External

Feed Phase Extractant Surfactant Diluent
Internal
Phase

Efficiency=
Recovery References

Acetic acid 0.0861 M

CH3COOH

1 wt% tri-n-butyl

phosphate (TBP)

8 wt% E 644

polyamine

72 wt% kerosene,

19 wt% paraffin

3 M NaOH >95% [33]

Acetic acid 300 ppm
CH3COOH

— 10% v=v ethoxylated
dinonyl phenol,
Emery DNP-8

Decane, dodecane,
tetradecane or
hexadecane

0.25 M NaOH Up to 45%
depending
on the oil

phase

[184]

Ammonia 7.143� 10�2 M
NH3, pH

>12

— 4 wt% SPAN 80 96 wt% paraffin 20 wt% H2SO4 99.5% [185]

Aniline 0.5%–1.0%
aniline in

water

— SPAN 80 Kerosene 3.0–6.0 M HCl 99.5% [133]

Aniline 3.5� 10�3 M
aniline pH 8

— 8% SPAN 80 Kerosene and
isoalkane fractions

0.1–0.5 N HCl 99% [186]

o-Chloroaniline 3.5� 10�3 M
chloroaniline
pH 8

— 8% SPAN 80 Kerosene and
isoalkane fractions

0.1–0.5 N HCl 96.7% [186]

2-Chlorophenol 7.778 mol=m3

2-Chlorophenol

— 2 wt% polyamine

ECA 4360

98 wt% Shellsol T 500 mol=m3

NaOH

>99% [29]

Citric acid 0.048 M
citric acid

40 vol%
Alamine 336

4 vol% C9232 Mineral oil, 8 vol%
chloroform

2.5 M NaOH 97% [43]

Ethylaniline 3.5� 10�3 M
ethylaniline
pH 8

— 8% SPAN 80 Kerosene and
isoalkane fractions

0.1–0.5 N HCl 99% [186]

Hydroxy
benzoic acid

200 mg=L
C7H6O3

pH 2.3

— 2% ECA 4360J 96% Shellsol T,
2% isodecanol

0.2 M NaOH 99.3% [30]

m-Nitroaniline 3.5� 10�3 M
nitroaniline
pH 8

— 8% SPAN 80 Kerosene and
isoalkane fractions

0.1–0.5 N HCl 96% [186]

Nitrophenol 3000 ppm

p-nitrophenol

— 4% v=v SPAN 80 76% v=v kerosene 0.7 M NaOH 95% [85]

Phenol 1000 mg=L
phenol

— 3.5 wt% LMS-2
(anion type)

89.8 wt% kerosene,
6.7 wt% paraffin

5 wt% NaOH 99.95% [187]

Phenol 200 ppm
phenol, pH 7

— 0.1–20 wt%
SPAN 80

Dewaxed solvent
100 Neutral

10 wt% NaOH 90% [8]

Phenol 787 ppm

phenols,
3487 ppm
formaldehyde
pH 4.6

— 2 wt% ECA 4360 98 wt% Shellsol T 500 mol=m3

NaOH

80–95% [188]

o-Toluidine 3.5� 10�3 M
o-toluidine
pH 8

— 8% SPAN 80 Kerosene and
isoalkane fractions

0.1–0.5 N HCl 99.2% [186]
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TABLE 25.8
ELM Systems for the Separation of Biochemicals

Solute
External

Feed Phase Extractant Surfactant Diluent Internal Phase
Efficiency=
Recovery References

Alanine 6–7 g=L alanine, pH 6 20% v=v DEHPA 1.5% v=v

SPAN 80

Kerosene 1.7 M H2SO4 >60% [139]

Alkaloid Berberine or ephedrine — 2 vol% SPAN 80 Kerosene 0.2 N HCl ~100% [204]
Barbiturates 50 hexobarbitol,

amobarbital, or

phenobarbitol, pH 7.3

— 5–10 vol%
mannide

monooleate or
montanide 80

90–95 vol%
paraffin oil

Phosphate
buffer

pH 7.3 or pH
11 glycine,
NaCl,

NaOH buffer

Up to 50% [83]

Cholesterol Blood — SPAN 80 Paraffin Saponin 80%–85% [205]
Di and
tripeptides

2 M peptide, pH 2.7 15.5 wt% DEHPA 5 wt% SPAN 80 79.5 wt%

kerosene

1 M HCl Up to 80% [206]

Erythromycin 10�3 M erythromycin,
pH 8.5–9.5

— 0.05 vol fraction
SPAN 80

Heptane or
m-xylene

Boric
acid-sodium

phosphate
buffer, pH
5.5–6.5

— [207,208]

Lactic acid 0.1 M lactic acid 5 wt% Amberlite

LA2

5 wt% Paranox

100

90 wt%

kerosene

0.6 M Na2CO3 98% [209]

Penicillin G 0.02 M penicillin G,
0.408 M citrate

buffer, pH 5

0.01 M
Amberlite LA2

5 wt% ECA
4360J polyamine

95 wt%
kerosene

0.1 M Na2CO3 80–95% [210,211]

Penicillin G 0.02 M penicillin G in
0.408 M citrate

buffer, pH 5

0.02 M Amberlite
LA2 secondary

amine

8 wt% ECA
4360J polyamine

Kerosene or
keroseneþ paraffin

oil

0.2 M Na2CO3 ~90%
continuous

process

[212]

Penicillin G 0.002 M penicillin G,
pH 6

0.04 M
di-n-octylamine

(DOA)

5 wt% Paranox
100

Keroseneþ butyl
acetate

(ratio: 7:3)

0.5 M
K2CO3

85%–90%
continuous

process

[213]

Phenylalanine 12–35 g=L L-
phenylalanine,
pH 2.5 (with H2SO4)

20 wt% DEHPA 5 wt% Paranox
100 polyamine

75 wt%
S-60NR (50
vol% Olefins,

49 vol%
Paraffins, 1 vol%
aromatics)

1.5 M H2SO4 ~80% [214]

Phenylalanine 0–0.12 M
L-phenylalanine,
pH 3.0

0.075–0.225 M
DEHPA

4% v=v Paranox
100

86% v=v
Telura 619

1.6 M HCl — [121]

Phenylalanine <10% w=w
phenylalanine

4% v=v DEHPA 3% v=v SPAN 80 93% v=v
kerosene

1.5 M HCl ~80% [26]

Tryptophan 0.4 mM tryptophan,
pH 3

15% w=w DEHPA 2% w=w
alkylbenzosulfonic

acid

Carbon tetra
chloride

1.6 M HCl ~80% [215]

Removal of
zinc
from a rayon
plant waste
[219,157]

Lenzing AG,
Austria

Pilot plant:
1,000 L=h

Commercial
plant:
75,000 L=h

450–500 mg=L
350 mg=L

3 wt% DTPA,
2 wt% Exxon

PX100 surfactant,
95 wt% Shellsol
T 3 wt% DTPA,

3 wt% Exxon
PX100 surfactant,
94 wt% Shellsol T

250 g=L H2SO4

250–300 g=L

H2SO4

20 kV, 50
Hz,

5 kW
h=m3

emulsion

98%
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SYMBOLS

B constant
b constant
b1 constant
B2 constant
B3 constant
Bi Biot number
Da Damköhler number
De effective solute diffusivity in the emulsion mixture
d32 Sauter mean diameter of the dispersed phase droplets=globules
ds stirrer or impeller diameter
ff ratio of actual mean drop diameter to diameter at f¼ 0.1
Fsw swelling factor
k external phase mass transfer coefficient
k1 reaction rate constant
Nvi (rc=re)

1=2md«�1=3 d
1=3
32 =g

R radius of the emulsion globule
Re Reynolds number
P power input
T vessel diameter
tc circulation time
V volume of the fluids
Ve total volume of the external phase
Vi total volume of the internal phase
Vm total volume of the membrane phase
We Weber number ¼ v2d3s rc=g

Greek Symbols

ae the distribution coefficient of the solute between the external and membrane phase
aI the distribution coefficient of the solute between the internal and membrane phase
Dr density difference between (W=O) emulsion and the continuous phase
g interfacial tension between the membrane and the external phase

TABLE 25.9
Pilot Plant and Commercial Applications of ELM Systems

Application Company
Plant
Size

External
Phase

Membrane
Composition

Internal
Phase Demulsifier Efficiency

Removal
of copper
from mine
solutions
[221]

Bureau of Mines,

United States

Pilot plant:

90–159 L=h

0.12–1.4 g=L

Cu(II)

5.0–7.5 wt%

Acorga M5640,
1.0 wt% Paranox
100, 91.5–94 wt%
50–50 Isopar

8.5–20 g=L Cu(II),

160–165 g=L
H2SO4

5–8 kV, 60 Hz >90%

Removal
of copper
from
synthetic mine
solutions [45]

Davy McKee
Company,
United Kingdom

18 L=h 500 ppm Cu(II),
pH 2.5

2.5 wt% LIX 64N,
2.0 wt% polyamine,
95.5 wt% S100N

30 g=L Cu(II),
150 g=L H2SO4

— 95%

Removal
of cadmium
[220]

Delft University
of Technology,
the Netherlands

Pilot plant:
90 L=h

100 ppm Cd 0.5%–1.0% Alamine
304 in Shellsol D
70, 0.5–1.0%
ECA 4360J

1 M HNO3,
10 mM KNO3

Electrostatic
splitter
3 kV, 4 kHz

95%

Removal
of phenol
[187,219]

Nanchung Plastic
Factory
Guangzhou, PR

China

Pilot plant:
200–250 L=h
Commercial plant:

400–500 L=h

350–925 mg=L
phenol

3.5 wt% LMS-2,
6.7 wt% liquid
paraffin, 89.8 wt%

kerosene

5 wt% NaOH Coalescer EC-1
20 kV,
0.6–25 kHz,

50 mA, capacity
20 L, 32–55 L=h

99.6%
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« P=V(1�fav)rc
«av average energy dissipation rate per unit mass
«max turbulence kinetic energy dissipation rate per unit mass
mc dynamic viscosity of the continuous phase
md dynamic viscosity of the dispersed phase
yc kinematic viscosity of the continuous phase
rc density of the continuous phase
f volume fraction of the dispersed phase
fav vessel average of f
fint volume fraction of the internal aqueous phase in the emulsion drop
v stirring rate
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26.1 INTRODUCTION

26.1.1 CELL PLASMA MEMBRANE AND BIOTECHNOLOGICAL POTENTIAL

Cells are the basic building units of living organisms, which are bounded by intricate plasma membrane guarding the cell
interior. Life or death of a cell critically depends on the intactness of outer membrane whose structure and function are intense
research curiosity and also, a potential source of developing various technologies for biomedical and industrial applications.
Over the years, considerable understanding of cell membrane structure and function has been obtained but much remains to be
learned. It is fairly well established that plasma membrane of mammalian cell mainly consists of lipids, proteins, and
cholesterol, and a bilayer of lipids forms the core structure separating the cell interior from the exterior surroundings. The
recent impetus in biotechnology has propelled membrane research to unravel the molecular design and function of cellular
membrane with the hope to developing novel products and processes. A few tools and devices based on membrane have already
been developed and employed for practical applications in medicine, industry, and biotechnology. Modeled after cell
membrane, liposomes have been prepared in laboratory, which have found numerous biological, medical, and industrial
applications. The precision, speed, and sensitivity with which real cell membranes regulate molecular transport, sense tiny
concentration of substances, carry out intermolecular communications have much to offer in developing strategic and
biocompatible materials, sensor devices, and signal processor technologies. Extensive recent research has provided a few
physical and chemical methods to overcome natural transport barrier of membrane, opening many new prospects for cellular
engineering and membrane biotechnology. For example, methods have been developed to introduce exogenous molecules into
a variety of plant, bacterial, and mammalian cells but some limitations are encountered. Obviously, gaining access to the cell
interior without affecting cell viability holds enormous potential to basic research in exploring the tiny internal world of living
cells and in providing exciting new opportunities to modify cellular composition in controlled fashion with prospects in
nanoscience, biomolecular engineering, cell membrane fusion and intermembrane trafficking and communication, signaling,
sensing processes, etc. that are at work in living cell function. To cope with the harsh variable surroundings, cells have evolved
antenna network and implanted microswitches on their membrane surface, which allow them to sort specific ligands and deal
with the external stresses for maintaining their survival. The precise steps involved in these functions have remained intriguing
but they may offer a whole new opportunity for developing devices to recognize and sort out ensemble of molecules required
for numerous applications in diagnostic medicine, pollution science, signal processing, and cell biotechnology. The key to
success in achieving newer practical applications largely lies in delineation of molecular design of membrane architecture and
in accomplishing the controlled permeabilization of plasma membrane. Advanced imaging methods have aided enormously in
learning the intricate dynamic structure and function of cellular membrane, which have generated a host of new opportunities
for biomolecular engineering, medicine, and structural science.

26.1.2 PERMEABILITY BARRIER AND ELECTROPORATION PHENOMENON

Biological cell membrane is composed of phospholipid bilayer core of a few nanometers thickness, which controls molecular
transport and separates cellular interior from the surrounding. Cells possess an intrinsic electrical potential across their membrane
due to concentration gradient of ions between the cytosol and surroundings, which plays vital role in regulation of a variety of
their functions [1,2]. During the late 60s and early 70s, it was observed that application of high intensity, short duration electric
field across cells beyond a certain threshold value dramatically increased the permeability of their membrane allowing entry of
otherwise impermeant exogenous substances (Figure 26.1). This phenomenon is popularly called electroporation [3] (and
references therein). A variety of external bioactive substances, such as, enzymes, drugs, genes, signaling molecules, and DNA
constructs, can be incorporated into cells, which has opened many new prospects in cell biology, biotechnology, and medicine.
Scientists have long aimed to change natural makeup of plant, bacterial, and animal cells by introducing external DNA with
defined traits but efforts were hampered due to tight bilayer membrane barrier. Over the years, a number of bacterial, yeast, plant,
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andmammalian cells have been electroporated for introduction of drugs, genes, enzymes, DNA, and other substances providing a
valuable tool and technology for drug loading, cancer treatment, gene therapy, cell fusion, etc. [3].

26.1.3 SCOPE AND OUTLINE

The area of membrane science and technology is witnessing rapid progress and several devices and procedures are under
development for biomedical and industrial applications. This article is confined to description of cell membrane electropor-
ation=permeabilization with examples of a few biomedical technologies for potential practical applications. The phenomenon of
cell electroporation has attracted scientists from both basic science as well as engineering disciplines and, currently, it is viewed
as an engineering alternative to biological methods for the genetic engineering of cells.

This chapter presents a brief review of basic and applied aspects of cell membrane electroporation with relevance to cell biology,
biotechnology, and medicine. The content material is certainly not intended to be exhaustive. To enable the reader better grasp the
phenomenon of electroporation, a brief account of physical–chemical aspects of cell membrane and basic mechanisms ofmembrane
electropermeabilization have been included. The factors that affect the electroporation efficiency of cells have been outlined
including a brief mention of technical advances in electroporator instrumentation. Some applications based on membrane
electroporation have been described which are relevant to cell biology, health care, and industry. Cell fusion, loading of impermeant
exogenous molecules into cells, electroporative drug and gene delivery, and introduction of DNA and proteins have briefly been
described. Recent progress on industrial applications, such as, sterilization of water and liquid food and single-cell electroporation,
and their future potential applications in biotechnology have been described.

26.2 PHYSICOCHEMICAL ASPECTS OF CELL MEMBRANE

26.2.1 PHOSPHOLIPID BILAYER

The core structure of cell plasma membrane is made of phospholipids arranged in a bilayer with embedded proteins. The
phospholipids are amphipathic in nature having both hydrophilic and hydrophobic moieties. The lipids are packed in the bilayer
such that the polar head groups face water and the nonpolar segments form the core, insulating the cell interior from the
surroundings (Figure 26.2). The bilayer is a self-organized basic membrane structure (5–10 nm thick). The nature and
composition of phospholipids control the physical properties of membrane. Though basic skeleton of the bilayer remains
unchanged, the composition of the lipids widely differs in bacteria, plant, and mammalian cells. There are three major
membrane lipids, namely, phospholipids, glycolipids, and cholesterol which are prevalent in mammalian cells. Of these, the
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FIGURE 26.1 Biological cell in electric field and entrapment of exogenous substances.
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phospholipids are the most abundant. A typical phosphoglyceride molecule consists of a glycerol backbone, a phosphorylated
alcohol, and two fatty acid chains (Figure 26.2). The fatty acids consist of long hydrocarbon chains (14–24 carbon atoms) and
may be either saturated or have one or more unsaturated chemical bonds in their structure. Glycolipids are the sugar-containing
lipids and in animal cells, the glycolipids are derived from sphingosine. Cholesterol forms another important class of lipids,
which is mostly present in the eukaryotes and rarely in prokaryotes. Eukaryotic cells have an abundance of the cholesterol in the
plasma membrane. The phospholipids and the glycolipids can readily form vesicles (liposomes) with one or multiple concentric
spherical bilayers in aqueous medium, which can be easily prepared in laboratory and they serve as model of membrane. Lipid
bilayers are the backbone of the biological membrane [1].

26.2.2 MEMBRANE PROTEINS

The cell plasma membrane consists of a variety of proteins associated with the lipid bilayer and they perform multitasks in cell
function. The control of transport of ions and molecules across membrane is accomplished through specialized function of
membrane proteins. These proteins are distributed in membrane on the outer surface, some on the inner surface, and some
others are transmembrane proteins with external and cytoplasmic domains. The majority of the transmembrane proteins are the
ion channels or signaling proteins. Generally, lipid to protein ratio is 60:40 but this ratio is found variable in different cells and
types of membranes. Membrane proteins impart the dynamic structure and selectivity to membrane function. Both proteins and
lipids show motional and diffusion properties within the bilayer structure.

26.2.3 FLUID MOSAIC MEMBRANE STRUCTURE

Jonathan Singer and Garth Nicolson proposed the fluid mosaic model of the plasma membrane in 1972 based on the available
experimental results [1]. The model suggested that essentially, the membranes were two-dimensional solutions of lipids with
proteins incorporated into them forming a mosaic structure (Figure 26.2). This model of membrane structure is widely accepted
and continues to be the central to our present understanding of membrane structure. The model is based on following salient
features: (1) most phospholipids and glycolipids are arranged in bilayer structure, which has a dual role of acting as a solvent for
the proteins forming structural assembly and conferring a permeability barrier to membrane, (2) a small proportion of the lipids
closely interact and are in intimate contact with the membrane proteins, (3) membrane proteins are free to diffuse laterally in the
lipid matrix unless restricted but they are not free to rotate from one side to the other, and (4) lipids are able to diffuse laterally
and they also exhibit flip-flop across the bilayer. Major functions of membrane, e.g., selectivity, receptivity, transport, etc., are
attributed to proteins present in their structure.

26.2.4 PHYSICAL ORGANIZATION

The major physical forces, which help the membrane to maintain their structure, consist of hydrophobic and hydrophilic
interactions, electrostatic forces, and van der Waals interactions. The main driving force for formation of the bilayer originates
from the hydrophobic interactions and van der Waals interaction forces between hydrocarbon chains of the lipid molecules. The
hydrophobic forces control the order and packing of lipids and electrostatic interactions between the polar head groups and their
interaction with water molecules contribute to bilayer stabilization. The bilayer is continuous and it exhibits semirigid
properties. The fluid nature of the membrane is governed by the lipid composition and the nature of the forces that exist
between the constituent lipids and proteins. Due to fluid lipid bilayer, the diffusion constant for a phospholipids is ~1 m2=s,
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FIGURE 26.2 Schematic fluid mosaic model of cell membrane structure.
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which means a lipid molecule can travel from one end of the cell to the other in ~1 s. Nature seems to have chosen the two fatty
acid chain phospholipids as basic building block of the membranes because they self-associate in water at very low
concentrations and are very hydrophobic, which imparts the internal high lateral tension within the bilayer enabling them
exhibit self-healing of structural bilayer alterations including induced transient leaks. Lipids suspended in excess of water tend
to form liposomes, which exhibit high degree of stability due the energy minimization principles between the energy needed to
bend the bilayer and the energy gained by avoiding the exposure of the hydrophobic regions to water [2]. The self-assembly
property of thephospholipids allows formation of liposomes in the laboratory which are magic bags consisting of the bilayer
containing an aqueous core, which can be prepared from a variety of lipids and can entrap both hydrophobic and hydrophilic
therapeutic drugs with novel prospects in pharmaceutical technology and drug delivery.

26.2.5 MOLECULAR TRANSPORT AND PERMEABILITY BARRIER

The plasma membrane carries out the job of specialized and fool-proof security to cell interior with a semipermeable barrier for
molecules, allowing some and denying others for entry or exit. The controlled and selective permeability protects cells against
unwelcome guest molecules and disallows vital cytosolic molecules to leave and thus maintaining the natural integrity of the
cell=organelle. The cellular membranes show high sensitivity and exceptional selective permeability to ions, small solutes, and
macromolecules including invading organisms. Channels specific to a particular solute or ion mediate control of the molecular
transport across bilayer membrane. Cell membranes are structurally and functionally asymmetric, i.e., the outer and the inner
surfaces of biological membranes present different interfaces perhaps an essential component of molecular design for functional
sophistication. Mammalian cells have predominance of phosphatidylcholine in the outer layer and phosphatidyl serine in the
inner layer. The membrane fluidity is controlled by the nature of the fatty acids of the membrane lipids; the saturated fatty acids
tend to make the membrane rigid, whereas the unsaturated acids make them fluid basically due to the bending in the unsaturated
hydrocarbon chain.

The transport of the molecules across the membranes takes place in highly regulated fashion for both active, i.e., using
metabolically useful energy, and passive, i.e., without any energy requirement. The transport of water seems to occur freely
through diffusion process. The transmembrane proteins act as gates or channels for specific ions. The ion channel proteins are
called so because they allow only unidirectional passage of ions, e.g., Naþ, Kþ, and Ca2þ channels. There are other proteins
that allow the passage of other essential biomolecules. Molecules can be transported across membrane through passive
diffusion and facilitated or active transport processes. In addition to plasma membrane, mammalian cells have a several
intracellular membranous network in subcellular organelles through which they control molecular trafficking within the cell.

26.2.6 METHODS TO OVERCOME BILAYER BARRIER

Extensive research on the attempts to overcome the bilayer membrane barrier has resulted in the emergence of several different
methodologies for partial and temporary cell membrane permeabilization. The prominent among them are chemical permea-
bilizers, liposomal interactions, ultrasonication, ionizing radiation, and electroporation.

The liposome can be made in such a way that they mimic the cellular plasma membrane and drugs=other potential
impairment molecules can be loaded in the aqueous core or bilayer milieu of the liposome. Generally, the liposomal membrane
fuses with the cell plasma membrane and releases the contents into the cytosol. Thus, liposomes provide an effective tool for
overcoming the bilayer barrier and deliver drugs to targets in cells.

A number of chemicals, such as, ammonium chloride, poly(ethylene glycol) (PEG), and calcium salts, have been found to
facilitate entry of external molecules into cells, though to a limited extent. Exposure of cells to ionizing radiation, ultrasonic
waves, and electric fields has been found to overcome membrane barrier allowing exchange of molecules between cell interior
and surroundings. Each method, however, is faced with its own merits and demerits imposing restrictions. In the following
sections, the methodology of overcoming the membrane barrier by exposure of cells to external electric field is described with
some details.

26.3 CELL MEMBRANE ELECTROPORATION

26.3.1 BASIC PRINCIPLE

When cells are placed in external applied electric fields, they experience an electric force. Electroporation involves the use of
short, high voltage pulses to overcome barrier of the cell membrane. When a cell is submitted to an external electric field of
high intensity and short duration (kV=cm, ms), transient and dramatic increase in the permeability of the plasma membrane
occurs beyond a point. This phenomenon is popularly called electroporation or electropermeabilization, which allows entry of
otherwise impermeable exogenous molecules into the cell interior. This phenomenon has been an active area of research in
biology and bioelectrochemistry for more than three decades [3,4] and has found many applications in cell biology,
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biotechnology, and medicine. The following sections discuss the fundamentals of membrane electroporation and various
factors that affect the cell electroporation efficiency.

26.3.2 RESTING AND INDUCED TRANSMEMBRANE POTENTIAL

An intrinsic ionic charge gradient across the membrane exists because of semipermeable nature of membrane, which maintains
a difference in the concentration of the ions between the cytosol and the extracellular matrix. This difference results in a definite
potential across membrane of the normal cells, which is called the resting potential. Normal plant cells, mammalian muscle
cells, and neurons have resting potential values of about �120, �90, and �70 mV, respectively. Along with the resistance to
the flow of ions, membrane also exhibits a capacitance, Cm, which is given by

Cm ¼ Q

Vm

(26:1)

where
Q is the net excess positive or negative charge on either side of the membrane
Vm is the potential across the membrane

The typical value of the membrane capacitance is ~1 mF=cm2 of membrane surface area. A general equation governing the
potential difference across the membrane is given by

Ek ¼ RT

ZF
ln

PK[K
þ]O þ PNa[Na

þ]O þ PCl[Cl
�]IN

PK[K
þ]IN þ PNa[Na

þ]IN þ PCl[Cl
�]O

(26:2)

where
R is the ideal gas constant
F is the Faraday constant
Z is the charge
T is the temperature in Kelvin
[Kþ]O and [Kþ]IN are the concentrations of potassium ions outside and inside the cell, respectively
[Naþ]O and [Naþ]IN are the concentrations of sodium ions outside and inside the cell, respectively
[Cl�]O and [Cl�]IN are the concentrations of chloride ions
The P’s stand for the partial pressures of the ionic species

A biological cell can be viewed as an electrical entity which can be represented by an equivalent circuit.

26.3.3 BIOPHYSICAL BASIS OF MEMBRANE ELECTROPORATION

The cell can be imagined to be a nonconducting sphere with an inner side equipotential. For a spherical cell placed in an
externally applied electric field, Ee, the transmembrane potential at any point on the cell membrane due to the applied field is
obtained from Laplace’s equation and is given by Vm or wm

Fm ¼ 1:5rcellEe cos u (26:3)

where
rcell is the radius of the cell
u is the angle between the radius vector of the point at which the potential is measured in the direction of the electric field
Factor 1.5 represents a constant for the spherical geometry of the cell (Figure 26.1)

At u¼ 0, Fm¼ 1.5rcellEe and at u¼p, Fm¼�1.5rcellEe. The difference in the transmembrane potential between the two
diametrically opposite points of the cell surface is 3rcell Ee. Thus, rapid application of the electric field results in the membrane
polarization changes that can locally deform the membrane leading to formation of leaks or pores. For a cell of radius rcell ~ 10 mm,
to produce a transmembrane field Fm ~ 0.5 V, the required applied field is ~300 V=cm [5–8]. However, this is the effect of the
direct field (DC). This equation implies that larger is the radius of a cell, smaller will be the field required to reach threshold
value for permeabilization to occur. It is implicit that bacteria will require larger fields than mammalian cells and also, while
plasma membrane can be permeabilized at a particular field value, subcellular network of membrane, e.g., mitochondrial,
Golgi, lysosomal membranes would largely remain unaffected.
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When an alternating field (AC) is applied on the cell, Equation 26.3 is modified as follows:

FmAC ¼ 1:5rcellEe cos u

[(1þ vtmem)]
(26:4)

where
tmem is time
v is the angular frequency of the AC field
Cm is the membrane capacitance

It may be noted that for v¼ 0, Equation 26.4 gives rise to Equation 26.3. The changes in the transmembrane potential have
been experimentally observed and quantitatively measured.

26.3.4 ELECTROPORATION THRESHOLD

The resting transmembrane potential is important for threshold of membrane permeabilization. The dependence of the
transmembrane potential Fm (Equation 26.1) on the radius and the magnitude of the applied electric field make electroporation
a threshold phenomenon. When the field reaches a certain threshold value, a transient reorganization of the phospho-
lipid bilayers takes place, making the membrane temporarily more conducting [4–9]. Evidently, at a constant applied electric
field, the electroporation efficiency will depend on the cell size. For a particular cell type, there exists a particular threshold
value of the electric field. Thus, electroporation is a threshold process and each type of cell displays its characteristics threshold
beyond which membrane permeabilization occurs. The length of the pulse does not seem to alter the threshold voltage for a
particular cell. Studies have shown that exposure of cells to multiple pulses of subcritical voltage does not permeabilize
membrane [10].

26.3.5 MECHANISM OF ELECTROPORATION

The application of the electric field imposes modulations on the intrinsic membrane potential, which gives in to induced field
force beyond a critical stage. This enhanced permeability is believed to be due to a lipid bilayer membrane reorgani-
zation [11–13], which can under certain situations convert to structural membrane defect leading to the formation of hydrophilic
pores [10]. These induced pores allow the molecules and ions, which are otherwise impermeable to diffuse through mem-
brane [11–15]. However in cellular membrane, the pores are transient and the resealing or reversal begins after withdrawal of the
electric fields [16,17]. Contrary to this view, some researchers suggest structural change in membrane state and prefer to call it
electropermeabilization [18] and others suggested local electrical breakdown of membrane when cells were exposed to fields
beyond critical threshold value [13].

26.3.5.1 Pore Model

Different models have been suggested for observed increase in dramatic membrane permeability under external field.
According to one model, permeability increase occurs because of the formation of pore, a hypothetical microstructure of
transient nature, in the bilayer portion of a cell membrane. In this model, it has been suggested that rupture of a lipid bilayer
underlies the induction of pore formation. As suggested by Chizmadzhev and coworkers [14,15], the initial hydrophobic pores
formed can be hypothesized to any size, with radii from zero upward, whereas in contrast, the conversion of hydrophobic
pores into hydrophilic pores can take place and they are believed to have a minimum size that is related to the phospholipids
head group size and several head groups are needed to involve in formation of hydrophilic pores (Figure 26.3). It is also
suggested that possible transient structures for hydrophilic pores may involve a block complex or the cell membranes may
involve membrane macromolecules. The concept of pore formation is based on bilayer or planar membrane studies [10–12].
Some scientists believe that electroporation of cellular membrane is peculiar and prefer to call it electropermeabilization and
have some reservation about the pore model [18,19]. In actual cell membrane, electroporation process seems to follow
complicated mechanism, which is a subject of research and debate.

26.3.5.2 Mechanical Breakdown Model

Another model suggested by researchers consists of the dielectric breakdown of membrane beyond threshold, which largely
represents irreversible pores and is believed to be more prevalent in planar bilayer membrane though its occurrence in cells was
reported [13]. According to this model, because of action of induced opposite charges across bilayer, thinning of bilayer occurs
and at weak locations of bilayer, compression pressure wins resulting in increased thinning of membrane which ruptures
beyond a field point due to electromechanical force [8,20]. These concepts are a matter of scientific debate and require
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clarification from more research but currently most widely accepted model is the formation of micropores in membrane by the
action of high voltage external electric field.

26.3.6 RESEALING OF ELECTROPORATED MEMBRANE

Resealing characteristics determine the viability as well as nature and size of exogenous molecules for incorporation into
electroporated cells [21–24]. The composition of the membrane differs from one cell type to another, and consequently, the
obtained electroporation efficiency of cells. In addition, it is evident from Equation 26.3 that the magnitude of induced
membrane potential depends on the shape and dimension of the cell.

Exposure of cells to short duration of pulses usually causes reversible micropore formation, which either under certain
conditions slip to irreversible hydrophilic pores or may reseal under favorable experimental conditions. The later results in the
survival of electroporated cells, which allows several biomedical applications, such as, loading of drug, incorporation of
bioactive molecules, gene transfer, etc. However, electric fields causing higher transmembrane potential changes and longer
prevailing permeabilization can produce irreversible membrane damage causing cell death [22–25]. The irreversible membrane
electroporation is suggested to arise from rupture of a part of the cell membrane creating a permanent hole or due to secondary
effects leading to lysis of cells as a result of chemical imbalances caused by the molecular movement across the pores [14,15].
Use of square wave pulse allows control of amplitude and duration separately. In optimized conditions, it is possible to achieve
95% of cells permeabilized with minimum loss of viability in the treated cell population (~5% cells) [26].

26.3.7 FACTORS THAT CONTROL ELECTROPORATION OUTCOME

Over the years, extensive research on cell electroporation has revealed that the efficiency of cell poration is governed by several
factors, such as, physical, electrical, biological, and suspension medium [22–25,27]. Therefore, optimization of electroporation
parameters for each type of cell and for a particular desired application becomes essential for successful outcome. There are
several parameters that should be considered for optimization of electroporation outcome especially for in vitro electroporation
experiments.

26.3.7.1 Electrical Parameters

26.3.7.1.1 Field Strength and Pulse Shape
External field strength and the shape of electric pulse field play a major role in the electroporation efficiency. The applied
electric field is generally DC rectangular or exponentially decaying pulses of variable duration. A rectangular pulse is generated
from high voltage power supply, whereas discharging a capacitor through sample containing circuit generates exponential
pulse. Research has revealed the dependency of electroporation efficiency on pulse shapes, i.e., shape of the electric pulse being
of the type exponential decay, or square wave pulses (Figure 26.1). Use of square wave pulses is suggested preferable over
exponential type to eliminate solution conductivity effects on electroporation efficiency. More recently, it has been shown that
the electroporation outcome of cells also depends on the type of square wave pulses, namely, monophasic and biphasic [28].
The biphasic square wave pulses have been reported more efficient in causing permeabilization. Although square wave and
exponentially decaying pulses were most frequently used, some experiments have used trapezoidal pulses for possible
controlled pulse rise and fall time [23]. Fields of a few kilovolts for mammalian cells and pulse durations of microsecond to
millisecond ranges have generally been used. When experiments are conducted using population of cells, a trade-off is
observed between cell viability and transfection efficiency. Optimization of field strength, pulse length, number of repetitive
pulses, and electrode geometry are known to affect the electroporation efficiency.

Hydrophobic transient pore

H H

Hydrophilic transient pore

FIGURE 26.3 Schematic model for hydrophobic and hydrophilic pore formation by electroporation.
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26.3.7.2 Experimental Conditions

26.3.7.2.1 Electrodes and Pulsing Medium
Electroporation efficiency depends on the parameters of electric pulses that are delivered to the treated cells using specially
designed electrodes and electronic devices. In vitro experiments usually employ parallel plate types of electrodes made of inert
metals like stainless steel or platinum but needle types of electrodes are also used for tissue electroporation [24,25,27,28] as
well as for tumor treatment applications [29–32]. There are two types of electroporator devices available: devices with voltage
output and those with current output. However, a voltage output device seems to be preferable, which is widely used for diverse
applications.

26.3.7.2.2 Pulsing and Incubation Medium
Composition of electroporation buffer is an important factor affecting electroporation yields. Ionic strength of cell suspension
medium needs control, which determines resistance of the cell suspension and resultant RC time constant of the field pulse.
Medium supplementedwith Ca2þ andMg2þ in ~mMconcentration range is found to promote efficiency of transformation and cell
viability. Erythrocytes electroporated in isotonic buffer in the presence of EDTA or membrane specific drugs showed significant
modification in hemolysis response to electroporation [33,34]. Use of square wave pulse removes the medium conductivity
mediated effects on cell=tissue electroporation outcome. Generally, cells are pulsed in suspensions of sucrose, mannitol, or
sorbitol. Electroporation as well as incubation of pulsed cells can be carried out in medium containing usual cell culture recipes.

26.3.7.2.3 Post Electroporation Incubation Temperature
The temperature of the samples during pulse application and subsequent incubations decisively affects the cell electroporation
outcome. Post pulse incubation temperature determines the rate and magnitude of resealing of the electroporated cell
membrane: higher the incubation temperature, greater is the percentage cell recovery [35–40]. Results from author’s laboratory
have shown that the rate and extent of resealing of electroporated human erythrocytes was dependent on the temperature of post
pulsing incubation [40]. Higher percentage of hemolysis was found in erythrocytes electroporated and incubated at 48C. For
DNA transfer goals in cells, it has been shown that cooling at the time of permeabilization and subsequent incubation at higher
temperature increased transfer efficiency and cell viability [36–40].

26.3.7.3 Biological Factors

For the identical experimental conditions, electroporation efficiency depends on the type of cells; the composition of the
membrane, shape, and size of cells strongly influences the electroporation efficiency [40–42]. In electroporation of bacteria,
the growth phase of cell has significant influence on transformation efficiency, which is higher for cells harvested and
electroporated from mid-log phase. However, cells from stationary phase can also be transected with reasonably good efficiency.
Mammalian cell can be electroporated at relatively lower fields but pulse length controls the entry of external molecules into cells.

26.4 ELECTROPORATION DEVICES

There are many types of electroporation devices capable of delivering electric pulses widely varying in shape, amplitude, and
frequency of pulses. Design of sample cuvette and electrode geometry affects the transfection yield. Chambers with parallel
electrodes provide uniform fields enabling all cells in the sample exposed to same field. Small sample volumes of 10–100 mL
are suitable for parallel plate electrodes. Normally, electrode gap is kept 1–2 mm and field strength across electrode is
calculated from voltage divided distance between electrodes (V=d). The major components of electroporator consist of the
electronic circuit (pulse generator) with discharge switch, electrodes, and cuvette=petri dish.

26.4.1 ELECTRIC PULSE GENERATORS

The electric pulse generator (also called electropulsator) is essentially an electronic circuit that is capable of generating steady
pulses of defined shapes, voltages, and frequencies. The type and parameters of the electric pulses are characteristics of a
particular machine and the output is defined as per the circuit. Most commonly used electroporators provide for exponentially
decaying electric pulses. Some of the new generation medical electroporators are capable to produce square wave electric
pulses of high voltage. Biorad Gene Pulser, Progenitor Pulse Controller from Hoefer, and BTX Transfector 100 are designed to
produce variable pulses of wide amplitudes and they are most commonly used. More advanced commercial electroporator
models (e.g., BTX HT 96-Well Electroporator System, electroporator from Inovio Biomedical Corporation and others) have
improved features in terms of field parameters, automation, and larger sample handling capability.

26.4.2 CUVETTES AND ELECTRODES

For in vitro studies, specially designed corvettes with parallel plate electrodes are generally employed. The separation between
the electrodes ranges (1 to a few millimeters). Electroporation cuvettes are available commercially. Cells suspended in
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electroporation buffer are filled in the cuvette and subjected to electric pulses. For in vivo studies, parallel plate electrodes with
adjustable width are favored. Parallel plates are generally used for application of electric field on solid tumors. For example,
solid tumor grown in leg of mice can be easily placed between the electrodes and subjected to electroporation. For the
electroporation of deep-rooted tumors, specially designed needle electrodes are used. Sanghvi and Mishra have extensively
investigated electroporation of human erythrocytes and have demonstrated the effectiveness of the square wave electroporation
over the exponential pulses using the electroporator, which was designed and developed indigenously [28,43] (models:
BARC=RB&HSD=01–04, Technology Transfer BARC 2005). Often, vernier caliper types of electrodes have been used for
the clinical trials of electrochemotherapy (ECT) in cancer. A variety of sample chambers from spectrophotometer cuvettes to
tong type have been used.

26.5 SOME APPLICATIONS OF ELECTROPORATION

Electroporation has been demonstrated in a variety of bacteria, yeast, plant, and mammalian cells. Experiments have been
carried out using artificial bilayer membranes, cell suspensions, single cells, and biological tissues. A wide range of applications
in biotechnology and medicine have been demonstrated using electroporation method, e.g., cell fusion and hybridoma for
antibody production, ECT for treatment of cancer, electroloading of drugs for drug delivery, gene transfection for variety of
biotechnological goals, gene therapy in treatment of diseases including cancer therapy, food sterilization, etc.

26.5.1 CELL FUSION AND HYBRIDOMA TECHNOLOGY

Cell fusion continues to be of great importance in understanding the underlying fundamental processes and for various practical
applications through nuclear material transfer in agriculture and medicine because of speed of fusion process, high efficiency of
fusion, and possibility of fusing two defined and chosen diverse cells [3,4,35]. Electroporated cell membrane acquires
fusogenic state due to surface structural changes, such as, loss of lipid asymmetry, pore formation, etc., and molecular details
are under exploration. Usually, cells are brought in contact by dielectrophoresis force using high frequency and low amplitude
AC field. Under suitable conditions, pearl chains of cells are formed by application of AC fields and subsequent application of
DC pulse causes fusion of permeabilized cells to occur. This technology has been extended to the production of hybrid cells of
both plant protoplast and mammalian cells [3,44]. The hybridoma technology involves production of hybrid cells by the fusion
of the two or more types of cells into a giant cell. Fusion of lymphocytes with myeloma cell has been used to produce antibodies
in therapeutic applications. The phenomenon of electro-cell fusion has been extensively investigated from a fundamental
viewpoint and numerous applications such as crop improvement in plant science have been demonstrated. In view of the
pharmaceutical and industrial importance, basic and applied aspects of cell fusion technology have been extensively investi-
gated but, for the limitations of space, exhaustive coverage has been avoided in this chapter and readers may refer excellent
books and reviews available in this field [3,4,44–48].

26.5.2 ELECTROTRANSFECTION

Electroporated cells can be used to transfer DNA in bacterial, plant, and mammalian cells. This method offers rapid and
efficient incorporation of plasmid and DNA in cells [49]. The in vivo electroporation has been shown to yield enhanced plasmid
delivery to a wide range of tissues including muscle, skin, liver, lung, artery, kidney, retina, cornea, spinal cord, brain,
synovium, and tumors. The precise mechanisms involved in electroporation applications in vivo are uncertain and require
further studies, but appear to involve both electropore formation and an electrophoretic movement of the plasmid DNA.

26.5.3 THERAPEUTIC APPLICATIONS

Temporary permeabilization of the cells by electric fields provides an opportunity to access the cellular interior in a controlled
fashion without seriously compromising the cell viability (Figure 26.4). This technique has the capability to enhance the
incorporation of the drug into electroporated cells and has been demonstrated to increase uptake of anticancer drug in cancer
cells [42,43,49–52] (ECT). Efforts have also been made by researchers to study the potential of transdermal drug delivery by
electroporation. Gene therapy is yet another potential application with considerable promise [42]. Enhanced action of
therapeutic drugs after gamma irradiation and electroporation has been demonstrated in normal as well as tumor cells author’s
laboratory [28,43]. These lines of investigations have generated continued interest and have progressed substantially leading to
phase trials for cancer patient treatment in clinics.

26.5.4 POTENTIAL FOR OVERCOMING TUMOR RESISTANCE

One of the major problems faced by physicians in clinic is the commonly observed side effects and drug resistance in patients
suffering from cancer. The resistance of cancer cells to anticancer drugs, a phenomenon called chemoresistance, is a major
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hurdle in cancer chemotherapy. The electroporation technique has the potential to overcome the problem of drug toxicity by
reducing the dose and making drug-resistant tumor cells to respond. Permeabilization of membrane by electroporation allows
incorporation of drugs into cells, which are otherwise impermeant. In vitro studies from our laboratory have shown increased
toxicity of resistant tumor cells to doxorubicin when combined with electroporation suggesting possibility of apply this method
to treat chemo- and radio-resistance tumors (Table 26.1). Similar results were reported earlier by other investigators using
bleomycin and other drugs.

26.5.5 ELECTRO CELL MANIPULATION

Fusion of cells by electric pulses is based on electropermeabilization phenomenon and it was first reported by Senda [35]. This
technique has become very important in the field of biomedical research. Electroporated membrane acquires fusogenic state due
to some structural changes in the membrane surface, which facilitates cell fusion. Usually the cells could be brought in contact
with each other by dielectrophoresis using very high frequency and low amplitude AC field. Under suitable conditions, a chain
of cells were found to be formed due to the AC field and a subsequent electroporation by DC pulse caused cells to become
permeable and fuse. Studies on electric field-induced fusion of fibroblasts and erythrocytes were successfully demonstrated
[36]. Using fluorescent probes occurrence of cell fusion involving membranes of participating cells has been reported. Electric
field-induced fusion of cells offers advantages in terms of specificity, efficiency, and speed of cell fusion. Author and
colleagues have achieved fusion of electroporated human erythrocytes by subsequent centrifugation of cells (unpublished
results) [53].

26.5.6 ELECTROLOADING OF CELLS

Electroporation methodology offers a novel method to load drugs into cells for controlled release or for targeted delivery of
drug. Considerable progress has been made to load enzymes, radioactive molecules, and plasmids in human erythrocytes and
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FIGURE 26.4 Cell electroporator and electrodelivery of therapeutic drug into cells.

TABLE 26.1
In Vitro Electroporation of Resistant Ehrlich Ascites Tumor
Cells (P 388) in Combination with Doxorubicin Treatment

Treatment Cytotoxicity (%)

EP (5 kV=cm) 50
DOX (10 mg=mL) 10
DOX (100 mg=mL) 90
EP (2.5 kV=cm)þDOX (20 mg=mL) 92

Source: From Nanda G.S. PhD Thesis, Mumbai University.
Notes: P388 EAT cells were in phosphate-buffered saline containing glucose.

Exponentially decaying electropulses (T1=2¼ 100 ms) were employed.
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results have demonstrated the usefulness of loaded drugs in enhancing their lifetime in blood circulation. Among the various
systems proposed for delivery of pharmacological substances for improvement of their therapeutic potentials, electroporation
has been found to have several merits over other methods. An electroporated cell can be allowed to reseal in the presence of the
substance to be loaded into cells. The percentage entrapment can be calculated from the substance remaining in the supernatant
to that entrapped in resealed cells. The efficacy of electroporation and membrane resealing was investigated by these
investigators by monitoring [14] C-sucrose (sucrose with radiocarbon) uptake by human erythrocytes [40,53–55]. Dextran
and human serum albumin protein (MW 65 kDa) were entrapped in electroporated and resealed erythrocytes (Nanda and
Mishra, unpublished results).

26.5.7 ELECTROCHEMOTHERAPY

Growing demands in anticancer research and biotechnology necessitates research on developing new modalities of treatment.
Significant developments have taken place in using electroporation for increasing cytotoxicity of anticancer drugs, a process
called ECT. The methodology involves increasing local potentiation of an anticancer drug by permeabilizing electric pulses.
These approaches acquire greater significance in clinical situations where the side effect of chemotherapeutic drug is severe or
the cost of drug is prohibitive. This has found enormous potential for developing effective anticancer therapy in recent years.
Substantial success of ECT has been demonstrated in vitro as well as in vivo experiments leading to clinical trials of this
approach [43,49–52]. The protocol is mainly focused on three aspects: (1) electroporation of cells in living tissues, (2)
potentiation of cytotoxic drugs that are nonpermeant to cells, and (3) intrinsic response of the body systems, i.e., immune
response and blood flow patterns of the patient. Undoubtedly, this is a growing field of research with an immense potential for
clinical applications. The results of the ECT experiments involving anticancer drugs, doxorubicin, bleomycin, and cisplatin
appear close to success.

26.5.8 RADIO-ELECTROCHEMOTHERAPY

Research has progressed to suggest that electroporation can enhance the radiation effects on mammalian cells especially tumor
cells. It has also been found by author and his coworkers that combined effects of anticancer drug and ionizing radiation can be
significantly enhanced by electroporation (Figure 26.5). The results have suggested that radiocytotoxicity of tumor cells in vitro
as well as in vivo was enhanced significantly by electroporation methodology, which may offer a potentially improved
treatment of cancer [28,29,43]. The research work author’s laboratory has investigated the phenomenon of radio-electroche-
motherapy (RECT), which points to enormous potential to effectively kill cancer cells including chemo- and radio-resistant
tumors (Table 26.2). It is hoped that optimization of protocols appropriately and clinical evaluation of this approach in
radiotherapy settings may offer unique and efficient treatment of patients suffering from cancer [41–43,49–51].
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FIGURE 26.5 Effect of electroporation on radiation and drug-induced tumor cell toxicity, MCF 7. (From Shil, P. et al., J. Environ. Pathol.
Toxicol. Oncol., 25, 1, 2006. With permission).
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26.5.9 IN VIVO APPLICATIONS

Recent research in the field of ECT had concentrated on the preclinical experiments in animal models. Many laboratories have
developed specially designed parallel plate electrodes to carry out in vivo studies. Murine tumors grown in Swiss mice have
been considered as suitable system for such studies. In vitro, it has been established that high percentage of permeabilized cells,
with less percentage of cell killing, can be achieved by using eight square wave pulses with individual pulse strength of
1.3 kV=cm, duration 0.1 ms. These pulses were also effective in producing electropermeabilization in vivo in tumor tissues. In a
recent study, Satkauskas et al. have successfully studied the effectiveness of the ECT as a function of electric pulse strength and
duration on C57B1 mice bearing LLC tumors. Their investigations revealed that the largest antitumor efficiency of ECT was
attained for 1.5 kV=cm and duration of 1 ms. These pulse conditions used neither significantly suppressed tumor growth nor
induced noticeable side effects [38]. Reports also suggested that both square wave and exponential wave electroporations have
helped in overcoming tumor drug resistance to bleomycin and cisplatin. After successful experimentations in mouse models,
clinical trials have been initiated [49–51]. Effective delivery of beneficial drugs or genes has the potential of greatly improving
vascular therapy. Areas of vascular therapy that may benefit the most from improved local delivery technologies include the
prevention and treatment of restenosis following angioplasty.

26.5.10 ELECTROPORATIVE GENE DELIVERY

Conventional techniques for the gene transfer include DBA precipitation by Ca2þ treatment of cells with DEAE, dextran,
liposomes, viral vectors protoplast fusion, or direct microinjection into the target cells. Electroporation has been found to be
superior to other available methods of gene transfer. It was first demonstrated by Neumann et al. that thymidine kinase (TK)
deficient mouse L cells were transformed to TK positive cells by treatment with suitable DC electric pulses in the presence of
the plasmid DNA containing TK gene [56]. More recently, short interfering RNA (siRNA) is widely used in vitro to study gene
functions or to identify and validate new drug targets. Electroporation-mediated delivery siRNA has been highly efficient
method for selective gene suppression with siRNA in various established cell lines and primary cells. High-efficiency gene
transfer and eliminated transfection-related toxicity were achieved for a variety of established cell lines as well as primary cell
[19,57–59]. This line of research is making rapid progress.

26.5.11 ELECTRODELIVERY OF PROTEINS

One of the striking applications of electroporation is incorporation of externally added protein into plasma membrane. Protein
molecules with amphipathic nature can be stably entrapped in electroporated membrane when they reseal. This phenomenon
called electroinsertion has been demonstrated in a number of investigations. For example, electroinsertion of transmembrane
protein CD4 receptors [60] and glycophorin [61] was demonstrated, which may prove valuable in surface engineering and
studies on transmembrane proteins. In addition, a number of exogenous peptides and protein enzymes have been introduced

TABLE 26.2
Effect of Electroporation Combined with Administration
of DOX and g Irradiation on Growth Delay of Transplanted
Fibrosarcoma Tumor on Hind Leg of Swiss Mouse

Sample DTa (Days) TGDb (Days)

Control 1.28� 0.62 —

Vehicle control 1.30� 0.44 —

EP 2.00� 0.12 0.72

Radiation 1.82� 0.80 0.54
DOX 1.94� 0.16 0.66
DOXþ radiation 2.48� 0.02 1.2
DOXþ electroporation 2.5� 0.60c 1.22

Radiationþ electroporation 2.78� 0.22c 1.5
RadiationþDOXþEP 3.00� 0.26c 1.5

Source: From Shil, P. et al., J. Environ. Pathol. Toxicol. Oncol., 25, 1, 2006. With

permission.
a DT: Doubling time (days), mean�S.D.
b TGD: Tumor growth delay (days), mean values.
c p< 0.001, versus control.
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into cell to study their degradation and therapeutic effects. With the possibility to introduce large proteins, there seems to exist
enormous new research in applications of transcriptomics, proteomics, genomics, and nanoscale separation science, which hold
promise for future.

26.5.12 INCORPORATION OF RADIOIODINE INTO TUMOR CELLS

The efficacy of using the electroporation to cancer has been studied by Gopal et al. [62], who have shown uptake of radioiodine
125I by human thyroid cancer cells which are otherwise recalcitrant. Electroporator designed and developed indigenously giving
exponentially decaying voltage pulse in authors’ laboratory was used for this study. It has been inferred that applications of the
electroporation-mediated drug delivery may potentially help in overcoming the drug resistance of thyroid tumors. Loss of ability
to concentrate iodide makes thyroid cancer cells refractory to radioiodine therapy. In this study, the focus of research was on the
effects of post pulse incubation temperature on cell viability, incorporation of 125I, and its retention in the resealed cells. It was
observed that the radioiodine was remarkably retained in the cells for up to 24 h. Effects of pulsing and incubation temperature on
125I uptake were also investigated. Electroporated cells were found resealing efficiently on incubation at 378C (Figure 26.6).
Results have shown promise and future validation in in vivo needs to be investigated.

26.5.13 ELECTROPORATION IN BIOTECHNOLOGY

26.5.13.1 Water Sterilization

Electroporation-based sterilization of drinking water, wastewater, and seawater has been considered an attractive technology
option. An industrial-scale system that utilizes PEF (pulsed electric field) technology results in killing of bacteria in water
purification applications surmounting the consumer concern for harmful effects of heat or chemical methods of sterilization.

Microorganisms present in water are retained when it is passed through polarized material and in preparation of injection
solutions reinforcing the choice of filtering material to be critical for optimization process. Seawater used in mariculture is the
potential carrier of pathogenic bacteria, e.g., Vibrio parahaemolyticus and related species. Use of PEF, a nonthermal and
nonchemical method, has been demonstrated to overcome the technical problems faced in heat and antibiotic methods
of sterilization [63]. Optimization of electric field parameters and other experimental conditions is the main determinant of
sterilization outcome. Technologies are also under development to use electroporation for wastewater treatment during filtration
of water. Bacteria can be substantially killed by exposure of water to high voltage electric field by irreversible damage to their
membrane. It seems interesting that electroporation-based sterilizer of water at lower field strengths can be exploited to increase
the efficiency of chemical disinfectants, e.g., chlorine due to transient changes in membrane of the organisms while electropor-
ation at higher field strengths is capable of inactivating=killing bacteria and other pathogens without use of chemicals. Hence,
electroporation is at least a partial alternative to chlorination. A prototype of an electroporation system for sterilizing wastewater
or drinking water has been developed [45]. Electroporation-based sterilization technology is being developed by Bioelectro-
magnetics, Inc. (Elm Grove, Wisconsin) in United States to reduce cost and achieve optimum efficiency of water sterilization.

Electroporation: an effective protocol
to deliver 125I in thyroid tumor
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FIGURE 26.6 Electroporative incorporation and retention of radioiodine in thyroid tumor cell line. (From Gopal, R. et al., Appl. Radiat.
Isot., 59, 305, 2003. With permission.)
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26.5.13.2 Food Sterilization

Electroporation technology has been developed to kill spoilage microorganisms, e.g., E. coli, fungi, etc. providing scope for the
development of nonthermal sterilization of food free from the disadvantages commonly encountered with existing physical,
chemical, or radiation sterilization. It is hoped that the application of high amplitude PEFs can make food sterilization
economical, compact, energy efficient, and environmentally acceptable. Exposing liquid foods to intense electric fields over
short periods effectively inactivates spoilage microorganisms, which results due to cell’s membrane damage. The damage is
governed by the intensity of the electric field, the treatment time, and on the type of microorganisms. Foods that are free of
chemical preservatives and having longer shelf life retaining their natural appearance and flavor would make acceptable
technologies. Ionizing radiation-based sterilization liquid food suffers from generation of free-radical and possible undesirable
effects on the quality and taste of treated foods. Research results suggest that application of high-field electric pulse technology
to kill microorganisms for development of industrial-scale nonthermal sterilization of food seems commercially promising food
preservation technique with potential to replace or partially substitute for thermal processes. A recent study has reported that
PEFs sterilization technique sterilizes liquid foods effectively while maintaining the food quality and reduced the sterilization
cost [46]. The method is claimed to be adaptable to liquid foods, such as, syrup, milk, soup stuff, etc. Electrical sterilization of
apple juice by high voltage field pulse has been reported, which overcomes some of the problems faced by sterilization by
thermal process [47]. Among others, the pilot plant program on liquid food sterilization of the Ohio State University using high
voltage PEF has made considerable progress.

26.5.14 TRANSGENIC PLANTS AND ANIMALS

Transgenic technology allows transfer of genes between species and prepared clones. Transgenic organisms carry a foreign
gene in their cells, which were introduced by laboratory methods. Genes cloned from microbes, plants, are introduced into plant
or animal cells. Transgenic animals and plants (agrobacterium) have been produced by microinjection, embryonic stem cell
method, retrovirus but electroporation has been used successfully to produce animal and plant transgenic animals and plants
[44,48]. Studies have also shown regeneration of shoot after electrostimulation of hypocotyls of plant [64] and pollen for
possible plant transformation [65]. These approaches hold great promise for future applications in plant science.

26.5.15 TRANSDERMAL DRUG DELIVERY

Application of external electric field to skin results in large increase in molecular and ionic transport [66]. This method has
been applied to several drugs and is called transdermal delivery. The transdermal delivery of biomolecules has several important
applications to the practice of dermatology and cosmetics. A prototype for the Inovio’s transdermal delivery device has been
developed and tested in various applications from drug delivery to cosmetics. Pharmaceutical companies are testing several drugs
in the use of transdermal delivery. Transdermal delivery offers a wide range of applications: delivery of classical drugs, such as
many different organic chemical compounds, delivery of proteins, peptides, and macromolecules DNA and oligonucleotides for
gene therapy-related treatments DNA vaccines. Mammalian skin owes its remarkable barrier function to its outermost and dead
layer, the stratum corneum. Transdermal transport through this region occurs predominantly through intercellular lipids,
organized largely in bilayers. Electroporation is the creation of aqueous pores in lipid bilayers by the application of a short
(microseconds to milliseconds) electric pulse. Flux increases up to four orders of magnitude were observed with human skin in
vitro for three polar molecules having charges between�1 and�4 andMW> 1000. Similar flux increases were observed in vivo
with animal skin. These results may have significance for drug delivery and other medical applications.

26.5.16 EX VIVO APPLICATIONS

Ex vivo therapy is the transfection of cells outside the body. Typically, a small amount of tissue is removed from the patient and
the cells within that tissue are put into the culture, which allows clonal expansion of the cells. The approach simplifies the
delivery of the genes and allows for post-transfection manipulation of the cells. The genetically modified cells, typically blood,
bone marrow, or others, are then returned back to the patient, usually by blood transfusion or direct engraftment. Ex vivo
transfection of cells by electroporation can be done using either a discontinuous or a continuous process.

Due to recent trends in cellular therapy, the pharmaceutical companies have put emphasis on the use of ex vivo
electroporation for both DNA and drug delivery. Using the flow thru system, employing a pump that moves the cell suspension
through an electroporation chamber where cells are porated. The entire operation is aimed to a closed system to minimize
contamination and facilitate commercial scale cell-processing operations.

26.6 SINGLE-CELL ELECTROPORATION

Most of electroporation methods have adopted total population cell treatments. Total population methods yield information
about average electroporative behavior of cells. Since cells are heterogenic cell population, it is important to examine if average
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behavior represents individual cells. Recently, microelectrodes that can produce extremely localized electric fields, such as
solid carbon fiber microelectrodes, electrolyte-filled capillaries and micropipettes as well as chip-based microfabricated
electrode arrays enabling to electroporate single cells and subcellular structures, have been designed. Single-cell electroporation
opens up a new window of opportunities in manipulating the genetic, metabolic, and synthetic contents of single-targeted cells
in tissue slices, cell cultures, microfluidic channels or at specific loci on a chip-based device. Automated single-cell methods
have been developed allowing to differentially manipulate the genetic, metabolic, synthetic contents of single-targeted adherent
cells in a population [67]. In addition, high-throughput and real-time study of single-cell electroporation has been achieved
using microfluidics. Recently, nucleofection method has been introduced to much resistant neuron cells by electroporation [68].
Subsequently, an elegant improvement has been introduced to mass 96-well electroporation 96 plasmids in neurons in a single
step [69].

26.7 FUTURE PROSPECTS AND CHALLENGES

Extensive research during past decades has generated considerable new knowledge on biophysical basis of cell membrane
electroporation but our present understanding of the dynamics involved in electropore formation and molecular transport is far
from satisfactory. It is hoped that future research would provide deeper insight on the precise mechanisms involved, which
would show new direction for research in membrane science and applications. It is, however, important to recognize that
applicability of electroporation has been demonstrated in a variety of bacteria, yeast, and mammalian cells and some
applications are ready for exploitation while many new technologies seem potentially possible. Notably, some of the
biomedical applications have reached close to commercialization (e.g., food sterilization, cancer treatment modality, hybridoma
technology for antibody production). Cell electroporation phenomenon would continue to be a frontier area of fundamental and
applied research with promise in biomedicine and biotechnology. Electroporation-based tumor killing, gene therapy, cell
fusion, drug loading for controlled release, and targeted delivery are some of the attractive developing new technologies with
considerable implications to human health such as cancer electrotherapy, RECT, electroporative drug and gene delivery, etc.
However, further research is highly warranted to optimize various factors that control the electroporative efficiency of the cells.
Current state of development provides enough basis to be optimistic as some of the research progress has reached the pilot plant
scale and clinical level evaluations. Combination of electroporation with radiation and anticancer drug is proving an effective
way to kill cancer cells in vitro as well as in vivo. Development of user-friendly clinical electroporator with automation and
suitable microelectrode devices are among the greatest challenges for medical biotechnology. Considering the immense
potential of electroporation technique in research and applications, greater research efforts are needed to achieve comprehen-
sive understanding of molecular processes involved and to apply the new knowledge in realizing the fruits of electroporation
technology for innovative applications in food science, industry, and healthcare.
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27.1 INTRODUCTION

Polymer electrolyte-based fuel cells are emerging as attractive energy conversion systems suitable for use in many industrial
applications, starting from a few milliwatts for portables to several kilowatts for stationary and automotive applications. The
ability of polymer electrolyte fuel cells to offer high chemical to electrical fuel efficiency and almost zero emissions in
comparison to today’s prevailing technology based on internal combustion engines (ICEs) makes them an indispensable option
as environmental concerns rise [1–6].

Although the basic principles of fuel cells have been known for at least a century, the introduction of solid polymer
electrolyte membranes (PEMs) a few decades ago revolutionized fuel cell technology. Initially, poly(styrenesulfonic acid)
(PSSA) and sulfonated phenol-formaldehyde membranes were used, but the useful service-life of these materials was limited
because of their tendency to degrade in fuel cell-operating conditions [7,8]. A critical breakthrough was achieved with the
introduction of Nafion, a perfluorinated polymer with side chains terminating in sulfonic acid moieties, which was invented in
the 1960s for the chlor-alkali industry at DuPont. This material and its close perfluorosulfonic acid (PFSA) relatives are
currently the state of the art in polymer electrolyte membrane fuel cells (PEMFCs). PFSA-based membranes have good proton
conductivity, high chemical and mechanical stability, high tear resistance, and very low gas permeability in fuel cell-operating
conditions [9,10].

But some problems associated with PFSA-based membranes have precluded large-scale market adoption of fuel cells. Their
relatively high cost, limits to the range of temperature over which they can be reliably used (the upper limit is considered to be
somewhat above 1008C, because the glass transition temperature Tg is around 1208C, at higher temperatures >1008C,
membranes have low water content and thus low-proton conductivity), faster oxidative degradation and faster deterioration
in mechanical properties at elevated temperatures, and a stringent requirement for external humidification of reactant gases
under these conditions make the fuel cell balance of a plant (BOP) more complicated. Additionally for liquid-phase direct
methanol fuel cells (DMFCs), the PFSA membrane is permeable to methanol and water, whose presence on the cathode side
seriously degrades the DMFC performance.

All these drawbacks have led researchers to make more efforts to discover membranes with improved characteristics on all
these accounts. Over the past decade, researchers all around the world have reported success in exploring new concepts for
improving the properties of proton-conducting membranes. Companies like DuPont, Dow Chemical, W.L. Gore, PolyFuel,
Asahi Glass, Asahi Chemical, Ion Power, and Ballard have brought improved membranes onto the market. The main goal of
this chapter is to review some of these new ideas in the field of proton-conducting membranes.

27.1.1 BASIC PRINCIPLE OF OPERATION OF POLYMER ELECTROLYTE MEMBRANE FUEL CELLS

A fuel cell consists of two electrodes sandwiched around an electrolyte. Air (or oxygen) is supplied to the cathode and hydrogen
to the anode, generating electricity, water, and heat. The electrocatalyst used is either platinum or a platinum alloy, usually
supported on high-surface area carbon. The hydrogen atom splits into a proton and an electron, which takes different paths
to the cathode. The proton passes through the electrolyte, while the electron passes through the external circuit. At the cathode
catalyst, oxygen reduction takes place to produce water molecules. The electrons passing through the external load are available
for useful work before they return to the cathode, to be reunited with the proton and oxygen in a molecule of water.
The theoretical open-circuit potential for a H2=O2 fuel cell is 1.23 V at 258C and unit activity, but because of kinetic losses
in the oxygen reduction process at the cathode and ohmic losses in the electrolyte membrane, the workable potential available
from this fuel cell is usually around 0.7 V.

The heart of a fuel cell is the membrane electrode assembly (MEA). In the simplest form, the electrode component of the
MEA would consist of a thin film containing a highly dispersed nanoparticle platinum catalyst. This catalyst layer is in good
contact with the ionomeric membrane, which serves as the reactant gas separator and electrolyte in this cell. The membrane is
about 25–100 mm thick. The MEA then consists of an ionomeric membrane with thin catalyst layers bonded on each side.
Porous and electrically conducting carbon paper=cloth current collectors act as gas distributors (Figure 27.1). Since ohmic
losses occur within the ionomeric membrane, it is important to maximize the proton conductivity of the membrane, without
sacrificing the mechanical and chemical stability.

Existing polymer membranes such as PFSA-based membranes operate most effectively within a limited temperature range
and require that the membrane must remain constantly hydrated with water, resulting in complex and expensive engineering
solutions (see Section 27.2.1.1). More efficient and better performing polymer membranes are needed for continued advance-
ment of PEMFCs. An additional challenge in developing materials for proton-exchange membranes is that these materials need
to endure prolonged exposure to the fuel cell environment. Electrolyte membrane materials must resist oxidation, reduction,
and hydrolysis. A further challenge is that the material should be affordable. Finally, it is desirable that the material will permit
operation at a higher temperature (>1208C).

Carbon monoxide is formed as a by-product when organic fuels are thermally reformed to produce hydrogen (H2), which
can then be used in a fuel cell. For such reformate gas-supplied fuel cell systems, high-temperature membranes offer an
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important advantage because the MEAs based on high-temperature membranes are less susceptible to carbon monoxide (CO)
poisoning. Better CO tolerance of high-temperature MEAs results in relatively less stringent demand on purification of the
reformate gas to hydrogen. This results in easier and more cost-effective BOP for the fuel cell system. Fuel cells with high-
temperature PEMs need smaller and less-expensive cooling systems.

Over the last few years, membrane development has intensified and numerous new developments have been reported [10].
This increase in the interest in novel proton-conducting membranes for fuel cell applications has resulted in several studies and
review publications on the overall subject and also on some related topics (e.g., nonfluorinated membranes). The content of
these reviews has been used and is cited in the appropriate sections.

Fuel cells, especially PEMFCs, can be used for various applications ranging from portable power supply for use in
consumer electronic devices to stationary deployment for combined heat and power generation. Another potential application is
transportation, in which fuel cell systems are developed for the propulsion of cars. The performance, operating conditions,
costs, and durability requirements differ depending on the application. Transportation applications demand stringent require-
ments on fuel cell systems. Only the durability requirement in the transportation field is not as rigorous as the stationary
application, although cyclic durability is necessary.

27.2 PHYSIOCHEMICAL REQUIREMENTS FOR THE MEMBRANES IN FUEL CELL APPLICATIONS

The fuel cell principle is based on the spatial separation of the reaction between hydrogen and oxygen by an electrolyte. An
electrolyte needs to conduct either positively charged hydrogen ions (protons) or negatively charged oxygen (or hydroxide or
carbonate) ions. For a technical realization, the specific ionic conductivity of the electrolyte has to be in the range of 50–200 mS
cm�1 and the electronic conductivity of the electrolyte should be minimal. It is obvious from the principle of fuel cells that the
electrolyte should be mostly gas impermeable to effectively separate the reaction volumes. Furthermore, a high chemical
stability is required in oxidizing and reducing atmospheres. Often the MEA made from electrolyte membranes and catalysts has
to be pressed against the flowfield=bipolar plates to minimize contact resistance or for sealing purposes. This necessitates good
mechanical stability for the membrane. Because of these requirements, only a few systems are suitable for technical
applications.

The main requirement—a high specific conductivity of the electrolyte—is illustrated in Figure 27.2, which shows the
conductivity of selected electrolytes used in fuel cells. As can be seen in Figure 27.2, suitable materials are available for
different operating temperatures and are also quite different ranging from solid-state ceramics to molten salts and aqueous
electrolytes. Interestingly, the specific conductivities differ considerably, being higher for the liquids. It should be noted,
however, that the important value is the area-specific resistance with a target value of <0.15 V cm2. Therefore, although the
specific conductivity of the oxygen ion conducting yttria-stabilized zirconia (YSZ) is lower compared to the other electrolytes,
it can be integrated into a planar fuel cell with a thickness of about 15 mm. To restrict the resistance to 0.15 V cm2, the
associated specific ionic conductivity should exceed 10�2 S cm�1. Figure 27.2 indicates that this value is attained at ca. 7008C
for YSZ. The liquid electrolytes generally need a stabilizing matrix and therefore the resulting electrolyte layer is thicker. As a
consequence, the specific conductivity has to be higher for these types.

4H+

Electrolyte
Membrane

O2

4H+ + O2 + 4e−

Catalyst

Load
4e−

Gas diffusion layer

2H2

2H2

2H2O

2H2O4H+ + 4e−
Anode reaction Cathode reaction

Bipolar plate with flow field

FIGURE 27.1 Diagram of a typical fuel cell.
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27.2.1 SPECIFIC FUEL CELL APPLICATIONS

27.2.1.1 Automotive Application

27.2.1.1.1 Cooling Requirements
The main focus in membrane development for automotive applications is the search for membranes, which can operate at
higher temperatures and lower relative humidity (RH). The major issues have been published in a series of publications by
automotive experts and fuel cell developers [11–13]. The main statements are recapitulated here: assuming the availability of a
hydrogen infrastructure, fuel cell-based systems might offer better efficiency than an ICE, which is one of the driving forces
behind the development of fuel cells for this application. However, an ICE has the advantage that the waste heat can be
removed more efficiently compared to fuel cell stacks. As a rule of thumb, it is stated that in ICEs one-third of the fuel energy is
converted into mechanical energy, and two-thirds are converted into heat energy. Half the heat is removed by the coolant and
half by the exhaust. Conversely, in a fuel cell system, typically less than 10% of the heat is rejected with the exhaust gases.
Although the fuel cell system efficiency of about 50% is higher compared to ICEs, the coolant load is considerably larger.
Furthermore, the PEM stack temperature is significantly lower, in the range of 608C–808C, as compared to ICE peak coolant
temperature of 1208C. Since radiator performance is nearly proportional to the initial temperature difference (ITD) between the
coolant and ambient temperatures, an ICE has about 2–4 times the heat rejection capacity during operation at elevated ambient
temperatures of 328C–408C (an ambient temperature of 388C is the design value for radiators). The thermal rejection
requirements for automotive power trains are shown in Figure 27.3. The necessary radiator face area is plotted versus the
ratio of heat power and ITD. The solid line represents the radiator fan’s constant electrical power. As can be seen with the
present technology, even a modest-sized fuel cell power system in cars requires cooling systems that challenge normal car
design. Consequently, stack temperatures coincident with or even higher than normal ICE coolant temperatures would be
highly desirable to achieve more efficient cooling. Another aspect is that a well-developed automotive hardware could be used
enabling more cost-effective stack sizing and compact packaging.

27.2.1.1.2 Humidification Requirements
The operating temperature ranges of PEMFCs are determined by the humidification requirement of the electrolyte membranes.
Also, current membranes have glass transition temperatures in the range of 808C–1208C and are thus subject to creep and
hole formation at temperatures in this range. The implications of operating PEMFCs at higher temperatures and at 100%
relative humidity are discussed in detail in the following section.

The membrane and ionomer humidification requirements are of paramount importance for PEMFC operation since
the proton conductivity is a fundamental necessity in the membrane as well as in the electrode for the fuel cell to function.
The operating conditions of current PEMFCs are dictated by the properties of the membranes=ionomers. Now, the most
important membrane type (e.g., Nafion membranes from DuPont) is based on PFSA ionomers that are used in the membrane
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and the catalyst layers. Figure 27.4 shows the proton conductivity versus relative humidity for three electrolyte systems, which
are either presently available or are being developed for fuel cells. The often used PFSA system is represented by 1100
equivalent weight (EW) Nafion as measured by Alberti et al. [14]. Values at 808C and 1208C are provided. Further results on
sulfonated polyetheretherketone (s-PEEK) membranes are shown; the pure system is compared to an Aerosil-filled membrane.
The third system is a high-temperature membrane based on polybenzimidazole (PBI) filled (doped) with phosphoric acid by
Ma et al. [15]. The PBI=H3PO4 conductivity at four temperatures (808C, 1608C, 1808C, and 2008C) is given. The minimum
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conductivity for fuel cell application was stated earlier in this section as 50 mS cm�1. This conductivity is achieved for
all membrane systems at different temperatures and different humidification conditions. For Nafion, the conductivity is above
0.1 S cm�1 for relative humidity (RH) values greater than 90% for both 808C and 1208C, but drops to 0.01 S cm�1 at 40% RH.
Also represented on the right-hand axis of the plot is the ohmic loss for a 25 mmmembrane at 1 A cm�2. At 0.1 S cm�1, the loss
is 25 mV, which corresponds to a voltage efficiency loss of about 2%. Although this loss appears relatively small, the
overall voltage efficiency is a critical issue and should be kept as high as possible in automotive applications. The problem
with the PFSA systems is the need for nearly 100% humidification, which is an important constraint in the system design. An
alternative polyarylene membrane system, such as s-PEEK membranes, has the advantage of being potentially more cost
effective compared to the fluorinated material but the humidification requirements are similar to or even more stringent than
(at least in this example) for the Nafion. A hypothetical-advanced membrane with more suitable properties is represented by the
blue line: such an advanced membrane should exhibit conductivity well over 50 mS cm�1 at relative humidification (RH) of
the gases below 50%. A membrane operating in a stable fashion at 50% RH and at 1208C would be the ideal candidate for a
future automotive fuel cell power system. The PBI=H3PO4 attains appropriate conductivity only above 1608C at 30% RH. At
this high temperature, 30% RH is also critical as discussed below. Furthermore, this membrane system has performance
disadvantages in dynamic load and temperature operation as discussed later. As a consequence, this system is better suited to
stationary applications.

Figure 27.5 displays the water content of air given as the ratio g (H2O)=g (dry air) for saturation humidity as a function of
temperature and pressure. The 100% RH requirement of the membrane means that a low-pressure system is restricted
to temperatures below 1008C since the saturation partial pressure of water increases exponentially with temperature. In
addition, it would be highly desirable to have a water neutral situation to obtain a compact and simple system where the
water produced at the cathode of the fuel cell as well as the permeated water is collected completely (a condenser would
be necessary) to humidify the gases. In this respect, it would be an ideal situation to operate the fuel cell at the intersections of
solid and dashed lines, which are the water neutral-operating conditions. The only way to achieve such an operation while
maintaining the 100% RH demand at temperatures near 1008C is to increase the pressure to 400 kPa. However, this means a
drastic reduction in system efficiency due to the heavy losses is associated with pressurization. These simple relationships
exacerbate design complications and have been summarized thus by Masten and Bosco: at higher temperatures and lower
pressures, the humidification energy duty and associated condensate water requirements will overwhelm the water and thermal
management capabilities of an automotive thermal system. Increased stoichiometry and increased pressure may help in
diminishing the water load, but are associated with increased complexity and costs for the compressors and expanders.

Figure 27.6 shows the analogous relationships for 50% RH of the air. If a membrane tolerated such operation conditions
over a long time, water neutral operation would be feasible at 1008C at moderate overpressure of 250 kPa. Ideally, a membrane
should operate at 15%–20% RH which would enable water neutral operation at ambient pressure and 1108C. However, such a
membrane would probably be based on a radically different conduction mechanism compared to the present membranes where
the proton conductivity is based on the liquid water environment. Such a membrane would be very welcome, but now is far
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from being realized. Realistically, it has to be assumed that progress in membrane development will consist of gradually
improving membrane humidification and temperature stability.

In this respect, however, it is interesting to examine to exactly what degree 100% RH requirement is really necessary for
state-of-the-art MEAs in the anode as well as in the cathode compartment under different operating conditions. Figure 27.7
shows single-cell measurements with GORE 5510 MEAs under low humidification conditions. The membranes in these MEAs
have a thickness of about 25 mm, which is a low value for PEMFCs. Therefore, it is possible to efficiently humidify the
membrane by back-diffusing the liquid product water into the membrane from cathode to anode side. The normal drying-out
effect at the anode is diminished in this case because the membrane is thin and does not represent any significant diffusion
resistance. With thin membranes, high current densities are also achievable due to their low ionic resistance. These attributes
can be seen in Figure 27.7, which shows V–I curves at a higher temperature of 908C at the anode with humidification only at the
anode as well as at a lower temperature of 608C with no humidification at all. The V–I curves exhibit relatively low open-circuit
voltages due to a high crossover of the gases and therefore, the temperature difference does not influence the V–I curve much at
lower current densities. At high current densities, humidification is improved and stable operation is observed over about 12 h
due to more water formation at the cathode. However, now it is not clear if this performance can be maintained over prolonged
operation of more than 1000 h and if the power density is sufficient for transportation applications.

This example shows that efficient management of the liquid water produced at the cathode can be used to attenuate the
100% RH requirement of the membrane. Besides thin membranes, other strategies (described below) involving wicks or water
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produced by catalysts introduced into the membrane are well known. However, all these strategies involve compromising
other properties for water management, e.g., thin membranes are not as durable since the mechanical properties are inferior or
the performance of the MEAs is reduced in conjunction with reduced humidification.

The common way of improving the water management is to humidify the gases entering the fuel cell. A less common
approach is the direct hydration of the membrane by mounting porous fiber wicks within the membrane itself [16]. Membranes
with wicks are developed using twisted threads of porous polyester fibers which are then placed between the membrane and a
cast thin film of Nafion ionomer and hot-pressed at 1508C. Such membranes with porous fiber wicks are supplied with water
directly through the wicks. The parts of the wicks outside the membrane are kept in contact with a water source such as a
humidifier or condenser outside the membrane. Water diffuses through the porous fibers into the membrane, thus keeping it
humidified. Similar approaches have also been reported by other authors [17,18].

27.2.1.2 Stationary Application

Fuel cells are promising candidates for energy conversion systems used for distributed power generation, which can guarantee
uninterrupted power supply and thus cut unnecessary dependence on the grid. Fuel cells are quite efficient at around 60%
electrical energy conversion efficiency and the use of waste heat from the fuel cells to houses would make them more efficient.
The efficiency of such a CHP fuel cell system depends on the operating temperature of the system, which dictates the amount of
recoverable heat. A fuel cell-based system makes very low noise and produces almost zero emissions when direct H2 from
nonfossil fuel sources is used. These are important advantages in comparison to conventional systems based on ICEs. But high
costs and problems in long-term durability are major obstacles in the path of wide-scale introduction to the market. PEMs
contribute a significant cost factor. The membranes are also primarily responsible for the degradation of the performance of the
fuel cell system, being one of the most vulnerable components in the fuel cells. An effective heat removal system and a
humidification management system are still very important in stationary fuel cell systems. But stationary applications put the
strongest demand on the durability of the PEMs. To understand the durability of the membrane, it is imperative to discuss
various modes of its degradation.

27.2.1.2.1 Mechanical Degradation
Mechanical parameters related to preparing an MEA contribute significantly to the overall service-life of the membrane [7].
A high degree of cleanliness and quality control must be maintained to ensure that no foreign particles or fibers are introduced
that may perforate the membrane during the MEA fabrication process. Generally, perforation can also take place at the fuel cell
reactant inlets where mechanical stress may be highest. Care must be taken to design the fuel cell flow field to avoid local
drying due to nonuniform distribution of reactant gases in the cell. Uniform contact pressure should also be maintained between
the current collector system and the MEA. Excessive penetration of the catalyst layer into the membrane during MEA
fabrication or due to high-localized pressure exertion by the current collector can lead to high local current density and
stresses. Excessive-localized pressure close to the edge of the electrode=membrane may also lead to perforation and tearing of
the membrane. Care must be taken in designing the fuel cell to avoid unsupported regions in the MEA flow field support
structure into which the membrane could extrude and ultimately fail. Generally, when a membrane is perforated, hydrogen and
oxygen will cross over to the other sides and react chemically on the catalyst producing only heat. The cell potential will
decrease because of this mixing of reactants. The excessive heat produced due to the chemical reaction between hydrogen and
oxygen may lead to more holes in the membrane [7].

27.2.1.2.2 Thermal Degradation
PEMFCs generally operate at temperatures <1008C. PFSA-based polymer ionomer membranes like Nafion, Gore, Aciplex, and
Flemion are not significantly affected by temperatures up to 1508C where most of the water is lost and membranes may suffer
irreversible dry out. Chemical degradation of these membranes in the Hþ form usually starts with the loss of sulfonate groups
at over 2208C [7].

27.2.1.2.3 Chemical and Electrochemical Degradation
For properly designed and cleanly operated PEMFCs, polymer electrolyte membrane degradation by electrochemical and
chemical mechanisms generally occurs relatively slowly over a period of several hundred hours. PEMs are especially sensitive
to metal ions, which may get into the fuel cell via dust particles in the air or even rust. Even the platinum ions ever present in the
electrode are not completely benign. Metal ions within the fuel cell would exchange with protons, thereby drastically reducing
the proton conductivity of the membrane. It is also known that peroxide radicals are produced at very low levels during fuel cell
operation and these radicals are responsible for the chemical and physical deterioration of the membrane after extended use
[19,20]. On the basis of these findings, methods have been developed to perform accelerated chemical tests to simulate this type
of polymer electrolyte membrane (PEM) degradation. Peroxide radical-assisted degradation has been extensively studied for
early PSSA membranes [21]. It was shown that oxygen crossing over to the hydrogen side may lead to the formation of
peroxide and hydroperoxide radicals, which can slowly deteriorate the membrane. The PFSA membranes are, relatively

Pabby et al./Handbook of Membrane Separations 9549_C027 Final Proof page 766 13.5.2008 2:08pm Compositor Name: BMani

766 Handbook of Membrane Separations



speaking, much better in terms of performance and service-life. But peroxide radicals can still degrade the membrane, albeit to a
smaller extent, as the basic backbone –CF2 is less susceptible to peroxide attack. The susceptibility to peroxide attack has been
attributed to traces of groups such as –CHF2, which are inadvertently introduced into the perfluorocarbon sulfonyl structure
during synthesis and can be converted into a carboxyl group by peroxo insertion [22,23].

The sum effect of mechanical, thermal, and chemical degradation of the membrane along with the degradation of catalysts
will take its toll on the long-term performance of the fuel cell. A lot of effort is being put into improving membrane service-life
as well as MEA service-life by many players in this field. For example, W.L. Gore has demonstrated service-lives exceeding
28,000 h for MEAs targeted for stationary fuel cell systems (Figure 27.8).

27.2.1.3 Portable Applications (H2-Fuelled PEMFC)

Portable applications are one of the most attractive segments in terms of fuel cell commercialization as the number of possible
units required for consumer electronic market is high and cost limitations are much easier to meet than automotive or stationary
applications. Fuel cells in the low power range can be used either as a complete substitute for batteries or in fuel cell=battery
hybrid power supply systems. Fuel cells for portable applications usually operate under ambient conditions. For portable power
supply applications based on hydrogen-fuelled PEMFC, the most important issue is the power to volume=weight ratio, as more
and more miniaturized power sources are needed for consumer electronic devices, like laptops, mobile phones, palmtops, video
cameras, and a host of military applications. To a large extent, the power to volume=weight ratio depends on the energy density
of the fuel from which H2 is extracted. Possible options for hydrogen sources could be metal hydride, chemical hydride, or a
thermal reformer, e.g., methanol reformer. But the basic size of a fuel cell system also has a fair share in determining the overall
energy density of portable fuel cell-based power supply. Thus to meet these miniaturization challenges, passive thermal and
water management and also suitable components for hydrogen=air feeding and pressure control must be realized. In meeting
these requirements the polymer electrolyte membrane (PEM) has a big role to play, at least in water management. Water
management requires the synergetic action of the gas diffusion layer (GDL) and the PEM. To meet the requirement of complete
passive water management, the fuel cell should run on dry H2 and dry air and retain just enough water in the membrane.

27.2.1.3.1 Membrane Humidification by Cathode Back Diffusion
One such approach employs a microporous layer (MPL) with an average pore size of around 1 mm between the GDL (with an
average pore size of 10 mm) and the catalyst layer. The MPL is made up of conducting carbon and is hydrophobized with a
small amount of Teflon. MPLs do not allow the water to escape as liquid drops because of surface tension in small pores.
This builds up hydrostatic pressure on the cathode side. This hydrostatic pressure buildup allows back diffusion to the anode
side. The positive role of microporous layers in water management in PEMFCs has been investigated theoretically and
experimentally [24–28]. For the back diffusion to humidify, the whole membrane requires a thin and obviously stable
membrane. With pure PFSA-based membranes, it has not been possible to reduce the thickness without compromising
mechanical strength. To achieve this goal, several new ideas have been pursued which are discussed later in this
chapter. One such approach is to reinforce the membranes with polytetrafluoroethylene (PTFE) fibers, a technique pioneered
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by W.L. Gore, which can reduce membrane thickness to only a few micrometers. Figure 27.9 shows the I–U (current–voltage)
characteristics of a fuel cell using Gore membranes, under completely dry conditions.

27.2.2 POROUS STRUCTURE AND PERMEABILITY REQUIREMENTS

The important chemical reactions take place at the interface between an electrode and an electrolyte. Since reactants in fuel cells
are mostly gaseous and poorly soluble in the electrolyte, a third phase, the gaseous one, has to be in contact with the interface,
leading to a three-phase boundary. Furthermore, a certain solubility and diffusivity of the reactant within the ionomer material
in the electrode is needed to achieve greater utilization of the catalyst. This permeability in the ionomer helps to extend the
electrochemically active surface area of the catalyst that belongs to the three-phase boundary. A diagram of this zone in a
PEMFC is shown in Figure 27.10. Presently, differing opinions exist on the structure of the active layer: It is unclear if the
ionomer is present at the interface as a third bulk phase or as a thin film of about 20–50 nm covering the catalyst. Such
differences would have considerable implications for the optimization of this interfacial region.

To optimize the kinetics in this area, the following features are required:

. High, electrochemically active surface area of the catalyst

. Good access for the reactants to the electrode–electrolyte interface and sufficient permeability in the ionomer

. Effective water removal from the three-phase zone

. Good electric and ionic contact at the reaction sites
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These requirements can be achieved best with a porous structure, but the realization depends strongly on operating temperature.
Since costly precious metals (Pt and Pt alloys) are used as a catalyst, high dispersion of these metals is necessary to optimize
the surface to mass ratio. Starting from metal salts, various chemical routes are usually used to achieve very small metal catalyst
particles and thus high dispersion. The metal particle sizes are of the order of a few nanometers (platinum surface areas in the
range of 20–60 m2 g�1 are common). In supported catalysts, the metal clusters are supported on larger electron-conducting and
porous carbon particles (usually about 50–100 nm in diameter) to achieve better dispersion of the metal catalyst, higher active
surface area and to prevent agglomeration of metal catalyst nanoparticles. The catalyst is introduced into the electrocatalyst
layer along with the proton-conducting ionomer component. The ionomer content increases the metal catalyst utilization in the
catalyst layer, but normally an optimum content is found and further increase in ionomer content leads to lower catalyst surface
utilization. Largely varying utilizations of catalyst surfaces (varying between 50% and 90%) in PEMFC electrodes have been
reported [29]. Usually, the catalyst layer has a thickness in the range of about 5–30 mm.

Gasteiger and Mathias have analyzed the requirements of membranes for automotive applications and have stressed that in
addition to proton conductivity, other critical ionomer properties include the H2 and O2 permeability [12]. Of course, the
membrane material must not be too permeable to the reactive gases to avoid excessive gas crossover and resulting fuel
efficiency loss. In the other extreme, the ionomer in the electrode must have sufficient gas permeability so that the reactant
transport through it occurs without significant concentration gradients and associated mass-transfer losses. Standard perfluorin-
ated membranes allow permeation of gases at a rate proportional to the product of a permeability coefficient (dependent on
temperature and RH, normalized by membrane thickness) multiplied by a partial pressure driving force and divided by the
membrane thickness. This permeation leads to fuel efficiency loss with two components: direct reaction at the anode
determined by the O2 crossover rate and direct reaction at the cathode determined by the H2 crossover rate. This fuel loss
can be expressed in terms of an equivalent current that would be observed externally, if the H2 consumed by crossover had
reacted electrochemically. A tolerable fuel efficiency loss due to crossover was set at <10% for a low load and<1% for a high
load of the MEA. Gasteiger and Mathias assumed a thin-film structure of the ionomer of 0.5–2 nm covering the entire solid
catalyst surface. Experimental support for this electrode structure comes from double-layer capacitance measurements using
cyclic voltammetry and AC impedance techniques. Gasteiger and Mathias observed values that are typical of Pt and carbon
interfaces with electrolyte and imply that the entire solid surface was in contact with electrolyte for these electrodes. Under
several assumptions regarding structure, diffusion, and reactivity, a minimum permeability was derived for a maximum of
20 mV loss.

These considerations regarding the membrane permeation properties have been summarized by Gasteiger and Mathias in
Figures 27.11 and 27.12, with literature data of gas permeation measurements of Nafion membranes. Following their
evaluation, the present membranes are close to the upper limit of gas permeation, which is acceptable, but a further increase
in these properties at higher temperatures cannot be tolerated.
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FIGURE 27.11 (See color insert following page 588.) H2 permeability as a function of temperature and RH. Upper limit (solid line)
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transport requirements, and data are for wet and dry Nafion 1100 EW-based membranes. (Reproduced from Gasteiger, H.A. and Mathias, M.
F., in Proceedings of the Symposium on Proton Conducting Membrane Fuel Cells III, 2003. The Electrochemical Society of America. With
permission from The Electrochemical Society, Inc.)

Pabby et al./Handbook of Membrane Separations 9549_C027 Final Proof page 769 13.5.2008 2:08pm Compositor Name: BMani

Proton-Conducting Membranes for Fuel Cells 769



Besides the traditional methods of measuring gas permeation by way of gas analysis (a volumetric method or gas
chromatography), an electrochemical methodology to determine the gas permeability and solubility of membranes is also
used, which seems to have become more popular recently. Using microelectrodes, which are pressed onto a membrane in
a solid-state electrochemical cell, electrochemical reactions are investigated by chronoamperometry (recording of current
transients) of the diffusion-limited potential ranges. From the transients, gas concentrations (solubility) and diffusion coeffi-
cients in various proton-exchange membranes can be measured and diffusion-limited current densities can be determined
[30–36]. This is an interesting and simple way of measuring permeabilities since it may enable in situ measurement in a running
fuel cell and also a local resolution. However, in contrast to the permeation measurement by gas analysis, no driving force in the
form of a partial pressure gradient is applied to the membrane. The comparison of both techniques is therefore not
straightforward. Under diffusion-limited conditions, the concentration at the microelectrode interface is zero and therefore, a
partial pressure gradient corresponding to the pressure in the cell (e.g., 100 kPa for ambient conditions) is assumed. Under this
assumption, the results from both measurements should be comparable and a comparison of selected measurements is shown in
Figure 27.13.

As can be seen from Figure 27.13, the permeability measurements of Nafion-like membranes do vary considerably,
probably because the state of the membranes is difficult to control (e.g., the dryness of the membrane). There is a pronounced
difference in the permeabilities for wet and dry membranes, but the method of measurement does not yield consistent variation
in the measured values. It can therefore be concluded that the electrochemical method is equivalent to the gas analysis method,
even though the measurement conditions are different from those in fuel cell applications.

27.2.3 CATALYST UTILIZATION AND INTERFACIAL ASPECTS

The importance of the ionomer in the electrode for the performance of the PEMFC has been well known since the pioneering
work of Raistrick et al. [37]. In the PEMFC, the electroosmotic drag of water due to the proton transport from the anode to the
cathode leads to the membrane drying out from the anode side (back diffusion of water from cathode to anode compensates
partly for the water loss from the anode side of the membrane). Therefore, the loss of conductivity of the ionomer at the anode
is also an additional important issue related to the membrane topic, since the ionomer in the electrode needs to connect
ionically and chemically to the membrane. In an investigation of the transverse water profile in Nafion in PEMFCs with a
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sheet-partitioned membrane, Büchi and Scherer found that the increase in resistance is always confined to the membrane sheet
contacting the anode [38]. It cannot be excluded that the main contribution to increased resistance of the MEA at high
temperatures is from the ionomer in the electrode. To obtain clarification, cyclic voltammograms (CVs) of a commercial MEA
with about 25 mm thick membranes were performed as a function of temperature at 100% RH to detect the influence of these
interfacial structures on the performance of PEMFCs. Figure 27.14 shows the CVs of the anode as a working electrode (catalyst
loading of 0.3mg cm�2) under nitrogen purging. The cathode was used as a combined counter and reference electrode and purged
with hydrogen. Due to the small thickness of the membrane, hydrogen permeates the anode leading to an almost linear slope in the
CVs. This current was subtracted to obtain more information regarding the interfacial properties of the MEA. The humidification
of nitrogen=hydrogen was achieved by gas bubblers, which were invariably kept at 58C higher than the cell. Condensation of
water was avoided by choosing adequate temperatures for the gas distribution system. Interestingly, the features due to hydrogen
adsorption=desorption decrease with increasing temperature, indicating a loss of active catalyst surface area.

From these CVs, the reduction of Pt oxide in the negative going scan can also be used to estimate the contacted catalyst
surface area. The integration of the respective areas is not highly accurate and an integration error of�15 mC is displayed in the
charges plotted against temperature in Figure 27.15.

As can be seen from Figures 27.14 and 27.15, the hydrogen desorption charge decreases almost monotonically with
increasing temperature, indicating a loss of active surface with increasing temperature. At variance with the linear decrease, the
charges from Pt oxide first increase up to 608C and then a strong decrease is observed at higher temperatures of 908C. The
charges from hydrogen desorption are considered to be of higher significance for the active surface determination, since the Pt
oxide reduction may be influenced by kinetic and mass-transport properties of the interface, which are strongly affected by the
temperature increase. The form of the CV in the oxide region indicates mass-transport limitations due to diffusion in a polymer
film. Especially there is a strong decrease in active catalytic area when the pressure is increased, e.g., at the same temperature.
This is demonstrated in Figure 27.16 for the temperature of 908C where the pressure was increased from 1 to 2 bar(abs).
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The loss of surface area when increasing the pressure is probably associated with the water content depicted in Figures
27.15 and 27.16. With increasing pressure, the water content decreases and may lead to the ionomer in the electrode drying
out. Since the membrane swells considerably with the water content, the higher pressure conversely leads to the ionomer in
the electrode shrinking and thereby to reduced catalyst utilization. But then the question remains why the catalyst surface
utilization decreases with increasing temperature, although the water content of air=nitrogen increases considerably with
temperature. It is well known that the water uptake of Nafion membranes is lower in the gaseous phase compared to the
liquid phase (16 versus 22 water molecules per sulfonic acid group). This is an effect that has been discussed for numerous
membranes and is termed Schroeder’s paradox [39]. Furthermore, Nafion has also been reported by Broka and Ekdunge
to adsorb less water with increasing temperature even at constant humidity [40]. The reasons are not yet completely
understood, but are associated with the nanoporous structure and the phase-separated hydrous and anhydrous regions of
Nafion. This effect is shown in Figure 27.17 for the temperature range of 208C–708C. If such dependence also exists in
the ionomer present in the electrode, it is understandable why, with increasing temperature, the catalyst surface utilization
also decreases.
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It can be concluded that there are various problems associated with the standard PFSA membranes with increasing
temperature:

. Loss of conductivity of membrane

. Loss of conductivity of ionomer in the electrode

. Loss of active catalyst surface area

27.2.4 MEMBRANE REQUIREMENTS FOR DIRECT METHANOL FUEL CELLS

DMFCs have potential near-term applications mainly in the portable power source market, as they are smaller, lighter, simpler,
and cleaner than conventional batteries. Liquid methanol is consumed directly in a DMFC, which implies a higher energy
density of the fuel cell system. But the power densities achievable with state-of-the-art DMFCs are still smaller in comparison
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to hydrogen-fuelled PEMFCs. One of the major problems lies in the use of liquid methanol solution on the anode of the DMFC,
which, on the one hand, keeps the ionomeric membrane water saturated (and thus no humidification is needed), but on the other
hand, does not keep fuel (methanol or any other organic fuel, e.g., formic acid, ethanol, etc.) and water from permeating to the
cathode side, since the basic PFSA membranes are permeable to both methanol and water [41,42]. The fuel and water crossover
from anode to cathode hampers the performance of the air cathode.

27.2.4.1 Methanol Crossover

One of the most challenging issues that prevent DMFCs from being used in practical applications is the crossover of methanol
fuel through typical PEMs, e.g., Nafion, from the anode to the cathode. It has been found that nearly 30%–40% of methanol can
be wasted due to this crossover to the cathode depending on operating conditions like temperature, concentration of methanol in
the anode feed, and current density in the cell. The mechanisms responsible for this transport of methanol to the cathode are
diffusion due to concentration gradient and electroosmotic drag as moving protons also drag methanol like water, both being
polar in nature. Methanol transported through the membrane by diffusion and electroosmotic drag recombines chemically with
oxygen at the cathode and therefore, fuel utilization efficiency is lowered. Additionally, methanol present at the cathode
depolarizes the oxygen electrode and establishes a mixed potential thus lowering the cathode potential. Methanol competes
with the oxygen reduction reaction at the cathode and predominantly reacts with oxygen. This undesired reaction increases the
demand for oxygen and therefore requires higher stoichiometric flow rates. To minimize the negative impact of the methanol
crossover, fuel cell developers are forced to use thicker membranes which reduce the fuel crossover, but increase the specific
cell resistance [8,41,43–46].

27.2.4.2 Water Permeation

Water permeation to the air cathode in liquid methanol solution-fed DMFCs creates a barrier for air diffusion to active sites in
the cathode catalyst layer by flooding the electrode. The water transport mechanisms from the aqueous anode to the gaseous
cathode are electroosmotic drag and diffusion. The Nafion membrane is saturated with water for DMFCs, which gives rise to
high electroosmotic drag coefficients [47] in comparison to partially saturated membranes, as in H2=air PEMFCs. At lower
current densities, diffusion due to a huge concentration gradient of water between anode and cathode is the dominant water
transport mechanism. But with increasing current density, the electroosmotic drag becomes the dominant mechanism as the
water transported by electroosmotic drag is proportional to current density. The water transport properties of different types of
membranes have been widely investigated by several research groups [45,46,48–54]. The permeated water hampers the
performance of the air cathode by flooding the cathode catalyst and GDL and it also makes the self-sustainable high-
temperature operation of DMFCs difficult due to excessive heat loss by water vaporization from the air cathode [55,56].
Additionally, it puts a huge demand on the air blower to remove water, making the DMFC’s design more complicated and less
energy efficient [42,43]. In this vein, DMFCs or any direct liquid oxidation fuel cells using methanol, formic acid, or ethanol,
etc. as fuel should have membranes which are more liquid tight and still have sufficient proton conductivity.

27.3 MECHANISTIC ASPECTS OF PROTON CONDUCTIVITY (NAFION AND PERFLUORINATED
SULFONIC ACIDS)

It is very important that the perfluorinated membrane has sufficient water content to function in fuel cells. The interaction of the
perfluorinated membrane with water and the resulting water content of the membrane determine the proton conductivity of the
membrane. The mechanistic aspects have been discussed in numerous publications, which cannot be completely recapitulated
here [57–67]. When in contact with water vapor or liquid water, Nafion or similar membranes show a pronounced swelling of
20%–50% associated with a considerable water uptake. Due to the ambivalent nature of the polymer, as it has a hydrophobic
backbone and hydrophilic head groups, a spontaneous phase separation takes place in the membrane. In a hydrated condition,
hydrophilic ionic clusters are formed which are connected through water channels, thereby forming a water network. The
hydrophilic clusters contain the solvated SO3 groups, water, and the cations (normally Hþ, but for cation-exchange membranes
Naþ, Kþ, or Liþ can naturally also be introduced). This water-filled network in a hydrophobic backbone yields high-proton
conductivity, which resembles an aqueous electrolyte (similar conductivities as well as activation energies for the proton
conduction are observed). The ambivalent property of the membranes assists their mechanical stability as the strong
electrostatic interactions of the ionic clusters are apparently responsible for this stability. Importantly, Nafion can absorb
more water from the liquid. For Nafion 117, saturated with liquid water, 22 moles of water are absorbed per mole of sulfonic
acid groups. It is detrimental for the applications that Nafion can take up only a maximum of 14 mol of water per mole of
sulfonic acid groups from the water in the gaseous phase. As discussed earlier, the conductivity of Nafion membranes is
strongly dependent on water content, which is displayed in Figure 27.18 for two different equivalent weights. The membrane
with the lower EQ shows the higher conductivity since the concentration of sulfonic acid groups is higher. A dried-out
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membrane possesses lower proton conductivity. Thus, water management in the membrane is one of the major issues in PEM
technology. Processes influencing the water content in the membrane are electroosmotic drag and back diffusion of product
water from the cathode into the membrane.

Water in a PEMFC is usually provided by the humidification of the reactant gases or from the cathode reaction. The amount
of water fed to a cell by humidifying the reactant gases depends on gas temperature, pressure, and the flow rate. Water
production at the cathode is directly proportional to the current density. Water carried to the cathode side by electroosmotic
drag combined with the production of water at the cathode results in a gradual accumulation of water at the cathode. The water
at the cathode can be carried to the flow channel through the GDL or through the membrane to the anode by back diffusion due
to the water concentration gradient between the anode and cathode of the PEMFC. Water transport to the anode by back
diffusion, which helps in keeping the membrane humidified, depends strongly on the thickness of the membrane and the
properties of the GDL.

27.3.1 MICROSCOPIC STRUCTURE

The differences between PFSA membranes and nonfluorinated polyaromatic membranes are discussed on the basis of
publications by Kreuer [64]. Perfluorosulfonic polymers naturally combine the extremely high hydrophobicity of the per-
fluorinated backbone with the extremely high hydrophilicity of the sulfonic acid functional groups in one macromolecule.
Especially in the presence of water, this gives rise to some hydrophobic=hydrophilic nanoseparation. The sulfonic acid
functional groups aggregate to form a hydrophilic domain. When this is hydrated, protons form within inner space
charge layers by dissociation of the acidic functional groups. While the well-connected hydrophilic domain is responsible
for the transport of protons and water, the hydrophobic domain provides the polymer with the morphological stability and
prevents the polymer from dissolving in water. Kreuer’s group found the situation in sulfonated polyetherketones to be
distinctly different with respect to both transport properties and morphological stability. In sulfonated polyetherketones, the
hydrophilic=hydrophobic difference is less pronounced. This was inferred from the results of small-angle x-ray scattering
(SAXS) experiments [64]. For a hydrated sulfonated polyetherketone compared to Nafion, the ionomer peak is broadened and
shifted toward higher scattering. This indicates a smaller characteristic separation length with a wider distribution and a larger
internal interface between the hydrophobic and hydrophilic domain for the hydrated sulfonated polyetherketone. As schema-
tically illustrated in Figure 27.19, the water-filled channels in s-PEEK are narrower compared to those in Nafion. They are less
separated and more branched with more dead-end pockets. These features correspond to the larger hydrophilic=hydrophobic
interface and, therefore, also to a larger average separation of neighboring sulfonic acid functional groups. The stronger
confinement of the water in the narrow channels of the aromatic polymers leads to a significantly lower dielectric constant of
the water of hydration (about 20 compared to almost 64 in fully hydrated Nafion) [59].

The different water interactions of the PEEK membranes are both advantageous and disadvantageous: on the one hand, a
disadvantageous swelling behavior and a stronger decrease in water and proton-transport coefficients with decreasing water
content are observed; on the other hand, the hydrodynamic flow of the water, i.e., electroosmotic drag and water permeation, is
reduced compared to Nafion, which is an essential advantage, especially for DMFC applications [64]. Blending sulfonated
polyetherketones with inert or basic polymers (e.g., PBI) significantly improves the swelling behavior without reducing the
high-proton conductivity at high water contents. Blending also further reduces the hydrophilic=hydrophobic separation and
therefore also hydrodynamic solvent transport (water and methanol permeation). Therefore, polymers based on sulfonated
polyarylenes are not only interesting, low-cost, alternative membrane materials for hydrogen PEMFC applications but they may
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also help to reduce the problems associated with high water and methanol crossover in DMFCs using aqueous solutions of
methanol as a fuel. An important drawback is their reduced chemical stability, which may well lead to reduced durability of the
membranes [68].

27.4 MATERIALS: PHYSIOCHEMICAL PROPERTIES AND FUEL CELL PERFORMANCE

The commercial development of single-ion conducting polymer membranes has changed the field of electrochemical devices in
a significant way. Traditional systems such as sulfuric acid and potassium hydroxide combine excellent conductivity and cost
effectiveness, but the disadvantages are extreme corrosivity and challenging confinement. In this respect, the ion conducting
membranes exhibit excellent stability and processability, allowing the flexible design of electrochemical devices.

27.4.1 PERFLUORINATED SULFONIC ACID MEMBRANES

PFSA membranes possess high-proton conductivity in the range of 0.1 S cm�1 at 808C and good chemical as well as
mechanical stability. The superior stability of Nafion is a consequence of the PTFE-based structure which is chemically inert
in reducing and oxidizing environments. The best-known examples of this class of proton-conducting membranes are the
Nafion-type membranes from DuPont de Nemours. The most common commercial perfluorinated ionomer membranes used
today in various industrial processes are listed in Table 27.1. Asahi, Dow, and DuPont electrodialysis (ED) membranes have
similar compositions and structures based on PFSAs. The active ionomer component of the Gore-Select membrane is also a
PFSA. In their usual form, these polymer membranes require water for conductivity. As long as these proton-exchange
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permission from Elsevier.)

Pabby et al./Handbook of Membrane Separations 9549_C027 Final Proof page 776 13.5.2008 2:08pm Compositor Name: BMani

776 Handbook of Membrane Separations



membranes (PEMs) are kept hydrated, they function well, but when these membranes dry out, resistance rises sharply. A PTFE
backbone is supplemented by regularly spaced perfluorovinyl ether pendant side chains terminated by a sulfonic acid group
with the chemical structure shown in Figure 27.20.

Hydrated Nafion 117 (175 mm thick) has conductivities in the range of 10�1 S cm�1 at 808C. Nafion has a high
electroosmotic drag coefficient that can lead to problems with water management in a PEMFC. Nafion has been extensively
studied because of its electrochemical applications such as chlor-alkali production and, more recently, fuel cells. Continued
research has sought to explain the high level of the ionomer ionic conductivity. Fuel cell membrane developers are focusing on
thinner membranes to decrease resistance and to alleviate the water management problems. Popular Nafion membrane products
for fuel cells include NE-112, NE-1135, N-112, N-105, N-115, and N-117. In fuel cell applications, Nafion serves as a solid
electrolyte to selectively transport protons across the cell junction. Tables 27.2 through 27.5 summarize the presently available
product information provided by DuPont for Nafion PFSA polymers.

27.4.1.1 Properties of Nafion PFSA Membranes

One activity at DuPont’s Fuel Cells Business Center is the development of a thinner membrane with sufficient mechanical
stability. Thinner membranes translate into higher current density, which in turn means a higher electrical efficiency. The trade-
off is a less mechanically robust membrane. Nafion membranes are nonreinforced films based on Nafion resin, a PFSA=PTFE
copolymer in the acid (Hþ) form. DuPont is especially marketing Nafion PFSA NR-111 and NR-112 membranes as
nonreinforced dispersion-cast films for that purpose. These membranes are delivered as a composite with the membrane
positioned between a backing film and a coversheet. This composite is wound on a 6 in. i.d plastic core, with the backing film
facing out, as shown in Figure 27.21.

The backing film facilitates transporting the membrane into automated MEA fabrication processes, while the coversheet
protects the membrane from exposure to the environment during intermediate handling and processing. In addition, the
coversheet (in combination with the backing film) eliminates rapid changes in the membrane’s moisture content, and stabilizes
the dimensions of the membrane as it is removed from the roll. A roll core leader is attached to the membrane, as shown in
Figure 27.21, when this option is desired by the customer. The roll core leader material is the same as the backing film.
The properties of these thin membranes are specified in Table 27.5.

27.4.1.2 Performance of DuPont Nafion Membranes

It is assumed that DuPont’s Nafion membranes are used in about 80% of all publications on PEMFCs. The simple reason is
that this was the only commercially available material for long time. Therefore, it is not possible to present here a complete

TABLE 27.1
Commercial Perfluorinated Ionomer Membranes Listed by Trade Name

Trade Name Company Membrane Type

Nafion XR resin DuPont Perfluorosulfonic acid (PFSA)
Nafion CR resin DuPont Perfluorocarboxylic acid
Flemion XR resin Asahi Glass PFSA
Flemion CR resin Asahi Glass Perfluorocarboxylic acid

Aciplex XR resin Asahi Chemical PFSA
Aciplex XR resin Asahi Chemical Perfluorocarboxylic acid

Source: From Doyle, M. and Rajendran, G., in W. Vielstich, H.A. Gasteiger, and A. Lamm (Eds.),

Handbook of Fuel Cells: Fundamentals, Technology and Applications, J. Wiley & Sons,
Chichester, 2003, pp. 351–395.)

Note: Du Pont de Nemours: Nafion membranes.

[–CF–CF2–(CF2–CF2)n–]m

O–CF2–CF2(O–CF2–CF2)n–SO3H

CF3

With typically:

n ~ 6

100 < m < 1000

FIGURE 27.20 Structure of Nafion. The characteristic value of proton-conducting polymer membranes is the EW, which is defined as the
weight of polymer that will neutralize one equivalent of base, and is inversely proportional to the IEC. The values n, m, n0 can be varied to
produce materials with different equivalent weights.
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TABLE 27.2
Thickness and Basis Weight Property Measurements Taken with Membrane
Conditioned to 238C, 50% RH

Membrane
Type

Typical
Thickness (mm)

Basis
Weight (g m�2)

Equivalent Weight
of Polymer That

Will Neutralize One
Equivalent of Base

N-112 51 (ca. 2 mils) 100 1100
NE-1135 89 (ca. 3.5 mils) 190 1100
N-115 127 (ca. 5 mils) 250 1100

N-117 183 (ca. 7 mils) 360 1100
NE-1110 254 (ca. 10 mils) 500 1100
N-105 127 (ca. 5 mils) na 1000

TABLE 27.3
Physical and Other Properties for EW 1100 Membranes. Conditioning State of Membrane
Given. Measurements Taken at 238C, 50% RH

Property Typical Value Test Method

Physical properties
Tensile modulus, MPa (kpsi)

50% RH, 238C 249 (36) ASTM D 882
Water soaked, 238C 114 (16) ASTM D 882

Water soaked, 1008C 64 (9.4) ASTM D 882

Tensile strength, maximum, MPa (kpsi)

50% RH, 238C 43 (6.2) in MD, 32 (4.6) in TD ASTM D 882
Water soaked, 238C 34 (4.9) in MD, 26 (3.8) in TD ASTM D 882

Water soaked, 1008C 25 (3.6) in MD, 24 (3.5) in TD ASTM D 882

Elongation at break, %

50% RH, 238C 225 in MD, 310 in TD ASTM D 882
Water soaked, 238C 200 in MD, 275 in TD ASTM D 882

Water soaked, 1008C 180 in MD, 240 in TD ASTM D 882

Tear resistance—initial, g mm�1

50% RH, 238C 6000 in MD, TD ASTM D 1004
Water soaked, 238C 3500 in MD, TD ASTM D 1004

Water soaked, 1008C 3000 in MD, TD ASTM D 1004
Tear resistance (g mm�1) of dry membrane increases
with thickness. Values given are typical for 0.05 mm membrane.

Tear resistance—propagating, g mm�1

50% RH, 238C >100 in MD, >150 in TD ASTM D 1922
Water soaked, 238C 92 in MD, 104 in TD ASTM D 1922
Water soaked, 1008C 74 in MD, 85 in TD ASTM D 1922

Specific gravity 1.98

Other properties

Conductivity, S cm�1 0.083 Conductivity measurement as described by Zawodzinski et al., J. Phys.
Chem., 95 (15), 6040 (1991) [170]. Membrane conditioned in
1008C water for 1 h. Measurement cell submersed in 258C D.I. water

during experiment. Membrane impedance (real) taken at zero imaginary
impedance.

Acid capacity, mequiv g�1 0.89 A base titration procedure measures the equivalents of sulfonic acid in the

polymer, and uses the measurement to calculate the acid capacity or
equivalent weight of the membrane.

Abbreviations: MD, machine direction; TD, transverse direction.
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overview of performance data with Nafion or other membranes. Furthermore, the performance depends strongly on the
conditions used as well as MEA preparation (catalyst loading, etc.). As a consequence, only the performance data from
the membrane manufacturer itself are reported. Figure 27.22 exhibits performance reports by DuPont in 2002 for a three-layer
MEA for neat hydrogen and reformate operation.

According to DuPont, good progress has been made in developing high-temperature operating membranes. Exploratory
research membranes in the temperature range of 1108C–1408C have been developed. A further development focus of DuPont
membranes is the DMFC application. Beside performance increase, the reduction in methanol permeation is an important aspect
of the development. In a presentation, DuPont showed the advantage of using thicker (7 mil) membranes compared to the thinner
(2 mil) Nafion 112, which shows good performance for hydrogen=air operation. Figure 27.23 demonstrates this observation.

TABLE 27.4
Hydrolytic Properties

Property Typical Value Test Method

Water content, % water 5 ASTM D 570. Water content of membrane conditioned to 238C,
50% relative humidity (RH), compared to dry weight basis.

Water uptake, % water 38 ASTM D 570. Water uptake from dry membrane to water soaked
at 1008C for 1 h (dry weight basis).

Thickness change, % increase

From 50% relative humidity (RH), 238C
to water soaked, 238C

10 ASTM D 756

From 50% RH, 238C to water soaked, 1008C 14 ASTM D 756

Linear expansion, % increase Average of MD and TD. MD expansion is slightly less than TD.

From 50% RH, 238C to water soaked, 238C 10 ASTM D 756
From 50% RH, 238C to water soaked, 1008C 15 ASTM D 756

Abbreviations: MD, machine direction; TD, transverse direction.

TABLE 27.5
Properties of Nafion NR-111 and NR-112 Membranes

Thickness and Basis Weight Properties

Membrane type Typical thickness (mm) Basis weight (g m�2)
NR-111 25.4 50
NR-112 50.8 100

Physical properties

Machine direction (MD), transverse
direction (TD)

NR-111 NR-112

Property, measured at 50% relative

humidity (RH), 238C

MD TD MD TD Test method

Tensile strength, maximum, MPa 23 28 32 32 ASTM D 882
Non-std modulus, MPa 288 281 266 251 ASTM D 882

Elongation to break, % 252 311 343 352 ASTM D 882

Other properties, hydrogen crossover measured at 228C, 100% RH and 50-psi delta pressure

Specific gravity (238C, 50% RH) 1.97 1.97 DuPont
Acid capacity (mequiv g�1) 0.95� 0.04 0.95� 0.04 DuPont

Hydrogen crossover (mL min�1�cm2) <0.020 <0.010 DuPont

Hydrolytic properties, water content of membrane conditioned to 238C and 50% RH (dry weight basis). Water uptake from dry membrane

to conditioned in water at 1008C for 1 h (dry weight basis)

Water content, % water 5.0� 3.0% ASTM D 570
Water uptake, % water 50.0� 5.0% ASTM D 570

Linear expansion, % increase

From 50% RH, 238C to water soaked, 238C 10 ASTM D 756
From 50% RH, 238C to water soaked, 1008C 15 ASTM D 756

Source: From DuPont, www2.dupont.com.
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Another finding reported by DuPont is that the equivalent weight (EW) exhibits a pronounced influence on performance
and methanol permeation. Whereas the highest performances were found with low EW membranes, the membranes with high
EW had the lowest relative methanol permeation (Figure 27.24). According to DuPont, a 2 mil experimental membrane is in
development which exhibits better performance for DMFCs compared to the 7 mil commercial membrane.

27.4.1.3 Synthesis of PFSA Monomers and Polymers

The synthesis of the monomers as well as the polymerization of PFSA membranes involve dangerous reactions under
conditions of high pressure and temperature. Additionally, the synthesis of the comonomer that is commonly referred to as
perfluorosulfonylfluoride ethyl propyl vinyl ether (PSEPVE) involves numerous steps with low yields. These factors contribute
to the cost of these materials. The synthesis routes described in detail by Doyle and Rajendran are summarized here. The
synthesis of the long-chain PFSA monomers used in commercial systems like Nafion, Flemion, and Aciplex proceeds through

Start of membrane on roll

Backing film

Membrane

Coversheet

Overlap splice between
membrane and roll core leader

Roll core leader

Double-stick tape

Backing film

Membrane

Coversheet

Peal-back and remove coversheet
in the splice area

FIGURE 27.21 Top: diagram of DuPont’s Nafion PFSA NR-111 and NR-112 membranes showing roll unwind orientation (backing filn
facing out). Bottom: splice design for attaching roll core leader to membrane. (From DuPont, www2.dupont.com.)

Performance of DuPont: MEA-3L
1.0

0.9

0.8

0.7

0.6

0.5

0.4

V
ol

ta
ge

 (
V

)

Current density (mA cm�2)

1.25 H2/1.65 Air 65°C

P
ow

er
 d

en
si

ty
 (

W
 c

m
�

2 )

0.3

0.2

0.1

0.0
0 200 400 600 800 1000

0

0.1

0.2

0.3

0.4

0.5

0.6

Reformate—30% H2, 10 ppm CO,
balance CO2, N2

100% Hydrogen

FIGURE 27.22 Performance for DuPont membrane electrode assembly three-layer (DuPont MEA-3L). (From DuPont 2002, www2.
dupont.com.)

Pabby et al./Handbook of Membrane Separations 9549_C027 Final Proof page 780 13.5.2008 2:08pm Compositor Name: BMani

780 Handbook of Membrane Separations



the reaction of SO3 with tetrafluoroethylene (TFE) to form a cyclic sultone. A rearrangement of the cyclic compound yields the
so-called rearranged sultone (RSU), which is reacted with hexafluoropropylene oxide (HFPO) to produce sulfonyl fluoride
adducts. Heating these compounds in the presence of sodium carbonates yields the comonomer PSEPVE. The synthesis is
illustrated in Figure 27.25 from Doyle and Rajendran [8]. Polymerization is typically performed in perfluorocarbon solvents
with a perfluorinated free-radical initiator such as perfluoroperoxide.

The short-chain version of the perfluorosulfonylfluoride vinyl ether monomer is highly desirable for obtaining membranes
with improved functionalities. Ionomers with a short chain were intensively developed by Dow Chemical in the early 1990s
and almost obtained commercial status. However, the development was abandoned, partly because the synthesis of the short-
chain monomer is substantially more challenging. The Dow membrane was based on a copolymer of TFE and
CF2¼CFOCF2CF2SO2F. Since the shorter side chain makes the ionic concentration higher for the same EW, the Dow
membrane showed higher conductivity and higher water uptakes under similar conditions. Testing of the Dow polymer in
PEMFCs by Ballard in 1987–1988 showed significant improvement in performance compared to Nafion 117 (three times better
current density at 0.5 V was reported). The typical functional comonomers of the relevant perfluorinated membranes are given
in Figure 27.26 from Doyle and Rajendran.
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Industrial production of perfluorinated ionomers, Nafion membranes, and all perfluorinated membranes is costly due to
several factors: first, the monomers used are expensive to manufacture, since the synthesis requires a large number of steps
and the monomers are dangerous to handle. The precautions for safe handling are considerable and costly. Secondly, the
PSEPVE monomer is not used for other applications, which limits the volume of production. The most significant cost driver is
the scale of production. Today, the volume of the Nafion market for chlor-alkali electrolysis (150,000 m2 year�1) and fuel cells
(150,000 m2 year�1) is about 300,000 m2 year�1, resulting in a production capacity of 65,000 kg year�1. When compared to
large-scale production of polymers like Nylon (1.2� 109 m2 year�1), the perfluorinated ionomer membrane is a specialty
polymer produced in small volumes.

DuPont predicted in a communication from 1998 that they consider a price of no more than $10 kW�1 realistic in mass
production. This prediction was, however, based on optimistic forecasts for transportation applications. The volumes quoted in
the press release were 150,000 midsized vehicles (which corresponds to more than 1 million m2 worldwide for economics of
scale). In 2002, DuPont’s expectation for a production volume of 1 million m2 was about $25 kW�1 (Figure 27.27). The rule
of thumb is to keep the membrane at 5% of the total fuel cell cost. A fairly common figure presently quoted for Nafion is
$500 m�2, although that varies depending on volume and on customer buying power. Several small-scale users have reported
much higher costs. DuPont claims that process improvements combined with increasing market volume have yielded, on
average, a 50% reduction in the market price of Nafion over the past 3 years. The company has in place a comprehensive, long-
term technology and capital investment plan to continue this trend in price reduction. DuPont has reported a market price of
Nafion membranes at about $100 kW�1 for the membrane material in a typical reformed hydrogen fuel cell system.

27.4.1.4 Short Side Chain Perfluorinated Sulfonic Acid Membranes

Dow Chemical tested an experimental membrane named XUS 13204.1 in the late 1990s. These Dow experimental membranes
are structurally and morphologically similar to the Nafion ionomers, but have shorter side chains and lower equivalent
weights in the 800–850 range [69]. The experimental membrane had a reportedly shorter anion–anion distance, which gave
it a slight increase in conductivity and greater water retention capability. A thickness of 50–51 mm was considered possible.
The patents and related property were reportedly part of the now terminated licensing agreement between Dow and DuPont.
The lower equivalent weight ion-selective membranes decrease resistance and therefore lead to power density increase in
PEMFCs. According to several sources, an experimental membrane from Dow reportedly exhibited a fourfold increase
in power density compared to the Nafion 117 membrane. The disadvantages of lower EW are high swelling in water and
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FIGURE 27.25 Synthesis process for Nafion membrane comonomer PSEPVE. (Reproduced from Doyle, M. and Rajendran, G., in
W. Vielstich, H.A. Gasteiger, and A. Lamm (Eds.), Handbook of Fuel Cells: Fundamentals, Technology and Applications, Vol. 3, J.
Wiley & Sons, Chichester, 2003. With permission.)
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FIGURE 27.26 Typical functional comonomer structures for each ionomer system. (Reproduced from Doyle, M. and Rajendran, G., in
W. Vielstich, H.A. Gasteiger, and A. Lamm (Eds.), Handbook of Fuel Cells: Fundamentals, Technology and Applications, Vol. 3, J. Wiley &
Sons, Chichester, 2003. With permission.)
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low durability. More recently, similar performances of the experimental Dow membrane and other membranes have been
observed [70] (Figure 27.28).

Investigations on Dow membranes can be found in Refs. [70–82]. Solvay Solexis has started a research and development
project to create new ionomer membranes for fuel cells and other applications similar to the Dow concept. The development
is based on Solexis’s capability for producing sulfonylfluoridevinylether by a much simpler route than the original Dow
synthesis [83]. The Solexis route is schematically represented in Figure 27.29 and the monomer can be produced on
an industrial scale. The SSC monomer and TFE are copolymerized by free-radical polymerization to obtain the polymers in
Figure 27.30 (named Hyflon Ion).

Starting from the monomers, ionomers are synthesized by taking advantage of a proprietary microemulsion polymerization
process. This technology, broadly applied to the polymerization of other fluoropolymers, is able to give very high polymeri-
zation kinetics and high-molecular-weight polymers with accurate control of the molecular structure. This fully fluorinated
proton-exchange polymer known as Hyflon Ion short side chain polymer obtains results similar to Nafion in fuel cells. This
polymer has been used with success in DMFCs up to 1308C within the framework of the EU DREAMCAR program and tested
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up to 1108C in hydrogen fuel cells. A solution of Hyflon Ion polymer is also available and will be used as a binder reference
polymer in MEAs.

Solvay Solexis has reported composite membranes which have been prepared with EW from 750 to 1100 g mol�1 and
thicknesses from 20 to 80 mm. The ionomer in the acid form, dissolved at ambient or high temperature in water–ethanol
mixtures, has been used to impregnate perfluorinated porous supports. These membranes have also shown high conductance as
expected considering the low thickness. The casting method, used on a laboratory scale to prepare small membrane samples,
was considered by Solexis to be quite complex and is especially susceptible to inconsistency, so not easily industrially viable.
Moreover, for the more crystalline higher EW polymers, the limited gain in mechanical stability due to the support is countered
by a loss in conductivity due to the presence of a fraction of volume that is occupied by the nonconducting material. Therefore,
self-supported semicrystalline membranes have been prepared with an EW higher than 750 g mol�1 and as slim as 15 mm.
These membranes reportedly showed very good conductance and also very good mechanical properties. Furthermore, the
ionomer, tuned with the appropriate molecular weight distribution, yielded high-quality and consistent membranes by film
extrusion. This last process appeared to be the most viable and low-cost industrial process. Efforts were therefore made to select
the ionomer that yielded the best combination of processability, conductance, mechanical properties, and dimensional stability,
while also being able to guarantee extremely low membrane thickness and high duration. The reported performance results are
presented in Figure 27.31 (no operating conditions were specified). The mechanical properties of Hyflon Ion–FM membranes
and other commercial membranes are reported in Table 27.6 and expanding=shrinking characteristics on hydration=dehydration
are reported in Table 27.7. Solvay also has access to the polysulfone polymer known under the trade name UDEL. Different
grades of this polymer are available and can be supplied to partners on request. Some work on the sulfonation of this polymer in
solution has already been carried out within the framework of the EU DREAMCAR project.

Fully assembled five- and seven-layer (include integrated gaskets) MEAs from matched components have been developed
by 3M. A further development activity aims at high-speed precision coating technologies and a proprietary, automated MEA
production process with online defect inspection. According to 3M, combining manufacture and component integration ensures
product uniformity and low defect levels, resulting in high-quality, durable MEAs. A new PFSA-containing membrane has
been developed based on a new perfluorinated monomer developed at 3M. This new membrane is designed to have improved
thermomechanical properties at higher temperatures compared to currently available PFSAs. The characteristics of the new 3M
membrane are summarized below, according to statements by 3M [84]:

. Cast 30-mm membrane

. Equivalent weight of 980

. Tg¼ 1258C dry

. High modulus over a wide temperature range

. Equivalent or superior conductivity compared to other commercially available membranes

. Equivalent water absorption characteristics to Nafion-based membranes

The properties are summarized in Table 27.8.

CF2=CF2

CF2=CF–O–CF2–CF2–SO2F CICF2–CFCl–O–CF2–CF2–SO2F

FO–CF2–CF2–SO2F
SO3 [CsF]/F2

CIFC=CFCI

CF2 CF2

O SO2

FIGURE 27.29 Solexis’s route for synthesizing the SSC sulfonylfluoridevinylether monomer. (From Arcella, V., Ghielmi, A., and
Tommasi, G., Ann. N.Y. Acad. Sci., 984, 226, 2003.)

(CF2    CF)n    (CF2    CF2)m

OCF2CF2SO2F

(A) (B)

(CF2    CF)n    (CF2    CF2)m

OCF2CF2SO3H

FIGURE 27.30 Structure of (A) Hyflon Ion and (B) Hyflon Ion H. (From Arcella, V., Ghielmi, A., and Tommasi, G., Ann. N.Y. Acad. Sci.,
984, 226, 2003.)
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FIGURE 27.31 (A) Comparison between polarization curves obtained with (&) a self-supported (melt extruded) and (*) supported (on
expanded PTFE) membrane. Both membranes have the same thickness (20 mm) and were prepared with the same ionomer (Hyflon Ion,
equivalent weight (EW)¼ 900). (B) Comparison between polarization curves obtained with Hyflon Ion–FM EW¼ 900 membranes of various
thicknesses (* 65 mm, & 40 mm, and ~ 20 mm) and * a Gore-Select membrane. (From Arcella, V., Ghielmi, A., and Tommasi, G., Ann. N.Y.
Acad. Sci., 984, 226, 2003.)

TABLE 27.6
Stress and Strain at Break for Hyflon Ion–FM Membranes and Other
Commercial Membranes, Measured at RH¼ 50% and 238C

Stress (MPa) Strain (%)

Membrane MD TD MD TD

Hyflon Ion–FM EW¼ 800 14 15 100 125
Hyflon Ion–FM EW¼ 900 22 17 70 110

Nafion 115 23 18 85 110
Gore-select 32 17 — —

Source: From Arcella, V., Ghielmi, A., and Tommasi, G., Ann. N.Y. Acad. Sci., 984, 226, 2003.

Note: Membranes pretreated by soaking in water at 1008C for 30 min.
Abbreviations: MD, machine direction; TD, transverse direction.

TABLE 27.7
Dimensional Increase (%) in the Plane Directions from the Dehydrated
to the Hydrated State (Water Soaking at 258C and 1008C) for Hyflon
Ion–FM Membranes and Other Commercial Membranes

Membrane

258C 1008C

MD TD MD TD

Hyflon Ion–FM EW¼ 800 7 8 18 20
Hyflon Ion–FM EW¼ 900 2 5 6 16
Nafion 117 8 10 10 12

Nafion 115 2 10 4 20
Gore-select — — 3 3

Source: From Arcella, V., Ghielmi, A., and Tommasi, G., Ann. N.Y. Acad. Sci., 984, 226, 2003.
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The performance curves given by 3M are presented in Figure 27.32. 3M has further reported performance reproducibility
and durability. Figure 27.33 illustrates cell-to-cell variability in a 60-cell stack with 3M MEAs. For this system, the standard
deviation in performance across the 60 cells was less than 5 mV. The MEAs in this stack were 3M seven-layer MEAs in which
cell compression was limited by the integrated gasket. Figure 27.34 shows the performance durability of a 3M MEA tested at
Osaka Gas in a 25 cm2 single cell. In this single-cell test, the 3M five-layer MEA achieved more than 17,000 h of continuous
operation with approximately 2 mV 1000 h�1 decay. In addition to the single-cell data shown in Figure 27.34, 3M five-layer
MEAs have also been tested in short stacks. Figure 27.35 shows performance in an eight-cell short stack at 708C under
simulated reformate fuel with anode airbleed. More than 9000 h of operation were achieved with a decay of approximately
5 mV 1000 h�1.

In a recent product bulletin, 3M reported the typical performance data for their seven-layer MEAs (Figure 27.36). The 3M
MEA is a seven-layer construction consisting of a proton-exchange membrane, an anode electrode, a cathode electrode, two
GDLs, and two integrated seals=gaskets. The 3M MEA is produced using high-speed continuous automated assembly
equipment.

27.4.2 MECHANICALLY REINFORCED PERFLUORINATED MEMBRANES

27.4.2.1 PFSA Ionomer in Expanded Porous PTFE, Gore-Select Membranes

The company W.L. Gore & Associates (Elkton, Maryland) develops membranes under the name Gore-Select consisting of a
microporous stretched PTFE (expanded PTFE porous sheet) membrane filled with perfluorinated ionomer. The microporous
PTFE matrix provides the mechanical strength and therefore, the thickness of the membrane can be reduced considerably and a
thickness of 20–40 mm is commonly used leading to lower ionic resistances. The specific resistance of Gore-Select membranes
is relatively high compared with nonreinforced membranes, but this is compensated by the small thickness and by lower
equivalent weight ionomers. The membrane is composed of a micronetwork of nodes and fibrils with a continuous internal void
volume in which the ionomer is introduced. The expanded PTFE technology has been refined and applied to a variety of

TABLE 27.8
Physical Properties of the 3M Membrane and Cast Nafion

Tensile Testa Puncture Notch Teara Hydration

Modulus
(Initial)
(psi)

Modulus
>20%

Extension
(psi)

Break
Stress (psi)

Strain at
Break (%)

Puncture
Peak

Load (g)

Puncture
Elongation
at Peak

Load (mm)
Peak

Load (g)
Mass

Change (%)
xy Dimensional

Changea

3M 43,681 1,220 4,345 136 53 1.56 75 40 17

Nafion 35,123 1,138 3,974 184 53 2.22 73 43 21

Source: From Rivard, L., Pierpont, D., Freemyers, H., Thaler, A., and Hamrock, S., Abstracts of the 2003 Fuel Cell Seminar, 2003.
a Test results are the average of downweb and crossweb film directions.
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applications including use as a PEM in MEAs. In the mid-1990s, Gore began to work on expanded PTFE, which was then
applied to PEMFCs. Their MEA is covered in U.S. Patent 5,547,551 issued in 1996 [85]. The fabrication of Gore-Select
membranes is described in the patent. The important step is the impregnation with ionomer solution by brush (Figure 27.37).
The company does not intend to actively market Gore Select, but will use it in its catalyzed PRIMEA MEA. Gore claims to be
the highest MEA volume supplier in the world with a capacity for membrane and MEA fabrication of 100,000 m2 per year.
Gore has demonstrated a current density of 1200 mA cm�2 at 0.6 V at ambient pressure with hydrogen or reformate fuel.
Operating temperatures range from ambient to 608C–808C. The company is carrying out research to address activation and
mass-transport limitations and advance the performance of the PRIMEA power assemblies. A current goal is to achieve
400 mA cm�2 at 0.8 V. PRIMEA MEAs have been used in many PEM vehicle demonstrations, including vehicles such as the
NJDOT Venturer, which operates on compressed hydrogen, and the NJDOT Genesis, which uses Millennium Cell’s sodium
borohydride as a hydrogen storage medium. Currently, PEMFC stack technology is being targeted at three major market
sectors: portable power, residential, and transportation. Each market is driven by a different combination of features, such as
power density, size, and life cycle cost. Gore adapts its MEAs to the specific application by optimizing the ionomer for the
requirements. In this respect, specifically developed MEAs with increased performance or with improved durability are
reported. The names used by W.L. Gore are the PRIMEA series 56x for the next generation of stationary applications
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(presently 5621), the series PRIMEA 57 for transportation systems, and series 58 for portable applications. The reported
properties of the MEAs are listed in Table 27.9.

According to Gore, one of the most important criteria in identifying a practical membrane material for MEA manufacturing
and membrane service is tear strength or tear resistance. Cleghorn et al. compared reinforced Gore-Select membranes and
nonreinforced Nafion 112 and determined the stress required to propagate a membrane tear using (ASTM) test 1922–1994a
[86]. The results indicate that both membrane types are anisotropic and have greater tear resistance in the machine direction,
and reduced tear resistance when hydrated. However, Gore-Select membranes reportedly show superior tear-resistant properties
compared to Nafion 112 membranes. Even the hydrated transverse direction for the Gore-Select membrane is more tear
resistant than the dry transverse direction for Nafion 112 membranes (Figure 27.38).

As can be seen in Figure 27.39, the voltage loss at 800 mA cm�2 of the PRIMEA 56 MEA is in the range of 5 mV h�1. The
development goal is <1 mV h�1 to achieve the 40,000 h requirement for stationary applications. In 2003, Gore reported
technology status for automotive applications in comparison to their goals (Table 27.10). Surprisingly, a relative humidity
below <50% is indicated as already having been achieved in state-of-the-art MEAs with high power density requirements.
Gore has reported intensive activity regarding accelerated life test procedures [86,87].
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Figure 27.40 shows the efforts to reduce noble metal content in MEAs under conditions, suitable for transportation
applications. Although a significant reduction in Pt has been achieved in the series 57 MEA, further reduction in platinum is
required. Gore’s low-loading development still shows good performance, but it is markedly lower compared to the 57 series.

27.4.2.2 PFSA Ionomer with PTFE Fibril Reinforcement; Asahi Glass; Flemion

Asahi Glass Co., Ltd. (AGC) manufactures Flemion, which is based on a PTFE fibril reinforcement which was originally
developed for chlor-alkali electrolysis. AGC has participated in the NEDO’s PEMFC R&D programs and has developed
ion-exchange membrane technologies for PEMFCs since 1992. In the first phase of the NEDO’s program, various chemical=
physical properties of Flemion membranes were investigated. In the second phase, fundamental properties required for practical
use of PEMFCs were evaluated for Flemion membranes that have various thicknesses and ion-exchange capacities, and AGC
successfully developed a new technology for membrane reinforcement. In the third phase of program, AGC has been
developing some basic technologies for high power density-type MEAs and for high-temperature-type MEAs.

Reinforcement of Membranes: AGC’s fabrication method consists of dispersing a small amount of PTFE fibers in a polymer
matrix consisting of a perfluorosulfonic resin with high-ion-exchange capacity (IEC) (EW 909). In addition (according to Asahi
Glass), a novel stretching method is used which leads to an evenly enlarged film with less than 50 mm. The structure of the fibril-
reinforcement is shown in Figure 27.41. Nearly 2%–5% of the PTFE microfiber weight is dispersed in the perfluorosulfonic resin.
Various mechanical properties are controlled by optimizing the fibril content, length and radii of PTFE fibrils, and other parameters.
The trade name for Asahi Glass membranes is Flemion. The Flemion FR30 is 30 mm thick and the SH50 is 50 mm thick [88].

Thin porous PTFE sheet (<25 µm)

Mounting on embroidery hoop

Impregnation of ion-exchange material/surfactant solution by brush

Drying at 140�C, 30 s

Drying at 140�C, 30 s

Drying at 140�C, 30 s

Impregnation of ion-exchange material/surfactant solution by brush

Rinsing with distilled water

Drying at room temperature

Boiling in distilled water, 30 min

Soaking in IPA, 2 min

Coating of ion-exchange material/surfactant solution

FIGURE 27.37 Fabrication scheme of Gore-Select described in U.S. Patent 5,547,551. (Reproduced from Nakao, M. and Yoshitake, M., in
W. Vielstich, H.A. Gasteiger, and A. Lamm (Eds.), Handbook of Fuel Cells: Fundamentals, Technology and Applications, Vol. 3, J. Wiley &
Sons, Chichester, 2003. With permission.)

TABLE 27.9
Properties of W.L. Gore Membrane Development

Stationary Applications, 56x Transportation Applications, 57 Portable Applications, 58

Highest durability Highest power density Highest power density for dry gas operation
Lowest cost per kilowatt hour Lowest cost per kilowatt system Lowest cost per kilowatt system
Commercially available Highest operational flexibility Simplified system design
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The key parameter in the preparation of a thin and flat membrane with fibril reinforcement is the uniform dispersion of the
fibrils in the matrix. Furthermore, the overall flatness of the membrane is important for coating the electrodes. Asahi Glass’s
new preparation method is disclosed in European Patent EP1,139,472 [89,90]. A precursor polymer and PTFE powder
are kneaded, pelletized, and subsequently extruded to make a thicker base film. This base film is stretched (using a supporting
film) to form a thin cationic film. This film then undergoes alkali and acid treatment. The process is schematically illustrated in
Figure 27.42. Table 27.11 lists the properties of reinforced and nonreinforced Flemion membranes. The reported durability of
the Flemion membranes is also relatively good (Figure 27.43).

Asahi Glass’s developments concerning high power density-type MEAs are represented in Figure 27.44, which shows the
structure of an MEA at the cathode side, whereby the cathode is fabricated from catalysts and ionomers. Asahi Glass is trying to
accommodate all the electrode requirements with improved ionomers and hydrophobic components in the electrode structure.
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TABLE 27.10
MEA Requirements for Commercial Fuel Cell Vehicles—MEA Technology Development Goals

Current Demonstration Vehicles PRIMEA Series 57 MEA MEA Needs for Commercial Fuel Cell

Vehicle cost (assume dictated by
platinum cost)

1 g Pt kW�1 (at 0.6 V)
(75 g for a 75 kW engine)

<0.2 g Pt kW�1 (>0.6 V)
(15 g for a 75 kW engine)

Operating conditions (temperature) Tcell 808C Tcell 1108C–1208C
Relative humidity (RH) <50% RH <25%

Pressure <270 kPa Pressure <150 kPa
Durability (membrane life) MEA life-accelerated conditions (approximately

1500 h, and <30 mV h�1) (voltage decay rate)
MEA life of 5000 h, consider freeze=thaw,
cold start, stop=start, and duty cycle

Source: From Gore, W.L.

(B)

PTFE-fibril
diameter: sub-µm

(A)

Flemion polymer

20–50 µm

FIGURE 27.41 (A) Schematic representation of a fibril-reinforced membrane and (B) a cross-sectional image after tearing. (Reproduced
from Nakao, M. and Yoshitake, M., in W. Vielstich, H.A. Gasteiger, and A. Lamm (Eds.), Handbook of Fuel Cells: Fundamentals,
Technology and Applications, Vol. 3, J. Wiley & Sons, Chichester, 2003. With permission.)
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They are developing high-performance MEAs using candidate materials for improving power density such as high IEC
ionomers, new ionomers with high oxygen solubility, and soluble fluoropolymers (Cytop) [91].

Asahi Glass is developing an undisclosed new polymeric ionomer with a superior oxygen solubility and permeability
especially for electrodes [91]. Table 27.12 gives the values reported by Asahi Glass. A somewhat better performance is
achieved with the new polymer in the electrode (Figure 27.45).

TABLE 27.11
Comparison of Reinforced and Nonreinforced Flemion

Membrane Type
Reinforced 2–3 wt%

PTFE Fibril Nonreinforced

AC resistivity (V cm) 808C, 95% relative

humidity (RH)

7–8

H2 permeability (cm2 s�1cm�1 Hg), 808C,
humidified at 808C

10�8 8� 10�9

Elastic modulus (kg mm�2), 858C, 95% RH 9.3 2.8
Tear strength (N mm�1), 258C, 50% RH 2.7 0.5
Viscoelasticity (dyn cm�2), 258C, 85% RH 5 to 6� 10�8 1 to 2� 10�9

Source: From Hommura, S., Kunisa, Y., Terada, I., and Yoshitake, M., J. Fluorine Chem., 120,
151, 2003.

Pellet of composite

Thick base film

Stretching

Hydrolysis and acid treatment

Fibril-reinforced membrane

Ionomer PTFE powder

FIGURE 27.42 Fabrication of PTFE fibril-reinforced Flemion. (Reproduced from Nakao, M. and Yoshitake, M., in W. Vielstich, H.A.
Gasteiger, and A. Lamm (Eds.), Handbook of Fuel Cells: Fundamentals, Technology and Applications, Vol. 3, J. Wiley & Sons, Chichester,
2003. With permission.)
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Hydrogen and oxygen permeabilities of Flemionmembranes have been reported in two publications, one from 1998 concerning
nonreinforcedmembranes with different thicknesses and amore recent publication concerning the comparison of nonreinforced and
reinforced 50 mm thick membranes [88,92]. The trade names, IECs, and further remarks on the membranes investigated are
summarized in Table 27.13. The hydrogen and oxygen permeabilities of these membranes are given in Figure 27.46.

In the development of high-temperature membranes, Asahi is experimenting with different polymer backbones leaving
the side chain unchanged. It was found that the softening temperature of the new membrane is 408C higher than that
of conventional Flemion. However, mechanical properties are reported to be insufficient and no performance data with

TABLE 27.12
Oxygen Solubility of Flemion, PTFE, and New Polymer

P� 1013 D�106 S�106

cm3(STP) . cm . cm�2
. s�1

.Pa�1 cm2
. s�1 cm3(STP) . cm�3

.Pa�1

Flemion (IEC1.1) 0.40 0.026 1.5
PTFE 3.2 0.15 2.1

New polymer 138.6 2.28 6.1

Source: From Yamada, K. et al. Abstracts of the 2003 Fuel Cell Seminar, 2003.
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FIGURE 27.44 (See color insert following page 588.) Pictorial depiction of the development activities of Asahi Glass. (From Yamada,
K. et al. Abstracts of the 2003 Fuel Cell Seminar. 2003.)
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the new membrane have been reported so far. Figure 27.47 shows the I–U curves of the MEAs using FlemionRf2 and FlemionR,
both having the same membrane thickness. The cell performances are nearly equal to those using a nonreinforced membrane.

27.4.2.3 PFSA Ionomer and PTFE Reinforcement at Asahi Kasei; Aciplex Membranes

Asahi Kasei develops membranes mainly for chlor-alkali electrolysis technology with Aciplex F PFSA membranes. The
Aciplex F membrane is employed in plants with a total production capacity of over 5 million tons of sodium hydroxide

TABLE 27.13
IEC and Thickness of Membranes as Reported by Asahi Glass

Membrane IEC
(mequiv g�1)

PTFE-Fibril
Content (%)

Thickness
(mm) Remarks

FlemionRf2 1 2.7 50 PTFE-fibril reinforced (2003)

FlemionR 1 — 50 AGC’s standard membrane in NEDO’s
PEMFC program (2003)

Nafion 112 0.91 — 50 Membrane for comparison (2003)
FlemionR 1 — 50 Nonreinforced (1998)

FlemionS 1 — 80 Nonreinforced (1998)
FlemionT 1 — 120 Nonreinforced (1998)
Nafion 117 0.91 — 127 Membrane for comparison (1998)

Sources: From Hommura, S., Kunisa, Y., Terada, I., and Yoshitake, M., J. Fluorine Chem., 120, 151, 2003; Yoshida,
N., Ishisaki, T., Watakabe, A., and Yoshitake, M., Electrochim. Acta, 43, 3749, 1998.
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per year. Since 1996, Asahi Kasei has been developing Aciplex membranes for PEMFCs under a grant from NEDO in view of
the rising expectations for the adoption of PEMFCs as an alternative energy source in both transportation and stationary
applications and with the specific purpose of identifying the membrane properties required for durable fuel cell stacks. Asahi
Kasei is also focusing its activities on reinforced membranes. Reinforced membranes namely Aciplex-S-AH and Aciplex-S-H-EH
of 100, 150, and 200 mm thickness have been reported which use reinforcing webs of 150 and 200 denier PTFE, respectively.
These membranes have been modified for the conditions of their hydration to increase their water content in comparison to
conventional nonreinforced membranes. The dimensional stability of the reinforced membranes, in terms of dimensional
change between their wet and dry states, was considerably improved. Shrinkage in drying is reportedly <10% for each of the
reinforced membranes, and 14.9%–18.8% for the nonreinforced membranes. As with the previous reinforced membranes,
the tensile strength of the reinforced membranes is about twice that of nonreinforced Aciplex-S membranes. The reinforced
membranes also show considerably less creep under stress than the other membranes [93].

A new effort by Asahi Kasei involves the development of thermostable membranes for high-temperature cell operation
(Table 27.14), based on perfluorocarbon material to satisfy both high performance and high durability by focusing on the
design of the polymer structure (Figure 27.48). They are probably modifying the polymer backbone to improve thermal
stability. They have achieved a 208C–308C higher glass transition temperature Tg for this new polymer material compared to
that of conventional membranes [93]. The performance of the new thermostable membrane as compared to that of Aciplex
S1002 (Figure 27.49), is significantly improved [93].

TABLE 27.14
Overview of Membranes Reported by Asahi Kasei

Membrane Type
Membrane Equivalent

Weight (EW) (g equiv�1)
Thickness
(mm) Remarks

Themostable membrane-1 710 25, 50 New polymer material
Themostable membrane-2 970 25 New polymer material
Aciplex SF-1001,

Aciplex SF-1002

950 25, 50 Highly durable membrane

Aciplex SF-1003 1020 25 Highly durable membrane
Aciplex S1001X 950 25 Conventional membrane, new polymerization,

and film formation process

Aciplex S1002 950 50 Conventional membrane, new polymerization,
and film formation process

Source: From Wakizoe, M., Kodani, T., and Ota, T., Abstracts of the 2003 Fuel Cell Seminar, 2003.
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FIGURE 27.47 Cell performance of an MEA using FlemionRf2 and FlemionR in a single cell (gas: H2=air, pressure: 0.15=0.15 MPa,
electrode area: 25 cm2, cell temperature: 808C, Pt loading: 0.4=0.4 mg cm�2). (Reprinted from S Hommura, S. et al. J. Fluorine Chem., 120,
151, 2003. With permission from Elsevier.)
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An independent study by the Dalian Fuel Cell R&D Center, Dalian Institute of Chemical Physics, China, investigated
several perfluorinated membranes, namely Nafion, Flemion, Shanghai (Shanghai Institute of Organic Chemistry), and Aciplex
membranes [94]. The performance of Aciplex 1002, 1004, 1104 is presented in Figure 27.50. The conditions for the
comparison are as follows: The electrodes were prepared according to a Dalian procedure (20 wt% carbon-supported-platinum
[Pt=C] catalyst, carbon paper, PTFE suspension [Teflon T-30, DuPont]), and a Nafion solution (Aldrich, 5 wt% in 15%–20%
water=low aliphatic alcohol, 1100 equiv wt) was used for electrode preparation. The catalyst layer (Pt loading of 0.4 mg cm�2)
of the electrodes was impregnated with Nafion solution with Nafion loading 1 mg cm�2. Two electrodes with an active area of
5 cm2 were hot-pressed to one piece of membrane at 1358C to form the MEA, which was then tested in a single cell. Pure
hydrogen (99.9%) and pure oxygen (99%) were used for fuel and oxidant with gas pressures 0.30 and 0.50 MPa, respectively.
The fuel cells were operated at 808C.

This chapter also presents a comparison between Nafion 112 and Aciplex 1002 membranes, showing almost indistinguish-
able performance in the lower current density region (Figure 27.51). At higher current density, the superior behavior of Aciplex
was attributed to the lower EW of the Aciplex membranes [94].

27.4.3 PARTIALLY FLUORINATED IONOMERS

27.4.3.1 FuMA-TECH Membranes

FuMA-Tech is an established manufacturer of ion-exchange membranes and belongs to the (Best Water Technology) BWT
Group based in Austria. With 65 group companies and some 2700 employees, the BWT Group is the leading water
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technology company in Europe. FuMA-Tech GmbH develops membranes for PEMFC. FuMA-Tech is the only supplier to
offer both fluorinated and nonfluorinated membranes for PEMFCs and DMFCs with application temperatures of up to
1308C. Catalyzed membranes for fuel cells and water electrolysis are manufactured as well. FuMA-Tech offers two
membrane families for fuel cell applications. For standard applications in hydrogen=air or oxygen environment, the partially
fluorinated (highly conductive and chemically stable) FKH series ranging from 950 to 1500 equiv wt is offered. The
membranes are available in two thicknesses and two configurations (not specified). It is stated that membrane electrode
processing by way of a standard hot-pressing protocol is possible and that reliable and reproducible results have been
obtained. A second class of partially fluorinated membranes consists of glass fiber reinforced FKH=60GF, which was
developed to avoid wrinkling and uncontrolled membrane swelling caused by the solvents in most catalyst ink or paste
formulations. Besides this feature, the membrane is reported to be insusceptible to mechanical stress. The FKE membranes
using polyketone-type sulfonic acids are a completely different type of membrane, being nonfluorinated and intended for
medium-temperature applications above 1008C and DMFCs (Table 27.15). According to FuMa-Tech these membranes are
offered in standard sheets measuring 30 cm by 30–200 cm. Other dimensions and rollware have to be requested. Curves reported
by FuMA-Tech are presented in Figure 27.52.

27.4.3.2 Poly(a,b,b-Trifluorostyrene) and Copolymers; Ballard Advanced Materials

Ballard Advanced Materials (BAM) ionomers are sulfonated copolymers of trifluorostyrene and substituted trifluorostyrene
monomers. BAM, a subsidiary of Ballard Power Systems, investigated the conducting polymers based on polyphenylquinoxaline
(PPQ). These can be sulfonated in a wide range and were referred to as BAM1G (Ballard first generation) membranes, but these
membranes were found to have short durability. To overcome this problem, BAM developed a second generation of advanced
membranes based on two distinct material types. The first material type consisted of a series of sulfonated poly(2,6-diphenyl
1,4-phenylene oxide). The second material type consisted of a series of sulfonated poly(arylether sulfone). But the durability of
these membranes was also insufficient. Since the durability of previous membranes was limited, Ballard produced a novel
family of sulfonated membranes based on a,b,b-trifluorostyrene monomers and a series of substituted trifluoro-comonomers
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[95,96]. This family of membranes was named BAM 3G (Figure 27.53). Condensation polymerization techniques were used
that did not involve fluoridation technologies. These polymers have low equivalent weights ranging from 375 to 920. Because
of this low equivalent weight, these membranes exhibited high water uptake as well as long durability.

Furthermore, in 2001, Ballard entered an alliance with Victrex to produce two new membrane alternatives. One membrane
is based on sulfonated poly(arylether) ketone (a variant of PEEK) supplied by Victrex, which may be better suited to PEMFC
fabrication applications. In March 2002, U.S. Patent 6,359,019 was issued to Ballard Power for a graft-polymeric membrane in
which one or more trifluorovinylaromatic monomers are radiation graft polymerized to a preformed polymeric base. The
structures of BAM membranes have been studied by way of small-angle neutron scattering (SANS) [97]. The study of the
ionomer peak position suggests the existence of relatively small ionic domains compared to Nafion, despite large water content.
Phase separation in the polymer matrix is possibly crucial for the membrane’s mechanical and transport properties.

Within the realm of BAM2G membranes, a series of partially fluorinated bisphenol A-type poly(arylether) sulfones
were synthesized. As mentioned above, these materials initially exhibited acceptable, useful service-life performance, but
were unable to provide more than 500 h of continuous running time. This led to the decision that a perfluorinated backbone
would be most beneficial in achieving fuel cell longevity in performance and efficiency. Therefore, the a,b,b-trifluorostyrene
monomer was chosen as the most suitable platform on which to build BAM3G polymers [98]. The BAM3G has demonstrated
over 100,000 h of cumulative performance in a wide variety of Ballard fuel cell hardware. The BAM3G membranes have

TABLE 27.15
Overview of FuMA-Tech Membranes

Membrane Type

Ion-Exchange
Capacity (IEC)
(mequiv g�1)

Gel–Water
(wt%)

Thickness
(mm)

Conductance
(mS cm�1) at
RT Na-Form

Conductance
(mS cm�1) at
RT H-Form

Conductance
(mS cm�1) at
808C H-Form

Fluorinated types

FKH950=40 PFSA, plain 1.07 18 42 13.9 >85 >140

FKH950=60 GF PFSA, fabric 0.60 31 60 3.1 >85 >140

Nonfluorinated types

FKE-757=45 PK12, plain 1.32 23 45 0.8 >20 >40
FKE-666=20 PK12, plain 1.50 31 20 4.1 >60 >110

Source: From FuMa-Tech, www.fumatech.com.
Abbreviations: PFSA, partially fluorinated sulfonic acid; PK, polyketone-type sulfonic acid.
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successfully achieved longevity in various Ballard multistack configurations. BAM reported that a multicell stack has exceeded
3200 h of continuous performance in an ongoing evaluation. Ballard stated that with higher volume production, the BAM3G
membranes would meet cost target requirements for automotive PEMFC applications. Ballard Power Systems is developing
manufacturing methods for its BAM-grafted proton-exchange membranes for fuel cells. BAM membranes use a commercially
available base substrate, to which trifluorovinyl aromatic monomers derivatized via radiation graft polymerization, are added,
which are then modified to incorporate ion-exchange groups.

Several publications have investigated mass-transport properties for oxygen in BAM membranes [32,33,99]. These studies
have mainly been carried out by the Holdcroft group (Vancouver, British Columbia, Canada) and have determined the
permeability, solubility, and diffusion coefficients in BAM membranes by electrochemical chronoamperometric detection
with microelectrodes. As an example of the extensive measurements carried out, the dependence of permeability on tempera-
ture for different BAM membranes with various equivalent weights is shown in Figure 27.54 [33]. As can be seen and is
expected, lower EW membranes exhibit higher permeabilities. Therefore, it is possible to design the ionomer for the electrode
to have advantageous permeation properties.

Not many publications report performance data with BAM’s membranes. The only publication we are aware of is by Stone
et al., which also discusses the possibility of introducing a phosphonic acid functionality [98]. Figure 27.55 shows the
performance data from this source.

27.4.3.3 Radiation-Grafted Membranes

Partially fluorinated membranes prepared by radiation grafting are under active research, for example, in the groups at the Paul
Scherrer Institute (Villigen, Switzerland) and the Helsinki University of Technology (Espoo, Finland) [95,100–113]. The
preparation of the membranes involves a g-irradiation or e-beam step to produce radical sites in perfluorinated polymer
membranes, partially fluorinated polymer membranes, and nonfluorinated based membranes [114]. Typically, the membranes
are swollen with suitable solutions of polymer network forming compounds (e.g., styrene=divinylbenzene). An interpenetrating
polymer grafting network is formed at the radical sites normally by heating up the sample. These membranes are then
sulfonated. The preparation process is depicted in Figure 27.56. The advantages of this preparation method are stated as
enabling low-cost starting materials, simple chemical reactions, and the possibility to form a cross-linked material directly in
its final form. PTFE, poly(tetrafluoroethylene-co-hexafluoropropylene) (FEP), poly(ethylene-tetrafluoroethylene) (ETFE),
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FIGURE 27.53 Chemical structures monomers of BAM membranes. (From Zhang, L., Ma, C.S., and Mukerjee, S., Electrochim. Acta, 48,
1845, 2003; Basura, V.I., Chuy, C., Beattie, P.D., and Holdcroft, S., J. Electroanal. Chem., 501, 77, 2001.)
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poly(vinylidene fluoride) (PVDF), and poly(tetrafluoroethylene-co-perfluorovinylether) (PFA) have all been used as host
materials for PSSA grafts. Less-investigated alternatives to PSSA include grafting glycidyl methacrylate and methyl styrene
with subsequent sulfonation. The exact properties of the membranes may be determined by way of numerous reaction parameters
like irradiation dose, thickness of the base polymer film, styrene=divinylbenzene composition, and graft level (determined by
ratio of graft material to base material). From the published work it can be derived that there are two main obstacles to realizing
technical radiation-grafted membranes. The interface between electrodes and membranes has often shown insufficient
bonding and delamination has often been reported. Durability seems to be a critical issue with these membranes [95].

Decent performance curves in short-term operation have been reported for radiation-grafted membranes in DMFC
(Figure 27.57). An advantage versus Nafion has been observed by Geiger et al. and Scott et al. (for higher current densities)
but so far, all-reported DMFC measurements have been performed for short operating times [115,116].

A publication by the Paul Scherrer Institute reports progress in preparing membrane=electrode assemblies for polymer
electrolyte fuel cells based on radiation-grafted FEP PSSA membranes [95]. Hot-pressing with Nafion was used to improve the
interfaces. These improved MEAs showed performance data comparable to those of MEAs based on Nafion 112 (Figure 27.58)
and an service-life in H2=O2 fuel cells of more than 200 h at 608C and 500 mA cm�2.

The long-term performance was found to be stable up to 2000 h (Figure 27.59)—an important improvement on the reported
service-lives in the range of 500 h.
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27.4.4 INORGANIC=ORGANIC (FLUORINATED) COMPOSITE IONOMER MEMBRANES

27.4.4.1 Hydrophilic Fillers (SiO2, TiO2, ZrO2) and Ormosil Networks

Over the last decade, extensive results have been reported regarding the improvement in the characteristics of known ionomeric
membranes by dispersing inside their polymeric matrix, the acids with low solubility (e.g., heteropolyacids) or particles of
insoluble solids such as metal oxides, lamellar zirconium phosphates, or phosphonates. A second strategy aims at developing
membranes obtained by filling a non-proton-conducting polymeric matrix with ionomers or inorganic particles of high-proton
conductivity. The degree of dispersion inside the membrane may vary considerably, leading to nano or microcomposites or
even macrocomposites.
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FIGURE 27.56 Diagram of the preparation process for radiation-grafted membranes. (Reproduced from Geiger, A.B., Rager, T., Matejek,
L., Scherer, G.G., and Wokaun, A., in Proceedings of the 1st European PEFC Forum, Büchi, F.N., Scherer, G.G., and Wokaun A. (Eds.)
2001. With permission.)

Current density (mA cm−2)

P
ow

er
 d

en
si

ty
 (

m
W

 c
m

−2
) 

0.8

0.7

0.6

0.5

0.4

0.3

0.2

0.1

0.0
0 100 200 300 400 500 600

0

50

100

150

200

C
el

l v
ol

ta
ge

 (
V

)

FIGURE 27.57 V–I curve of a cross-linked FEP 25 membrane for a 0.5 M aqueous methanol solution at a cell temperature of 1108C.
The anodic flow rate was about 37 mL min�1 and the air stoichiometry was 2. (Reproduced from Geiger, A.B., Rager, T., Matejek, L.,
Scherer, G.G., and Wokaun, A., in Proceedings of the 1st European PEFC Forum, Büchi, F.N., Scherer, G.G., and Wokaun A. (Eds.) 2001.
With permission.)

Pabby et al./Handbook of Membrane Separations 9549_C027 Final Proof page 801 13.5.2008 2:08pm Compositor Name: BMani

Proton-Conducting Membranes for Fuel Cells 801



The oldest concept in this respect is Nafion-based membranes, which are prepared by recasting Nafion solution and
introducing inorganic hydrophilic additives, quite frequently silica or titania particles. This concept was introduced by
Stonehart and Watanabe and is protected and disclosed in U.S. Patent 5,523,181 [117]. Clearly, the silica and titania particles
(e.g., nanoporous, highly hydrophilic SiO2 from Degussa, Aerosil) are completely nonconductive. However, the composite
recast Nafion-based membranes containing hydrophilic SiO2 or TiO2 particles as well as other inorganic material are expected
to increase the water retention and therefore to lead toward increased ionic conductivity at elevated temperatures. The
interpretation of improved water retention is backed by the experimental result of a higher water uptake of the membranes.
The second concept which is supposed to lead to better distribution of the particles in the membrane is based on producing the
particles by hydrolysis in preformed membranes by introducing a precursor (e.g., tetraethoxylane [TEOS]) into the swollen
membrane [118–122]. The hydrolysis is catalyzed by the sulfonic groups forming an inorganic network in the membranes.
Such structures are named organically modified silicate (ORMOSIL). The Mauritz group has prepared different membranes
using this route, namely Nafion with SiO2=OH, Nafion with ZrO2=OH, and Surlyn with SiO2=OH. The disadvantage is that the
inorganic content cannot be varied over a large range, but these membranes are nevertheless promising for application at
temperatures over 1008C, and therefore also for DMFCs. However, structural changes in the membrane during preparation have
also been observed. Differing results have been reported: whereas the Watanabe group found a significant improvement in
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membrane performance without humidification of gases, the Savinell group found no improvement in proton conductivity
(although the water content was higher) for nanomodified Nafion prepared following the procedure from Mauritz et al. [123].
Recently, Adjemian et al. reported significant improvement in silicon oxide-modified recast Nafion (Figure 27.60) as well as
Nafion 115 [124,125].

Alberti et al. have pointed out that it is unlikely that the improved conductivity of composite ionomer membranes is just due
to the improved water absorption and retention properties, because the content of the SiO2 is in the range of 3–10 wt% [126].
The reported increased water uptakes in the range of 20 wt% if only absorbed in the inorganic particles would lead to a molar
ratio nearly equal to 27. Since water is only absorbed on the surface of the nanoparticles, the hydration number of the silanol
groups (H2O=SiO2) would be much higher than 27. This is unrealistic, as it would mean that the hydration of silanol groups is
higher than that of the superacid (–SO3H) groups. However, as mentioned before, the structure of the membrane is changed
upon metal oxide modification leading, for instance, to a large degree in crystallinity of the polymer backbone. Therefore, the
increased water content of metal oxide-loaded Nafion is probably associated with structural changes in the polymer matrix
induced by the presence of the inorganic nanoparticles.

Several groups have reported increased performances for such membranes in DMFC applications due to a decrease in
methanol permeation. A maximum power density of 240 mW cm�2 at 0.4 V was obtained by Arico et al. and Antonucci et al.
[127,128]. The reduced methanol permeation of such membranes is, however, controversial [129]. The Watanabe group
proposed a further self-humidifying composite membrane with highly dispersed nanoparticles of Pt and TiO2 (or other metal
oxide particles) [130–133]. The idea is represented in Figure 27.61 and consists of generating water by permeating hydrogen
and oxygen with the catalytic active Pt in the membrane and a water storage function of the hydrophilic particles in the
membrane.

This concept enables the operation of PEMFCs without any humidification, which should also be interesting for higher
temperatures. The corresponding V–I characteristics are displayed in Figure 27.62. The disadvantage to this concept, however,
is that the cost of the membrane is significantly increased by adding noble metal particles. Composite membranes with
nonfluorinated polymer matrices have also been investigated. For instance, high-surface amorphous silica, precipitated from a
solution of tetrapropylammonium oligosilicate, was used as a filler of s-PEEK with 1.6 mequiv g�1 IEC [134]. In this work,
microcomposite membranes containing up to 20 wt% silica were prepared by bulk mixing the finely prepared powder with the
polymer solution. The membrane containing 10 wt% silica exhibited the best electrical (conductivity rises to 3� 10�2 S cm�1

at 1008C for relative humidity in the range of 75%–100%) and mechanical characteristics.
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149, A256, 2002. With permission from The Electrochemical Society, Inc.)
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According to a similar synthetic approach reported by Nunes et al., nanocomposite membranes loaded with SiO2, TiO2,
and ZrO2 were prepared by way of hydrolysis of silanes and metal alkoxides in solutions of s-PEEK and s-PEK [135]. While
homogeneous dispersions of TiO2 and ZrO2 particles were obtained starting from Ti(OEt)4 and Zr(OPr)4, the hydrolysis of
Si(OEt)4 led to the formation of larger particles and cavities in the polymeric matrix. However, smaller and better-dispersed silica
particles (about 100 nm) were formed by using either silanes covalently bonded to the polymer chain or organically modified
silanes-bearing imidazole groups. A loading of 14–33 wt% metal oxide resulted in a decrease in the membrane permeability to
water and methanol by a factor of 30–60, but also resulted in reduced proton conductivity at 258C. A good balance of low
permeability and high conductivity (3.5–4.5� 10�3 S cm�1 against 5� 10�3 S cm�1 for the unmodified polymer) was achieved
by incorporating a mixture of 10–15 wt% ZrO2 and 20–14 wt% amorphous ZrP in s-PEEK.
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FIGURE 27.61 Operation concept of a PEMFC using self-humidifying Pt-oxide-PEM. (Reproduced from Uchida, H., Ueno, Y., Hagihara,
H., and Watanabe, M., J. Electrochem. Soc., 150, A57, 2003. With permission from The Electrochemical Society, Inc.)
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from Uchida, H., Ueno, Y., Hagihara, H., and Watanabe, M., J. Electrochem. Soc., 150, A57, 2003. With permission from The
Electrochemical Society, Inc.)
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27.4.4.2 Properties of Recast Membranes with Inorganic Fillers

Preparation of membranes using the recast method with inorganic hydrophilic ingredients has proved to be a promising
approach to manipulate the membrane properties with respect to liquid permeation (water and methanol), ionic conductivity,
and water uptake. This approach was introduced by Stonehart and Watanabe to improve the water management of Nafion
membranes in PEMFCs [136]. Several investigations by Antonucci et al. [137] have also reported an advantage to such
composite membranes for DMFC applications due to a decrease in methanol permeation induced by a structural change in the
polymer associated with a higher crystallinity. Dimitrova et al. [138,139] reported a detailed characterization of a recast
ionomer composite membrane with 4.3% Aerosil A380 (silicon dioxide).

27.4.4.2.1 Water Uptake of Composite Membranes
Recast Nafion-based samples with and without fillers absorb more water compared to the commercial Nafion 117, 115, and 112
membranes. It is observed that the water content rises slightly with the thickness of the membranes investigated. Nafion 112
indicates unexpectedly low water content in the swollen state. It is noted that even after many repetitive drying-rehydration
treatments, the composite membranes contain more water than the commercial membranes. This finding might be explained by
the hydrophilicity of the filler, by the altered physical structure of the ionomer backbone, or possibly by the stronger
interactions between the absorbed water and the modified matrix. In particular, the silica nanoparticles retain water even at
high temperatures and this property may help to prevent the membrane drying during fuel cell operation. Easier water
management during fuel cell operation can be anticipated for the composite membranes.

27.4.4.2.2 Proton Conductivity
Figure 27.63 shows the conductivity as a function of thickness of the commercial membranes and the modified recast Nafion
membranes for temperatures of 158C and 908C. A proton conductivity for composite recast membranes higher than or
comparable to commercial membranes is measured at 158C. At 908C, this difference becomes significant. These results
manifest that the hydrophilic particles assist in humidifying the membrane, leading to higher proton conductivity. It should
be noted that the conductivity is not constant with thickness, but increases in most samples. The increase in conductivity
with thickness, which should not occur for homogeneous material, suggests that the properties of the membrane change with
the thickness.

27.4.4.2.3 Methanol Permeation Rate
The methanol permeation measurement illustrates the relationship between the methanol permeation rate and the temperature
versus the thickness of the membrane. For thinner samples, the permeation rate changes by a factor of 4 or 5 with a
temperature change from 258C to 658C, while in the thicker membranes this factor is about 3. At lower temperatures, the
variation of the methanol flux through the membranes versus thickness is small compared to that at 658C, where
this dependence is pronounced. As anticipated, a strong decrease in permeation with thickness is observed in all cases. For
the reciprocal quantity, a linear relationship between permeation rate and thickness can be derived approximately as shown in
the inset of Figure 27.64. The comparison between the composite membranes and the commercial Nafion (Nafion 112, 115, and
117) reveals a similar methanol permeation rate at elevated temperature with slightly higher values of the composites.
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27.4.4.2.4 Water Permeation
It is favorable for fuel cell operation when reduced methanol transport across the membrane is accompanied by proper water
management. In particular, a low water crossover from the anode to the cathode is necessary to avoid flooding of the cathode.
The dependence of water permeation on the membrane thickness is weak. Only a small decrease in water permeation is
observed for the commercial Nafion membranes, whereas the thickness of the recast membranes has no significant influence on
the water transport rate. In contrast, the effect of temperature on water permeation is strong. At 658C, the rates are higher by a
factor of 5 compared to those at 258C.

27.4.4.3 Heteropolyacid Additive

Heteropolyacids possess a relatively high inherent proton conductivity, which increases the overall ionic conductivity of the
membrane. Owing to these characteristics, heteropolyacids are suitable membrane fillers for increasing the number of protonic
carriers and thus improving the hydrophilic character of the membranes. The major problem with modified membranes is the
hydrosolubility of heteropolyacids. Composite Nafion membranes containing heteropolyacids were obtained by simply
impregnating preformed membranes with a heteropolyacid solution and mixing a Nafion solution with an appropriate amount
of heteropolyacid followed by casting [140,141]. Nafion recast membranes loaded with silicotungstic acid (STA), phospho-
tungstic acid (PTA), and phosphomolybdic acid (PMA) were investigated regarding ionic conductivity, water uptake, tensile
strength, and thermal behavior [140]. In comparison with Nafion 117, all these membranes exhibited higher proton conductivity
and greater water uptake, but exhibited a decreased tensile strength. Water uptake, determined by dipping dried membranes in
boiling water, increases from 27% for Nafion 117 to a maximum of 95% for the PMA-based membrane. At 808C, the
heteropolyacid-loaded membranes show a better fuel cell performance than unmodified Nafion 117. The current density at
0.600 V increases from 640 mA cm�2 for Nafion 117 up to a maximum of 940 mA cm�2 for PMA-Nafion 117. Composite
PTA-Nafion 117 membranes, impregnated with PTA solutions in acetic acid or in molten tetra-n-butylammonium chloride,
were tested in H2=O2 fuel cells working at 1 atm up to 1108C [141]. In comparison with unmodified Nafion 117 (Figure 27.65),
these membranes showed a much improved performance that increased with increasing temperature.

Composite membranes with nonfluorinated polymers and heteropolyacid were also prepared. A series of nanocomposite
membranes made of s-PEEK and 60 wt% PTA or PMA were prepared by Homna et al. by mixing the heteropolyacid with a
polymer solution in dimethylacetamide [142]. In comparison with the pure sulfonated polymers, the composite membranes are
characterized by a higher glass transition temperature, probably because of the intermolecular interaction between the sulfonic
groups and the heteropolyacids, and by much greater hydration at room temperature (up to five times for PTA-loaded s-PEEK
with 80% degree of sulfonation). Conductivity was determined in the range of 208C–1508C by using an open cell with
concomitant water loss (therefore, lower limit of the membrane conductivity). The composite membranes are generally more
conductive than the pure polymer, but the conductivity enhancement decreases with an increasing degree of sulfonation. In
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all cases, the conductivity dependence on temperature shows a maximum around 1208C. In the investigated temperature range,
the highest conductivities were found for the PTA-based membranes (at 1208C from 2� 10�2 to 0.1 S cm�1 with an increasing
degree of sulfonation from 70% to 80%).

27.4.4.4 Phosphate and Phosphonate Additives

This class of composite membranes is strongly favored by the Alberti group [14,126,143–145]. The Alberti group has
developed an in situ method for formation of layered metal(IV) phosphonates or phosphate–phosphonates. These compounds
can be considered organic derivatives of a-ZrP and have the general formula M(IV)(O3P–G)2–x(O3P-ArX)x, where –G may be
an inorganic (e.g., –OH), organic (e.g., –CH2OH) or an inorgano-organic group (e.g., –CF2PO3H2). Ar is an arylen group (e.g.,
phenylen); X is an acid group (e.g., –SO3H, –PO3H2, or –COOH); x is a coefficient that can vary between 0 and 1.5. Important
in this respect is that, because of the presence of the electronegative O3P-group attached to the same ring, the –SO3H group
acquires superacid properties. In Table 27.16, the conductivity of some zirconium phosphonates is reported and compared with
that of a and g-zirconium phosphates of varying crystallinity. The conductivity of the sulfophenylene derivatives is much
higher than that of the best amorphous ZrP and for some compositions, is comparable or even greater than that of Nafion 117.
The in situ formation of these insoluble-layered compounds is based on the experimental observation that their soluble
precursors can be formed in proton-acceptor solvents commonly used for the solubilization of proton-conducting ionomers
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FIGURE 27.65 Potential–current polarization curves of H2:O2 fuel cells using Nafion 117 (thickness: 180 mm and 30% water uptake)
and STA with and without thiophene (termed NASTATH and NASTA, respectively) (thickness about 175 mm and 60% water uptake). Anode
and cathode based on 0.35 mg cm�2 Pt from 20% Pt:C catalyst; pressure ratio H2:O2 3:5 atm; gas flow rates O2¼ 0.8 L min�1; H2¼ 1.2 L
min�1. (Reprinted from Tazi, B. and O. Savadogo, O., Electrochim. Acta, 45, 4329, 2000. With permission from Elsevier.)

TABLE 27.16
Conductivity of Some Layered Zirconium Phosphates and Phosphonates (1008C, 95% RH)

(s) S cm�1 References

a-Zr(O3P–OH)2 �H2O (crystalline) 1.8� 10�5 [171]

g-ZrPO4[O2P(OH)2] � 2H2O (crystal) 2� 10�4 [172]
a-Zr(O3P–OH)2 �H2O (semicrystal) 2 to 7� 10�4 [173]
Zr(O3P–OH)2 � nH2O (amorphous) 1 to 5� 10�3 [174]

Zr(O3P–OH)1.5(O3P–C6H4SO3H)0.5 (amorphous) 0.9 to 1.1� 10�2 [174]
a-ZrPO4[O2P(OH)2]0.540[O2P(OH)C6H4SO3H]0.46 � nH2O
(crystal)

5� 10�2 [172]

Zr(O3P–OH)(O3P–C6H4SO3H) nH2O (semicrystal) 0.8 to 1.1� 10�1 [174]

Source: From Alberti, G. and Casciola, M., Annu. Rev. Mater. Res., 33, 129, 2003.
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(e.g., DMF, NMP, alkanols, etc.). The special property of these compounds is that they can easily be transformed into the final
insoluble zirconium phosphonates just by drying at 1108C–1308C.

A composite Nafion 115 and recast Nafion with a-ZrP nanoparticles were investigated by Costamagna et al. [146]. At
1308C, cell temperature with H2 and O2 humidified at 1308C, the nanocomposite membranes displayed much better perform-
ance than unmodified Nafion (Figure 27.66). In particular, the polarization curve of a nanocomposite recast membrane at 1308C
and 3 atm was equivalent to that of the unmodified recast film at 808C and 1 atm. Moreover, the composite membranes showed
stable behavior over time at 1308C, whereas Nafion was irreversibly degraded under the same conditions. Yang et al. also
investigated a Nafion, a–ZrP nanocomposite membrane in a DMFC which exhibited good performance up to about 1508C,
with maximum power densities of 380 and 260 mW cm�2 under oxygen and air feed, respectively.

Composite polyarylene membranes modified by using organic solutions of zirconium phosphonate precursors were
investigated by the Alberti group in combination with FuMA-Tech membranes [126]. Preliminary results from Alberti’s
group showed that the conductivity of s-PEK membranes of high-molecular weight (FuMA-Tech) is enhanced to a great extent
in the presence of nanoparticles of zirconium phosphate sulfophenylenphosphonates (Figure 27.67). Taking into account that
much lower enhancement was instead obtained with a–ZrP nanoparticles, these results seem to confirm the importance of the
high-proton conductivity and acid strength of the filler. Thus, according to Alberti, superacid zirconium phosphonates deserve
further attention as fillers of nanocomposite membranes [126].
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27.4.4.4.1 Ammonium Polyphosphate
Ammonium polyphosphate composite-based proton conductors for the intermediate temperature range (2008C–3008C) have
been found to possess good proton conductivity (0.1 Scm�1 at 3008C) under humidified conditions [147]. This temperature
range would not have any kinetics or CO poisoning problem, but improving stability of the proton conductor in fuel cell
conditions is still a challenge [148–151].

27.4.4.5 Proton-Conducting Membranes Based on Electrolyte-Filled Microporous
Matrices=Composite Membranes

Composites enable the mechanical and electrical properties of the membrane to be separated. In most cases, they consist of a
matrix (mechanical support) filled with a protonic electrolyte. Varying the electrolyte and optimizing the structure of its
mechanical support enable the working conditions of the cell to be adapted. This implies an improvement in the performance of
the cell, along with a possible reduction in the cost of the membrane. Successful efforts have been made by some groups in this
direction. Haufe and Stimming [152] prepared and characterized composite membranes made by soaking polysulfone fleece
and microglass fiber fleece in 5 M sulfuric acid and ionomer electrolytes.

Figure 27.68 shows the conductivity for the various samples in the form of an Arrhenius plot log (sT) versus 1=T. This
figure reveals that all samples exhibit similar activation energies (0.10–0.19 eV), which correspond to those commonly
measured for acids in the liquid state. Moreover, in the investigated temperature regime, the polysulfone fleece soaked with
H2SO4 had a slightly higher specific conductivity than Nafion 117 membranes. This fact might be considered surprising,
since, on the basis of the specific conductivity obtained for the free acids and on the basis of the porosity of the fleece (83%), a
much higher conductivity is to be expected. This leads to the conclusion that the pores of the fleeces were not completely filled
with H2SO4.
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On the basis of a simple geometric consideration, a comparison between the conductivity of the acid and that of the impregnated
fleeces results in only 7% of the volume of the polysulfone fleece and 11% of the volume of the microglass fiber fleece contributing
to the proton conductivity of the composite. Similarly, the filled volume for H3PO4 and the fleece impregnated with it amounts to
13%. The difference between the conductivity of Nafion 117 and that measured for the fleeces impregnated with Nafion ionomer is,
however, smaller, revealing a filled volume of 34% for the polysulfone fleece and 53% for the microglass fiber fleece. These
observations suggest that the surface treatment of the fleece may help in optimally impregnating the matrix.

H2=O2 fuel cell performance using a polysulfone fleece filled with H2SO4, microglass fiber fleece filled with Nafion, and a
Nafion 117 were found to be comparable. The same kind of composite membranes was also suggested to be a good alternative
to Nafion for liquid feed DMFCs. Peled et al. [153,154] reported a family of nanoporous proton-conducting membranes
(NP-PCMs). These membranes consisted of electronic nonconductive nanosize ceramic powder (SiO2=TiO2), a polymer binder
(PVDF), and an acid. They have the appearance of plastic, good mechanical properties, nanosize pores (typically smaller than
1.5–3 nm) filled with the acid, and room-temperature conductivity of up to 0.21 S cm�1 (twice that of Nafion) at 258C. Their
thickness ranges from 40 to 400 mm. Their insensitivity to heavy ion impurities and reduced methanol crossover (by order of
magnitude) makes them good low-cost candidates for liquid-feed DMFCs.

27.4.4.6 Other Concepts

Creavis’s concept is based on ceramic membrane foils already marketed under the trade name CREAFILTER. They reportedly
combine the characteristics of flexible polymeric membranes and ceramic membranes in a favorable way. The basis of the
membrane is a woven or nonwoven support of stainless steel or temperature-tolerant glass fibers. Due to their better chemical
stability, stainless steel supports are preferred for filtration applications, whereas nonconducting glass supports are needed for
batteries and fuel cells. This support is coated with ceramic materials, e.g., alumina or zirconia, and a flexible membrane
with microfiltration (MF) properties is realized. The thickness of the membrane is about 80 mm. This is thin enough for the
membrane to retain the flexibility of the support. The pore size of the membrane is in the range of 50–500 nm, depending on
the particle size of the ceramic materials. This microfiltration (MF) membrane can be modified by superimposing additional
layers with smaller particles or active particles onto the first layer. Coating the MF membranes once results in ultrafiltration
(UF) membranes with pore sizes between 5 and 50 nm, while coating them twice produces nanofiltration (NF) membranes with
pore sizes smaller than 5 nm. To use the CREAFlLTER membranes in a low-temperature fuel cell, the nonconducting MF
membrane has to be transferred into a PEM. This can be achieved in a very similar way to the production process of the
filtration membrane described above. The MF membrane is infiltrated with a solution, suspension, or sol of a proton-conducting
material. After this impregnation step, the proton-conducting material is immobilized by thermally treating the membrane.
From a theoretical point of view, all kinds of proton-conducting materials can be used as active materials for infiltrating
CREAFILTER membranes. Due to the inorganic nature of the support, inorganic compounds are preferably used as active
materials. Candidate materials for proton conductors are zirconium phosphates, sulfuric acids based on triethoxy silane
compounds, or other Bronsted acids, such as H3PO4 or H2SO4. To immobilize these acids, an inorganic sol is typically
prepared which contains the acids. The MF membranes are infiltrated with sols that comprise additional metal oxide
compounds. During the thermal treatment, the gelation of the sol occurs and the acids are fixed in the gels. The membranes
reportedly do not have pores and are absolutely gas tight. The proton conductivity of the membranes is comparable to Nafion
membranes. Due to the inorganic nature of the CREAFILTER PEMs, these membranes show no swelling and need only a
reduced relative humidity to reach high conductivities. Figure 27.69 shows a typical V–I behavior of the membranes. The
CREAFILTER PEM in Figure 27.69 comprises a H3PO4-doped silica gel as the proton-conducting material. Typical working
conditions for Nafion are 808C and a relative humidity of up to 100%. In contrast, the CREAFILTER membrane works
at temperatures of at least 908C and relative humidities of about 30%. With this membrane (Figure 27.69), power densities of
more than 50 mW cm�2 can be achieved (low conductivity of phosphoric acid at 908C, slow kinetics). Creavis claims that with
other proton-conducting membranes the CREAFILTER PEM reaches power densities of up to 200 mW cm�2 under the
same conditions.

27.4.5 POLYMER MEMBRANES WITH INORGANIC ACID IMPREGNATION

Aromatic PBIs are highly thermostable, with melting points >6008C. The PBI commercially available is poly(2,20-[mpheny-
lene]-5,50-bibenzimidazole) (PBI) (Figure 27.70). PBI has a tendency to take up water, thus explaining the low-proton
conductivity (in the range ~10�7 S cm�1) that is observed even for the neat polymer [155]. PBI is basic (pK value of� 5.5),
and it readily forms complexes with organic and inorganic bases. It has long been known that PBI can be treated with sulfuric
and phosphoric acid, which leads to stabilization as well as to a significant increase in conductivity. The acid uptake reaches
5 mol H3PO4 per PBI repeat unit. This quantity is much too large to use the term ‘‘doped,’’ yet this is the term often
inappropriately used to describe PBI-acid complexes. The properties of such impregnated (doped) membranes and their
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application in PEMFCs and in cells using hydrocarbons and methanol as fuels have been investigated systematically since 1994
by Wainright et al. [15,156–167]. Celanese Ventures is the largest (and for a long time the only) producer of PBI and developed
this membrane for fuel cell applications. In 2004, their fuel cell activities were spun off into a new and independent company,
PEMEAS, which continues to develop MEAs. These MEAs are based on phosphoric acid-doped PBI. A pilot plant for fuel cell
MEAs has been established in Höchst, Frankfurt am Main, Germany. The main advantage of this system is high-temperature
operation over 1508C. Doping the membranes with other acids like hydrochloric acid, perchloric acid, or nitric acid leads to
high conductivity [163]. Different methods are used to form the PBI=acid complex: immersing a PBI membrane in an acid
solution of a given concentration for a given length of time is the most popular method. A second possibility is direct casting
from a solution of PBI and phosphoric acid in trifluoroacetic acid. A recent variant of this approach uses polyphosphoric acid as
the condensing agent for polymerization and as a membrane casting solvent. Absorption of water after casting leads to in situ
hydrolysis of polyphosphoric to phosphoric acid in the membrane [155].

Whether humidification of PBI in fuel cells is necessary remains an open question. Short-term fuel cell tests yielded
no or small performance losses when dry fuels were used or humidification was reduced [167,168]. However,
membrane conductivity does depend on the water activity: as can be seen in Figure 27.71 taken from a presentation by
Savinell, the conductivity of PBI (3 H3PO4=PBI repeat unit and 6.3 H3PO4=PBI repeat unit) depends considerably on relative
humidity [169]. However, Celanese (PEMEAS) in their publications state that no humidification is required for their
PBI systems.

27.4.5.1 PEMEAS (Celanese) Membranes

PEMEAS, a 2004 spin-off from Celanese AG, has developed a membrane made from the heat-resistant polymer PBI. The
PBI membrane marketed by PEMEAS under the brand name Celtec enables a fuel cell to operate at temperatures of up to
2008C (3928F), while more conventional technologies allow PEMFC-operating temperatures of up to 1008C (2128F). Due
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to the operating temperature, PBI is resistant to carbon monoxide (CO) poisoning of the catalyst and at least 100 ppm CO can
be tolerated at 1508C. The need for higher fuel cell-operating temperatures, according to Celanese AG, is outlined below:

. Higher operating temperature PEMFCs operate with smaller cooling elements. This is especially good for automotive
applications.

. Higher operating temperature membranes enable more efficient heat recovery for stationary applications of PEMFCs.

. Higher temperature-tolerant membranes are more tolerant to CO poisoning. This reduces the need for ultrapure
hydrogen feed.

The performance curves reported by Celanese are shown in Figure 27.72. The interfacial bonding of electrode and membrane is
also accomplished using PBI=H3PO4.

Celanese AG has reported reasonable long-term durability and operational stability for Celtec P MEAs (Figure 27.73). The
properties of Celtec P MEAs, according to Celanese, are given in Table 27.17.

According to Celanese, the MEA and its individual components can be customized in size and shape to meet customer
requirements.

Taking the high temperature into account, it is astounding (at least for the authors of this study) that the current densities
at high single-cell voltages are comparatively low for PBI. Large losses in the kinetically dominated region of the PBI V–I curve
are observed. This is due to the strong adsorption of phosphoric acid on Pt electrocatalyst and may be difficult to avoid. This
effect has been investigated regarding the oxygen reduction reaction by the Savinell group and is summarized in Figure 27.74
for solid Pt electrodes with and without polymer films [165]. PBI and Nafion films do not influence the reactivity appreciably,
but in nonadsorbing perchloric acid current density is much higher than in phosphoric acid.
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FIGURE 27.73 Service-life test of Celtec P MEA, active cell area: 45 cm2, cell temperature: 1608C, current density: 0.3 A cm�2, air:
l¼ 2.5; 0 bar, H2: l¼ 1.2; 0 bar, humidification: none. (From Celanese AG, www.celanese.com.)

TABLE 27.17
Celtec P MEA Specifications

Performance
0.2 W cm�2 at 0.6 V, 1808C, 0 bar, H2=air

0.13 W cm�2 at 0.6 V, 1808C, 0 bar, Reformatea=air

Operational stability (long-term test) >8000 h

Drop in voltage in a long-term test <6 mV h�1

Operating temperature 1208C–2008C
CO tolerance >50,000 ppm

Humidification of reaction gases Unnecessary

a Reformate: 35% H2; 2000 ppm CO; 64.8% N2, CO2, and H2O.
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27.5 SUMMARY

A lot of research has been carried out in past decade to develop membranes for the whole spectrum of applications, namely
automotive, stationary, and portable applications. PFSA-based membranes have played the most prominent role until now.
Much research has been conducted into the details of proton transport through different polymers and into methods of
improving their properties, but a viable and inexpensive substitute to Nafion has yet to be developed. On the other hand,
different approaches using PTFE fibril reinforcements have been successfully applied to PFSA-based membranes to make them
more mechanically and thermally stable and thus to enhance durability. Such membranes are also reported to have better
humidity and heat management characteristics besides lower specific protonic resistance and high power densities. Alternative
approaches to modify the properties of PFSA-based membranes by impregnating inorganic fillers have also been reported to
produce favorable results. But such membranes still await wide adoption. For liquid-phase operation (as in DMFCs), very
inexpensive membranes based on nanoporous inorganic support matrices filled with liquid electrolytes have also shown good
potential. PFSA-based membranes cannot be used in the high-temperature range. A good alternative for the high-temperature
range critical to automotive applications is the inorganic, acid-doped PBI-based membrane from Celanese AG. In spite of all
these improvements, a lot of work is still needed to improve various membrane characteristics which would make designing
fuel cell-based systems much simpler and would eliminate the need for several BOP components, which adds to the complexity
of the fuel cell systems.
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Industrial development in this century will be characterized by technologies that allow not only less consumption of raw
materials and energy but also permit recovery and reuse of all process streams with least damage to the environment. Membrane
science and technology has a big role to play in this changing industrial environment. Membrane-based separation technology
has now reached to full-fledged commercial environmental friendly technology to answer the multifarious demands of industry.
The growth of membrane science is largely due to the impressive developments in the field of membrane material science and
the evolution of different membrane-related equipment.

This section deals with the application of membranes in the treatment of industrial effluent generated by the chemical
industries and waste generated by the nuclear industries. Also, this section focuses on important perspectives on environmental
engineering with respect to chemical and nuclear waste processing. Before going into the details of the processes used for this
purpose, one should understand the background of these types of waste.

28.1 INDUSTRIAL EFFLUENT GENERATED BY THE CHEMICAL INDUSTRY

As a result of the growing world population and rapid industrial development, an increasing amount of wastewater is produced
worldwide. Wastewater contaminants may eventually enter the food chain and cause severe health and environmental
problems. As a result, many countries have been introducing increasingly stringent wastewater regulations to minimize
wastewater-related pollution. Current and impending legislation on wastewater effluent discharge has led to the need for
enhanced treatment processes that are capable of removing toxic metal ions, high percentages of BOD, suspended solids,
nitrogen, phosphorus, bacteria, and other contaminants.

Many conventional wastewater treatment processes that have long been in use are now considered impractical because they
require a large amount of space, a large number of unit operations, and are affected by problems associated with odor and other
emissions. Recent years have seen an increasing trend toward process intensification, which has led to the development of
advanced membrane processes that are simple to construct and operate, have well-defined flow patterns, better dispersion effects,
relatively low power consumption, lower emissions, and high mass-transfer performance, which are compact and recyclable.

The treatment and safe disposal of waste is equally important whether it be waste generated by the pulp and paper industry,
by the leather industry or gaseous waste. Recently, in addition to other membrane-based processes, demand has grown in the
wastewater treatment industry for a process that uses both a biological stage and a membrane module, known as the membrane
bioreactor (MBR) process. The bioreactor and membrane module each have a specific function: (1) the biological degradation
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of organic pollution is carried out in the bioreactor by adapted microorganisms and (2) the separation of microorganisms from
the treated wastewater is performed by the membrane module. The membranes constitute a physical barrier for all suspended
solids and therefore enable not only the recycling of the activated sludge in the bioreactor but also the production of a permeate
that does not contain suspended matter, bacteria, or viruses.

28.2 WASTE GENERATED BY THE NUCLEAR INDUSTRY

The nuclear industry generates a broad spectrum of low and intermediate level liquid radioactive wastes (LRWs). These liquid
wastes may be produced continuously or in batches and may vary considerably in volume, radioactivity, and chemical
composition. A wide range of treatment methods have been used throughout the industry to treat these wastes. Treatment
methods for LRWs have tended to use the same conventional processes found in industrial and municipal water treatment.
These processes typically include chemical treatment, adsorption, filtration, ion exchange, and evaporation. They are limited by
either their inability to remove all contaminants or, in evaporation, the high operating costs involved and the large quantities of
secondary solid waste produced, which means that satisfactory processing of LRWs is difficult to achieve.

It has been demonstrated that membrane separation processes can be successfully used in the removal of radioactive
substances, with some distinct advantages over conventional processes. Following the development of suitable membrane
materials and their long-term verification in conventional water purification, membrane processes have been adopted by
the nuclear industry as a viable alternative for the treatment of radioactive liquid wastes [1]. In most applications, membrane
processes are used as one or more of the treatment steps in complex waste treatment systems, which combine both conventional
and membrane treatment technologies. These combined systems have proved more efficient and effective for similar tasks than
conventional methods alone.

This section aims to explain the unique features of membrane separation methods, their superior performance in
contaminant removal, and their operational sensitivities and limitations. We focus particularly on the factors that need to be
carefully assessed when the membrane technology to be used in the treatment of liquid radioactive waste is being considered.
These include membrane configuration and arrangement, process application, operational experience, data related to key
performance parameters, and plant and organizational impacts.

The use of liquid membranes for the separation of actinides in the nuclear industry is still in its infancy [2]. In the past few
decades, exotic reagents such as crown ethers and calixarenes have been used for the selective complexation and removal of
actinides from solutions containing complex mixtures of metal ions. However, a recently developed, nondispersive solvent
extraction method using a hollow fiber membrane contactor has been used successfully at pilot plant scale with no stability
problems. In this method, an organic extractant dissolved in the diluent is passed directly through the shell side of hollow fiber
contactors [3]. This technique continuously fills the pores of the membrane with extractant. However, it should be noted that
hydrophobic membranes are only impregnated in the liquid membrane technique before the experimental run and the feed and
strip solutions are passed through the tube and shell sides, respectively. Another improved technique was to use microporous
hollow fiber contactors as an alternative to the direct dispersion of ELMs to minimize membrane swelling and leakage. Hollow
fiber contactors do not have the high shear rates that are typical of the agitators used in direct dispersion. This technique has
been successfully applied in the removal and recovery of strategic and precious metals from wastewaters and process streams
(Chapter 39) and is variously known as supported liquid membrane with strip dispersion (SLMSD), pseudo-emulsion based
hollow fiber strip dispersion (PEHFSD), or emulsion pertraction technology (EPP). In this case, the organic (extractant
dissolved in diluent) and back-extraction phases are emulsified before injection into the HF module and can be separated
at the module outlet. PEHFSD has the following advantages over standard extraction and other membrane processes:
(1) extraction and stripping can be carried out in a single operation; (2) there is no possibility of emulsion formation in the
water phase; (3) the volume of extractant is relatively small and the process parameters are very flexible; (4) phase separation is
not necessary; (5) the hollow fiber membranes and short diffusion paths provide a large specific surface area; and (6) the
modular equipment is compact and energy consumption is low.

The membrane separation processes listed are at different stages of development and implementation. While some
processes have been widely adopted, others are still under development and some are currently making the transition to
industrial use. This section contains chapters that describe the use of various membrane techniques for the treatment of nuclear
waste generated by the chemical industry. This chapter gives an introduction to all the chapters in the section. Chapter 29
focuses on the introduction, fundamentals, and scope of membrane processes for the treatment of nuclear waste from various
sources. Chapter 30 details advances in membrane processes for nuclear waste processing and describes the current global
situation of membrane processes for the treatment of nuclear waste. This chapter also covers the future role of membrane
processes in nuclear technology and the advantages and limitations of applied membrane processes. Chapter 31 deals with
advances in the field of liquid membranes and their application in the separation of actinides. The present review is a
compilation of literature reports on liquid membrane-based separation studies dealing mainly with those actinides that are
a long-term environmental hazard. Chapters 32 and 33 present case studies on the treatment of radioactive waste generated in a
hospital and in a reprocessing plant, respectively. Chapter 34 presents selective coagulant recovery using the Donnan
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membrane process (DMP). A non-pressure-driven DMP, also referred to as Donnan dialysis, is analyzed as a technique for
alum recovery. This process is based on the Donnan exclusion principle, according to which negatively charged cation-
exchange membranes are impermeable to anions and positively charged anion-exchange membranes are impermeable to
cations. Unlike pressure-driven processes such as reverse osmosis, nanofiltration, and ultrafiltration, authors claim that DMP is
free from surface fouling by natural organic matter (NOM). The process is able to recover alum that is virtually free of dissolved
organic carbon, in which trihalomethane can be formed during the chlorination step in water treatment.

Membrane technology may become essential if zero-discharge mills become a requirement or legislation on water use
becomes very restrictive. The type of membrane fractionation required varies according to the use that is to be made of the
treated water. This issue is addressed in Chapter 35, which describes the application of membrane processes in the pulp and
paper industry for treatment of the effluent generated. Chapter 36 focuses on the application of membrane bioreactors in
wastewater treatment. Chapter 37 describes the applications of hollow fiber contactors in membrane-assisted solvent extraction
for the recovery of metallic pollutants. The applications of membrane contactors in the treatment of gaseous waste streams are
presented in Chapter 38. Chapter 39 deals with an important development in the strip dispersion technique for actinide
recovery=metal separation. Chapter 40 focuses on electrically enhanced membrane separation and catalysis. Chapter 41
contains important case studies on the treatment of effluent in the leather industry. The case studies cover the work carried
out at pilot plant level with membrane bioreactors and reverse osmosis. Development in nanofiltration and a case study on the
recovery of impurity-free sodium thiocyanate in the acrylic industry are described in Chapter 42.

The early membranologists have always been optimistic about the possibilities of membrane operations, but the scientific
and technical results reached today are even superior to the expectation. A variety of technical challenges must be overcome to
permit the successful industrial application of new membrane solutions. Chapter 43, on the same theme, presents the future
scenario of membrane processes covering chemical, biotechnological, pharmaceutical applications, etc., and also focusing
future progresses in membrane engineering.
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29.1 INTRODUCTION

Since the breakthrough in synthesis of semipermeable membranes for seawater desalination by reverse osmosis (RO) process in
the early 60s, research and development work on membrane technology has been growing steadily. Novel polymeric membrane
systems and compact module designs with better performance and newer applications for membrane technology are continu-
ously being reported. The application of membrane technology to the treatment of process streams generated in chemical
industries is a subject matter deserving serious attention in the context of rapid industrialization. Nuclear industry covers a wide
spectrum of complex chemical operations and hence membrane technology finds several suitable areas of applications,
particularly in the field of management of radioactive wastes.

A typical nuclear industry may consist of mining and milling of uranium ore, thorium extraction, fuel fabrication, nuclear
reactor operation, and production and application of radioactive isotopes for various industrial medical and research purposes.
Almost, in all these steps, waste is generated that needs proper management. Radioactive wastes differ from other industrial
wastes due to its radiation exposure and its radiological toxicity to human beings and their environment. Management of
radioactive wastes is an important step in a nuclear industry and the objective is to effectively isolate radionuclides from the
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environment to ensure adequate safety and welfare to the public. Since the advent of nuclear power, the search for more
effective and efficient technology for the treatment of radioactive wastes has continued.

29.2 SOURCES AND CHARACTERISTICS OF RADIOACTIVE WASTES

The main sources of radioactive waste are generated from operation of nuclear reactors and fuel-reprocessing plants. These
wastes contain, in varying concentrations, a wide spectrum of fission products, which are beta–gamma active, and actinides
possessing alpha activity. Most of the radioactivity is in the form of radioactive cations and complex anions. The liquid wastes
from nuclear reactors have high volumes of dilute chemicals with low radioactivity, while reprocessing plants contain almost
99% of the total inventory of radioactivity in the whole fuel cycle that is contained in a relatively small volume. Radioactive
wastes are conventionally classified as belonging to various categories depending upon the level of radioactivity. Table 29.1
gives the categories of radioactive wastes [1]. Effluents containing significant quantities of alpha-active isotopes (actinides) in
addition to some beta–gamma activity are specified as alpha wastes. Reprocessing plants generate all types of wastes whereas
effluents generated in a nuclear reactor have generally low to intermediate level radioactivity with insignificant amount of
alpha-active actinides. In both these waste streams, the concentration of two fission product isotopes, namely, 137Cs and 90Sr is
generally high. With their long half-lives (30 and 28 years, respectively), these elements are important in the treatment of
wastes. Actinides have still longer half-lives, of the order of 104 to 106 years and demand attention because of their sustained
radioactivity over much longer period.

29.3 PROCESSES FOR TREATMENT OF RADIOACTIVE WASTES

A typical high-level waste contains radioactivity of the order of 3.7� 109 to 3.7� 1014 Bq=m3 in molar concentration of nitric
acid. Corrosion products, alloying elements, fission products, actinides, and chemicals introduced during fuel reprocessing are
the major constituents of high-level wastes. In addition to the high levels of radioactivity, there is substantial solution heating
from radionuclide decay. The combination of heat generation and radioactivity requires quite selective treatment. The treatment
of high-level radioactive wastes involves conversion of these wastes into inert matrix such as glass or ceramics with the help of
suitable additives. In vitrification, immobilization of radioactivity together with volume reduction is achieved.

For the treatment of low and intermediate level wastes, three processes are generally adopted, namely, chemical precipi-
tation, ion exchange, and evaporation. The efficiency of the treatment scheme is judged by the values of decontamination factor
(DF) and volume reduction factors (VRFs), which are defined as follows:

Decontamination factor ¼ Concentration of radioactivity in the waste before treatment

Concentration of radioactivity in the waste after treatment

Volume reduction ¼ Initial volume of the waste

Final volume of the waste

29.3.1 EVAPORATION

Among the processes mentioned above, evaporation is an efficient process providing very high DFs (103–104 typically, with
enhancements up to 106) in the distillate, which is suitable for release to the environment. The concentrate exists as a thick
liquid of small volume and contains most of the activity together with concentrated salts. The process is nonselective,
concentrating all the constituents that are in solution. Evaporation is costly, as it is energy intensive and is used only for the
treatment of low volumes of wastes (10–100 L=min) containing moderate levels of radioactivity with low or high concentration
of salts.

TABLE 29.1
Categorization of Radioactive Wastes

Solid Liquid Gaseous
Category Surface Dose (mGy=h) Activity Level (Bq=m3) Activity Level (Bq=m3)

I <2 <3.7� 104 <3.7

II 2–20 3.7� 104 to 3.7� 107 3.7 to 3.7� 104

III >20 3.7� 107 to 3.7� 109 >3.7� 104

IV Alpha bearing 3.7� 109 to 3.7� 1014 —

V — >3.7� 1014 —
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29.3.2 CHEMICAL TREATMENT

Chemical treatment is a well-proven technique and is less expensive. Generally, specific chemical precipitation is carried out in
situ in big tanks holding the radioactive waste stream to remove radionuclides while permitting nonradioactive ions to be
released in the effluent from the process. The radionuclides present in the waste are precipitated, co-precipitated, carrier
precipitated, or adsorbed by insoluble compounds. A clariflocculator is used for flocculation and clarification. This technique is
used as a batch or a semibatch process for large volumes of effluents containing only low concentrations of activity. It provides
lower DF values (10–100) than evaporation.

29.3.3 SORPTION AND ION EXCHANGE

Sorption is a general term commonly used to describe the uptake of radionuclides (ionic or nonionic) by certain materials
(sorbents). Ion exchange, specifically, refers to the process of reversible exchange of ions having charges of the same sign
between an electrolyte solution and the ion exchanger. Conventional organic ion-exchange resins are not very selective as they
remove both radioactive and nonradioactive materials. In many waste streams originating from nuclear installations, the
concentrations of nonradioactive constituents are many times (>106) greater than the radioactive contaminants. Hence, these
are normally suitable for decontamination of relatively clean solutions with low salt content. Once resins are loaded with
contaminants, they can be regenerated, washing off the collected contaminants into a small volume that may then be
immobilized or further volume reduced by evaporation before solidification. The resin can be reused.

Synthetic ion-exchange resins based on phenolic resins have shown promise in radioactive liquid waste treatment contain-
ing high inactive concentrations of ions. In alkaline solutions, these resins show very high uptake of cesium due to the
ionization of phenolic hydroxyl groups at high pH. Resorcinol-formaldehyde polycondensate resins have also been successfully
tested for efficient removal of radioactive cesium from alkaline-reprocessing wastes containing large concentrations of sodium
ions. Incorporation of iminodiacetic acid functional groups into the phenolic polymer matrix gives it the additional feature of
strontium uptake by chelation. These resins are presently being used on a large scale [2]. Inorganic sorbents=ion exchangers
have higher thermal, radiation, chemical stability, and higher selectivity for certain ions and they are more compatible with
various immobilization matrices. Vermiculite, a naturally occurring aluminosilicate mineral, is well known for its selective
uptake of cesium followed by irreversible trapping due to lattice contraction. Among other promising irreversible sorbents
potassium cobalt(II) hexacyanoferrate(II), ammonium molybdophosphate (AMP), resorcinol-formaldehyde polycondensate
resin are noteworthy.

29.3.4 MEMBRANE PROCESSES

A major deficiency of conventional treatment systems is their inability to make use of a single-process separation for all the
dissolved constituents on a molecular or ionic level. Membrane processes operate at ambient temperature and offer one-step
separation for all the dissolved constituents on molecular or ionic level without any need for further chemical addition.
Table 29.2 gives the application of different membrane processes for diverse contaminants.

Among the disadvantages, the fouling and degradation of membrane surfaces of the polymeric membrane systems under
adverse chemical and thermal conditions are often cited. However, these problems may be partly overcome by proper
pretreatment of the effluents, optimizing the process variables and selecting suitable membrane materials. The radioactive
wastes most suited for membrane separation are characterized by chemically insignificant amounts of radionuclides and small
amounts (few hundred parts per million) of inactive ionic species.

In membrane processes, a solute is defined as the chemical species which does not selectively permeate through the
membrane barrier and thereby getting enriched on the high-pressure side of the membrane. Permeate refers to the chemical

TABLE 29.2
Membrane Process for Diverse Contaminants

Species Membrane Processes

Particulates Microfiltration
Colloids Microfiltration

High-molecular-weight organics Ultrafiltration (UF)
Middle-molecular-weight organics large ionics UF=NF
Low-molecular-weight organics ionics NF=RO
Ionic contaminants Electrodialysis=RO

Acids Diffusion dialysis
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species, which selectively permeate through the membrane barrier and thereby getting enriched on the low-pressure side of the
membrane. Recovery refers to the quantity of the permeate obtained by the membrane process for a given quantity of feed sent
through the system and it is often expressed as either a fraction or in percentage.

The basis design objectives in these systems aim at high VRFs, corresponding to permeate recovery factor of more than 0.9
and a decontamination factor of at least 10 corresponding to solute rejection of more than 90%. Membrane processes are used in
radioactive waste treatment primarily to reduce the volume of the waste that is achieved by redistributing the activity in two
phases: one depleted of radioactivity having the majority of the original volume and the other concentrated in a lesser volume.
The dilute phase depleted in radioactivity (permeate) may be released to the environment if the permeate meets the regulatory
guidelines set for its discharge. The concentrated stream (retentate) must be subjected to secondary treatment. Preconcentration
by membrane processes is considered desirable from the point of view of generating low volumes of final waste that can be
further processed before it is sent for safe disposal. Membrane separation processes offer the possibility of treatment at the point
of generation, leading to a much smaller volume of concentrate that has to be transported to a centralized treatment plant.

Membranes are synthetic barriers across which selective permeation of the desired species can be effected by employing
appropriate driving force like electric potential, hydrostatic pressure, or concentration gradient. Characteristics of principal
membrane processes are given in Table 29.3.

Membrane processes are classified according to the nature of the membrane and the driving force employed. A number of
different types of polymeric=inorganic membranes have been developed in recent times in basically four types of modular
assemblies, namely, plate and frame, spiral, tubular, and hollow fine fiber. Table 29.4 gives the application of various
membrane processes for the separation of different types of contaminants encountered in effluents.

For radioactive effluent treatment, the relevant membrane processes are microfiltration, ultrafiltration (UF), reverse
osmosis, electrodialysis, diffusion, and Donnan dialysis and liquid membrane processes and they can be used either alone or
in conjunction with any of the conventional processes. The actual process selected would depend on the physical, physico-
chemical, and radiochemical nature of the effluents. The basic factors which help in the design of an appropriate system are
permeate quality, decontamination, and VRFs, disposal methods available for secondary wastes generated, and the permeate.

TABLE 29.3
Characteristics of Principal Membrane Separation Processes

Process Driving Force Objective

Gas, vapor, and organic
liquid permeation

Concentration gradient
(pressure, temperature assisted)

Product enriched in a desired component

Dialysis Concentration gradient Solution of macromolecules free of microsolutes
Electrodialysis Electric potential Solvent free of ionic solutes

Concentration of ionic solutes
Ion replacement
Fractionation of electrolytes

Microfiltration Pressure Sterile, particle-free solution
UF Pressure Solution of macro solutes free of microsolutes
NF Effective pressure Removal of organics, dyes from effluents

Fractionation of electrolytes
RO Effective pressure Solvent free of all solutes

Concentration of solution

TABLE 29.4
Membrane Applications for Different Contaminants

Contaminant species Membrane process
Particulate matter and suspensions Microfiltration
Colloidal impurities Microfiltration

High-molecular-weight organics UF
Middle-molecular-weight organics UF
Low-molecular-weight organics NF, RO
Multivalent ionic solutes NF, RO

Acids Diffusion dialysis
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For example, in fission product effluents where radio-contaminants having longer half-lives are present, the emphasis should be
on very high volume reduction with permissible=acceptable decontamination factors so that the permeate could be directly
discharged. For effluents contaminated with radionuclides of short half-lives, a good decontamination with reasonable volume
reduction may be acceptable because the concentrate could be stored till the activities decay before discharge. The radioactive
effluents requiring treatment may vary with respect to the type of radionuclide, its chemical nature, concentration, pH,
concentration of inactive solutes, and presence of suspended matter.

29.3.5 REVERSE OSMOSIS

Reverse osmosis (RO) involves the passage of solvent through a semipermeable membrane, when a solution is pressurized in
excess of its own osmotic pressure. This method uses high pressures (2–4 MPa) to force water through a semipermeable
membrane that presents an effective barrier to permeation of ionic species or large molecules. It thus produces a concentrated
solution (retentate)-limited to about 0.8 M by osmotic pressure considerations and a dilute (permeate) water stream with a
decontamination factor of 10–100 in dissolved salts, for a single-stage process. The lower range is representative of monovalent
species, the higher for divalent or trivalent species that are strongly rejected. Still higher values may be expected for alpha
emitters owing to their larger atomic=molecular size. The possibility of radioactive effluent treatment by RO was recognized in
the early 70s and several studies have been reported on the laboratory scale as well as on the pilot plant scale. Several systems
are now in routine use in nuclear installations around the world. A typical flow sheet of a reverse osmosis plant for waste
treatment is given in Figure 29.1.

Radioactive waste treatment applications have been reported [3–9] for the laundry wastes from nuclear power plants
and mixed laboratory wastes. Another interesting application of reverse osmosis process is in decontamination of boric acid
wastes from pressurized heavy water reactors (PHWRs), which allows for the recovery of boric acid, by using the fact that the
latter is relatively undissociated and hence will pass with water through the membrane while most of the radioactivity is
retained [10]. Reverse osmosis was evaluated for treating fuel storage pool water, and for low-level liquid effluents from
reprocessing plants.

A variety of reverse osmosis membrane systems based on cellulose acetate, aromatic polyamides, and other polymers have
been tested for their potential applications. Reverse osmosis membrane equipment is available for large-scale operation since
the process is widely used for the production of potable water from sea or brackish waters and upstream of ion exchange in the
preparation of ultrapure water for steam-generating boilers. In these applications, the feed concentrations may vary from 500 to
40,000 mg=L of dissolved solids. The RO technique can be used at pH values between 3 and 12 and up to 458C.

In radioactive waste treatment, significant operational aspects include the following. Since the operation requires the use of
high pressures, there is a need to ensure control of the activity release from possible leaks. As with evaporation, pretreatment of
the feed may be necessary to prevent scaling, and where dirty waters are to be fed directly it would be advisable to consider the
use of equipment with larger membrane flow channels, which would permit periodic foam ball cleaning of the membrane
surface.

Reverse osmosis is a preconcentration technique and the concentrates, depending on the inactive load, can be sent to
evaporation or chemical precipitation step. The permeate, depending on the radioactivity level, may be either discharged
directly or released after passing the water through polishing columns. Normally, the decontamination factor achievable varies
from a few tens to hundreds, depending on the nature of the input stream, and the membrane. The VRFs depend on the inactive
salt load, operating pressure, and the selectivity of the membrane used.
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FIGURE 29.1 Flow sheet of RO plant.
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Various performance indicators, such as VRF, percent solute rejection (SR), percent permeate recovery (R) are computed as
follows:

VRF ¼ initial volume of the feed

final volume of the feed

SR ¼ feed concentration� permeate concentration

initial feed concentration

� �
� 100

R ¼ permeate flow rate

feed flow rate

In BARC, a reverse osmosis pilot plant was successfully operated [11] for decontaminating low-level radioactive effluents
having total dissolved solids in the range of few hundred parts per million contaminated with radioactive cesium and strontium.
The pretreatment section consists of upflow particulate filter and cartridge filter. The upflow filter has been found to be effective
in the removal of significant amounts of activity. This indicates that radioactivity is associated with large-sized suspended
matter and the decontamination factor associated with upflow filter is directly proportional to the specific radioactivity of the
feed introduced to the filter. In large-scale operations, the upflow filter generates significant quantities of secondary aqueous
wastes due to the backwashing cycles which increase the waste volume. Also the filter media have to be disposed of
periodically due to radioactivity build up that accumulates even with backwashing. On the other hand, only the cartridge
filters used can remove the suspended loads, however, with frequent and costly replacement of the cartridges. There is a
possibility to incinerate these cartridges, which would reduce the solid waste volume. From our experience, it can be said that
there is no need to add any biocides or bio inhibitors as the accumulated radiation sources on the membrane surface themselves
can prevent biofouling. Presently a 100 m3=day RO plant for decontamination and volume reduction of low-level radioactive
effluents is operating at Trombay, India.

Uranium metal processing is one of the important constituents of a nuclear industry where nuclear grade metallic uranium is
prepared for use as nuclear fuel. Like all other hydrometallurgical plants, uranium metal-processing plants also produce
considerable quantities of metal-bearing liquid effluents, which are radioactive in nature. During the processing of uranium ore
to get nuclear grade uranium metal, pure uranyl nitrate solution is obtained which is treated with ammonia–air mixture to
precipitate ammonium diuranate.

This ammonium diuranate is filtered. Ammonium diuranate filtrate (ADUF) generated in uranium metal plant contains
around 30,000 ppm ammonium nitrate and small amounts of dissolved and suspended uranium and its daughter products. The
beta activity levels due to 234Th and 234Pa are significant and require processing before disposal of filtrate into the sea.
Economic treatment and safe disposal of the filtrate demand a decontamination factor of at least 10 with a VRF of more than 10.
This corresponds to a minimum solute rejection of more than 90% at more than 90% permeate recovery under reverse osmosis
processing conditions. At first glance, reverse osmosis process with very high permeate recovery and high solute separation at
such a high feed solute concentration does not seem reasonable. However, our laboratory studies [12] indicated that both
ammonium and nitrate species are poorly rejected by cellulose acetate brackish water desalting reverse osmosis membranes,
compared to sodium chloride. The solute rejection of ammonium nitrate decreases with increasing concentration.

29.3.5.1 Transport in Reverse Osmosis Process

The transport of solute and the solvent through semipermeable membrane under reverse osmosis conditions are depicted in
Figure 29.2. The permeate flux (NB) in reverse osmosis is given by the following equation:

NB ¼ A[P� (PXA2 �PXA3)]

P

Reject

Boundary layer

Membrane

Feed k XA1

XA2

XA3Permeate

FIGURE 29.2 Membrane–solution interface.
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where
A is the membrane constant (m=s bar)
P is the operating pressure (bar)
PXA2, PXA3 are osmotic pressures of boundary layer and permeate streams with solute mole fractions XA2 and XA3,

respectively

For a solute with high rejection, permeate concentration would tend to zero. Thus,

XA3 ! 0 and PXA2 �PXA3 ffi PXA2

As recovery increases, the bulk solute concentration and hence XA2 increase. The recovery would then be limited by the value
of PXA2 approaching the operating pressure P.

On the other hand, for poorly rejected solute like ammonium nitrate, the permeate concentration of solute would be
significant, and hence

PXA2 �PXA3 < PXA2

Since the permeate concentration is considerable, the rise in the bulk concentration of the feed (XA1) as well as the boundary
layer concentration (XA2) with recovery would be less. Moreover, the solute rejection decreases with increasing concentration,
thereby always keeping the term (PXA2 – PXA3) much less than P. Under these conditions, one can theoretically go up to a
concentration where the osmotic pressure of the feed would approach the operating pressure, subject to the limitations of
scaling and fouling. Accordingly, the VRF or recovery would not be a critical design step as long as the permeate quality is
maintained within the desired limits. The high solubility of ammonium nitrate and the absence of scaling components make it
theoretically feasible to attain high recoveries. However, iron fouling needs to be taken care off. If radioactive contaminants are
selectively removed, then it is possible to use this process for decontamination of ADU effluents despite the high concentration
of the total dissolved solids.

The treatment of ADUF by reverse osmosis [13] was found to be useful in concentrating activity in small volume while
making a larger volume of the decontaminated effluent for direct disposal after required dilution. Porous cellulose acetate
membranes were used in plate module configurations. The concentration of ammonium nitrate in the permeate stream is not
very different from that of the contaminated retentate. With the addition of flocculating aids, the decontamination factors in the
range of 1000 with VRFs in the range of 100 were achieved.

29.3.6 NANOFILTRATION

Nanofiltration (NF) membranes have average pore size of 10–30 Å, an intermediate range between reverse osmosis (10 Å) and
ultrafiltration (>30 Å). Nanofiltration has the advantage of very low solute rejection for monovalent species, probably due to
their very small hydrated radii and higher rejection for multivalent species which are large enough. The decontamination of
ADUF was also investigated in a pilot plant study using nanofiltration membranes [12]. Because of the poor separation of
ammonium nitrate, NF membranes have the potential to achieve high VRFs with high decontamination factors for radio-
nuclides, which are multivalent. The studies carried out indicate that nanofiltration is better suited for the decontamination of
ammonium diuranate filtrate effluents due to their near constant fluxes, high decontamination factors, and low ammonium
nitrate solute rejections. Complexation has been used in conjunction with nanofiltration process for selective removal of trace
toxic metal ions [14].

29.3.7 ULTRAFILTRATION

Ultrafiltration process is basically a physical filtration process on a very fine scale. It can retain large molecules, suspended, and
colloidal particles, but can allow dissolved salts to pass through the bulk of the water. To keep the concentrate mostly in a
uniform suspension requires high flows of liquid along the membrane surface. The technique uses similar configurations of
equipment layouts as are used in reverse osmosis processes.

Ultrafiltration process is used in industries for the treatment of wastes and the associated recovery of useful products in the
concentrate. Examples include the fractionation of milk whey and the treatment of cutting oil emulsions. Ultrafiltration process
utilizes membranes having pore sizes in the range of 0.01–0.1 mm. The operating pressure is in the range of 3–5 bar. The
mechanism of separation is essentially based on the size-based retention of the components. Cellulose esters, polyamide class of
polymers, polyacrylonitrile, polyvinylidene difluoride, and polysulfones are largely used as membrane materials. It has
application in the concentration of radioactivity, which is or can be converted to a colloidal or suspended state or possible
included in large complex molecules. It has the potential advantage over reverse osmosis of being selective in its concentrating
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action because soluble salts may pass through the membranes and be discharged with the bulk of the water, provided they are
nonradioactive. It also operates at lower pressures (<0.5 MPa) than does reverse osmosis and at higher membrane fluxes.
Although in most commercial units the membranes are polymeric materials, they are less sensitive to chemical and temperature
conditions than reverse osmosis. Several inorganic membranes are available, permitting treatments which might incur high
radiation dose.

Like microfiltration, ultrafiltration process can also be used in conjunction with chemical precipitation techniques to
improve decontamination factors. Ultrafiltration processes could be useful for decontaminating alpha wastes from laundry and
washing water streams of plutonium-processing plant on a large scale [15,16].

29.3.8 PRECIPITATION ULTRAFILTRATION

Removal of 137Cs by copper ferrocyanide precipitation followed by ultrafiltration is another promising option. This method
could give higher DFs (100–1000) under optimum conditions compared to DFs of about 10 obtained in conventional
methods of solid–liquid separation like settling or clariflocculation. It also requires lower dosage of chemical thus making it
cost effective. Ultrafiltration combined with chemical precipitation or adsorption has been employed for treatment of
radioactive effluents to improve the decontamination factors [17,18]. A typical flow sheet of the combined process is
represented in Figure 29.3.

29.3.9 COMPLEXATION ULTRAFILTRATION

Ultrafiltration membranes work as a molecular size barrier; the pore size is too large to retain metal ions except in the colloidal
form. Formation of high-molecular-weight species by complexation with water soluble-chelating agents leads to metal ion
capture that permits the concentration of metallic solutions. A schematic of the process is represented in Figure 29.4. Selective
metal ion extraction can be achieved if specific chelating groups are anchored on the polymeric chain. This combined process,
called complexation ultrafiltration, could provide an alternative to ion-exchange resins.

A solution containing the metal ion to be extracted and a water-soluble polymer is delivered into an ultrafiltration unit
(Figure 29.5). The feed stream, upstream of the UF system, is adequately stirred to enhance recovery of the radioactive ions.
The metallic macromolecular complex is retained while low-molecular-weight solutes pass through the membrane. The
efficiency of the process is mainly characterized by the passage of each species through the membrane. The transfer coefficient
of a given solute, i, is defined by

Ti ¼ Ci
f

Ci
0

where
Ci
f and Ci

0 are the concentration of species, i, in the filtrate and the feed solutions, respectively
T i is usually expressed as an equivalent parameter
Ri is the retention coefficient, given by

Ri ¼ 1� Ti (when Ri ¼ 1, i retention has been completed):

Precipitant low
concentration

UF unit

Permeate

Supernate

FIGURE 29.3 UF combined with chemical precipitation.
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The filtration rate must be as high as possible so that the required membrane area is minimum. Flux rate (J) through the
ultrafiltration membrane is related to the applied pressure DP by Darcy’s law:

J ¼ DP(h� rm)

where
rm represents the hydraulic resistance of the membrane toward the permeate
h is the dynamic viscosity of the solution

The filtration rate increases with increasing molecular weight cut-off (MWCO) by lowering rm. MWCO is the molecular weight
of the solute retained by the ultrafiltration membrane to the extent of 90% of the initial concentration. The accumulation of the
retained solutes on the membrane or in the boundary layer next to the membrane surface, a phenomenon called concentration
polarization, is the main cause of limitation of filtration rates. The concentration polarization is usually reduced by stirring
the solution in the ultrafiltration unit or by tangential flow to the membrane surface or using higher flows to reduce the
boundary layer.

The efficiency of the method is governed by some main requirements, such as complexation ability of the additive polymer
and the ability of the membrane to retain the complexed metal ion. The retention of the macromolecular species should be
complete to avoid loss of material. This condition entails that the molecular weight distribution of polymers does not overlap
the pore size distribution of membranes. MWCO of the membranes should be chosen significantly lower than the average
molecular weight of polymers. The treatment of large volumes demands high filtration rates. As can be seen in the above
equation describing the flux rate, J decreases with increasing viscosity of the solution due to the high-molecular weight or to
the high concentration of the polymers. Therefore, a compromise has to be found between MWCO and the molecular weight

UF cell

Feed effluent with
metal ion

Solution of water-
soluble polymer

Filtrate

Retentate

FIGURE 29.4 Schematic diagram of metal removal by means of the diafiltration process.

Feed  under
pressure

UF

Filtrate

Macromolecular
complex

Other salts

Membrane

FIGURE 29.5 Principle of complexation UF.
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of the polymer macromolecules. On the other hand, fouling of membranes may occur during ultrafiltration by polymer
precipitation because of the low water solubility of the polymer. For this reason, polymers with good water solubility and
are capable of forming complexes with metal ions should be chosen for use.

A variety of water-soluble macromolecules bearing ion-exchanger groups or chelating functions have been reported for use
in complexation ultrafiltration processes [19–21]. Polyethyleneimine (PEI), a polymeric amine, has been used in many studies
as a complexing agent as well as a versatile source of chelating derivatives. In addition to its chelating abilities, PEI exhibits
good water solubility and chemical stability, yet has a high number of functional groups. However, the range of molecular
weights available with PEI complexes does not exceed MW 50,000. This property requires the use of membranes with low
MWCO to achieve desirable retention of the PEI.

Ultrafiltration membranes are made of various organic or inorganic polymers. Obviously, the best compatibility has to
be found between membranes and solutes to avoid adsorption that will decrease the filtration rate. One of the most commonly
used membranes is polyether sulfone—a nonionic hydrophobic polymer having high filtration rate. Unfortunately, this polymer
is susceptible to strong interactions with hydrophobic solutes that will lead to irreversible fouling of the membrane
surfaces. Hence, cellulosic materials are the preferred choice for these applications because of their low protein-binding
properties. Radioactive cerium was separated [22] using polyethyleneimine complexation with indigenously made ultrafil-
tration membranes. Published results indicate that decontamination factors in the region of 1000 for alpha and 100 for
beta–gamma radioactive species can be achieved with overall volume reduction of the order of 104.

29.3.10 MICROFILTRATION

Microfiltration membranes have pore sizes ranging from 0.1 mm and are suitable for the separation of colloidal impurities and
suspended particles of submicron size, present in the raw effluents. The prime separation mechanism is mechanical retention.
This process is generally used for the removal of turbidity and microorganisms from drinking water sources. The pressure
applied is around 1–2 kg=cm2. In the primary cooling water of a light water reactor (LWR), corrosion products are produced
which mainly consist of metal oxides containing radioactive nuclides, usually called cruds. This technique has been used [23]
for separation of crud from wastes generated from operational practices in LWRs. While precoat or cartridge-type filters are
generally used for removing such crud, these filters when spent produce secondary radioactive wastes. Further, the cartridge
filters do not satisfactorily remove submicron-sized crud particles. Microfiltration membrane elements can be used for much
longer periods before replacement, while filter-type cartridges may require frequent replacements.

Microfiltration can also be used in conjunction with chemical precipitation methods. Under optimum conditions, an
integrated process of chemical precipitation and microfiltration will give a better decontamination and a lower quantity of
sludge for disposal than conventional techniques using cartridge filtration and ion exchange [24]. Regenerated cellulose,
cellulose acetate, polysulfone, polycarbonate, polypropylene, polytetrafluoroethylene, polyvinylidene difluoride, aromatic
polyamide, and polyvinyl chloride are some of the polymeric materials used as microfiltration membrane systems. These
membranes have limited radiation resistance and chemical tolerance. Ceramic microfiltration membranes have higher radiation
stability and are capable of withstanding severe chemical cleaning to restore fouled membrane surfaces.

29.3.11 OSMOTIC CONCENTRATOR

The phenomenon of osmosis which led to the development of reverse osmosis technology has not been adequately exploited for
industrial applications. This is primarily because the permeating solvent species is lost in the high concentration saline water
stream, which provides the osmotic pressure differential necessary for the osmotic flow. The permeate stream is therefore not
recoverable. Direct osmosis (DO) has sufficient potential for concentration of radioactive effluents as this process obviates
the requirement of high-pressure support systems with their attendant problems. The driving force for dewatering can be easily
realized from the salinity potential of seawater or its concentrates, which are abundant. An osmotic concentrator, fabricated and
tested [25], indicated that it is possible to concentrate a radioactive feed solution, containing cesium and strontium isotopes with
typically 300 ppm of mixture of inactive cesium and strontium chlorides. A concentration between 10 and 20 times was
achieved by utilizing an optimum membrane and osmotic sink concentration. The circulation rates of the feed and sink can
also be further controlled to achieve an optimum osmotic flux. The water permeation rate in DO is however less than in RO
under comparable osmotic pressure and hydrostatic pressure gradients. A sketch of the osmotic concentration setup is shown
in Figure 29.6.

29.3.12 ELECTRODIALYSIS

The basic principle of electrodialysis for desalination is to drive the cations and anions from saline water feeds under the
influence of an electric potential gradient through cation- and anion-selective membranes. The electric potential prevents
diffusion of oppositely charged ions in the other direction. A schematic of the process is shown in Figure 29.7. In a
typical electrodialysis cell to deionize a salt solution, anion- and cation-exchange membranes are arranged alternatively in a

Pabby et al./Handbook of Membrane Separations 9549_C029 Final Proof page 836 13.5.2008 2:10pm Compositor Name: BMani

836 Handbook of Membrane Separations



stack, and a potential difference sufficient to force current through the stack is applied between the two electrodes placed at each
end of the stack. For current to pass between the electrodes, ions must be transported through each of the membranes. By
arranging the feeds to the various intermembrane compartments, it is possible to force ionic salts to pass from the dilute stream
to the concentrated stream. In this way, a salt can also be split into its acid and base components. By combination of several cell
pairs that comprise an anion- and a cation-selective membrane sheets in parallel, a stream concentrated in the original salts may
be prepared. This configuration is the common method for industrial use, in which electrodialysis gives broadly the same result
as reverse osmosis and has found very similar applications to general water treatment.

The energy consumption of an electrodialysis cell is determined effectively by the cell voltage and the current efficiency.
The current efficiency is established by the membrane properties. In practice, the cathodic reaction almost always results in
hydrogen evolution while the anodic reaction leads to the evolution of oxygen. The cathodic reaction increases the pH of the
solution in this compartment, while the anodic reaction decreases the pH.

The cell voltage required depends on the product of current and voltage drop in the dilute streams, particularly toward the
end of the process when the total ion concentration is very low. Hence, the cell must be designed to minimize this term, i.e., the
gap between the membranes must be as small as possible.

The maximum useful current density through the membrane is normally limited by a phenomenon known as polarization.
Concentration polarization is caused due to the depletion of the transported ion at the membrane surface, because of its faster
electrolytic transport through membrane phase and its comparatively slower rate of transport through the solution phase. This
causes excessive resistance at the stagnant layer near the membrane–solution interface. It is therefore necessary to avoid
stagnant layers at the membrane–solution interfaces by operating at high Reynolds number or with turbulence promoters.

Osmotic sink Radioactive
feed

FIGURE 29.6 Bench scale osmotic concentrator.

Cations permeating through
cation-permeable membranes

Anions permeating through
anion-permeable membranes

Diluted product water

Concentrate

Feed

Anode

FIGURE 29.7 The principle of electrodialyser operation.
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Application of electrodialysis is usually limited by the low electric conductivity of a diluted stream resulting from low
concentrations of electrolyte. This limitation may be counteracted by filling the appropriate cells with ion-exchange resins at the
expense of complications in construction. Although electrodialysis has the advantage of being a low-pressure process, this
advantage is offset by the tendency of the ion-exchange membranes to be fouled by solids deposited on the concentration side
of the cell. The construction of electrodialysis cells involves a number of seals around the individual membrane sheets. The
assurance of leak-tight joint at all cells adds to the complication of replacement operations under radioactive conditions.

Electrodialysis has been examined [26] at the Japan Atomic Energy Research Institute (JAERI) for the removal of
radioactive ions from low- and intermediate-level radioactive liquid waste using inactive coexisting salts as ionic carriers
of very small amounts of radioactive ions. It has been found that the nature and the concentration of the existing salt species
generally do not influence the decontamination factor obtained for radioactive ions. The efficiency for the decontamination of
radioactive ions has been found to be higher for lower valence cations. It has also been observed that addition of inactive
coexisting salt ions improves the decontamination factor but lowers the extent of volume reduction achievable.

Another example of electrodialysis applied to the nuclear industry [27] is the recovery of NaOH and H2SO4 from the
secondary liquid waste created by the regeneration of ion-exchange columns installed in LWRs. This application has been
successfully demonstrated at a plant scale facility using simulated solutions. Long-term life tests on the ion-exchange
membranes indicate a shorter life for anionic membranes than cationic membranes.

29.3.13 ELECTRODEIONIZATION

Large-scale operation on a radioactive feed stream has been reported [28] from Russia. Rauzen and others described a
100 m3=day facility, which was used to purify radioactive effluents. In this plant, two stages of electrodialysis were used in
series. The diluate cells in the second stage contained ion-exchange resins and the water produced had a salt content equivalent
to distilled water. This arrangement was found to be cheaper than a final ion-exchange cleanup. Another alternative tried was to
use electrodialysis to recover acid and alkali from ion-exchange regenerant streams [28].

29.3.14 DIFFUSION DIALYSIS AND DONNAN DIALYSIS

Donnan dialysis is a membrane separation process that uses ion-selective membranes to prevent the flow of certain ions from
one solution to another. A schematic of the process is presented in Figure 29.8. When a salt solution is separated from its
corresponding acid by a cation-exchange membrane, the anions are excluded from the membrane, while the cations are
redistributed across the membrane to attain Donnan equilibrium. By changing the salt solution periodically, it would be
possible to shift the equilibrium favorably to effect simultaneous neutralization of acid on one side of the membrane (feed
compartment) and acid recovery on the other side (receiver compartment). The driving force for ion migration is the chemical
potential gradient for the cation across the membranes.

Diffusion dialysis is a special class of Donnan dialysis where anion-exchange membranes are generally used. The
membranes do not allow cations to pass through, but anions are free to move across the membrane to equilibrate. However,
Hþ ions which are much smaller will diffuse across the membrane to the receiver side. Hence, total acid diffusion is noticed in
diffusion dialysis processes. Highly acidic radioactive streams could be deacidified by a diffusion dialysis process where
specifically developed ion-exchange membranes are employed in a conventional electrodialysis stack design forming alternate
diffusate and dialysate compartments. Free acid selectively diffuses through these anion-exchange membranes. The deacidified
radioactive streams could again be treated by a secondary electrodialysis unit. An integrated membrane process consisting of
diffusion dialysis followed by electrodialysis was evaluated [29] to deacidify and subsequently decontaminate a high-level
radioactive stream by depleting the alpha activity. It was found that a diffusion dialysis process could be used to reduce the

Cu2+

Phase I  pH 1

SO 4
2  –

SO 4
2  –

H+

FIGURE 29.8 The principle of Donnan dialysis.
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nitric acid concentration in the radioactive effluents from 3 to less than 0.3 M. The decontamination factor obtained with respect
to cesium and strontium was in the range of 80–100.

Donnan dialysis and diffusion dialysis techniques are used [30] to deacidify and concentrate actinide bearing acidic
solutions. Near complete deacidification could be achieved from 8 M nitric acid solutions with a high decontamination factor
for the actinides. With cation-exchange membranes, the deacidification is accomplished by the build up of neutralized salt in the
feed. With an anion-exchange membrane, the feed acidic solution is deacidified free of salt buildup. By superimposing direct
osmosis with free deacidification, it was simultaneously possible to concentrate the deacidified actinide solution [30].

29.3.15 LIQUID MEMBRANES

Liquid membranes are made when a carrier mixed in a suitable solvent is converted to immiscible layer between two aqueous
solutions. One of the components in the aqueous solution has preferential permeation into the immiscible membrane layer. The
species in the feed can have a neutral, cationic, or anionic charge. Subsequently, these ions are removed by the permeate side
solution by decoupling the carrier complex. The success of the liquid membrane process is primarily due to the diffusivity of
ionic=nonionic species in liquids being an order of magnitude higher than in polymeric films. Further, the carrier molecules
used in liquid membrane systems are very specific to different species and hence result in selective separation. This allows
separation against an activity gradient. Various common forms of liquid membranes are bulk, emulsion, and supported liquid
membrane (SLM) systems. Schematics of various liquid membrane systems are given in Figure 29.9. SLM systems are
extensively investigated where the carrier is held in a porous polymeric membrane [31,32]. Development of liquid membrane
process for removal of plutonium, uranium, and americium from dilute acidic solutions has been reported [33]. The removal of
uranium and plutonium using SLMs with different carrier agents has been studied in BARC [34]. The recovery of uranium from
phosphoric acid by this process has been considered to be an economical and efficient process as compared to solvent
extraction.

The removal=recovery of actinides from aqueous reprocessing waste solutions is required to minimize radioactive
discharges to the environment. Dihexyl-N,N-diethyl carbomoyl methyl phosphonate (DHDECMP) and tributyl phosphate
(TBP) supported polypropylene hollow fibers showed promise in transferring americium and plutonium from high nitrate and
low acid feeds to dilute oxalic acid-stripping solutions. Hollow fiber membrane supports exhibit the most efficient membrane
area to feed volume ratio. Sorption of americium on inorganic exchangers from the strip solutions permits the recovery of
americium. High-selective transport of U(VI) and Pu(IV) over several fission product contaminants was achieved employing
TBP as the mobile carrier and dodecane as the membrane solvent [35].

For waste management purposes, various solvent extraction processes primarily for the removal of 137Cs and 90Sr from
alkaline or weak acidic solutions have been developed on bench scale as well as on pilot scale [35,36]. Di-2-ethylhexyl
phosphoric acid=kerosene system with Span 80 surfactant showed promise for the pertraction of 90Sr from aqueous solutions.
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FIGURE 29.9 Schematic of various liquid membrane systems.
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Recently, attempts were made to recover inert fission products like palladium from process effluents by SLM with carriers like
bis(2-ethylhexyl)sulfoxide and thiacrowns [37].

29.3.16 MEMBRANE ELECTROLYZERS FOR PRODUCTION OF URANYL NITRATE

The PUREX process is the oldest known and widely adopted for reprocessing of spent nuclear fuel. In this process, uranium
and plutonium are co-extracted into an organic phase leaving behind the fission products in the aqueous phase. It is necessary to
separate uranium and plutonium from each other for their end use in the manufacture of fuel. Redox reactions can be exploited
to change the valency of uranium and plutonium to achieve the objective to separate and produce uranium and plutonium of
high purity. Various reducing agents used for this purpose are ferrous sulfamate, hydroxylamine nitrate, hydrogen in presence
of a catalyst, and uranyl nitrate. Uranyl nitrate can be produced electrolytically, which is simpler and amenable for large-scale
production. Electrochemical reactions involved in this process are given below:

At the cathode

UO2þ
2 þ 4Hþ þ 2e ! U4þ þ 2H2O E0 ¼ þ0:33 V

NO3 þ 3Hþ þ 2e ! HNO2 þ H2 E0 ¼ þ0:94 V

2Hþ þ 2e ! H2 E0 ¼ 0:0 V

At the anode

N2HS ! N2 þ 5Hþ þ 4e E0 ¼ �0:23 V

2H2O ! O2 þ 4Hþ þ 4e E0 ¼ �1:22 V

Since oxygen is one of the products of electrolysis, if the electrolytic cell is undivided, reoxidation of U4þ ion takes place which
hampers the production of uranyl with higher concentration. Cation-selective membrane spacers are effective in improving the
production of uranyl nitrate solution.

29.3.17 RADIATION EFFECT ON POLYMERIC MEMBRANES

Studies on the effect of g radiations on cellulose acetate reverse osmosis membranes [38] indicate that these membranes
undergo degradation beyond a cumulative dose of 500 krad and continue to degrade at higher doses. Beyond a dose of 7 Mrad
the membranes become brittle. The degradation is marked by increased water permeation rate and decreased solute separation.
The solution viscosity and solubility of the membrane polymer and the tensile strength of the membranes decrease. The
presence of dissolved oxygen was found to adversely affect the membranes during irradiation leading to a measurable degree of
deacetylation. Ion-exchange membranes have a higher radiation resistance of up to 10 Mrad. At higher doses, loss of exchange
capacity and membrane selectivity are noticeable. The electrical resistance of ion-exchange membranes primarily depends on
its porosity and charge density as well as on the concentration of the electrolyte solution in which it was in contact. The
electrical resistance of ion-exchange membranes decreases at higher radiation doses because of loss of functional groups
causing more open channels for the electrolyte solution to freely pass through.
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The fuel cycle, from mining of uranium and preparing the fuel elements for nuclear rectors, through the fuel use for generation
of electricity, to management of burnt fuel and decommissioning of nuclear facilities, produces different types of radioactive
waste. Radioactive waste is also generated during production and application of radioisotopes, as well as during processing of
raw materials containing naturally occurring radioactive isotopes. All those wastes have to be processed and conditioned before
safe storage or disposal to protect the human health and natural environment. The management of radioactive waste has to be
reached with reasonable cost by implementing appropriate technologies. The treatment requirements depend on the radioacti-
vity level, and chemical and physical properties of the waste streams. Number of methods can be used to treat aqueous
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radioactive wastes, including chemical precipitation, evaporation, and ion exchange as well as less-developed solvent
extraction, biotechnological processes, and membrane methods. Although membrane processes are still considered as novel
technologies in this field, many applications in nuclear centers and laboratories around the world are reported. The chapter deals
with some of these applications and research aiming in implementation of membrane techniques in nuclear industry.

30.1 RADIOACTIVE WASTE TREATMENT BY MEMBRANE METHODS

Conventional technologies that are used for liquid low- and medium-level radioactive waste processing as precipitation coupled
with sedimentation, ion exchange, and evaporation are energy-consuming or introduce the third phase that results in production
of secondary wastes (sludge from sedimentation tanks, spent sorbent from ion-exchange columns, or effluents from resin
regeneration). These wastes need additional treatment and decontamination. All these disadvantages may be avoided by
membrane methods that have already found application in the field of liquid radioactive wastes processing. The most advanced
are technologies based on pressure-driven membrane processes: microfiltration (MF), ultrafiltration (UF), and reverse osmosis
(RO). The choice of the process depends on waste composition or parameters that have to be reached during processing, e.g.,
decontamination factors (DFs) in relation to the limits defined in national or international regulations, volume reduction
coefficients, or necessity of recycling some components of the solution. Different installations are used for treating the wastes
from nuclear power plants or reprocessing plants, and for processing the wastes from production of radiopharmaceuticals and
medical diagnostics. Radioactive wastes from production of radioisotopes and medicine are usually classified as low- and
medium-level waste. They contained mainly b and g emitters, while the wastes from the waste processing plants contain
a-bearing elements that can destroy polymeric membrane material. Very often the organic solvents and complexing agents or
acids are present in these types of wastes. The wastes coming from nuclear reactor operation contain the fission (e.g., 89Sr, 90Sr,
124Sb, 132Te, 134Cs, 136Cs, 137Cs, 140Ba, 141Ce) as well as corrosion (60Co, 58Co, 51Cr, 54Mn, 59Fe, 65Zn, 95Zr) products.

Applying the membrane processes, it is possible to achieve the goals:

1. Purification of the effluents to the concentration levels enabling safe discharge to the environment
2. Concentration of the radioactive compounds with volume reduction that is sufficient for solidification
3. Separation and recycling of the valuable components, e.g., boric acid from cooling waters

Reverse osmosis enables complete retention of all dissolved compounds, even small monovalent ions. To avoid the
membrane blocking and scaling before reverse osmosis, microfiltration, or ultrafiltration pretreatment can be applied. Apart
from preliminary treatment, ultrafiltration can be used for separation of suspensions or colloids, which are often formed
by actinides or ions such as 54Mg, 55Fe, 60Co, and 125Sb. Microfiltration found the application for waste dewatering
after precipitation. Nanofiltration (NF) that uses lower pressures than reverse osmosis is applied for separation of bivalent
from monovalent ions. The most common application of NF process in nuclear industry is boric acid separation from the
reactor coolant.

30.1.1 MEMBRANE SELECTION FOR NUCLEAR APPLICATIONS

The membrane is the most important part in separation processes: since its performance controls the efficiency and the
selectivity of the process. Both flux and selectivity expressed in terms of separation or retention factors determine the process
economics and usability, and finally the costs of the installation.

Radiation resistance of the material used as well as commercial availability of the membrane units and auxiliary equipment,
process competitiveness in comparison with conventional methods, its economics and feasibility are important criteria for
application of the membranes for radioactive waste processing.

Different membrane materials have found application in nuclear technology; for radioactive waste treatment both polymer
and inorganic membranes are used. The main advantages of polymers are wide spectrum of different types of material, easy
formation of membranes, and easy modification for specific applications. The relatively low cost (less than $1 per squaremeter)
is also beneficial, as well as broad commercial availability. The advantages of inorganic membranes come from their extremely
good resistance to the temperature, strong chemical environment, and ionizing radiation. Membranes manufactured in some
primary processes can be modified for some purposes by regulation of pore size or change of membrane chemical properties.
In the process of modification two kinds of material can be combined—organic and inorganic (hybrid membranes), giving
tailor-made structure for special applications.

Polymeric membranes are manufactured as flat foils, hollow fibers, or tubular shape. Flat sheets can also be arranged as
spiral-wound configuration, or pleated filter cartridges. The module design permits easy connection in any configuration and
up-scaling of the installation. Such an arrangement allows gaining high-membrane area to volume ratio, which relatively lowers
the cost of apparatus and leads to higher unit capacities. Appropriate selection of membrane configuration has to take into
account energy expenditure (pressure drop) per product volume and appropriate hydrodynamic conditions in the apparatus
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promoting turbulence and mass transfer, and reducing boundary-layer phenomena, as well as easiness of cleaning. In hollow
fiber modules the feed flow in relatively narrow channels is laminar and thus the membrane is particularly susceptible
to fouling. The channels in plate-and-frame modules are also small, and membranes are sensitive to fouling, however they
are easy to clean. On the contrary, in tubular modules cross-flow velocities are usually larger, giving turbulent flow and
large pressure drop. In spiral-wound modules the spacer may act as a turbulence promotor and thus reduces concentration
polarization.

The problems with fouling are particularly important for nuclear applications, because frequent cleaning produces the
secondary wastes, which are radioactive and need additional processing. The best practice for membrane installation operation
is avoiding the fouling and scaling by all available means (antiscalant injection, feedwater pretreatment to remove oxidizing
materials, iron, calcium and magnesium salts, particulates and oils, greases, etc.). Proper selection of the module, which can be
easily cleaned by back-flushing or washing with cleaning solution, is very important. In tubular modules direct mechanical
cleaning by foam balls is also practiced, however it is limited to the small units.

One of crucial parameters of the membranes employed for radioactive waste treatment is their radiation stability and
durability. During long-time operation the membrane is exposed to the action of ionizing radiation. This may cause some
structural changes in the membrane that affects its permeability and separation characteristics. The variety of the effects in the
polymer structure results from ionizing radiation such as cross-linking and formation of a new structure, decrease of molecular
weight as a result of breaking of the main chains of macromolecules, change of the character and the number of double bonds,
oxidation of the polymer in the presence of oxygen, etc.

The effect of irradiation of polymer membranes was studied by several research groups [1–7]. All studies showed that
polymeric membranes exhibit limited resistance to ionizing radiation, however the threshold values of doses are sufficiently
high to use the membranes for low and medium radioactive solutions treatment for a period of time. Usually the practical
lifetime for most membranes is of the order of 4–5 years that is sufficient to avoid deterioration of filtration and separation
abilities. Ceramic membranes are expected to be more resistant to g, b, and a emissions, but systematic studies have not
been presented.

30.1.2 SYSTEM DESIGN

There are numerous ways in which the membrane modules can be arranged in filtration systems. The factors influencing the
choice of the option include the type of the process, the expected concentration in the streams, the volume of the processed
wastes, the acceptable dose to the membrane, and desired costs of the plant. The capital costs play an important role in low and
medium capacity plants, while the components of operation costs, such as energy consumption, are of less importance. For
design of large capacity installations the operation costs are key elements. High investment costs for additional equipments,
such as control system, washing installation, or measurement apparatuses, are justified when they cause a decrease of
operational costs of the plant. Nuclear installations need special control equipment and security systems and their capital
costs are relatively high.

The plant can operate in batch or continuous mode. The simplest design is dead-end operation, frequently used in
microfiltration where all the feed is forced through the membrane that results in continuous increase of feed concentration
and worsening of permeate quality. This design is used when complete filtration of the feed is necessary. More often used
arrangement is cross-flow, which decreases the membrane fouling, and can operate as co-current, countercurrent, cross-flow
with perfect permeate mixing. The flow in the module is arranged as a single-pass or flow with recirculation. Batch systems are
also employed in small-scale applications when the waste arises discontinuously. Single-pass configuration can be arranged in
series arrays, parallel or tapered design. The loss of volume in a single-pass system is compensated by tapered arrangement. The
tapered array is rather not considered for ultrafiltration and microfiltration, as the high cross-flow velocities. This result in high
pressure drop cause low-permeate flux and small volume reduction, as well as negligible increase in concentration of the
retentate. Very frequent arrangement is feed and bleed system that consists of the number of stages each fed with a circulation
pump. The feed pump generates the applied pressure, while the circulation pump maintains the cross-flow velocity. All
arrangements of the modules are described in various other books on membrane processes [8–10].

When the product from the single stage has no desired quality the cascade system can be employed. The cascade design is
frequently used in nuclear industry, especially for isotope separation. The first uranium-235 enrichment as a uranium
hexafluoride was conducted in a cascade composed of many stages with porous, metallic membranes. Since the molecular
weigh ratio of UF6 isotopomers is about 1.008, the gas diffusion enrichment factor was low (~1.0043) and the unit separation
effect had to be multiplied in large number of stages to achieve high purity of the product. Stage is an element of
separation cascade containing several separation units, connected in series or in parallel and arranged as a tapered or squared
off design. A permeate from one stage feeds the next one, however not always permeate is a product of the cascade. The
simplest scheme is cascade without reflux (Figure 30.1), which is reasonable when the retentate in enriching section is not a
valuable material. The example of such an arrangement is a plant for production of deuterium by water electrolysis operated
by Norsk Hydro [8].
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To avoid the product losses the recycling cascades are employed (Figure 30.2). The cascades with reflux are more
complicated and the capital costs and costs of operation are higher; they are sensible only in the case of expensive row
material. Technical and economic considerations on such systems were performed in basic books for isotope separation [11,12],
as well as by Hwang and Kammermeyer [13].

30.1.3 PROCESS OPERATION—CONSIDERATIONS FROM RADIOLOGICAL SAFETY POINT OF VIEW

30.1.3.1 Process Control

All installations designed for nuclear industry have to fulfill very strict requirements of safety and reliability in the long run.
Control and monitoring systems, automation, and washing installations are considered as essential part of the design.

30.1.3.1.1 Automation
It is common that membrane plants are automated. The automation is used for starting up and shutting the installation,
controlling the cleaning cycle, and the process parameters. However, some intervention of the operator in case of emergency
has to be foreseen. All valves and remote-controlled devices ought to have the possibility of manual start-up and putting in
motion. Membrane installation may be integrated into the central control system in the plant where it is used. However, in case
of nuclear industry it is rather recommended to design self-contained units, fully automated by simple ladder logic controller or
microprocessor control. All operating parameters such as pressure, temperature, flow, tank level, pH, conductivity, and specific
activity are monitored and recorded. Continuous visualization of main parameters’ trends is very important and helpful.
The control system includes also automatic start-up and shutdown of pressure pumps, dosing pumps, as well as shutdown of the
whole installation in the case of unexpected event or emergency. The exceeding of the allowable operating parameters’ limits
should result in the start-up of appropriate blocs and alarms.

In view of the radiological safety the personal contact with operating installation should be minimized. The location of data
acquisition and control systems has to be planned in separate room, away from places of potential contamination. However, the
necessity of eventual periodic sampling has to be taken into account, too. The sampling points have to be located in the places
with easy operator access and arranged in a way eliminating leaks and contamination.

30.1.3.1.2 Precautions against Uncontrolled Pressure Excess
Membrane installations operated in nuclear industry are pressure-driven systems; majority of them are reverse osmosis plants.
Uncontrolled growth of operation pressure may result in module damage and valves’ leaks resulted in contamination hazard.
The selection of appropriate pumps and security devices can avoid the danger of pressure overgrowth and its detrimental
implications. The security valves’ outlets have to be connected with existing waste distribution systems to direct the eventual
leaks to the waste collecting tanks.
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30.1.3.1.3 Precautions against Uncontrolled Temperature Excess
All polymeric membranes and modules have admissible temperature of operation. For most of them this temperature is 408C,
only for inorganic materials this temperature is much higher. In case of reverse osmosis there is a possibility of retentate and
permeate temperature growth caused by the circulation under high pressure. The continuous temperature control of the streams
with upper alarm has to be predicted. The systems collecting the excess heat (radiators, ribbed pipelines) allowing intensive
cooling have to be designed.

30.1.3.1.4 Precautions against Uncontrolled Overflow of the Tanks
All the tanks connected with membrane installation have to be equipped with tank level meters with devices and blockades of
the pumps secured against overflow. Special collectors in the floor for contaminated solutions in case of unexpected overflow
have to be designed.

30.1.3.2 Radiological Protection Requirements

Two systems for radiological control are required in case of membrane plant for radioactive waste processing: first, for process
control and the second, for securing the staff and for avoiding the spread of contamination. The latter usually exists if the
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installation is located in nuclear power plant or some other nuclear center. Some security devices have to be applied in the
rooms where membrane plant will be placed. The lead shielding in places where increased radioactivity is expected, should be
installed in accordance with precise preliminary measurements and dose estimations.

For process control purposes the radioactivity measurements of feed, permeate, and retentate solutions should be carried
out. New batch of waste has to be controlled, and precise characteristics (radioactivity, conductivity, pH) of every new portion
of the material should be done. The radioactivity of pure permeate before discharge has to be controlled, as well as periodic
radioactivity of retentate before solidification or other stages of processing.

30.1.3.3 Membrane Control

30.1.3.3.1 Fouling in Radioactive Waste Treatment
Fouling is one of the technical problems of membrane systems operation. The phenomenon occurs mainly in pressure driven
membrane processes. There are four types of fouling: precipitation of dissolved solids, sediment of suspended solids, biological
fouling and organic nonbiological fouling, caused by carbon-based molecules. The symptoms of fouling are decrease of
permeate flow, increase of pressure drop across the module, and increase of total pressure in the unit. Therefore to keep the
stable flux, pressure needs to be continuously increased. Usually 10%–15% reduction of the permeate flow should be a reason
for immediate membrane cleaning. Otherwise, increase of pressure in the system and crystallization of salts or silica in the pores
may result in the irreversible membrane structure change or damage.

Radioactive waste processing is usually a complex process combining often microfiltration and ultrafiltration with some
other processes such as precipitation or binding with macromolecular ligands. During filtration of radioactive wastes, especially
when suspensions or macromolecular species are separated, some deposit can be formed on membrane surface or inside the
pores after several hours of operation. Particles deposited on the membrane surface can form the filter cake, which acts as a
secondary membrane. The deposit causes the flux decline, however sometimes separation with secondary membrane can be
better. This secondary membrane usually has smaller pores then original one and retains the molecules, which pass through the
original membrane. As a result an accumulation of radioactive compounds takes place on the membrane surface. The
membrane cleaning is usually done with a small volume of acidic, basic, and water solutions alternately. For polymeric
membranes, temperature and chemical resistance of the polymers limit the choice of cleaning solutions. There is no such
limitation in the case of inorganic membranes—ceramic or metallic. After washing, high concentration of radioisotopes is
obtained in a small volume of cleaning solution. Sometimes the concentration of radioisotopes in secondary membrane can
reach 90%. During the removal of radioactive strontium by ultrafiltration combined with precipitation with colloid Ti(OH)4
after 2 h of operation 50% reduction of permeate stream was observed but 20-fold volume reduction and 140- to 150-fold
decrease of 90Sr in the permeate were achieved [14]. The strontium balance showed that 94% of 90Sr was found in the
secondary membrane. After washing, the UF membrane recovered its initial permeation properties and over 99.2% of strontium
was transferred to the mixture of rinsing solution and retentate, volume of which was 18 times lower than feed solution. Similar
effect, but not so intensive, was observed during ultrafiltration enhanced by complexation with polyethyleneimine—in the
secondary membrane 7% of 60Co was retained, but it was hardly removable with rinsing [15]. Radiometric measurements of the
membrane sample showed that some part of 60Co was persistently bound into the membrane. This was disadvantageous;
especially for polymeric membranes, as the material of the membranes is permanently exposed to ionizing radiation emitting by
bound radioisotopes that can result in the loss of the permeation abilities.

The most common methods of fouling prevention are wastewater pretreatment, the control of hydrodynamic conditions in
the apparatus (low flux, high feed flowrates, turbulence promoting, dynamic filtration), or special construction of the module
(cross-flow filtration).

30.1.3.3.2 Scaling Control
During concentration of radioactive waste by pressure-driven membrane processes, such as reverse osmosis, the solubility
limits of some dissolved salts can be exceeded. These salts precipitate on membrane surface or in other parts of the plant
causing the damage of the membrane or severe corrosion of the elements of the installation. The most common compounds that
precipitate easily causing scaling are calcium salts (CaCO3, CaSO4, CaF2, CaHPO4), barium and strontium sulfates, and silica
and magnesium carbonates. The methods of scale minimization include: proper pretreatment, acid injection to reduce
carbonates, water softening by lime or lime soda, ion exchange, removal of bivalent ions with nanofiltration and antiscalant
addition. The scale inhibiting compounds are injected into the parts of the installation with the high risk of scale formation.
These places have to be specified in the project design of the plant. Antiscalants delay precipitation by formation of
microcrystals with low agglomeration abilities that interfere with crystallization of the other salts. The most common scale
inhibiting chemicals are polyphosphates, polycarbooxilites, polymalonates, and polyacrylates. In Chalk River Laboratories the
antiscalant agent effectively preventing scaling in RO plant was Pretreat Plus (King Lee Technologies, San Diego, California)
[16–20]. At the Institute of Atomic Energy in Poland in three-stage RO plant the sodium hexametaphoshpate (Calgon) was
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chosen. To prevent scaling in RO pilot plant designed and operated by ANSTO antiscalants AS-1000 (phosphinocarboxylic
acid) and AS-1300 (polycarboxylic acid) were used [21].

One novel method for scale control is magnetic and electrostatic technology suggested by US Department of Energy [22].
This nonchemical technology is recommended for scale and hardness control as a reliable energy saver in certain applications
that can be used as a replacement for most water-softening equipment.

30.1.3.3.3 Membrane Cleaning
The periodic cleaning of the membranes exposed to the action of foulants and scalants present in the wastes is necessary. The
frequency of the cleaning depends on the composition of the wastes. Its necessity is recognized basing on the pressure drop or
rapid flux decrease. If the flux drops by several percent, the membrane has to be restored. The volume of the cleaning solutions
should be as small as possible, to minimize the amount of secondary wastes.

The selection of the cleaning agents and their concentration depends on the membrane and on the kind of foulants present in
the waste. Manufacturers of the membranes usually recommend some cleaning solutions, acidic or basic and detergents, which
have to be tested during pilot plant experiments. The most popular agents are citric acid, sulphuric acid, sodium hydroxide,
sodium tripolyphosphate, sodium ethylenediaminetetraacetate, and ethylendiaminetetraacetic acid (EDTA). These compounds
are relatively inexpensive and widely applied, however sometimes specially prepared membrane manufacturers’ formulations
are superior and worthy of consideration. Such reagents, however, are very good centers of nucleation and initialization of
fouling and scaling. Therefore, the subsequent fouling can be even more severe after restoration of the membrane. Various
cleaning agents are available in the market. They can minimize the production of secondary wastes because they can clean the
membranes very effectively. For polymeric RO membranes applied in Chalk River Laboratories, for example, good results
were obtained using MEMCLEAN, alkaline detergent containing EDTA [16–20,23]. For cleaning ceramic membranes used at
the Institute of Nuclear Chemistry and Technology (INCT), Warsaw, the P3-ultrasil, Henkel EKOLAB, was effective. On the
other hand, laboratory preparations (e.g., alkali and acid based solutions) also proved very useful [24].

Apart from chemical cleaning, mechanical or compressed air restoration of the membranes can be possible. Mechanical
cleaning is restricted only for some configurations, namely tubular modules, with easy access to the membranes. The foam balls
introduced into the tubular membrane lumen can scrape the substances deposited on the surface, however they cannot remove
the foulants from the membrane pores. The pores can be cleaned by backflushing with pressurized air or water shock in
opposite direction. The method is limited to those membranes which are strong enough to withstand this force, or to the
membranes on sufficient support. Some configurations (e.g., spiral wound) are not recommended for this method of cleaning.

A recent approach [25] is a method of direct membrane cleaning (DMC) applied for conductive membranes, such as
stainless steel, graphite, and conductive ceramics. By short current pulses (1–5 s at 50–200 mA=cm2) electrolytic generation of
microscopic gas bubbles takes place, which removes the solid deposit from the membrane surface without interrupting the
filtration process. Such a cleaning enables the cross-flow velocities and transmembrane pressures to be reduced that implicates
reduced plant wear and low-energy consumption with minimizing the size of the pressure pumps. The process was demon-
strated on microfiltration and ultrafiltration membranes of different geometries. DMC was used during the treatment of low-
level radioactive waste by microfiltration combined with inorganic sorbents: 44 ppm of nickel hexacyanoferrate for Cs removal,
33 ppm of zirconium phosphate for Sr removal, and 45 ppm hydrous titania for Ru, Ce, and actinides removal. Additionally
Fe(OH)3 was introduced to enhance actinides and Cs retention, and to trap fine particles on precipitated floc. When the mixed
sorbents were concentrated to 5% by microfiltration, rinsing with 0.1 mM NaOH, which made the slurry conductive and ready
for subsequent electrolytic dewatering up to 30% of solids, reduced the salt content. Finally the concentrate was immobilized
with cement powder.

30.1.3.3.4 Secondary Wastes
Membrane installations generate secondary wastes that have to be taken into consideration before plant design. Reverse
osmosis produces permeate, which can be discharged after radioactivity control, and retentate that can undergo further
processing. Usually the retentate is not suitable for solidification and further volume reduction is necessary.

Secondary wastes are also generated during regular cleaning procedures, because fouled membranes have to be washed or
cleaned by cleaning solutions. The concentration of radioisotopes in these solutions is sometimes high and they need treatment
by recycling to the feed at the inlet of membrane installation. The additional volume of the waste has to be taken into account in
plant design, as well as the influence of extra load on the membrane performance.

The plant itself is a source of secondary solid waste; membranes, and spent filter cartridges and related small parts have to
be processed by common methods such as compaction or incineration to reduce their volume or have to be left for decay, if
adsorbed radioisotopes have short half-life time.

30.1.3.3.5 Membrane Exchange
For the treatment of conventional, nonradioactive liquid waste the predicted lifetime of membranes is 4–5 years. The effective
lifetime depends on the conditions in which the membrane is used; the characteristics of solutions treated, pressure, and
temperature. While selecting the membrane for radioactive waste processing, one has to remember about its resistance and
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stability under ionizing radiation exposure. The membranes, which are used in the installation, have to be tested before final
decision about their application. In spite of that, expected lifetime for polymeric membranes will not be longer than 5 years.
After this period membranes have to be exchanged. Depending on membrane type and configuration the whole membrane
modules or the cartridges where the membranes are assembled can be exchanged. The necessity of membranes’ exchange has to
be taken into account on the design stage. Security considerations, easiness of operations, and easiness of decontamination are
very important. Sufficient space has to be reserved for work with membrane modules, which have to be exchanged and means
of minimization of contamination have to be foreseen.

Spent membranes and membrane cartridges do not undergo regeneration; they are treated as a solid radioactive waste. They
can be stored for decay or processed as other solid waste material.

30.1.3.4 Decontamination of the Space and Equipment

All potential points of leaks and other hot spots have to be identified in the stage of design. The decontamination procedures in
case of accident have to be elaborated. The specification of the equipment for eventual decontamination and the means of
decontamination are defined in laboratory instructions and manuals. All necessary safeguards and security systems are the
elements of the project design. In case of emergency all means limiting the decontamination spreading out have to be used.

30.2 MEMBRANE PROCESSES EMPLOYED FOR LIQUID RADIOACTIVE WASTE TREATMENT

30.2.1 REVERSE OSMOSIS

Reverse osmosis has been employed in full scale in many nuclear centers around the world. Permeate after reverse osmosis can
be directly discharged to the environment or recycled as service water within nuclear power plant. There are a number of
industrial RO applications and facilities in the stage of pilot plants operating for radioactive waste processing. Some examples
of installations are presented in Table 30.1.

30.2.1.1 Three-Stage Reverse Osmosis Installation for Low- and Intermediate-Level
Radioactive Wastes Processing

Laboratory and pilot plant experiments carried out at INCT showed that reverse osmosis is very useful for the treatment of
liquid low-level radioactive wastes from Polish nuclear laboratories. However, to reach high decontamination the process
should be arranged as a multistage operation with microfiltration or ultrafiltration pretreatment [32,33].

The RO process was implemented at the Institute of Atomic Energy, �Swierk. The wastes collected there, from all users of
nuclear materials in Poland, have to be processed before safe disposal. Until 1990 the wastes were treated by chemical methods
that sometimes did not ensure sufficient decontamination. To reach the discharge standards the system of radioactive waste
treatment was modernized. A new evaporator integrated with membrane installation replaced old technology based on chemical
precipitation with sorption on inorganic sorbents. Two installations, EV and 3RO, can operate simultaneously or separately.
The membrane plant is applied for initial concentration of the waste before the evaporator. It may be also used for final cleaning
of the distillate, depending on actual needs. The need for additional distillate purification is necessitated due to entrainment of
radionuclides with droplets or with the volatile radioactive compounds, which are carried over.

Evaporation is, however, a very efficient cleaning process, although it is highly energy consuming. The application of the
membranes at the beginning of cleaning cycle reduced significantly the energy consumption.

Membrane installation, capacity of ~1 m3=h pure permeate, was composed of three stages of reverse osmosis (Figure 30.3)
preceded by pretreatment with polypropylene depth filters. The first two stages were used for purification, and the third one for
final concentration. Two types of spiral-wound RO modules were used in the installation: SU-720R and SU-810 (TORAY).
Both types of modules worked under a pressure of 20 bar and with high salt rejection, higher than 99%. The membrane was
manufactured from cross-linked fully aromatic polyamide composite. Two Model SU-720R modules connected in series placed
in a single housing formed the first stage of reverse osmosis. The second stage was the same as the first one: two modules
placed in a single housing. The third stage was composed of two housings in parallel, two Model SU-810 (TORAY) modules in
each vessel. The view of the plant is shown in Figure 30.4.

Liquid radioactive waste was directed from the waste storage tank to the 8 m2 feed reservoir. After pretreatment with PP
depth filters and injection of antiscalant, the wastes were directed to the first stage of RO. The retentate from this stage was
concentrated in the third RO unit. The concentrated solution could be directly solidified if the concentration of the total solute
was appropriate (<250 g=dm3). The salt concentration is limited by the conditions of concrete solidification. If the concentra-
tion was not sufficient, the further concentration took place in the evaporator. Permeate from the first and third stages was
directed to the permeate reservoir before the second RO unit. The product from the membrane installation (permeate from the
second stage) was of required radiochemical purity and after the control of specific activity and salinity was discharged to the
communal sewage.
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TABLE 30.1
Examples of Nuclear Facilities Applying RO for Liquid Radioactive Wastes Processing

Facility Type of the Waste
Process and Type of the

Membranes Used Capacity Results References

Chalk River

Laboratories (Canada)

Mixed aqueous

waste

Tubular (TRO) and spiral-

wound (SWRO) RO (Filmtec
SW30HR) with MF
pretreatment

3 m3=h 2200 m3 per year processed wastes

VRC¼ 200–400

[16–19,26]

Retention: 99.9% (a); 99% (b and
g); 99.5%–99.8% solids

ANSTO (Australia) Low-level

radioactive wastes
from laboratories
and radioisotope

production

Two passes for permeate

purification and two stages
of concentration by RO
spiral-wound modules

(400Filmtec XLE-4040 and
2.500Filmtec BW30–2540)
with UF pre-treatment (PCI

FPA10 modules)

1.2 m3=h High purity effluent was obtained.

Flux decline in UF tubular unit
was observed, resulting from
irreversible fouling of membranes

by surfactants coming from
radiopharmaceutical production.
The additional pretreatment step

was recommended

[21,27]

Nine Mile Point nuclear
power plant (United

States)

BWR floor drains
and other wastes

from NPP

RO systems based on Thermex 36,300
m3=year

11 m3=year of solid waste
generated; total organic carbon in

the effluent <50 ppb, conductivity
of 0.058 mS=cm. The plant
operates without secondary wastes

[28]

Pilgrim nuclear power

plant (United States)

BWR floor drains

and various other
wastes

RO systems based on Thermex The waste volume decreased in time

of the system operation, personnel
exposure associated with
radioactive waste operation was

reduced

[28]

Wolf Creek nuclear
power plant (United

States)

Floor drains and
other wastes

Spiral-wound RO with tubular
UF modules for pretreatment

Processing
rate of drum

dryer (DD):
4620 L=d

The installation equipped with DD
unit and demineralizer system;

high-salinity solutions are filtered;
VRC¼ 10–20

[28,29]

Bruce nuclear power

plant (Canada)

Wastes from

chemical cleaning
of steam generator

UF (Zenon ZPF-12 tubular

membrane modules) and two-
stage RO (Filmtec SW30HR)
coupled with wet oxidation
technology (WAO)

Permeate meets the criteria for

sewer usage; the RO concentrate is
returned for further processing
(WAO, solidification)

[30]

Comanche Peak nuclear
power plant (United
States)

Floor drains, resin
sluice water, and
boron recycling

water

UF with RO and NF (RWE
NUKEM)

2.28 m3=h The suspended matter is rejected by
UF unit, dissolved compounds by
RO. NF membranes were used for

passage of boron. Membrane
technology followed by IEX
performed better than existing

demineralizer

[28]

Dresden nuclear power
plant (United States)

Wastes
contaminated by
transuranic

elements

UF with RO Two tanks of
total volume
1440 m3 for

processing

Permeate from the installation
passed deep bed demineralizers;
after radioactivity control was

discharged from the plant. Volume
reduction of tank wastes by factor
of 10

[28]

Savannah River site Reprocessing wastes
with high
concentration of

sodium nitrate

MF (cross-flow filters, 0.2 mm)
and RO (high salt rejection
spirally wound elements)

Plant met the discharge criteria; one
of the major problems was
biofouling of the MF membranes

[28,31]

IEA, Warsaw, Poland Wastes from nuclear
laboratories and

application of
radioisotopes

Two passes for permeate
purification, two stages of

concentration by RO spiral-
wound modules (SU-720R,
SU-810 [TORAY])

1 m3=h Complete purification of effluent
(b and g emitters is lower than

10 kBq=m3, a emitters lower than
1 kBq=m3, TDS< 0.1 g=dm3),
concentrated retentate for
solidification

[33]
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The laboratory experiments showed the influence of the total concentration of ballast non-active salts on decontamination
factors. As the concentrations of total solute in permeate from the first and third stages were very low a decrease of retention of
radionuclides was observed. To improve the efficiency of radioisotopes removal additional salt injection took place before the
second stage.

The characteristics of permeate and retentate streams in terms of upper limits at the exit of RO plant were presented in Table
30.2. The concentration of salt in permeate is lower than 0.1 g=dm3. The concentration of some specific elements as heavy
metals has to be in conformity with the limits of impurities for wastes discharged to the inland waters. Total specific activity for
b and g emitters is lower than 10 kBq=m3, while for a emitters it is lower than 1 kBq=m3 (the limits for liquid waste). The total
salt concentration in retentate is limited by ability of binding the solution with the concrete, the specific radioactivity by nuclear
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FIGURE 30.3 A scheme of three-stage RO plant. 1–first stage RO, 2–second stage RO, 3–third stage RO, 4–feed tank, 5–intermediate tank,
6–depth filters, 7,8,9,10–pumps.

FIGURE 30.4 (See color insert following page 588.) Three-stage RO plant for radioactive waste processing at Institute of Atomic Energy
in Swierk.
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safety regulations. On the basis of parameters defined below the filtration abilities of the membranes to clean radioactive waste
and the performance of the installation were assessed. The values calculated from the experimental results are presented in
Table 30.3.

R ¼ cf � cp
cf

� 100% (30:1)

DF ¼ Af

Ap

(30:2)

KTDS ¼ cf
cp

(30:3)

CF ¼ AR

Af

(30:4)

The retention of the dissolved salts by 3RO unit was higher that 99% in each case; decontamination factors were also high.
Predominant purification took place in the first stage of reverse osmosis; the second stage played the role of final purification.
Permeate in majority of cases was sufficiently pure for discharge. However, when the initial activity of the waste was high (the
A feed solution), the radioactivity of the product was too high for discharge and hence permeate was returned to the installation

TABLE 30.2
Characteristics of the Streams After RO Installation

Retentate

Total concentration (g=dm3) 250
Specific activity 107 kBq=m3 (0.3 Ci=m3)

Permeate

Total concentration (g=dm3) 0.1

Specific activity 0.01 ALIp=m
3 or <10 kBq=m3 (b and g) and <1 kBq=m3 (a)

TABLE 30.3
Removal of Nonradioactive Substances (Dissolved Salts) and Radionuclides

Feed Permeate R
KTDS DF CF(ppm) (Bq=dm3) (ppm) (Bq=dm3) (%)

Stage I

A 641.3 1.95� 104 3.1 96 99.52 208 203
B 320.6 280 1.5 1.4 99.60 214 200
C 769.5 2200 3.9 10.4 99.49 197 211

Stage II

A 4.2 136 1.3 44 68 3.14 3.09
B 2.3 2.3 1.5 1.6 34 1.51 1.44
C 4.2 12.3 1.2 3.9 71 3.50 3.15

Stage III

A 2344.9 7.1� 104 8.7 275 99.63 269 258 2.82
B 1265.3 1.1� 103 5.6 5.4 99.56 226 204 3.91
C 2455.9 7� 103 7.0 23 99.71 322 304 2.39

Entire Plant

A 641.3 1.95� 104 1.3 44 99.79 478 443 10.25

B 320.6 280 1.5 1.6 99.52 209 175 15.36
C 769.5 2200 1.2 3.9 99.84 635 564 7.27

Source: From Chmielewski, A.G. et al., Sep. Sci. Technol., 36, 1117, 2001. Copyright (2001) with

permission from Taylor & Francis.
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inlet tank. Injection of the salt solution (NaCl) before the second stage increased decontamination factor in that stage from 3.09
to 91 and for entire plant to 13,700 (the numbers obtained for A waste sample).

The results of radioactive waste sample C treatment with 3RO are shown in Figure 30.5. The feed radioactivity is 2,200
Bq=dm3. After processing permeate has radioactivity below discharge limits (3.9 Bq=dm3) and can be discharged; the
concentrate of radioactivity 16,000 Bq=dm3 can undergo further processing. The average decontamination factor for entire
plant is 564.

30.2.1.2 Other Applications

Reverse osmosis preceded by microfiltration or ultrafiltration is considered as an option for the treatment of radioactive wastes
from Romanian nuclear centers. Effective studies are carried on at Research Center for Macromolecular Materials and
Membranes, Bucharest and at Institute of Nuclear Research, Pitesti aiming in employing these pressure-driven techniques
for cleaning the wastes from decontamination of nuclear installations and reactor primary circuit [34,35].

There are assessments predicting the use of reverse osmosis for the processing of the wastes from medical application
[36,37] and for the removal of caesium-137 from decontamination wastes after accident in the steel production factory [38]. RO
is considered as a method for removal of radioactive pollutants from contaminated water (removal of 137Cs and 90Sr) in the
vicinity of atomic power plants [39], as well as for removal of small quantities of radionuclides (222Rn, 234U,238U, 226Ra) from
drinking water [40,41].

30.2.2 NANOFILTRATION

Membranes having effective pore sizes between 0.001 and 0.01 mm are used in nanofiltration. NF is placed between reverse
osmosis and ultrafiltration, and because of that it is sometimes considered as loose reverse osmosis. Typical operating pressures
for NF are 0.3–1.4 MPa. The process allows to separate monovalent ions from multivalent ions, which are retained by NF
membrane. The process can be used for separation of organic compounds of moderate molecular weight from the solution of
monovalent salts. The very well-known application in nuclear industry is boric acid recovery from contaminated cooling water
in nuclear reactor. There are some examples of nanofiltration applications and studies done with the aim of implementation in
nuclear centers described in literature. Some of them are listed in the Table 30.4.

30.2.3 ULTRAFILTRATION

Ultrafiltration operates at lower pressures (0.2–1 MPa) than reverse osmosis and with higher permeate fluxes. It uses more
porous membranes, pore size of 0.001–0.1 mm. In such a case, low-molecular weight dissolved compounds pass through the
membrane, while colloid and suspended matters are rejected by UF membrane.

In nuclear industry ultrafiltration was applied in the pretreatment stage before reverse osmosis that needs removal of
potential foulants from feed streams. Very often ultrafiltration is combined with precipitation or complexation. Small ions
bound by macromolecular chelating agent form complexes, which are retained by UF membrane. Such an enhanced
ultrafiltration becomes an efficient separation process with high decontamination factors, sometimes compared with those
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FIGURE 30.5 Removal of radioactive compounds; experiments with three-stage RO plant.
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obtained by reverse osmosis. Radioactive cations can be removed in precipitation process forming less-soluble particles
(carbonates, phosphates, oxalates, or hydroxides) which are later filtered with UF membrane. These hybrid methods are
effectively used in many plants processing a-bearing radioactive waste streams. Number of installations is under operation in
nuclear centers and many efforts are done to implement ultrafiltration for radioactive wastes processing. Ultrafiltration
installations were tested at nuclear power plants around the United States. These experiments proved usability of UF systems
for the treatment of aqueous wastes from floor drains, water from reactor cooling system, as well as for some type of waste from
reprocessing plants. In some cases, the pilot plant experiments were followed by construction of full-scale installations. The
examples of the full-scale plants operated in some nuclear centers, as well as testing facilities, applying UF for radioactive
wastes processing are performed in Table 30.5.

There was a suggestion to treat the wastes from laundries cleaning the contaminated cloths by ultrafiltration [54–56]. These
wastes contain surfactants, high alkalinity and high-salt concentration. It is difficult to process them by evaporation where
considerable foaming takes place with contaminated droplets carryover. The concept of UF use for this kind of waste is
advantageous because of the possibility of detergents recycling and reuse. The detergents are recovered in permeate, while all
suspended particles, fibers, and radionuclides are rejected in the retentate.

One of the current researches devoted to membrane treatment of radioactive waste is directed toward seeded ultrafiltration
and all methods, which combined with ultrafiltration, give considerable enhancement of separation (Table 30.6).

TABLE 30.4
Examples of Application of NF for Liquid Radioactive Wastes Processing and Isotopes Separation

Facility
Type of the Waste=
Process Stream

Process and Type of the
Membranes Used Results References

Chalk River Laboratories

(AECL, Canada)

Reactor coolant

(cleaning and boric
acid recovery)

Three-stage installation, NF

membranes

The products of the plant are concentrated boric

acid, which after purification can be recycled and
the concentrate of radioisotopes for
immobilization.

[42]

Bugey nuclear power

plant (France)

Reactor waters

(separation of ionized
silica and boric acid)

NF NF allows the separation with 92% recovery for

silica and 16.5% for boron. The corrosion,
activated cations (Sn2þ, Agþ, Co2þ) are retained
by the NF membranes.

[43]

ANSTO (Australia) Uranium mill effluents NF membranes in cross-flow
membrane cell

The rejection for uranium was greater than 75%.
Some of the tested membranes showed potential
for separation of radium, sulfate and

manganese.

[44]

ESWE—Institute for
Water Research and

Water Technology,
Wiesbaden (Germany)

Water with dissolved
uranium

NF membranes from Osmonic
Desal (Desal 5 DK, Desal

5DL and Desal 51 HL) and
Dow (NF 90 and NF 45)

Divalent anion complex UO2(CO3)
2�
2 and four-

valent anion complex UO2(CO3)
4�
3 were rejected

between 95% and 98% by four membranes and
between 90% and 93% by NF90 membrane.

[40]

Kyungpook National
University (Korea)

Simulated nuclear waste
containing strontium

NF with complexation with
polyacrylic acid, Nitto Denko

NTR7410, NTR7250 and
NTR729HF membranes

Greater Sr removal at elevated pH was attributed
to the formation of SrCO3(s) due to dissolution of

atmospheric CO2. Improvement of Sr removal
was achieved with the addition of PAA, an
increase of membrane fouling was observed at

lower pH.

[45]

CEN de Cadarache Simulated nuclear waste
containing strontium

NF with complexation with
polyacrylic acid, Filmtec NF

70 membranes

The effect of complexation was diminished in high
concentration of non-active sodium nitrate.

98.2% concentration of strontium was achieved
and 70% of sodium nitrate from the waste was
eliminated in two-stage process.

[46]

Laboratoire de Catalyse et
Synthése Organique,
Université Claude
Bernard, Lyon

Separation of
lanthanides and
actinides, separation of
lanthanide isotopes

NF=compexation with EDTA,
DTPA and new ligands on the
basis of DTPA. Sepa MG-17
NF membrane (Osmonics)

Separation factors a(150Nd=142Nd)¼
1.0021� 0.0016 and a(160Gd=155Gd)¼
1.0028� 0.0014 were obtained.

[47–50]

Laboratoire de Catalyse et
Synthése Organique,
Université Claude

Bernard, Lyon

High-salinity wastes
containing caesium

NF=complexation with
resorcinarens and calixarens

The Csþ=Naþ selectivity from 3 mol=L aqueous
NaNO3 solution was about 90%. With the two-
stage process 99% removal of trace quantities of

caesium was achieved and sodium retention not
higher than 10%.

[51]
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Extensive studies were done within the International Atomic Energy Agency (IAEA) coordinated research programme on
the use of inorganic adsorbents for the treatment of aqueous wastes and backfill of underground repositories [61]. In 1992–
1996, IAEA coordinated research programme on waste treatment and immobilization technologies involving inorganic sorbents
that resulted in elaboration of new technologies of production of sorbents, which can be applied in nuclear industry. The
sorbents can be used in minced form that can be directly introduced into the feed streams treated by ultrafiltration or in more
coarse form for ion-exchange columns followed the membrane process [62,63].

The processes of UF and enhanced UF for low and intermediate-level radioactive waste treatment were studied at INCT,
Poland. Liquid radioactive wastes originating mainly form application of radioisotopes are collected from all of Poland at
Institute of Atomic Energy, in �Swierk. They contain various radioactive substances (total specific activity<107 kBq=m3) and
ballast non-active salts (concentration <5 g=dcm3), as well. In the solution, small radioactive ions such as 51Cr3þ, H51CrO�

4 ,
60Co2þ, and 137Csþ are present; most of them can easily pass through the membrane for which cutoff value is ~2000 MW.
The decontamination factors obtained by using ultrafiltration membranes are low (1.07–1.12). The possibility to improve the
removal efficiency and to increase decontamination factors is the application of reverse osmosis or ultrafiltration enhanced by
complexation. Ultrafiltration membranes that are permeable to the small ions retain the macromolecules or particles formed in
the process of complexation or sorption.

TABLE 30.5
Examples of Nuclear Testing Facilities Applying UF for Liquid Radioactive Wastes Processing

Facility Type of the Waste
Process and Type of the

Membranes Used Results References

Enhanced Actinide

Removal Plant at
Sellafield

Wastes containing actinides

after precipitation stage

Two-stage UF First stage produces a concentrate of a few wt%

solid content that is dewatered in a second stage

[25]

Paks nuclear power
plant

Contaminated boric acid
solutions

Plate and frame UF
modules with

polysulphone membranes

The volume reduction of about 45 and
decontamination factors in the range

10–100 were obtained

[52]

Nukem, Hanau Low-level wastes from a fuel
fabrication plant

UF with co-precipitation
pretreatment

DFs of about 100–200; VRC achieved by UF
10–15 times greater than that obtained with

precipitation

[53]

River Bend nuclear
power plant (United

States)

Floor drains from BWR UF with IEX Permeate from UF is additionally polished in
ion-exchange beds and after that water is

recycled in the plant. Feedwater turbidity
decreases from 20–150 NTU to <0.1 NTU

[28]

Salem nuclear power

plant

Low-level radioactive wastes,

which originate from floor
drains from PWR,
laboratories, sampling points
and auxiliary equipment drains

Tubular UF modules and

demineralization unit

UF membranes remove particles smaller than 0.05

mm, oil, grease, colloids, and metal complexes
protecting IEX beds. The quantity of 58=60Co,
54Mg, and 100Ag, is reduced

[28]

Seabrook nuclear
power plant (United
States)

Floor drains from PWR and
spent resins tank drain-down

UF with cation resin
demineralization

Colloidal 58Co removed below discharge limits
and more than 90% of TSS was removed by
UF system

[28]

Callaway nuclear
power plant (United
States)

Floor drains and equipment
drains tanks, reactor coolant
water

UF with IEX 70% of radioactivity and suspended solids were
removed from coolant water with UF; 89% of
radioactivity and suspended matter from floor

drains. The full-scale plant configured in 2001
consisted of UF and ion-exchange units,
processed the waste for direct disposal

[28]

Diablo Canyon
nuclear power plant
(United States)

Spent media transfer liquid
containing high concentration
of radioactive submicron
particles

Two mobile, skid-mounted
tubular UF plants

Systems produced the liquid free from particulate
activity that can be introduced into the IEX
columns without the danger of serious fouling
and deterioration of their performance

[28]

Mound Laboratory
(United States)

Wastes from a fuel reprocessing
plant

4.5 m3=h installation
composed of 32.3 m long
tubular UF elements, of

total surface area 6.5 m2

80%–99% of a emitters were removed in the test
operation and high retention of transuranic
elements in full-scale installation was observed

(241Am—98.9%, 238Pu—98.6%, 237Np—69.1%,
233U—93.7%)

[28]
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The selection of appropriate complexing agent is very important to remove the radioisotopes with high efficiency. Each ion
needs specific ligand, which has to fulfil special requirements:

1. High molecular weight, selected for each UF membrane cutoff
2. Good solubility in water
3. Ability of selective binding the ions and molecules
4. Stability of complexes under the process condition
5. Nontoxic, not causing potential hazard
6. Low price and market availability

Many different complexing agents and adsorbents were examined. As ligands attaching ions of Cr, Co, and Cs, polyethyle-
neimine (PEI), microcrystalline chitosan (MCH), polyacrylic acid (PAA) and its derivatives, polyvinylpyrolidone (PVD) and
suspension of hexacyanoferrates of transient metals were applied [62,71].

The experiments were carried out with laboratory-scale units and with pilot plants. The polymeric (capillary-type UF
module Amicon H26P30–43, cutoff¼ 3� 104 MW, membrane surface area 2.5 m2) and ceramic UF membranes (Membralox
and CeRam Inside) were employed. The solution of selected radionuclides, simulated sewage, and original liquid low-level
radioactive wastes was used in filtration tests. Chelating complexing agents were added to the feed solution to bind the
radioactive ions. After mixing and seasoning the sample was filtered with UF membrane at fixed pH and ambient temperature.

TABLE 30.6
Examples of Test Facilities Using Enhanced UF for Liquid Radioactive Wastes Processing

Facility

Type of the
Waste=Process

Stream

Process and Type
of the

Membranes
Type of Sorbent=Binding

Agent Results References

Cadarache Nuclear
Research Centre

Synthetic solutions
and actual liquid

radioactive wastes

UF with sorption Activated charcoal and nickel
hexacyanoferrate, soluble

polymers

Good removal of plutonium,
strontium, cesium isotopes,

moderate of ruthenium and
cobalt

[54]

Harwell Laboratory, UK PWR wastes (wastes

containing
actinides—colloidal
forms of plutonium
and americium—in

alkaline solutions,
laundry wastes)

UF with sorption

(seeded UF)

Manganese dioxide, sodium

nickel hexacynaoferrate,
hydrous titanium oxide,
zirconium phosphate, ferric
hydroxide, different

commercial sorbents

The process is capable of

reducing the amount of
radioactivity in aqueous
effluents to very low levels

[57–60]

University of Colorado,

Department of
Chemical Engineering

Environmental waters Polymer-assisted

UF

Hyperbranched chelating

polymers (glucoheptonamide,
polyamidoamine and
ployethylenimine derivatives)

Removal of boric acid from

water solutions, remediation of
water

[64]

Los Alamos National
Laboratory

Wastes from
decommissioning
and decontamination
of nuclear facilities

UF=complexation
hybrid process

Polymers with functional
groups—amine, carboxylic,
oxime, pyrrolidone,
phosphonic, and sulfonic

Purification of the cellulose
materials contaminated with
organic substances, toxic and
radioactive metals; separation

of 241Am (III) and 238Pu (IV)
from high acidic solutions and
real radioactive wastes

[65–67]

Bhabha Atomic
Research Centre

Radioactive solutions
containing cerium

UF=complexation
hybrid process

Polyethylenimine Radioactive cerium removal [68]

Institute of Colloid

Chemistry and Water
Chemistry, Ukrainian
Academy of Science

Environmental waters UF=complexation

hybrid process

Polyethylenimine,

polyethyleneglycol,
caroboxymethyl cellulose,
and polyacrylamide

Enhancing removal of U(VI)

from contaminated
environmental waters; 99%
removal of uranium was

achieved

[69,70]

Institute of Nuclear
Chemistry and
Technology, Poland

Wastes from nuclear
laboratories and
application of

radioisotopes

UF=complexation
hybrid process

Chelating polymers,
hexacyanoferrates,
manganese dioxide, hydrous

titanium oxide

Effective removal of radioactive
ions and heavy metals

[24,71–72]
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30.2.3.1 Removal of Radionuclides from Water Solutions by Ultrafiltration=Complexation

Membralox tubes, 250 mm long and 7=10 mm diameter with the membrane placed inside the tube and CeRam Inside three-
channel tubes, were tested at INCT [24,71,72]. The pore size of ceramic membranes was in 1 kDa to 100 nm range. The tests
were performed with non-active and radioactive model solutions. The experiments proved that membranes in UF range were
not sufficient to achieve high decontamination factors and the process has to be combined with chemical complexation or
sorption. The experiments showed significant increase of retention factors and decontamination factors when macromolecular
compounds were added. Example of the results for two membranes: Membralox tube with 50 nm filtering layer and CeRam 15
nm is shown in Figure 30.6. The retention of caesium ions was similar for both membranes. When ultrafiltration was combined
with complexation with macromolecular ligands the retention was improved. Retention factors for Membralox 50 nm were
higher than for CeRam. An exception was the case when sodium cyanoferrate was added. For both membranes the retention
factors were close to 1. For two membranes the application of macromolecules resulted in the increase of retention.

The retention and decontamination factors for cobalt ions were low when UF membranes were applied (Figure 30.7). To
intensify effect of separation the complexing agents, polyacrylic acid of different cross-linking, polyacrylic acid salts,
polyethylenimine, and Instar AS (complexing agent containing macromolecular acrylamide and sodium acrylate copolymer)
were added to the feed solution. The results of ultrafiltration of cobalt ions complexed before filtration by the soluble polymers
are presented in Figure 30.7. The experiments showed high influence of the polymer, its chemical form and average molecular
weight on retention factors. The best results were obtained when sodium polyacrylate of high-molecular weight or poly-
ethylenimine were employed.

Application of macromolecular chelating polymers allows catching small radioactive ions with good efficiency. Soluble
polymers efficiently bound radioactive cobalt and chromium, however the complexation of HCrO�

4 ions was difficult.
Chromate ions were removed with MCH, which is a good sorbent for all metals, however decontamination factors for
radioactive chromium in the form of H51CrO�

4 were moderate. Caesium isotopes were effectively removed with cyanoferrates
of transient metals; copper cyanoferrate more effectively binds caesium than cobalt caynoferrate. The meaningful dependence
of retention and decontamination factors on pH was observed (Figure 30.8). Favorable conditions of binding the caesium
with cyanoferrates are in alkali environment, under pH> 8, while the best complexation abilities of soluble polymers are in
neutral conditions. It was found that the best conditions of binding 51Cr3þ and 60Co2þ ions with PEI macromolecules occur at
pH¼ 4–6. The most effective adsorption of ions 137Csþ by CuFC was found at pH¼ 9.5–10.5.

Binding abilities of the soluble polymers fall down slowly with the concentration of alkali metals. In Figure 30.9, the results
of UF=complexation with polyethyleneimine (PEI), polyacrylic acid of different cross-linking (PAA1 and PAA2) and poly-
acrylic acid amide were presented. In each case the decontamination factors for 60Co decrease when concentration of alkali
metals increase from 0.1 to 2.5 g=dm3. The increase of alkali metals causes decline of decontamination factor for radioactive
caesium, while cyanoferrates are applied as a sorbents (Figure 30.10).

The concentration of the complexing agent should be selected for each radioisotope–complexing agent pair. Usually the
concentration ratio, the ligand to the ion bound by this ligand, is in the range 1–20. Figure 30.11 shows DFs for europium-152
as a function of concentration of NaPAA of MW¼ 8000, which was selected to remove this radioisotope. The best binding
conditions were found at concentration of 8 g=dm3, which corresponds to the concentration ratio of polymer to europium,
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(Reprinted from Zakrzewska-Trznadel, G., J. Membr. Sci., 225, 25, 2003. Copyright [2003] with permission from Elsevier.)

Pabby et al./Handbook of Membrane Separations 9549_C030 Final Proof page 858 19.5.2008 7:17pm Compositor Name: BMani

858 Handbook of Membrane Separations



0

0.1

0.2

0.3

0.4

0.5

0.6

0.7

0.8

0.9

1

R
et

en
tio

n 
fa

ct
or

UF without a
complexing agent

NaPAA ( MW = 80,000)

INSTAR AS

PAA (MW = 25,000)

PEI

NaPAA (MW = 30,000)

FIGURE 30.7 The influence of complexing agent on retention of Co2þ ions, Membralox 50 nm membrane, pH¼ 6–7. (Reprinted from
Zakrzewska-Trznadel, G., J. Membr. Sci., 225, 25, 2003. Copyright [2003] with permission from Elsevier.)

0

5

10

15

20

25

30

35

40

D
F

0 

50 

100 

150 

200 

4 5 6 7 8 9 10 11 

pH

D
F

51Cr(3+) + PEI

137Cs(+) + CoFC

51Cr(3+) + PAA

H51CrO4(–) + MCH

60Co(2+) + PEI

137Cs(+) + CuFC

60Co(2+) + PAA

FIGURE 30.8 DF vs. pH for small ions combined with macromolecules.

0

5

10

15

20

25

0 1,000 2,000 3,000

cm (mg/dm3)

D
F

PEI

PAA1

PAA2

APA

FIGURE 30.9 60Co removal by UF=complexation method; variation of DF on alkali metals concentration; cCo¼ 5 mg=L, cL= cCo¼ 10,
pH¼ 7, T¼ 208C. (Reprinted from Zakrzewska-Trznadel, G. and Harasimowicz, M., Desalination, 144, 207, 2002. Copyright [2002] with
permission from Elsevier.)

Pabby et al./Handbook of Membrane Separations 9549_C030 Final Proof page 859 19.5.2008 7:17pm Compositor Name: BMani

Radioactive Waste Processing: Advancement in Pressure-Driven Processes and Current World Scenario 859



such as 18.5:1. For this concentration ratio DF was the highest. Further increase of ligand concentration did not result in
increase of decontamination factor.

30.2.3.2 Treatment of Original Radioactive Waste

When actual radioactive waste is treated by UF=complexation method the decontamination factors for each radioactive
component of the sample differ from those obtained for single ion-solutions. The ions interfere and compete in complexation
process and the salinity of the wastes influences removal that results in lower decontamination factors. The characteristics of
radioactive waste used in ultrafiltratration experiments are shown in Table 30.7. The sample had relatively low salinity
(<1 g=dm3); its specific radioactivity was in medium-level liquid waste range (~150 kBq=dm3). The main portion of
radioactivity came from cobalt-60 and caesium-137, but some quantities of lanthanides and small amount of actinides
(241Am) were also present. Decontamination factors obtained for actual waste differed from DFs obtained for solutions of
single radioisotopes. As was proved before [71], the concentration of alkaline metals influenced DF markedly. The competition
between different ions bound by chelating ligands or adsorbents resulted in increase of retention and decontamination
factors for original liquid waste. The results of UF=complexation tests are shown in Table 30.8 and decontamination factors
calculated for selected radioisotopes in Figure 30.12.

The hybrid UF=complexation process appeared very effective for removal of americium and europium isotopes; in the
majority of permeate samples the concentration of these radioisotopes was below detection limits or very small. Good removal
of 60Co was observed with sodium polyacrylate of MW> 15,000 Da and with polyethyleneimine. The complexation of
caesium ions with chelating polymers was rather moderate; good results were obtained with cobalt cyanoferrate and
decontamination factors were higher than 100. Average decontamination factors for total waste radioactivity were low, except
for the case when two complexing agents were dosed to the effluent simultaneously: PEI and CoCF (Table 30.8). The results
obtained in the experiment when cobalt hexacyanoferrate together with soluble polymer (PEI) were applied showed significant

0

20

40

60

80

100

120

140

0 1,000 2,000 3,000

cm (mg/dm3)

D
F

CuCF

TiCF

CoCF

NiCF

FIGURE 30.10 137Cs removal by UF=complexation method; variation of DF on alkali metals concentration; cCs¼ 5 mg=L, cL=cCo¼ 4,
pH¼ 7, T¼ 208C. (Reprinted from Zakrzewska-Trznadel, G. and Harasimowicz, M., Desalination, 144, 207, 2002. Copyright [2002] with
permission from Elsevier.)
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(Reprinted from Zakrzewska-Trznadel, G., J. Membr. Sci., 225, 25, 2003. Copyright [2003] with permission from Elsevier.)
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increase of 137Cs removal, however the decontamination factors for other radioisotopes decreased in comparison of the tests
when only single chelating polymer was applied as a complexing agent.

One of the major limitations of UF=complexation is that removal of isotopes by this method is efficient when the mixture of
the ligands binds the ions effectively under the same conditions (the same pH, concentration of alkali-metals salts, etc.). To
overcome this problem the process may be run in multistage system and the complexing agents are dosed in the successive
stages to remove some specific ions separately. The above process was divided into two steps to enable high-removal efficiency.
At first, CoCF slurry was introduced into the feed solution to bind the caesium ions. After some hours the feed was filtered with
UF ceramic membranes up to threefold volume reduction. Sodium polyacrylate, MW 30,000, was added to permeate and after
seasoning and pH adjustment the solution was filtered. The DFs for such a process arrangement were performed in Figure 30.13.
In the first stage of filtration high removal of Cs-137 was achieved, while other radioisotopes were rejected in moderate rate. In
the second stage, where sodium polyacrylate was employed decontamination factors were much higher for most of the
radioisotopes present in the waste. Only 137Cs ultrafiltration gave DFs smaller than 1 that corresponds with higher specific
activity in permeate. Low DF< 1 shows that Cs-137 is not bound by NaPAA and passes through the membrane. Additionally,
low concentration of this radioisotope and generally low total salinity of the effluent may cause low decontamination for
caesium after the treatment in the first stage. This was earlier observed during operation of three-stage RO plant, where decrease
of total salinity before the final purification stage caused significant decrease of decontamination factors [33].

For all radioisotopes present in the waste sample DFs, in the case where cyanoferrate and chelating polymer were
applied subsequently in two-stage process, were higher than those obtained when the complexing agents were added to
the feed solution simultaneously. All decontamination factors were higher than DFs obtained for a single soluble polymer
(NaPAA or PEI) (Table 30.9).

TABLE 30.7
Characteristics of Radioactive Waste Sample

Na – 274, K – 28,

Chemical compositiona (mg=dm3) Mn <0.05, Fe –0.60, Cu <0.03,
Pb< 0.01, Ca< 43.35, Mg – 16.18,
Cr <0.05, Au <0.1,

Cl� � 177:5, F� � 1:58, NO�
3 � 3:83, NO�

2 � 1:67, SO2
4 � 195, PO3�

4 � 5:37

SiO2(dissolved) – 25.7
Corganic – 120

pH 5.2
Radiochemical composition (kBq=dm3) Co-60 (7.1), Cr-51, Sb-124 (0.01), Sb-125

Cs-137 (139.49), Ce-141, Eu-152 (0.44),
Eu-154 (0.065), Am-241 (1.68)

Source: From Zakrzewska-Trznadel, G., J. Membr. Sci., 225, 25, 2003. Copyright (2003) with permission from Elsevier.
a Concentration of metals performed as a total concentration of the element in different chemical forms.

TABLE 30.8
Content of Some Radioisotopes in the Process Streams in UF=Complexation Experiments.
Membrane CeRam Inside 15 kDa

Co-60
(kBq=dm3)

Cs-137
(kBq=dm3)

Eu-152
(kBq=dm3)

Eu-154
(kBq=dm3)

Am-241
(kBq=dm3)

SApi

(kBq=dm3) DFtotal

Feed solution 7.12 139.49 0.44 0.06 1.68 148.79

Permeate NaPAA, Mw¼ 1,200, cL¼ 4 g=dm3 2.48 54.92 0.07 — — 57.47 2.59
NaPAA, Mw¼ 8,000, cL¼ 4 g=dm3 1.71 52.64 0.05 — — 54.40 2.73
NaPAA, Mw¼ 15,000, cL¼ 4 g=dm3 0.76 48.11 0.05 — — 48.92 3.04
NaPAA, Mw¼ 30,000, cL¼ 4 g=dm3 0.33 43.56 0.02 — — 43.91 3.39

NaPAA, Mw¼ 30,000, cL¼ 8 g=dm3 0.42 38.74 0.03 — — 39.19 3.80
PEI cL¼ 4 g=dm3 1.07 38.00 0.03 — — 39.10 3.90
CoFC, cL¼ 4 g=dm3 PEI, cL¼ 6 g=dm3 1.13 1.26 0.11 0.02 0.37 2.89 51.50

Source: From Zakrzewska-Trznadel, G., J. Membr. Sci., 225, 25, 2003. Copyright (2003) with permission from Elsevier.
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Apart from radioactive compounds the radioactive wastes may contain non-active but chemically toxic substances. The
national standards and regulations describe the discharge limits for these substances, too. Heavy metals are toxic compounds,
most often present in liquid radioactive wastes. The experiments showed that most of these metals are removed by
UF=complexation method. The method is inefficient for removal of monovalent ions, bivalent cations and anions are retained
in 25%–50%, but high retention of the metals like Mn, Fe, Co, Cu, Pb, Cr was observed. The retention factors for those metals
in two-stage experiment described above, were as follows:

Mn 94%
Fe 99%
Cu 99%
Pb 87%
Cr 75%
Co 94%

Advantages of ceramic membranes employed in nuclear industry were found in their extremely high chemical and physical
stability (full pH range), resistance to oxidants, solvents, and ionizing radiation. Ceramic materials are advantageous when
the solutions composed of organic compounds or high radioactive wastes containing the a emitters are treated. High
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FIGURE 30.12 Decontamination of the sample of liquid radioactive waste in UF=complexation process with a use of different complexing
agents, CeRam Inside membrane, 15 kDa. (Reprinted from Zakrzewska-Trznadel, G., J. Membr. Sci., 225, 25, 2003. Copyright [2003] with
permission from Elsevier.)
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temperature resistance allows washing with warm streams and sterilization by steam. This is very important when macro-
molecular complexing ligands causing membrane fouling are applied.

30.2.3.3 Pilot Plant Experiments

The apparatus equipped with Sunflower CeRam Inside (23–8–1178), characterized in Table 30.10, was used in pilot plant tests.
The plant consisted of feed tank (1) equipped with cooler; (2) membrane module housing; (3) pretreatment filters; (4) pressure
pump TONKAFLO; (5) circulating pump Grundfos; (6) non-return valve; (7) two needle valves and four ball valves
(Figure 30.14).

The filtration experiments were conducted in cross-flow mode at pressure 0.25–0.5 MPa in the system. In that pressure
range for filtration of water, permeate flux was 26–85 L=m2h. All process parameters were recorded with data acquisition
system; periodically the samples of permeate and retentate were collected for chemical analysis.

Original radioactive liquid waste from the storage tank in nuclear center was treated in the process UF=complexation. The
main radioactive components of the waste sample were 60Co, 65Zn, 133Ba, 134Cs, 137Cs, 152Eu, and 241Am. When ultrafiltration
was applied solely the rejection of radioactive compounds was very low and the decontamination factors were between
1.02 and 1.05. Therefore ultrafiltration was combined with complexation by soluble polymers. The application of sodium
polyacrylate (NaPAA) 15,000 and 30,000 of molecular weight, in concentration range 0.4–3 g=L gave slight increase of
decontamination factors to 1.3–2.8. In addition, dosing of INSTAR AS up to concentration 3 g=L resulted in an increase
of decontamination factor to 3.1. Since the major portion of total activity came from radioactive isotopes of caesium, the use of
cobalt hexacynoferrate as a binding agent was advisable. The cobalt hexacyanoferrate was introduced as a suspension prepared
from 0.02 N solutions of Co(NO3)2 � 6H2O and K4[Fe(CN)6] 3H2O. As is shown in Figure 30.15, first portion of the suspension
caused an increase of DF to 30 and further increase of complexing agent concentration did not change decontamination factor
radically. The results of the radiochemical analysis are shown in Table 30.11, where isotopic composition of the forth samples
is performed. The notation of the samples was as follows: S, feed solution composition; P1, permeate treated with 1 g=L of
NaPAA; P2, permeate after complexation with 3 g=L NaPAA; and P3, after the treatment with CoCF and INSTAR AS. The
calculated decontamination factors for each radioisotope as well as DFs for total activity in processed waste were presented in

TABLE 30.9
Decontamination factors in Combined Process UF=Complexation by Use of Different
Complexing Agents

Am-241 Co-60 Cs-137 Eu-152 Eu-154

Na PAA, 30,000 ! 1 21.24 3.2 22 ! 1
PEI, 15,000 ! 1 6.62 3.67 16.67 ! 1
CoCF=PEI (simultaneously) 4.54 6.31 110.7 4.14 3.78
CoCF=NaPAA, 30,000 (subsequently) 101.4 55.38 179.5 96.39 26.95

Source: From Zakrzewska-Trznadel, G., J. Membr. Sci., 225, 25, 2003. Copyright (2003) with permission from Elsevier.

TABLE 30.10
Characteristics of Sunflower CeRam Inside
Ceramic Membrane

Filtration area (m2) 0.35

External diameter (mm) 25
Length (mm) 1178
Number of channels 23

Hydraulic channel diameter (mm) 3.6
Flux volume at velocity 1 m=s (m3=h) 0.86
Pressure drop at velocity 4 m=s (bar) 1.0

Cutoff (kDa) 8
pH 0–14
Temperature (8C) Up to 150
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Figure 30.16. The radiochemical analyses of the last sample of permeate showed complete retention of 134Cs, 152Eu, and 241Am
when complexation=UF process was employed. About 1770-fold decrease of concentration of 137Cs was observed; the decon-
tamination factors for other radioisotopes were high, as well. However, due to high initial 65Zn content, the concentrations of this
radioisotope in permeate (P4) was also high; the radioactive zinc was not removed sufficiently. Therefore, additional cleaning
procedure should be applied to reduce 65Zn concentration and to meet discharge standards. It is likely that the dosage of the
polymer was too small to complex all radioisotopes sufficiently (the increase of DF with subsequent dosages of polymer was
observed, see Figure 30.16). Further portions of cobalt hexacynoferrate did not cause the increase of decontamination.

The membrane performance was good, during almost 60-h operation and the permeate flux was stable after initial decline.
The biggest flux decrease was observed when macromolecular sodium polyacrylate was introduced: first after dosing 0.4 g=L of
NaPAA, then after injection of the next portion (1 g=L NaPAA). In that time, permeate flux declined from 52 L=m2h in the
beginning (without the complexing agent), to 11 L=m2h after injection of 1 g=L of the polymer. Further increase of polymer
concentration did not result in the flux decline, as well as addition of CoCF suspension.
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FIGURE 30.14 Pilot plant for treatment of radioactive wastes by UF=complexation. (Reprinted from Zakrzewska-Trznadel, G. and
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The complexation=ultrafiltration process is efficient for retention of non-active hazardous components of the wastes, e.g.,
heavy metals, which concentration has to be reduced according to national regulations. In the process described above, the
retention of heavy metals was high, and reached 98% for manganese, 98.6% for iron, 92.4% for copper, 91.5% for nickel, and
94.7% for zinc. Some part of bivalent ions was also retained, for instance, Mg in 67%, Ca in 58%, SO2�

4 in 22.6%.
The enhanced ultrafiltration is effective but hardly controlled process, because of its sensitivity to the process conditions,

such as pH, temperature, or concentration of alkaline ions. However, it can be easily applied for the wastes containing the
radionuclides that are effectively attached to the macromolecules of the various ligands at the same or similar pH value.

Current development of the hybrid treatment processes is being directed toward searching the new, cheap sorbents, and
complexing agents, among them natural polymers such as chitin, lignin, huminates, and lignosulphonate are considered [73].
Using huminates in the ratio 1:25–1:50 with combination of ceramic membranes selectivity higher than 99% for ions such as
Sr2þ, Ni2þ, Cu2þ, Co3þ, and Ca2þ was obtained. Chitosan and cellulose, mostly abundant biopolymers, are increasingly being
used as a coagulant and flocculent in the processes of water and wastewater purification [74,75]. Due to the amine groups
present in the polymer chain chitosan is a good sorbent for transient metals [76,77]. It can be formed in granules for fixed beds,
as well as a water solution of the acetate [78]. With conjunction of the membrane, chitosan may cause six- to tenfold increase of
removal of Cu(II), Co(II), Ni(II), and Zn(II) from water solutions [79]. Apart from other natural sorbents such as biomass,
powdered wood bark, nutshell, modified wool or cotton, the use of cheap, inorganic sorbents such as natural zeolites, clays, or
fly ash is considered [80].

TABLE 30.11
Chemical Analysis of the Samples (CeRam Inside, 8 kDa)

S P1 P2 P4
Isotope (Bq=L) (Bq=L) (Bq=L) (Bq=L)

Co-60 374 59.5 61.4 70.9

Zn-65 22,038 11,111 2,920 784.6
Ba-133 1,058 113.7 114.3 93.5
Cs-134 22.7 15.2 14.4 0
Cs-137 8,742 6,162 5,823 4.9

Eu-152 27.2 0 0 0
Am-241 1,365 116.8 0 0

Source: From Zakrzewska-Trznadel, G. and Harasimowicz, M.. Desalination,

162, 191, 2004. Copyright (2004) with permission from Elsevier.
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New potential applications of sorbents in conjunction with a membrane are expected from the development of molecular-
imprinted or ionic-imprinted polymers that are capable of metal–ion recognition. This concept based on preparation of matrix in
the presence of the molecular or ionic template. After removal of the target molecule=ion the prepared solid can react with the
solution of the molecules=ions from which the imprinted molecule=ion should thus be preferentially extracted from the mixture
[81–83].

30.2.4 MICROFILTRATION

In nuclear technology, microfiltration is used either for pretreatment purposes or for concentration of coarse particles after
precipitation process. For high-level radioactive wastes the ceramic filters are used, giving for some types of effluents high
decontamination and concentration factors. The MF facilities used in nuclear industry to treat liquid radioactive wastes are
summarized in Table 30.12.

30.2.5 MEMBRANE DISTILLATION

Membrane distillation (MD) is a separation method that employs porous liophobic membrane, non-wettable by the liquid.
Because of liophobicity of the polymer, only vapor is transported through membrane pores. The condensation takes place on
the other side of the membrane in air gap, cooling liquid or inert carrier gas. Usually MD is employed to treat water solutions,
therefore hydrophobic membranes manufactured from polymers such as polypropylene (PP), polytetrafluoroehtylene (PTFE),

TABLE 30.12
Examples of Nuclear Testing Facilities Applying MF for Liquid Radioactive Wastes Processing

Facility Type of the Waste
Process and Type of the

Membranes Used Results References

AECL Chalk River

Laboratory (Canada)

Mixed low-level

radioactive wastes

MF was used as a pretreatment

step in RO installation

MF hollow fiber membranes remove the

suspended solids larger than 0.2 mm. The
filtrate from MF forms the feed for the
SWRO system, the backwash solution

undergo further volume reduction in thin
film evaporator

[17,18]

AECL Chalk River

Laboratory (Canada)

Groundwater and soils

decontamination

Hollow fiber MF system

consisted of 40 cross-flow
filtration modules, ~6 cm in
diameter, 50 cm long, and 1 m2

surface area

The system demonstrated the usability of MF

for the treatment of soil leachate and
removal of radionuclides from ground
water. The radioactivity of 90Sr was reduced
from 1700–3900 to 2 Bq=L

[28,84–86]

Rocky Flats (United
States)

Groundwater containing
uranium isotopes,
organic toxic

compounds, and heavy
metals

Tubular MF modules, pore size
0.1 mm

The removal efficiency of uranium isotopes
by the system was 99.9%

[28]

Idaho National

Engineering and
Environmental
Laboratory (INEEL)

Radioactive wastes from

fuel reprocessing

Cross-flow filtration with Mott

sintered Hastelloy filter

Good removal of undissolved solids from

INEEL radioactive slurries

[87]

Berkeley Nuclear
Laboratories

Simulated radioactive
wastes

Cross-flow MF; Pall PSS (2.5 mm
limit of separation), Fairey
Microfiltrex FM4 (1 mm) and
APV Ceraver (1.4 mm) ceramic

and stainless steel membranes

Cross-flow MF was found to be effective
dewatering of range of radioactive wastes

[88]

Energy and
Environmental Research

Center, University of
North Dacota

Simulated wastes
containing suspended

and colloidal solids

SpinTek ST IIL centrifugal
membrane filtration technology

Ability to process wastes from
decontamination and decommissioning

systems within the US DOE; ability to treat
hazardous wastewater to a slurry-type level
and reduce tank sludge volume

[89]

Los Alamos Nuclear
Laboratory (LANL)

Surrogate and real
radioactive wastes
from LANL

SpinTek ST IIL centrifugal
membrane filtration technology

Elaboration of the model for determining the
applicability and economics of the system to
different DOE waste and process streams

[90]
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or poly(vinylidenefluoride) (PVDF) are used in the process. The driving force in the MD process is a gradient of partial
pressures of the components of the solution in gaseous phase. The main advantages of membrane distillation applied for
radioactive wastes processing are

1. Moderate process conditions, ambient pressure, and moderate temperature
2. High retention and decontamination, higher than that for conventional evaporators
3. Low operational costs for medium-sized installations, the possibility of utilization of waste heat, e.g., from cooling

system of nuclear reactor
4. The possibility to achieve high concentrations, close to saturation
5. The possibility of use of plastics as construction materials for apparatus, because of moderate process conditions-

minimization of corrosion and capital costs
6. Compact installations (one stage units)

In contrary to other methods, also to reverse osmosis, MD allows complete purification in single stage, not involving additional
processes for polishing permeate. It is a simple, economic, and environment friendly method when it is used for radwaste
processing.

Membrane distillation was developed at INCT for liquid radioactive waste processing [91]. For many years the process was
studied as a method for stable isotopes enrichment. Using porous PTFE membranes, stable isotopes of oxygen and hydrogen
were enriched in natural water with relatively high separation factors [92–95]. It was proved that MD distillation is a
competitive method for enrichment of oxygen-18, the isotope that finds now a big demand on the market because of high
consumption by positron emission tomography [96]. Membrane method in some cases seems useful for heavy water
enrichment, as well.

Since membrane distillation exhibits high ability of concentration of aqueous solutions with high retention of acids, salts,
and other low-volatile compounds, it can be used for concentration of different radioactive waste streams with high volume
reduction and high retention factors [97–99].

The process conducted in batch-type counter-flow apparatus (Figure 30.17) equipped with capillary PP Acccurel mem-
branes showed good effectiveness of membrane distillation for purification of radioactive waste. Permeate obtained was pure
water. All solutes together with radioactive compounds were rejected by the hydrophobic membrane. At tenfold volume
reduction of the initial portion of waste, approximately tenfold concentration of radioactivity in the retentate stream was
reached, while radioactivity of permeate retained on the level of natural background (Figure 30.18). As was observed in
experiments small sorption in the system took place. However, permeate was free of radioactive substances and other dissolved
compounds, the concentration and radioactivity factors sometimes slightly differed from volume reduction factors.

Membrane distillation for concentration of radioactive waste was also tested in pilot plant experiments. The facility used in
the tests consisted of spiral-wound module, equipped with PTFE membrane, effective surface area of 4 m2. The installation
enabled the recovery of the part of heat by two installed heat exchangers (Figure 30.19).
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FIGURE 30.17 Laboratory setup for testing MD process. (1) membrane module, (2) feed reservoir, (3) distillate reservoir, (4,5) heat
exchangers, (6,7) peristaltic pumps, (8–11) thermometers.
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The experiments were conducted in the temperature range 358C–808C at feed inlet, and 58C–308C at distillate inlet, and
with feed and distillate flow rates up to 1500 dm3=h. Under these conditions permeate stream was 10–50 dm3=h (60–300
dm3=m2 day). During the experiment run the activity of the distillate was stable on the level of natural background radioactivity
and the concentrating of radioactive compounds took place in retentate. Retention of radioactive ions in retentate was almost
complete (decontamination factors ! 1, Table 30.13). Most of radionuclides were not detected in distillate; only trace
amounts of Co-60 and Cs-137 were present. Also retention coefficients of non-active ions were high (Table 30.14).

The experiments have proved that membrane distillation can be applied for radioactive wastewater treatment. In one-stage
installation the membrane retained all radionuclides and decontamination factors were higher than those obtained by other
membrane methods. The distillate obtained in the process was pure water, which could be recycled or safely discharged into the
environment. It seems the process can overcome various problems of evaporation such as corrosion, scaling, or foaming. There
is no entrainment of droplets, which cause the contamination of condensate from thin-film evaporator. Operation at low
evaporation temperature can decrease the volatility of some volatile nuclides present in the waste, such as tritium or some forms
of iodine and ruthenium. The process is especially economic for the plants, which can utilize waste heat, e.g., plants operating
in power and nuclear industry.

Inmembrane distillation, there is a possibility of loss ofmembrane hydrophobicity during long-time operation.However, during
80-h testswithDMpilot plant the changes inmembranewettabilitywere not observed. The liquid entry pressure for PTFEmembrane
used in experiments was about 0.23 MPa, which is sufficiently high in comparison with the pressure in the MD installation.
According to the manufacturer suggestion the pressure applied in the MD module cannot exceed 0.07 MPa. To reduce the risk
of liquid entry into membrane pores the pressure on the distillate side was kept a little higher than pressure on the retentate side.
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FIGURE 30.18 Concentration of radioactive waste in batch-type MD apparatus. (From Chmielewski, et al. Sep. Sci. Technol., 32, 709,
1997. Copyright [1997] Reproduced with permission of Taylor & Francis.)
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FIGURE 30.19 A scheme of the pilot plant for radioactive waste concentration. (1) MD module, (2) distillate reservoir, (3) feed tank, (4,5)
pumps, (6) heater, (7,8) heat exchangers, (9,10) prefilters. (Reprinted from Zakrzewska-Trznadel, G., Harasimowicz, M., and Chmielewski,
A.G., J. Membr. Sci., 163, 257, 1999. Copyright [1999] with permission from Elsevier.)
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However, the presence of compounds lowering the surface tension, may result in wetting the hydrophobic membrane.
These compounds have to be removed before entering the membrane system by appropriate pretreatment. At small concen-
tration these substances can be removed by sorption, oxidation, or phase separation, whereas at high concentration they can be
removed by ultrafiltration. The main nonactive components of the wastes treated in the above experiments, were the inorganic
salts such as sulfates, nitrates, or chlorides that increased the surface tension. It was proved that the presence of salts
crystallizing in-membrane pores may also result in wetting the membrane during long-time operation of MD installations,
especially at low distillate temperatures [100]. Such a situation may take place in the module entrance, when distillate
temperature is relatively low. Precipitate deposition, scaling, and pore blocking are the problems of all membrane installations.
The appropriate pretreatment or dosing antiscaling additives are the methods of minimization of these phenomena. The problem
of scaling is more serious in evaporation installations that are widely used in nuclear industry and operating in higher
temperatures than membrane distillation.

The experiments with concentration of inorganic salts showed that 25% concentration of the solute could be achieved by
using MD. It is the upper limit for concrete solidification. Usually such a big concentration is not reached, because limit of
radiation dose is exceeded for solidified waste, originating from concentrated radionuclides. Distillate is pure water and can be
discharged to the sewage or surface waters or can be recycled.

In Table 30.15, decontamination factors for different processes for low- and medium-level radioactive waste treatment are
shown. Membrane distillation with its high decontamination factors is a competitive method in this field. However, it has to be
mentioned that these high-decontamination factors are achieved from low-volatile solute after adequate pretreatment.

TABLE 30.13
Radiochemical Composition of the Waste Sample Used in Experiments
and Effluent after MD Plant

Radionuclide Activity of the Feed (Bq=dm3) Activity of the Effluent (Bq=dm3) DF

60Co 4510 1.04 4336.5
65Zn 3390 Not detected ! 1
114mIn 86.2 Not detected ! 1
110mAg 10.4 Not detected ! 1
133Ba 2990 Not detected ! 1
134Cs 7.84 Not detected ! 1
137Cs 29.5 0.673 43.8
140La <0.653 Not detected ! 1
170Tm 526 Not detected ! 1
192Ir 37.3 Not detected ! 1

Source: From Zakrzewska-Trznadel, G., Harasimowicz, M., and Chmielewski, A.G., J. Membr. Sci., 163, 257, 1999.
Copyright (1999) with permission from Elsevier.

TABLE 30.14
Chemical Composition of the Waste Sample Used in Experiments
and Effluent after MD Plant

Ion
Concentration in the

Feed (mg=dm3)
Concentration in the
Effluent (mg=dm3)

Retention
Coefficient (R)

Naþ 1060.6 3.269 0.9969
NHþ

4 207.1 14.584 0.9296

Kþ 21 0.212 0.9899
Mg2þ 33.7 Not detected 1
Ca2þ 87.2 2.375 0.9728

F� 5.7 0.442 0.9225
Cl� 744.2 1.485 0.9980
NO�

3 1832.9 0.065 0.9999

SO2�
4 37.6 0.186 0.9950

Source: From Zakrzewska-Trznadel, G., Harasimowicz, M., and Chmielewski, A.G., J. Membr. Sci., 163, 257, 1999.
Copyright (1999) with permission from Elsevier.
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A majority of the methods require multistage systems; even when evaporation does not always yield the product of
radiochemical purity. In addition, it is an energy-consuming method and have process barriers described above. The other
treatment methods also have some constraints. Ion exchange consumes large volumes of expensive resins that need regene-
ration and in consequence large quantities of secondary waste are created. Biological processes produce big quantities of sludge
with high concentration of radionuclides and intermediate products.

Many years of operation of membrane processing facility in Chalk River Laboratory proved reliability of reverse osmosis.
However, reverse osmosis requires involvement of high pressures, cannot avoid membrane fouling and the necessities of
frequent cleaning operations resulting in production of secondary wastes. It requires multistage system to achieve sufficient
purity of the product and high volume reduction. Thin film composites are less resistant to the radiation and strong chemical
environment than PTFE or PP membranes. New possibilities may create the commercialization of inorganic RO membranes.

The opinions on the advantages of membrane distillation are diverse. Low investment costs for small and medium-capacity
installations are pointed out on the one hand. For bigger facilities both capital and operation costs can be lower than in
conventional processes [101,102]. While on the other hand, more moderate opinions on benefits of membrane distillation are
published, as well [103].

One of the main barriers for commercial implementation of membrane distillation is relatively high-permeate fluxes from
unit membrane area, along with high-energy consumption in the process. The latter can be overcome when MD installation is
used in nuclear power plant, and when waste heat from cooling circuit can be utilized. Another possible way to minimize
energy consumption is efficient recovery of heat by appropriate design of the installation or using membrane modules with
integrated heat recuperation based on the spiral-wound GORE-TEX principle [101,104]. According to the evaluation of the
company these modules consume 150–280 kW hth=1 m3 of distillate, while for modules without integrated heat recovery the
energy consumed equals ~600 kW hth=m

3. However, as demonstrated pilot plant experiments performed at INCT, the latter was
hardly achieved with the installation described above. In Figure 30.20, energy consumption per unit of the product for various

TABLE 30.15
DFs for Most Common Methods of Low- and Medium-Level
Radioactive Wastes Processing

Process DF

Chemical precipitation 10<DF< 102 (b,g), 103 (a)
Organic ion-exchange 10<DF< 103

Inorganic ion-exchange 10<DF< 104

Evaporation 104<DF< 106

Bioaccumulation DF> 103

Biosorption DF< 103

RO 10<DF< 103

MD DF!1
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FIGURE 30.20 Energy consumption per unit of the product in MD process. (Reprinted from Zakrzewska-Trznadel, G., Harasimowicz, M.,
and Chmielewski, A.G., J. Membr. Sci., 163, 257, 1999. Copyright [1999] with permission from Elsevier.)
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feed inlet temperatures (T1), estimated from experimental results, was shown. The favorable are the high process temperatures;
at T1 temperature over 808C the energy specified by manufacturer of the membrane module can be achieved. The thermal
energy consumption in the process depends not only on temperatures, but also on intensity of distillate cooling (to keep the
proper temperature gradient across the membrane) and volume flow rates in the apparatus: VR and VD (Table 30.16), however
the influence of these parameters is moderate. The lower cooling water flow implicates decrease of energy consumption.
Between flow rate of retentate, distillate, and process temperatures are interactions, therefore optimization of process
parameters is necessary to get sufficient perameate fluxes and low-energy consumption per unit of the product.

Membrane distillation modules are at present expensive in comparison with RO elements and their costs influence
significantly the capital costs of the MD installations. The market of MD systems is limited; in spite of the many advantages
MD method is not widely accepted by the industry. Moderate interest of users influences the production capacities and in
consequence reduces the wide implementation of the MD method in different branches of industry. It was proved that
advantages of MD decreases with increase of the installation capacity; big installations, of productivity comparable with
RO, need large number of modules. Anyway, the comparison of two processes: RO and MD proved technical and economic
reasonability of the letter in some cases, such as radioactive waste concentration. The advantages of MD come from

1. Possibility of running the process to high-solute concentrations, sufficient for direct solidification
2. Achieving the high concentration in one stage
3. Elimination of high pressures
4. Reduction of sorption of such radioactive ions, e.g., 60Co2þ, 137Cs�, and 134Cs,� inside the pores (the pores are filled

with water vapor)
5. Infrequent washing cycles through minimization of fouling and inner sorption, reduction of quantities of secondary

wastes

Membrane processes are versatile and flexible; they can be combined with other methods in hybrid processes. Adapted to actual
needs they can treat various process streams of different compositions and concentrations. Membrane distillation coupled with
evaporation or reverse osmosis may improve the purification efficiency and increase decontamination factors. The flow chart of
such hybrid processes is presented in Figure 30.21. In Figure 30.21a, the combination of MD unit with evaporator is shown.

TABLE 30.16
Influence of Process Parameters on Energy Consumption
Per Unit of Permeate

T1 (8C) T2 (8C) VR (L=h) VD (L=h) Vcool (L=h) VP (L=h) E=VP (kWh=L)

69.6 22.8 720 720 1200 23.60 0.96
65.4 21.7 870 870 1200 18.52 1.06
65.5 16.5 870 870 2700 19.36 1.17
49.3 22.1 1380 1380 840 17.28 1.30

49.3 18.6 1380 1380 1260 18.60 1.38
49.2 22.4 1620 1500 840 24.70 1.31
49.2 20.0 1620 1500 1260 24.95 1.35
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Distillate
Retentate
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FIGURE 30.21 (a) Combination of evaporator with MD module. (b) Combination of RO unit with two modules of MD. (Reprinted from
Zakrzewska-Trznadel, G., Harasimowicz, M., and Chmielewski, A.G., Sep. Purif. Technol., 22–23, 617, 2001. Copyright [2001] with
permission from Elsevier.)
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Evaporation is a widely used method for radioactive waste processing. One of disadvantages of the process is radionuclides
carry over with small droplets. The contaminated condensate needs additional polishing with ion-exchange resins. The
installation of MD module for final cleaning of the condensate can avoid the use of ion exchange. The unit that plays the
role of demister can be driven with waste heat from nuclear power plant.

Another possibility of MD use is combination with reverse osmosis that in fact can be the loose RO not involving
enormously high pressures. The permeate from RO with reduced amount of multivalent ions is directed to MD module where
final polishing takes place (Figure 30.21b). The preliminary volume reduction undergoes in RO module; the retentate is
concentrated and volume-reduced in MD module. This solution eliminates the evaporator and ion exchange together replacing
these conventional processes with membrane techniques.

The use of hybrid methods gives multiple benefits when it combines the processes which supplement one another or
eliminate the drawbacks of the single process. Multistage reverse osmosis results in high-effluent decontamination, however it
cannot be run up to high-retentate concentration. High concentration is not the limitation for thin-film evaporators, but the
condensate needs final polishing by other method. Membrane distillation combines itself the advantages of both processes,
simultaneously avoiding all constraints of RO and EV. In the case of availability of cheap sources of thermal energy, e.g., waste
heat, the supplementation of reverse osmosis, or evaporation with membrane distillation seems to be justifiable.

30.3 FUTURE OF MEMBRANE PROCESSES IN NUCLEAR TECHNOLOGY

30.3.1 LIQUID RADIOACTIVE WASTE PROCESSING BY MEMBRANE PROCESSES: ADVANTAGES AND LIMITATIONS

Continuous development of membrane processes applied in nuclear technologies is of considerable interest. Implementation of
new membrane materials with high chemical and radiation resistance, and new module designs allow spreading applications of
membrane processes into different fields of nuclear industry. The main barriers in the use of membrane methods are the
following:

1. Necessity of periodical interruption of the process resulting from membrane fouling or blocking and successive
cleaning of the installation. It is evaluated that about 1% of secondary wastes come from cleaning the apparatus and
membranes [25].

2. Need of pretreatment of the streams before membrane installations.
3. Installations operating under high pressure require sophisticated apparatus and pressure pumps.

The elaboration of proper pretreatment methods, application of antiscalants, and minimization of secondary wastes created
during cleaning cycles are of great importance. At present the research work on use of pressure-driven processes for radioactive
waste treatment is focused on following issues:

1. Application of ultrafiltration coupled with other processes such as precipitation, sorption, or complexation
2. Combining membrane processes with other methods into integrated processes, such as ultrafiltration–evaporation,

reverse osmosis–ion exchange
3. Elaboration of effective methods of fouling control and membrane cleaning, avoiding the membrane blockage and flux

decline
4. Use of nanofiltration with pores at the boundary of reverse osmosis and ultrafiltration that allows to separate

multivalent ions such Ca2þ, Al3þ, SO2þ
4 from monovalent. It is possible with nanofiltration to separate multivalent

radioactive ions from non-active salts, as sodium nitrate
5. Replacing polymeric membranes by inorganic, more resistant to ionizing radiation and aggressive chemical environ-

ment
6. Testing the influence of process conditions on stability and lifetime of particular membrane installation elements—the

influence of salts that cause scaling (Na2SO4, Na2CO3, NaHCO3, Ca3(PO4)2), the influence of radiation on membrane
material

Despite of some technical and process limitations, membrane techniques are very useful methods for the treatment of different
types of effluents. They can be applied in nuclear centers processing low- and intermediate-level liquid radioactive wastes or in
fuel reprocessing plants. All the methods reported in the chapter have many advantages and can be easily adapted for actual,
specific needs. Some of them are good pretreatment methods; the other can be used separately as final cleaning steps, or can be
integrated with other processes. Membrane methods can supplement or replace techniques of distillation, extraction, adsorption,
ion exchange, etc. Evaluation of membrane processes employed for liquid radioactive waste treatment is presented
in Table 30.17.
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30.3.2 NEW FIELDS OF APPLICATION OF MEMBRANE PROCESSES IN NUCLEAR INDUSTRY

30.3.2.1 Removal of Tritium from Nuclear Waste (Liquid and Gaseous Effluents)

Nuclear Energy Agency of the Organisation for Economic Co-operation and Development (OECD=NEA) considers tritium as
one of the four volatile, hazardous radionuclides (3H, 14C, 85Kr, and 129I) that are created in nuclear cycle with long-term risk
[105]. Tritium, a radioactive isotope of hydrogen, emitting mild b radiation is created in nuclear reactors and in reprocessing
plants by neutron activation of isotopes of 2H, 3He, 6Li, and 10B. The largest quantities of tritium are produced in heavy water
reactors (~5.42� 107 GBq=GWel per annum) [106]. Less amounts are emitted by fast breeder reactors and high-temperature
graphite reactors; the smallest quantities are created in light water reactors (~5.55 � 105 GBq=GWel per annum). It was

TABLE 30.17
Membrane Methods for Liquid Low- and Medium-Level Radioactive Waste Processing

Process Advantages Disadvantages Abilities and Applications

RO . Removes dissolved salts
. DF 100–1000

. High-pressure system, limited by
osmotic pressure

. Very well developed technology

. Ability of rejection of all contaminants
. VRF 100–1000
. Economical
. Established for large-scale operation

. Subject to fouling, non-backwashable . Number of industrial applications for
treatment of mixed waste, floor drains,

waste from reprocessing, from medical
applications

NF . Pressures lower than in RO
. Separate multivalent ions and nonionic
organic molecules of MW >300 Da
from monovalent ions and non-active

salts
. Inorganic membranes of good radiation
and chemical resistance available

. Not usable where absolute purification

is necessary; monovalent radioactive
ions pass through the membrane

. Membranes subjected to fouling

. Ability of separation of monovalent ions

from multivalent ions
. Separation of organic compounds from
monovalent salts

. Application in nuclear industry for boric
acid recovery from contaminated cooling
water

UF . Separation of dissolved salts from
particulate and colloidal material

. Inorganic membranes available with
good chemical and radiation stability

can also operate at elevated
temperatures

. Pressure <1 MPa

. Fouling-need for chemical cleaning
or backflushing

. Organic membranes subject to
radiation damage

. Good pretreatment stage for RO

. Removes colloids (some actinides
compounds) and suspensions

. Many industrial applications and pilot

tested installation

Enhanced UF
(UF=complexation,
UF=sorption)

. Possibility to treat wide range of waste
streams

. Removal of small ions without high

pressures involved

. Strongly dependent on process
conditions (temperature, pH)

. The presence of complexing agents

may entail further cleaning
. Fouling phenomena

. Removes small ions with selected ligands

. Enables recycling of some compounds
after break-up of the complexes

. Pilot plant tests

MF . Low pressure operation (100–150 kPa)
. Excellent pretreatment stage for RO
. Inorganic membranes available
. Low fouling when air backwash is
employed

. Backwash frequency can be quite high;
depends on solid content of waste

stream

. Very well developed technology

. Number of implementation in nuclear

centers
. For pretreatment purposes or for
concentration of coarse particles after

precipitation process
MD . Removes all dissolved salts, very high

DF
. Non-pressure-driven operation
. Good chemical and radiation resistance
of membranes (Teflon)

. Economical for nuclear industry

. High thermal energy consumption
comparing with pressure-driven

processes unless cheap energy source
or waste heat is utilized

. Cannot be applied for wastes with

volatile radioactive compounds

. Tested in laboratory and pilot plant

. Until now no industrial installations in

nuclear technology

Electrodialysis . Well-established technology for
desalination

. Separates ionic substances from

nonionic, concentrates ionic
compounds

. Minimizes the volume of hazardous

wastes and secondary wastes

. The necessity of pretreatment and
periodical scale removal

. Process limited by concentration (low

conductivity for diluted solutions)
. Fouling is a problem in higher
concentrations

. Intensive laboratory and pilot plant studies,
small industrial applications

. For separation of ions from radioactive

waste
. For recovery of acids and alkali from
radioactive wastes and salt solutions

Pabby et al./Handbook of Membrane Separations 9549_C030 Final Proof page 873 19.5.2008 7:17pm Compositor Name: BMani

Radioactive Waste Processing: Advancement in Pressure-Driven Processes and Current World Scenario 873



evaluated that reprocessing plants with a capacity of 1400 t=a, processing fuel from LWR can emit (1.85–3.70) � 107 GBq per
year of radioactive tritium [106], that is commensurate with emission from natural sources.

One of technical problems of removal of tritium is its low concentration in technological and waste streams. In heavy water
reactors moderator (PHWR) the ratio DTO:D2O is 10�5, and in water streams from fuel reprocessing plants, HTO:H2O, 10

�7

[107]. In this way, great volumes were contaminated with tritium: hundreds and thousands of cubic meters per year need
processing. Majority of the treatment methods is based on technologies used for deuterium enrichment such as water
distillation, distillation of hydrogen, electrolysis, ion exchange, and some combined methods such as electrolysis–catalytic
exchange, the so-called CECE process [108,109].

Among alternative technologies for separation of tritium, membrane methods are considered. Nafion, Du Pont membranes,
were applied for separation of hydrogen isotopes in installations for tritium removal from heavy reactor water and from nuclear
reactor atmosphere. The monitor for HTO and HT control was constructed in Chalk River Laboratories in Canada [110]. At
High-Energy Accelerators Research Organization (KEK), Japan, the work on apparatus for measurement of tritium emitted
from high-energy accelerators, equipped with hollow-filament membranes for gas separation, is carried on [111].

The studies on separation of water isotopomers (HTO, HDO, H2O) with membranes from poly[bis(phenoxy)phosphazene]
and carboxylated derivatives were carried on in Pacific Northwest Laboratory [112,113]. Using these membranes tritiated water
was extracted from fuel storing pool water of 3 mCi=L concentration of tritium, and from facilities under supervision of US
DOE in Hanford and Savannah River. Separation with 10,800 pCi=L tritiated water obtained by membrane method was not
higher than 33% (depletion in the permeate fraction). Water containing 3 mCi=L of HTO was depleted by 22% in a similar
system [113].

The membrane permeation was tested for separation of HTO from water at INCT [114]. Membranes made from regenerated
cellulose, polysulphone, and polytetrafluoroethylene were used. Separation factors aH2O=HTO obtained in membrane process
were not higher than 1.04 for cellulose and 1.02 for polysulphone, while for PTFE membranes were as high as 1.06–1.22.

Number of works published recently concerns application of polymeric gas separation (GS) membranes for separation of
hydrogen isotopes, with particular consideration of tritium compounds (HT, HTO) [115–125]. For this purpose, membranes
manufactured from glassy and amorphous polymers are applied, mainly polyimide and polycarbonate membranes, as well as
polyphenylene oxide membranes assembled in modules of different configuration (e.g., Mc Generon Inc., type B210, Ube
Industries, Ltd. Type NM-B05A, Parker, type 2112-NX-1–300 [116]. Super high permeation (SHP) modules—produced by
UBE Ltd., which have 10 times higher gas permeability than used at present high-permeable HP modules—seem to be very
promising. This allows reducing the space occupied by membrane installation, eliminating the costs of expensive compressors
that can be replaced by blower [121]. Conventional methods of tritium removal from atmosphere are limited to catalytic
oxidation, followed by adsorption of water on molecular sieves. The method is effective, however has disadvantages resulted
from size of apparatus and management of produced water. The method can be used for small glove boxes; in case of large
compartment the volumes of installations increase; adsorption system requires large desiccators and high-volume tanks for
tritium storage. The advantage of membrane method is the possibility of reduction of processed gas volume to the one tenth of
the volume related to conventional method, as well as simultaneous water removal.

30.3.2.2 Isotope Separation

The history of separation of isotopes by membrane permeation may be derived from early work of Graham in the middle of
nineteenth century on molecular effusion. The most spectacular application of molecular effusion was uranium-235 enrichment
for military purpose during the Second World War. In spite of the competitiveness of centrifugal method, up to now gaseous
diffusion is an important method of production of fuel based on natural uranium in countries such as United States and France,
including EURODIF [126,127], supervised by France, Spain, Italy, and Belgium, which have in their disposal the installations
in Tricastin and Pierrelatte, as well as in Russia, China, Great Britain, and Argentina [127]. There is no broad information
available on membranes used in gaseous diffusion, however it was known that French technology used sintered and anodic
alumina, gold–silver alloys, nickel, Teflon, zirconia, and porcelain [128].

Ceramic and metallic porous membranes are still used for separation of isotopes other than uranium, such as argon and
neon [129,130], or hydrogen [131–137]. Polymeric membranes for separation of isotopes of hydrogen were applied at National
Institute of Research and Development for Isotopic and Molecular Technologies in Cluj, Romania [138,139]. Polymers such as
polyethylene terephthalate (PET), polyethylene (PE), polytetrafluoroethylene (PTFE), cellulose acetate (CA), and polyvinyl
chloride (PCV) were used. The selectivity of these membranes was lower than palladium membranes and microporous Vycor
glass, however number of advantages are expected in low costs of polymeric membranes, the possibility of formation of
capillaries with big surface area and avoiding high pressure and temperatures.

Polymeric membranes for separation of hydrogen and oxygen isotopes were studied at INCT, Warsaw [92–95,140–141].
Both hydrophilic barriers, such as regenerated cellulose and hydrophobic PTFE membranes, were tested. The regenerated
cellulose appeared to be a very good system to get high separation factors and to consider membrane permeation as possible
and competitive method for enrichment deuterium and 18O in natural water.
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Research on separation of hydrogen isotopes is focused on the aspects related to safe operation of nuclear reactors and
separation of tritium. Apart from separators based on palladium alloys [142–145], one can find catalytic units with different
metallic membranes and various types of integrated systems with catalytic ceramic reactors [146–154].

Using different membranes and various membrane techniques, isotopes of chlorine [155], carbon [156], lithium in aqueous
solutions [157,158], and uranium in CH4 [158,159] were separated. Isotopes of gadolinium and neodymium were separated in
hybrid system of nanofiltration=complexation [50].

30.3.2.3 Gaseous Radioactive Wastes—Noble Gases Separation

Apart from radioactive tritium separation from reactor atmosphere or off-gas, polymeric membranes can be applied for
separation of noble gases produced by nuclear power plants and fuel reprocessing plants as an alternative to commonly used
adsorption or low-temperature distillation methods.

Research on removal of noble gases by permeation method with dimethyl silicon membranes was carried out in Oak Ridge
National Laboratory [160]. On the basis of experimental work, the calculations for different industrial cascades separating
krypton and xenon from the space of molten salt and sodium cooled breeder reactor or from the off gas from a plant processing
spent reactor fuel were performed.

In the process of separation of noble gases, silicon rubber membranes [161,162] and high-resistant siloxane rubbers
(polyvinyltrimethylsilane—PVTMS and block-copolymer, composed of polyarylate and polydimethylsiloxane of different
weigh ratio, the so-called sylar) [163,164] were employed.

For this purpose the polymer membranes were formed in tubes [165] placed in modules, operating in cascade configuration
[166,167]. Preliminary storage of treated gases for decay to prolong the lifetime of membranes were practiced. After 20 day
storage of radioactive gases containing 85Kr—0.004 mol and 133þ 135Xe—0.2 mol, at flow rate of 1 cm3=s silicon membranes at
the end of the cascade were found to be stable after a number of months. The lifetime could be prolonged to several years by 30
day storing [168]. During separation of mixtures of noble gases the decrease of effective separation factors for particular
components was observed. However, the presence of each of them caused plasticizing effect of the polymer enhancing the
transport through the membrane [169].

During the last years increasing interest on noble gas separation by membranes is being noticed [170–172]. Hollow fiber
membranes from polyimide [171], flat sheet membranes from PET or oriented polypropylene [172] were applied in the tests.

NOMENCLATURE

Af specific activity of feed
Ap specific activity of permeate
AR specific activity of retentate
CF concentration factor
cp concentration in permeate
cf concentration in feed
DF decontamination factor
KTDS TDS reduction coefficient
R retention coefficient
T1 feed (warm stream) inlet temperature
T2 cold stream (distillate) inlet temperature
VR warm stream (retentate) flow rate
VD cold stream (distillate) flow rate
VC cooling water flow rate
E energy consumption in MD process
VP permeate flow rate
VRC volume reduction coefficient
xA, xB A and B components concentration in retentate
yA, yB A and B components concentration in permeate
aA=B separation factor for A and B components mixture

ABBREVIATIONS

AECL Atomic Energy of Canada Limited
ANSTO Australian Nuclear Science and Technology Organisation
BWR boiling water reactor
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CA cellulose acetate
CECE combined electrolysis-catalytic exchange
DD drum dryer
DMC direct membrane cleaning
DSC differential scanning calorimetry
DTPA diethylenetriaminepentaacetic acid
EDTA ethylendiaminetetraacetic acid
EERC Energy and Environmental Research Center
EV evaporation
HF hyperfiltration
IAEA International Atomic Energy Agency
IEA Institute of Atomic Energy
IEX ion exchange
INCT Institute of Nuclear Chemistry and Technology
INEEL Idaho National Engineering and Environmental Laboratory
LANL Los Alamos Nuclear Laboratory
MCH microcrystalline chitosan
MD membrane distillation
MF microfiltration
MWCO molecular weight cutoff
NF nanofiltration
OECD=NEA Organisation for Economic Co-operation and Development=Nuclear Energy Agency
PA polyamide
PAA polyacrylic acid
PEI polyethylenimine
PET polyethylene teraftalate
PHWR pressurized heavy water reactor
PLC programmable logic controller
PP polypropylene
PS polysulphone
PSA polysulphonic acid
PTFE polytetraflouroethylene
PU polyurethane
PVA polyvinyl amide
PVC polyvinylchloride
PVD polyvinylpyrrolidone
PVDF poly(vinylidenefluoride)
PVTMS polyvinyltrimethylsilane
PWR pressurized water rector
RO reverse osmosis
SWRO spiral-wound reverse osmosis
TDS total dissolved solids
TRO tubular reverse osmosis
TRU transuranic elements
TSS total suspended solids
TUF tubular ultrafiltration
UF ultrafiltration
WAO wet air oxidation
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31.1 INTRODUCTION

Separations of long-lived actinides play a pivotal role at different stages of nuclear fuel cycle, namely, (a) recovery and
purification of fissile=fertile nuclides from their respective ores, (b) fuel reprocessing using processes such as PUREX=THOREX,
(c) minor actinide partitioning, and (d) lanthanide–actinide separations. Their analytical separation is also an important step in
chemical quality control of nuclear fuel materials and the estimation of the actinide elements in various waste streams. PUREX
process employing tri-n-butyl phosphate (TBP) as extractant has been successfully employed for the industrial scale production
of Pu from the spent fuels emanating from a variety of thermal and fast reactors. There is, however, only a limited experience in
the recovery of 233U from irradiated Th using the THOREX process. However, separation scientists in nuclear industry are
gearing up for the new challenges of reprocessing spent fuels discharged from Pu-based fast reactor fuels as well as Th-based
advanced heavy water reactor fuels. Existing processes may have to be further modified to meet the demands of larger Pu content,
larger radiation damage to the solvent, larger inventory of fission products, and above all the complex situation of dealing with a
Th–Pu–U based ternary system. There is also a growing interest in the areas of partitioning of actinides from high-level waste. In
view of its excellent track record, TBP continues to be the prime choice of separation scientists and technologists. However, its
poor extractability of trivalent actinides, large secondary waste volumes, and interference of the degradation products in overall
Pu recovery and decontamination from fission products are a cause of concern. The actinides, in particular, have a fascinating
chemistry in solution (e.g., disproportionation, variable oxidation state, polymerization, etc.), which presents a stimuli as well as a
challenge to the separation chemists. Hence, there is a need to develop alternative extractants, which are efficient, versatile, and
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environmental friendly. Novel extractants are continuously being designed to carry out selective separation of actinides or fission
products from reprocessing=waste steams. Figure 31.1 shows some of the extractants employed for the recovery=purification of
actinides in the nuclear fuel cycle or for analytical applications. In view of the high cost of some of these emerging extractants, it is
imperative to develop simultaneously novel separation techniques, which employ relatively small inventory of extractants.
Liquid membrane (LM)-based separations hold a particular promise toward this end [1–3].

Membrane-based separation methods are popular in chemical industry for effluent treatment, desalination, and gas purifica-
tion. However, their application for separation of actinides relevant to nuclear industry is still at infancy stage. The past few
decades saw the use of exotic reagents such as crown ethers, calixarenes for the selective complexation and removal of actinides
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FIGURE 31.1 Structures of some commonly used extractants for actinide ion extraction. (Reproduced from Mohapatra, P.K. and
Manchanda, V.K., Indian J. Chem., 42A, 2925, 2003. With permission.)
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from solutions containing complex mixture of metal ions [4–7]. Specially designed uranophiles have been synthesized for the
recovery of ppb level of uranium from seawater [8,9]. Di-cyclohexano 18 crown 6, a crown ether, was utilized by a French group
for the separation of Pu from a synthetic spent fuel solution [10]. The two major drawbacks of the solvent extraction methods,
namely, third phase formation and phase disengagement time, can be overcome with the LM-based separation methods as they
involve nondispersive mass transfer. Hollow fiber supported liquid membrane (HFSLM) separations are particularly attractive
due to large surface to volume ratio, fast mass transfer rates, and continuous flow [11–14].

This chapter deals with the transport of actinide ions across liquid membranes resulting in their recovery=separation from
complex matrices. The transport behavior of lanthanides is also discussed in many places, which has chemical similarity with
the trivalent actinides and are often used as their homologs. The transport behavior of actinides=lanthanides across other
membranes such as ceramic=metallic and grafted membranes is also included. Table 31.1 gives a summary of the extractants
discussed in this chapter.

31.1.1 LIQUID MEMBRANES AND THEIR CLASSIFICATIONS

Membranes are barriers, which separate two solution phases and allow the selective permeation of solutes from one side of the
barrier to the other. Depending on the driving force and dominant mechanism of separation, they are classified into different
types. The nonequilibrium membrane processes, such as liquid membranes and diffusion dialysis, are useful in the separation of
specific components present in very low concentrations. These techniques have shown good promise in the removal of metal
ions, such as uranium and copper, and acids from the effluent streams. Liquid membranes basically comprise of organic carriers
with high specificity for a particular species. They usually consist of a water immiscible organic membrane (abbreviated as M)
layer separating an aqueous source phase, or feed (abbreviated as s.p. or F), consisting of a mixture of metal ions and receiving
aqueous phase where the metal ion of interest gets concentrated (abbreviated as R or r.p.) preferentially. Liquid membranes are
also known as liquid pertraction or simply as pertraction and closely resemble solvent extraction, which is pivotal in the metal
transport process [15]. In fact, pertraction is a combination of extraction, permeation, and stripping of the desired species and
can be treated as a continuous multistage extraction=stripping process. A large number of reviews, appeared during the last few
years, underline the importance of this upcoming area [16–20].

Broadly speaking, there are three different types of liquid membranes. Bulk liquid membrane (BLM) is a stirred organic
phase of lower density than the aqueous phase positioned under it or vice versa. In emulsion liquid membrane (ELM), the
receiver aqueous phase containing oil droplets is dispersed into the feed aqueous phase. The total volume of the receiving
phase inside the oil droplets is at least ten times smaller than that of the source phase. The thickness of the membrane (organic
film) is very small, while the surface area is enormous resulting in very fast separations. Though the efficiency of mass transfer
in the liquid membranes is inversely proportional to the thickness of the membrane phase, too thin a film has poor stability due
to low but finite solubility in F and R. It can also be disturbed by pressure differences created by the two aqueous phases.

TABLE 31.1
Summary of the Extractants Being Used for Actinide Ions Recovery=Separation by LM-Based Separation Methods

Extractants
Membrane-Based

Separation Methods Metal Ions Recovered References

HDEHP BLM, ELM, SLM, PIM Am(III), Th(IV), U(VI) [31,37–44,67–71,73,77,193]

LIX-63 ELM, SLM U(VI) [47,84]
Kelex 100 (8-hydroxy quinoline) ELM, SLM U(VI) [44,60,61]
b-diketones SLM, PIM Am(III), lanthanides [62,63,191]
Cyanex-301=Cyanex-272 BLM, SLM, PIM Am(III), U(VI) [26,82,83,192]

PC-88A ELM, SLM Eu(III), U(VI) [52–54,66]
TBP=TAP=TEHP BLM, SLM, HFSLM, PIM Th(IV), Pu(IV), U(VI) [27,29,85,88,89,92,93,106,107,163,164,189]
TOPO=Cyanex-923=poly

phosphine poly oxide

ELM, SLM Am(III), Pu(III), Th(IV), Np(V),

U(VI), Pu(IV)

[44,45,50,55,63,73,77,94–99]

CMP, CMPO SLM, PIM Am(III), lanthanides [104–111,133]
Amides, diamides SLM, HFSLM, ELM Am(III), Th(IV), Pu(IV), U(VI) [48,118–120,121]

TODGA SLM, PIM Am(III), lanthanides [132,133]
Crown ethers SLM, ELM Pu(IV), U(VI) [137–145]
Calixarenes BLM U(VI) [33,146–148]

TOA=TLA=alamine 336=other amines ELM, SLM Pu(IV), U(VI) [44,49,154–156]
Aliquat-336 SLM U(VI) [157–160]

Note: BLM—Bulk liquid membrane; ELM—Emulsion liquid membrane; SLM—Supported liquid membrane; and HFSLM—Hollow fiber supported liquid
membrane.
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However, ELMs are quite difficult to prepare and after transport, the oil droplets have to be separated and broken up to recover
the receiving phase. Compared to the ELM, the BLMs are easier to operate. The supported liquid membranes (SLM) are
categorized into two types of supports, namely, a flat-sheet supported liquid membrane (FSSLM) or a hollow fiber supported
liquid membrane (HFSLM). Here a polymeric filter with its pores filled with the organic phase acts as membrane. The three
different types of liquid membranes have already been schematically represented in Chapter 29. A schematic representation of a
hollow fiber setup is shown in Figure 31.2.

31.1.2 MECHANISM OF METAL ION TRANSPORT

Due to the favorable thermodynamic conditions created at the F=M interface some components are selectively extracted from
the F and transported into the membrane liquid. Simultaneously, at the M=R interface, conditions are such that the back
extraction is favored. Various factors that could affect the transport of a metal ion through the LM are (a) the (transport)
resistance encountered by the metal ion in the F and R phases, (b) the physicochemical properties of the carrier and diluent, and
(c) the nature of membrane support such as its pore size, porosity, tortuosity, hydrophilicity, surface tension, and surface area to
volume ratio encountered in the transport process.

In the absence of any external driving force, the simple transport can be expressed by Fick’s law of diffusion, where the flux
(J) is influenced by concentration gradient as follows:

J ¼ Dm{Cmf � Cmr}=dm (31:1)

where
Dm is the diffusion coefficient of the complex in the membrane
dm is membrane thickness
Cmf and Cmr are the concentration of metal ion at the membrane–feed interface and membrane–receiver interface,

respectively

However, such transport can be limited by concentration gradient and the transport is bound to cease after equalization of the
activities of the solute in the source and the receiver phases. In order to effect uphill transport (from nearly half to quantitative
transport to the receiver phase), a specific complexing agent for the solute is required. In that case, a finite concentration
gradient can always be maintained between the source and the receiver phases, which can effect the uphill transport.

Under efficient stripping condition (Cmf � Cmr) and neglecting the aqueous diffusion layer (Cmf ~ Cf), Equation 31.1 gets
simplified to

P ¼ J=Cf (31:2)

F

P

P

P

S

HFM

HFM

O

FIGURE 31.2 Pictorial depiction of a double module hollow fiber liquid membrane set up. HFM—Hollow fiber module; F—Feed; O—
Organic extractant; S—Strip or receiver phase; and P—Pump. (Reproduced from Mohapatra, P.K. and Manchanda, V.K., Indian J. Chem.,
42A, 2925, 2003. With permission.)
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where
Cf is the bulk concentration of metal ion in the feed
P is the permeability coefficient [8]

The permiability coefficient, P, can be obtained using the following equation:

ln (Cf,t=Cf,o) ¼ �(Q=V)Pt (31:3)

where
Cf,t and Cf,o are the concentration of metal ion in aqueous feed at time t and initial metal ion concentration (at t¼ 0),
respectively

Q is A« where A is the geometrical surface area and « is the porosity
V is the aqueous feed volume (mL)

Equation 31.3 is however valid only when carrier is not saturated by the metal ion.

31.1.2.1 Classification of Liquid Membrane Transports

In carrier-mediated transport studies, two terms are used, namely, facilitated transport and coupled transport. Facilitated
transport is generally referred to as the case where the transport mechanism is independent of any other ion, while in case of
coupled transport the transport rate of a particular ion is dependent on the concentration of another ion. The mechanism of
facilitated transport is shown in Figure 31.3a, while those of the two different types of coupled transport (cotransport and
counter-transport) are schematically explained in Figure 31.3b and 31.3c. In case of cotransport, the metal ion is transferred
along with a counter-anion, while simultaneous transport of another ion from receiver phase to source phase occurs in case of
counter-transport.

In all the cases described earlier, the LM is interspersed between two aqueous solutions. The distribution ratio (DM)
between the organic phase absorbed in the membrane pores and aqueous feed solution (source phase) of metal species
permeating the LM is high enough to favor metal extraction into the membrane phase. The distribution ratio of metal ion
between the membrane phase and aqueous strip solution (receiving phase) at this stage is made as low as possible to favor
complete back extraction of the metal species from the liquid membrane. If the metal carrier is an acidic extractant, HL, the
difference in DM between the feed and strip sides of the SLM is generally achieved by a pH gradient. In this case, we deal with a
counter-transport phenomenon (Figure 31.3c) and the chemical reaction, which is responsible for the coupled transport that can
be schematized as

Mþ
(a) þ HL(o) (membrane) Ð ML(o) (membrane)þ Hþ

(a) (31:4)

If the metal carrier is a neutral extractant L, the difference in the DM between feed and strip is generally obtained by a
concentration gradient of the counterion, X�, which is accompanying the metal cation into the membrane (Figure 31.3b) and
the chemical reaction, which is responsible for the cotransport, can be schematized as

Mþ
(a) þ X�

(a) þ L(o) (membrane) Ð MXL(o) (membrane) (31:5)

Finally, if the metal carrier is a basic extractant (i.e., a long-chain amine), L, the difference in DM between feed and strip is
generally obtained by a concentration gradient of the counterion, X� as well as Hþ which is accompanying the metal cation into
the membrane and the chemical reaction that is responsible for the coupled transport can be schematized as

Mnþ
(a) þmX�

(a) þ (m� n)Hþ þ (m� n)L(o) Ð (MX(m�n)�
m ) ((m� n)LHþ)(o) (31:6)

The aqueous phase pH and counterion concentration gradients are often used as driving forces. However, any other expedient
that assures a large chemical potential gradient between the two opposite sides of the membrane can be used as long as coupled
transport of metal ions and some other chemical species occur through the SLM.

From this schematic description of coupled transport, it follows that metal species can be transported across the membrane
against their concentration gradient. This type of uphill transport will continue until all the metal species, which can permeate
the SLM, have been transferred from the feed to the strip side, provided the driving force of the process is maintained. This
situation often occurs in practice when very dilute solutions of metal species are involved or when the concentration of the
chemicals responsible for the driving force is continuously adjusted to keep it constant. It follows that in an SLM permeation
process very high concentration factors can be obtained by using a volume of the strip solution that is much lower than that of
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the feed solutions. Moreover, by using a carrier molecule, HL or L, which is very selective for a given metal species, very clean
separation processes can be performed. Since, during permeation, the carrier acts as a shuttle moving metal species from the
feed to the strip solution and then diffusing back (being continuously regenerated during the process), very small amounts of
carrier are used in SLM separation. Other potential advantages of SLM separations over separations performed by traditional
solvent extraction technique are the lack of solvent entrainment phenomena, the simplicity of the equipment involved, and the
low-energy consumption of the process [21]. Moreover, in comparison to the separation processes performed with solid
membranes, SLMs offer the additional advantage of higher fluxes since diffusion in liquids is much faster than that in solids.

The various steps that characterize the transport of metal species through SLMs can be described with the help of Figure
31.4. Step 1: The metal species, after diffusing to the source–membrane interface, react with the metal carrier, Hþ ions
are simultaneously released into the feed solution (counter-transport, acidic carrier) or X� ions accompany the metal ions into
the membrane (cotransport, neutral, or basic carriers), Step 2: The metal–carrier complex diffuses across the membrane because
its concentration gradient is negative, Step 3: At the membrane–receiver interface the metal–carrier complex releases metal ions
into the aqueous phase, Hþ ions replace Mþ ions into the membrane (counter-transport) or X� ions are simultaneously released
together with Mþ ions into the strip solution (cotransport), Step 4: The uncomplexed carrier diffuses back across the membrane.

L

L

LL

L L

MXL X

M

X

M

Cotransport
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FIGURE 31.3 Pictorial depiction of metal ion transport in the presence of an organic carrier.
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31.2 TRANSPORT OF ACTINIDES BY LIQUID MEMBRANES

31.2.1 SEPARATION OF ACTINIDES BY BULK LIQUID MEMBRANES

Bulk liquid membrane is a stirred organic phase of lower density than the aqueous phase positioned under it, or vice versa. The
two aqueous phases, namely, the feed and the receiver, are separated by an immiscible organic carrier phase. As the driving
force in the transport is through the bulk organic phase, it often provides the resistance to the transport of the metal ion of
interest. If not stirred properly, the transport rates can be much lower than expected. As the transport rates are diffusion
controlled, the membrane thickness or the distance between the feed and receiver phase as well as stirring speed governs the
transport behavior of the solutes. Though the Shulman bridge BLM cell is used more often in literature, cells of other designs
are also being used. The type of BLM cell is decided by the diluent density. Different types of BLM cell configurations have
been used in literature [22–25].

One of the important factors influencing BLM studies is the amount of the organic phase that often decides the transport
rates. Effective stirring as well as minimization of the membrane thickness could result in good transport rate. Bhattacharyya
et al. have studied the transport of Am3þ through a toluene solution of Cyanex-301 (bis(2,4,4-trimethylpentyl)di-thio
phosphinic acid) as a function of the stirring speed and observed an increase in mass transfer with an increase in the stirring
speed [26]. Although >95% Am transport occurred in 5 h, the transport of Eu3þ was <5% under identical conditions
suggesting that their effective separation is feasible on suitable adjustment of feed and strip parameters.

Tri-n-butyl phosphate and di-2-ethylhexyl phosphoric acid (HDEHP) have been mainly used as extractants in several
hydrometallurgical operations in the nuclear fuel cycle. Shukla and Mishra [27] have studied the extraction as well as transport
behavior of uranium through BLM using 40% TBP in dodecane. The transport of UO2þ

2 by TBP at the feed–membrane
interphase is represented by the following extraction equilibrium:

UO2þ
2 aq þ 2NO�

3 aq þ 2TBPorg Ð UO2(NO3)2 � 2TBPorg (31:7)

Based on Equation 31.1, pertraction rates of uranium were expected to increase with increasing HNO3 concentration. A
maximum flux (J) at 2MHNO3 indicated the formation of TBP �HNO3 complexes at higher nitric acid concentration. Formation
of such species is well known in the solvent extraction studies reported earlier [28]. Similarly, the increase in transport rates with
increasing TBP concentration was valid up to only 30% TBP beyond which the strong viscosity effects decreased the flux.

Shukla and Mishra have also carried out BLM studies on the transport rates of Pu(IV) from nitric acid medium using 30%
TBP in dodecane as the carrier and 0.5 M ascorbic acid as the strippant [29]. The flux is given by the following empirical
equation:

JPu ¼ A(T=h)[NO�
3 ]

4
(a)[TBP]

2
(o) � CPu,feed (31:8)

where
A is the membrane surface area (cm2)
T is the temperature (K)
h is the viscosity (cP)
CPu,feed is the concentration of Pu in the feed (Mdm�3)
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FIGURE 31.4 Mechanism of metal ion transport in the case of an FSSLM. Metal ion concentration is indicated by the thick lines.
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The species extracted into the BLM phase is Pu(NO3)4 � 2TBP(o) which is similar to that reported in the solvent extraction
studies [30]. With increase in carrier concentration in the organic membrane, the increase in the amount of plutonium that could
be extracted into the membrane is countered by the increase in the viscosity of the carrier solution. These opposing effects
resulted in maximum plutonium permeation with about 30% TBP in dodecane [29]. More than 85% transport was observed in
about 5 h when 5 mg=L solution of Pu in 2 M HNO3 was used as the feed. Selective transport of Pu(IV) over fission product
contaminants, such as Ce-144, Ru-106, and Cs-137, was also observed.

Bulk liquid membrane comprising di-(2-ethylhexyl) phosphoric acid (HDEHP) in chloroform was successfully used as
a carrier for the selective and efficient transport of Th. It was observed that 99% of Th selectively permeated across the membrane
in<3 h, while the transport of other cations present along with thorium was<3% during the same time [31]. In a study involving
Eu(III), coupled transport through a BLM containing mono-2-ethylhexyl 2-ethylhexylphosphonate [HEH(EHP)] in kerosene
revealed that there was a counter-transport of protons [32]. Expectedly, increase in the transport rates was observed with increases
in the feed pH value and carrier concentration initially. According to the counter-transport mechanism, an increase in the acid
concentration in the receiver phase increased the transport rate. There was notable effect of temperature on the transport rates of
Eu(III) as indicated in Table 31.2. The activation energy values were calculated to be 14� 1.0 and 54� 3.4 kJ mol�1 for the
extraction and stripping at the feed–membrane and membrane–strip junctions, respectively [32].

Ramakumar et al. [33] investigated the transport behavior of uranium across the BLM made from several substituted
calixarenes (Figure 31.5) in chloroform and 0.1 M nitric acid as the receiver phase. The presence of TOPO and crown ether
(18 crown 6) enhanced the transport rate, which was ascribed to synergistic extraction effect.

31.2.2 EMULSION LIQUID MEMBRANES

Emulsion liquid membrane is a technique very similar to the solvent extraction process where the separation is achieved
by mixing the primary emulsion (strip=organic phase in the emulsion form) with the feed instead of the mixing of aqueous and
organic phases as in the solvent extraction processes. Therefore, unlike the solvent extraction processes, ELM studies involve
simultaneous extraction and stripping in a single step [34–36]. The emulsification is first done by rapid mixing of the strippant
solution and the organic extractant containing the surfactants. The prerequisite is that the primary emulsion must be stable
enough so that the mixing of the feed and strip phases is avoided. Precaution must be taken such that the volume reduction of
the feed and dilution (due to volume increase) of the strip phases are prevented. Two or more stages are required for a complete
separation of the metal ion as the ELM technique is a rate as well as equilibrium-controlled process. The main advantage in the
case of ELM is that the use of phase modifier (used in the case of solvent extraction to prevent third-phase formation) is not
required. Moreover, the presence of surfactant reduces the loss of the extractant to the aqueous phase significantly. The role of
the extractant is extremely important as it helps in getting the metal ion concentrated by active transport against its
concentration gradient across the liquid membrane.

Table 31.3 gives a few typical examples on recovery of actinides by ELM. Myriad literature reports exist on the use of
HDEHP for metal extraction involve ELMs. Comparative studies between column and batch liquid emulsion membrane
techniques based on HDEHP=HCl system were carried out to develop a system for the isolation of 234Th from natural uranium,
which showed that, kinetically, the equilibrium for thorium separation using batch technique is faster than the continuous column
system [37]. The effective separation of 234Th from natural uranium was found to be independent of time. El-Sherif studied

TABLE 31.2
Effect of Temperature on Kinetic Parameters for the Transport of Eu(III) through
a BLM Containing Mono(2-Ethylhexyl)2-Ethylhexyl Phosphonate in Kerosene
as the Organic Phase

Temperature (8C) k1�102 (h�1) k2a�102 (h�1)a k2m�102 (h�1)b Flux�102 (h�1)

20 28.7� 0.9 7.04� 0.2 6.90� 0.4 4.46
30 37.0� 0.9 16.8� 0.4 16.7� 0.6 8.72
35 39.2� 1.4 23.6� 1.0 23.5� 1.3 10.9

40 41.3� 1.2 32.7� 1.5 32.8� 1.9 13.5
50 49.7� 1.7 53.3� 2.6 53.1� 2.8 18.9

Source: Data taken from Ma, M., He, D.S., Wang, Q.Y., and Xie, Q.J., Talanta, 55, 1109, 2001. With
permission.

a Rate constant for Eu(III) transport into the strip phase.
b Rate constant for Eu(III) transport in the membrane phase.
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the separation of Th from U and extraction of Am by ELM using HDEHP in cyclohexane as the carrier, polyethylene glycol
di-oleate as surfactant, and HCl as a stripping solution [38]. A liquid membrane-based process is used for pilot scale extraction of
uranium from wet process phosphoric acid (WPPA) where uranium concentration is up to 100 ppm which in principle makes it
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FIGURE 31.5 Calixarenes used in the BLM experiments for U(IV) transport studies. I: (5,11,17,23-tetra-tert-butyl-25,26,27,28-tetra
hydroxy calix[4]arene); II: (5,11,17,23,29,35-hexa-tert-butyl-37,38,39,40,41,42-hexa hydroxy calix[6]arene); III: (5,11,17,23,29,35,41,47-
octa-tert-butyl-49,50,51,52,53,54,55,56-octa hydroxy calix[8]arene); and IV: (5,11,17,23,29,35-hexa-tert-butyl-37,39,41-tri methoxy calix
[6]arene -38,40,42-triol). (Reproduced from Ramakumar, J., Nayak, S.K., and Maiti, B., J. Membr. Sci., 196, 203, 2002.)

TABLE 31.3
Comparative Performances of Some ELM Systems Used in Actinide
Ion Extraction Studies

Metal Ion Organic Phase Outer Phase Inner Phase Comments References

U(VI) 5% Kelex 100 & SPAN 80 in
cyclohexane

Na2SO4 0.01 M H2SO4 <50% extraction in 25 min [44]

U(VI) LIX 63 & SPAN 80 in kerosene Dilute acid H2SO4 DF of >1000 is achievable [47]
U(VI) TOPO & SPAN 80 in cyclohexane Na2SO4 Na2CO3 H2SO4

Na-citrate

Breaking of emulsion in case of

carbonate as the inner phase due
to CO2 liberation

[45]

U(VI) HDEHP & SPAN 80 in cyclohexane Na2SO4 0.01 M H2SO4 >99% extraction in 20 min [43]

U(VI) TOA & SPAN 80 in kerosene Dilute H2SO4 Na2CO3 >99% extraction in 40 min [49]
Th(VI) HDEHP & ethylene glycol dioleate

in cyclohexane
0.05 M HCl 1.5 M HCl >99% permeation in 50 min [37,38]

Eu(III), Pu(IV) PC-88A in n-dodecane HClO4=HNO3 0.05 M HNO3þ
0.3 M H2C2O4

>90% recovery of Pu was achieved
from HClO4 medium

[52–54]

Am(III), Eu(III) HDEHP DTPAþ lactic acid HCl Separation of Ln from An is possible [40]
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ideal for treatment with a membrane process [39]. The membrane system studied was based on extraction using HDEHP–TOPO
reagents that were contained within the organic phase of water in oil emulsion. El-Reefy et al. have also used HDEHP-based ELM
containing aqueous HCl to study the permeation of Eu(III) and Am(III) from aqueous solutions containing lactic acid and
diethylenetriamine-N,N,N0,N00,N00-pentaacetic acid (DTPA) with a view to separate them [40]. The kinetics of Am permeation was
fast under these conditions, <55% permeated within 2 min; while the kinetics of Eu permeation was relatively slower
(equilibrium occurred after 8 min). This difference in permeation rates can be used to separate Am(III) from Eu(III).

Uranium extraction by liquid surfactant membranes containing HDEHP as a mobile carrier has been studied by Akiba et al.
in connection with the stability of water-in-oil (W=O) emulsion [41]. The apparent rate constant (kobs) increased with increase in
carrier concentration and with external pH value, while it varied slightly with internal acid concentrations. The emulsion
globules were demulsified by a high-voltage electrostatic method to recover the extracted uranium. The extracted uranium was
efficiently recovered leaving little remnants in the liquid membrane phase. The extraction of uranium as uranyl nitrate complex
in the nitrate acid solution was also carried out by Suripto et al. [42] using an emulsion that consisted of kerosene as the solvent,
sorbitan mono oleate (SPAN 80) as the surfactant, HDEHP as the carrier agent, and phosphoric acids as the internal phase,
while 2 M nitric acid was used as the external phase. Within 5 min an extraction efficiency of >94% was obtained though the
amount of extracted uranium by the ELM was limited. In a mechanistic study by Zhou et al., the kinetics of extraction of
uranium (VI) from sulfuric acid solutions with HDEHP in cyclohexane and liquid surfactant membranes containing HDEHP as
a mobile carrier was investigated using Lewis cell technique [43].

Macasek et al. [44] carried out extensive studies on the extraction of U(VI), Ce(III), Tc(VII), Co(III), Sr(II), and Cs(I) using
ELM made by various extractants such as TOPO, HDEHP, TOA, dicarbolides, di-picryl amine, etc. in SPAN 80 as the
surfactant. When TOPO was used as the extractant, significant extraction of acid was observed. Use of Na2CO3 as the strippant
led to the breaking of the emulsion due to the release of carbon dioxide. On the other hand, the emulsions of diluted sulfuric
acid in D2EHPA=cyclohexane solution were very good extractants of uranium as >99% recovery was achieved within 20 min
using an emulsion comprising <0.1 M D2EHPA, <1 M SPAN 80, and 1–2 M H2SO4. When Kelex 100 (8-hydroxy quinoline)
was used as the extractant, the recovery percentage decreased to <50% in about 25 min of agitation. On the other hand,
Kulkarni et al. [45] used an ELM comprising TOPO, SPAN 80, and paraffin for the recovery of U from dilute nitric acid
medium using 0.05 M Na2CO3 as the internal phase. Optimization of the mixing time (10 min) was done to achieve maximum
pertraction, minimum swelling, and minimum breaking of the emulsion.

The transfer kinetics of uranium (VI) through an ELM with di-1(1-methylheptyl) phosphoric acid (DMHPA) as a mobile
carrier was investigated by Han et al. [46]. The experimental results showed that more than 96% of the initial U(VI) is
recovered. Extraction of uranium (VI) by a liquid surfactant membrane containing 5,8-diethyl-7-hydroxy-6-dodecanone oxime
(LIX 63) was investigated by Akiba et al. [47] and the apparent rate constants were calculated. The feed comprised of tracers
(10�5 M) of U in pH 3–4.5, while the strippant used for the water-in-oil emulsion was sulfuric acid (pH 1.5). The apparent rate
constants of extraction increased with an increase in carrier concentrations and external pH values, while they were slightly
dependent on the stripping phase acidity. Increase in surfactant concentration led to decreased extraction of U and an optimum
value was obtained using 2% of SPAN 80. It was important to note that the stripping rate was not the rate-determining step in
the mass transfer process.

Han et al. [48] studied the transfer behavior of uranium (VI) through an ELM using N,N-di-n-butyloctanamide (DBOA) as
a mobile carrier and suggested that the liquid membrane process can effectively and rapidly concentrate uranium (VI) from
nitric acid medium. Hirato et al. [49] have used tri-n-octyl amine (TOA) and SPAN 80 in kerosene as the organic phase and the
emulsion was made using 1 M Na2CO3 solution as the internal phase. The feed comprised of uranium in sulfuric acid medium.
More than 99% extraction was achieved using 0.05 M TOA at 3% surfactant concentration. The higher efficiency of the ELM
system as compared to the solvent extraction system is clear from the data presented in Table 31.4. Out of the various internal

TABLE 31.4
Comparison of ELM Extraction and the Conventional SX
for U(VI) Extraction Using TOA

[TOA], M [U(VI)], g=L [H2SO4], g=L %E (SX) %E (ELM)

0.05 1.15 33 22 92
0.02 1.15 33 9 90
0.02 0.58 33 16 95

0.02 0.29 33 28 96

Source: Data taken from Hirato, T., Kishigami, I., Awakura, Y., and Majima, H.,
Hydrometallurgy, 26, 19, 1991. With permission.
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solution used in their study, Na2CO3 was found to be the most effective. By a two-stage extraction, the U concentration in the
outer phase (at a phase ratio of carrier:internal phase:external phase¼ 1:1:10) could be brought down by a factor of 1000.

Hayworth et al. [50] have investigated the extraction of uranium from WPPA by liquid membranes of the emulsion type
containing HDEHP=TOPO as the extractant. They reported that the ELM is economically superior to a system based on solvent
extraction. The schematics of U recovery by the solvent extraction and the ELM method are shown in Figures 31.6 and 31.7,
respectively. In the ELM process (Figure 31.7), the pretreated feed (or external phase) was contacted with a lean emulsion in a
mixer-settler train. The comparison of the current solvent extraction process and proposed ELM process for the recovery of U from
wet process phosphoric acid (WPPA) is shown in Figure 31.8. The proposed ELM process is suggested to bemore efficient than the
solvent extraction process. Bock et al. [51] have also investigated the liquid membrane separation of U from WPPA.

The coupled transport of europium(III) ion and hydrogen ion, via ELM containing PC-88A ((2-ethylhexyl) phosphonic acid
mono-2-ethylhexyl ester) as mobile carrier and SPAN 80 as surfactant in diluent n-dodecane, was studied by Lee et al. [52].
The extraction behavior of U(VI) by PC-88A was investigated by Nakamura et al. [53] where the extracted species was found
to be UO2(HA2)2 (where HA¼ PC-88A). Uranium was transported from the feed solution to a receiving solution of dilute
sulfuric acid and was facilitated by a large concentration gradient of hydrogen ions across two sides of the LM. The addition of
1-decanol to the membrane solution improved the U stripping and contributed further to stabilize the PC-88A membranes
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without any leaching into the aqueous phase. ELM recovery of Pu from aqueous nitrate solutions using PC-88A (existing as a
dimer) in n-dodecane and SPAN 80 as carrier and surfactant, respectively, suggested about 90% recovery=removal of Pu from
the waste in perchloric acid medium with the concentration factor of the order of 16 in 20 min of contact time [54]. Larger
concentration of Pu (about 20 mg=L in the outer phase) could be extracted from perchloric acid medium using PC-88A
in dodecane emulsion in SPAN 80 in about 60 min. Studies from nitric acid medium have shown that a feed comprising
4 M HNO3 can be effectively used for Pu separation.

El-Reefy et al. observed that U(VI), Th(IV), Zr(IV), and Fe(III) were extracted to different extent from 0.1 to 3 M HNO3

solution by 0.1 M TOPO in cyclohexane solution using ELM [55]. Among these elements, only U(VI) and Th(IV) were found
to be stripped from their organic phase by 0.1 M sodium citrate solution. On the other hand, cerium, copper, and cadmium were
not extracted by TOPO under similar conditions. Forward permeation rate of uranyl ion was found to be mainly dependent on
TOPO concentration and the concentration of U(VI) and HNO3 in the external phase was of little consequence.

31.2.3 SUPPORTED LIQUID MEMBRANES

Supported liquid membranes comprised the bulk of the published literature on the transport studies of metal ions across thin
polymeric films [16,56–59]. Several literature reports on actinide transport across supported liquid membranes using various
types of extractants viz., acidic extractants, neutral extractants and amine extractants are discussed below.

31.2.3.1 Acidic Extractants as Carriers

Acidic extractants are commonly used as carriers for the pertraction of actinide ions across SLMs. Main feature of the acidic
extractants is the inverse dependence of transport rates with the feed acidity. The various types of acidic extractants used as
carriers for the separation of actinides are summarized in Table 31.5.
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Akiba et al. investigated the carrier-mediated transport of uranium (VI) by a liquid membrane of 7-dodecenyl-8-quinolinol
(Kelex 100) [60]. The apparent rate constant of uranium transport was not affected significantly with the increase in the carrier
concentration and the pH of the feed solution. They had also reported that uranium can be effectively recovered from seawater
through the liquid membranes without any preliminary treatment. Compounds analogous to Kelex 100, with long-chain
aliphatic linkages, have been used for this study [61].

Seguira et al. had used 2-thenoyl trifluoroacetone (HTTA) as the carrier for the transport of lanthanide ions [62]. The
transport of Am(III) was investigated by Mohapatra et al. employing FSSLM technique using a synergistic mixture of
3-phenyl-4-benzoyl-5-isoxazolone (HPBI) and TOPO in n-dodecane as the carrier and 1 M oxalic acid as the strippant [63].
Apart from enhancing the flux due to synergistic extraction, TOPO also helped in the ligand solubility in the membrane phase.
It was possible to achieve >90% transport of Am(III) in about 4 h with the feed acidity as 1 M HNO3 and the carrier
concentration as 0.1 M HPBIþ 0.2 M TOPO. The major disadvantage was, however, the deterioration of the membrane with
increasing acidity due to the formation of TOPO �HNO3 adducts. This led to the blocking of the membrane pores, thereby
decreasing the flux drastically.

Nakamura et al. investigated the permeation of lanthanide ions using an SLM impregnated with Versatic 10 (VA 10) alone
in kerosene [64,65]. Separation factors obtained from the transport rates for lighter lanthanoids were larger than those for
heavier lanthanoids. The separation factors for heavier lanthanoids were enhanced by the addition of citrate to the feed solution
[65]. Several complexing agents have been used in the receiving phase by Chitra et al. [66] during their SLM studies on Eu with
PC-88A and VA 10 as immobilized carriers. Under similar experimental conditions, the effect of complexing agents on
permeation of europium was found as citric acid> succinic acid>malonic acid. Permeating coefficient of europium was found
to be greater with PC-88A in comparison with that of VA 10.

A large number of reports are available in the literature on the pertraction of actinides and lanthanides using dialkyl
phosphoric acid as the carrier. Kinetics of the coupled transport of U(VI) across SLM containing bis(2-ethylhexyl)phosphoric
acid (HDEHP) in kerosene as a mobile carrier was investigated by Huang and Huang [67]. The transport rates of U(VI) from
feed containing 1.5� 10�4 to 1.8� 10�3 M uranyl ion and 5 M phosphoric acid as the receiver phase were measured and were
found to be controlled by chemical reaction and aqueous film diffusion, both of which occur at the feed–membrane interphase.
The transport rate measured was found to be proportional to the concentration of U(VI) in the source phase and increased with
the concentration of the HDEHP in the membrane liquid. Mikheeva et al. had investigated the membrane transport of Am under
conditions of different redox potentials in aqueous phase using HDEHP as the carrier [68]. The various steps leading to the
transport were explained on the basis of physicochemical model of the process including steps of americium oxidation in feed
solution, extraction by membrane, partial reduction on membrane surface, transmembrane diffusion, and reextraction to strip
solution. In another study, the coupled transport of Eu(III) ions through an SLM consisting of a porous polypropylene film
immobilizing HDEHP solution in n-dodecane was studied [69]. While modeling the data, it was observed that the deviations
from a pseudo-first-order rate law, often observed when measuring the coupled transport of metal species at low concentrations
through SLMs, are due to a reasonable value of the distribution ratio at the membrane–strip interphase [70]. The study on
tervalent elements in nitrate medium through a flat-sheet membrane comprising HDEHP in dodecane indicated that the
transport rates of Ce and Gd decreased with increasing feed acidity. The transport of all the metals increased to some extent
with increasing concentration of HDEHP in the feed. Conditions were established for separating the pairs Ce–Tm, Ce–Yb, and
Ce–Sc [71].

Separation studies can be performed by a series of composite membranes (using two SLMs in parallel) containing either of
the acidic carriers such as HDNNS or HDEHP with a neutral carrier such as a bifunctional neutral organophosphorous

TABLE 31.5
Comparative Performances of Some Acidic Extractants Used as Carriers in SLM Studies

Metal Ion Carrier Feed Strip Comments References

U(VI) Kelex 100 pH in the near
neutral range

0.1 M HNO3 Recovery from seawater was possible without
pretreatment

[60,61]

U(VI) Cyanex-272 HNO3 HEDPA Decontamination of Hanford site ground water
containing U (>8000 ppb)

[79,80]

U(VI) HDEHP pH solutions 5 M H3PO4 Transport rates controlled by aqueous diffusion layer
in Feed side

[67]

U(VI) LIX 63 pH solution 0.1 M H2SO4 >99% U recovery was possible with DF exceeding 103 [84]

U(VI) HDEHPþTOPO 5–6 M H3PO4 Fe(II)=H3PO4 Too low flux for any practical application [75–77]
Am(III) HPBIþTOPO <1 M HNO3 1 M oxalic acid >90% Transport was possible in <4 h [63]
Am(III) Cyanex-301 pH solution 0.1 M HNO3=0.1 M

EDTA (pH 3.4)

Separation of Am(III) from Eu(III) was possible [82,83]
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extractant such as CMPO in decalin [72]. The transport behaviors of Am3þ and Eu3þ were investigated from feeds containing
0.01 M HClþ 1.0 M NaCl (for HDEHP and CMPO composite membranes) and 0.2 M HNO3þ 3.0 M NaNO3 (for CMPO and
HDNNS composite membranes) where the strip solutions were 0.2 M HNO3þ 3.0 M NaNO3 and 0.01 M HClþ 1.0 M NaCl,
respectively, which on the other hand acted as the feed solution for the second membrane (Figure 31.9). This setup was used to
prevent the counter transport of acid from the receiver to the feed side.

Recovery of uranium from WPPA is usually carried out by two extractants: (a) a mixture of HDEHP and TOPO (tri-n-octyl
phosphine oxide) and (b) octyl-phenyl acid phosphate (OPAP). The first system preferentially extracts U(VI) [73] while the
second extracts U(IV) [74]. The application of liquid membrane technology for the recovery of U from WPPA has been
discussed in many reports where quantitative recovery is reported [75,76]. Sifniades et al. [77] have attempted to understand the
transport behavior of U(VI) from 5 to 6 M phosphoric acid solution through an SLM containing HDEHP and TOPO in
kerosene as the organic carrier into a receiver phase containing Fe(II) in H3PO4. They developed a model based on the uranium
transport through the membranes and through quiescent layers of phosphoric acid and HDEHP=TOPO in kerosene. The average
uranium flux from simulated solutions of WPPA at 90% uranium transport was estimated to be 1.3� 10�11 M cm�2 s�1, which
was judged to be too low for SLMs to be competitive with liquid–liquid extraction processes for the recovery of U fromWPPA.
The SLM method required >10 days for quantitative transport of uranium from 5 to 6 M phosphoric acid solution taken in the
feed compartment.

Nakamura and Akiba [78] have investigated the carrier-mediated transport of europium using an FSSLM impregnated
with di-iso-decyl phosphoric acid (DIDPA) in kerosene as the carrier. Effective pertraction was observed from a feed
containing 0.1 M HNO3 and a strip phase comprising 5 M HNO3. Interestingly, the efficiency of stripping increased
significantly in the presence of 10% 1-octanol added to the carrier phase. The europium flux was found to be proportional to
the initial europium concentration at lower concentrations and remained unaffected beyond 10�3 M.

Dialkyl phosphinic acids have been used as extractants of lanthanides and actinides. Di(2,4,4-trimethylpentyl)phosphinic
acid (DTMPPA or Cyanex-272) has been used for the removal of uranium from contaminated ground water [79] after
acidifying the ground water to pH 2. The strip solution contained 1-hydroxyethane-1,1-diphosphonic acid (HEDPA). This
separation method was successfully employed for the decontamination of Hanford site ground water containing U concentra-
tion >8000 ppb which was brought down to <10 ppb (Table 31.6). This was later scaled up by the HFSLM method to achieve
much higher DF values [80]. The transport of Eu(III) at pH 3 across a DTMPPA liquid membrane supported on porous
polytetrafluoroethylene to a strip solution (0.1 M nitric acid) was investigated [81]. It was observed that the thio derivative of
the ligand has a limited preference of Eu(III).

Separation of lanthanides and actinides is a challenging area of research in separation science. Impetus in this area of
research has been provided by the need to develop safer and economically viable methodologies of HLW management. The
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FIGURE 31.9 Schematic of a composite SLM cell comprising two parallel SLMs for the prevention of counter-transport of acid.

TABLE 31.6
Removal of U(VI), Ca(II), and Fe(III) from Hanford Site Ground Water Containing
Known Added Amount of U (Synthetic Samples)

Time (min) Uranium Removal (%) Calcium Removal (%) Iron Removal (%)

19 50.0 0.004 1.7
63 90.0 0.014 5.5
126 99.0 0.029 10.7

188 99.9 0.043 15.7

Source: Data taken from Chiarizia, R., Horwitz, E.P., Rickert, P.G., and Hodgson, K.M., Sep. Sci. Tech., 25,
1571, 1990. With permission.

Notes: Carrier: 0.1 M Cyanex-272; Strip: 0.1 M HEDPA; Feed linear velocity: 8 cm=s; feed volume: 13 mL.
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TRUEX as well as the DIAMEX processes developed during the last decade for actinide partitioning do not distinguish among
trivalent lanthanides and trivalent actinides. Either of the two strategies being evolved for the HLW management, namely,
vitrification followed by disposal in deep repositories or transmutation of long-lived actinide isotopes to short-lived fission
products using high-energy high-flux reactors or accelerator-driven sub-critical systems, require the separation of Ln(III) from
An(III). This is necessitated in view of the larger mass of lanthanides (30 times) over that of the minor actinides and high-
neutron absorption cross section of some isotopes of lanthanides that may act as neutron poisons thereby rendering the
transmutation process inefficient. It is desirable therefore to develop suitable complexing=separating agents, which can
recognize trivalent lanthanides from trivalent actinides.

Although literature reports on liquid membrane separation of An(III) and Ln(III) are relatively scarce, some of them are
discussed here. Bhattacharyya et al. carried out SLM studies using PP membranes containing 0.1 M bis(2,4,4-trimethylpentyl)
dithiophosphinic acid (Cyanex-301) in n-dodecane as the carrier, pH 3.4 solution (sulfanilic acid buffer) as the feed, and 0.1 M
EDTA as the receiver [82]. Though the quantitative transport (>99% in 20 h) of Am3þ was observed, transport of Eu3þ was
negligible. Hoshi et al., on the other hand, observed the selective transport of Am3þ across an SLM by using Cyanex-301 as a
mobile carrier [83]. This extractant containing soft donor atoms exhibits strong affinity for actinoids, giving a large separation
factor between trivalent Am and Eu. Americium was preferentially transported across the SLM and concentrated in product
solution, while most of the Eu remained in the feed solution.

Uranium transport rates were also measured by Akiba and Kanno [84] using an SLM containing LIX 63 (5,8-diethyl-7-
hydroxy-dodecan-6-one oxime) in kerosene as the carrier. Uranium transport was facilitated from a feed containing U(VI) at pH
4–5 to the receiver solution containing 0.1 M HNO3. The rate of transport was inversely proportional to the feed volume and
was independent of U(VI) concentration. More than 99% of U was recovered and the final concentration ratio in the product to
the feed exceeded 103.

31.2.3.2 Neutral Donors As Carrier

31.2.3.2.1 Alkyl Phosphates and Phosphine Oxides As Carriers
Tri-n-butyl phosphate is the work horse of the nuclear industry and is being used at various stages of nuclear fuel cycle. Apart
from alkyl phosphates, tri-alkyl phosphine oxides are also used in many plant scale operations as well as in laboratory scale
analytical separations. Minimizing their inventory in such separations through SLM methods though professed has not found
industrial scale applications. Some of the laboratory scale applications of alkyl phosphates and tri-alkyl phosphine oxides as
carriers in SLM will be discussed in this section (Table 31.7).

Similar to the transport behavior in BLM system (Section 31.2.1), several reports are available on the SLM-based transport
studies of uranyl ion from feed containing nitric acid using TBP as the carrier. The nature of the species diffusing through the
SLM phase is similar to the one given by Equation 31.1. Shukla and Mishra [27] have used 30% TBP in dodecane as the carrier
and 1 M (NH4)2CO3 as the receiver phase for their transport studies involving uranyl ion from a feed containing 2 M HNO3.
Uphill transport was observed when both the F and R contained about 35 mg=L of U. In about 7 h, the U concentration in the
receiver phase doubled suggesting the feasibility of the use of the SLM system for the preconcentration of the metal ion from
dilute solutions. Chaudry et al. [85] have also investigated the transport studies of uranium using TBP in kerosene as the carrier.
Permeation of the species of the type UO2(NO3)2 � 2TBP(o) was confirmed from the log Jh vs. log [TBP], and log Jh vs. log
[HNO3] plots. The effect of temperature was also studied and was found to have a retarding effect on the metal ion permeation.
It was observed that at higher concentration of nitric acid, TBP � nHNO3 complexes (where n¼ 1 or 2) were also transported

TABLE 31.7
Comparative Performances of Some Alkyl Phosphates and Phosphine Oxides Used as Carriers in SLM Studies

Metal Ion Carrier Feed Strip Comments References

U(VI) TBP 1–8 M HNO3 1.9 M ammonium

carbonate

Quantitative transport (>99%) of

uranyl ion is possible as acid
transport is found to be insignificant

[27,85]

U(VI) TBPþD2EHP HNO3 Ion selective electrode [88,89]

U(VI) T2EHP 4 M HNO3 0.5 M Na2CO3 >90% transport in a single run [93]
U(VI) TOPO HNO3 Carbonate solution Anionic complexes are stripped [94]
Pu(IV) TBP 2 M HNO3 0.5 M ascorbic acid Reduction to Pu(III) helped in

quantitative transport

[29]

Pu(IV) TAP in dodecane 4 M HNO3 0.5 M Na2CO3 >90% transport in a single run [92]
Pu(IV) Cyanex-923 in dodecane Oxalic acidþHNO3 >95% Pu recovery [96,97]

Pu(III) Bis-(diphenylphosphoryl)-methane 1 M HCl 0.1 M HCl Ion selective electrode [98]
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along with the UO2(NO3)2 � 2TBP(o) complex [86]. They have calculated the diffusion coefficient (D) for the TBP � nHNO3

complexes from the Stokes–Einstein equation:

D ¼ kT=6pRh (31:9)

where
k is the Boltzman constant
h is the viscosity of the carrier solution

The diffusion coefficients are listed in Table 31.8. Transport of the TBP �HNO3 complex was also reported in another study on
a similar system [87]. However, based on the calculations made using the Stokes–Einstein equation, species of the type
2TBP �HNO3 is the more probable species diffusing through the organic layer. The difference between the experimentally
observed and predicted values is attributed to the intermolecular interaction and tortuosity factors.

Based on the selective transport properties of TBP and its mixture with di-2-ethylhexyl phosphonate in benzene an uranyl
ion selective membrane electrode was developed by Serebrennikova et al. [88]. This membrane electrode possesses higher
selectivity as compared to the membrane electrode containing only di-2-ethylhexyl phosphonate in benzene [89]. Transport of
Pu4þ from a feed containing 2 M HNO3 to a receiver phase containing 0.5 M ascorbic acid was investigated using Accurel 2E
HF-PP flatsheet membrane containing 30% TBP in dodecane as the carrier [29]. Out of various strippants, namely, oxalic acid,
ascorbic acid, hydroxyl amine hydrochloride, and sulfamic acid, ascorbic acid was found to be the most promising.

Changing the alkyl groups in TBP had shown interesting selectivities during solvent extraction studies [90,91]. Selective
permeation of plutonium from aqueous nitrate medium was investigated using an SLM impregnated with tri-iso-amyl
phosphate (TAP). More than 90% pertraction of plutonium could be easily accomplished in single run employing a feed
solution consisting of about 1 mg=L Pu and 4 M HNO3, at a carrier concentration of 0.8 M TAP=n-dodecane while the receiving
phase was 0.5 M sodium carbonate or 0.5 M ascorbic acid [92]. Transport of U(VI) from aqueous nitrate solutions across an
SLM, impregnated with tris(2-ethylhexyl) phosphate (TEHP), was investigated by Dharmapurikar et al. [93]. The permeability
of U(VI) was evaluated as a function of HNO3 molarity in the feed phase (F), carrier concentration in the membrane phase, and
chemical composition of the receiving phase (R). More than 90% extraction of U can easily be accomplished in single run
employing about 0.2 g=L of U in 4 M HNO3 as the feed, carrier concentration of 0.6 M TEHP=n-dodecane while 0.5 M Na2CO3

was used as the receiver.
Carrier (TOPO)-mediated transport of uranium(VI) has been studied by Akiba and Hashimoto [94] who have observed that

uranium was extracted in the liquid membrane as UO2(NO3)2 � 2TOPO and stripped into the carbonate solutions as
UO2(CO3)

4�
3 . Using TOPO and HDEHP mixture, liquid membrane technique was applied for the recovery of uranium from

WPPA [95]. Carrier-facilitated Pu(IV) pertraction through an SLM was standardized for its decontamination from oxalate
wastes employing a commercially available Cyanex-923 (TOPO analog) in dodecane as the receptor [96,97]. More than 95% of
plutonium could be easily recovered from Pu oxalate wastes solution during Pu reconversion operations.

TABLE 31.8
Distribution and Diffusion Coefficients of Nitric Acid Complexes of TBP
as a Function of TBP Concentration

TBP, % [TBP], M
Distribution
Coefficient

Diffusion Coefficients�10�12 m2 s�1

TBP �HNO3

Speciesa
2TBP �HNO3

Speciesb
Experimental

Value

10 0.36 0.063 100.5 82.45 53.32
20 0.72 0.135 47.74 39.12 24.97

30 1.08 0.217 26.61 21.84 19.02
40 1.44 0.312 17.23 14.14 13.45
50 1.80 0.424 11.14 9.14 11.42

70 2.51 0.554 9.57 6.12 10.73
100 3.59 1.459 3.99 3.28 5.94

Source: Data reproduced from Chaudry, M.A. and Ahmad, I., J. Radioanal. Nucl. Chem., 148, 15, 1991.

With permission.
a Assuming TBP �HNO3 is the only species present in the membrane phase.
b Assuming 2TBP �HNO3 is the only species present in the membrane phase.
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Plutonium(III)-ion selective electrode consisting of phosphine oxides such as bis-(diphenylphosphoryl)-methane as an
ionophore was developed by Kitatsuji et al. [98]. The Pu(III)-ISE prepared exhibited Nernstian response to the concentration of
Pu3þ in the sample solution. Interference of UO2(VI), U(IV), NpO2(V), and Pu(IV) was investigated. Cristau et al. [99] have
carried out extraction as well as permeation studies of actinides such as neptunium, plutonium, and americium using
polyphosphine polyoxides with (O)PCP(O) linkage, which exhibit very high selectivity.

31.2.3.2.2 CMP and CMPO as Carriers
Current perception of radioactive waste management after operations involving the aqueous processing of the spent nuclear fuel
materials involves minor actinide partitioning using exotic reagents as a key step. The recovery of alpha-emitting radioactive
materials such as 237Np, 241Am, 243Am, and 245Cm from the HLW using novel bifunctional organophosphorous extractants
such as CMP and CMPO has drawn the attention of many research groups [100–103]. A large number of publications have
appeared using these reagents as carriers in the SLM studies. Many of the SLM studies have used lanthanides as surrogates
(Table 31.9).

The transport of europium was studied by Nakamura and Akiba [104] through an SLM impregnated with di-n-hexyl-N,N-
diethyl carbamoyl methyl phosphonate (CMP) from the perchlorate solution. The addition of 1-decanol improved the stripping
process, and quantitative transport of europium was achieved. By combining the two SLM systems (Figure 31.10), consisting
of di-iso-decylphosphoric acid and CMP, europium was transported from the feed solution (0.1 M HNO3) through the
intermediate solution (1 M HClO4þ 4 M NaClO4) to the product solution (0.1 M HNO3) and was effectively concentrated
by a factor of about 20 [105].

Supported liquid membranes, consisting of an organic solution of n-octyl(phenyl)-N,N-diisobutylcarbamoylmethylpho-
sphine oxide (CMPO) and tributyl-phosphate (TBP) in decalin, were capable of selective separation and concentration of
actinide and lanthanide ions from aqueous nitrate feed solutions and from synthetic nuclear wastes where the strip solution is a
mixture of formic acid (FA) and hydroxylammonium formate (HAF) [106,107]. TBP is added to CMPO to improve its
solubility in aliphatic diluents. Although low concentration of nitric acid was initially used as the strippant solution, a gradual

TABLE 31.9
Comparative Performances of Some Substituted CMP, CMPO, and Diamides Used as Carriers
in SLM Studies of Actinides and Lanthanides

Metal Ion Carrier Feed Strip Comments References

Eu(III) Dihexyl-N,N-diethylcarbamoylmethyl
phosphonate (CMP)

HNO3=HClO4 0.1 M HNO3 Concentration of Eu(III) is
possible from dilute solutions

[105]

Am(III) n-Octyl(phenyl)-N,N-
diisobutylcarbamoylmethyl

phosphine oxide (CMPO)þTBP

HNO3 Formic acid (FA) and
hydroxylammonium

formate (HAF)

Significant amount of acid
transport was noticed

[106]

Am(III) CMPOþTBP HNO3 HCOOH þ HAF Biological sample analysis done
using three-compartment cell

[108]

Am(III), Np(IV),
Pu(IV)

CMPO HNO3 Citric acid, FA,
and hydrazine hydrate

Am(III) was recovered from
actual HLW

[109]

Am(III) Dimethyl dibutyl tetradecy

malonamide

HNO3 DTPAþ hydrazineþ
HCOOH

Higher rates of transport were

observed compared to pH 2
solution as strippant

[122]

Am(III) TODGA HNO3 Water Good membrane stability

was observed

[132]

Feed
0.1 M
HNO3

100 mL

SLM (1)
0.2 M

(DIDPA)2
+ 10%

decanol

Intermediate
solution

1 M HClO4
4M NaClO4

20 mL

SLM (2)
0.1 M CMP
+ 10%
decanol in
kerosene

Product
0.1 M
HNO3
5 mL

FIGURE 31.10 Combination of two SLM systems consisting of DIDPA and CMP for the effective transport of Eu(III). (Reproduced from
Nakamura, S. and Akiba, K., Sep. Sci. Tech., 24, 1317, 1989. With permission.)
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decrease in the transport rates due to the nitric acid transport led to the use of FAþHAF mixture as the strippant. The
effectiveness of this strip solution was gradually reduced by the simultaneous transfer of HNO3 in the strip solution. A possible
way to overcome this drawback is to make use of a second SLM consisting of a primary amine that is able to extract only HNO3

from the strip solution. The use of second liquid membrane in the synthetic nuclear waste=CMPO-TBP membrane=HCOOH-
HAF strip solution=primary amine membrane=NaOH solution allowed the quantitative removal of actinide and lanthanide ions
from the feed solution. Chiarizia et al. [108] used CMPO loaded membranes for analysis of Am in biological samples after
leaching in nitric acid medium. Two membranes were used in the transport studies consisting of 0.25 M octyl(phenyl)-N,N-
diisobutylcarbamoylmethylphosphine oxide (CMPO)=0.75 M TBP and primary aliphatic amine (PAA) (as a second membrane)
for the selective extraction of actinides from nitric acid solutions. In another SLM study using CMPO as the carrier,
Ramanujam et al. had used a mixture of citric acid, formic acid, and hydrazine hydrate as the receiving phase for partitioning
of actinides from high-level waste of PUREX origin [109]. The studies indicated good transport of actinides such as neptunium,
americium, and plutonium across the membrane from nitric acid medium. A high concentration of uranium in the feed retards
the transport of americium, suggesting the need for early removal of uranium from the waste. The separation of actinides from
uranium-lean simulated samples as well as from actual high-level waste was found to be feasible using the above technique.

Danesi et al. studied the kinetics of transport of Am(III) from aqueous nitrate solutions to formic acid aqueous solutions
using an SLM, which consisted of a solution of a new (carbamoylmethyl)phosphine oxide in diethylbenzene (DEB) [110]. In an
attempt to treat simulated low-level radioactive wastewater, Teramoto et al. [111] have used an SLM containing CMPO for the
uphill transport of Ce(III) from aqueous solution containing a mixture of nitric acid and sodium nitrate. The simulated waste
contained Ce(III), Fe(III), Cr(III), and Ca(II), while the strip solution contained water or sodium citrate solution. Though TBP
has been used along with CMPO and n-dodecane as the carrier solution, it also facilitates the transport of HNO3 to the strip side.
The acid transport was significantly decreased when CMPO alone in 2-nitrophenyl octyl ether was used as the carrier solution.

31.2.3.2.3 Dialkyl Amides and Diamides As Carriers
With increasing concern for the environment protection, incinerable CHON or the green extractants are becoming more and
more popular among chemists involved in separation science and technology. Among these dialkyl amides, pentaalkyl
malonamides and tetraalkyl di-glycolamides are the most popular due to their innocuous hydrolytic and radiolytic degradation
products and favorable DF values for actinide ions [112–117]. The SLM-related work carried out using amides and diamides as
carriers is indicated in Table 31.9.

Di-n-hexyl octanamide (DHOA) was used by Patil et al. for effective transport of uranyl ion from 4 M nitric acid to a strip
solution containing either 1.0 M Na2CO3 or 0.01 M nitric acid [118]. Several newly synthesized monoamides such as
di-butyloctanamide (DBOA), methylbutyldecanamide (MBDA), methyl butyl octanamide (MBOA), di-butyl decanamide
(DBDA), di-n-octyl ethylhexyl amide (DOEHA), and di-hexyl octanamide (DHOA) were tested by Shukla et al. as carriers
across SLMs for selective transport of Pu(IV) [119]. Of them, MBDA and DBOA proved to be quite suitable as ionophores
from HNO3 media providing >95% and >82% transport of Pu(IV) when operated for 7 h. Shailesh et al. [120] have used a
sterically modified amide, di-2-ethylhexyl isobutyramide (D2EHIBA) in n-dodecane as the carrier for the selective transport of
trace U(VI) in the presence of large excess of Th(IV). The decontamination factor obtained in this method is attributed to lower
nitric acid transport rates as compared to TBP=n-dodecane system, which has much higher permeability coefficient as compared
to D2EHIBA=n-dodecane system. This work is particularly interesting as it offers an alternative membrane-based separation
method to the conventional TBP extraction-based separation methods.

Sriram et al. carried out SLM studies on the transport of Am3þ from nitric acid medium using dimethyl dibutyl tetradecy
malonamide (DMDBTDMA) in dodecane as the carrier into 0.01 M nitric acid [121]. Significant transport of acid into the strip
side resulted in relatively slower transport rate. It was observed that a mixture of 0.1 M DTPA, 0.4 M hydrazine, and 0.4 M
formic acid led to highest transport rate (>60% in 8 h) when used as the stripping solution [122].

The effect of organic diluents on the extraction and hence the transport rates of Am3þ were quantified by an empirical
correlation using several diluents, namely, n-dodecane, toluene, n-hexane, cyclohexane, 1,2-dichloroethane, nitrobenzene,
decalin, and diethyl benzene [123]. The extraction equilibria were not affected and the tri-solvate species were transported in all
the cases as per the following extraction equilibrium:

Am3þ þ 3NO�
3 þ 3A(o) Ð Am(NO3)3 � 3A(o) (31:10)

The extraction (and hence the transport) efficiency depends on several diluent factors such as Schmidt empirical diluent
parameter [124,125], the Swain’s acity and basity parameters along with the Dimroth and Reichardt polarity indices [126],
dielectric constant [127], refractive index [127] and viscosity [127], and the Hildebrand’s solubility parameter [128]. The
permeability coefficients (PAm) were computed from the Wlke-Chang, Scheibel, and Ratcliff [129,130] equations, which
compared reasonably well with the experimentally determined values as shown in Table 31.10. Elhassadi and Do [131] have,
on the other hand, taken into account only the viscosity and solubility effect of the diluent and the carrier immobilized in SLM.
They have reported that these two factors influenced the transport rates significantly.
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Though tetraalkyl di-glycolamides (TODGA) are far superior as extractant as compared to CMPO or diamides, to our
knowledge very little work on their use as carrier in SLM studies is reported so far. Ansari et al. [132] have studied the transport
of Am3þ from nitric acid medium into a receiving solution of distilled water using an SLM made from N,N,N0,N0-tetraoctyl-3-
oxapentane diamide (TODGA) in n-dodecane as the carrier inside microporous PTFE membranes. The transport of feed acid to
the receiver phase was increased with the feed acidity, which influenced the transport rate of the metal ion at higher acidity (>2M
HNO3). Maximum transport was observed with a carrier concentration of 0.1 M and a feed acidity of 2 M HNO3. The membrane
stability was remarkably good when tested for more than 20 days of continuous operation. The use of TODGA as a carrier in the
polymer inclusion membrane (PIM) is discussed in Section 31.3 [133].

31.2.3.2.4 Macrocyclic Carriers in Supported Liquid Membrane
Macrocyclic carriers such as crown ethers, cryptands, and calixarenes have been used as carriers for the transport studies
involving alkali and alkaline earth metal ions [134–136]. There are a few reports on the use of these ligands as the carriers for
the transport of lanthanide=actinides as well. Shukla et al. [137] studied the uranyl ion permeation fluxes, physical stability (loss
of carrier), and chemical stability of SLMs using crown ethers in various aromatic and aliphatic diluents. They have concluded
that the chlorinated hydrocarbons such as chloroform, 1,2-dichloroethane, dichloromethane afford much poor permeability
compared to aromatic diluents such as toluene and o-dichlorobenzene. Plutonium transport could be achieved using 0.2 M
DC18C6=toluene as carrier and sodium carbonate as strippant. By a combination of both BLM and SLM (using polypropylene
filters), >90% transport of Pu was achieved using 0.2 M DC18C6 in toluene as the carrier into dilute sodium carbonate
strippant in about 7–8 h without any contamination from fission products such as Ru-106, Cs-137, and Sb-125 [138]. The
proven extractability and profound selectivity of dicyclohexano-18-crown-6 (DC18C6) have been exploited by selecting this
crown ether as the ionophore in liquid membrane transport studies. Macrocycle-facilitated transport of Pu(IV) and U(VI)
against their concentration gradient from aqueous nitric acid solutions across SLM containing DC18C6 in toluene has also been
investigated [139]. In the presence of 0.2 M DC18C6 in toluene as the carrier, uphill transport was observed when both the feed
and receiver comprised of 0.8 mg=mL of Pu. The effect of radiation on the transport rates has indicated that the permeation of
U(VI) and Pu(IV) was not affected when the membranes containing the carrier were subjected to a total dose of 80 kGy. On the
other hand, dry membranes (Accurel HF-PP) became somewhat fragile beyond a total dose of 50 kGy though the transport
behavior was not very much affected. The chemical stability of the membrane containing DC18C6 in toluene was satisfactory
up to 12 h of continuous operation, beyond which a drop in the permeability coefficient was ascribed to the loss of carrier [140].
In another study involving the transport of Pu(IV), Shukla et al. have investigated the role of polymer support upon the
performance and stability of an SLM using several solid supports such as polytetrafluroethylene (TE-35, TE-36, TE-37),
polypropylene (HF-PP), cellulose nitrate (BA-S-83) of different pore sizes and varying thickness, and DC18C6 in toluene
as the mobile carrier [141]. Selectivity of plutonium transport from fission product contaminants such as Cs-137, Ru-103, and
Ce-144 was found to be poor with large pore size (0.45 mm) support. Polytetrafluroethylene supports, such as TE-35, TE-36,
TE-37, and polypropylene HF-PP membranes, did not show any marked deterioration with nitric acid and organic solvents
while cellulose nitrate membrane such as BA-S-83 was attacked by organic solvent. On the other hand, these membranes were
found to have good radiolytic stability [142].

Almost no report is available on the membrane transport studies of trivalent actinide ions with macrocyclic carriers.
However, there are some literatures available on trivalent lanthanide ions, which can be used as guidelines for any future
studies. Brown et al. [143] and Zhu and Izatt [144] have used bis(1-hydroxylheptyl)DC18C6 as the membrane carrier and

TABLE 31.10
Diluent Effect in the Permeation of Am3þ through an SLM Containing
DMDBTDMA in n-dodecane as the Carrier

Permeability Coefficient (PAm) in cm=s (�104)

Diluent PWilke-Chang PScheibel PRatcliff PExpt

n-Dodecane 1.80 1.87 1.75 1.80

Toluene 0.73 0.78 0.84 0.90
n-Hexane 1.80 2.12 2.20 1.63
Cyclohexane 0.54 0.62 0.66 0.76

Dichloroethane 1.99 1.93 2.14 1.80
Nitrobenzene 2.60 2.48 2.62 2.41
Decalin 0.50 0.50 0.50 0.62
di-Ethylbenzene 0.65 0.66 0.66 0.71

Source: Data from Sriram, S. and Manchanda, V.K., Solv. Extr. Ion Exch., 20, 97, 2002. With
permission.
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attempted separation of Eu from trivalent lanthanide cations by reducing it to the þ2 oxidation state. The online reduction was
carried out by modifying the transport cell in such a way that the feed compartment contained a mercury pool that acted as the
cathode, while a Pt coil worked as the anode. After reduction, Eu2þ behaved similar to Sr2þ and selective transport was
observed as compared to other lanthanides such as Nd3þ (4 times lower flux than Eu2þ) and Gd3þ (8 times lower flux than
Eu2þ). Tang and Wai [145], on the other hand, have studied the transport behavior of trivalent lanthanide ions using a lipophilic
crown ether carboxylic acid, 2-(sym-dibenzo-16-crown-5-oxy) hexanoic acid using a surfactant membrane. The activation
energies for the transport of lanthanides in the system were determined to be 3–4 kJ mol�1 suggesting that the process is
diffusion controlled. This surfactant membrane also shows a selectivity of Lu3þ=La3þ by 1.25 in the transport process.

Macrocyclic ligands, such as calixarenes, have the flexibility and favorable conformations to form stable complexes with
uranyl ion [146–148]. The special structural features of the calixarenes make them selective ionophores for many lanthanide=
actinide ions. Uranyl ion, in an aqueous sodium hydrogen carbonate solution of pH 4–8 (source phase), was simultaneously
and selectively transported into a dilute sulfuric acid solution (receiving phase) through a membrane (chloroform, BLM)
containing a lipophilic ion-associate of methyltrioctylammonium ion and hydroxycalix[n]arene-p-sulfonate ion, 2n (n¼ 6, 8),
MTAþ� 2n, as a metal carrier [149]. None of the other metal ions were transported, or obstructed the transport of uranyl ion,
while the presence of large amounts of sodium hydrogen carbonate and sodium chloride in the source phase interfered
by causing a delay in the start of transport. Ramakumar et al. [33] have used several calixarenes (Figure 31.8) along with
neutral donors such as TOPO and 18 crown 6 for the selective transport of uranium from seawater. Calixarene II and IV were
found to show very good transport behavior when used as the carrier. Using calixarene II and TOPO mixture in chloroform,
they recovered >95% of uranium from seawater while the permeation of ions such as Naþ, Mg2þ, Ca2þ, Kþ, and Fe3þ was
negligible. A significant increase in the transport rates of alkali=alkaline earth ions was observed when 18 crown 6 was used as
the synergist.

In the minor actinide partitioning by the TRUEX process, CMPO is used as the extractant for the recovery of trivalent
actinides from nitric acid medium. A resorcinarene cavitand-based ligand, functionalized with CMPO (carbamoylmethylpho-
sphoryl)-ligating moieties in 2-nitrophenyloctyl ether (NPOE), was utilized for the transport studies of Eu(III) by Boerrigter
et al. [150]. The steric pre-organization of four CMPO moieties on the macrocyclic resorcinarene cavitand frame improved the
efficiency and selectivity of the metal extraction processes as Eu(III) could be quantitatively removed from acidic solutions
using SLM in about 8 h. They had also used the CMPO-functionalized resorcinarene cavitands for the transport studies of
UO2

2þ [151]. Calix-4-arenes mono=bis-crown-6 bound to heteropolysiloxane matrix were used for the selective transport of
radionuclides such as Cs-137 from a waste containing Am-241 [152]. Dozol et al. [153] synthesized several grafted membranes
containing calixarenes linked to the polypropylene matrix, which were selective for the lanthanides and trivalent actinides. The
data with SLM were compared with those obtained with the grafted membranes.

31.2.3.3 Basic Extractants as Carriers

Amines have been used as the extractants for the actinide-bearing anionic species. This is usually from high-acidic or high-ionic
strength medium, which generally lead to very high decontamination factors. The precondition of their use in SLM-based
separation methods is the inertness of the membranes toward high acidic or salt medium. As membranes made from
polycarbonate or polyamide may not be very stable toward these medium, most of the reported work in this area is on PTFE
or PP membranes.

Chaudry and Mohammad [154] had used tri-n-octyl amine (TOA) dissolved in xylene as the SLM in Celgard 2400
polypropylene filter for the transport of uranyl ions from nitric acid solutions to an alkaline aqueous phase. About 10 h were
needed for the quantitative transport of uranyl ion from an aqueous feed of 6 M HNO3. Several other tertiary amines along with
TOA have been used as carriers in SLM studies by Sonawane et al. [155]. The diffusion-limited and amine-facilitated Pu(IV)
cation permeation in nitric acid media across an SLM was investigated to quantify the membrane carrier type effects on its
transport using basic extractants, namely, Primene JM-T (JMT) as primary, Amberlite LA-2 (Amb LA-2) as secondary,
trilaurylamine (TLA) and triiso-octyl amine (TIOA) as tertiary, and Adogen-464 and Aliquat-336 as quaternary amines.
Recovery of Pu steadily increased from primary to quaternary amines as it follows the order quaternary> tertiary> secondary
> primary, similar to that generally observed in liquid–liquid distribution experiments. More than 95% pertraction of Pu(IV)
was easily accomplished using tertiary or quaternary amine as carrier employing a feed solution containing about 5 mg=L Pu in
4 M nitric acid solution, while the receiving phase was 0.1 M NH2OH �HCl (in 0.3 M HNO3). On the other hand, plutonium
permeation was found to plummet to about 49% on employing secondary amine, Amb LA-2, as the carrier [156].

Lakshmi et al. had investigated the transport of uranyl ion from HCl medium using 30% Aliquat-336 in CHCl3 as the
carrier [157]. Significant amount of acid transport (about 15%) was observed which affected the metal ion transport though
>90% transport of U was observed in about 3 h. In another study involving Alamine 336, the same authors had shown that
aromatic solvents such as toluene or t-butyl benzene effect higher transport rates than solvents such as chloroform or hexane
[158]. Subba Rao et al. had investigated the transportation of uranium from HCl medium by an SLM made from Aliquat-336 in
xylene as carrier and observed that the flux values for HCl or for uranium were higher at lower carrier concentration, which was

Pabby et al./Handbook of Membrane Separations 9549_C031 Final Proof page 902 15.5.2008 2:45pm Compositor Name: VAmoudavally

902 Handbook of Membrane Separations



explained based on the aggregation behavior of the carrier molecules in membrane phase [159]. Effect of phase modifier on
uranium transportation from hydrochloric acid medium across SLM using Aliquat-336 as the carrier in xylene medium was
investigated by them to understand the effect of degree of aggregation of carrier molecules [160]. In this study, reduction of
uranium flux was observed at carrier concentration where viscosity effects were not dominant.

31.2.4 HOLLOW FIBER SUPPORTED LIQUID MEMBRANE

Several applications are envisaged in nuclear industry for the preconcentration of very lean solution of radioactive
material, low- and intermediate-level wastes. There are, of course, reports on the application of HFSLM technique for high-
level waste processing. Researchers at the plutonium facility at Los Alamos National Laboratory have studied the separation of
actinides from waste solutions [161] using water soluble metal binding polymers (phosphonic acid derivative of polyethyle-
neimine). Kathios et al. [162] have investigated the use of HFSLM modules for process scale metal separations such as
radioactive waste stream clean up and environmental remediation under simulated conditions (Nd was used for Am) using
CMPO in di-iso-propyl benzene as the carrier. The major challenge in such case is to develop radiation resistant polymers.

Rathore et al. have studied the permeation of U(VI) and Pu(IV) in the presence of fission products from medium
active acidic waste employing 30% TBP as a carrier through HFSLM and observed that recovery could be enhanced by
using fresh strippant each time [163]. They have also used TBP as the carrier for the quantitative separation and recovery of Pu
from nuclear waste solutions [164] using an HFSLM system. In the presence of various fission products, the selective
permeation of Pu through the HFSLM was observed to be more than 90% into a stripping phase consisting of 0.1 M
NH2OH �HCl in 0.3 M HNO3. The membrane radiation stability was found to be good as shown by the scanning electron
microscope (SEM) pictures of the irradiated and the nonirradiated membranes (Figure 31.11) even after exposure to 1 M Rad
dose. A commercial tri-alkyl phosphine oxide, namely, Cyanex-923 was found to be far superior as the carrier as compared to
TBP, as >94% transport was reported in 10 h using 0.1 M concentration of the carrier [97]. The permeation efficiency was
found to increase from 75% to 90% by increasing the flow rate from 3.0�10�8 to 1.4� 10�7 m3 s�1. Patil et al. have used
dihexyl octanamide (DHOA) in normal paraffinic hydrocarbon diluent as the carrier in their HFSLM (operated in the
nondispersive extraction mode) study [165,166]. From a feed solution comprising 8 g=L of U in 4 M HNO3, transport was
more facile into a strippant solution of 0.01 M HNO3 as compared to 1 M sodium carbonate.

Transport of Pu(IV) from 3 M HNO3 solutions across Aliquat-336= Solvesso-100 by HFSLM was studied. Permeability of
Pu(IV) through a bundle of hollow fibers made up with 20 lumens, of 67 cm2 surface area, 9 cm length, and operated at a flow
rate of 10�8 m3=s on recycle mode was examined. More than 80% Pu from oxalate bearing wastes generated during
reconversion process could be transported through 10% Aliquat-336=Solvesso-100 into hydroxylamine hydrochloride strippant
in about three runs [167].

HFSLM studies employing dialkyl phosphinic acid (Cyanex-272) were reported by Chiarizia et al. [80] for the deconta-
mination of the severely contaminated Hanford site ground water. Their HFSLM experiments involved a hollow fiber module
containing a total membrane area of 9.8 cm2 and the feed contained contaminated Hanford ground water at pH 2 (synthetic
samples) circulated through the lumen side, while the strip containing 0.1 M HEDPA was circulated through the shell side. The
U(VI) can be concentrated in the strip solution to about 108 times though significant amount of Fe(III) also gets cotransported.

Lanthanide–actinide separation was also attempted by HFSLM (operated in the nondispersive extraction mode) method
using diphenyldithiophosphinic acid derivatives. Geist et al. have employed a synergistic mixture of bis(chlorophenyl)-
dithiophosphinic acid and TOPO in a hollow fiber module for the lanthanide–actinide separation [168]. About 99.99% Am

(a) (b)

FIGURE 31.11 SEM pictures of the hollow fiber lumens used in an HFSLM study involving radioactive solutions. (a) Prior to irradiation;
(b) after irradiation. (Reproduced from Rathore, N.S., Sonawane, J.V., Gupta, S.K., Pabby, A.K., Venugopalan, A.K., Changrani, R.D., and
Dey, P.K., Sep. Sci. Tech., 39, 1295, 2004. With permission.)
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(III) could be extracted by the contactor from 0.5 M nitric acid with about 33% of lanthanides such as Y, La, Ce, Pr, Nd, Sm,
Eu, and Gd being extracted.

31.2.5 TRACK-ETCHED MEMBRANES

Track-etched membranes (TEM) are, in general, polymeric membranes with artificially made pores made after irradiating
with a projectile of heavy ions followed by chemical etching. TEMs, which show a more precise distribution of pores with
a known pore size, are used for the transport of ions [169]. Fleischer et al. [170] have used thin sheets of plastics, usually
10–20 mm polycarbonates, perforated with collimated and diffused beams of heavy energetic ions. There is however a
limitation on the thickness of the polymeric materials, which can be used for making membranes in view of the limitation
of the projectile energy. As a consequence, these thin membranes are not rugged. These membranes with pore sizes in
proportion to the energies of the charged particles are used for the investigations involving nonlinear theory in ionic
transport [171]. It was reported that track-etched membranes with porosity up to 20% can be prepared using accelerated
heavy ions. Pandey et al. [172] had used Makrofol track-etch membranes (after irradiating with 13 MeV Dy-161 ions and
etching with 3 M NaOH) for the transport of Am(III) from a feed comprising 1.5 M ammonium nitrate and 0.5 M nitric
acid to a strip phase consisting of 1 M oxalic acid using a mixture of 1.2 M TBP and 0.2 M CMPO as the carrier. Both the
inner as well as outer diameters of the pores varied linearly with the etching time. The inner pore diameter as well as the
porosity were found to govern the metal transport rates. The permeation across the SLM formed by using TEM with 17%
porosity was found to be comparable to those SLMs formed by using commercial membranes with much higher porosities.
The comparison of P (permeability coefficient) obtained by using TEMs with 29–30 mm and 10 mm thickness indicated
that P decreased linearly with thickness and hence transport of Am(III) is diffusion controlled, and the extraction and
stripping kinetics are fast. Removal of actinide ions from acidic solutions by carrier-mediated facilitated transport across
mesoporous substrates with nanoengineered surfaces has been reported very recently [173]. The thiol self-assembled
monolayer (SAM) modified with di(tert-butyl-phenyl) di(iso-butyl)CMPO was used for the selective transport of 239Pu and
241Am from a mixture containing fission products such as 137Cs and 90Sr, which are not transported to any significant extent.

Nuclear track membranes with other materials, such as mica, oscillating quartz, PVDF, Kapton, and even polyster, have
been found to be resistant to chemicals and acid. Figure 31.12 shows a typical representation of the holes formed in a polyster
nuclear track filter after irradiation in accelerator and the subsequent etching with 6 M KOH and 0.1 Fw KMnO4 [174]. Vater
has used track-etched mica filters for collecting the aerosols carrying radioactivity from the environmental air inside a nuclear
reactor fuel elements production plant [175]. Ganz et al. [176] have, on the other hand, used Kapton track-etched microfilters
(pore size: 3.8–13.4 mm and porosity: 4%–12%) for the separation of 237Np from a feed containg 2 M HNO3. About 0.5 M
HTTA in xylene was used as the extractant, which formed emulsion with the aqueous phase and the Kapton membrane
selectively allowed the organic phase to pass through.

31.3 POLYMER INCLUSION MEMBRANES

Although FSSLM- and HFSLM-based separation methods are getting increasingly popular, their only disadvantage is the
stability, which is primarily due to the irreversible loss of carrier from the pores of the filters=lumens. As an alternative,
polymeric films have been prepared along with the ligand and the diluent. These membranes termed as polymer inclusion
membranes (PIM) have better membrane stability, although they are not suitable under high concentration of acid or alkali
[177,178]. In general, the PIMs have relatively lower transport rates compared to the SLMs. Kim et al. [179] have shown that

(a) (b)

FIGURE 31.12 Typical representation of the holes formed in a PVDF nuclear track filter after irradiation in accelerator and the subsequent
etching with 6 M KOH and 0.1 Fw KMNO4. (Reproduced from Gopalani, D., Kumar, S., Jodha, A.S., Singh, R., Khatri, P.K., and Gopal, R.,
J. Membr. Sci., 178, 93, 2000. With permission.)
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the flux in case of PIM is as high as 15 times higher than the corresponding SLM system. The carrier molecules crystallize
inside the membrane and no new chemical bonds are formed within the polymer matrix [180]. CTA forms bulk of these types of
membranes and is vulnerable to acid=alkali attack due to the possibility of hydrolysis of ester groups. It is understood that by
increasing the chain length of the substituents the membranes could be made more acid=alkali resistant. Gardner et al. [181]
attempted to vary the type of monomer by using cellulose acetate propionate (CAP), cellulose acetate butyrate (CAB), and
cellulose tributyrate (CTB) and concluded that the flux decreases when the membranes were made more hydrophobic. The role
of plasticizer is found to be extremely important in deciding the membrane stability and the overall flux of these membranes
[182]. Figure 31.13 shows the structures of some of the plasticizers being used conventionally in PIMs. Sugiura [183] has
used such membranes made from cellulose triacetate (CTA) with plasticizers such as 2-nitrophenyl octyl ether (NPOE) and
tris(2-butoxyethyl) phosphate (TBEP), which enhance the membrane elasticity. He [184] has used b-isoproyl tropolone
(HIPT) as the carrier trapped in these membranes for the transportation of lanthanide ions. Though there are many reports
available [133,185–188] on the sorption=transport behavior of main group elements, very limited work is reported on the
actinides using PIMs. Matsuoka et al. [189] have studied the uphill transport of uranium from nitric acid medium using a
PIM containing CTA and TBP. In this case, TBP acted as both the carrier and the plasticizer, while Na2CO3 was used
as the stripping solution. An increase in U permeation (measured as D1¼S([UO2�Xi]TBP=[UO2�Xi]HNO3

)) was
observed with increasing aqueous phase acidity. On the other hand, the U release into the receiver phase (measured as
D2¼S([UO2�Xi]TBP=[UO2�Xi]Na2CO3

)) decreased with increasing Na2CO3 concentration. Significant loss of TBP into the
aqueous phase was observed, which was similar to those observed in the case of SLMs. The loss of TBEP was also reported by
an energy dispersive x-ray spectroscopic analysis [188]. No such loss of plasticizer is reported in the case of membranes made
using NPOE as the plasticizer [190].

There are very limited reports available on the use of PIMs for the uptake=transport studies of trivalent actinides. There
are some early reports, by Sugiura [191], on the transport behavior of trivalent of lanthanides, which are considered as
surrogates of the trivalent actinides. They have used NPOE as the plasticizer and investigated the effect of the alkyl chain length
of some of polyoxyethylene n-alkyl ether on transport behavior of lanthanide ions and concluded that the flux decreased with an
increase in the chain length. Bhattacharyya et al. have used a PIM containing TBP as the plasticizer and Cyanex-301 as the
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FIGURE 31.13 Structures of some plasticizers being used in the casting of PIM.
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carrier for the transport of Am3þ from an aqueous feed containing 1 M NaNO3 [192]. They have observed insignificant
transport of Eu3þ thereby indicating the feasibility of the selective separation of trivalent actinides from lanthanides. However,
the major problem of the PIMs is their stability against radiation. The sharp decline in Am3þ transport rates (Figure 31.14) is a
consequence of the significant damaging of the plasticized membranes by gamma radiation (Figure 31.15). Kusumocahyo et al.
have demonstrated facile transport of Ce3þ across a PIM containing TODGA, which was found to be far more superior as a
carrier compared to CMPO [133].

Sodaye et al. [193] have developed a scintillating PIM (S-PIM) containing HDEHP as the extractant, and PPO (diphenyl
oxazole) and MSB (1,4-bis(2-methylstyryl)benzene) as fluors in plasticized CTA matrix for the assaying of actinide elements
from aqueous samples (tap water and seawater). It was observed that the S-PIM could be made selective toward the tetravalent
and hexavalent actinides at higher acidity (>0.25 M), while the trivalent actinides could be trapped from pH solutions. The
S-PIM could be made alpha-selective by pulse height discrimination. A linear response in a relatively wide range of
radioactivity even in the presence of beta-emitting radionuclides such as 154Eu and 147Pm (Figure 31.16) underlines the
applicability of this analytical method for the assaying of actinides.

31.4 SEPARATION OF RADIONUCLIDES FROM WASTE STREAMS

The use of membrane-based separation methods for gas separation is being routinely done in the industry. Reverse osmosis
(RO) and ultrafiltration (UF) technologies are also very popular in treatment of industrial wastewater. Nevertheless, ultrafil-
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FIGURE 31.14 Effect of radiation dose (200 kGy) on the subsequent decrease in the Am3þ pertraction as a function of time.
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FIGURE 31.15 Effect of radiation dose (200 kGy) on polymer inclusion membrane stability. (a) SEM pictures of unirradiated PIM;
(b) SEM pictures of irradiated PIM.
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tration and reverse osmosis membrane technologies for treatment of radioactive liquid effluents are being applied in various
nuclear plants [194]. These include the Nine Mile Point nuclear power plant, New York (RO), Comanche Peak nuclear power
plant, Glen Rose, Texas (both RO and UF), Dresden nuclear power plant, Morris, Illinois (both RO and UF), Salem nuclear
power plant, New Jersey (UF), AECL Chalk River Laboratory, Ontario, Canada (RO), etc. However, the application of liquid
membrane-based separation methods for the removal of radionuclides from waste streams is at infancy stage and only a few
reports are available. Americium removal from nuclear waste streams has been carried out at the Rocky Flats Plant (RFP) using
SLM containing DHDECMP (dihehexyl-N,N-diethyl carbamoylmethyl phosphonate) supported on Accurel polypropylene
hollow fibers [195,196]. The waste from the Pu-purification cycle contained HNO3 concentration in the excess of 7 M, which
was neutralized partially to yield >7 M nitrate and ~0.1 M hydrogen ion concentration. More than 95% transport was observed
into a stripping solution containing 0.25 M oxalic acid. The permeability coefficients were maximum up to 1� 10�3 cm=s.
Interference from Fe(III) was minimized by selective complexation.

Teramoto et al. [197] have used octyl(phenyl)-N,N-diisobutylcarbamoyl methyl phosphine oxide (CMPO) in diethyl
benzene as a carrier and investigated the transport behavior to examine the feasibility of treating low-level radioactive
wastewater using a stirred permeation cell. The transport rates were positively influenced by the addition of sodium citrate
to the strip solution. For a simulated radioactive waste solution containing ~550 ppm of Ce(III), at a treatment rate of 1 m3 per
day (for >99.9% Ce removal) a membrane of 3.3 m2 surface area was recommended. Contaminated reactor pool water was
reported to have been treated by SLM method, though the pertraction rates were very low [198]. Chiariazia has used liquid
membranes containing three different commercially available long-chain aliphatic amines, namely, Primene JM-T (primary),
Amberlite LA-2 (secondary), and trilaurylamine (TLA, tertiary) for the treatment of synthetic Hanford site groundwater, where
the strip solution was 1 M NaOH and n-dodecane was the diluent [199].

31.5 GRAFTED MEMBRANES FOR ACTINIDE SEPARATION

Uranium is present in the seawater as an extreme dilute solution. However, the total amount, 4� 109 tons, is ca. 1000-fold of
the amount existing in the mines all over the world. Recovery of uranium from seawater is one of the most challenging
problems in separation chemistry [200]. The separation methods using chelating resin [201] methods are limited by the low
concentration of uranium (~3 ppb) and high concentration of other interfering ions. Kobuke et al. [202] have used a membrane-
based separation method using a macrocyclic polycarboxylate ligand as the carrier. In the trial experiment, the feed contained
uranyl acetate (3.3� 10�5 M) at pH 4–5, while the receiver phase contained 1.0 M NaHCO3. The carrier (Figure 31.17) when
modified with tri-n-octylmethyl ammonium chloride resulted in a significant enhancement in the transport rates. Selective
transport rates of uranyl ion were observed in the presence of 4.68� 10�1 M Na, 5.3� 10�2 M Mg, 1.0� 10�2 M K,
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1.0� 10�2 M Ca along with other ions. Out of these ions, Ca2þ was found to compete with the uranyl ion. However, due to
favorable kinetic factors, a 300-fold increase in Ca2þ concentration decreased the uranyl ion transport rate only by 2.5 times.

Recently, the use of amidoxime grafted membranes for the recovery of uranium from seawater has shown great promise
[203]. A research group at JAERI has proposed a method for the preparation of amidoxime (AO) grafted polyethylene and poly
propylene membranes. The schematic of the grafting process is shown in Figure 31.18 wherein methacrylic acid (MAA) and
2-hydroxyethyl methacrylate were cografted with acetonitrile onto polyethylene fibers by radiation-induced graft polymeriza-
tion. The amidoxime group density and water content determined the U sorption onto the membranes. The AN (acrylonitrile)=
MAA ratio of 60:40 was found to be optimum and over a period of 20 days contact time showed a maximum uptake of 0.9 g of
U=kg. The preconcentration of uranium from dilute solution is extremely slow and is possibly due to kinetic factors, which
decide the slow diffusion of uranyl ion into the polymer matrix [204]. Sriram et al. [205] have also investigated the transport of
uranyl ion across amidoxime incorporated polypropylene membranes. The feed consisted of 0.5 M Na2CO3 solution at pH ~ 8,
while the receiver phase was 0.1 M HCl. Using a 38% grafted membrane, they have observed 70% U sorption onto the PP-AN
membrane. However, it was relatively difficult to leach out the sorbed U from the membrane (~20% with even 10 M HCl).
On decreasing the percentage grafting to about 22%, 66% sorption was possible in 6 h and 70% stripping was possible using
only 2 M HCl.

31.6 STABILITY OF LIQUID MEMBRANES

Despite the many advantages of liquid membranes, which include selectivity and ligand economy, they are not yet applied in
industrial scale that is ascribed to their low stability [206]. The common reasons for the instability of liquid membranes are
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breaking of emulsion (in case of ELM) and loss of membrane organic phase due to dissolution, formation of emulsion droplets,
differential pressure across the membrane or evaporation, support chemical composition, and preparation methods (in case
SLM).

31.6.1 STABILITY OF EMULSION LIQUID MEMBRANE

In (W=O)=W dispersions as a liquid surfactant membrane system, the membrane stability depends on the surfactant concen-
tration per unit interfacial area below a critical value. Internal-phase leakage is generally affected by emulsion globule viscosity,
internal-phase volume fraction, and surfactant concentration [207]. Takahashi et al. [208] have reported that leakage rates are
greatly influenced by the salt concentration in the internal aqueous phase. Takeuchi and others [209] have found that a stable
liquid membrane consisting of n-dodecane can be formed from about two layers of surfactant molecules adsorbed at the
oil–water interface. The viscosity of the organic solvent had a significant effect on membrane stability. The permeation
coefficients of water through the liquid membranes could be correlated with surfactant concentration. Further, entrainment of
the external aqueous phase in the (W=O) emulsion droplets was influenced remarkably by the presence of electrolyte in the
external solution.

31.6.2 STABILITY OF SUPPORTED LIQUID MEMBRANE

The permeability coefficients of some metal species through selected SLMs were measured by Danesi et al. [210] over
extended periods of time, in the presence and absence of osmotic pressure gradients. The composition of the SLMs was varied
in such a way to obtain membranes with variable interfacial properties. The interfacial tension, viscosities, contact angles, and
water solubilities of the organic phases of several SLMs were also measured. Their conclusions suggest that the SLMs are
relatively stable when osmotic pressures of feed and strip solutions are approximately equal. In the presence of an osmotic
pressure difference, water tends to flow through the organic filled pores of the SLM, providing the organic phase appreciably
solubilize water, which affect the metal transport properties.

Apart from pressure difference, the other overwhelming factor for the instability of SLMs is the aqueous solubility of the
carrier [211]. Apparently, the lipophilicity of the carrier has a significant role in the stability of the membrane. As shown by Hill
et al. [212] carriers such as calix-crowns with lipophilic pendent groups have shown better stability as compared to similar
compounds with much lower partition coefficient. They have also reported improved stabilities at higher carrier concentrations
in a few cases. This is ascribed to the presence of free carrier at given metal ion concentration, which increases with carrier
concentration. In another study, Shinbo et al. [213] reported that the membrane solvent must have both a high dielectric

CH2 CH2CH CCH3

CCH3–COOCH2CH2OH

CCH3–COOH

CHC CH C NOHN
CH2

CCH3–COOH
CH2

CH2 NH2
CH2

CH2

CH2

C N

CH2 CCH3CH

CH2 CH2

CH C NOHCHC N

NH2

CH2

CCH3–COOCH2CH2OH

COOHC N

Polyethylene
fiber

Electron beam
NH2OH

Irradiation Cografting

NA/HEMA

COOCH2CH2OH

NH2OH

AN/MAA

Amidoximation

PE

FIGURE 31.18 Radiation graft polymerization of the AO membrane for Uranium recovery from seawater. (Reproduced from Tabushi, I.,
Kobuke, Y., Nakayama, N., Aoki, T., and Yashizawa, A., Ind. Eng. Chem. Prod. Res. Dev., 23, 445, 1984. With permission.)

Pabby et al./Handbook of Membrane Separations 9549_C031 Final Proof page 909 15.5.2008 2:45pm Compositor Name: VAmoudavally

Liquid Membrane-Based Separations of Actinides 909



constant and low solubility in water for the SLMs to be highly stable and permeable. Chiarizia [199] has investigated membrane
stability using flat-sheet supports containing long-chain aliphatic amines as the carriers. The following order of stability was
measured: tertiary> secondary> primary. This is the reverse order of the interfacial tension lowering at a water–n-dodecane
interface. The water solubility of the amines also seems to play an important role in determining the membrane stability. This
can be improved significantly by presaturating the aqueous phases with organic phase [214]. The performance of the SLM has
also been reported to be affected by pore-blocking or fouling. Chiarizia [215] and Mohapatra et al. [63] observed such
membrane fouling in their studies using amine and beta-diketone carriers, respectively. Nitrate � trilauryl amine salts and
TOPO�HNO3 complex are the causes for precipitation and subsequent blocking of pores of the membranes in these cases. There
are several other mechanisms of membrane degradation and will not be discussed here. In general, the stability of SLM can be
increased by increasing the membrane thickness, decreasing the pore size, and enhancing the lipophilicity of the carrier.

Polymer inclusion membranes are reported to have better stability as compared to the SLMs [177]. However, PIMs made
from plasticizing agents such as TBP or TBEP (tris-butoxy ethyl phosphate), which have significant solubility in water can
degrade with time. Salazar-Alvarez et al. [188] have shown using energy dispersive X-ray scans (EDS) that significant
degradation of the membranes containing TBEP as the plasticizer do occur which could be suppressed by the addition of a
small quantity of ethanol to the monomer plasticizer mixture prior to the membrane casting.

31.7 FUTURE PERSPECTIVES

Membranes have been used extensively for the separation of radionuclides from liquid effluents generated in different nuclear
facilities such as fuel fabrication plant, fuel reprocessing plant, and nuclear reactors. These separations, based on size exclusion,
are invariably pressure driven and are not useful for the recovery and purification of a specific element present in a mixture
where solvent extraction has a distinct advantage. However, liquid membrane techniques offer the advantages of both solvent
extraction as well as membrane separations. Liquid membrane separations provide an efficient and excellent opportunity to
explore novel and exotic extractants such as calixarenes, crown ethers, thiophosphinic acids, diamides, and carbamoyl methyl
phosphine oxides which are of vital interest to the separation scientists engaged in the development of new strategies for the
safe management of high-level radioactive waste. Low inventory of the extractants needed for membrane-based techniques
makes them attractive not only from cost considerations but also from the ease of disposal of secondary wastes.

Although ELM technique is quite efficient essentially due to the thinness of the membrane, large-scale application of this
technique is limited in view of the difficulties encountered in the demulsification step needed for the recovery of the trapped
metal ion. On the other hand, promise of the SLM technique has been demonstrated in the lab scale experiments. Large-scale
applications of SLM require additional work in the area of stability=reusability of the membranes. Apart from the selective
extraction, there is a need to develop the membranes that are compatible with the diluent=solvent mixture with respect to
physical properties such as surface tension and viscosity. In addition, chemical=radiation environment of the feed=strip solution
to which these membranes are subjected over long duration is an area of particular concern. Additional stability can be obtained
by developing chemically grafted membranes.

Recently, emphasis has been shifted to hollow fiber contactors as well as hollow fiber nondispersive solvent extraction
technique, which can have surface to volume ratio as high as 10,000 m2=m3. Hollow fiber modules that offer a continuous
means for large-scale separation applications need to be designed and developed keeping in mind the nature of solvent, feed,
and strippant. Apart from the design parameters, such as lumen length=diameter, shell length=diameter, and number of lumens,
one needs to ensure the compatability of materials used for making these modules. Nature of adhesives used and microstruc-
tures of the polymers used for making lumens also need attention.
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32 Reverse Osmosis-Based Treatment
of Radioactive Liquid Wastes Generated
in Hospital Facility and in Steel Industry:
Case Studies
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32.1 INTRODUCTION

The applications of membrane technology have grown significantly in the last decade. Some advantages of membrane
technologies are continuous performance, low energy consumption, modular structure, and easy installation or automation.
Due to this, nowadays membrane processes have become an ideal complement or even a suitable replacement of conventional
separation processes (evaporation, chemical precipitation, ion exchange, etc.).

Some areas of application are the nuclear industry and the treatment of radioactive liquid wastes, with two main purposes:
reduction in the waste volume for further disposal, and reuse of decontaminated water. Pressure-driven membrane processes
(microfiltration, ultrafiltration, nanofiltration, and reverse osmosis [RO]) are widely used for the treatment of radioactive waste.

Some research groups worldwide are currently working on the application of membrane technology to the treatment of
radioactive liquid wastes with different levels of activity, from low to high activity waste. Research is mainly focused on wastes
from the nuclear industry. However, the nuclear industry is not the only source of radioactive wastes; medical and research
applications of radioisotopes also generate radioactive wastes.
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Since 1995, the Chemical and Nuclear Engineering Department of the Polytechnic University of Valencia in Spain has been
working on the application of membrane technology to the treatment of low and medium level radioactive liquid wastes. In this
chapter, we describe two practical cases of radioactive liquid waste treatment using membrane processes: the treatment of
137Cs-contaminated water generated after a radioactive incident in a stainless steel production factory, and the treatment of 125I
liquid wastes from nuclear medicine services at hospitals.

32.2 ORIGIN OF RADIOACTIVE WASTES

Radioactive wastes are generated in the following activities: generation of electric power from nuclear fuel; applications of
radioisotopes in medicine, industry, and research; and dismantling of nuclear and radioactive installations. With respect to
waste volume and specific activity, the activities that generate the highest amounts of waste are those related to electric power
generation.

32.2.1 WASTES FROM THE ELECTRIC POWER GENERATION CYCLE

This group includes the wastes generated during all the stages of the power production cycle in a nuclear power plant. First, the
wastes from uranium mining, concentrate manufacturing, conversion to uranium hexafluoride, uranium enrichment, and fuel
manufacturing. Second, the wastes generated during the operation of the nuclear power plant. This includes equipment and
devices used for the purification and cleaning of the cooling systems, and other radioactive wastes like tools, working cloths,
laundry wastes, papers, etc. Finally, the spent fuel rods that are produced on the completion of the energy production cycle;
these elements are temporarily stored in swimming pools or in dry sites in the nuclear power station itself.

32.2.2 WASTES FROM MEDICINE, INDUSTRY, AND RESEARCH

In medical installations, the use of radioactive isotopes for diagnosis and therapy has significantly increased in the past years.
Nonencapsulated radioactive elements are used for different purposes such as in diagnosis by tracers, treatment of thyroid or
blood disorder, and in medical research. These activities produce some solid radioactive wastes like cotton, rubber gloves,
syringes, etc., as well as liquid wastes, mainly scintillation liquids. Another type of waste is the encapsulated sources that are
used for cancer treatment; these elements must be changed when their activity decays below a certain level.

In industry, radioisotopes are used in encapsulated sources, generally of low activity, for the continuous measurement of
level, humidity, density, or thickness. Gamma radiation-encapsulated sources are also used in nondestructive tests in metallic
constructions (gammagraphies) and in industrial sterilization.

In the nuclear research centers, the wastes are obtained from research and experimental reactors, hot cells, pilot plants, and
decontamination services. These wastes have varying physical, chemical, and radioactive nature due to the great diversity of
isotopes used and the wide range of processes in which they are applied.

32.2.3 WASTES FROM THE DISMANTLING OF NUCLEAR AND RADIOACTIVE INSTALLATIONS

The dismantling of a nuclear or radioactive installation, when its useful life is finished, generates the following radioactive
wastes: reactor vessel and the components inside biological shield, external parts of the biological shield (heat exchangers,
circulation pumps, pipes, etc.), activated and contaminated concrete, and auxiliary systems and building structures. Further-
more, some secondary wastes such as decontamination liquids and gas filters are also generated.

32.3 CASE STUDIES

This section describes some case studies carried out by the authors, which are related to radioactive liquid waste treatment using
membrane processes: a study about the influence of radiation on reverse osmosis membranes, a practical case about
concentration of 125I radioactive liquid wastes by ultrafiltration and reverse osmosis processes, and a practical experience
about decontamination of 137Cs liquid waste by reverse osmosis, including a study of radiological protection during the
treatment.

32.3.1 RADIATION INFLUENCE ON MEMBRANE PERFORMANCE

The influence of radiation on the transport properties of different reverse osmosis composite membranes was studied by
Chmielewski and Harasimowicz [1]. Reverse osmosis membranes were irradiated with a 60Co source, with a linear accelerator,
and were also immersed in a 137Cs high activity solution, reaching absorbed dose values around 40 kGy. The results of some
tests with the irradiated membranes showed that aromatic polyamide composite membranes are highly radiation resistant. This
allows these membranes to be used in radioactive solutions with an activity below 3.7� 1012 Bq=m3, which corresponds to
absorbed dose values around 30 kGy.
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Similar studies were carried out by Nakase, who determined the effect of radiation on some mechanical and thermal
properties of the polysulphone film of composite membranes. After a complete experimental and microscopic study, the author
concluded that polysulphone film almost keeps transport properties and stability up to dose values of 2 MGy [2].

Following these studies, the authors assessed the influence of different kinds of radiation on reverse osmosis composite
membranes, applying radiation doses within the range of values that are expected to be absorbed by membranes in the treatment
of low and medium radioactive wastes. Samples of reverse osmosis composite membranes were irradiated with gamma
radiation using a 60Co source, in an absorbed dose range between 0.25 and 20 kGy; and with electron radiation using a linear
accelerator, in an absorbed dose range between 5 and 25 Gy [3].

The irradiated membranes were then tested in a pilot plant with a plate-and-frame module with capacity for two membranes
with an effective area of 90 cm2 each. Permselective results of irradiated membranes were compared to those of nonirradiated
membranes [3]. It was observed that the performance of the samples irradiated with electronic or gamma radiation was very
similar to that of the nonirradiated membranes. Tables 32.1 and 32.2 show the results of permeate flux and retention index for
gamma- and electron-irradiated membranes, respectively.

The differences in permselective performance between some irradiated and nonirradiated samples cannot be associated with
radiation effects, but with membrane structural dispersion. This is because the membrane samples were taken from a spiral
wound module; therefore, the differences observed can be due to the lack of homogeneity in the membrane structure and its
characteristics along the module. This fact can be illustrated by the dispersion of the experimental results of the nonirradiated
samples.

Figure 32.1 shows the permeability obtained for all the nonirradiated samples. The average value of all these samples is
Jv av¼ 21.6 L=m2 h. The highest value of the statistical dispersion is Jv avþ 2s¼ 38.8 L=m2 h, and the lowest value is
Jv av� 2s¼ 4.4 L=m2 h. On the other hand, Figures 32.2 and 32.3 show the permeability of the gamma- and electron-irradiated
samples, respectively. As it can be seen, in both cases the dispersion values of permeability are within the limit values of the
nonirradiated dispersion, proving that the variability in the results is not the consequence of radiation, but of membrane non-
homogeneity.

TABLE 32.1
Permselective Performance of Gamma-Irradiated
Membranes

Absorbed Dose (Gy) Jv (L=[m
2 h]) R (%)

0.25 28.0 97.0
0.50 26.7 98.5
1 30.5 98.6
2 31.0 98.7

5 28.5 98.9
10 24.0 98.9
20 20.0 97.7

Nonirradiated 21.6 97.5

Source: Courtesy of M. Balaban, Desalination, Italy. With permission.

TABLE 32.2
Permselective Performance of Electron-Irradiated
Membranes

Absorbed Dose (Gy) Jv (L=[m
2 h]) R (%)

5 20.0 97.2

10 26.7 97.5
15 18.7 97.4
20 14.0 97.0

25 20.0 97.4
Nonirradiated 21.6 97.5

Source: Courtesy of M. Balaban, Desalination, Italy. With permission.
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With regard to selectivity, Figure 32.4 shows the results of the retention index for all the nonirradiated samples. The
average value of all these samples is R)av¼ 97.6%. The highest value of the statistical dispersion is R)avþ 2s¼ 98.1%, and
the lowest value is: R)av� 2s¼ 97%. On the other hand, Figures 32.5 and 32.6 show the selectivity of the gamma- and
electron-irradiated samples, respectively. As it can be seen, the dispersion of selectivity in the electron-irradiated membranes is
within the limit values of the nonirradiated dispersion, proving that the variation in the results is not caused by radiation.
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FIGURE 32.3 Permeate flux of electron-irradiated membranes.
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For gamma-irradiated membranes, the values of experimental selectivity are higher than the upper limit of the nonirradiated
dispersion, so it can be said that gamma radiation can even have a beneficial effect on membrane selectivity.

As a conclusion of this study about the influence of electron and gamma radiation on reverse osmosis composite membranes,
it can be stated that radiation does not affect membrane performance in a range of absorbed dose values up to 25 Gy,
approximately. Therefore, reverse osmosis composite membranes are suitable for use in the treatment of low and medium
activity levels, as the values of the radiation absorbed by the membranes will be lower than those assessed in this case study.
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32.3.2 TREATMENT OF
125I LIQUID WASTES BY ULTRAFILTRATION AND REVERSE OSMOSIS

32.3.2.1 Description of the Problem

Radioimmunoassay (RIA) is used in nuclear medicine for measuring very low levels (concentrations below 10�11 g=mL) of
some biological compounds in corporal fluids, by means of the combination of radioisotopes and antibodies. The most common
radioisotope used in this technique is 125I, a gamma-emitting radioisotope with a half-life of 60 days, which is used for labelling
compounds of interest.

RIA techniques generate great amounts of radioactive liquid wastes whose composition depends on the specific assays that
are carried out in each laboratory. Liquid wastes from RIA techniques are usually composed of different types of proteins (some
of them radioactively labelled), preservative solutions, several low-molecular-weight organic compounds, and inorganic salts—
all in aqueous solutions. These wastes are classified as low and medium radioactive, but they are also potentially infectious
since they can contain pathogens from patient’s blood [4]. Sometimes, the infectious risks of these wastes can be much more
dangerous than the risks associated with radioactivity.

At present, these radioactive wastes are temporarily stored in the sanitary center for partial activity decay. Then, the wastes
are disposed of by an officially designated company depending on their radioactivity levels and other biological and chemical
risks. Reduction of RIA waste volume would mean an important decrease in waste disposal costs, and would diminish the
problems of waste storage in hospitals. Furthermore, an appropriate treatment of RIA liquid wastes would remove pathogens
and chemicals that otherwise would remain in the wastes.

32.3.2.2 Treatment Description

Figure 32.7 shows the scheme of the solution proposed by the authors for treating radioactive liquid wastes from RIA
laboratories. Since part of the radioisotope is in ionic form [5], reverse osmosis can be used for radioisotope removal. But
before the application of reverse osmosis, a pretreatment is required. It consists of the following two stages:

. Filtration in cartridges for removal of suspension solids that could damage the membranes.

. Ultrafiltration membranes are suitable for the treatment of radioactive liquid wastes, especially as reverse osmosis
pretreatment [6]. Therefore, ultrafiltration is used for the removal of the radioactivity associated with the proteins and
high-molecular-weight organic compounds, as these species can reduce reverse osmosis performance.

The purpose of the treatment is to reduce waste volume for further disposal by an authorized company, and to obtain an
organic matter and pathogens-free permeate with an activity level below the legal discharge limit.

32.3.2.3 Experimental Test

Some experiments were carried out with wastes from nuclear medicine services (RIA laboratories). Wastes with different
storing periods were used, with activity values between 10 and 1000 kBq=L, depending on their storage time.

The experiments consisted of a first stage of ultrafiltration, after which the UF permeate was treated by reverse osmosis,
according to the scheme presented in Figure 32.7. If the RO permeate showed an activity higher than the environmental
background level in the treatment area, it was again treated by RO, and so on until reaching an activity level in the permeate
close to background levels.

Reverse
osmosis

FiltrationLiquid
waste

Final concentrate
(disposal by an authorized company)

Final permeate
(discharge)

Ultrafiltration

UF permeate

UF concentrate 

FIGURE 32.7 Scheme of the RIA liquid waste treatment. (Courtesy of Radiation Protection Dosimetry, Oxford University Press, Oxford.
With permission).
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During the treatment, periodical measurements of flow and conductivity of the permeate and feed were taken for calculating
the permselective parameters of the membranes (Jv, R). In addition, samples of the feed and permeate were periodically taken
for measuring radioactivity. Then, the retention index to 125I was calculated using the following expression:

R125I (%) ¼ AF � AP

AF

� 100 (32:1)

where AF and AP are the activities of feed and permeate (Bq=L), respectively.

32.3.2.4 Radioactivity Removal by Membranes in the Treatment of 125I Wastes

In the experiments performed on real wastes, ultrafiltration played an important role in the partial reduction of radioactivity.
Figure 32.8 shows the evolution of the retention index to 125I with time in some of the UF experiments. Most of the time,
radioisotope rejection by UF membrane was higher than 50%, even reaching maximum values of about 80%. This fact proves
that part of the radioisotope remains labelled to proteins and other organic compounds, most of which are removed in the UF
stage [7]. The rest of the radioactivity, associated with low-molecular-weight organic compounds and ionic solutes, will be
removed in the RO stages.

In reverse osmosis, radioactivity removal gives two types of results: the results of the first RO application after the UF
stage, in which the ultrafiltrate was treated; and the results of the subsequent RO applications, in which an RO permeate of an
earlier stage was treated.

Figures 32.9 and 32.10 show the evolution with time of the retention index to 125I in the first RO application carried out in
three experiments, and in the third RO application performed on experiments 2 and 3, respectively. It can be observed that in
the first RO application, the retention index to 125I decreased progressively during the treatment due to an increase of feed
activity as a result of concentrate recirculation to the feed tank. Anyway, in this application R125I was higher than 90% most of
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FIGURE 32.8 Radioactivity removal by UFmembranes in the RIAwaste treatment. (FromArnal, J.M., Campayo, J.M., Lora, J., Sancho, M.,
Iborra, I., and Alcaina, I., Desalination, 129, 101, 2000.)

RO first application

70

75

80

85

90

95

100

0 2 4 6
t (h)

R
12

5 I (
%

)

Exp 1

Exp 2

Exp 3

FIGURE 32.9 Radioactivity removal by RO membranes in the treatment of UF permeate. (From Arnal, J.M., Campayo, J.M., Lora, J.,
Sancho, M., Iborra, I., and Alcaina, I., Desalination, 129, 101, 2000.)
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the time. On the other hand, in the subsequent RO applications (Figure 32.10), the retention index to 125I remained quite
constant with values above 95% in all the experiments. This was due to lower feed activity values and lower feed activity
variation.

Table 32.3 shows the values of feed and permeate activity evolution in one of the experiments, representative of a typical
treatment process. It can be seen how it is possible to obtain a permeate with a level of activity below the legal discharge limits
by means of successive reverse osmosis applications.

32.3.2.5 Treatment Procedure

According to the experimental results, the most suitable procedure for RIA waste treatment was defined. This procedure
consists of the following stages:

. Ultrafiltration. In this stage, high-molecular-weight organic compounds as well as biological contaminants are
removed, and the activity is reduced to an average of 50%–60%.

. First Stage of Reverse Osmosis. Almost all the organic and biological compounds that were not eliminated previously
by ultrafiltration are removed in this stage.

. Second Stage of Reverse Osmosis. Salt concentration is reduced below running water levels (lower than 1 g=L).

. Third Stage of Reverse Osmosis. After this stage, a permeate with an activity below 100 Bq=L is obtained.

The following options are suitable for the disposal of the final permeate:

. Direct discharge to the sink by dilution, if authorized by the appropriate official institution.

. Temporary storage and further discharge to the sink after checking that the activity is below the legal limit. It must
always be authorized by the appropriate entity.

The final concentrate, which includes UF and RO concentrates, should be disposed of by an authorized company, considering
not only waste radioactivity levels but also chemical and biological contaminations, specially in the ultrafiltration concentrate
since it contains most of the pathogens of the original waste.

RO third application
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FIGURE 32.10 Radioactivity removal by RO in the treatment of an earlier RO permeate. (From Arnal, J.M., Campayo, J.M., Lora, J.,
Sancho, M., Iborra, I., and Alcaina, I., Desalination, 129, 101, 2000.)

TABLE 32.3
Radioactivity Removal in RO Experiments

RO Stage AF (Bq=L) AP (Bq=L)

RO1 117,400 15,360

RO2 15,360 720
RO3 720 70

Source: Courtesy of Radiation Protection Dosimetry,

Oxford University Press, Oxford. With permission.
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32.3.3 TREATMENT OF
137CS-CONTAMINATED WATER BY REVERSE OSMOSIS

32.3.3.1 Description of the Problem

In 1998, a 137Cs source was accidentally melted in a stainless steel production factory in Spain. As a consequence of this
accident, the cooling system of one of the ovens became radioactively contaminated. The decontamination process produced
40 m3 of 137Cs contaminated water, with an average activity above 300 kBq=L.

The authors, in collaboration with LAINSA company, developed the project for decontaminating the radioactive liquids,
by means of a reverse osmosis plant. The aim of the treatment was to remove the 137Cs radioisotope from the treated liquid
and to reduce the volume of the solution for further immobilization.

32.3.3.2 Treatment Description

Figure 32.11 shows a scheme of the RO plant for the treatment of the 137Cs-contaminated liquids. It was equipped with two
kinds of spiral wound reverse osmosis membranes: high-pressure (HP) and low-pressure (LP) membranes. Before flowing
through the membranes, the feed was pretreated using 5 mm sleeve filters and 0.45 mm cartridge filters.

The treatment was divided into two stages. At the first stage, both types of membranes were used, recirculating all
the concentrates to the feed tank. The second stage began when the permeate resulting from the first stage was out of the
specifications, and then the two reverse osmosis lines were separated. The low-pressure membranes treated the first-stage
permeate, while the high-pressure membranes continued treating the concentrate.

The decontamination process by reverse osmosis took about 1 month. After this period, 36 m3 of liquid was decontami-
nated from the original 40 m3. Later, evaporation was applied to get an additional concentration of the final waste; the volume
of concentrate liquid was reduced from 4 to 1 m3.

32.3.3.3 Reverse Osmosis Performance in the Treatment of 137Cs Liquid Wastes

During the treatment, samples of the permeate, the concentrate, and the feed were taken periodically for measuring radio-
activity. The retention index to 137Cs was calculated by an expression that is analogous to Equation 32.1.

Figure 32.12 shows the results of the retention index to 137Cs obtained at the two RO treatment stages. From these results, it
can be stated that

. At the first RO treatment stage, the retention index to 137Cs was higher than 98% in most cases.

. At the second RO treatment stage, the retention index values in the high-pressure membranes were slightly lower, but
always above 96%.

. At the second RO treatment stage, the retention index to 137Cs in the low-pressure membranes was always higher than
98%, and above 99.5% in most cases.
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FIGURE 32.11 Scheme of the 137Cs liquid waste treatment plant.
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The progressive decrease of the retention index values at the first stage of the RO treatment and in the high-pressure
membranes during the second stage is due to two main factors. On one hand, to the increase in feed concentration as a result of
concentrate recirculation, and on the other hand, to the increase in membrane fouling. However, in the low-pressure membranes
in the second RO treatment stage high values of retention index were obtained because the permeate of the first stage was
treated, so the activity values were much lower (below 100 kBq=L in comparison with values higher than 1500 kBq=L in the
other two situations).

In spite of the successful 137Cs selectivity results, permeability values were not as good as expected; in fact, the low
permeability caused the RO treatment to last more than planned. This was mainly due to a lack of knowledge about the
characteristics of the solution to be treated; as a result, it was not possible to design a specific pretreatment, and filtration was
not enough to avoid severe fouling in the RO membranes.

As a summary, the following conclusions can be drawn from the treatment of 137Cs-contaminated liquids [8]:

. The application of reverse osmosis was highly successful, decontaminating more than 90% of the original volume.

. The selectivity values confirm the potential of reverse osmosis composite membranes in the treatment of effluents that
contain radioactive isotopes.

. The decrease in membrane permeability was caused by membrane fouling. This could have been partially avoided
with an appropriate pretreatment design.

32.3.4 RADIOLOGICAL PROTECTION IN THE TREATMENT OF RADIOACTIVE LIQUID WASTES

During the RO treatment of 137Cs-contaminated liquid, dose levels were measured at different sites in the working area with the
purpose of following dose evolution and taking the appropriate radiological protection measures [9].

Figure 32.13 shows a scheme of the treatment area, in which the measuring points are indicated by numbers whose
description is presented in Table 32.4. Environmental doses were measured at boundary points (1, 2, and 3); in all other points
contact, doses were measured. Measures were taken approximately every 12 h in both cases.

The following figures show the dose evolution with time of the points indicated in the scheme shown by Figure 32.13.
Figure 32.14 shows radiation evolution at the boundary points. The three points show no significant radiation values, although
point 3 has slightly higher values than points 1 and 2 because it is closer to the tanks containing radioactive liquid.

Figure 32.15 shows the radiation evolution in the surroundings of the permeate and feed tanks (points 4 and 5). Near the
permeate tank (point 4), dose variation is not very significant since the permeate has a low activity level [10]. However, the
radiation evolution near the feed tank (point 5) shows quite high dose values. This is because the liquid inside this tank has
much higher activity than the liquid inside the permeate tank. Dose increase around the feed tank is due to progressive
concentration of the liquid feed as a result of membrane concentrate recirculation to this tank [11].

Figure 32.16 shows the radiation evolution of the main elements of the membrane treatment plant. Among these elements,
the filtration unit showed the highest dose values, particularly the sleeve filters (point 7) with top values around 140 mSv=h.
This high dose is because these filters are the first element through which the feed flows, so they are in contact with a high
activity liquid. The dose values at the cartridge filters (point 8) are lower than the values of the sleeve filters, though they are
also fairly high, between 10 and 30 mSv=h, approximately.
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FIGURE 32.12 Retention index to 137Cs of the RO membranes. (Courtesy of M. Balaban, Desalination, Italy. With permission.)
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FIGURE 32.13 Diagram of the working area in the treatment of 137Cs liquid wastes. (From Arnal, J.M. Tratamiento de Residuos
Radiactivos Líquidos y Sólidos Contaminados con Cs-137 Mediante Sistemas Combinados de Separación por Membranas, Lixiviación y
Precipitación Química, 1st ed. Valencia, Spain: Servicio de Publicaciones UPV, 2003.)

TABLE 32.4
Identification of Dose Measuring Points in the
Treatment Area

Point Area or Element Represented

1 Boundary

2 Boundary
3 Boundary
4 Permeate tank (treated liquid)

5 Feed tank
6 Intermediate tank and pump
7 Sleeve filter
8 Cartridge filter

9 Membrane modules

Source: From Arnal, J.M. Tratamiento de Residuos Radiactivos

Líquidos y Sólidos Contaminados con Cs-137 Mediante

Sistemas Combinados de Separación por Membranas,

Lixiviación y Precipitación Química, 1st ed. Valencia,
Spain: Servicio de Publicaciones UPV, 2003.
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FIGURE 32.14 Radiation level evolution at the boundary points of the treatment area. (From Arnal, J.M. Tratamiento de Residuos
Radiactivos Líquidos y Sólidos Contaminados con Cs-137 Mediante Sistemas Combinados de Separación por Membranas, Lixiviación y
Precipitación Química, 1st ed. Valencia, Spain: Servicio de Publicaciones UPV, 2003.)
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Another important point with regard to radiation level at the treatment plant is the intermediate tank in which the liquid is
stored after filtering, and the pump placed beside that tank (point 6). The high values at this point, around 40 mSv=h, are due to
the high activity values of the liquid stored in the intermediate tank.

Finally, the point that represents membrane modules (point 9) shows quite significant dose values, which increase
progressively as the feed concentrates. From the analysis of radiation evolution in the treatment area, the following conclusions
can be stated:

. Most relevant points from the viewpoint of radiological protection are the filtration unit and the intermediate tank, with
the highest dose values.

. Filtration unit is a point of necessary and frequent access to change filters. In future treatment plants, it should be
isolated to facilitate a safe access to the other elements of the plant.

. Intermediate tank should not be placed in the surroundings of any element that needs frequent access. The pump also
has to be placed far from the elements with high dose values, if it requires regular maintenance.

. Membrane modules reach dose values that cannot be ignored. Although they are not as high as the doses reached at the
elements mentioned above, membrane modules are points of continuous manipulation, so they have to be considered
from the point of view of radiological protection.

. Dose values at the area around the feed tank are fairly high, but it is not an important problem since this tank is not of
frequent access.
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FIGURE 32.15 Radiation level evolution around the permeate and feed tanks. (From Arnal, J.M. Tratamiento de Residuos Radiactivos
Líquidos y Sólidos Contaminados con Cs-137 Mediante Sistemas Combinados de Separación por Membranas, Lixiviación y Precipitación
Química, 1st ed. Valencia, Spain: Servicio de Publicaciones UPV, 2003.)
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FIGURE 32.16 Radiation level evolution at the membrane plant. (From Arnal, J.M. Tratamiento de Residuos Radiactivos Líquidos y
Sólidos Contaminados con Cs-137 Mediante Sistemas Combinados de Separación por Membranas, Lixiviación y Precipitación Química, 1st
ed. Valencia, Spain: Servicio de Publicaciones UPV, 2003.)
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32.4 FUTURE TRENDS IN RADIOACTIVE LIQUID WASTE DISPOSAL

With regard to future trends in the radioactive and nuclear fields, an increasing use of radioisotopes for medical, industrial, and
research purposes is expected soon. As a result of this, there will be an increase in the amount of low andmedium radioactivewastes.

The benefits of these activities are well known, but design of waste disposal strategies for volume reduction and liquid
decontamination is essential, to optimize waste storage installations and reduce waste disposal costs. Among these strategies,
the application of an appropriate treatment is essential for suitable waste disposal.

Membrane technologies have a great potential in the treatment of radioactive liquid wastes, as it has been proved
throughout this chapter. In this sense, it is expected a growing use of the membrane processes in the radioactive field, with
different possibilities: alone, combined between them (microfiltration or ultrafiltration and reverse osmosis) or combined with
other conventional processes like evaporation or ion exchange. Furthermore, some special membrane processes, like membrane
distillation or liquid membranes, could be applied for the specific treatment of radioactive wastes.

In relation to future trends of the membrane treatments described in this chapter, they are expected to be applied for medical
and research wastes of low-medium activity contaminated with 125I, 137Cs, or other radioisotopes with similar characteristics.
Furthermore, membrane treatment has been proved as an efficient and quick treatment in an incident that generates low-medium
radioactive wastes.
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33.1 INTRODUCTION

Membrane-based processing of nuclear plant radioactive waste and radioactive liquids in general is rapidly gaining acceptance
within the nuclear industry. Whereas early membrane systems were limited by unreliable hardware and inconsistent perform-
ance; modern systems have proven to be both cost effective and superior to conventional processing technologies. In specific
installations, the conversion to membrane-based processing has produced significantly pure water, with less secondary waste
generation and lower operator radiation exposure [1]. The possible applications of membranes in nuclear programmes are
(1) treatment of radioactive liquid effluents, (2) separation and concentration of useful radionuclides, and (3) separation of
gaseous streams containing radioactive species.

Membrane processes have been introduced on pilot plant scale in the reprocessing plant of the Bhabha Atomic Research
Centre (BARC) to treat various low-active streams. The following case studies are discussed in brief.

33.2 REMOVAL OF ACTIVITY FROM VARIOUS WASTE STREAMS USING ULTRAFILTRATION
AND REVERSE OSMOSIS

33.2.1 ACTIVITY REMOVAL FROM FUEL POND WATER

The primary function of ultrafiltration (UF) systems is to remove colloids and other particulate foulants from feed streams.
Activity from fuel pond water is currently removed via ion-exchange columns. Among the drawbacks of ion-exchange
purification is the production of substantial amounts of secondary waste during regeneration of the ion-exchange bed.
Hence, ultrafiltration was thought to be an attractive alternative for treating fuel pond water [2]. We undertook a pilot study
at our reprocessing plant. The typical composition of fuel pond and delay tank waters for the plant is shown in Table 33.1. The
spiral-wound module used for the UF and reverse osmosis (RO) studies is detailed in Table 33.2, and the basic flow diagram
through the spiral-wound membrane is shown in Figure 33.1. The setup of the UF membrane pilot plant is shown in Figure 33.2.

933
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The results of the pilot plant study, summarized in Table 33.3, are very positive: 12,000 L of fuel pond water were successfully
treated, providing decontamination factor (DF) (Chapter 29) values for alpha and beta of 4 and 5, respectively. The final
product obtained from UF had a turbidity of ca. 0.1 NTU (feed turbidity: 0.3 NTU). The flux value was reduced by 15%, which
was attributed to possible membrane fouling. The UF module was backflushed with pH 2 solution (HNO3), and the original flux
value of the permeate was restored. A long-term performance evaluation study was conducted by monitoring the permeate
quality (DF value) and radiation dose on the module. No hot spot generation was observed during a pilot run of UF with fuel
handling area (FHA) water.

33.2.2 REMOVAL OF ACTIVITY FROM DELAY TANK SOLUTIONS USING AN RO UNIT

Adapting RO technology will help to achieve the ALARA concept, which will be beneficial for the environment. In recent
years, RO systems have been used to replace or augment existing evaporation or ion-exchange technology due to their lower

TABLE 33.1
Composition of Fuel Pond and Delay Tank Solutions

Fuel Pond Water Delay Tank Water

pH 6.8 to 7.8 pH 6 to 8
Total dissolved salts (TDS) 28 ppm TDS 1700 ppm
Turbidity 0.3 NTU Gross alpha 2.8� 10�5 mCi=L
Gross alpha 4.6� 10�6 mCi=L Gross beta=gamma activity 3.5� 10�4 mCi=L

Gross beta=gamma activity 3.2� 10�4 mCi=L

Note: mCi=L stands for millicuries per liter.

TABLE 33.2
Details of UF and RO Module

Details of Membrane Module UF RO

Diameter of UF module 2.5 in. 6 in.
Length of module 12 in. 30 in.

Membrane area 0.5 m2 3
Centrifugal pump (flow rate) 180 lph 430 lph
Membrane material Polysulfone Polyamide TFC (thin-film composite)

Membrane pore size 100 Å 5–10 Å
Operating pressure 1 bar 15 bar

Feed channel

Concentrate

ConcentrateFeed

Feed

Feed

Product

Concentrate

Membrane composite

Product channel

FIGURE 33.1 Spiral wound module.
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operating costs [1,3]. The final discharge of low-level active waste (i.e., a mixture of evaporator condensate, ammonium
diuranate filtrate, hand washings, etc. from the reprocessing plant) is carried out from the delay tank, which temporarily holds
low-active waste. We thus evaluated RO for the removal of alpha activity, beta activity, nitrates, and total dissolved salts (TDS)
from delay tank water at the pilot plant.

The specifications of the membrane module, which was supplied by the Desalination Division of the BARC (Mumbai), are
listed in Table 33.2. The RO setup installed at the delay tank site is shown in Figure 33.3. The delay tank water composition is
given in Table 33.1. The module was operated at a pressure of 15 bar, which was adjusted by a throttle valve placed on the
reject line. The experiments were performed both in once-through and recirculation modes. The alpha and beta activities, and
nitrate and TDS levels were periodically monitored by sampling the feed, permeate, and reject solutions using standard
analytical methods.

The results of the RO studies are summarized in Table 33.4. The DF values for alpha range from 6–10, and for beta, from
6–15. Nitrates and TDS were also strongly rejected by RO. The results from the permeate solution show that after passing
25,000 L, the performance of the pilot plant was quite promising. Furthermore, the same RO setup was used for a delay tank
solution containing moderate alpha and beta activity. The DF values (Table 33.4) obtained for alpha are 12–15, which are
slightly higher than those obtained for solutions with lower activity. This is because the feed input alpha activity was higher. In
recirculation mode, good permeate quality was maintained, whereas alpha and beta activities of the concentrate reached 10�4

and 10�3 mCi=L, respectively, and TDS levels surpassed 15,000 ppm. The results of the RO studies are summarized in
Table 33.5.

FIGURE 33.2 UF membrane setup utilized in fuel handing area.

TABLE 33.3
Typical Analytical Results of UF Pilot Plant Studies Conducted for Fuel Pond Water

Sample at

Feed Activity (mCi=L) DF

Permeate NTU

TDS (ppm)a

Alpha Beta=Gamma Alpha Beta=Gamma Feed Permeate

500 L 2.8� 10�6 3.5� 10�4 5 4 0.05 28 <10 (45 ppm)b

2000 L 3.8� 10�6 4.5� 10�4 4 3 0.1 22 <10 (38 ppm)
4000 L 1.4� 10�6 5.8� 10�4 4 4 0.1 22 <10 (42 ppm)
8000 L 2.4� 10�6 3.9� 10�4 4 4 0.1 35 <10 (54 ppm)c

12000 L 5.2� 10�6 3.4� 10�4 4 4 0.1 35 <10 (53 ppm)c

Note: mCi=L stands for millicuries per liter.
a TDS values within the brackets belong to concentrate.
b The alpha and beta=gamma activity of concentrate was found to be 2.2� 10�5 and 5.5� 10�3 mCi=L, respectively.
c The alpha and beta=gamma activity of concentrate was found to be 3.9� 10�5 and 3.5� 10�3 mCi=L, respectively.
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FIGURE 33.3 RO setup installed at delay tank site in PREFRE plant, Tarapur.

TABLE 33.4
Typical Analytical Results of RO Pilot Plant Studies Conducted for Delay
Tank Solution in Once-through Mode

Sample at

Feed Activity (mCi=L) DF Nitrate (ppm) TDS (ppm)

Alpha Beta=Gamma Alpha Beta=Gamma Feed Permeate Feed Permeate

400 L 1.8� 10�6 2.6� 10�4 10 15 1330 70 2700 150

2800 L 2.5� 10�5 2.8� 10�4 8 8 1700 100 3500 300
4000 L 2.7� 10�5 3.4� 10�4 7 10 — — — —

8000 L 1.6� 10�5 2.2� 10�4 7 8 2200 150 2900 400

15000 L 2.9� 10�5 2.4� 10�4 9 8 — — — —

22000 La 8.0� 10�5 8.4� 10�4 17 12 1259 278 1875 335
25000 La 7.0� 10�5 6.8� 10�4 13 11 — — 1705 365

Note: mCi=L stands for millicuries per liter.
a The delay tank solution contains high alpha and beta activity.

TABLE 33.5
Typical Analytical Results of RO Pilot Plant Studies Conducted for Delay Tank Liquid
in Recirculation Mode

Sample at

Feed Activity (mCi=L) DF Nitrate (ppm) TDS (ppm)

Alpha Beta=Gamma Alpha Beta=Gamma Feed Permeate Feed Permeate

400 L 1.7� 10�6 1.9� 10�5 6 8 1731 294 2080 400

800 L 2.6� 10�6 5.0� 10�5 7 8 — — — —

1600 Lb 2.2� 10�6 1.6� 10�5 6 7 1259 278 1875 (15535)a 335
2800 Lb 1.4� 10�6 3.6� 10�5 8 8 — —

3200 Lb 2.6� 10�6 1.9� 10�5 6 8 — —

Note: Initial volume of feed: 400 L; final volume of concentrate: 20 L; volume reduction factor (VRF): 20m; Ci=L stands for millicuries per liter.
a Value given in brackets indicate TDS in reject.
b RO in recirculation mode (in the same row, value indicated in bracket shows concentrarte TDS).
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33.3 ELECTRODIALYSIS FOR THE DECONTAMINATION AND CONCENTRATION
OF LOW-ACTIVE WASTE

Low-active liquid waste (i.e., condensate, regenerant, and detergent) generated in reprocessing plants is subjected to
electrodialysis for concentration of radioactive cations into a very small volume, thus rendering a large portion of the
waste disposable and environment friendly (5� 10�5 mCi=L gross beta activity). For this purpose, an electro-membrane cell
containing an ion-exchange membrane in its central compartment was designed and fabricated in the BARC laboratory
(Figure 33.4). The electrodialysis (ED) cell was used to further reduce the volume of concentrated stream generated during
electrodialysis. The study employed a laboratory model electrolyzer unit (Figure 33.5) that had 41 pairs of vertically
alternating cation- and anion-exchange membranes (200� 80 mm2 effective size). The membranes were obtained from
M=s. Thermax Ltd. (Pune, India). The interpolymer membranes are composed of high-density polyethylene, polystyrene and
divinyl benzene, and functionalized with sulfonic acid, in cation-exchange membranes, and with quaternary ammonium, in
anion-exchange membranes [4].

About 5 L each of regenerant and detergent liquid waste were recirculated through the ED cell at the rate of 16 L=h.
Samples were collected after each pass and analyzed for fission product activities. Results from a typical test run are given in
Tables 33.6 and 33.7. The concentrated stream generated during electrolytic treatment of different waste streams was subjected
to electrochemical ion concentration. The electrochemical ion concentrator is composed of three chambers. The central
chamber is filled with cation-exchange resin (Zeocarb 225), and is separated from the adjacent cathode and anode chambers
by cation-exchange membranes. The electrodes used are made of titanium-expanded sheet metal coated with oxides of precious

4

Outlet Outlet

1—Cathode
2—Anode
3—Membrane
4—Resin

Inlet

3
2

1

FIGURE 33.4 Electro-membrane cell for ion concentration. (From Singh, R.K. et al., Indian J. Chem. Tech., 3, 149, 1996. With
permission.)
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FIGURE 33.5 Flow diagram of ED cell for concentration of radioactive cations. (From Singh R.K. et al., Indian J. Chem. Tech., 3, 149,
1996. With permission.)
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metals such as palladium. Inlets and outlets were provided for each chamber. The catholyte and anolyte are fed at the bottom,
which overflows from the top. The feed flows into the top of the central chamber and flows out of the bottom. The ions, under
the influence of the electric field, move perpendicular to the flow of the solutions. Feed acidity was maintained at 0.01 M
HNO3. Flow rates for anolyte and catholyte were maintained at about 300–350 bed vol=h. The elutriant in all the experiments
was passed at a constant rate of 23 bed vol=h. Samples were drawn at regular intervals and analyzed for Cs-137 activity using a
high purity germanium detector coupled with a 4 K multichannel analyzer. Electrochemical ion concentration [5,6] operation
involved simultaneous loading and electroelution of cations into the catolyte stream, keeping the effluent activity in the range
from 1� 10�5 to 1� 10�4 mCi=L. A volume reduction factor (VRF) of ca. 35–40 was easily obtained in this step. An overall
VRF of ca. 350–400 was obtained by ED coupled with an ion concentrator.

The main contributors to the radioactivity of the effluent were Cs-137, Cs-134, and Ru-106. Most of the radioactivity from
the low-level radioactive effluents could be removed by ED. Greater DF was achieved for cesium than for ruthenium due to the
nonionic nature of the latter [12]. The degree of decontamination increased with the number of electrodialysis stages performed.
Salt content and radionuclide concentration did not have any marked influence on the decontamination factors of these nuclides
[7]. The concentrate streams generated during electrodialysis contained 0.005–0.05 mCi=L of Cs-137, and the VRF achieved in
the electrodialysis operation was ca. 10.

33.4 APPLICATION OF A PERFLUORINATED MEMBRANE IN FUEL REPROCESSING

Uranous nitrate [U(NO3)4] solution is used for the quantitative reduction of plutonium from loaded tributyl phosphate (TBP)
phase [8]. Membrane cell technology was investigated for the production of 100% uranous nitrate solution [9], which is to be
used in the partition cycle of the PUREX process in the fuel reprocessing plant. The membranes used hitherto have suffered
from mechanical instability. A study was carried out at the BARC to obtain 100% uranous nitrate solution using a membrane-
based electrolytic cell. The membrane used in this study was a thin polymer film reinforced with a Teflon fabric. The film was
used as a separator between the anolyte and catholyte chambers, which are made of perfluorinated polymers, thus offering high
thermal and chemical stability.

Nafion-perfluorinated membranes are manufactured from copolymers of tetrafluoroethylene and perfluorinated monomers
and contain sulfonic groups on one side and carboxylic acid groups on the other. The membranes, originally designed for use in

TABLE 33.6
Electrodialytic Treatment of Regenerant and Detergent Waste

Radionuclide

Regenerant Waste Activity Detergent Waste Activity

Before
ED (mCi=L)

After
ED (mCi=L) DF

Before
ED (mCi=L)

After
ED (mCi=L) DF

Cs-134 3.55� 10�4 4.36� 10�5 8.1 7.8� 10�5 7.09� 10�6 11.0
Cs-137 4.14� 10�3 5.57� 10�5 74.3 1.5� 10�3 1.36� 10�4 11.0

Ru-106 6.07� 10�6 6.96� 10�7 8.7 8.2� 10�6 <1.00 �10�7 82.0
Overall DF 45.26 10.73

Source: From Singh, R.K. et al., Indian J. Chem. Tech., 3, 1996. With permission.

Note: Voltage per cell pair: 1–2 V; current density: 20 mA=cm2; flow rate: 16 L=h; volume of feed: 5 L; volume of concentrated waste: 0.5 L; VRF: 10; mCi=L
stands for millicuries per liter.

TABLE 33.7
Typical Analysis of Concentrate Waste Obtained after ED of Regenerant
Waste and Detergent Waste

Type of Waste

Concentration of Radionuclides (mCi=L)

Cs-134 Cs-137 Ru-106

Regenerant 3.12� 10�3 4.08� 10�2 5.35� 10�5

Detergent 7.11� 10�4 1.36� 10�2 <1.00� 10�5

Source: From Singh, R.K. et al., Indian J. Chem. Tech., 3, 1996. With permission.

Note: Volume of concentrated waste: 0.5 L; mCi=L stands for millicuries per liter.
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caustic soda production membrane cells, have the extraordinary chemical and thermal stability of Teflon resins but, unlike
Teflon, which is among the most hydrophobic substances known, Nafion is among the most hydrophilic. Nafion resins rapidly
absorb water at room temperature. The rate of water absorption depends on the number of resin-bound sulfonic and carboxylic
groups. We used the cell with different pairs of electrodes to produce a 100% U(NO3)4 solution. Details of the cell are given in
Table 33.8, and a schematic of the cell is provided in Figure 33.6. The current efficiency in each case was calculated from
measured values (Table 33.9). The membrane was used for over 3 years in nitric acid and hydrazine medium without any
apparent damage. It offered high chemical resistance and mechanical strength. In each batch operation, the percentage
conversion to uranous nitrate was 100%. The membrane has an established life span of 128 A h=cm2 with no loss in
electrochemical performance. A ca. 10% dilution in product was observed due to electroosmosis. The 100% uranous nitrate
solution generated was utilized for the plant process. Several kilograms of uranous nitrate have been produced in the
reprocessing plant using this technique.

33.5 NONDISPERSIVE SOLVENT EXTRACTION FOR THE SEPARATION, REMOVAL,
AND CONCENTRATION OF ACTINIDES

As a part of our comprehensive programme on membrane technology, we evaluated nondispersive solvent extraction (NDSX)
with a hydrophobic microporous hollow fiber contactor (HFC) for the separation and removal of actinides [1,10–12]. As the
separation and recovery of actinides from different sources is paramount to radiotoxicity, there is a constant need for advances in
the field. Among recently developed technologies, membrane extraction using microporous hollow fibers is particularly

TABLE 33.8
Details of Electrolytic Membrane Cell

Material of construction Perspex, PVC, Neoprene

Capacity of each chamber 100 mL
Total volume of catholyte feed 5 L
Catholyte composition Uranyl nitrate, 280 gm=L; Hydrazine, 0.5 M; Nitric acid, 3.0 M

Anolyte volume 3 L
Anolyte composition 1.0 M HNO3

Membrane Nafion-900 series

Current density 50 mA=cm2

Membrane cell setup for uranous production

Membrane Anolyte

Cathode

Peristaltic
pump

Peristaltic
pump

Catholyte
(Uranyl nitrate feed)

Anode

FIGURE 33.6 Schematic diagram of electrolyzer used for uranous production.
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interesting because of its versatility and the fact that it overcomes problems encountered in conventional liquid–liquid extraction
[10,13,14]. NDSX is simply liquid–liquid extraction performed in an HFC, which involves the use of a standard commercial
hollow fiber module to bring aqueous and organic phases into contact without dispersion, thereby minimizing the possibility of
forming emulsions, third phases, or crud with the extractant. A second module is then used to strip the solute from the loaded
organic phase.

33.5.1 SEPARATION OF URANIUM AND PLUTONIUM FROM OXALATE SUPERNATANT

Plutonium is recovered by first precipitating out plutonium nitrate as plutonium oxalate, then extracting the oxalate supernatant,
which contains milligram levels of plutonium. The typical composition of oxalate supernatant waste is Pu: 25 m=dm3, U: 5
gm=dm3, Ru106: 0.0032 mCi=dm3, Cs137: 0.003 mCi=dm3, HNO3: 3M, and H2C2O4: 0.1 M. The separation of uranium and
plutonium in presence of fission products from this waste was investigated using 30% TBP=nph. The uranium extraction was
quantitative (>99%) from this aqueous waste. Removal of plutonium is more important being a strategic metal and can reduce the
load of extraction cycle to achieve high recovery of plutonium. The results from plutonium extractions using acidic, pure
plutonium tracer solutions are summarized in Figure 33.7, and were compared to known data for typical plutonium extraction
methods. Based on these data, we studied the recovery of U(VI) and Pu(IV) from oxalate supernatant using 30%TBP=n-dodecane
as extractant, and without addition of nitric acid. The experiments were performed in counter-current recirculation mode with the
A=O ratio at 1 using treated (C2O

2�
4 ions destroyed by KMnO4=H2O2) and untreated (in presence of C2O

�2
4 ions) wastes

separately. The results (Figure 33.8) clearly indicate that the recovery of Pu(IV) from untreated waste was >70%, and from
treated waste, was >80% whereas uranium recovery was more than 99% from treated oxalate supernatant waste. The same
technique was also used to extract and concentrate Pu(IV) from the aqueous phase. We evaluated solutions of uranous nitrate and
of hydroxylamine hydrochloride as strippants for the back-extraction of the Pu. The strippants were run through the tube side, and
the loaded organic phase was run through the shell side. Extraction of Pu(IV) was not affected by the presence of fission products
such as Cs137, Ru106, and Eu154; no Cs, Ru, or Eu was extracted. This may be due to insignificant DF values (partition coefficient
for extraction) for such fission products under these conditions [15].

TABLE 33.9
Electrode Pair versus Current Efficiency

Sl. No. Anode Cathode Current Efficiency (%)

1 TSIA TSIA 85
2 Platinized Ti Platinized Ti 80
3 TSIAa Ti EXP. METAL 100

a TSIA stands for titanium substrate insoluble anode.
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FIGURE 33.7 Effect of extractant concentration on % Pu(IV) extraction. Feed acidity: 3.0 M HNO3; feed concentration: 1� 10�5 mol=dm3;
extractant: tributyl phosphate (TBP)=n-dodecane; A=O ratio: 1 (200 cm3 of each). (From Gupta, S.K. et al., Sep. Sci. Tech., 40, 1911, 2005.
With permission.)
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33.5.2 EXTRACTION OF MACRO-QUANTITIES OF URANIUM

In the reprocessing plant, macro-quantities of uranium can be separated from several streams. To apply NDSX to the macro-
concentration, we first evaluated NDSX for macro-quantities of uranium(VI) using an HFC in recycling mode with tri-
n-butylphosphate (TBP) in n-dodecane as extractant under different chemical and hydrodynamic conditions. A schematic
view of the membrane is shown in Figure 33.9. The extraction mechanism of U(VI) through HFC is shown in Figure 33.10. An
increase in TBP concentration from 5%–50% led to an increase in U(VI) extraction. However, to ensure economical plant scale
operation, we chose 30% TBP as the optimum concentration to evaluate further parameters. A total recovery of >98% was
achieved in three consecutive runs using fresh extractant and without adjusting the feed acidity [16]. In studying the effects of U
(VI) concentration (ranging 16–116 g=L) on extraction, we observed that for 16 g=dm3 uranium, 81% extraction was achieved
within 135 min (Figure 33.11). However, when the U(VI) concentration was increased to 116 g=dm3, the extraction decreased
to 51%. This could be due to the limited surface area of the module. U(VI) was stripped from the loaded organic phase using
0.05 M HNO3 [17].

33.5.3 EXTRACTION OF AMERICIUM FROM ACIDIC MEDIA

Since the effluents from nuclear fuel reprocessing plants also contain Am(III), we studied NDSX of Am(III) using the HFC
module [17,18], and the acidic extractant PC-88A (2-ethylhexylphosphonic acid mono-2-ethylhexyl ester). The results of the
studies are summarized in Figure 33.12. At 30% PC-88A concentration, a maximum extraction of 90% was achieved. Am(III)
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FIGURE 33.9 Schematic view of hollow fiber membrane contactor operated in recycling mode for U(VI) recovery from aqueous acidic
waste: (1) HFC module, (2) feed, (3) extractant, and (4) peristaltic pumps.
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was stripped from the loaded organic using 4.0 M HNO3. This technique could be used to pre-concentrate Am(III) from low-
active waste using single HFC and maintaining lowest volume of strippant and passing large volume of feed without replacing
strippant solution.
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34.1 INTRODUCTION

There are over 1000 drinking water treatment plants in the United States that use alum, Al2(SO4)3 � 14H2O as a coagulant for the
efficient removal of particulate solids and colloids from surface water supplies [1,2]. For alum, the process of coagulation works
best in the pH range 4.5–8.0. Similarly, for ferric chloride, another coagulant used in the water treatment plants, the optimum
pH range is between 4 and 12. Alum is converted during the process into insoluble aluminum hydroxide, a major component
(25%–50%) of solids in water treatment residuals (WTR). Water treatment plants in the United States produce over 2 million
tons of aluminum-laden disposable WTR every day [3], which are bulky, gelatinous, and biologically inert slurry composed of
suspended inorganic particles, natural organic matter (NOM), trace amounts of heavy metal precipitates, and aluminum
hydroxide. The total solids content of the residuals normally ranges from 2% to 10% in mass per unit volume [4,5]. A typical
composition of water treatment plant residuals is shown in Table 34.1 [6]. Due to regulatory changes in the recent past, WTR
now have to be disposed in landfills or through land application [3,6]. And due to the magnitude and pervasiveness of the
problem, the prospect of alum recovery from WTR has received considerable attention in recent years. The toxicity of free and
complexed aluminum species toward various aquatic species and benthic organisms has been the focus of several studies [7,8].
Some researchers have linked aluminum ion’s contributory influence to occurrence of Alzheimer’s disease [9]. It is therefore
recognized that the disposal of aluminum-laden solids from water treatment plants will receive a closer scrutiny in the coming
years [10]. Ideally, a simple-to-operate process, which can recover alum selectively from the sludge, will significantly reduce
the amount of disposable solids. However, the recovered alum has to be sufficiently pure to be reused as a coagulant at the
front-end of water treatment. Such a process will truly combine pollution prevention with resource recovery, thus reducing
stress on the environment.

34.1.1 PAST STUDIES ON ALUM RECOVERY

When WTR are sufficiently acidified with sulfuric acid (H2SO4), insoluble aluminum hydroxide in the solution is converted to
aluminum sulfate, which is soluble in the aqueous medium. The stoichiometry of this reaction can be written as follows:

2Al(OH)3 � 3H2Oþ 3H2SO4 þ 2H2O ¼ Al2(SO4)3 � 14H2O

(WTR) (acid) (dissolved aluminum sulfate)
(34:1)

TABLE 34.1
Typical Composition of WTR

Substance Amount (mg=L)

Total suspended solids 100,000–150,000
Total Al(III) 1,000–3,000
Total iron 100–300

Total calcium <30
Total copper <10
Total zinc <20

pH 7.0–7.2
Arsenic <0.3
Total dissolved organic carbon (DOC) 100–300
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Equation 34.1 provides the underlying concept of the acid digestion process, which has been tried both at laboratory and at
pilot-scale levels [11,12]. The basic concept of the process is simple but the following shortcomings limit the possibility of
reusing the recovered liquid alum as a coagulant. The process is nonselective i.e., along with alum it also recovers all other
substances that are soluble under highly acidic conditions or that exist as colloids. Thus, naturally occurring organic material
(humates and fulvates), which are generally removed quite well by alum coagulation, will be present in the recovered alum.
Should this recovered alum be reused as a coagulant, trihalomethane formation potential (THMFP) in the treated water upon
chlorination would tend to increase significantly. Trihalomethanes are suspected carcinogens and are regulated by the United
States Environmental Protection Agency (USEPA) [13–15].

Since aluminum oxide is amphoteric, alum could theoretically be recovered from the WTR under alkaline conditions as
well. Figure 34.1 shows both dissolved organic carbon (DOC) and Al(III) concentration in Allentown, Pennsylvania under
water treatment plant conditions. Since a high concentration of dissolved organic matter is very undesirable in recovered alum
due to its THMFP, even the alkali digestion process is unable to achieve selective alum recovery.

Liquid ion exchange (LIE) [16] can concentrate aluminum ions up to 4000 mg=L from an initial 1000 mg=L. But in the
stripping stage of LIE, entrainment issues are always a concern, because LIE involves separating aluminum ions from an
organic phase into which it is dissolved in the first stage. Since this separation cannot be 100% ideal, one can expect organics
being carried over into the alum solution.

Ultrafiltration is another technique that can be employed following acid treatment. However, this process suffers from the
demerits of fouling, decreased membrane life due to pressure differential, and a decrease in flux with continued deposition [17].

Two-step composite membrane process [18] involves selective sorption of aluminum ions from an aqueous phase (contain-
ing dissolved aluminum ions in acidified WTR) onto a membrane phase in the first step followed by desorption or regeneration
of the composite membrane in a H2SO4 solution in the second step with the release of aluminum ions. This patented process
was developed in the Department of Civil and Environmental Engineering at Lehigh University. It overcomes many of the
shortcomings of the previous processes in that it selectively recovers aluminum ions and prevents passage of natural organic
material, heavy metals, and manganese into the recovered alum. However, composite ion-exchange materials are not available
in sizes appropriate for large-scale applications.

34.1.2 DONNAN MEMBRANE PROCESS: NEW APPROACH TO ALUM RECOVERY

During the last two decades, pressure-driven membrane processes namely reverse osmosis (RO), nanofiltration (NF), and
ultrafiltration (UF) have found increased applications in water utilities and chemical industries. Unlike RO, NF, and UF, the
Donnan membrane process (DMP) or Donnan dialysis is driven by an electrochemical potential gradient across an ion-
exchange membrane. Theoretically, the DMP is not susceptible to fouling because particulate matter or large organic molecules
do not concentrate on the membrane surface, as commonly observed with pressure-driven membrane processes. DMP has been
used in the past in hydrometallurgical operations [19,20], for concentration of ionic contaminants [21,22] and for separation of
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FIGURE 34.1 Variation of DOC and aluminum ion concentration with pH for WTR from the Allentown Water Treatment Plant (AWTP),
Pennsylvania.
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acids from salts [23,24]. Although information on several applications of DMP is available in the open literature, no work is
reported on the use of DMP to treat a sludge or slurry with high concentrations of suspended solids or high organic content
molecules. It was conceived that a single-step DMP could selectively recover alum, a widely used coagulant, from water
treatment plant sludge or WTR.

It is also true that many water treatment plants use ferric chloride as a coagulant in water treatment operations. Ferric ions
are trivalent cations, much like aluminum ions. Since the DMP is driven by an electrochemical potential, it is thought that it
might be possible to apply it to WTR generated from iron-based coagulants. It was therefore conceived that a single-step DMP
could selectively recover ferric ions as well.

34.1.3 SCOPE OF THIS CHAPTER

In writing this chapter, the central theme is to detail the readers of the applicability of the DMP for recovering coagulants from
WTR. This includes verifying the quality of the recovered alum and studying its usage in coagulation processes. The response
of the process to various operating conditions including those of membrane fouling is also discussed. The parameters of study
include (1) total coagulant recovery, (2) selectivity of recovered coagulants, (3) effectiveness of recovered coagulants, (4)
Donnan exclusion of DOC, (5) feed=sweep solution strength and their volumetric ratio, (6) feed=sweep ion type, (7) membrane
area, (8) feed solution turbidity, (9) agitation of solutions, (10) membrane fouling, and (11) settling efficiency of residual WTR.
The efficacy of the process for recovery of ferric ions from ferric chloride-based residuals is also discussed briefly.

The other important subject is the comparison of effectiveness of the process in alum recovery for two types of ion-
exchange membranes, namely heterogeneous and homogeneous membranes.

In addition, a model has been formulated to predict the self-diffusion coefficient of diffusing species, which are hydrogen
and aluminum ions. The interdiffusion coefficient value for the coupled transport of these two ions is also determined for the
two types of membranes.

The process of diffusion dialysis is also mentioned briefly, as an attempt to recover spent acid from WTR, after alum
recovery. The objective of this process is to estimate the efficacy of the process in (a) raising the pH of the treated WTR and
(b) lowering the pH of the fresh WTR before undergoing alum recovery in the DMP.

34.2 DONNAN MEMBRANE PROCESS: THEORY

The DMP has been a widely recognized ion-exchange membrane separation process that can be applied to selectively remove
ions from a dilute feed solution and to simultaneously enrich them in a sweep solution. The ion of interest (feed ion) in the feed
solution is transported to the sweep solution with a counter transport of a driving ion (the sweep ion) from the sweep solution to
the feed side. This coupled transport takes place across an ion-exchange membrane until conditions of Donnan equilibrium are
achieved. The process utilizes an electrochemical potential gradient that exists between the feed and the sweep solution and
requires no external field or pressure gradient to accomplish this transport. The DMP is based on the Donnan co-ion exclusion
principle [25], by which negatively charged cation-exchange membranes do not allow anions to pass through the membrane
and the positively charged anion-exchange membranes do not allow cations to cross over.

34.2.1 DONNAN MEMBRANE PROCESS: BASICS

A fundamental understanding of the DMP requires knowledge of both the ion transport through an ion-exchange membrane
and the Donnan equilibrium, the latter indicating the maximum allowable transfer of ions that can take place. The underlying
concept can be better explained through an example. This example is also relevant in the context of the objectives of the
research, which is alum recovery from water treatment plant residuals [26].

Let us consider aluminum sulfate and sulfuric acid solutions in a Donnan membrane cell divided into two chambers by a
cation-exchange membrane that allows only cations to migrate from one side to the other but rejects any passage of anions
according to Donnan’s co-ion exclusion principle. At equilibrium, the electrochemical potential of aluminum (Al3þ) ion (�m) in
the electrolyte solution on the left hand side (LHS) of the membrane will be the same as that in the electrolyte solution on the
right hand side (RHS) i.e.,

�mL
Al ¼ �mR

Al (34:2a)

or

mo
Al þ RT ln aLAl þ zFfL ¼ mo

Al þ RT ln aRAl þ zFfR (34:2b)
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where
superscripts ‘‘o,’’ ‘‘L,’’ and ‘‘R’’ refer to standard states of �m, LHS, and RHS, respectively
�m, a, F, and f denote electrochemical=chemical potential, chemical potential, activity, Faraday constant, and electrical
potential, respectively

R is the universal gas constant
z refers to the charge of the diffusing ion

which is 3 for trivalent aluminum ion Al3þ. Equation 34.2 gives the following equality for aluminum ions on two sides of the
membrane:

F(fL � fR)

RT
¼ ln

aRAl
aLAl

� �1=3
(34:3)

In a similar way, it can be shown for hydrogen ions that

F(fL � fR)

RT
¼ ln

aRH
aLH

� �
(34:4)

Since both the feed and the sweep solutions are of similar order of electrolyte strength, it may be assumed that the nonideality
effects are about the same on both sides of the membrane, and activities can therefore be replaced by molar concentrations.
Equations 34.3 and 34.4 then yield the following:

CR
Al

CL
Al

� �
¼ CR

H

CL
H

� �3
(34:5)

If the ratio CH
R=CH

L is 10, it means CAl
R is 1000 times greater than CAl

L . Thus, by maintaining high hydrogen ion concentration on
the RHS of the membrane, aluminum ions can be driven from the LHS to the RHS even against a positive concentration
gradient i.e., from a lower concentration region to a higher concentration one, the impact being more for a higher valent species.
For example, Al3þ will concentrate more than Naþ. This example can be extended to any system of coupled transport, a general
expression for which would be:

CR
i

CL
i

� �zj
¼ CR

j

CL
j

 !zi
(34:6)

where i and j refer to the exchanging ionic species and zi and zj refer to the valence of these two species.

34.2.2 DONNAN MEMBRANE PROCESS: CONCENTRATION PROFILE INSIDE MEMBRANES

A Donnan membrane setup can be divided into two cells by a cation-exchange membrane. Cell I or the feed side solution
primarily consists of the feed cation A with a charge zA while cell II or the sweep side solution predominantly consists of the
sweep cation B, which has a charge zB. At the start of the separation process, the concentration of the feed ion A is several folds
higher than of sweep ion B in cell I. The cation-exchange membrane has certain selectivity for feed ion A over B. The
corresponding selectivity coefficient KB

A, described later, relates the preference of the membrane for a particular ion with respect
to another ion. A higher selectivity coefficient for A over B in cell I would mean a concentration q (expressed in moles per
cubic millimeter) of cation A on the membrane surface in cell I. In other words, qA,I will be much higher than qB,I. The situation
is reversed on the sweep side, where there will be a higher concentration of B on membrane surface II, as there is a surplus of
sweep ion B in solution. That is to say, qB,II is much higher than qA,II. The concentration q is always less than or equal to the
ion-exchange capacity Q of the membrane. The sum total of the equivalent concentration of the ionic species A and B is equal
to the ion-exchange capacity of the membrane, which is defined as the number of ionogenic groups per specified amount of the
ion exchanger. For the present case, it is the total number of exchangeable cations per unit volume of the membrane. Exchange
capacity determination is discussed in detail, later in this chapter.

The DMP is represented in Figure 34.2a. It can be seen from this figure that the ionic transport is initiated by a
concentration gradient across the membrane. It can also be inferred from this figure that the transport process is one of coupled
transport, where the movement of feed ion A from the membrane surface in cell I to the membrane surface in cell II is
compensated for in the other direction by the sweep ion B. For any amount of ion A transferred to cell II, an equivalent amount
of ion B is transferred to cell I, so that the electroneutrality of each solution is maintained. This leads to a change in the
fractional concentration of individual species in both cell I and cell II. The resultant change in the membrane phase is a drop in
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qA,I and qB,II concentration and a simultaneous rise in qA,II and qB,I concentration. This leads to a decrease in the gradient. At
conditions of Donnan equilibrium, qA,I¼ qA,II and qB,I¼ qB,II. This situation is represented in Figure 34.2b. The concentration
gradient for each ion (A and B) is zero at equilibrium. In addition, species A is concentrated several times over on the sweep
side of the Donnan membrane cell at Donnan equilibrium.

34.2.3 DONNAN EQUILIBRIUM CONDITION

The conditions of Donnan equilibrium derived in Equation 34.6 can be understood in a slightly different way. For the coupled
transport described previously, the heterogeneous exchange of cation A in the aqueous phase and cation B in the membrane
phase is represented by the following equation:

zBA
zA þ zA�B

zB , zB �A
zA þ zAB

zB (34:7)

The species in the membrane phase have been shown by a bar sign.
The thermodynamic equilibrium K̂A

B [27] for this equation can be written as:

K̂A
B ¼ �azBA a

zA
B

azBA �a
zA
B

(34:8)

where a refers to the activity of the species. For cell I and cell II of the Donnan membrane setup, in contact with the two
different surfaces of the membrane, it can be said that

K̂A
B ¼ �azBA,Ia

zA
B,I

azBA,I�a
zA
B,I

¼ �azBA,IIa
zA
B,II

azBA,II�a
zA
B,II

(34:9)

When the system is in equilibrium, the activity of A and B will be uniform throughout the membrane and there will be no flux.
This implies the following:

�aA,I ¼ �aA,II (34:10)

�aB,I ¼ �aB,II (34:11)

Therefore, Equation 34.9 now becomes

azAB,I
azBA,I

¼ azAB,II
azBA,II

(34:12)

CA,I

CB,I
 qB,I

qA,I
qB,II

qA,II

CA,II

CB,II

CA,I

CB,I

Membrane
layer 

Feed side (I) Feed side (I) 

(a) (b)

Film layer Film layer Membrane
layer 

Film layer Film layer

 qB,I = qB,II

qA,I = qA,II

CA,II

Sweep side (II) Sweep side (II) 

CB,II

FIGURE 34.2 (a) Instantaneous ion concentration in the liquid phase and within the membrane under intramembrane transport limited
conditions. Note that despite an apparent discontinuity in the concentration of ions at the solution–membrane interface, the chemical potential
remains the same in the two phases due to instantaneous equilibrium. (b) Ion concentration at Donnan equilibrium in the liquid phase and
within the membrane under intramembrane transport limited conditions. Note that despite an apparent discontinuity in the concentration of
ions at the solution–membrane interface, the chemical potential remains the same in the two phases due to instantaneous equilibrium.
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Since both sides have high electrolyte strength, the activity coefficient term can be assumed identical for a given species in the
two solutions, in accordance with the correlation based on modified Debye-Huckel theory proposed by Davies [28]. Therefore,
the concentration term can replace the activity coefficient term and the condition for Donnan equilibrium becomes

CA,II

CA,I

� �zB
¼ CB,II

CB,I

� �zA
(34:13)

This equation is the same as the one derived in Equation 34.6. It is also worthwhile to point out that for the purpose of
our study; the thermodynamic coefficient has been equated to selectivity coefficient, which strictly speaking, takes into account
the concentration term of each species and not the activity term. Pellicer et al. [29] have observed in their experimentation that
for strong-acid fixed-charge group membranes, the ratio of activity coefficient in the membrane and the aqueous phase
approaches unity for strong-acid fixed-charge groups of membranes and for high-ionic strength external solutions. It can
therefore be assumed that for the present work, which includes sulfonic acid functional group membranes, the activity
coefficient values in both the membrane and the aqueous phase will be close to each other and will cancel out. Therefore, it
is assumed that the thermodynamic equilibrium constant can be equated to the selectivity coefficient. Equation 34.8 can
therefore be rewritten as

KA
B ¼ qzBA C

zA
B

CzB
A qzAB

(34:14a)

The selectivity coefficient alone will be used throughout this chapter. For the current work, the ions of interest are feed ions
(Al3þ) and sweep ions (Hþ) and the selectivity of Al3þ with respect to Hþ is defined as

KAl
H ¼ qZH

AlC
ZAl

H

CZH
Al q

ZAl
H

(34:14b)

34.2.4 KINETICS OF THE DONNAN MEMBRANE PROCESS

The DMP is an electrochemical-driven process and the driving force is an electrochemical potential gradient that exhibits itself
as a passive gradient across the membrane. The coupled transport has been discussed using the Nernst–Planck equation [30].
The DMP involves ion exchange, in which the fluxes of the two species are coupled with one another. The most important
feature that distinguishes ion exchange from isotopic exchange is the electric coupling of the ionic fluxes. For conservation of
electroneutrality, the fluxes of the exchanging counter ions must be equal in magnitude, since otherwise a net transfer of electric
charge would result. The regulating mechanism, which enforces the equality of the fluxes, is the electric field (diffusion
potential) set up by the diffusion process. The faster counter ion tends to diffuse at a higher rate. However, any excess charge
transfer by the faster ion builds up a space charge, which slows down the faster ion and accelerates the slower ion, and
electroneutrality is preserved. These considerations are included in the Nernst–Planck equation. Thus, for any ionic species i,
the flux can be described by the following set of equations:

Jelectrical ¼ �
�DiF

RT

� �
zið Þ Ci

@f

@x

� �
(34:15a)

Jdiffusional ¼ �Di

@Ci

@x

� �
(34:15b)

Jnet ¼ Jelectrical þ Jdiffusional (34:15c)

The resulting net flux of the species is known as the Nernst–Planck equation, and it holds in ideal systems, for all mobile
species present. The set of Nernst–Planck equations must be solved under the appropriate conditions. In derivation of the
Nernst–Planck equation, convection and gradients of pressure and activity coefficients are not included.

34.2.5 TRANSPORT EQUATIONS

The fundamental conditions for coupled transport have been discussed in several papers [31,32]. The Nernst–Planck equation
can now be applied to the ionic species AzA and BzB. This flux can be described by a contribution of driving forces:
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JA ¼ ��DA

@qA
@x

þ zA

� �
qAð Þ F

RT

� �
@w

@x

� �
(34:16a)

JB ¼ ��DB

@qB
@x

þ zB

� �
qBð Þ F

RT

� �
@w

@x

� �
(34:16b)

where
J and q are the flux and the concentration of ions in the ion-exchange membrane, respectively
F, R, T, and f are Faraday’s constant, gas constant, temperature, and electrical potential, respectively
x is the distance in the membrane, perpendicular to the plane of the membrane surface
�D is the self-diffusion coefficient of the diffusing ions

As a special case, when the ions of interest are Al3þ and Hþ, these equations become

JAl ¼ ��DAl

@qAl
@x

þ zAl

� �
qAlð Þ F

RT

� �
@w

@x

� �
(34:16c)

JH ¼ ��DH

@qH
@x

þ zH

� �
qHð Þ F

RT

� �
@w

@x

� �
(34:16d)

where Al and H refer to Al3þ and Hþ ions.
By the principle of electroneutrality, the concentration of all counter ions is equal to those of fixed ions, namely the

exchange capacity (Q) throughout the membrane including its two surfaces, as represented by Equation 34.17:

zAqA þ zBqB ¼ Q (34:17a)

For the case of Al3þ–Hþ coupled transport, this translates to

zHqH þ zAlqAl ¼ Q (34:17b)

where
z refers to the charge on the ion
Q is the exchange capacity of the membrane

Because of the condition of zero current, the sum of the flux of feed ions JA and that of the driving ions JB is zero:

zAJA þ zBJB ¼ 0 (34:18a)

For the Al3þ–Hþ system, this is represented as

zHJH þ zAlJAl ¼ 0 (34:18b)

Using Equations 34.16 through 34.18, the transfer of feed ion A can be described by

JA ¼ ��DA
�DB

z2AqA þ z2BqB
z2AqA �DA þ z2BqB �DB

� �
@qA
@x

(34:19a)

which for the case of Al3þ–Hþ pair is given by

JAl ¼ ��DH
�DAl

z2HqH þ z2AlqAl
z2HqH �DH þ z2AlqAl �DAl

� �
@qAl
@x

(34:19b)

Diffusion processes are often described by Fick’s first law [33]. For coupled transport, Fick’s law can be written as

JA ¼ ��DA,B
@qA
@x

� �
(34:20a)
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which describes the coupled interdiffusion of A and B in terms of one diffusion coefficient:

�DA,B ¼ �DA
�DB

z2AqA þ z2BqB
z2AqA �DA þ z2BqB �DB

� �
(34:20b)

This ‘‘interdiffusion coefficient’’ parameter �DA,B for the Al3þ–Hþ ion pair system can be represented as

�DAl,H ¼ �DAl
�DH

z2HqH þ z2AlqAl
z2HqH �DH þ z2AlqAl �DAl

� �
(34:20c)

Another important point in this mathematical treatment is that the total equivalent strength of the feed and the sweep solution
remains conserved in the transfer, as shown

zACA,I þ zBCB,I ¼ CT,I (34:21a)

zACA,II þ zBCB,II ¼ CT,II (34:21b)

where CT refers to the total equivalent strength of solution expressed in moles per cubic millimeter.
Once again, the equation can be extended to the Al3þ–Hþ ion pair as follows:

zAlCAl,I þ zH,ICH,I ¼ CT,I (34:21c)

zAlCAl,II þ zH,ICH,II ¼ CT,II (34:21d)

Another important term in this discussion is the equivalent ionic fraction of Al3þ which can be written as

xAl ¼ zAlCAl

CT

(34:22a)

yAl ¼ zAlqAl
Q

(34:22b)

They will be different in cell I and cell II. Equation 34.14b, used to define the selectivity coefficient, can now be rewritten in
terms of the equivalent ionic fraction as follows:

KAl
H ¼ yzHAl

1� yAlð ÞzAl
� �

1� xAlð ÞzAl
xzHAl

� �
C zAl�zHð Þ
T

Q zAl�zHð Þ

" #
(34:23)

34.2.6 DONNAN MEMBRANE PROCESS: ASSUMPTIONS

The following assumptions have been made in the DMP treatment:

1. Diffusional resistance under experiment conditions lies entirely in the membrane phase i.e., intramembrane solute
transport is the rate-limiting step [34].

2. Amount of co-ions (anions) in the membrane is negligibly small compared to its ion-exchange capacity. i.e., Donnan
co-ion exclusion principle is valid.

3. Local equilibrium is assumed at the membrane–water interface.
4. Due to equilibrium conditions at the interface, the electrochemical potential of the electrolyte solution is the same as

that of the membrane surface contacting it.
5. Amount of ions in the membrane is negligible compared to the amount in the solution.

34.2.7 FUNDAMENTALS OF ALUM RECOVERY

The alum recovery process can be conceptualized as in Figure 34.3. Initially, some amount of acid is added to the WTR, to
dissolve a portion of the residuals in the aqueous phase and to release Al3þ ions from the solid phase. The resulting solution
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constitutes the feed side of the membrane. The sweep side consists of sulfuric or hydrochloric acid (HCl), which supplies
hydrogen ions for counter transport. The salient features of the process, as can be seen from this figure are

. H2SO4 or HCl sweep solution allows both dissolution of Al(OH)3(s) and selective Al3þ recovery through the
semipermeable cation-exchange membrane. No pressure differential is required across the membrane.

. Anions (chloride, sulfate, and dissolved organic molecules) cannot permeate through the membrane, and therefore
their concentrations on each side remain practically unchanged. The cation-exchange membrane also rejects large-
sized neutral organic molecules.

. Process does not have any moving parts and is, therefore, operationally simple. The cation-exchange membranes are
chemically stable over the entire range of pH and mechanically strong.

. Since pressure is not the driving force in this process, a high concentration of solids in WTR does not foul the
membrane or affect its performance.

The only expendable chemical used in the DMP is H2SO4 or HCl. It is hypothesized that the application of this process in plants
would be beneficial in

. Concentrating aluminum ions in the recovered solution

. Achieving near-complete rejection of NOM or DOC

. Reducing carryover of heavy metals such as copper, zinc, etc., into the recovered alum by offering greater transport to
trivalent aluminum ions overs these bivalent ions

. Reusing recovered alum as a coagulant in the same plant without the possibility of THM formation upon chlorination

. Reducing the volume of the residuals and the cost of its disposal

A practical application of this process could be in setting up a counter-current flow of acidified water treatment residual feed
against an acid sweep solution through a stack of cation-exchange membranes. The process schematic is shown in Figure 34.4 [35].
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FIGURE 34.3 Schematic of the DMP illustrating the underlying principles.
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34.2.8 SOLVED EXAMPLE FOR DMP APPLICATION

Consider a situation with the following initial conditions:

Cell I volume: 6 L
Cell II volume: 2 L
CH,I: 0.001 M
CAl,I: 0.074 M
CH,II: 2.000 M
CAl,II: 0.000 M

If m moles of Al3þ were transferred from cell I to cell II until Donnan equilibrium was achieved, it would mean that 3m moles
of Hþ would be transferred from cell II to cell I, as the number of equivalents will be preserved in both the cells to maintain zero
current conditions. This transfer would satisfy the conditions of Equation 34.5. Substituting for the valence term in this
equation, m can be calculated. It would lead to the following values at equilibrium:

CH,I: 0.221 M
CAl,I: 0.001 M
CH,II: 1.343 M
CAl,II: 0.219 M

From this example, it can be concluded that over 98% of Al3þ ions are recovered in the sweep solution and the sweep-to-feed
concentration ratio CAl,II=CAl,I equal to 220 suggests that the recovered ion is also concentrated.

34.2.9 STEPWISE MODELING PROTOCOL

Experimental results from our previous studies [26] demonstrated that the diffusional resistance in the liquid phase is negligible
under representative experimental conditions and intramembrane transport is the rate-limiting step for the alum recovery
process. The following provides a stepwise protocol for the determination of self-diffusion coefficient values and the alum
recovery rate for the DMP.

Al3+ Al3+ Al3+

H+ H+ H+

Membrane 
stack 

WTR
 solution  

Acid sweep
solution  

Acid sweep solution 
Initial: No aluminum ions  

Final: 4,000–10,000 mg/L Al3+ acidic
solution. Over 70% aluminum ions

transferred. Virtually free of dissolved 
organic matters, suspended solids,

 and toxic metals  

Initial: Al3+ rich with aluminum
hydroxide, NOM, and suspended solids
Final: Insoluble suspended solids and 

aluminum ions reduced over 70%  

Al(OH)
3
(s)

WTR solution

FIGURE 34.4 Process flow diagram for a DMP unit.
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Step 1: Ion-exchange capacity and Al3þ=Hþ isotherm data
The ion-exchange capacity of the membranes is determined using the standard protocols [36]. Equilibrium data for equivalent
ionic fractions of Al3þ and Hþ in the aqueous phase and the corresponding fraction in the membrane phase are then
experimentally determined for a given total ionic concentration CT expressed in eq=m3. Average selectivity value is subse-
quently generated using Equation 34.14b.

Step 2: Determination of aluminum flux
A 24 h experiment (Run 1) is performed for a given feed and sweep solution to generate concentration values of Al3þ in the two
solutions at different times. From these concentration values, the average flux data between time t1 and t2 can be generated
using the following equation:

JAl ¼
CAl,sweep,t2 � CAl,sweep,t1

� �
Vsweep

t2 � t1ð ÞA (34:24)

where
A is the membrane area of exchange
Vsweep is the volume of sweep solution

Step 3: Determination of interdiffusion coefficient
Once the flux data are available, the average interdiffusion coefficient during that time is given by Equation 34.25 as

JAl ¼ ��DAl,H
qAl,I � qAl,II

L

� �
(34:25)

Local equilibrium is assumed at the membrane–water interface. Thus, qAl values at both the feed surface (qAl,I) and the sweep
surface (qAl,II) can be computed using the computed average selectivity coefficient value in Step 1 and the known aqueous
phase compositions from Step 2. Since JAl, qAl,I, qAl,II, and the membrane thickness L are known, the interdiffusion coefficient
�DAl,H can be calculated. Note that �DAl,H is not constant and it changes with time with the change in membrane composition.

Step 4: Determination of membrane phase self-diffusion coefficient values
Equation 34.20c can be arranged as follows:

1
�DAl,H

¼ 1
�DAl

þ
�DAl � �DH

�DH
�DAl

1

1þ z2
H

z2
Al

� �
qH
qAl

� �
2
4

3
5 (34:26)

Considering zH¼ 1, zAl¼ 3, and yAlþ yH¼ 1, Equation 34.26 becomes

1
�DAl,H

¼ 1
�DAl

þ
�DAl � �DH

�DH
�DAl

1

1þ 1
9

1�yAl
yAl

� �
2
4

3
5 (34:27)

From experimental data, the values of 1
�DAl,H

are plotted against 1

1þ1
9

1�yAl
yAl

� �. Since the membrane has a high selectivity for trivalent

aluminum ion over monovalent hydrogen ion, Hþ ions are essentially the minor species within the membrane phase. The
intercept of Equation 34.27 can be used to calculate �DAl and it can be substituted in the expression for slope to obtain �DH.
This approach can only be applied as a first approximation, as overall interdiffusion coefficient has been used to represent the
interdiffusion coefficient value on a membrane surface. This assumption is not true, since interdiffusion coefficient is a function
of ionic distribution and is unique at each point across the membrane. It is hypothesized in this model that while the true value
of self-diffusion coefficient �DAl and �DH needs to be calculated separately from the model, the relative deviation from the true
value in the linear regression approach described in Equation 34.27 is the same for both Al3þ and Hþ. Therefore, the ratio
�DAl=�DH determined from the plot for Equation 34.27 is the same as the ratio for the true values obtained from the model.

Step 5: Aluminum ion concentration profile
A numerical integration technique is applied to calculate the aluminum ion concentration at intermediate times. The
input parameters are (1) initial concentration of the ions in the feed and the sweep solutions, CAl,feed, CAl,sweep, CH,feed, and
CH,sweep, (2) volume of the two solutions, Vfeed and Vsweep, (3) area of exchange A, (4) self-diffusion coefficient �DAl and �DAl=�DH

determined from Step 4, and (5) wet membrane thickness, L. Two sets of equations are generated from the isotherm plot for
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feed and sweep conditions, relating the ionic fraction of Al3þ in the membrane phase to that in the aqueous phase. These
equations coupled with the Nernst–Planck equations discussed in the theory are applied in a model that uses �DAl as an operating
parameter to predict Al3þ concentration profile in the feed and sweep solutions.

Step 6: Osmosis effect
To incorporate dilution effect, a separate experiment is carried out with known concentration of NaCl on the sweep side and
deionized water on the feed side of the membrane to determine the osmosis of water. Water flux is related to the difference in
electrolyte strength of the two solutions and has been validated in previous studies [37]. For the current work, it can be assumed
that the water flux Ĵosmosis (m

3=m2 h) is proportional to the difference of ionic concentration in the two solutions.

Ĵosmosis ¼ Kosmosis DC (34:28)

where

DC¼Csweep�Cfeed

C is the summation of molar concentration of all ionic species in the given solution
kosmosis is the proportionality constant or the ‘‘osmosis parameter’’

The value of kosmosis was determined from this experiment as 1.13� 10�7 m4=mol h and was used in the modeling program.

34.3 ROLE OF MEMBRANE STRUCTURE

An investigation into the transport of exchanging ions in the DMP application for alum recovery should consider the
structure of the membrane, as the transport of ions is related to the resistance offered in the membrane phase. On the
basis of the structure and method of preparation, two different types of ion-exchange membranes have been identified.
Homogeneous membranes are coherent ion-exchanger gels. Heterogeneous membranes consist of colloidal ion-exchanger
particles embedded in an inert binder. Methods of preparing these membranes are different and are available in the open
literature [38].

Several researchers have studied the influence of nonuniformity of ion-exchange membranes on various transport properties
of membranes such as electrical conductivity, transport numbers, and diffusion permeability [39–41]. A membrane may
be considered to be a system of two or more phases. Timashev [42] proposed a two-phase model with a hydrophobic
backbone and a hydrophilic ion-exchange group, including sorbed water. Zabolotsky and Nikonenko [43] suggested that
a membrane could be represented as a combination of a conducting phase and a nonconducting phase. The conducting phase or
the gel phase comprised a relatively uniform distribution of ionogenic groups, hydrophilic parts of the matrix polymer chains,
and an electroneutral solution filling the interstices between these elements in the gel phase. The nonconducting phase or the
inert phase formed from the hydrophobic parts of the polymer matrix or from the inert binder introduced during the synthesis
stage. It can therefore be stated that the membrane morphology is represented by two constituents or phases:

1. Conducting fraction fgel that includes the conducting gel or hydrophilic phase with ionogenic groups
2. Nonconducting fraction finert that includes the nonconducting polymer matrix and inert binding without ionogenic

groups

In a homogeneous membrane, the nonconducting fraction finert is much lower than in a heterogeneous membrane. Homo-
geneous membranes are therefore coherent ion-exchanger gels and heterogeneous membranes consist of colloidal ion-
exchanger particles embedded in an inert binder. Conceptually, this information can be represented in Figure 34.5a and
34.5b. Figure 34.5a depicts the distribution of the ionogenic groups within a homogeneous membrane while Figure 34.5b
represents the same inside a heterogeneous membrane. It may be noted that the nonconducting inert fraction finert is significantly
greater within the heterogeneous membrane. Under nonequilibrium conditions, a diffusing cation hops from one charged site to
the next within the membrane and that constitutes the primary ion transport mechanism for homogeneous membranes as
illustrated in Figure 34.6a. For heterogeneous membranes, the nonconducting or inert fraction offers resistance to ion transport
in the following two ways: first, tortuosity or the path length of ion transfer through the membrane is increased; and second,
the stagnant inert phase with minimal or no ionogenic groups is always less conducive to transport of ions. For counter transport
of aluminum and hydrogen ions in a heterogeneous membrane, Figure 34.6b illustrates the foregoing effects of the inert phase.
In this study, a homogeneous cation-exchange membrane, Nafion 117 from DuPont, Delaware, and a heterogeneous mem-
brane, Ionac MC 3470 from Sybron Chemicals, New Jersey, were used. A series of laboratory experiments were carried out to
compare the alum recovery from WTR using these two membranes.
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34.4 DIFFUSION DIALYSIS: RAISING PH OF RESIDUAL WTR

The residual feed, low in Al3þ content, has a low pH. Its pH needs to be raised before the residuals are discharged. While an
obvious solution is to add lime to raise the pH, in the current research work, a novel application of another membrane process,
diffusion dialysis, was tried. Diffusion dialysis has been applied earlier to recover spent acid [23,24]. It was first applied during
the 1950–1960s [44–46]. In this process, an anion-exchange membrane separates an acid-rich solution from an acid-deficient
solution. The anion-exchange membrane is impermeable to all cations except Hþ ions. They leak through the membrane as
neutral acid molecules under the influence of a chemical potential gradient. It is hypothesized that if diffusion dialysis process is
applied in a process in which posttreatment residual feed is separated from fresh WTR solution using anion-exchange
membranes, the acid molecules will leak from the residual feed side to the fresh feed side. In the process, the pH of the
residual feed will rise and the fresh feed pH will drop, thereby dissolving aluminum ions locked up in the solid phase.
Operationally, this process is similar to the DMP shown in Figure 34.5, except that a stack of anion-exchange membranes
replaces the cation-exchange membranes and the transport process entails movement of neutral acid molecules from residual
feed solution (emerging from a recently completed DMP) to a solution of fresh feed, which is later treated in the DMP. The two
processes can be combined together conceptually, as shown in Figure 34.7.

Diffusion dialysis relies on the difference in chemical potential of species on either side of a membrane and external power
is only required to circulate the solutions. The separation of acid from its electrolyte solution is achieved by using an anion-
exchange membrane. The membrane allows the selective transport of anions across the membrane, while ideally remaining
impermeable to cations other than protons. Proton leakage takes place due to its high mobility. This migration takes place by
both diffusion and by transfer from a water molecule to another through a mechanism referred to as the Grotthus mechanism
[47]. The goal of the diffusion dialysis process is to raise the pH of the residual feed before its disposal and to simultaneously

Homogeneous
membrane Heterogeneous

membrane   

fgel: Gel phase
       containing gel or
       hydrophilic phase with
       ionogenic groups    

f inert: Inert phase containing
         non charged polymer 
         matrix and inert
         binding     

(a) (b)

FIGURE 34.5 Conceptualized distribution of ionogenic groups within cation-exchange membranes for (a) homogeneous membrane and
(b) heterogeneous membrane.

(b) Heterogeneous membrane 

Movement of ions through ionogenic groups 

Movement of ions through inert phase 

Feed side

Al3+

Sweep side 

H+

(a) Homogeneous membrane

Sweep side Feed side

Al3+ 
H+

FIGURE 34.6 Counter transport of (a) Al3þ and (b) Hþ through homogeneous and heterogeneous membranes.
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dissolve Al3þ ions in the fresh feed. This implies that the acid should diffuse fast enough through the anion-exchange
membrane. The kinetics of the process plays an important role. It therefore depends on the choice of the acid used in the
diffusion dialysis process and the choice of membrane. Some acids tend to diffuse faster than others and some membranes offer
lower resistance to the diffusion process. A parameter often employed to determine the transfer kinetics is the dialysis
coefficient, U.

34.4.1 DIFFUSION DIALYSIS COEFFICIENT

The dialysis coefficient U for a given component in solution in diffusion dialysis cell is given by the amount of the component
that is transported per unit active membrane area, per unit time, and per unit concentration difference of the component. This
translates into the following equation:

U ¼ W

AtMð Þ (34:29a)

where
W is the amount of the component transported in moles
A is the active membrane area in square meters
t is the time in hours

For specific acids, it can be expressed as

UH2SO4
¼ WH2SO4

AtMH2SO4
ð Þ (34:29b)

H+

Al3+

H2SO4

Fresh acid sweep solution
without alum  

Fresh alum feed; pH 7.0 

Fresh alum feed; pH 4.0 

Acid added for 
digestion 

Acid sweep solution with
recovered alum  

Residual alum-free solution; pH 3.0 for
discharge  

Residual alum-free solution; pH 1.5

DMP unit 

Cation-exchange 
membrane 

Anion-exchange 
membrane 

DD unit 

FIGURE 34.7 Integrated process comprising a DMP unit and a diffusion dialysis unit.
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UHCl ¼ WHCl

AtMHClð Þ (34:29c)

where M is the log-mean concentration difference expressed as

M ¼ Cf ,0 � Cp,t � Cf ,t
� �

ln
Cf ,0�Cp,t

Cf ,t

� � (34:29d)

where
Cf,0 is the concentration of the feed solution at time 0
Cp,t is the concentration of the permeate solution at time t
Cf,t is the concentration of the feed solution at time t [48]

The numerator term is not equal to zero because of volume changes that occur in cell chambers caused by water transport
across the membrane during the experiment. The selectivity of the membrane for one acid over another can be described as

KH2SO4

HCl ¼ UH2SO4

UHCl

(34:30)

Knowledge of the selectivity and diffusion dialysis coefficient can be used to determine the membrane that offers lower
resistance to acid diffusion. It also helps in determining the faster-diffusing acid.

34.5 MATERIALS AND METHODS

34.5.1 FEED AND RECOVERY SOLUTIONS

The feed consisted of WTR collected from the Allentown Water Treatment Plant (AWTP) (Allentown, Pennsylvania) and the
Baxter Plant (Philadelphia, Pennsylvania). The former uses alum as a coagulant and the latter applies ferric chloride in
the coagulation process. Total suspended solids content of the WTR obtained from the AWTP varied between 2% and 4%
mass per volume. In some experiments, synthetic feed solutions were prepared using aluminum sulfate (Fisher Scientific,
Bethlehem, Pennsylvania) and ferric chloride (Sigma Chemicals, Bethlehem, Pennsylvania). The recovery side solution
consisted of 10% (2N) H2SO4 purchased from E M Science, Bethlehem, Pennsylvania. To investigate the effect of turbidity
on solute flux and membrane fouling, fine (<200 mesh size) inert glass powder (Potters Industries, Valley Forge, Pennsylvania,
Product number: 6000) was used as the source of turbidity.

34.5.2 DONNAN MEMBRANE CELL

The Donnan membrane cell was made of Plexiglas, partitioned into two chambers, as shown in Figure 34.8 with dimensions
L¼ 30 cm, W¼ 7 cm, and H¼ 40 cm. Fixed volumes of feed (WTR) and recovery (acid) solutions were used for every run;

Feed side 

Recovery 
side 

Cation-exchange
Membrane: Nafion 117   

FIGURE 34.8 Laboratory setup for a variable volume Donnan membrane cell.
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the ratio of WTR volume to acid volume could be adjusted independently in the test cell. Solutions in both chambers were
agitated using instrument quality compressed air at 1 psi g.

34.5.3 EXCHANGE MEMBRANE

The cation-exchange membranes used in the experiments were the homogeneous Nafion 117 from Dupont and the heteroge-
neous Ionac MC 3470. Pertinent details are provided in Table 34.2. The exchange capacity data were determined in the
laboratory following standard experimental protocols [31,36].

34.5.4 EXPERIMENTAL PROCEDURE AND ANALYTICAL TECHNIQUES

The feed was allowed to exchange aluminum ions with hydrogen ions from the recovery solution for a period of 10–72 h,
depending on the objective of each experiment. Samples were collected at regular intervals from both feed and the recovery
side. Aluminum was analyzed using UV-VIS spectrophotometer. This analysis involved the eriochrome cyanine R method
described in Ref. [49]. Other metals such as iron, copper, magnesium, arsenic, and zinc were analyzed with an atomic
absorption spectrometer (Perkin Elmer: Model AA100 and Perkin Elmer: Model SIMAA 6000). The DOC was measured
using a TOC Analyzer (Dohrman: Model DC-190) and sulfate ions were analyzed for Donnan exclusion using a dionex ion
chromatograph (Model 4500i).

34.5.5 JAR TESTS: EVALUATION OF RECOVERED ALUM AS A COAGULANT

Jar tests were conducted to evaluate the coagulation efficiency of the recovered alum. For the purpose of comparison,
commercial alum obtained from AWTP and mixed alum (50% recovered alum and 50% commercial alum) were employed
as coagulants in jar tests. The water from the Little Lehigh River, which is the primary water source of the AWTP, was used to
examine the coagulation efficiency of recovered alum. During the jar tests, predetermined doses (for a typical water treatment
plant) were added into beakers, which contained 1.0 L of the AWTP water. After stirring and subsequent settling, samples of
water were collected from the top (within 2 in. from the surface) of every beaker and analyzed.

34.5.6 HYDROPHILICITY OF MEMBRANES

Experiments were performed to measure the hydrophilicity of the membranes. For this purpose, the two membranes, Nafion
117 and Ionac MC 3470, were dipped in the WTR solution for over 48 h. Samples were viewed under a goniometer (an
instrument used to measure contact angles of droplets placed on a substrate surface to indicate surface energies=wetting
capabilities), to measure the contact angle of water with the membrane surface. For this purpose, a small sheet of the membrane
surface was kept under observation, a drop of water added by a syringe on the surface, and the drop allowed to settle for a few
minutes. The contact angle made by the drop with the surface was measured manually. The angle was compared against that for
a standard hydrophobic material. For this purpose, PTFE sheet was used. Figure 34.9 shows the different contact angles for the
three surfaces. It can be observed that the contact angle for Nafion 117 surface is the lowest at 608, for Ionac MC 3470 surface it
is approximately 708, and the PTFE surface has a contact angle of approximately 1208. This result is an indication of the
hydrophilic nature of the two membranes and it suggests that the cation-exchange membranes may be resistant to membrane
fouling by hydrophobic NOM during the DMP.

34.5.7 EXCHANGE CAPACITY (Q) OF MEMBRANES

For exchange capacity determination of Nafion membranes, a 10� 10 cm membrane was completely converted to Naþ form by
allowing it to exchange with 2N NaCl solution for 48 h in two consecutive experimental runs of 24 h each. The membrane was
cleaned thoroughly in deionized water, dried with filter paper, and then stripped of Naþ ions in two batches by exchanging with

TABLE 34.2
Properties of Ionac 3470 and Nafion 117 Membranes

Type Heterogeneousa Homogeneousa

Ionic form as shipped Naþa Hþa

Exchange capacity (wet basis) 1896 eq=m3 1372 eq=m3

Membrane thickness (wet basis) 0.466 mma 0.200 mma

Reinforcement Inert bindinga No reinforcementa

a Information obtained from www.dupont.com and www.sybronchemicals.com.
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Hþ ions in a 2N H2SO4 solution for 48 h, as before. Naþ concentration was measured using an atomic absorption spectrometer
(Perkin Elmer Model 2380). The expansion of membrane was taken into consideration in calculating the exchange capacity of
the wet membrane. For Ionac MC 3470, the exchange capacity was determined the same way, keeping in mind that the
membrane was originally in the Naþ form and that it needed just one stripping step to get the Naþ ions in solution. The
expansion in aqueous phase was taken into account in this case too.

34.5.8 ISOTHERM PLOT GENERATION

The membrane was converted to the Hþ form and dipped in an Al3þ–Hþ electrolyte solution of known strength CT and the
solution was stirred for 24 h to attain equilibrium. Aluminum ion uptake by the membrane was determined by mass balance.
Several sets of such equilibrium experiments were carried out using different masses=areas of both Nafion 117 and Ionac MC
3470. From these experiments, it was possible to determine yAl. Four values of xAl were selected and the experiment was run for
different CT values such as 50, 1000, and 2000 meq=L (or eq=m3) in case of Nafion 117. For Ionac MC 3470, the same was
carried out with the CT value of 50 meq=L.

34.5.9 SEM–XRF ANALYSIS AND ANALYTICAL TECHNIQUE

A 1
2
00 by 1

2
00 square piece of the two membranes was taken and converted to the Naþ form. Since the Sybron membranes are

available in the Naþ form, they were treated ‘‘as received’’. For Nafion 117, the membrane was converted to the Naþ form. For
this purpose, the membrane was dipped in 2% NaOH solution (for 30 min, stir) followed by DI water wash (or soak), and then
rinsed. The process was repeated three times with ‘‘fresh’’ NaOH. For each treatment step 200 ml of 2% NaOH was used. Once
the membrane was converted to the Naþ form, it was dried, a cross-section of the sample taken, and mounted for scanning
electron microscopy (SEM). A dot-map of Naþ was performed using x-ray fluorescence (XRF). The sample was taken from the
sample’s center to eliminate edge effect. The Sybron membrane was also soaked in DI water, and after hydration the membrane
was air dried before preparing a cross-section sample for analysis. Aluminum ion was analyzed using UV-VIS spectrometer as
before. For pH measurement, Fisher Scientific Accumet pH meter 900 was used. All experiments were conducted at ambient
temperature and no significant difference in temperature was noticed between the feed and sweep samples. SEM–XRF analysis
was carried out with ThermoNORAN Quest, which is a combination of SEM and XRF.

Nafion 117: Contact angle = 60�(a)  Ionac MC 3470: Contact angle = 71�(b) 

PTFE: Contact angle = 118�(c) 

FIGURE 34.9 Contact angle as a measure of hydrophilicity of (a) Nafion 117, (b) Ionac MC 3470, and (c) PTFE.
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34.6 RESULTS AND DISCUSSION

34.6.1 ALUM RECOVERY FROM WTR

In the Donnan membrane cell, the feed side of the membrane contained 6.0 L of the decanted and slightly acidified WTR
collected from the AWTP while the recovery side contained 1.5 L of 10% H2SO4 solution. Figure 34.10 shows the results of the
process for a period of 24 h; the percentage of aluminum recovery and the concentration of aluminum in the two chambers
were plotted against time. It can be seen that over 70% recovery (72%) was attained in 24 h. The noteworthy observation is
that the recovered aluminum concentration was 6650 mg=L as Al, and it was significantly greater than the total aluminum
concentration (2400 mg=l) present in the parent sludge, as it was recovered in a volume which was four times smaller.
Figure 34.11 provides a detailed composition of the recovered alum from the DMP. Besides Al(III) and Fe(III), other
contaminants are present only in trace concentrations. It is noteworthy that the recovered alum did not contain any suspended
solids while NOM expressed as DOC was consistently less than 5 mg=L. The ratio of individual contaminants to aluminum in
the recovered alum was comparable and in some cases lower than in the commercial alum currently being used in AWTP.

34.6.2 DONNAN EXCLUSION AND FOULING

One of the primary attributes of the DMP is its ability to exclude anions, NOM, and particulate matter while recovering
aluminum from the WTR without being fouled. Figure 34.12a and 34.12b shows the DOC and sulfate (SO4

2�) concentrations in
the feed side and recovery side of Donnan membrane cell for a run that lasted 72 h. DOC is a measure of NOM in the aqueous
phase, and these figures show that both DOC and sulfate remained nearly constant on both sides. DOC concentration in
the recovered alum was consistently less than 5 mg=L while the same in the feed side was over 150 mg=L. Likewise, sulfate
concentration was close to 2000 meq=L on the recovered solution side and about 200 meq=L on the feed side during the
course of the experiment, which implied that the cation-exchange membrane disallowed permeation of NOM and sulfate from
one side to the other, validating the premise of the Donnan co-ion exclusion.

Specific experiments were carried out to confirm possible fouling of membranes caused by NOM and particulate matter.
During the course of this study, the same Nafion membrane was used repeatedly. The color of the membrane surface turned
dark but no noticeable impairment of aluminum flux was observed even after prolonged usage. Figure 34.13 shows the results
of two successive runs with a membrane already used in the laboratory for nearly three months. The same feed obtained
from AWTP was used for both the runs. Figure 34.13 demonstrates that the rate of increase in aluminum concentration with
time in the recovery side was slightly lower during the second run but the overall alum recovery essentially remained the same
after 9 h of operation.

To investigate the effect of turbidity independently, two parallel Donnan recovery runs were carried out. During the first
run, the synthetic alum feed solution was free of any turbidity while for the second run, 6000 mg=L turbidity was introduced
into the feed compartment as fine glass powders with sizes in the vicinity of 1 mm. All other conditions were exactly the same
for the two runs. High turbidity in the feed side did not impair the rate of alum recovery, as evidenced from the experimental
results in Figure 34.14.

34.6.3 FE(III) RECOVERY

Ferric salts (chloride or sulfate) are also used as coagulants in water treatment plants [50], and the resulting ferric hydroxide
precipitates constitute a major portion of the clarifier sludge or WTR. In principle, the DMP is capable of selectively recovering
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FIGURE 34.10 Aluminum recovery from the AWTP residuals during the DMP: decrease in Al concentration in feed, percentage recovery,
and increase in Al concentration in recovery solution.
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FIGURE 34.11 Composition of alum recovered from the AWTP using the DMP.

(a)

0
0 20 40 60 80

50

100

150

200

250

Time (h)

D
O

C
 c

on
ce

nt
ra

tio
n 

(m
g 

/L
) WTR feed side 

Acid recovery solution side 

(b)

0 20 40 60 80
0

500

1000

1500

2000

2500

Time (h)

S
ul

fa
te

 c
on

ce
nt

ra
tio

n 
(m

eq
/L

)

WTR feed side 

Acid recovery solution side 

FIGURE 34.12 (a) DOC concentration in feed and recovery solution during an experimental run using the AWTP residuals and (b) sulfate
concentration in feed and recovery solution during the same run.
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FIGURE 34.13 Aluminum recovery in two consecutive runs with WTR obtained from the AWTP.
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Fe(III) coagulants from these WTR as well. To validate the same, the WTR from the Baxter plant (Philadelphia, Pennsylvania),
which utilized FeCl3 as coagulant, was used in several test runs. Figure 34.15 shows percentage Fe(III) recovery and the
concentration of Fe(III) in the feed and recovery side with time. Nearly 75% recovery is attained in 24 h. The resulting Fe(III) is
essentially free of NOM, particulate matter, and other impurities.

Figure 34.16a and 34.16b shows the visual comparison of recovered coagulants, both alum and ferric sulfate, between
traditional acid digestion process and the DMP. Higher transparency of the coagulants from AWTP and the Baxter Plant,
recovered by DMP, is readily noticeable due to the absence of turbidity and NOM. Two separate runs were carried out using
synthetic solutions of aluminum sulfate and ferric chloride under otherwise identical conditions. Figure 34.17 shows that the
percentage or fractional recovery of Fe(III) or Al(III) remains essentially the same i.e., the process is equally effective for
concentrating any trivalent cation.

34.6.4 RELATIVE CARRYOVER

Besides Al(III) and Fe(III), undesirable solutes and NOM also get carried over to the recovered solution. Relative carryover
(hR) of substance i with respect to Al is defined as the following dimensionless variable:

hR ¼ Ci
R

CAl
R

� �
CAl
F

Ci
F

� �
100 (34:31)

where
C represents concentrations
subscripts R and F denote the recovered solution and the WTR feed, respectively
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Figure 34.18 shows the percentage relative carryover i.e., hR values of DOC, Cu(II), Zn(II), and Mg(II). It is noted that
hR values are nearly zero for DOC and significantly less than aluminum for all divalent cations. For conventional acid
digestion process, no selective separation is achieved i.e., percentage hR values of all the contaminants are essentially the same
as that of Al(III).

34.6.5 RECOVERED ALUM AS A COAGULANT

Jar tests were conducted to evaluate the coagulation efficiency of the recovered alum. For the purpose of comparison,
commercial liquid alum that is currently in use at the AWTP and mixed alum (50% recovered alum and 50% commercial
alum) were employed as coagulants in the jar tests. Water from the Little Lehigh River, which is the primary raw water source
of the AWTP, was used for the test. A conventional jar-test apparatus was employed in the study. Figure 34.19 is a plot of
residual turbidity versus alum dosage. For dosages up to 40 mg=L alum, the mixed alum offered higher turbidity removal than
commercial alum, all other conditions remaining identical. It is noteworthy that DOC, Zn, As, and Cu were nondetectable in the
treated water.

34.6.6 EQUILIBRIUM ISOTHERM PLOT

The exchange capacity of Nafion 117 on a wet basis was calculated as 1372 eq=m3. The Nafion 117 isotherm plot for Al3þ–Hþ

equilibrium is shown in Figure 34.20a. The experimental data were generated for CT values of 50, 1000, and 2000 meq=L.
Using these plots and on the basis of selectivity coefficients calculated from Equation 34.14b, a theoretical plot for CT¼ 222
meq=L and CT¼ 2000 meq=L is obtained. These two CT values represent the electrolyte concentration in the experiments
performed. These plots were used in the model to predict theoretical concentrations in the feed and sweep solutions. It can be
seen from Figure 34.20a that for a low CT value of 50 meq=L, the isotherm is close to a rectangular plot. For higher CT values of
1000 and 2000 meq=L, the plot approaches linearity. The drop in selectivity with increasing values of CT is on predictable lines,

(a) (b)

FIGURE 34.16 Visual comparison of recovered alum coagulant from the AWTP residuals by acid digestion process (a) and DMP (b).
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as for a given ionic fraction in solution, the membrane fraction is inversely proportional to the square of CT, as observed in
Equation 34.23. This implies that with increasing CT, the isotherm plot approaches linearity and at a later stage, changes from
‘‘convex-up’’ configuration to ‘‘convex-down.’’

A study was done to compare the isotherm plots of Nafion 117 and Ionac MC 3470. The comparison in Figure 34.20b
shows that Nafion 117 has a more rectangular isotherm than Ionac MC 3470, indicating that the homogeneous membrane has a
higher selectivity for Al3þ ions. In fact, the average selectivity coefficient KH

Al was determined to be 3.21 for Nafion 117 and
0.11 (over 30 times lower) for Ionac MC 3470.

34.6.7 KINETIC TREATMENT OF ALUM RECOVERY IN NAFION 117

As discussed in Step 1 in the model, the exchange capacity for the membrane and the Al3þ–Hþ equilibrium isotherm data were
generated, as shown in Figure 34.20. Step 2 involved determining the aluminum ion recovery profile using a synthetic solution.
The recovery profile for an experiment labeled Run 1 is plotted in Figure 34.21. For this experiment, a feed solution of 6 L
(CT¼ 222 meq=L) and a sweep solution of 1.5 L (CT¼ 2000 meq=L) were used. In the same figure, aluminum flux, calculated
from Equation 34.24, is also shown. For a given feed and sweep aluminum ion fraction xAl determined from this experimental
run, the corresponding fraction yAl in the membrane surface exposed to the solution and its concentration was determined using
Figure 34.20a. With the aluminum ion transfer, flux data available, and the membrane thickness provided, it was possible to
determine the experimental interdiffusion coefficient value �DAl,H with the aid of Fick’s law in Equation 34.20a. This plot is
shown in Figure 34.22a. It must be noted that this value is only an approximate value of interdiffusion coefficient, as actual
values vary across the cross-section of the membrane with varying charge distribution. Using this approximate value of
interdiffusion coefficient, the linearization technique described in Step 4 in the modeling section was implemented. The values
of 1=�DAl,H from Run 1 were plotted against 1

1þ1
9

1�yAl
yAl

� � in Figure 34.22b for surface conditions on feed surface. This plot was

used to determine the initial self-diffusion coefficient values �DAl and �DH. This approach can only be applied as a first
approximation, as overall interdiffusion coefficient has been used to represent the interdiffusion coefficient value on feed
surface. The ratio �DAl=�DH was determined to be 35.0 and was fed into a modeling program. The process was iterated for Run 1
to determine the theoretical recovery. But the recovery was modified to take into account the osmosis effect in solutions. The
dilution effect was then imposed on the theoretical recovery plot to determine the sweep side concentration with osmosis.
The initial self-diffusion coefficient values, �DAl and �DH, determined from Figure 34.22b underpredicted the experimental
findings. So the process was iterated using �DAl as the operating parameter. When the results matched well with the experimental
plot for Run 1, the self-diffusion coefficient values obtained were

�DAl: 6:5� 10�12 m2=s and �DH: 2:28� 10�10 m2=s

Further to this, another experiment was carried out (Run 2). In this experiment, the feed volume was changed to 3 L (from 6
L in Run 1), sweep volume to 1 L (from 1.5 L), and the membrane area to 370 cm2 (from 415 cm2). It was observed that the
sweep side concentration profile for these self-diffusion coefficient values matched reasonably well with the experimental
findings [51]. The results are shown in Figure 34.22c. The self-diffusion coefficient of Hþ ions has been investigated earlier
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[37,52] and the current value is close to the values reported for the case of Neosepta C66-5T membrane by Miyoshi
(1.33� 10�10 m2=s) and Sudoh et al. (1.86� 10�10 m2=s). When self-diffusion coefficient values for Hþ and Al3þ ions in
Nafion 117 were compared with the values in the aqueous phase at infinite dilution [53], the ratio of �DNafion 117=DInfinite dilution

was found to be 1=41 and 1=93 for Hþ and Al3þ ions, respectively. Miyoshi [32] had earlier found in their work with Naþ, Kþ,
Ca2þ, Cu2þ, and Mg2þ ions during DMP that the drop in self-diffusion coefficient value in the membrane phase was higher for
the bivalent ions than for the monovalent ions. This point can be understood from the fact that in their movement across the
membrane, trivalent ions have to link themselves with three negative sites, to maintain electroneutrality, while monovalent ions
need to link with only one negative site. Therefore, the efficiency with which a multivalent ion hops within an exchange
membrane is significantly reduced in comparison with monovalent ions.

34.6.8 INTERDIFFUSION COEFFICIENT VARIATION ON MEMBRANE SURFACES

As mentioned earlier, the interdiffusion coefficient is a variable across the membrane and is dependent on Al3þ and Hþ

distribution across the membrane. Using the model, qH and qAl distribution on the two surfaces was determined for Run 1,
shown in Figure 34.23a. Data obtained from this finding were further used to calculate the flux variation with time. The results
were compared against the flux obtained from the experimental findings. It could be seen, as shown in Figure 34.23b, that the
flux values based on the interdiffusion coefficient �DAl,H,I for feed surface were very well correlated with the experimental flux
in comparison with the results obtained for sweep surface. This finding can be used to conclude that the ion transport for the
present case could be well represented by the Al3þ–Hþ distribution on feed surface, and that the charge distribution on this
surface along with the interdiffusion coefficient values on this surface determined the ion transport.

Another important point that can be noted is that the interdiffusion coefficient values are closer to the self-diffusion
coefficient value of Hþ ions and much higher than the values obtained for Al3þ ions, calculations showing that �DAl,H,I=�DAl

ranged from 35 (time t¼ 0 h) to 7 (time t¼ 24 h). In fact, the �DAl,H values are significantly greater than self-diffusion
coefficients of divalent and trivalent cations within a cation exchanger. For instance, the diffusion coefficient values for
multivalent ions in cation-exchange resins with 15% crosslinking range between 10�12 and 10�14 m2=s [34]. This observation
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of high interdiffusion coefficient (�DAl,H) value in Nafion 117 is counterintuitive and the following provides a scientific
explanation for high �DAl,H values observed.

The composition of the membrane with respect to Al3þ and Hþ content (i.e., qAl and qH) varies across the membrane,
influencing the Al3þ–Hþ interdiffusion coefficient as discussed earlier in Equation 34.20c and revised as below:

�DAl,H ¼ �DH
�DAl

qH þ 9qAl
qH �DH þ 9qAl �DAl

� �
(34:32)

The relative distribution of Al3þ and Hþ in the membrane governs the value of �DAl,H. Nafion is a strong-acid cation-exchange
membrane and exhibits significantly greater affinity for ions with higher valence. Equilibrium experiments revealed earlier that
binary separation factor, which is a measure of relative affinity for two competing ions for an ion exchanger was equal to 70 for
Al3þ over Hþ for Nafion 117 at 50 meq=L solution concentration. Thus, at anytime during the process, qAl is significantly
greater than qH within the ion-exchange membrane. In fact, the qAl,l=Q value on feed surface was never below 0.75 during the
entire period of the experiment. Considering the extreme case where hydrogen ion is essentially a trace species compared to
aluminum ion, i.e., qAl � qH, Equation 34.32 reduces to

�DAl,H ¼ �DH (34:33)
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For the alum recovery process, the Hþ ion is a minor species within the membrane. Consequently, the value of interdiffusion
coefficient �DAl,H approaches that of the faster-diffusing hydrogen ion, �DH. The composition of the membrane changes with
the progress of the process, thus altering the �DAl,H values, but they always remain significantly greater than the self-
diffusion coefficient of aluminum ions. From an application viewpoint, this phenomenon leads to a high mass transfer or
alum recovery rate.

34.6.9 SELF-DIFFUSION COEFFICIENT COMPARISON IN NAFION 117 AND IONAC MC 3470

Experiments were carried out with Ionac MC 3470 to determine the self-diffusion coefficient values for Hþ and Al3þ in the
coupled transport. Data points were used from the experiment involving 2N acid sweep solution in Figure 34.24b, presented
later. These values formed the basis for aluminum transport rate or flux (JAl) calculation at different time intervals. The
equilibrium data generated in Figure 34.20b were used in conjunction with Equation 34.25 to determine the interdiffusion
coefficient values. Local equilibrium was assumed at the membrane–water interface. Figure 34.24a shows computed �DAl,H

values for this membrane. When compared with �DAl,H values for Nafion 117, it was noticed that the drop in interdiffusion
coefficient values was not so steep, indicative of slow kinetics. The model discussed earlier was applied to determine the
self-diffusion coefficient values of aluminum and hydrogen ions in Ionac MC 3470 membrane. A notable point was that the
osmosis effect was not taken into account in this case, as no significant osmosis was observed in a separate experiment.
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Two experiments were carried out. Run 1 is the standard run and is the basis for generation of Figure 34.24a. In Run 2, a 2 L
sweep solution was used instead of 1 L to verify the findings from Run 1. The findings from the model are presented in Figure
34.24b. The self-diffusion coefficient values were determined to be

�DAl: 5.00� 10�13 m2=s
�DH: 3.75� 10�11 m2=s

Even for Ionac MC 3470, it was the Hþ ion that was the trace species. A comparison of the diffusion coefficient values for the
two membranes is presented in Table 34.3. From this table, it can be observed that the self-diffusion coefficient values
for aluminum and hydrogen ions are similarly lowered as the experimental interdiffusion coefficient value. This lowering is
about one order for both the cases. Explanation for low �DAl,H values in the heterogeneous membrane is desired, as it explains
the slow transport kinetics in heterogeneous membrane.

34.6.10 INFLUENCE OF HETEROGENEITY ON TRANSPORT PROPERTIES OF NAFION 117 AND IONAC MC 3470

A SEM–XRF analysis was done to verify the hypothesis of conducting and nonconducting sites discussed earlier and by
identifying the distribution of charged sites within Nafion 117 and Ionac MC 3470 [54]. A dot-map of Naþ in Figure 34.25a
and 34.25b showed that sodium ions were uniformly distributed in the homogeneous Nafion 117 membrane while they were
unevenly distributed in clusters in the Ionac MC 3470. It suggests that there are regions of nonfunctional reinforcement in Ionac
MC 3470, which are absent in the unsupported Nafion 117 membrane. This reinforced region is characterized by the absence of
ionogenic groups.

34.6.11 AL
3þ RECOVERY PROFILE

To develop an insightful understanding of the effect of the H2SO4 (sweep solution) concentration on aluminum transport,
experiments were conducted at two different initial H2SO4 concentrations (C0), namely, 1 M and 2 M. Identical synthesized
feed solutions of aluminum sulfate (~2000 mg=L as Al) were used in all four experiments that lasted for 24 h. Figure 34.26a and

TABLE 34.3
Diffusion Coefficient Value Comparison in Nafion 117 and Ionac MC 3470

�DH (m2=s) �DAl (m
2=s) �DAl,H (m2=s)

Nafion 117 2.28� 10�10 (6.1) 6.5� 10�12 (13.0) 1.15� 10�10 (8.45)
Ionac MC 3470 3.75� 10�11 5� 10�13 1.36� 10�11

Note: Numbers in brackets indicate ratio of diffusion coefficient in Nafion 117 over Ionac MC 3470.

(a) Nafion 117 (b) Ionac MC 3470 

FIGURE 34.25 SEM–XRF dot-map of Naþ in a cross-section of (a) Nafion 117 and (b) Ionac MC 3470. It may be noted that the charged
sites are more uniformly distributed in the homogeneous membrane Nafion 117, while the heterogeneous membrane Ionac MC 3470 has
nonconducting pockets shown by dark space.
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34.26b provides plots of aluminum recovery versus time for both Nafion 117 and Ionac 3470. The following observations are
noteworthy:

. For Nafion 117, the aluminum recovery profile approached saturation after 12 h but the same was linear after 24 h for
Ionac 3470.

. Increasing the initial H2SO4 concentration, C0, from 1 M to 2 M increased aluminum recovery uptake for both
membranes but there was a drop in aluminum concentration at the end for Nafion 117. This observation of drop in
aluminum concentration beyond saturation is counterintuitive and was reconfirmed through a replicate experiment.

Characteristically, the aluminum recovery plot for Nafion 117 could be identified as a combination of three zones: Zone A
(where the plot is linear), Zone B (where the plot reaches a plateau), and Zone C (where it tapers downward). The following
provides a scientific explanation leading to the existence of the three zones.

In the beginning of the run, the driving force was characterized by a high electrochemical potential gradient in the
membrane phase. The driving force remained nearly constant for the first 5 h, and consequently alum recovery rate was almost
linear as shown in Zone A of the recovery plot. Zone A can therefore be termed as ‘‘kinetically driven linear zone.’’ As time
progressed, the condition of Donnan equilibrium characterized was approached. Sufficient electrochemical potential gradient
was no longer available, thus lowering the aluminum transfer flux. The aluminum recovery rate was thus governed by
equilibrium conditions during this period and Zone B can be termed the ‘‘equilibrium-driven saturation zone.’’ In membranes
such as Nafion 117, the transfer kinetics is fast enough to exhibit the two zones clearly during a 24 h experiment, as
demonstrated in Figure 34.26a. Unlike this, Ionac 3470 is kinetically slower and offers higher resistance to aluminum transport.
Therefore, the conditions of equilibrium were delayed and only the linear profile of Zone A was observed with Ionac 3470
during the entire period of experimentation, as shown in Figure 34.26b.

In Figure 34.27a, an interesting and counterintuitive observation was the drop in aluminum concentration with time, when a
2 M acid sweep solution concentration was used. Note that the osmosis of water is an ongoing phenomenon in Nafion 117
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during the DMP. It is noteworthy that osmosis took place independent of the aluminum transfer process. Thus when the
aluminum recovery rate became negligible, the water transport due to osmosis still continued leading to a lowering or dilution
of aluminum concentration in the recovery side. This situation was identified in Zone C, which is termed ‘‘osmosis-driven
dilution zone.’’ Such a tapering was not observed in the experiment involving 1 M sweep solution because the osmosis effect
was weaker during the period of experimentation.

Only Zone A was observed in Ionac 3470, primarily due to low aluminum transport flux and partly due to higher resistance
offered to solvent osmosis in comparison to Nafion 117. Increasing the sweep side concentration to 2 M led to greater recovery,
as shown in Figure 34.26b, because a higher driving force was available in the sweep solution.

34.6.12 FINDINGS FROM DIFFUSION DIALYSIS EXPERIMENTS

Diffusion dialysis experiments were not carried out in great detail, but some of the findings of the experiments are worth
reporting. They have been discussed in the following paragraphs.

34.6.13 INFLUENCE OF MEMBRANE TYPE ON ACID RECOVERY

Two different membranes were used in acid recovery. These are Ionac MA 3475 and Neosepta AFN. Characteristic features of
these anion-exchange membranes were discussed earlier. The experimental findings are presented in Figure 34.27. From an
initial feed concentration of 5000 mg=L of Cl� ions, only 7% was recovered with Ionac MA 3475, whereas over 30% recovery
was made with Neosepta AFN. Clearly, Neosepta AFN was a better membrane for use. The high diffusional resistance to mass
transfer in Ionac MA 3475 could be attributed to its membrane thickness, which was over two times more than in Neosepta
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AFN. There could be other factors too, related to the morphology of the membranes. But these were not investigated in
this study.

34.6.14 INFLUENCE OF ACID TYPE AND CONCENTRATION ON DIFFUSION DIALYSIS RECOVERY

For Neosepta AFN, experiments were carried out to find out the diffusion dialysis of HCl and H2SO4. It could be seen that
for a period of 6 h, the total recovery was about 63% for H2SO4, and for HCl it was around 32%. This finding is represented
in Figure 34.28a. In a separate experiment, the initial concentration was changed from 0.14 to 0.06 M for HCl and 0.035 M
for H2SO4. Recovery percentage did not change for H2SO4 but was reduced by half to about 17% with HCl. This result is
shown in Figure 34.28b. Two significant inferences drawn from these results were that the Neosepta AFN membrane was
better suited for acid recovery from final WTR feed, and H2SO4 could be more readily recovered through the diffusion
dialysis process.

34.6.15 ALUMINUM DISSOLUTION USING DIFFUSION DIALYSIS

In this experiment, the sweep side DI water was replaced by a DI water solution containing synthetic samples of aluminum
hydroxide. The feed side contained 0.15 M acid solution of HCl or H2SO4. At the end of 6 h of experimentation, the aluminum
concentration in the aqueous phase was higher for the case of H2SO4. When the area of exchange was increased from 56 to
80 cm2, the aluminum concentration went up marginally. Higher area allowed more acid molecules to diffuse through, and thus
resulted in more dissolution of aluminum ions. These findings have been summarized in Figure 34.29.

34.6.16 WTR DISSOLUTION AND PH CHANGE

In another experiment, residual WTR after DMP treatment was used as feed, and fresh WTR used as sweep solution for the
diffusion dialysis experiment. The total aluminum recovered with time was noted on both the feed and sweep side. The
results are shown in Figure 34.30. It can be observed that the pH dropped to a significant value on the sweep side from 6.9 to
3.5. Simultaneously, about 40% of total aluminum was dissolved in the process.

34.6.17 FOULING OF ANION-EXCHANGE MEMBRANE

Two consecutive experiments, Run 1 and Run 2, were performed with the same stock of feed and sweep solutions and the pH
changes in both the solutions recorded for each run. The graphs shown in Figure 34.31 show that pH variation with time
closely matched for both runs, suggesting that there was no fouling of membranes because of NOM present in solution.
But given that anion-exchange membranes are positively charged, their fouling after frequent usage cannot be ruled out. In
fact, according to the manufacturer’s specifications, fouling of Neosepta AFN may happen if the DOC concentration is greater
than 100 mg=L.
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34.6.18 DIFFUSION DIALYSIS CONSTANT FOR ACIDS

From the findings of the experiment, it was clear that H2SO4 diffused faster than HCl through Neosepta AFN. On the basis of a
2 h experiment, the diffusion dialysis coefficient U was found as follows:

UH2SO4
¼ 58:6

UHCl ¼ 4:6

The selectivity of the membrane for one acid (H2SO4) over another (HCl) was found to be 12.7.

34.7 CONCLUSIONS

It was hypothesized that as opposed to pressure-driven membrane process applications, namely reverse osmosis (RO),
nanofiltration (NF), and ultrafiltration (UF), Donnan membrane process (DMP) or Donnan dialysis was not susceptible to
fouling by fine particulates and large organic molecules. It was driven by an electrochemical potential gradient across a
semipermeable ion-exchange membrane. In open literature, no work has been reported on the application of DMP to treat slurry
or sludge with relatively high concentration of suspended solids or large organic molecules. The current research is therefore
novel work in the area of residuals management and it also led to a novel membrane separation application. The key
conclusions drawn from this research are
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. DMP was successful in recovering alum from WTR based on alum, Al2(SO4)3 � 14H2O, and ferric chloride (FeCl3)
coagulants. A series of laboratory tests confirmed that over 70% Al3þ=Fe3þ was easily recoverable.

. Alum recovered was essentially free of particulate matter, NOM, and other trace metals. The exclusion of negatively
charged DOC was due to the presence of the negatively charged membrane surface through the process of Donnan
exclusion.

. Since the DMP is driven by the electrochemical potential gradient, the presence of high turbidity and NOM in the
sludge did not influence alum recovery and no noticeable membrane fouling was observed even after multiple runs for
long hours of operation.

. DMP process was also selective in preferring trivalent cations over bivalent heavy metal ions.

. Nafion 117 from DuPont Chemical Co. was found to be the most effective membrane in terms of kinetics of ion
transfer. The equilibrium isotherm showed that the membrane had a high selectivity for trivalent aluminum ions. This
resulted in a rectangular isotherm for the Nafion 117 membrane.

. It was seen that in the experiments performed hydrogen ion was the trace species. Therefore, for coupled Al3þ–Hþ

transport, the interdiffusion coefficient approached the self-diffusion coefficient of the faster-diffusing Hþ ions. This
conclusion appears counterintuitive, but explains the good kinetics of the process.

. It was found that the interdiffusion coefficient values based on membrane surface I (facing the feed solution)
concentration represented the actual transport process. The interdiffusion coefficient values were found to be in the
range of 10�10 m2=s for the Nafion 117 membrane.

. Another important observation was the osmosis of water from the feed to sweep solution, which resulted in dilution of
the sweep solution during the later part of experimentation with Nafion 117. The osmosis effect was not noted for
Ionac MC 3470.

. While both the interdiffusion coefficient and concentration gradient are responsible for aluminum ion flux, it was
found that the former played a slightly more significant role in aluminum ion flux determination.

. It was also observed that the drop in the self-diffusion coefficient of higher valent ions in the membrane phase in
comparison to their self-diffusion coefficient values at infinite dilution in aqueous phase was higher for ions with
higher charge. This was attributed to greater difficulty in binding to adjacent sites for a higher valent cation.

. Comparison of a homogeneous membrane (Nafion 117) and a heterogeneous membrane (Ionac MC 3470)
with respect to alum recovery showed that the recovered Al3þ could be concentrated to a high value of over
4500 mg=L (80% recovery) with Nafion 117, but the recovery was relatively low (25% recovery) with Ionac
MC 3470. In a comparative study, the interdiffusion coefficient �DAl,H was found to be ~7.23� 10�11 m2=s for
homogeneous Nafion 117, while it was ~1.36� 10�11 m2=s for heterogeneous Ionac 3470.

. Scanning electron microphotograph and x-ray fluorescence showed clusters of nonconducting inert phases within the
heterogeneous membrane containing no ionogenic groups. The lower interdiffusion coefficient for Ionac 3470 was
attributed to its larger fraction of a nonconducting phase compared to Nafion 117.

. Al3þ recovery profile led to identification of three zones of mass transport, namely a kinetically driven linear zone, an
equilibrium-driven saturation zone, and an osmosis-driven dilution zone. All three zones were observed in Nafion 117
during a 24 h experimental run. For IonacMC3470, only the linear zonewas observed during the period of experimentation.

. Application of diffusion dialysis had a desired effect in transfer of acid molecules from the residual WTR feed to fresh
WTR sweep solution. It helped in raising the pH of residual feed from 1–1.5 to approximately 3.0. The simultaneous
reduction of pH on the fresh WTR sweep solution helped in dissolving aluminum ions from the solid phase into the
aqueous phase up to 40%.

. H2SO4 was found to diffuse faster than HCl. Neosepta AFN membranes were found suited for the current application
and responded better than Ionac MA 3475 membranes.

34.8 FUTURE RESEARCH

The current research also led to identification of a number of nascent research applications. Further work can be carried out in
the following areas [55]:

. Recovered alum can be compared with commercial alum in terms of its application as a coagulant. The possibility of
alternative use of recovered alum such as in manufacture of polyaluminum salts and their acceptability as a
commercial product must be studied.

. In the current research, a major focus was on alum recovery. A study can be carried out for ferric ion recovery and
detailed modeling can be carried out for Fe(III) recovery from ferric chloride-based WTR.

. In the current kinetic modeling, it was assumed that the DMP involved coupling of two ions. A more detailed study
can be carried out to study multicomponent systems undergoing DMP. Therefore, the influence of contaminant ions on
alum recovery can be better characterized. In this regard, the distribution of aluminum ions in the membrane in
presence of other cations may also be evaluated.
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. Osmosis of water in charged membranes can be studied as a research subject.

. Diffusion dialysis process was very briefly studied in the current research. A detailed study of acid recovery from
water treatment plant residuals can be a subject of research.

. More rigorous treatment of comparison of homogeneous and heterogeneous membranes involving conductivity
measurements at different electrolyte strengths can help in characterizing the transport properties of these membranes.
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35.1 INTRODUCTION TO MEMBRANE PROCESSES IN THE PULP AND PAPER INDUSTRY

Membranes are used in the pulp and paper industry in a variety of applications; in particular: for the purification and recovery of
water, and for the recovery of raw materials or energy. The pulp and paper manufacturing process requires enormous amount of
water; to transport the raw materials, to dissolve impurities, to seal various process equipment, to cool and heat, to wash and
clean process equipment, and to generate necessary environment for the formation of the hydrogen bonding network between
fibers and fillers, which is the basic mechanism of paper formation. Thus, water and its quality are essential issues in the
production of pulp and paper.
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A reduction in the volume of water needed at the paper machine is almost impossible because paper formation will be
disturbed if the consistency of the pulp suspension becomes too high. Currently, the stock suspension (i.e., pulp and additives)
in the head box of a paper machine contains 97%–99.9% water. The constraint of maintaining pulp suspension consistency
means a reduction in water intake has to be realized by reusing the process water. Due to the different purposes and applications
in which water is used, the water quality demands vary considerably. Membrane processes can be chosen to produce a specific
water quality and are attractive alternatives to facilitate the reuse of water, either alone or combined with biological processes or
other chemical and physical processes. In addition, membrane processes are an efficient way to recover raw materials, e.g.,
coating pigments, from effluents.

Membranes have been evaluated for use in the pulp and paper industry since the late 1960s. Initial experiments
involved white water (circulation water) from a paper machine, which was purified for reuse, and bleach plant effluents,
which were treated for the removal of color. The first reported commercial application of membrane processes was as early
as 1972 when Green Bay Packaging (Green Bay, Wisconsin) installed a reverse osmosis (RO) system for the treatment of
paper mill circulation water (white water) [1]. At that time, the typical membrane material was cellulose acetate (CA) that
had a limited temperature and pH resistance. Generally, the fluxes of the CA membranes were also rather low. Extensive
developments in membrane materials as well as in module construction and configurations have occurred since the 1970s.
Today, RO and NF (nanofiltration) membranes are mainly thin film composite membranes made mostly from polyamide
(PA) or its derivatives. In ultrafiltration (UF) or microfiltration (MF), in addition to materials used in RO, such as
polyamide:polysulfone (PSu), polyethersulfone (PES), polyethylene (PE), regenerated cellulose (RC), and polyvinylidene-
fluoride (PVDF) are also used as membrane materials in the filtration of pulp and paper industry effluents. Membrane
manufacturers may also have chemically modified forms of these base membrane materials, the nature of the modification
is generally not disclosed.

During the 1980s, three large-scale ultrafiltration plants started to treat caustic extraction stage effluents in Japan and
Sweden to remove color, and reduce chemical oxygen demand (COD) and biological oxygen demand (BOD). In 1988, the first
high-shear cross-rotational (CR) filter was started in Sweden (MoDo, Husum, belonging to M-Real since 2000). It was used to
remove adsorbable organic halogens (AOX) and COD from the bleach plant effluent. This technology has now been installed in
more than forty mills to reuse coating color and process waters, or to purify effluents. During the 1990s two new types of
membrane processes, NF and the membrane bioreactor (MBR), were introduced in the pulp and paper industry. The number of
studies on MBR increased considerably at the end of the 1990s and, today, some commercial MBRs are in operation in the pulp
and paper industry.

Legislation, environmental issues, customer demands, and economic reasons have increased interest in membranes.
According to the Paperbase databank, in 1990 the word ultrafiltration was mentioned in more than 100 different papers and
reverse osmosis in about 70 papers. In 2005, the corresponding numbers were 500 and 220. However, the seemingly intensive
research has not yet created many mill-scale installations.

The chapter will concentrate on membrane processes, in which pressure is the driving force and both the permeate and the
concentrate are water solutions. Electrodialysis (ED) will also be reviewed briefly. The idea is to focus on installations and
studies of the last 10 years. Readers who are interested in older studies or installations are referred to several review
publications [1–3].

35.2 SPECIAL ISSUES CONCERNING MEMBRANES IN THE PULP AND PAPER INDUSTRY

In general, the effluent volumes in the pulp and paper industry are huge, even cubic meters per second, and if all the mixed
effluent has to be treated by membranes, high fluxes and large membrane areas are needed. By keeping some water streams
unmixed the membrane processes could be focussed on the most relevant streams and then only smaller volumes would need to
be treated. Obviously, the membrane purification needed differs depending on the demands of the treated waters in the reuse
application.

The effluents and process streams in the pulp and paper industry are very complex and comprise heterogeneous
combinations of different wood-based compounds and their degradation products, as well as the chemicals used in the
processing of the raw materials or additives used in the production of the end products. Thousands of different chemical
compounds can be identified from these process streams. Some of them are known to be strongly fouling, limiting the
feasibility of membrane processes. Many streams contain fibers or debris, and they can easily plug the flow channels when
modules with high packing density (i.e., spiral wound modules) are used. Because the same paper machines are commonly used
to manufacture different paper products (i.e., paper grades), which all need tailored process conditions and special raw
materials, the concentration and composition of the feed process streams to be filtered vary considerably.

Generally, in the pulp and paper industry the temperature of the process water can vary from 108C to 908C, or
sometimes even higher. The concentrations vary from less than 100 mg=L dry solids up to 40%–60% (e.g., coating pigments
and chemicals) and the pH from <2 to 14 (e.g., in bleaching stages). Generally, in the actual papermaking process the pH is
either 5 or 7.
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35.3 PARAMETERS AFFECTING THE PERFORMANCE OF MEMBRANE SEPARATION IN THE PULP
AND PAPER INDUSTRY

The most widely used or tested membrane processes in pulp and paper mill applications are based on pressure-driven
membrane processes; MF, UF, NF, and RO. In the following sections, the characteristic properties of the membranes are
discussed and their effect on filtration efficiency is summarized. In addition, some common influence of effluent properties and
filtration conditions on membrane processes are discussed.

35.3.1 CHARACTERISTICS OF MEMBRANES

Membrane properties have been characterized and their effects on flux, retention, and fouling have been studied extensively by
several authors. Some common facts can be concluded from these studies.

Pore size is obviously one of the most important factors affecting flux and retention. However, it has frequently been seen
that the membrane with the most open pores does not usually give the highest permeate flux when process waters are filtered.
Fouling of the membrane material, particularly pore plugging, can be considerably stronger with microfiltration membranes
than with UF or NF membranes [4–7]. Retention is obviously affected by the pore size due to the sieving effect, especially
when using microfiltration and ultrafiltration membranes. With tighter (NF and RO) membranes retention will be governed
more and more by the electrostatic forces as well as by other interactions between membranes and solutes.

Another factor that has been shown to significantly affect flux and fouling is the hydrophilic character of the membranes
[4,8–12]. Water spreads over the surface of a hydrophilic membrane but not on a hydrophobic membrane. The membrane
material determines its hydrophilicity, which is typically evaluated by measuring the contact angle at a membrane–water–air
interface. Cellulose and hemicelluloses, which form the main part of wood and paper, are extremely hydrophilic. Wood
extractives such as fatty and resin acids, on the other hand, have hydrophobic characteristics and, therefore, they are found more
on fouled and used hydrophobic membranes than on hydrophilic ones (Figure 35.1) [9,13].

Fatty acids foul membranes more intensive under acidic conditions. When the pH is increased above 5–6, the fatty acids
form their corresponding salts, the solubilities of which are up to 100 times higher than that of the neutral acid, and therefore
their fouling at high pH due to adsorption is negligible [14]. This is one reason why alkaline filtrates from bleaching or various
neutral process waters are usually easier to filter than acidic waters.

Maartens et al. [15] characterized adsorbed foulants calorimetrically and concluded that foulants in pulp and paper mill
effluents are phenolic and hydrophobic in nature, a result corroborated by Puro et al. [9]. Maartens et al. also modified their
membranes to make them more hydrophilic and achieved less fouling and better cleaning efficiency. Thus, pretreatment or
modification of a membrane can improve its fouling resistance, its flux or retention, and can enhance its usability in pulp and
paper industry applications [16].

A smooth membrane usually fouls less than a rough membrane, especially, when colloidal solutions, such as waters from
the pulp and paper industry, are filtered [17]. Process streams might contain fibers or even some solid particles, which can wear
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in an integrated pulp and paper mill at pH 5.3 (the solvent in extraction was an acetone–water solution [9:1]). (Based on data from Puro, L.,
Tanninen, J., and Nyström, M., Desalination, 143, 1, 2002; Huuhilo, T., Väisänen, P., Nuortila-Jokinen, J., and Nyström, M., Desalination
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the membrane surface, particularly under high-shear conditions. A rough membrane contains more mountains (peaks on the
membrane surface) where erosion happens easily. In addition, the permeate side support spacer should be smooth, as it could
otherwise cause macroscopic roughness on the membrane surface (opposite side) when under pressure. This mechanical
erosion of the membrane surface has to be taken into account, when filtering concentrated solutions or solutions containing
solids. Fibers have been reported to enhance the flux because of the scouring effect they cause or because of the adsorbed
foulants that they carry away [18–20].

Membrane charge [3,8,21] affects membrane efficiency, particularly when low cutoff membranes are used at low salt
concentration. Many polymeric membranes are amphoteric, having both negatively and positively charged functional groups in
the polymer matrix. Therefore, the membrane might be positively charged at low pH and negatively charged above the
isoelectric point (pH where net charge is zero). The isoelectric point of polymeric membranes is often at pH 4–6. When a
membrane is charged, it is also more hydrophilic than when uncharged. An increase in the flux of a relatively dense membrane
at a high pH may result from an increase in membrane hydrophilicity due to the dissociation of the functional groups in the
membrane structure [22,23].

35.3.2 SOLUTION PROPERTIES AND FILTRATION CONDITIONS

Pulp and paper industry waters contain thousands of compounds and many of them can be dissociated and charged at the
prevailing conditions. When particles are dispersed in water, they usually acquire a certain fixed charge. An increase in pH
generally improves the solubility of many dissolved and colloidal substances, and often gives them a negative charge. For
instance, carboxylic groups existing in, for example, fatty and resin acids (wood extractives) dissociate (become charged) when
a pH of 4–6 is exceeded. Phenolic groups such as those in extractives or lignin are charged above pH 9 when the phenol is
dissociated. When the membranes and the compounds have similar charges, they repel each other. The charge effect on
retention is very clear as shown in Figure 35.2 [24]. All other measured parameters besides the UV absorption at 280 nm (UVA
280 nm) were retained better at high pH. The compounds absorbing UV light were mostly retained by the sieving effect in
nanofiltration and not by charge. Therefore, they were equally well retained in the whole pH range. Unfortunately, the buffering
capacity and the volume of the streams in the pulp and paper industry require large amounts of chemicals, making pH
adjustment an uneconomical mean when improving filtration performance.

Flux is often less affected by pH than retention, but the common trend is that both are better when electrostatic forces are
present. Furthermore, the electrostatic repulsion between dissociated compounds and the membrane prevents them from
coming in contact and, therefore, diminishes fouling. However, if some cationic compounds (e.g., retention agents from
papermaking) are present in the water stream, because of electrostatic attraction, a negatively charged membrane will most
often be fouled more than a membrane, which is more or less uncharged. Regenerated cellulose is a very hydrophilic, fairly
uncharged material, thus it is successfully used in the filtration of paper mill process waters.

Pulp and paper industry streams are mostly colloidal, i.e., they contain macromolecules and small particles in the range of
1 nm to 1 mm. Salt and pH affect colloidal stability, rate of precipitation, and colloidal fouling. The higher the surface charge
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of the colloidal compounds in the solution, the greater the colloidal stability and the lower the colloidal fouling. Colloidal
stability can be improved by softening the water (i.e., removing multivalent ions, e.g., calcium ions, or replacing them with
monovalent ions) and by adjusting pH [25,26].

One special property of the process waters discussed is the broad heterogeneity in concentration of the dissolved and
dispersed molecules. This is due to different products manufactured using the same machine and also due to shut down and
start-up periods. Several authors have shown that the concentrations of organic and inorganic compounds vary even tenfold in
process waters [18,27,28]. This means that when using membrane technology the membranes should be resistant to big
fluctuations in the feed stream.

A trend in the pulp and paper industry has been toward elevated temperatures. The temperature range of the water circuit in
many mills is 508–708C where higher temperatures yield increased productivity and reduced energy consumption [29].
Occasionally, streams from pulp mills are filtered even at 908C. Temperature decreases the viscosity of the water stream
and, therefore, increases flux. The cleaning efficiency is also usually improved at high temperature. Unfortunately, a high
temperature can have a detrimental effect on membrane material properties and filtration efficiency [30]. Too high a
temperature may completely destroy the membrane or change its retention properties and flux. Traditional cellulose acetate
membranes withstand only 358C but some PVDF, polysulfone, or polyamide-based membranes can function at temperatures up
to 908C. The synergy of high temperature and high pressure results in compaction of the membrane structure. The compaction
irreversibly tightens the membrane structure and as a result the permeability decreases detrimentally. This effect has not been
studied thoroughly, but some indications have been reported. Kallioinen et al. showed that a slight compaction of regenerated
cellulose ultrafiltration membranes (cutoff 30 kg=mol) occurred already at a pressure of 3 bar [31].

Several researchers have reported significant improvements in flux at high cross-flow velocity or by using other methods to
increase shear forces on the membrane surface. Flux is often a trade-off with the energy used to create the shear forces. The
effect of the high cross-flow velocity vanishes when the pressure (flux) is decreased. Therefore, it may be advantageous to use a
high-turbulence system under medium to high pressure to benefit fully from the high mass transfer coefficient or to use
inexpensive low-turbulence filter systems at relatively low-operating pressure, even operating below the critical flux (at
subcritical flux) [32–36]. The permeate flux (pressure) has a significant influence on retention especially with tighter
membranes (RO, NF, tight UF) [37]. However, too high pressures and fluxes cause polarization of the retained compounds
on the membrane surface (concentration polarization) resulting in flux decrease, change of retention, and compact fouling. The
critical flux is the highest flux that is obtained without fouling at the applied conditions. Therefore, by controlling the flux,
fouling can often be managed [38–40]. In Section 35.5, sophisticated module constructions operating at high shear are
presented.

When comparing high-shear and low-shear modules in the filtration of effluents from the pulp and paper industry huge
differences have been seen in retention. The colloidal material acts as a secondary layer in the filtration with a low-shear module
and increases retention of substances as well as concentration polarization. Approximately a double flux (100–150 L=(m2 h))
was obtained in a high-shear module compared to a low-shear module, but the retention of conductivity was 10%–15% units
lower [41]. The fouling layer was reported also by Woerner et al. to determine retention [42]. Thus, the trade-off between flux
and retention depends on both the tightness of the membrane and the flow velocity. Electrical field [34], ultrasonic field [43],
and back pulsing with permeate or air and air scouring in hollow fiber modules have also been studied as possible methods to
improve flux.

35.4 PRESSURE-DRIVEN MEMBRANE PROCESSES IN THE PULP AND PAPER INDUSTRY

35.4.1 MICROFILTRATION

Microfiltration membranes can be used as pretreatment for other membrane technologies and to remove microbes and total
suspended solids (TSS) including fibers and particles. Retention of salts and dissolved organics is negligible, if they are not
bound to the suspended solids. MF can be used for the recovery of coating color pigments. MBRs generally use UF or MF
membranes. The materials used in microfiltration are polyvinylidenefluoride (PVDF), polypropylene, polyethylene, polysul-
fone, polyether sulfone, Teflon, and ceramic materials.

Microfiltration membranes are commonly used in MBRs to separate solids from water. The fluxes are very low, often
below critical flux, and at low pressures when hollow fibers are used, backflushing is added to prevent or reduce flux decrease.
MBRs are discussed in detail in Section 35.6.3.2, tubular modules with MF membranes have also been tested in the pulp and
paper industry.

Pore sizes in MF are typically 0.05–10 mm. Generally, MF membranes suffer from pore plugging because the pulp and
paper mill effluents often contain particles of similar sizes as the pores in the membranes. That is why, in many cases, fluxes in
ultrafiltration are significantly better than fluxes obtained with microfiltration. Silva et al. [44] studied submerged hollow-fiber
microfiltration (a) for the removal of flexographic ink from a deinking plant effluent, (b) for the concentration and recycling of
the coating effluent before evaporation in a chemi-thermomechanical pulping plant, and (c) as a separation barrier in MBR for
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treating old corrugated cardboard recycled mill effluent. In industrial-scale applications MF is used before other treatment
processes, for example, before RO in the zero effluent McKinley mill in Prewitt, New Mexico [45,46].

35.4.2 ULTRAFILTRATION

Ultrafiltration is the most widely used membrane process in the pulp and paper industry. UF membranes have been used to
remove or reduce suspended solids, color, extractives, turbidity, COD, and AOX from various process streams and effluents,
for the recovery of raw materials. The permeate after UF is often good enough to be discharged and can often be reused in many
places in the mill. UF of bleaching effluents has been extensively investigated and became established on an industrial scale
using tubular (Taio Paper Iyomishima, Japan) and flat sheet (Sanyo-Kokusaku Paper Iwakuni, Japan) membranes in the early
1980s [1]. UF is also used to recover lignosulfonates from spent sulfite liquor. A commonly employed membrane filter in the
pulp and paper industry, the CR filter, uses UF membranes. UF of the clear filtrate stream (effluent from the paper machine) is
industrially realized in many mills using low pressure and high cross-flow velocities or high-shear rates (Section 35.6.2).
Ultrafiltration membranes, in flat sheet, tubular or hollow fiber form, are often the separation barriers in MBRs. In addition,
coating color recovery is commonly carried out using UF membranes.

In UF, the separation is mainly based on the difference in the molecular size of the solute compared to the pore size of the
membranes. Commercial ultrafiltration membranes are available with cutoff values ranging between 1 and 500 kg=mol.
Typically, the membranes used to treat alkaline effluents from pulp bleaching have a cutoff value of 4–8 kg=mol. Membranes
used to treat streams from pulp mills are often made of polysulfone, or even ceramic materials such as aluminium oxide and
zirconium dioxide. Other materials commonly used in UF membranes are polyamide, polysulfone, and polyethersulfone.
Circulation waters of paper machines are purified using polymeric UF membranes having a cutoff around 30–150 kg=mol.
Some of the best membranes for process water treatment are manufactured from regenerated cellulose (e.g., C30F from
Microdyn=Nadir, cutoff 30 kg=mol). Their extremely high hydrophilicity generates a high flux at low pressure and low fouling
(Figure 35.1). Coating colors are recovered using slightly more open membranes (cutoff 30–500 kg=mol). Most industrial-scale
pulp and paper mill UF installations are for the recovery of coating colors; however, in process water treatment there are fewer
installations but these have larger installed membrane area.

35.4.3 NANOFILTRATION AND REVERSE OSMOSIS

Nanofiltration or reverse osmosis treated water is needed in the most demanding places of the mill such as for the high-pressure
showers in a paper machine. Surface water used in the mill as intake freshwater may also need NF or RO treatment. Permeation
of monovalent ions, in particular chloride ions, is both an advantage and a disadvantage of NF compared to RO. Monovalent
salts cause significant osmotic pressure when retained in RO. In NF their permeation keeps the osmotic pressure lower and thus
the transmembrane pressure needed to overcome the osmotic pressure is lower. The permeation of chloride ions in NF may
restrict the reuse of the permeate because of concerns regarding corrosion caused by chloride. On the other hand, the
concentrate then contains less chloride and its reuse or incineration is safer.

Nanofiltration retains 40%–95% of organic compounds and multivalent ions and from �300% (negative retention by the
Donnan effect) to þ50% chloride ions depending on the concentration of multivalent ions. Retention is greatly affected by
electrostatic forces, as discussed in Section 35.3.2, and sulfate ions, in particular, significantly affect the retention of chloride
ions [24].

Typical membranes in NF are thin film composite membranes and their surface layers are mostly proprietary and not very
easily identified by the user. Some industrial use of sulfonated polyethersulfone membranes has also been seen (see Section
35.6.2. Linpac recycle paper mill in Cowpens, South Carolina). Tubular and spiral wound modules are the dominating module
type in NF and RO. Both membrane processes are used in industrial-scale applications in the pulp and paper industry
(Table 35.1). When the membranes are installed in spiral wound modules, water pretreatment is often important to prevent
plugging of the modules and fouling of the membranes.

35.5 SUITABILITY OF MODULES AND FILTERS

The large volumes of effluents or process streams to be treated in the pulp and paper industry require a large membrane surface
area. The development of membrane modules has generally been directed to developing equipment with high packing densities,
such as hollow fiber and spiral wound modules. Unfortunately, due to their small flow channels these modules tend to plug
easily demanding feed streams free of particulate contaminants (e.g., fibers and suspended solids). To reduce the plugging
tendency of spiral elements, more open flow channels and special spacer constructions have been developed. A further
difficulty with maintaining high-flow rates in a spiral wound module is the fact that the flow rate also increases the pressure
loss over the module and this will, when exceeding the upper allowed limit of the modules (typically 0.5–1.5 bar), devastate the
module structure. Thus, with these types of modules the boundary layer, i.e., the concentration polarization layer, restricts the
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flux and as a result the flux is often significantly lower than when high-shear modules are utilized. Despite these not so
favorable properties of spiral wound modules, their packing density (membrane area=volume) is significantly higher than in
tubular or in shear enhanced modules. Spiral wound modules are standardized so that different modules from various
manufacturers can be used in the same pressure vessels. Therefore, spiral wound modules are available in a wide variety of
membrane materials and the spiral configuration has been the least expensive per unit area of membrane. NF and ROmembranes
are typically used in spiral wound form and to operate successfully a sophisticated pretreatment is usually needed.

Hollow fibers have the highest packing density of the existing modules but fluxes are low. They are mostly used in MBR in
the ‘‘outside-in’’ mode (MF and UF membranes) in the pulp and paper industry at close to subcritical fluxes to avoid fouling. In
addition, their cleaning is improved by backflushing techniques. Aeration is used to minimize particle adhesion and concen-
tration polarization.

Tubular modules are not easily plugged and can be used at high cross-flow velocity to minimize the concentration of
retained substances on the membrane surface. Cross-flow velocity strongly influences the power consumption because under
turbulent conditions the power will vary with the velocity raised to a power of 2.75 [47]. Unfortunately, flux is usually a
function of the flow velocity and optimization needs to be done between power consumption (flow velocity ! flux) and the
installed surface area of the membrane. Tubular modules are relatively easy to clean (even physical cleaning using foam balls is
possible) and they can withstand some fibers in the feed water without becoming plugged. The inside diameters of tubular
membranes vary from 12 mm (e.g., PCI tubular membranes, see Section 35.6.1.1) to 1.5 mm (e.g., capillary membranes from
Norit membrane technology, see Section 35.6.3.1). Ceramic membranes are produced in tubular form such as single tubes or
multichannel monoliths.

Because high fluxes and the ability to process streams containing suspended solids and fibers are often wanted in the pulp
and paper industry, high-shear modules have been developed. Currently existing high-shear modules, excluding tubular
modules, are modified plate and frame constructions. Both a cross-rotational module from Metso Paper and a vibration
enhanced module (VSEP) from New Logic Inc. have been industrially used or tested in pulp and paper industry applications
[48–51].

In cross-rotational ultrafiltration, the shear rate is generated by a rotating blade near the membrane surface, which forces the
feed fluid to move with a high flow velocity across the membrane. The peripheral velocity of the blade can reach 13 m=s.
Generally, only a course screening of the feed water is needed before the CR filter. Cross-rotational filters are available having
membrane areas from 15 to 140 m2. The membranes are changed by opening the membrane stack and by simultaneously fitting
new membranes to every plate or plates having damaged membranes. The industrial-scale CR filters were designed for
ultrafiltration membranes. Some piloting tests have also been made with a modified module and nanofiltration membranes
[18]. The principle of a CR filter is presented in Figure 35.3. As Table 35.1 shows, the CR filter is a commonly used membrane
filter in the pulp and paper industry.

Another type of high-shear module, known as the vibrating shear enhanced processing (VSEP) filter, was introduced in
1991 by New Logic Inc. The VSEP is a vertical plate and frame-type construction, where membrane leaves are stacked on top
of each other. One VSEP module has a membrane area of 14–140 m2 in a horizontal footprint of only 1.2� 1.2 m. The CR
filters and the VSEP have similar footprints. The maximum operating pressure is 38 bar. In this system, the membrane is moved
and not the fluid. The VSEP employs torsional vibration of the membrane stack to generate shear forces at the membrane
surface, an order of magnitude higher than those achievable in typical cross-flow modules. This reduces concentration
polarization and colloidal fouling significantly and makes filtration possible with minimally pretreated streams. Another
advantage of the VSEP filter is naturally a higher flux compared to low-shear filters. The energy consumption is claimed to
be as low as 0.073 kW=m3 of filtrate (tubular modules from 1.5 to 3.9 kW=m3 [52]). The membranes are not changed
individually, but the whole stack is changed when needed [50].

35.6 INDUSTRIAL APPLICATIONS AND CASE STUDIES

Industrial-scale applications using membranes in the pulp and paper industry go back to the 1970s and they were mainly
concerned with bleach plant effluent treatment and spent sulfite liquor concentration for the recovery of lignosulfonates or
energy [1]. In the late 1980s, the high-shear cross-rotational filter entered the market. This heralded probably the most efficient
way to use membranes in the paper industry. The recovery of coating pigments using CR ultrafiltration is an economically
extremely attractive process. In many cases the payback time of such a membrane plant is<1 year depending on the price of the
recovered coating pigments. Either tubular modules or CR filters are mostly used for this application. More than 40 CR filters
are recovering coating colors worldwide (Section 35.6.6). In the mid-1990s, two spiral-wound nanofiltration plants were
installed for the treatment of total effluent from a paper mill (Section 35.6.3.1). By the end of the 1990s, MBRs were introduced
in the pulp and paper industry (Section 35.6.3.2). The first industrial-scale MBR plant was installed in France, in 1999. Table
35.1 summarizes existing membrane filtration plants in the pulp and paper industry. The following sections focus on some
recent examples of mill-scale installations as well as on relevant pilot- or laboratory-scale studies. The aim is also to review
different types of applications.
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35.6.1 PULP MILL APPLICATIONS

The idea in all pulping processes is to separate the fibers from the wood and to make the fibers suitable for further use, mostly
for papermaking. The fibers can be separated from each other if the lignin, and, to a large extent, also the hemicellulose, is either
dissolved and removed as in chemical pulping, or more or less softened as in mechanical pulping. There are, in principle, two
ways to make chemical pulp, the sulfite and the sulfate (kraft) processes. These processes dissolve the lignin ‘‘glue’’ from the
space between the fibers, and also degrade and dissolve some of the polysaccharides. Thus, the rather concentrated spent liquors
from the pulping processes contain a large variety of wood-based compounds, their degradation products and also cooking
chemicals. These streams represent a considerable pollution problem in the pulp and paper industry.

Bleaching of the pulp removes a large part of the residual lignin improving the color of the pulp. Bleaching chemicals such
as chlorine, chlorine dioxide, hypochlorite, peroxide, ozone, and peracetic acid break down the lignin to different degrees and
then the lignin is usually extracted in an alkaline stage. The strong color in the alkaline extraction stage effluent is due to the
high molar mass lignin molecules. This high molar mass also makes their biodegradation difficult. In addition, the COD and the
BOD load of the first alkaline extraction stage (E1) effluent is high. Low-molar mass chlorinated organic compounds (measured
as AOX) are formed when chlorine chemicals are used in bleaching. They have mutagenic properties and they bioaccumulate,
causing serious problems in the aquatic ecosystem. The E1 effluent represents only approximately 5%–10% of the total effluent
load of the mill, but it contains about half of the color discharge of the mill. The bigger sizes of the molecules and their high
charge densities due to high pH make the alkaline bleach plant effluent easier to filter than the previous chlorination stage
(C-stage) effluents containing smaller molar mass compounds [32]. Therefore, many researchers have filtered the alkaline
extraction stage effluents to remove color, to decrease the COD or the BOD load, to decrease the amount of chlorinated organic
compounds in the effluents, and to purify the process waters or effluents for reuse [3,37,68–76]. The extraction stage effluents
are typically concentrated by UF and the concentrate is burnt in the recovery furnace, where the cooking chemicals are
recovered. The resulting filtrate is suitable for washing purposes.

FIGURE 35.3 (See color insert following page 588.) Principle of the CR filter. (From Kreutzman, E. and Sutela, T., Ippta J., p. 15, 2004;
Courtesy of Metso Paper. With permission.)
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Changes in the pulping and bleaching processes over the last 20 years from elemental chlorine to oxygen delignification
and chlorine dioxide bleaching have caused corresponding changes in the composition of the spent liquors and process waters.
The use of an increased amount of chlorine dioxide in the bleaching sequence has resulted in a lower discharge of
organochlorinated compounds and their molar mass is lower. As a result, the biodegradability of the effluent has increased
[77]. However, the introduction of oxygen-based bleaching agents does not seem to have removed the acute toxicity of the
process discharges. Toxic compounds such as degradation products of extractives, such as resin acids, do not decompose easily
and, therefore, pass into the effluent. To remove these compounds nanofiltration membranes have also been tested with
bleaching effluents [3,35,37,68–70,78,80]. Filtration of acidic wastewaters from the chlorine dioxide, ozone, or chelation stages
has also been studied but not as intensively as alkaline stage wastewaters [33].

35.6.1.1 Sulfite Pulp Mill Effluents

As early as in the 1970s, DDS reverse osmosis plants were installed in the Toten sulfite pulp mill in Norway and the Reed
Lignosol mill in Canada. RO membranes were used to concentrate spent sulfite liquor to help the overloaded evaporation
systems of the mill [1].

Borregaard Industries, Sulfite Pulp Mill, Sarpsborg, Norway: A UF plant with tubular membranes has been in use since
1981 in Norway (Borregaard Industries, Sarpsborg calcium bisulfite pulp mill, Table 35.1) for the fractionation of a
lignosulfonate stream (spent sulfite liquor) into two streams, which are further processed into by-products. The composition
of the spent sulfite liquor is affected by the type of wood pulped and the digestion process. The liquor typically contains
approximately 60% lignin (lignosulfonates), 30% reducing sugars, and 10% inorganic material. The UF concentrate stream
contains purified and concentrated lignosulfonates, and it is used for the production of vanillin. Other uses of purified
lignosulfonates are, for example, industrial detergents, dispersants, precipitates, binders, and adhesives. By combining
ultrafiltration with diafiltration, a purity of over 95% for lignosulfonates can be obtained [67,81].

The lifetime of the tubular membranes in the Borregaard industries’ plant (1120 m2, PCI) has been about 1 year, when
cleaning is made daily with an alkaline detergent. The tubular membranes need only a minimum of pretreatment and can even
handle fibers. The 20 kg=mol cutoff polysulfone membrane has mostly been used at high temperature operation (708C). In
addition, a spiral wound RO (polyamide membrane from Osmonics) is used to concentrate the UF permeate from 7% of total
solids to 14% before evaporation [47,67].

Generally, most of the sugars and the inorganic matter is found in the UF permeate, especially when diafiltration is used to
treat the spent sulfite liquor. The sugars in the permeate stream can be fermented to alcohol (anaerobic process). Using spent
liquor, a yeast (torula yeast) can live and multiply synthesizing protein (pekilo) that can be used as animal feed [81]. The sugars
in the UF permeate stream or the original spent liquor can also be purified by chromatographic methods or by using
nanofiltration. Hardwood hemicellulose, in particular, consists mostly of O-acetyl-(4-O-methylglucurono)-xylan that hydro-
lyzes in acid sulfite pulping to monosaccharides. Therefore, the spent acid sulfite liquor contains 240 kg xylose=t pulp when
silver birch (Betula Pendula) is used as the raw material in pulping. Nanofiltration can recover the xylose in the permeate to a
purity as high as 70% of dry solids [82]. The above-mentioned possibilities to use membranes for the utilization of sugars from
spent liquors may become attractive to industries in the near future (e.g., for biofuels).

Domsjö Fabriker AB, Sulfite Pulp Mill, Örnsköldsvik, Sweden: The sulfite pulp mill of Domsjö Fabriker produces
dissolving and papergrade pulps from spruce. Three CR1000=60-filters (3� 84 m2) were installed in the year 2000 to treat
process water after the brown pulp wash (Table 35.1). The filters operate in three stages at a recovery of 80%–90%.
The ultrafiltration membranes separate lignin residues and resins and the concentrate is sent to resin recovery. The permeate
is re-used in the cooking process and as sealing water. The permeate fluxes decrease with increasing concentration and range
from 400 to 200 L=(m2 h) [56].

StoraEnso, Sulfite Pulp Mill, Nymölla, Sweden: A reduction of the COD of the pulp mill effluent was the main goal when
StoraEnso Nymölla in Sweden (Table 35.1) started to use tubular UF membranes to purify their oxygen bleach stage effluents
[52]. Two production lines in the mill produce pulp from hardwood and softwood using the magnesium bisulfite process and
oxygen bleaching (Table 35.2). The mill needed to reduce their COD emissions by 50% to get to an environmentally acceptable
level to obtain the ‘‘Swan’’ mark. In addition, the mill wanted the removed COD (50% of the original COD) to be concentrated
to 2% of the original liquid volume (a 50 time volumetric concentration) so that it could be incinerated. The dry substance in the
concentrate is about 18%. The permeate is discharged to an activated-sludge plant [52].

Even though the ES404 membrane worked reasonably well with the softwood effluent (pH above 11), it fouled significantly
with the hardwood effluent even when using a high cross-flow velocity. This forced the manufacturer (PCI) to develop a new
more hydrophilic membrane, the EM006 membrane, for the hardwood effluent [52].

The cleaning interval ranges from once a day to twice a week depending on the stages and effluents. The guaranteed
membrane lifetime is 15 months. The plant processes >300 m3=h of bleach effluents producing a concentrate stream of 6 m3=h
[52]. The high UF operation temperature (>708) eliminates the need for rapid cooling before the membrane plant and prevents
precipitation of extractives on the membranes. Wallberg et al. [83] found that the presumptive fouling originated mainly from
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organic compounds, but inorganics, mostly silicon, iron, and magnesium, also caused fouling. They also found that many of the
membrane tubes were clogged with a clay-like precipitate consisting of fibers, organic material, and precipitated magnesium
hydroxide.

35.6.1.2 Sulfate Pulp Mill Effluents

35.6.1.2.1 Black Liquor from Sulfate Pulping
Black liquors from kraft pulping are complex mixtures of inorganic and organic compounds. The organic compounds originate
mostly from carbohydrates and lignin degradation reactions. Minor amounts of extractives and cooking chemicals also exist in
black liquors. The most common way to treat the black liquor is to burn it in a recovery boiler after it has been concentrated. In
that way, the cooking chemicals are recovered and a significant amount of energy is produced.

Fractionation of black liquor using membrane technology has been studied in different groups since the late 1970s, but mill-
scale systems have not been introduced. Both polymeric [84–88] and recently ceramic [89–92] membranes have been used to
separate lignin from inorganic cooking chemicals. The black liquors are very alkaline, concentrated, and hot solutions and thus
their treatment using membranes is challenging.

An increase in pulp production can lead to capacity problems in the recovery boiler. Keyoumu et al. [91] studied filtration
of black liquor using ceramic ZrO2-coated membranes to lower the load on the recovery boiler in kraft pulping, and
simultaneously they generated valuable side-products from the black liquor. The lignin degradation compounds isolated
from the permeate of a 1000 g=mol cutoff membrane were highly phenolic in nature and could be polymerized to higher
molar mass material from which, by further processing, new products could be made (special polymers).

Wallberg et al. [92] tested tubular ceramic UF membranes (Orelis, Al2O3-TiO2, cutoff 15 kg=mol) to concentrate lignin
from kraft black liquor. The overall goal was to decrease the energy surplus of a modern pulp mill by removing lignin and
converting it to a usable biofuel. During the UF concentration of very alkaline (pH 13–14) black liquor to a volume reduction of
10, the lignin content increased from 55 to 158 g=L (dry solids increased from 16 to 22 wt%) and at the same time the amount of
cooking chemicals in the concentrate was significantly reduced. In addition, more than 50% of multivalent wood-borne
elements (magnesium, manganese, and iron) were retained. The average permeate flux at 1 bar was 90 L=(m2 h) at 908C
during the concentration to a volume reduction of 90% (at the end: 20 L=(m2 h)).

Cortiñas et al. [89] eliminated colloidal suspended material (pitch) from kraft black liquors and partly recycled the liquor to
the digester to reduce the consumption of chemicals. The colloidal pitch is formed by wood extractives. In particular,
compounds such as waxes, sterols, and sterol esters that do not form soluble salts or dissolve during cooking form colloidal
particles. The concentrated liquors (14%–15% solids) were filtered at high temperature using a 0.2 mm alumina membrane
(USF Shumacher, Crailsheim, Germany). The pitch was almost completely retained (>99.9%), but the flux was sensitive to the
black liquor composition and sometimes decreased to less than 100 L=(m2 h).

TABLE 35.2
Characteristic Data on the Tubular Ultrafiltration Plant
at the StoraEnso Nymölla Pulp Mill

Softwood Line Hardwood Line

Effluent characteristics
Effluent flow (m3=h) 165 135
Temperature (8C) 75 73
Chemical oxygen demand (g=L) 8–12 8–12

TSS (mg=L) <30 <125
Membrane ES404 EM006
Cutoff (g=mol) 4000 6000

Surface area (m2) 2766 1872
Operating variables
Pressure (bar) 7 8

Volume reduction 50 50
Power consumption (kW=m3) 1.9 3.9a

Source: Adapted from Greaves, R. The use of ultrafiltration for COD reduction in pulp

mill effluent—a case study from Sweden. International Environmental
Conference, Nashville, TN, April 18–21, 1999, 1167–1191; Jönsson, A.S.
and Wimmerstedt, R., Desalination, 53, 181, 1985.

a Higher cross-flow velocity with the hardwood line effluent.
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35.6.1.2.2 Bleaching Effluents
Fälth et al. [93] ultrafiltered seven alkaline filtrates from kraft pulp mills. They observed that elemental chlorine free (ECF) and
total chlorine free (TCF) filtrates from modern mills contain large fractions of low molar mass substances, which are not as well
retained as the first alkaline stage effluent from a traditional mill. The membranes used were tubular polyethersulfone
membranes (ES404, cutoff 4 kg=mol and EM006, cutoff 6 kg=mol) from PCI. The flux was mostly observed to depend on
the concentration of the feed and slightly on the differences in feed composition. The fluxes varied from 100 to 400 L=(m2 h) at
7 bar, 658C and a cross-flow velocity of 4.1 m=s. The COD reduction was approximately 40% (traditional ECF mill 60%). The
compounds causing the BOD were retained less than the compounds causing the COD. UF could thus be used before the
existing biological treatment to decrease the amount of nonbiodegradable compounds in the effluent before biological
treatment. Therefore, the load on the biological treatment plant decreased and the average biodegradability of the remaining
substances increased [75,77,93,95].

Several authors have recently reported studies on metal removal from pulp mill wastewaters [95–97]. Tavares et al. [96] treated
TCF bleaching wastewater by ultrafiltration and complexation using polymeric ligands (PVA, 60 kg=mol and PEI, 50 kg=mol)
with ultrafiltration. The complexation improved the removal of COD and metals significantly, e.g., iron removal increased from
23% to 79%. Lastra et al. [97] used nanofiltration to remove complexed metal from a chelate stage effluent in a totally chlorine-free
bleaching plant. The filtrations were made at 808C using both composite aromatic polyamide membranes (PCI and X-FLOW
membranes) and a ceramic membrane (titanium oxide supported on zirconium oxide from Rhodia Orelis). All membranes suffered
from a significant flux decrease (cross-flow velocity 3 m=s) at flux values above 170 L=(m2 h), which indicates that the critical flux
was exceeded. The polyamide membranes gave almost complete rejection of the chelates of both iron and manganese ions. These
ions are known to catalyze the degradation of hydrogen peroxide and as a result more bleaching chemicals are needed [97].

35.6.1.2.3 Evaporation Condensates of Sulfate Pulp Mills
Evaporation condensates are generated in the cooking digesters and in the black liquor evaporation units of kraft pulp mill
processes. Evaporator condensates contain hundreds of volatile organic compounds and some extremely odorous compounds.
For instance, methanol has been identified as a primary contaminant of concern. In addition, very odorous totally reduced sulfur
(TRS) compounds such as hydrogen sulfite, methyl mercaptan, dimethyl sulfite, and dimethyl disulfite have also been identified
in condensates. These compounds restrict its reuse without treatment. Foul condensates are typically treated in a biological
effluent treatment system before being discharged to the environment [98].

Irving Pulp and Paper’s pulp mill in New Brunswick (Canada) produces 280,000 t=a bleached kraft pulp without biological
wastewater treatment (Table 35.1). In 1997, their discharge of BOD exceeded the regulated limit but the limited land area
prohibited the implementation of conventional biological treatment. The mill identified a clean evaporator condensate stream
carrying significant amounts of BOD and toxicity. An RO plant was installed in 1998 to purify the condensate. It produces
247.5 m3=h permeate that is recycled to the post-oxygen stage washer (and from there to the whole mill wastewater). The
recovery, 99%, is extremely high and, thus, only 2.5 m3=h concentrate is sent to incineration to provide energy for the facility.
The COD and BOD reductions are more than 90% and 80%, respectively, and the acute toxicity in the effluent discharge is
virtually eliminated [60,61].

Membrane bioreactors have been tested for the treatment of foul condensates at various temperatures. The temperature of
the foul condensates originating from kraft evaporators and digesters is around 508C–708C and an interesting option is to treat
this stream using MBRs at thermophilic conditions without cooling the stream [98]. Dias et al. [99] used an MBR technique
(0.03 mm hollow fiber membrane) to purify foul condensates from a Brazilian kraft mill (Eucalyptus) at different temperatures.
They achieved a very high COD removal as shown in Table 35.3.

TABLE 35.3
Acclimatized Removal Efficiencies for Foul Condensate Treatment
by Membrane Bioreactor (MBR)

MBR Treatment of Foul Condensate Removal Efficiency (%)

Parameter Foul Condensate 358C 458C 558C

COD (mg=L) 5100 97 94 87
TRS (mg=L) 350 100 99 93
Methanol (mg=L) 3900 99 96 92

BOD5 (mg=L) 4500 nr nr nr

Source: Adapted from Dias, J.C.T., Rezenda, R.T., Silva, C.M., and Linardi, V.R., Process

Biochemistry, 40, 1125, 2005.
Note: TRS, totally reduced sulphuric compounds; nr, not reported.
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35.6.1.3 Mechanical Pulp Mill Effluents

Champion International’s pulp mill in Arapoti (Brazil) tested a ZeeWeed MBR followed by reverse osmosis polishing to
recycle thermomechnical pulp mill wastewater within the mill (Table 35.1). Over 4 months of tests showed that the system
decreased the COD from 7800 to <20 mg=L. In addition, the total dissolved solids (TDS) content was reduced from 2000 to
<300 mg=L in the RO permeate [65].

In Finland, groundwood mill circulation water was treated using an aerobic thermophilic suspended carrier biofilm process
and different UF membranes [100]. The biofilm process did not increase the UF flux, which was about 400–500 L=(m2 h) at
608C–708C with the original water using a CR filter and hydrophilic membrane. An 80% reduction in lignans and sugars was
achieved in the biofilm process but the color of the water increased and was not reduced by UF. NF also efficiently removed
colored compounds and its flux increased after biotreatment and when the pH of the original water (pH 5.3) was adjusted to pH
7 [101]. Nanofiltration also removes color efficiently when thermomechanical pulp (TMP) plant effluent was NF treated using
an anaerobic bioreactor at thermophilic conditions as pretreatment [102]. Screw press filtrate from chemi-thermomechanical
pulp (CTMP) mills has also been ultrafiltered [4,103].

35.6.2 PAPER MILL APPLICATIONS

M-Real, Paper Mill, Kirkniemi, Finland: Cross-rotational filtration technology was used in several mills for the purification of
paper mill circulation waters, such as white water and clear filtrates [54,104]. M-Real Kirkniemi mill in Lohja (Finland) uses a
total of 19 CR units for the treatment of white water from paper machines and for the recovery of coating color (Table 35.1).
One paper machine produces 350,000 t=a coated fine paper from aspen-based mechanical and chemical pulps. When the fine
paper mill was built, the authorities would not accept an increase in the effluent load. Thus, to lower the use of water, the mill
decided to apply ultrafiltration technology. The first filter was installed in 1994. The permeate from the ultrafiltration system is
used at the wire section showers and for chemical dilutions. A part of the UF permeate is led to nanofiltration. The permeate
from the NF is led to a warm freshwater tank. The ultrafiltration is carried out in three stages (Figure 35.4). High shear on the
membrane surface is the key to extremely high fluxes over long filtration periods. Figure 35.5 shows that an average flux over
300 L=(m2 h) is obtained at a pressure of 0.8 bar and a rotor tip speed of 13 m=s. The UF membrane used (regenerated cellulose,
cutoff 30 kg=mol) removes suspended solids, turbidity, and bacteria completely. The reduction of extractives (mainly anionic
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FIGURE 35.4 Process diagram of CR ultrafiltration and spiral wound nanofiltration systems at M-Real Kirkniemi paper mill. (From
Kreutzman, E. and Sutela, T., Ippta J., p. 15, 2004; Courtesy of Metso Paper. With permission.)
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trash) and COD is 50% and 10%, respectively. The washing frequency is every fifth day and the membrane lifetime is 15–26
months. The total operating cost for CR ultrafiltration was about 0.12e per cubicmeter during 2001–2003. The nanofiltration
unit operates at flux values of 30–40 L=(m2 h) and its retention of organics (COD) is 85% and of inorganic matter (conductivity)
75% [53].

Arctic Paper, Paper Mill, Munkedal, Sweden: Tubular UF membranes have been used since 2002 in the Acrtic Paper Munkedal
mill to purify white water (Table 35.4) after sedimentation. UF removes the remaining suspended solids from the water before
reuse in spraying applications in the wire section where it replaces fresh water [28]. The data in Table 35.4 are discussed further
in Sections 35.6.3.1 and 35.6.3.2.
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FIGURE 35.5 Development of permeate flux in white water filtration using CR filters at M-Real Kirkniemi mill. (From Kreutzman, E. and
Sutela, T., Ippta J., p. 15, 2004; Courtesy of Metso Paper. With permission.)

TABLE 35.4
Membrane Installations Using Norit Tubular Membranes

VHP Security Paper Mill
Arctic Paper

(Munkedals, Sweden)
Arctic Paper

(Munkedals, Sweden)
(Ugchelen, the
Netherlands)

Papierfabrik Palm
(Wörth, Germany)

Feed stream Mill effluent White water Bleaching effluent,

MBR-process

Mill effluent

Module Tubular Tubular Tubular Tubular
Membrane NORIT 38GRH=F4125 NORIT 38GRH=B5125 NORIT 33GEF5385 NORIT S225 AQ

UFC (1.5 mm)

Membrane area (m2) 462 270 83 2280
Capacity (m3=h) 40 10 10 70
Feed TSS (mg=L) 1500 20 2

Retention (%) >95 >95 ~100
Feed COD (mg=L) 143 100 3500
Retention (%) 10–30 >85 (MBR)

Flux (L=(m2 h)) 50–80 40 160–300 24
Temperature (8C) 40 45 60 30
Transmembrane pressure (bar) 1–4 1–4 4 2

Cross-flow velocity (m=s) 3 3 4–4.5 3
Cleaning Once a week Once a week Twice a year Acid, alkaline, acid
Lifetime of membranes (months) 35–43 35–43 20 48
Energy consumption (kW h=m3) 1.5–2 1.5–2 3 1

Start-up 1999 2002 2000 2002

Source: Adapted from Hepp, B., Joore, L., Schonewille, H., and Futselaar, H., Pap. Techn, 46, 41, 2005; Joore, L., Wortel, N., and Bronold, N., Pap.
Techn., 42, 27, 2001.
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Other Reported Studies: Brady [105] has reported on UF systems (start-up 2000) for mill water recovery and reuse. The Koch
tubular HFP-276 (PVDF) membrane used removes 50% of COD, TDS, and total organic carbon (TOC). The UF operating cost is
$1.6 per cubic meter. The plant operates continuously at a recovery rate of 98.7%. The feed stream and the mill are not reported.

Many studies have pointed out that a CR ultrafilter can operate at a flux level of 300–400 L=(m2 h) when white waters are
filtered. The reduction in organic compounds (COD, UV absorption at 280 nm, or sugar) using a UF membrane (cutoff 30–200
kg=mol) has been from 10% to 40% depending on the process water. The reduction of anionic trash is usually better (30%–90%)
[48]. A pilot study showed that a high-shear filter (CR-nanofiltration unit) could operate without any pretreatment at a flux level
of 50–120 L=(m2 h) when paper mill clear filtrate was filtered. Mechanical erosion was a problem with some of the NF
membranes used [18].

35.6.3 MEMBRANES COMBINED WITH BIOLOGICAL TREATMENT

35.6.3.1 End-of-Pipe Treatment

In the mid-1990s, two spiral-wound nanofiltration plants were installed for the treatment of effluent from a paper mill. In both
cases, the nanofiltration systems were installed to remove color, organic carbon, and dissolved solids from effluents for reuse or
for further processing. Both plants had a very efficient pretreatment before the NF spiral-wound modules to prevent plugging of
the filtration elements. For instance, the pretreatment included settling at several stages with chemicals, a sand filter, a back-
washable screen filter, and a bag filter (5 mm) [106]. Neither of the plant is in operation today (P. Eriksson, personal
communication, 2005).

Papierfabrik Palm, Newsprint Mill, Eltmann, Germany: Table 35.1 shows that Eltmann newsprint mill of Papierfabrik Palm
has reduced COD, AOX, and color in their effluents using spiral-wound nanofiltration since 1999. Prior to NF, the effluent is
biologically treated (activated-sludge plant) and prefiltered using sand filters. The capacity of the NF plant is 190 m3 permeate
per hour. The flux of the Nadir NF-PES-10 membrane has been around 10–30 L=(m2 h) [107]. The NF-PES-10 membrane was
chosen because of its alkaline stability (pH> 12), which was needed when cleaning the membrane. The reported COD removal
is 89%, AOX 61%, and color 93% [59].

Table 35.5 compares the process water, freshwater, and NF permeate values for some parameters at the Eltmann. Water
hardness measures divalent cations and is well retained in NF but the retention of conductivity is less than 40%. This is due to
the negative retention of chloride ions, as often measured for NF membranes, because of the Donnan effect, which is typical for
NF membranes. The reuse of NF permeate decreased the need to heat freshwater to the mill process temperature. The
concentrate (36 m3=h) is recirculated back to the activated-sludge plant after lime precipitation. This precipitation process
removes iron nearly completely (99.7%). The removal of color, carbonate, silicate, COD, and AOX are 72%, 66%, 61%, 40%,
and 39%, respectively. However, only 10% of the conductivity (28% of sulfate) is removed by lime precipitation [59].

The reviewed mill-scale examples prove NF spiral-wound modules to be useful in the treatment of pulp and paper mill
effluents but at the same time it must be concluded that extensive pretreatments are needed when spiral wound modules are
utilized. This has also been pointed out in many pilot-scale studies where multilayer filters [108], flotation, and tight cartridge
filters have been used before spiral wound modules [109]. Despite efficient pretreatments, the flux has commonly been only
10–40 L=(m2 h) when NF membranes are used in spiral-wound modules.

Arctic Paper, Paper Mill, Munkedal, Sweden: In 1999, a tubular ultrafiltration unit (462 m2) was installed to polish 50% of the
effluent from the Arctic Paper Munkedal paper mill in Sweden (Tables 35.1 and 35.4). The mill is located next to one of the finest

TABLE 35.5
Characteristic Properties of Freshwater, Process Water, and NF Permeate
at Eltmann Newsprint Mill of Papierfabrik Palm

Eltmann Mill of Papierfabrik Palm Fresh Water Process Water NF Permeate

COD (mg=L) 8 587 29

Chloride (mg=L) 35 240 330
Sulfate (mg=L) 92 228 148
Hardness (mg=L) 19 12 7

Anionic trash (mg=L) 5 21 6
Temperature (8C) 18 33 33

Source: Adapted; Schirm, R., Welt, T., and Ruf, G. Nanofiltration Eine möglichkeit zur kreizlaufschliebung,
Papierfabrik, Palm, Werk Eltmann. IMPS Internationales Münchner Papiersymposium; FH-München,

23.3.2001, Münich, Germany; Schirm, R. and Paulitschek, M. Einsatz der membrantechnologie in der
papierindutrie, Abwasseraufbereitung mittels membrantechnologie in der papierherstellenden industrie.
PTS presentation 12_2002.
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salmon rivers in the country and, therefore, there are high demands for environmentally friendly paper production, for example,
by closure of the water circulation. The removal of dissolved organic matter (COD and BOD) varies from 10% to 50%. The
permeate is discharged to an external pond and then to the river. About 20% of this water is reused as raw water in the mill [28].

Papierfabrik Palm, Board Mill, Wörth, Germany: The company produces corrugating medium and test liner from 100%
recovered fiber (Table 35.1). The mill was started in 2002. It has ultrafiltered and NF=RO filtered its biologically treated effluent
since start-up [107]. The plant was originally a zero liquid effluent mill (freshwater consumption 1.5 m3=t containerboard
produced) but has now been allowed to discharge some cubic meters of effluent per ton of paper produced and the RO plant has
been shut down (H.-J. Öller, personal communication, 2005). Table 35.4 summarizes some existing membrane applications
where Norit tubular membranes are used.

35.6.3.2 Membrane Bioreactors

In an MBR two efficient water treatment technologies, namely membranes and biotechnology, are combined into one integrated
system. The influent is fed to the aerated bioreactor where the organic compounds are oxidized by microorganisms in the
activated-sludge, as in a conventional activated-sludge process. Instead of a clarification tank, micro- or ultrafiltration
membranes are used to separate the water from the sludge. Interest in MBR in the pulp and paper industry has increased
rapidly during the 1990s and there are currently some full-scale MBR installations in operation to purify selected effluents. In
an MBR, the membranes can be installed inside the bioreactor (submerged membranes) or they can be externally installed (side-
stream). Generally, hollow fibers (sometimes tubular or flat-sheets) are used inside the reactor. In a reactor with an external
membrane unit, all types of modules can be utilized depending on the feed water characteristics. Some of the end-of-pipe
membrane systems reviewed in the previous sections could also be counted as side-stream MBR processes [110].

The liquid volume of an MBR is lower than that of a conventional activated-sludge process. Biological processes
(i.e., oxidation, nitrification, and denitrification) are exothermic reactions and thus the temperature in the MBR is higher
than that in a conventional activated-sludge process. The high temperature and relatively low food to microorganism ratio
makes the MBR generate less sludge. Most paper mills operate in a temperature of 508C–708C due to the positive effect of high
temperature on productivity and energy consumption. Because biological water treatment can be done at the same temperature
as the main process, energy is saved since cooling and heating steps are avoided. However, when the temperature increases, the
sludge settling properties deteriorate [111–113] and COD removal often decreases in conventional activated-sludge plants.
However, the settling problems are avoided in an MBR and some improvement in the COD removal can be achieved. In
addition, the effluent from an MBR is free from suspended solids, bacteria, and, often, also from viruses [29].

An MBR operates at a high biomass concentration (up to 30 g=L) making a high volumetric load possible. It is also possible
to obtain a long solids retention time or to maintain specifically active organisms to achieve the removal of poorly degradable
compounds. This was pointed out when the performance of an MBR and an activated-sludge system for the treatment of a
pulping process wastewater were compared. Furthermore, the MBR also adapts well to changes in feed characteristics
[40,44,114–116].

Papeterie du Rhin, Paper Roll Mill, France: In 1999, Veolia Water STI installed an MBR with Zeeweed ultrafiltration
membranes (pore size 0.04 mm) in Papeterie du Rhin’s paper roll mill in France (Table 35.1). Recycled (not deinked) paper is
used as the raw material. The bioreactor (1500 m3) is operated at a mixed liquor suspended solids (MLSS) content of 12–16 g=L.
Brockmann and Praderie [58] report an average flux of 15 L=(m2 h) at a pressure of 0.15 bar over a 1 year filtration period. The
wastewater from the mill is first prescreened with drum screens, then sent to an equalization basin, from which it is pumped
directly into the bioreactor. Table 35.6 summarizes the performance of the MBR process. The pressure used to draw the water
through the membrane is 7–55 kPa. The filtrate is partly recycled as process water [27,57,58].

TABLE 35.6
Characteristics of the Wastewater and the MBR Treated
Water at the Papeterie du Rhin’s Mill in France

Water Quality Parameter Wastewater Permeate of MBR

COD (mg=L) 1500–5400 200

BOD5 (mg=L) 1700 5
TSS (mg=L) 400 4
Temperature (8C) 35–40

pH 6

Source: From Brockmann, M. and Praderie, M., Paper production in France
Zenon bulletin.
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Veiligheidspapierfabriek (VHP), Security Paper Mill, Ugchelen, the Netherlands: Probably the second mill-scale MBR
installation in the pulp and paper industry started in November 2000 in the Netherlands. Veiligheidspapierfabriek (VHP)
Security Paper mill Ugchelen (Table 35.1) reuses the effluent from the bleaching process, cleaning it by dissolved air flotation
(DAF) and an MBR. The installation reduces spring water intake, the costs of heating the spring water and the discharge costs
for wastewater. The MBR operates at thermophilic conditions to save heating the water (temperature around 558C). The
membrane unit (82.5 m2) is installed outside the bioreactor (volume 250 m3) [27,28,57,117].

The mill bleaches raw cotton using sodium hydroxide and hydrogen peroxide. The effluent from the bleaching process has
a high temperature (658C–1008C), high pH (11.5), high oxygen consumption (average COD 3500 mg=L), and fibers. The DAF
process is used for the removal of fibers. Instead of air, the DAF process operates with CO2-rich waste gas. In that way, the
dissolved CO2 partially neutralizes the effluent to a pH level of 8.2, (feasible for microorganisms) and simultaneously gas
bubbles bind and lift the fibers to the surface of the flotation cell [27].

Before mill-scale installation, pilot MBR trials were carried out with pressurized Stork tubular UF membranes (Stork
merged with Norit Membrane Technology in 2000) and submerged types of Mitsubishi capillary MF membranes.
By increasing the temperature, the COD values of the effluent increased (Dias et al. [99] reported a similar trend, see
Table 35.3). The effluent COD was around 1200 mg=L at 688C and when the temperature was decreased to 508C the COD
in the effluent stabilized to 600 mg=L corresponding to more than 85% removal for COD. The amount of biomass generated
was around 0.14 kg TSS per kg of COD. Hydrophilized polysulfone and polyvinylidene fluoride membranes were tested at
different transmembrane pressures and flow velocities. Fluxes above 100 L=(m2 h) were measured for both membranes at a
cross-flow velocity of 3.5 m=s. With the submerged membranes the flux was only 15 L=(m2 h) at a pressure of 0.1–0.3 bar, but
the membrane price was lower ($60 per m2 against $200 per m2 membrane surface), and the submerged membranes did not
need pressure tubes and cross-flow pumps. Thus, the total investment costs were more or less equal [27]. The MBR effluents,
instead of freshwater, were tested in bleaching experiments and only an additional 10% of chemicals was needed to make the
bleaching process as efficient as with ground water [117].

In the mill-scale plant above (Table 35.4), the MBR effluent COD is stabilized to about 500 mg=L (influent 3500 mg=L).
By using the MBR to reuse the process water, the mill reduces the freshwater intake to bleaching by 80%, the mill wastewater
discharge by 50%, and the gas consumption for heating by about 20% [28].

Test Cases: SCA Hygiene Products Suameer BV in the Netherlands has tested a concept where a DAF-unit is placed before a
thermophilic MBR and salt is removed by electrodialysis or reverse osmosis. The mill produces tissue, in particular toweling and
cleaning tissues. The hygienic paper produced demands for high-quality standards for the process water. Both organic and
inorganic compounds need to be removed before reuse of the water. The COD in the feed to the MBR varies depending on the
paper grade produced from 350 to 1350 mg=L and the MBR effluent COD stays below 200 mg=L (average 140 mg=L over a 200
day test period). RO and ED were tested and compared in such a way that the permeates after treatment were planned to have
equal chloride concentration. The RO permeate had a lower content of COD and conductivity than the permeate from ED [117].

Papierfabrik Niederauer Mühle of Germany specializes in the production of bright white liner. They studied MBR and ED
to remove organics and salt from their process water. More than 90% removal of COD and suspended solids was reported with
the MBR corresponding to a COD level of 100 mg=L in the permeate [117].

Kimberly Clark’s Delyn mill [114] demonstrated the suitability of MBR technology to treat and enable the reuse of water
within the papermaking process. Submerged Kubota flat-sheet membrane panels were tested just using the hydrostatic pressure
above the membrane pack to provide the driving force for permeate production. The pore size of the membrane was 0.4 mm but
during operation the membrane became covered by a dynamic layer of protein and biological cellular material, and the effective
pore size was evaluated to be <0.1 mm. Independent of the influent COD load (400–2100 mg=L) the MBR effluent COD
remained around 100 mg=L. As observed in many studies, the MBR efficiently balances the variation of incoming water and
produces a permeate of a relatively constant quality [58,114,118,119].

Full-scale tests using an internal circulation (IC) reactor from Paques and pilot-scale UF and RO membrane units (hollow
fiber and tubular) from KOCH-GLITSCH were carried out at the VPK Oudegem paper mill in Belgium. Thermophilic anaerobic
technology was combined with an aeration step and membrane filtration. The anaerobic process converts the organic compounds
into methane, which can then be burned as a low cost-fuel for energy recovery. The COD was reduced by 50%–80% and sulfate
ions were lowered by 30%–50%. The aeration step subsequent to the anaerobic reactor removes more than 50% of the calcium
ions. Pauly and Deschilde [120] concluded that the combined thermophilic anaerobic system and the downstream aeration step
were found to be at least as efficient as a mesophilic anaerobic process previously considered to be state-of-the-art in the paper
industry. Biological pretreatment was found to increase the retention capability of the membranes from 5%–10% to 30%–40%.
Operational stability was tested by long-term trials lasting for more than 1 year in the EU-Brite=Euram project: Paper Kidney.
However, only the biological processes are currently implemented in full-scale operation.

Several effluent treatment options were evaluated at the AIPM paper mill in Herada, Israel, (Table 35.7). Stahl et al. [119]
studied anaerobic treatment by an upflow anaerobic sludge blanket internal circulation bioreactor (UASB-IC, from Paques)
before aerobic treatment. The effluent from the UASB-IC was then further treated by an aerobic activated-sludge-pilot (ASP,
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pilot) and aerobic MBR. Significantly lower effluent concentrations of COD, BOD, and TSS were obtained when the MBR
was used.

Lombardo et al. [115] and Dufresne et al. [116] have also compared an MBR and an activated-sludge system, both were
efficient but the MBR was especially efficient in the removal of COD and acute toxicity.

35.6.4 BOARD, RECYCLING PAPER, AND DEINKING APPLICATIONS

Generally, in board mills lower quality water is needed when higher quality papers, e.g., fine papers, are produced. For that
reason many board mills have closed their water circulation systems. However, the more the system is closed, the more the
circulated water has to be purified.

McKinley Paper Company, Board Mill, New Mexico: Table 35.1 shows that the McKinley Paper Company in New Mexico
produces test liner from old corrugated containers (OCC). There is no water recipient near the mill to discharge even a minimal
amount of effluent, and raw water availability is restricted because the mill is located in the desert of northwestern New Mexico.
Thus, they have minimized their raw water consumption to only 1.5 m3=t board product. A waste stream of 3.3 m3=t board
produced is cleaned and finally concentrated using MF and RO membranes. First, flotation is used to separate fibers, fines, and
stickers from the water and then a sequenced batch reactor (SBR) type of activated-sludge treatment is carried out before
membrane filtration. The effluent is aerated and clarified in the same basin, in sequence. The COD and the TSS content after
biological treatment are 450–500 mg=L (retention 85%–90%) and 40–50 mg=L (retention about 80%), respectively. The
efficient pretreatment enables the use of hollow fiber microfiltration (CMF, USF Memcor Ltd.) to remove suspended solids
from the effluent to <1 mg=L. In addition, the permeate silt density index (SDI) is <3 and, therefore, the MF permeate is
suitable for reverse osmosis treatment. A typical feed pressure in MF is 2.5 bar. During normal operation of the hollow fiber
unit, the feed passes the fiber wall from the outside to the inside and an air backpulse is used from the inside to the outside for
cleaning of the hollow fibers. The 0.2 mmmembrane removes colloidal particles, bacteria, and also to some extent viruses, even
metal particles and their hydroxides, algae blooms, yeast cell, etc. are removed [45,46].

The RO treatment removes salts and the concentrate is crystallized by a tube type of falling film evaporator and its
condensate is recirculated back to the process. For example, when a stream at McKinley of approximately 660 m3=day is RO
treated it results in a permeate of about 490 m3=day (1–1.3 m3=t product). The salt removal is needed because the high
conductivity levels disturb the usability of the wet end chemicals [45,46].

Linpac, Recycle Paper Mill, Cowpens, South Carolina: The first full-scale commercial pressurized ozone membrane filtration
system was tested and installed in the Linpac recycle paper mill in Cowpens, South Carolina (Table 35.1) for TDS removal
[50]. The mill produces linerboard and medium for the production of corrugated boxes from an OCC and mixed office waste
(MOW) furnish. The mill has no liquid discharge stream.

The principal idea of the pressurized ozone membrane filtration system is to convert total dissolved solids (TDS) to
suspended solids, which are then more easily removed by membranes. The installed system consists of two processes. First, the

TABLE 35.7
Effect of Various Biological Treatments and MBR on the Effluent Quality

pH COD (mg=L) COD (soluble) (mg=L) BOD (mg=L) TSS (mg=L)

Aerobic full size ASP

Influent� std 6.8� 0.6 2363� 424 1115� 277 223� 408
Effluent� std 7.7� 0.2 245� 181 21� 15 65 �122
Average removal 90% 98%

UASB-IC

Influent� std 7� 0.3 2365� 606 2124� 529 1134� 353 140� 120
Effluent� std 7� 0.2 755� 276 461� 163 289� 136 209� 227
Average removal 68% 78% 75%

Aerobic ASP-pilot

Influent� std 7� 0.2 743� 290 450� 173 288� 147 214� 256
Effluent� std 7.9� 0.2 176� 62 141� 47 16� 8 25� 22
Average removal 76% 69% 94%

Aerobic MBR

Influent� std 6.8� 0.2 960� 764 612� 448 363 �323 294� 407
Effluent� std 7.8� 0.2 129� 30 7� 7 2.5� 2.1
Average removal 86% 98% >99%

Source: Adapted from Stabl, N., Tenenbaum, A., and Galil, N.I., Wat. Sci. Techn., 50, 245, 2004.
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ozone is injected under pressure to react with the total dissolved solids of the process water, allowing the TDS to coagulate and
agglomerate=precipitate as TSS. Second, ultrafiltration=nanofiltration is used to remove the coagulated and precipitated
particles [50].

The Linpac linerboard mill has a two-stage tubular ultrafiltration system and VSEP filters as a kidney. The ultrafiltration
systems (Koch membrane systems) treat the overflow from DAF clarifiers. TSS removal in the DAF units is improved
significantly by pressurized ozone injection before the DAF. To reduce the concentrate (reject) volume from the UF system
and to improve the reused water quality, a VSEP nanofiltration system has been installed to further concentrate the two stage
UF concentrate [50].

The flux of the NTR-7450 nanofiltration membranes is 33 L=(m2 h) at a pressure of 17 bar and a recovery of 72%
(temperature 688C–748C). As Table 35.8 shows, the total solids in the NF concentrate is at a really high level, over 20%. The
COD in the NF permeate is 3,100 mg=L, while it is 9,800–12,900 mg=L in the UF permeates. All permeates are returned to the
mill [50].

Deinking Studies: One particularly dirty effluent is the deinking effluent, which contains printing colors. Deinking is a
laundering process where chemicals, heat, and mechanical energy are used to liberate ink particles from the waste paper
fiber and disperse them in an aqueous solution and finally remove them from the pulp. No commercial membrane applications
exist in the area of deinking as far as the authors know. However, membrane technology has great potential particularly when
paper containing water-soluble printing inks are deinked.

Conventional flotation deinking technology, such as flotation and washing processes, is widely used for deinking secondary
fiber furnish that has been printed by the letterpress or lithographic (offset) processes. However, water-based inks used in
flexographic news printing are ineffectively removed by conventional flotation due to their hydrophilic nature. The ink particles
form a stable colloidal suspension of small hydrophilic particles in alkaline repulping conditions and are then too small
(<5 mm) and hydrophilic to be removed in flotation cells. Their hydrophilic properties improve the likelihood of them being
removed during washing. Washing is an efficient method to remove flexographic pigment dispersion from pulped secondary
fiber, but it produces large quantities of filtrate, which can neither be directly recycled to the deinking process without
detrimental effects on deinking, operation, and brightness of the deinked pulp nor discharged to the environment. Therefore,
the flexographic pigments have to be removed from the wash effluent [121].

Several researchers have investigated the possibilities of membranes for the removal of dispersed water-based ink pigments
from wash effluent [121–126]. Generally, membranes, in particular ultrafiltration membranes, have been found to completely
remove ink pigments from effluent streams. It has also been observed that the permeate flux and the fouling tendency depend on
operational conditions and effluent composition. For instance, coagulation pretreatment [125], feed water acidification [121],
and surfactant addition [123] have been found to improve the flux and decrease fouling.

35.6.5 FRESHWATER TREATMENT

Purification of incoming water is carried out by membranes at Bahia Sul Celulose in Mucuri, Brazil (Table 35.1). The source of
make-up water for the mill is a river that contains high levels of microscopic organisms and total dissolved solids. A reverse
osmosis water purification system (capacity 360 m3=h, recovery 75%) was installed in 1991 to remove both dissolved solids
and microorganisms. Despite various pretreatments before reverse osmosis (chlorination, flocculation, sedimentation, sand
filtration, filtration through activated carbon) the membranes have suffered from high levels of biofouling that generates a high
pressure drop on the system and demands frequent cleaning. After replacing the standard BW30–365 membrane with the new
more fouling resistant BW30–365FR membrane (FilmTec, nowadays DOW) and optimising the operation (maximum flux
22 L=(m2 h)) and cleaning conditions the fouling has been significantly reduced and the cleaning interval has been doubled to

TABLE 35.8
VSEP Performance of NTR-7450 Membrane in the Treatment of UF Concentrate
at the Linpac Recycle Paper Mill

Flow (L=min) TSS (%) Calcium (mg=L) COD (mg=L)

Feed (concentrate from two stage UF) 93 7 1000
Concentrate from nanofiltration 26 24 2800–3060
Permeate from nanofiltration 67 0.3 200–300 3100

Source: Adapted from Pressurized ozone membrane ultrafiltration=nanofiltration methodology for TDS removal
in the paper mill process water for energy saving, production efficiency, and environmental benefits.
Available at http:==www.recycle.com=linpac-nice3=documents=doefinalreport.pdf.
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12 days. The standard Platina-cobolt color test is utilized as a criterion to decide when to stop the alkaline cleaning. As a result,
the mill saves a significant amount of chemicals. The salt retention is 98% corresponding to a permeate conductivity less than
6 mS=cm [66]. The Stendal pulp mill in Germany (Table 35.1) also treats their raw water using RO [55].

35.6.6 RECOVERY OF COATING COLOR

Probably, the most successful application for membranes in the pulp and paper industry has been the recovery of coating
effluents [127]. Although the volumes of coating wastewaters are negligible compared to the overall mill waters, they cause
significant color in discharge water because they are not easily treated by conventional treatments. Furthermore, they represent
a significant economical loss. Today, more than 40 mill-scale CR filters are recovering coating pigments. Zero effluents from
the coating plants, recycling of the concentrated coating color, and reuse of the permeate are the main advantages when coating
color is treated by membranes, mostly by UF [7].

The CR technology dominates the installations but tubular modules are also used [104]. Ultrafiltration recovers the color
components in the coating color kitchen effluent streams, instead of them being treated with precipitation and used as landfill.
The dilute effluents are concentrated with UF membranes to an appropriate total solids content after which the retentate is used
in the preparation of fresh coating color. At the same time water is recovered in the permeate and can be used for dilution or
washing purposes in the coating color kitchen. The payback time when treating valuable coating color is typically 1–2 years
[36,128,129].

ASSI Frövifors Bruk, Board mill, Frövifors, Sweden: In 1991, two CR filters were installed at ASSI Frövifors Bruk board mill
in Frövifors (Sweden) to concentrate and recover the waste latex coating from an air–knife coater. The 50 kg=mol cutoff
polysulfone membrane produces a flux of 200 L=(m2 h). The mill uses TiO2 pigment, which makes the recovery process
extremely economical. The UF operates at a constant concentrate solids concentration of 20% continuously for 10 days
between cleanings [1,130]. When concentrating a standard coating color effluent steady flux of 120 L=(m2 h) at a coating color
concentration of 10%–15% (50 L=(m2 h) at 40%) is achieved [36].

M-Real, Art Paper mill, Äänekoski, Finland: Before their UF installation M-Real Äänekoski Art Paper mill in Finland lost 5.6 t
of coating color every day, corresponding to 88% of the solids in the wastewaters. They installed UF in 1997 to recover 80% of
the coating colors. A pilot-scale coating test showed that in pre-coating color the portion of recovered coating color could be
even 30%, without decreasing the paper quality. However, because UF also concentrates bacteria, the slime level needs to be
controlled when recycling coating colors [127].

M-Real, Fine paper mill, Kirkniemi, Finland: Alho et al. [127] reported a flux of 120 L=(m2 h) in the filtration of coating color
at another M-Real paper mill (Kirkniemi fine paper mill). High-shear modules can recover coating color from wastewater to a
higher dry solids content than traditional modules. For example, a solids content of 60% has been reached by the CR and the
VSEP filters [36,51].

35.6.7 MEDIUM DENSITY FIBERBOARD MANUFACTURING EFFLUENT

Several mill-scale RO plants have been installed for the treatment of wood plant effluents in medium density fiberboard (MDF)
mills. Traditionally, the effluent is treated in a biological plant, although not very successfully. A very high BOD content and
formaldehyde from the glue kitchen makes the effluent difficult to treat. Esmil Process Systems Ltd. has developed a process
that recovers all suspended and dissolved solids from the MDF effluent and makes a zero discharge mill possible. The wood
plant effluent is first flocculated and filtered in a filter press. The filter cake can be used as a substitute feedstock for the wood
fiber board plant or incinerated. After a dual media sand–anthracite filtration, the effluent is treated in a spiral wound reverse
osmosis unit. The hybrid process reduces the original effluent COD from 16,000 to 24,000 mg=L to a level of 6,900 mg=L
before RO and the RO permeate contains 200–300 mg=L COD. Finally, the permeate is polished with a carbon filter. Water
recovery for recycling as general process water, chip-washing, or boiler feed water is 90%–95%. The RO permeate is reused in
the factory and the RO concentrate (COD around 200,000 mg=L) is simply sprayed on the fibers before pressing in the
manufacturing process. In that way there is no effluent to treat and the sprayed concentrate actually improves the board quality
and saves a little glue since the sugars polymerize during heating and form a glue-like material [63,64,67]. Finnemore and
Hackley [64] reported the existence of three plants using RO in the year 2000 located in Kronospan’s Chirk factory in North
Wales (Table 35.1), in Sanem (Luxemburg), and in Poland. In addition, four plants were at that time under construction. The
hydrid process used is according to the reports significantly cheaper (£1–£1.5 per cubic meter ultimate disposal) than a
biological process (£5 per cubic meter), sewer treatment (£10 per cubic meter) or evaporation (£15 per cubic meter) [64].

35.7 ELECTRODIALYSIS AS POST-TREATMENT

Electrodialysis (ED) is a membrane separation process, which exploits an electrical field as the driving force instead of pressure.
Charged compounds are separated by ion-exchange membranes. In the pulp and paper industry, ED is being studied for the
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removal of chloride ions in the chemical recovery cycle of sulfate pulp mills [37,131]. Nanofiltration typically removes
practically all multivalent ions but passes chloride ions even to such an extent that the concentration of chloride ions is higher in
the permeate than in the feed (Donnan exclusion). Therefore, polishing of the permeate, e.g., using ED, may be needed. Fouling
management of ED membranes is crucially important to avoid an increase in energy consumption. Fouling may also cause a
loss in selectivity of the process. Especially, the anion-selective membrane was found to be markedly fouled when an alkaline
bleach plant filtrate was processed [132]. Nanofiltration before ED could reduce the fouling in ED. Nanofiltration alone
removes about 95% of the color and 90% of the organic compounds from the alkaline extraction stage effluents (E1 stage) and
is thus an efficient pretreatment for ED [69]. ED has also been studied for removal of salt from MBR effluents (Section
35.6.3.2).

Geraldes and de Pinho [37] modeled NF permeate using a prepared salt solution to evaluate the feasibility of ED for the
removal of chloride ions. The modeled permeates contained chloride ions from 1650 to 2250 mg=L depending on the water
recovery. In that study, the quality requirements for the washing waters for pulp bleaching were 350 mg=L of NaCl and 30 PtCo
units of color. The NF followed by ED met these requirements and the evaluated costs were $0.65 per m3 at 80% water
recovery. Rapp et al. [131] reported the electrical power consumption of ED to be 0.97 kW h=kg chloride removed.

35.8 DEMANDS ON MEMBRANES TODAY AND IN THE FUTURE

The legislative restrictions (in 2006) are such that most pulp and paper mill wastewaters can be discharged after activated-
sludge treatment. Furthermore, there are no restrictions in many countries on the intake of process water. In the future, there will
most probably be limitations on the amount of intake water and the limitations for discharge loads will be tightened. The cost of
freshwater will not decrease and this will force mills to increase their water reuse.

New regulations on water intake and mill effluent grades will constitute the driving forces for adopting membrane
technology in pulp and paper mills. In Europe, the EU Directive on Integrated Pollution Prevention and Control (IPPC) will
lead the pulp and paper industry to achieving a high level of protection of the whole environment. The IPPC includes a Best
Available Technology (BAT) reference document, BREF, which refers to the pulp and paper industry. The BREF includes,
among others, emission levels and flow rates for wastewaters (m3=t) and technologies regarding how to obtain these levels. This
directive will come into force for existing mills from the year 2007 and will provide further opportunities for membranes in the
pulp and paper industry.

One challenge is to find the right membrane and module characteristics for the different streams to be treated combined
with the ability to withstand the physical and chemical nature of the streams. The combination of a temperature increase
(708C–908C) with a high pH during filtration or cleaning makes great demands on the membranes. Furthermore, membranes
can sometimes be exposed to oxidizers. High-shear conditions and rigid particles, or even fibers, can cause erosion on the
membrane surface. Many applications today operate at high recovery and concentration. This sets limitations for membrane
modules but high-shear modules can respond to that challenge.

A challenge will also be the further processing of concentrate or permeate streams. The recovery needs to be high so that the
retentate stream can be incinerated, or other ways to treat the concentrate need to be developed. Evaporation or tighter
membrane processes can be used to increase the dry solids content of the concentrate. Some mills recirculate the concentrate
back to the wastewater treatment process, some sell it to the customer by binding the concentrate to the final product (MDF
boards), and some use chemical precipitation to lower the impurities in the concentrate (e.g., Eltmann newsprint mill in
Germany). The biodegradability of the concentrate can be enhanced by slight oxidation (e.g., ozone treatment). However,
although there are several options to treat the concentrate, its destruction is often problematic.

Membranes should have high flux but at the same time also have the ability to retain small molecules for the permeate to be
reused as wash water or make-up water at different places in the process. When membranes are used, fouling management is
always crucially important. The development of polymeric membranes has been fast and will probably continue but in the most
demanding applications ceramics might be the only solution. Their use has been restricted by the cost of the membrane material
but costs will decrease with increased use and new manufacturing processes. However, polymeric membranes will also become
cheaper in the future. Ultrafiltration and, in particular, nanofiltration are the membranes of the future when process streams are
to be filtered. Ultrafiltration is also the right solution for coating color recovery. As the reviewed membrane installations show,
membranes are needed for extremely many different purposes in the pulp and paper industry. This need will increase and more
installations will undoubtedly be seen in the future.
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ABBREVIATIONS

AOX adsorbable organic halogens
BAT best available technology
BOD biological oxygen demand
CA cellulose acetate
COD chemical oxygen demand
C-stage chlorination stage
CR cross-rotational
DAF dissolved air flotation
E1 alkaline extraction stage
ECF elemental chlorine free
ED electrodialysis
IPPC Integrated Pollution Prevention and Control
MBR membrane bioreactor
MDF medium density fiberboard
MF microfiltration
MLSS mixed liquor suspended solids
MOW mixed office waste
NF nanofiltration
OCC old corrugated containers
PA polyamide
PCI Paterson Candy Int.
PE polyethylene
PEI polyethyleneimine
PES polyethersulfone
PSu polysulfone
PVA polyvinyl alcohol
PVDF polyvinylidenefluoride
RC regenerated cellulose
RO reverse osmosis
SBR sequenced batch reactor
SDI silt density index
TCF total chlorine free
TDS total dissolved solids
TOC total organic carbon
TRS totally reduced sulfur
TSS total suspended solids
UASB-IC upflow anaerobic sludge blanket internal circulation
UF ultrafiltration
UVA 280 nm absorption of UV light at 280 nm
VSEP vibratory shear enhanced processing
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36.1 INTRODUCTION

Progressively stringent emission standards have prompted the development of innovative technologies for the treatment of both
municipal and industrial wastewater. Perhaps the fastest growing technology in the wastewater treatment sector, the membrane
separation bioreactor, generally designated the (MBR), was originally developed as a response to the need to achieve process
intensification and the achievement of tighter emission requirements. Recently, the process has been adopted for water
recycling applications [1]. Water recycling has become a reality in many countries, for example, 190 million cubicmeter of
treated wastewater is reused annually in Japan [2] and the trend is increasing as the demand for water is rising.

The first commercial MBRs, in which an external microfiltration membrane module replaced sedimentation in the activated
sludge (AS) process, were introduced in the 1960s by Dorr-Oliver Inc. [3]. Full-scale commercial MBRs entered service in
North America in the 1970s, Japan in the 1980s, and Europe in the 1990s [4]. A reputation for excellent effluent quality
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together with continuing improvements in process design and a dramatic reduction in membrane cost have seen the number of
installations increase substantially in recent years. Several thousand installations now exist worldwide, typically treating
effluent quantities of a few hundred cubic meters per day. Indeed, many processes are now operating at several 1,000
m3 day�1 and plans are advanced for MBR installations that will treat over 100,000 m3 day�1 [5].

The principal advantages of the MBR process over conventional wastewater technology are

1. Biomass retention is achieved by membrane separation rather than by gravity settling and therefore the process is
insensitive to filamentous sludge bulking, and other floc settling and clarification problems commonly encountered in
the activated sludge process. Moreover, the biomass concentration in the aeration tank is not dependent on the
limitations of the secondary clarifier, thereby permitting typical mixed liquor suspended solids (MLSS) values of
10,000–15,000 mg L�1, a factor four times higher than that in the conventional activated sludge (CAS) process. High
volumetric reaction rates in the MBR, therefore, allow high carbonaceous conversion and nitrification rates to be
achieved with short hydraulic retention times. Consequently, the size of reactor required is lower than the CAS
process.

2. The long solids retention time (SRT) in the MBR is considered to be amenable to specialist slow-growing micro-
organisms necessary for the biodegradation of specific organic pollutants.

3. Because the membrane acts as a filter, the final effluent (permeate) is generally of a very high quality in terms of
turbidity, bacteria, solids, and colloidal material. Rejection of bacteria and viruses is significant with average log
reductions of up to 8 for total coliforms [6].

4. A long SRT combined with high MLSS concentrations results in a low-sludge yield. Sludge minimization is
particularly an important advantage in the treatment of industrial wastewater, because such sludge is frequently
classified as hazardous waste and therefore requires expensive treatment and disposal.

The engineering principles of MBR technology have developed to the extent that the process is reliable at large scale. However,
the relatively poor understanding of the biological mechanisms contributing to performance, the inefficiencies associated with
amelioration of membrane fouling, and poor oxygen transfer efficiencies are the three issues that need to be addressed if MBR
technology is to fully mature. A significant research effort is under way to address these and other MBR performance-related
issues, and it is likely that the performance of the process will continue to improve in the years ahead.

The purpose of this chapter is to review the critical factors contributing to MBR process performance and to report recent
advancements in key areas. Coverage is directed toward membrane separation bioreactors, although recent developments in
membrane biofilm reactors will be briefly discussed. Much of the current MBR research effort is directed toward municipal
wastewater applications; however, substantial commonalities exist with respect to industrial wastewater application and where
possible, reference is made to the specific aspects of the technology when applied to the treatment of industrial wastewater.

36.2 OVERVIEW OF MEMBRANE BIOREACTOR OPERATION

In wastewater treatment systems, the objective is to remove the maximum amount of pollutant at the minimum hydraulic
residence time and with minimal production of biomass. Continuous reactors for biological wastewater treatment invariably
employ cell recycle to elevate the biomass concentration and thus the productivity. The dominant wastewater treatment process
in use today is the activated sludge process and its many variants. The MBR is essentially a variation of the AS process,
whereby the sedimentation (secondary clarifier tank) is replaced by a membrane separation step to retain biomass and
particulates in the bioreactor. Depending on the nature of the wastewater, the MBR may be configured with a single aeration
tank or with separate aerated=unaerated tanks, with appropriate recycle systems. Membrane filtration occurs either within the
bioreactor (submerged process) or externally through recirculation (external or sidestream process). Figure 36.1 outlines

Influent

Effluent

Air
Sludge

(a) (b)

Influent Effluent

Air

Sludge

FIGURE 36.1 Schematic layout of (a) external MBR and (b) submerged membrane bioreactor.
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schematically the two configurations. The membranes are generally UF or MF, which retain biomass and solids while
allowing the water and nondegraded solute species to pass through the membrane. Although inorganic (ceramic) membranes
have been used in some applications, capital cost considerations have favored the adoption of polymeric membranes in most
MBRs to date.

In the external MBR process, an ultrafiltration or microfiltration membrane module in hollow fiber configuration is
employed. In such a system, the driving force for mass transfer is the pressure created by the high cross-flow velocity (typically
2–4 m s�1). The membranes are backwashed systematically to remove solids and cleaned chemically at periodic intervals.
Although the external MBR is no longer the dominant configuration, principally due to its high energy requirement, the system
has some advantages compared to the submerged system, namely, higher permeate fluxes and ease of retrofit to existing
biological treatment processes.

The development of the submerged MBR (sometimes known as the integrated MBR) arose out of the need to reduce the
energy requirements and is now the dominant configuration in commercial use, particularly for municipal treatment applica-
tions. Membranes can be arranged in either hollow fiber (HF) or plate and frame (PF) configuration. In both cases the
membranes are mounted in cassettes or modules comprising membranes, support structures, and associated flow connections.
Coarse bubble aeration is used to scour the membrane, as a fouling control measure, whilst simultaneously facilitating oxygen
mass transfer to the liquid. This system does not offer very high oxygen transfer efficiencies, but the rising bubbles provide a
turbulent cross-flow velocity (typically 0.1–0.3 m s�1) over the surface of the membrane [7].

A direct comparison between the submerged MBR and external (sidestream) MBR has indicated that submerged MBR has
an inherently lower fouling propensity as a result of the slug-flow hydrodynamic regime associated with the coarse bubble
aeration [8].

A number of proprietary MBR processes are on the market, the majority of which are based on PF configurations, such as
Kubota, or HF membranes, such as Zenon.

The Zenon ZeeWeed MBR process uses a submerged hollow fiber unit mounted vertically. A centrifugal pump is
used to create negative pressure on the permeate side and wastewater is drawn into the lumen. For stable operation average
fluxes in the region of 20 L m�2 h�1 would be typical under a driving transmembrane pressure of 0.2–0.5 bar [9]. Fouling
control is provided by coarse bubble aeration, periodic backflushing, and occasional chemical cleaning of the membranes.
Fine bubble aerators are required to supply the balance of oxygen. And MLSS concentrations of 10–15 kgm�3 are
typical [10].

The Kubota MBR uses a flat-sheet membrane made of polyolefin with a nonwoven cloth base giving a nominal pore size of
0.4 mm. Each membrane cartridge consists of solid acrylonitrile butadiene styrene support plate with a spacer layer between it
and flat-sheet membrane on both sides. Permeate is drawn through the membrane from the bulk fluid by a partial vacuum
applied within the membrane plate matrix while retaining the solids in the reactor. The Kubota system operates by gravity, with
a head of 1–1.5 m above the membranes sufficient to drive permeate through the membranes. Compressed air is introduced
through a distribution manifold at the base of the membrane module. The MLSS is typically maintained within the range of
12–18 kg m�3 [7].

In addition to the Zenon and Kubota processes, there are several other MBR products on the market from companies such
as Mitsubishi Rayon, US Filter, GE Ionics, and Brightwater Engineering. Figure 36.2 shows the MEMBRIGHT process from
Brightwater Engineering.

36.3 MEMBRANE BIOREACTOR PERFORMANCE

36.3.1 MUNICIPAL WASTEWATER CARBONACEOUS REMOVAL

Stephenson et al. [11] conducted a comprehensive review of MBR performance drawing on published data for installations
ranging from laboratory scale to full commercial scale, and for a variety of process variants. For the treatment of municipal
wastewater, volumetric loading rates ranged between 0.45–3.2 kg COD m�3day�1 and 0.05–0.66 kg BOD m�3 day�1 with
maximum reported wastewater strengths of 256 BOD5 mg L�1 and 900 COD mg L�1. Steady-state effluent concentrations
were typically <10 BOD5 mg L�1 and 40 COD mg L�1 corresponding to removal efficiencies of 95%–99%. Most MBRs
treating municipal wastewater were operated at HRTs between 4 and 8 h. No discernable trend was evident with respect to
the effect of HRT on performance. It was noted that the performance was dependent on SRT up to values of 20 days, beyond
which no trend was evident. Gander et al. [6] compared the performance of MBRs treating municipal wastewater with the
performance of several biological treatment processes. For a given strength of wastewater, organic loading rates in MBR
processes are generally higher than that achieved in trickling filters, CAS process and the sequencing batch reactor, this can
be attributed to shorter HRT utilized in the MBR. Removal efficiencies for the MBR tend to be higher than the trickling filter
(65%–90%), conventional AS process (85%–95%), and sequencing batch reactors (85%–95%). However, to make such
quantitative comparisons between effluent quality from the MBR and that from alternative biological treatment processes,
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it is important to note that the superior effluent quality produced from MBR processes is as a result of both biological
conversion of wastewater constituents combined with particulate retention by the membrane. In fact, the upper limit on
permeate flux ultimately limits the loading rate of the MBR and significantly higher organic loading rates are achievable in
the complete-mix AS and the BAF [6]. Objective comparisons between MBR and alternative processes are complicated by
the sheer variety of reactor designs and size, membrane characteristics, operating conditions, and wastewater characteristics.
Notwithstanding this difficulty, it is apparent that effluent quality and removal efficiency in MBRs, at least in terms of
chemical oxygen demand and biological oxygen demand (COD=BOD), generally exceed that of all the conventional AS and
trickling filter processes.

36.3.2 NUTRIENT REMOVAL

36.3.2.1 Nitrification

Nitrification is a microbial process by which reduced nitrogen compounds (primarily ammonia) are sequentially oxidized to
nitrite and nitrate. Nitrification is primarily accomplished by aerobic autotrophic bacteria that can build organic molecules using
energy obtained from inorganic sources, in this case ammonia or nitrite. Various groups of heterotrophic bacteria and fungi can
also carry out nitrification, although at a slower rate than autotrophic organisms. Nitrifying organisms are sensitive to a wide
range of organic and inorganic compounds and at concentrations well below those concentrations that would affect aerobic
heterotrophic organisms. The specific rate of nitrification in MBRs has been shown to be significantly higher than an equivalent
activated sludge process, for example, Zhang et al. [12] achieved an average nitrification rate of 2.28 g NH4–N kg�1 MLSS h�1

compared to 0.95 g NH4–N kg�1 MLSS h�1 for CAS. The higher rate believed to be attributable to the enhanced retention of
the slow-growing autotrophic bacteria in the MBR and also due to comparatively better mass transfer of nutrients and oxygen
into the smaller MBR flocs. However, nitrification rate is sensitive to oxygen limitation and the high biomass concentrations in
MBR processes present a challenge to effective and efficient oxygen transfer. Denitrification can be achieved in MBRs either
by the use of an anaerobic tank separated from the aerobic tank or the use of intermittent aeration. The denitrifying organisms
are predominantly facultative heterotrophs that reduce nitrate (NO3

�) in the absence of molecular oxygen. The organic content
of the wastewater is the energy source for denitrification therefore the anoxic zone should be configured in a manner that
ensures adequate carbon sources are available.

(a) (b)

FIGURE 36.2 (See color insert following page 588.) The MEMBRIGHT process from Brightwater Engineering (United Kingdom)
showing (a) a typical plant and (b) the membrane module.
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36.3.2.2 Denitrification

In most conventional WWTPs and MBR plants nitrogen removal is achieved by pre-denitrification [13]. In pre-denitrification
systems, the anoxic denitrification tank is typically placed before the aerobic nitrification step. Nitrate is recycled from
the aerobic tank to the anoxic zone. Alternative configurations exist but are less common, e.g., intermittent denitrification
[13]. The advantages of pre-denitrification are that organic matter available in the anoxic zone improves denitrification rates,
hence reducing the required reactor volume. Secondly, the oxidation capacity of nitrate degrades part of the organic matter,
hence reducing oxygen demand and achieving savings in aeration requirement. Specific denitrification rates for MBRs are in
the region of 1 mg NO3–N h�1 g�1 MLSS.

In post-denitrification systems an anoxic tank is placed downstream of the aeration tank. As most organic matter is removed
in the aerated zone, it is necessary to add an external carbon source to the denitrification tank. Kraume et al. [13] have discussed
the particular characteristics of the MBR technology that may make post-denitrification a more attractive alternative. Low-
denitrification rates in pre-denitrification MBR plants have been attributed to a combination of high-sludge age and a high-
oxygen carryover to the anoxic zone from the membrane system. There is some evidence, which reported that overall nitrogen
removal rates are higher with post-nitrification MBR processes than with pre-denitrification processes [13]; however, further
research is required to confirm this.

36.3.2.3 Phosphorus Removal

Phosphorus removal processes can be achieved by two methods: chemical precipitation and biological removal. Current
practice with MBR processes favors the precipitation method [14]. Biological phosphorous removal rates of over 99% were
reported by Gnirss et al. [14]; however, P concentrations were below 0.05 mg L�1 (P-total). At higher concentrations (4 mg L�1

P-total) removal efficiencies of about 75% are more typical [15]. In a six-stage MBR pilot plant [16], a combination of
biological (using an initial anaerobic zone) and chemical (using alum) phosphorous removal was used to consistently achieve
total phosphate concentrations of <0.1 mg L�1. The use of alum appeared to enhance the filtration characteristics of the sludge
and to reduce membrane fouling. It is believed that the alum enhances the coagulation of the colloidal solids [16].

36.3.3 BENCHMARKING THE MBR AGAINST THE CAS PROCESS

A limited number of studies have been reported in which the MBR and AS are compared using the same wastewater. A 40 L
MBR was compared to an 11 L AS process over an 80 day operating period using synthetic wastewater [17]. SRT values were
30 and 20 days for the MBR and SRT, respectively, and all other conditions were identical, including the HRT which was
maintained at 6 h. The MBR consisted of a ceramic tubular external membrane. Removal efficiencies for soluble components in
the MBR were higher than the AS, for example, 99.0% vs. 94.5% for COD; 99.2% vs. 98.9% for ammonium; and 96.6% vs.
88.5% for total phosphorous, respectively. Interestingly, the sludge yield was lower in the CAS than the MBR the reason for
which was attributed, in part, to the presence of certain types of protozoa, particularly ciliates, detected in the CAS sludge but
not the MBR. Ng and Hermanowicz [18] investigated the performance and biomass characteristics of a membrane bioreactor
(MBR) and a completely mixed activated sludge (CMAS) treating a synthetic wastewater. Both systems were operated at short
SRT ranging from 0.25 to 5 days and hydraulic retention times of 3 and 6 h. Despite SRT values of as low as 0.25 days, the
MBR removal efficiencies ranged from 97.3% to 98.4% (TCOD) in the MBR, compared to 77.5%–93.8% (TCOD) and 94.1%–

97.0% (SCOD) in the CMAS. The superior performance of the MBR does not appear to be a result of higher biomass
concentration. Instead, after analyzing the floc size and structure in both processes, it was speculated that improved mass
transfer to the bacteria in the MBR contributed significantly to performance gain. The MBR biomass was composed of small,
weak, and uniform-sized flocs with large mass of short filamentous organisms and a significant fraction of dispersed
microorganisms. In contrast, the CAS sludge was composed of large flocs with filamentous organisms as a backbone. The
yield coefficients for the MBR and CMAS system were 0.42 and 0.35 g VSS g�1 COD, respectively. These were close to the
theoretical maximum yield because at the relatively short SRT in this study, conditions favored biosynthesis rather than
maintenance metabolism. Huang [19] compared variations in the SRT on the performances of the AS and MBR. COD removal
remained constant at 90% in MBR but in the AS was 70%–80% with a slight decrease when the SRT was reduced to 5 to
10 days.

36.3.4 MICROPOLLUTANT REMOVAL FROM MUNICIPAL WASTEWATER

Micropollutant degrading bacteria generally have a low-specific growth rate and therefore the extended SRT in MBRs should
favor the enrichment and growth of specialist bacteria with the ability to assimilate and mineralize specific pollutants. However,
when making comparisons between processes, consideration must be given to the possibility that improved removal rates from
the MBR may arise from the retention of such pollutants by adsorption on biomass particles rather than by improved
biodegradation.
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Joss et al. [20] studied the removal of estrogens in three municipal wastewater treatment processes (CAS, MBR, and fixed
film). Specific-degradation rates for estrone and estradiol were higher in the MBR sludge than in the CAS sludge by a factor
2–3. It was suggested that the sludge age (30 days compared to 11 days, respectively) and floc size (10–100 mm compared to
100–500 mm, respectively) contributed to the difference in activity between the two processes. Recent study [21] on
micropollutant removal was inconclusive on the relative merits of the MBR over CAS. Removal efficiencies ranging from
complete (ibuprofen) to virtually zero (carbamazepine). Another recent study examined the potential of the MBR for water
reuse applications [2], and showed high removal efficiencies for Cryptosporidium and coliphage. With respect to endocrine
disruptors, no significant differences were observed between the MBR and the CAS processes [2]. It is evident that further
research is needed on the detailed mechanisms of micropollutant removal in MBRs before firm conclusions on performance can
be drawn.

36.3.5 CARBONACEOUS REMOVAL FROM INDUSTRIAL WASTEWATER

Table 36.1 summarizes the characteristics and performance data from selected published studies of MBRs applied to the
treatment of industrial wastewater. Industrial wastewater is typically of a higher strength than municipal wastewater and this is
reflected in the higher loading rates, typically in the range 2–16 kg COD m�3 day�1 for pilot and full-scale installations. COD
removal efficiencies are typically greater than 90% and frequently greater than 95% for the reported studies. Corresponding
HRT values were in the range of 45–240 h for pilot-scale studies and 36–54 h for the full-scale studies. HRT values are
significantly longer than those of municipal applications reflecting the higher organic loading rates and the nature of the
wastewater, frequently including oil and grease constituents. Sludge yield are generally quite low, perhaps as a result of
the generally high MLSS values and long SRTs.

36.3.6 REMOVAL OF SPECIFIC ORGANIC POLLUTANTS FROM INDUSTRIAL WASTEWATER

Reemtsma et al. [27] performed a detailed analysis of the removal efficiencies of a variety of compounds from a tannery
wastewater using a commercial scale MBR. The overall removal of aromatic compounds as determined by UV absorbance
(ABS254) was 84%, a value significantly higher than that achieved from conventional treatment under similar conditions [28].
However, the removal efficiency of selected polar sulfur-containing aromatic pollutants of borderline biodegradability did not
show significantly better results than the CAS process. Naphthalene sulfonates are used as dispersants and are commonly
encountered as constituents in industrial wastewater. Reemtsma [27] reported 99% removal of naphthalene monosulfonates and
40% removal of naphthalene disulfonates. Higher removal efficiencies of these compounds have been reported for CAS and
despite sufficient time for adaptation in the MBR and a sufficiently low concentration, no explanation for the poor removal of
disulfonates was clear. Benzothiazoles are used as fungicides and as vulcanizing agents in rubber production. An average of
87% removal for all compounds in this category was observed in the MBR. However, the removal efficiency varied strongly
among compounds in this group. These results indicated comparable, but not significantly better reports for the CAS system.
Scholz et al. [23] investigated an oily wastewater-containing surfactant in a laboratory MBR with a typical retention time of
13.5 h. Overall hydrocarbon removal efficiency was >99%; however, this figure refers to the differences between influent and
effluent concentrations, and does not take into account significant partitioning of oil and grease into the sludge. Analysis of the
biodegradation efficiencies of selected aliphatics (C10-C24) showed that all fractions were degraded at comparable efficiency
once sufficient time was allowed for bacterial adaptation. Zaloum et al. [25] reported degradation of an oily wastewater using an
external UF MBR. Despite shock loads, excellent removal rates of oil and grease were obtained and total phenol removal was
96%. Morrison et al. [29] studied the removal of methyl tertiary-butyl ether (MTBE) in a 5.9 L MBR equipped with an external
ceramic membrane. With a HRT of 1 h and an influent concentration of 5 mg L�1, removal efficiencies averaged 99.98%.
Although it took 150 days to reach steady state, removal efficiencies were 76% within a few days of start-up.

The complex composition of industrial wastewater and the limited number of studies published to date do not allow a
definitive conclusion to be drawn on the comparison between the MBR and conventional processes.

36.3.7 ENERGY CONSUMPTION

Energy costs account for a significant portion of the life-cycle costs of the MBR, whether sidestream or submerged [10]. Energy
is required for pumping feed water, recycling of retentate, aeration and, in certain process variants, permeate suction.
Substantial differences in energy consumption exist between submerged and external membrane configurations. External
membranes require a high cross-flow velocity (2–4 m s�1) and energy requirements in these processes is dominated by the
energy associated with pumping. Energy consumption values in the range 0.045–140 kW h m�3 product are reported by
Gander et al. [6] for a variety of external processes. Typical values can be expected to be in the midpoint of the range. The wide
range in values is a function of several variables including the membrane characteristics, packing density, and recycle flow rate.
Aeration requirements contribute about 20% to the overall energy requirements of the external MBR processes. Typically fine
bubble aerators are used which have standard oxygen transfer efficiency (SOTE) values of 25%–40% at 5 m depth. In the
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submerged MBR systems aeration normally contributes >70% to the overall energy cost. Coarse bubble aerators provide the
dual function of scouring the membrane and providing oxygen to the microorganisms. However, coarse bubble aerators are less
efficient than fine bubble aerators with SOTE values of 19%–37% at 5 m depth [6].

36.4 MECHANISMS CONTRIBUTING TO MBR PERFORMANCE

Evaluation of MBR process performance is quantified by two principal indicators: (i) effluent quality, incorporating carbon-
aceous and nutrient removal rate; and (ii) sludge characteristics incorporating yield and treatability. Although each indicator is
ultimately determined by a combination of membrane filtration and a broad range of biological reactions, analysis of the
process must be build on an integrated framework that incorporates each and every one of the interrelated factors influencing
performance. Figure 36.3 schematically outlines the various interrelated factors determining process performance in MBRs.
The current understanding of how these interrelated factors impact on MBR performance is discussed in the following sections.

36.4.1 MEMBRANE FOULING

Perhaps the foremost problem that has limited the performance and consequent widespread adoption of the MBR process is
membrane fouling. Fouling is a term that encompasses several mechanisms contributing to increased mass transfer resistance
across the membrane. It is caused by the accumulation of biomass and particulate matter on the membrane surface, adhesion of
macromolecules on the surface, and clogging of the membrane pores. The principal organic foulants in MBR processes are
biomass solids, aggregated colloidal material, and extracellular polymeric substances (EPSs). Inorganic foulants include
scalants such as calcium carbonate [7]. The relative contribution of different foulants to mass transfer resistance varies widely
from study-to-study depending on the characteristics of the wastewater, biomass, and membrane and also the influence of
chemical cleaning [30]. A recent study [31] used statistical analysis to investigate the contribution of several biomass
characteristics, permeate flux, and the aeration velocity on the fouling rate in a pilot-scale submerged HF MBR. Only the
permeate flux, the solid concentration, the carbohydrate concentration in the EPS, and the aeration velocity affected the
fouling rate.

The aggregation rate of colloidal and particulate materials is dependent on the permeation rate, hydrodynamics, and surface
forces between the membrane and colloid material, therefore fouling rates are system dependent. However, certain broad trends
are evident with respect to fouling. Below a certain permeation rate the TMP varies linearly with flux and above this transition
flux, a sharp increase in TMP is observed concomitant with a permeate flux decline. A time-dependent flux decline is also

Fouling rate

Microbial
ecology

Biomass,
morphology,
and rheology

Filtration rate
and selectivity

Operating
conditions

COD loading rate
TMP/permeate flux

aeration rate
temperature/pH

cross-flow velocity
cleaning frequency

Membrane
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structure/pore size
surface chemistry

configuration
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Effluent quality
BOD/COD removal
TSS/MO removal

Sludge production
Sludge yield

Sludge treatability
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Biological
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FIGURE 36.3 Schematic interrelationship between factors that determine process performance in MBRs. Wastewater characteristics are
implicit in this outline. The term ‘‘biological reactions’’ includes exogenous and endogenous metabolism, extracellular enzymatic activity, and
product formation (EPS).
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observed. The critical flux hypothesis is that upon start-up, there exists a flux below which a time-dependent flux decline does
not occur, while fouling takes place above this critical value [32]. It is known that the critical flux in MBRs depends on
hydrodynamics, particle size, and membrane surface characteristics. Typically MBRs are operated below the critical flux to
minimize fouling. However, the validity of the critical flux concept in MBR operation has been questioned recently since after
prolonged operation irreversible fouling has been observed at subcritical fluxes [33].

The importance of biopolymer deposition on the membrane has been highlighted by Chu and Li [34] who noted that such
material may accelerate bacterial attachment to the membrane in addition to its contribution to fouling resistance. The formation
of a slime layer on the membrane, comprising an EPS matrix with embedded bacteria, may be analogous to a biofilm, the
significance of which is the difficulty of its removal by nonchemical methods. The question of whether biofilm formation plays
a significant role in MBRs is yet to be addressed. Indeed, a comprehensive model of fouling in MBRs is not yet available.

Because fouling rate is highly dependent on the flux, it is essential to optimize the TMP to achieve the best performance
without exceeding the critical flux. Clearly the value of the critical flux is dependent on the system design, operating conditions,
and wastewater characteristics. Gander et al. [6] report that for many submerged PF MBRs operating at TMP of <0.4 bar, the
critical flux is not exceeded. In addition to flux control, several defouling strategies are employed. Coarse bubble aeration
promotes the scouring of the membrane to suppress the fouling layer. In some systems (FP) the scouring action is accelerated
under zero-flux conditions in an operation known as relaxation. For certain types of membrane (HF) periodic backflushing is
employed whereby permeate flow is reversed for a short time, typically for 30–60 s every 15 min. High-frequency backpulsing
(typically 0.1–2 Hz) is a very effective defouling approach but, at present, is only suitable for ceramic membranes [30].
Chemical cleaning is necessary in all MBRs after a certain time to remove biopolymers and colloidal residues from the
membrane surface. The cleaning frequency can vary from up to 30 days for effluent treatment to every 6 months for water
treatment applications [35]. The duration of chemical cleaning is typically in the region of 1–2 h [9]. The intensity or frequency
by which these fouling amelioration strategies need to be applied will impact on the economic performance of the process.
Inevitably the antifouling strategy will depend on the particular MBR configuration: for example, the Zenon system uses
periodic backflushing and coarse bubble aeration scouring, while the Kubota process uses a combination of relaxation and
coarse bubble aeration scouring.

36.4.2 BIOMASS MORPHOLOGY AND RHEOLOGY

The importance of biomass morphology on process performance relates to its impact on membrane fouling, volumetric reaction
rate, adsorption of organic and inorganic particulate matter to flocs, and the treatability of sludge. It is generally acknowledged
that biomass morphology in the MBR is markedly different to that of activated sludge in terms of floc size distribution, fraction
of dispersed bacteria, and quantity and composition of EPS [36].

The floc, a heterogeneous aggregate of microorganisms and EPS, is the dominant component of the biomass in MBRs, as it
is in an activated sludge. EPS is used as a general term for organic macromolecules such as polysaccharides, proteins, nucleic
acids, lipids, and other polymeric compounds, which have been found to occur in microbial flocs and biofilms [37]. However, it
must be stressed that a significant fraction of the total EPS present exists as soluble components in the bulk liquid. Although the
mechanism of flocculation is poorly understood, it is generally accepted that EPSs are central to the aggregation of dispersed
bacteria into floc particles. It is also known that hydrodynamic forces including turbulent shear stress contribute to floc size
distribution, a mechanism of particular relevance to external MBRs with high cross-flow velocities [17]. Both small floc
size distributions and a high fraction of dispersed microorganisms are factors generally regarded as advantageous from the
perspective of soluble pollutant degradation. It is believed that mass transfer limitations in larger flocs may limit the reaction
rate. This hypothesis was confirmed by Joss et al. [20] who used a mass transfer model to investigate differences between MBR
and CAS processes for removal of estrogens from municipal wastewater. CAS floc sizes were in the range of 100–500 mm,
while MBR flocs were in the range of 10–100 mm. Activity differences of a factor 3–4, favoring the MBR were found to be
attributable to mass transfer limitations in the CAS flocs. It should be noted that mass transfer limitations are dependent not only
on floc size but also on the specific reaction rate and on the substrate concentration in the bulk liquid. Nevertheless, high-
volumetric removal rates can be expected when the biomass consists of a high fraction of dispersed bacteria and the floc size
distribution is small. Indeed, several studies on MBR morphology have reported such a biomass composition. Zhang et al. [12]
reported that samples from severalMBRs showed the floc size distribution to be in the range of 7–40mmcompared to 70–300mm
from CAS. Witzig et al. [36] analyzed floc size and structures in MBR samples, over a prolonged period of operation. Samples
of the sludge taken at regular intervals over the 351 day operation were analyzed and it was confirmed that the relative fraction of
flocs to dispersed biomass was low compared to what would be expected in conventional AS.

A widely used parameter in the quantitative analysis of the oxygen transfer rate in wastewater treatment bioreactors is the
dimensionless factor, a, defined by the following equation:

a ¼ kLasludge
kLawater

(36:1)

Pabby et al./Handbook of Membrane Separations 9549_C036 Final Proof page 1015 13.5.2008 5:55pm Compositor Name: BMani

Membrane Bioreactors for Wastewater Treatment 1015



where kLa is the volumetric oxygen transfer coefficient. Several factors contribute to the value of a; MLSS concentration,
loading rate, surfactant concentrations, and air flow rates, but it is primarily determined by the high apparent sludge viscosity,
attributable to flocs, filamentous organisms, and EPS. In a survey of several MBRs, Drews and Kraume [38] reported that a
decreases from about 0.75 to 0.20 as the biomass concentration increases from 5 to 20 kg m�3.

The impact of biomass concentration on energy costs is substantial and clearly an optimum biomass concentration exists
that maximizes volumetric reaction rate while minimizing the aeration costs. Most full-scale MBR plants aim to operate at a
biomass concentration of between 10 and 15 g L�1 [38]. The average a value at typical MBR for municipal wastewater with an
MLSS concentration of 12 kg m�3 MLSS for municipal MBRs is about 0.6 [39]. A design value for a of 0.5 has been
recommended [40].

Biomass morphology also impacts on sludge treatability. Ng and Hermanowitz [41] showed that MBR sludge was more
difficult to dewater than that from CAS operated under the same conditions. Values of the sludge resistance to filtration (SRF)
in the MBR were, in fact, in order of magnitude higher than in the CAS (typically 1� 1016 m kg�1).

36.4.3 MICROBIAL ECOLOGY

Microbial ecology in MBRs is an area that has received limited attention until relatively recently and yet, like morphology,
substantial differences exist between MBR and AS processes. The poor understanding of microbial ecology in MBRs has
limited full exploitation of the biological resource available in MBRs and indeed in biotreatment processes in general.
Techniques such as fluorescence in situ hybridization (FISH) with rRNA-targeted oglionucleotide probes and PCR-DGGE
have revolutionized microbial ecology research and are only recently being applied to MBRs. Klatt and LaPara [42] analyzed
bacterial community dynamics in laboratory scale MBR inoculated with sludge from a conventional AS. It was observed that
substantial shift in microbial activity and community structure occurred during the first few days of MBR operation and even
after the MBR performance stabilized with respect to pollutant removal, the bacterial community continued to adapt its
physiology possibly in a manner that optimized the performance. However, establishment of relationships between community
dynamics and process performance requires significant further research. Witzig et al. [36] conducted phylogenic analysis using
FISH and revealed that the subclass b-proteobactria constitute the dominant group of bacteria within the sludge community of a
full-scale MBR. While this result was not unexpected when compared to conventional AS process, it is interesting to note that
nitrifying activity in the MBR was not associated with Nitrosomonas and Nitrosospira, common constituent of conventional
AS process. It is clear that microbial ecology differs significantly from the AS process.

36.4.4 MICROBIAL PHYSIOLOGY

In any wastewater treatment system, a fraction of the biomass can be categorized as (a) viable cells that assimilate substrate and
are capable of division, (b) dormant cells, (c) nonviable cells that can use substrate but cannot grow, and (d) dead cells that have
no activity, but still possess a cell wall [43]. Reported biomass concentrations (generally expresses as MLSS) in biotreatment
processes may be misleading since they do not indicate the physiological state of the biomass. FISH with rRNA-targeted
oglionucleotide probes is now being used to quantitatively investigate the population dynamics and viability of the biomass.
Witzig et al. [36] used this approach to determine the overall physiological state of sludge from the MBR. The percentage of
FISH detectable cells remained reasonably constant over the entire operating duration of 182–351 days. This is a significant
result because it shows the stability of the sludge over long periods despite changes in environmental conditions in the MBR
over this period. The percentage of cells with low rRNA molecules remained in excess of 50%. While this indicates domination
of cells with low metabolic activity, it does not exclude the possibility that such cells participate in some metabolic
transformation processes and contribute to the low observed yield in the MBR process. Hasar et al. [44] estimated the biomass
viability in a submerged MBR to be in the region of 50%.

36.4.5 FACTORS CONTRIBUTING TO BIOMASS YIELD

Treatment and disposal of sludge from wastewater treatment plants has been estimated to account for about half of the total cost
of wastewater treatment [45]. For this reason, the MBR has been receiving significant attention as a viable wastewater treatment
technology in which the biomass yield can be expected to be significantly lower than conventional processes if operating
conditions are appropriate. Indeed, several studies have demonstrated that zero net sludge production is attainable in MBRs
provided the COD loading rate is sufficiently low. For example, Muller et al. [46] operated a full-scale external HF MBR for
300 days with a COD loading rate between 0.9 and 2.0 g COD L�1 day�1. The observed sludge yield is approaching zero;
however, this was achieved under such high biomass concentrations (MLSS of 45–50 g L�1) that oxygen transfer became
limiting. Similarly, Benitez et al. [47] reported a net yield of zero in a laboratory scale external HF MBR over a prolonged
period, but again the biomass concentration was relatively high (25 g L�1).

The microbial biomass yield coefficient from a carbon energy substrate mixture is defined as the dry weight of microbial
biomass produced as a result of the utilization of unit weight of the carbon energy substrate mixture. Yield coefficients vary
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remarkably depending on the environmental conditions imposed on the culture system and on the variability of those
conditions. In practice, yield coefficient minimization is generally achieved by the exploitation of two separate mechanisms:
(a) uncoupling of growth from respiration and (b) enhancement and of the death=lysis=cryptic growth cycle. The ability of the
MBR to retain biomass at extended SRTs together with the achievement of relatively high biomass concentrations is
advantageous as far as yield coefficient minimization is concerned.

36.4.5.1 Maintenance

Anabolic pathways synthesize the molecules (e.g., proteins, nucleic acids, lipids, and carbohydrates) required by the cell with
the input of energy. Catabolic pathways break down large organic molecules, with the release of energy, into smaller
constituents, which in turn serve as precursors for the biosynthesis via the anabolic reactions. Pirt [48] proposed that a portion
of the total carbon energy source is consumed for anabolism and the remaining portion is utilized for maintenance. Maintenance
is the collection of cell energetic requirements for survival or for preservation of a certain cell state, which are not directly related
to or coupled with the synthesis of more cells. When an exogenous energy supply exists, a portion is diverted intracellularly to
meet maintenance requirements and the remainder is used for synthesis. However, if the energy supplied equals the maintenance
requirement, the cell mass does not increase, i.e., the observed yield is zero. When the energy supplied is less than the
maintenance requirement, the difference will be met by utilization of internal energy supplies, i.e., endogenous metabolism.
These concepts are exploited for yield coefficient minimization by operating the MBR in a manner that ensures that pollutant
compounds are utilized preferentially for nongrowth cellular functions instead of biosynthesis. If all the substrate was utilized
exclusively for anabolism, the net yield would be at its maximum, termed the true growth yield, YG. Substrate utilization for
maintenance qM is generally assumed to be constant. The relationship between the observed yield (YS) and the true yield can be
described by the following equation [2]:

1
YS

¼ qM
m

þ 1
YG

(36:2)

Pirt’s energy allocation model, in the form of Equation 36.2, is somewhat restricted for application in wastewater treatment. The
value of m, the specific growth rate, is difficult to determine due to the variety of physiological states in the biomass, the variety
of microbial species, each with different growth rates and substrate affinities.

Pirt’s formulation can also be written in terms of the utilization rate of the substrate (rS), being the sum of that utilized by
anabolism and that utilized by the biomass for maintenance requirements:

�rS ¼ �1
YG

rX � qMX (36:3)

rX ¼ YG rS � qMXð Þ (36:4)

If it is assumed that YG and qM are constant for a given system, it becomes apparent that the rate of biomass synthesis decreases
as the biomass concentration increases. It is, therefore, possible to achieve a state in which the amount of substrate provided is
diverted entirely to the maintenance demand if the biomass concentration is sufficiently high and consequently a zero sludge
yield is achievable. However, high biomass concentrations may not always be desirable from an operational perspective due to
difficulties in meeting oxygen demand and the impact on the membrane fouling rate.

36.4.5.2 Lysis-Cryptic Growth

Prolonged starvation forces a cell to deplete its endogenous energy supplies until vital functions (e.g., growth, replication, and
osmosis) cease. The cell wall ultimately disintegrates with the release of internal components, a process known as lysis. It is
important to note that starvation in itself does not initiate lysis [49], but the exact mechanisms for lysis are not yet clear. The
products of cell lysis provide a substrate for microbial metabolism, because this autochthonous substrate cannot be distin-
guished from the growth on the original substrate, it is therefore termed as cryptic growth. Since a portion of the carbon is
liberated by respiration, the process of lysis-cryptic growth contributes to overall yield reduction. Indeed, this has been
exploited in treatment processes by the use of physical or chemical methods to promote a degree of cell lysis. For example,
ozonation has been successfully employed in some processes [50,51].

36.4.5.3 Predation

It is becoming apparent that the exploitation of higher organisms such as protozoa, metazoa, and rotifiers that predate on the
bacteria and particulate organics is a potentially effective method for sludge minimization [45].
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Protozoa are motile eukaryotes, the majority of which are aerobic heterotrophs. They are typically an order of magnitude
larger than bacteria and often consume bacteria as an energy source. As far as MBRs are concerned it seems that protozoa and
metazoa may not be as dominant as in CAS processes. Witzig et al. [36] analyzed samples from an MBR process and found
that, with the exception of short periods after changes in operating conditions, protozoa and metazoa were rarely present in the
sludge community.

Rotifiers are aerobic heterotrophic animal eukaryotes. They are very effective in consuming both dispersed and flocculating
bacteria, and small particles of organic matter. Worms are the largest organisms observed in conventional AS and may have the
potential to act as significant contributors to sludge reduction in MBRs, However, the necessary understanding of the
connection between worm growth and the operational characteristics of wastewater treatment systems is still lacking [45].

36.4.6 EXTRACELLULAR MICROBIAL ACTIVITY

The breakdown and utilization of biopolymeric particulate matter is a common occurrence in wastewater treatment processes.
Such material is defined as intact bacterial cell mass, particulate debris resulting from cell lysis and EPS. Bacteria, the major
microbial component in most biotreatment processes, are not able to directly assimilate biopolymeric particulate material. The
particulates must first be broken down into soluble poly- or monomeric molecules. Cicec et al. [17] conducted a comparison of
extracellular enzymatic activity between AS and MBR treating wastewater with identical composition. A comprehensive
enzymatic analysis of both soluble and particulate fractions of the mixed liquors in each reactor revealed several informative
findings; overall activity was consistently higher in the MBR than in the AS; both systems produced enzymes specific for the
degradation of the wastewater constituents only; no enzymes were detected in the MBR effluent, while considerable amounts
were detected in the AS effluent; the enzyme concentration in the MBR soluble phase was higher than that in the AS. These
findings suggest that the MBR is superior to the AS process in retaining both aqueous phase and particulate phase enzymes, a
result that further confirms the performance potential of the MBR.

36.5 PROCESS ECONOMICS

Côté et al. [10] undertook a detailed economic analysis to compare the life cycle costs of the MBR to both the conventional
activated sludge process and the CAS with tertiary filtration (AS-TF). A range of plant sizes were considered, treating between
3,800 and 76,000 m3 day�1 of sewage. The MBR consisted of a Zenon system with an average flux of 20 L m2 day�1. Capital
costs included the land costs in addition to the process. For the MBR, capital costs were lower than the CAS options on account
of the savings associated with eliminating secondary clarifiers, reduced aeration tank volume, reduced footprint, all of which
offset the additional cost of the membrane system and fine screen. Total operation and maintenance (O&M) costs were calculated
to include labor, materials (including membrane replacement), energy, and chemicals (e.g., membrane cleaning). The O&M
costs for the MBR were 20%–30% higher than the AS plant and slightly higher than the AS–TF process. Total life cycle costs
were generated assuming 20 years of operation, 6% interest rate, 2.5% inflation rate, and an energy cost of $0.10 kW�1 h�1. The
MBR had a life cycle cost of 5%–20% higher than CAS increasing with plant size, but was similar to the cost of the CAS-TF.
Based on these calculations, it is evident that, at present, MBRs are best suited to small- to medium-size applications. Future
developments in MBR technology will rely on methods that reduce the operating cost. Recent innovations have seen
improvement in aeration efficiency by methods such as intermittent aeration or stacked membrane modules configurations.

36.6 NOVEL MEMBRANE BIOREACTORS: MEMBRANE ATTACHED BIOFILMS

The chapter focuses on membrane bioreactors where a UF or MF membrane is employed for biomass retention and filtration.
However, membrane bioreactors where the membrane provides a support for biofilms are an alternative form of membrane
bioreactor for wastewater treatment application. Two processes, in particular, the membrane-aerated biofilm reactor (MABR)
and the extractive membrane bioreactor (EMB), have seen significant interest in recent years. Figure 36.4 shows these two
technologies schematically. The application of biofilms reactors for wastewater treatment systems is advantageous in view of
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FIGURE 36.4 Schematic diagram of (a) MABR and (b) EMB.
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their potentially high volumetric productivity and the ability to completely uncouple SRT from HRT. These reactors are
especially useful for slow-growing organisms, which would otherwise be washed out of the system, nitrifying biofilms being a
case in point. Biofilm processes are simple, reliable, and stable because natural immobilization allows excellent biomass
retention and accumulation without the need for separate solid-separation devices. Conventional biofilm reactors, such as the
trickling filter, have traditionally been employed for applications such as nitrification.

In an MABR, first reported in 1978 [52], the biofilm is immobilized on an oxygen permeable membrane, typically in
hollow fiber configuration. The membrane lumen is pressurized with oxygen, which diffuses through the membrane into
the biofilm where oxidation of pollutants, supplied from the biofilm side of the membrane takes place. In the MABR, the
membrane function is solely for oxygen supply as opposed to wastewater filtration. Indeed, dense membranes such as silicone
are frequently employed in MABR systems. The MABR has been applied at laboratory scale for the treatment of VOCs [53],
and for combined COD removal=nitrification=denitrification [54]. A recent study [55] demonstrated the potential of the concept
at pilot scale; however, significant developments are needed, for example, with respect to biofilm thickness control before the
commercial potential of the process can be realized [56].

Certain organic constituents in industrial effluents are present in sufficiently high concentrations to inhibit biological
growth. The operating principle of the EMB is that organic constituents in the wastewater are selectively transported through a
membrane into a compartment in which specialist degrading organism are present. In the EMB wastewater flows in the lumen
of hollow fiber membranes and components such as phenol [57], chloronitrobenzene [58], and dichloroaniline [59] are
selectively transported through the membranes into biofilms where biodegradation takes place. The EMB process is reviewed
by Freitas dos Santos et al. [60].

36.7 CONCLUSIONS

There is now a significant body of evidence to demonstrate that the MBR can achieve excellent effluent quality and a reduced
sludge yield compared with conventional aerobic biotreatment processes. The MBR has been proven at full commercial scale
for both municipal and industrial wastewater applications and has developed a reputation for its high COD, BOD, nitrogen, and
pathogen removal efficiencies. Nevertheless, many practitioners are hesitant to adopt MBR technology due to cost, reliability,
and operating problems [61]. To address these issues, several engineering and scientific challenges remain to be addressed
before the full potential of the process can be fully realized. Poor oxygen transfer efficiencies, particularly at high MLSS
concentrations make the life cycle cost of the process uncompetitive against conventional processes. Figure 36.5 illustrates one
of the dilemmas in MBR operation; high MLSS values are associated with reduced sludge yield, but there is a corresponding
decrease in oxygen transfer efficiency (related to a) and therefore an impact on life cycle costs. Most MBRs in commercial
operation are currently operated at permeate fluxes and biomass concentrations well below that theoretically possible to
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FIGURE 36.5 Trends in observed sludge yield coefficient (dashed) and dimensionless a-factor (continuous) as a function of MLSS. Sludge
yield calculated according to Equation 36.4, using the values of mS and YG suggested by Wiesniwski et al. [62]. (Data for a is from Cornel, P.,
Wagner, M., and Krause, S. Water Sci. Technol., 47, 313, 2003.)
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minimize fouling and oxygen transfer limitations, respectively. A detailed understanding of the relationship between process
variables and microbial physiology, ecology, and morphology is still lacking. Insufficient data currently exists to confirm its
superiority in removing micropollutants and organic compounds of borderline biodegradability.

It is likely that over the next decade, the ongoing research effort together with increasing operation experience will bring
improvements in the technical and economic viability of the process that will accelerate the uptake of the MBR for both
municipal and industrial wastewater treatment.

ABBREVIATIONS

AS activated sludge
BAF biological aerated filter
BOD biochemical oxygen demand
CAS conventional activated sludge
CMAS complete-mix activated sludge
COD chemical oxygen demand
EMB extractive membrane bioreactor
EPSs extracellular polymeric substances
FISH fluorescent in situ hybridization
HF hollow fiber
HRT hydraulic residence time
kLa volumetric mass transfer coefficient
MABR membrane-aerated biofilm reactor
MBR membrane bioreactor
MF microfiltration
MLSS mixed liquor suspended solids
MO microorganism
MTBE methyl tertiary-butyl ether
O&M operation and maintenance
PF plate and frame
qM specific substrate utilization rate for maintenance
r reaction rate
S substrate concentration
SCOD soluble chemical oxygen demand
SOTE standard oxygen transfer efficiency
SRF sludge resistance to filtration
SRT solids retention time
TCOD total chemical oxygen demand
TF tertiary filtration
TMP transmembrane pressure
TSS total suspended solids
UF ultrafiltration
X biomass concentration
YG true biomass yield coefficient
YS observed biomass yield coefficient
a factor indicating effect of biomass on mass transfer coefficient
m biomass specific growth rate
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37.1 INTRODUCTION

Membrane-assisted solvent extraction processes have known an increasing number of applications in the last decades [1–4].
This technique not only overcomes the limitations of conventional liquid extraction, such as flooding, intimate mixing,
limitations on phase flow rate variations, and requirement of density difference but also provides a large surface area of
mass transfer per volume of contactor [5]. Excellent reviews of the technology and its applications were presented by Ho and
Sirkar in 1992 [6], and by Gabelman and Hwang [7].

Not only the efficient removal of toxic heavy metals like hexavalent chromium (Cr(VI)), cadmium (Cd), zinc (Zn), nickel
(Ni), etc., and other contaminants like phenol from industrial wastewaters [8–18] but also the recovery of valuable solutes from
aqueous phases, for example, citric acid, carboxylic acids, amino acids, L-phenylalanine, etc. [19,20], are well-demonstrated
applications of this technique.

From a practical point of view, it may be important not only to extract the solute but also to concentrate it [21]. For this
reason, simultaneous extraction and stripping of the solute has been developed using two hollow-fiber (HF) modules in series,
one for the extraction and the other for the back-extraction processes. The modules are connected to each other by an organic
extractant in a recirculating line. This configuration guarantees that saturation of the carrier does not occur, as it is continuously
regenerated and consequently the carrier concentration can be reduced maintaining the mass transfer rate, and therefore
decreasing the associated operating costs of the process. Representative examples of the simultaneous membrane solvent
extraction and back extraction of one solute can be found in the literature, for example, removal and concentration of valeric
acid [22], sodium lactate [23], Cu [24,25], Cr(VI) [26], etc. Furthermore the technology has also been applied to the separation
of the components of metallic mixtures such as the separation of a mixture of Cr(VI) and Cu(II) using LIX84 and H2SO4 in the
organic and back-extraction phases, respectively, for the recovery of Cu, and TOA and NaOH for Cr [27], the separation of Zn
and Cu [28–30], and more recently the separation of Cd and Ni [30–32].
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In addition to the conventional way that needs the use of two HF modules, different efforts have been directed to process
design with minimum area requirement. A special configuration of HF modules, i.e., contained liquid membranes (CLMs),
was investigated as an alternative trying to maximize the separation driving force in the membrane contactor by incorporating
two different bundles of HFs; the aqueous phases flowed through the hollows of the bundles and the organic phase was
contained in between them. However, since the first works [33–37], a number of experimental and theoretical analysis have
been done on the two fiber membrane contactors, which do not show real advantages if the circulation rate of the organic phase
is fast enough.

A somehow larger number of references have been published dealing with applications of supported liquid membranes
[38–43]. When HF modules are used as contactors in this technology, the organic phase fills the pores of the HF and the
aqueous phases flow along the fibers, through the inner side and through the outer side. The main drawback of the technology is
the instability of the supported liquid membrane (SLM) that leads to undesirable results such as quick loss of efficiency and
organic pollution of the aqueous phases [41].

More recently HF modules have been used in a different configuration that based on similar fundamentals tries to minimize
the required membrane area, that is, emulsion pertraction technology. In this case, the organic and back-extraction phases are
emulsified before the entrance to the HF module and they can be separated at the module outlet. Although there are only a few
references to this alternative, its viability to the recovery of Cr(VI) and Cu from polluted waters [44–46] as well as to the
removal of hydrocarbons [47] has been shown, but much effort is needed on the modeling of this technology before additional
successful applications can be developed.

37.2 MODELING OF NONDISPERSIVE SOLVENT EXTRACTION OF MULTICOMPONENT
METALLIC SOLUTIONS

The design of any process has to be supported by a proper understanding of the system behavior. Next, the kinetics of the
simultaneous extraction and back-extraction processes of two metallic ions by membrane-assisted solvent extraction is
analyzed theoretically.

Chemical reactions between metallic solutes and organic extractant in the extraction process, and between organic complex
species and back-extraction agent, are assumed to take place at the inside wall of the membrane where the aqueous–organic
interface is located. The mass transfer process of each solute from the initial phase to the receiving phase is considered to take
place through the following steps: (1) diffusion through the feed aqueous layer, (2) interfacial chemical reaction, (3) diffusion
through the HF membrane, and (4) diffusion through the organic phase layer. The order of steps is reversed during the back-
extraction process.

Considering that the small diameter of the HFs forces the fluid to flow in laminar regime, two different approaches can be
followed for the analysis of mass transfer in hollow-fiber modules:

1. The velocity and concentration profiles are developed along the HFs by means of the mass conservation equation and
the associated boundary conditions for the solute in the inner fluid. This analysis separates the effects of the operation
variables, such as hydrodynamic conditions and the geometry of the system, from the mass transfer properties of
the system, described by diffusion coefficients in the aqueous and organic phases and by membrane permeability. The
solution of such equations usually involves numerical methods. Different applications can be found in the literature,
for example, separation and concentration of phenol, Cr(VI), etc. [48–51].

2. The mass flux of a solute can be related to a mass transfer coefficient which gathers both mass transport properties and
hydrodynamic conditions of the system (fluid flow and hydrodynamic characteristics of the membrane module). The
total amount transferred of a given solute from the feed to the receiving phase can be assumed to be proportional to the
concentration difference between both phases and to the interfacial area, defining the proportionality ratio by a mass
transfer coefficient. Several types of mass transfer coefficients can be distinguished as a function of the definition of
the concentration differences involved. When local concentration differences at a particular position of the membrane
module are considered the local mass transfer coefficient is obtained, in contrast to the average mass transfer
coefficient [37].

Although the second approach can be considered a simplification of the first many systems have been satisfactorily described,
and it is often preferred due to its mathematical simplicity. Studies on mass transfer through aqueous–organic interfaces
immobilized at the pore mouths of a microporous membrane have shown that for a HF device, the overall mass transfer
coefficient obtained can be related to the individual phase mass transfer coefficients and the membrane resistance using simple
film theory. However, many authors considered that this separation controlling, overall mass transfer resistance was dominated
by the resistance of the membrane. This is because the permeability of the membrane is low and because the membrane is thick
[4,19,20,23,52,53]. On the other hand, other authors reported for different systems and conditions that the kinetic control of
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the whole process could be shared between diffusion in the aqueous phase boundary layer and the kinetics of the chemical
reaction [10,54–57].

Next, a mathematical model that allows description of the separation and concentration of the components of a metallic
mixture will be detailed; the principal assumptions of the model are (1) convective mass transfer dominates diffusive mass
transfer in the fluid flowing inside the HFs, (2) the resistance in the membrane dominates the overall mass transport resistance,
therefore the overall mass transfer coefficient was set equal to the mass transfer coefficient across the membrane, and (3)
chemical reactions between ionic species are sufficiently fast to ignore the contribution of the chemical reaction rates. Thus, the
reacting species are present in equilibrium concentration at the interface everywhere [31,32,58,59]. For systems working under
nonsteady state, it is also necessary to describe the change in the solute concentration with time both in the modules and in the
reservoir tanks. The reservoir tanks will be modeled as ideal stirred tanks.

With the assumptions mentioned above two main parameters will be necessary in the description of the separation–
concentration process of one solute, that is, the membrane mass transport coefficient and the equilibrium parameter of the
extraction interfacial reaction.

As a representative example, the model will be applied to the separation of Ni and Cd by nondispersive solvent extraction
with the mentioned assumptions; to avoid duplicate equations, the subscript ‘‘i’’ has been used, where i¼ 1 represents cadmium
and i¼ 2 represents nickel.

37.2.1 EXTRACTION MODULE

Differential mass balances of the solutes in the feed and organic solutions in the extraction module are expressed through the
following equations:

Aqueous solution extraction (EX):

� 1
vA

@CAi

@t
¼ @CAi

@z
þ 2pnfrf

FA

Km(COIi � COi) (37:1)

with boundary conditions

z ¼ 0 CAi ¼ Couti (extraction tank) (37:2)

t ¼ 0 CAi ¼ CAi ,initial, i ¼ 1, 2 (37:3)

where COIi is the interfacial concentration of the metal in the organic phase that is related to the aqueous metal concentration
through the chemical equilibrium equation.

Extraction:

Mei þ n(HX)m , MeiXn(HX)m�n þ nHþ (37:4)
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In a first approach, it is usually assumed that the ratio of the activity coefficients of the species in the organic phase keeps
constant for a range of experimental conditions [60]. If the separation process is carried out at constant value of the pH of the
aqueous phases the activity of the hydrogen ions, a[(Hþ)], remains constant in the extraction and back-extraction processes and
can be simplified, whereas the activity of the metallic solutes, a[Mei], varies during the experiment since both the metal
concentration and the activity coefficients change significantly with operation conditions. The corresponding values of the
activity coefficient of the metal ions in aqueous solutions can be calculated using the Debye–Hückel equation. Also activity
changes of complex species in the organic phase may be found, the modeling of the organic phase activity coefficients usually
introduces empirical considerations. Therefore, Equations 37.5 and 37.6 can be expressed as follows:
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Organic solution:

1
vO

@COi

@t
¼ �@COi

@z
þ 2pnfrf

FO

Km(COIi � COi) (37:8)

Boundary conditions of the organic phase:

Z ¼ 0 COi ¼ Couti (organic tank) (37:9)

t ¼ 0 COi ¼ COi ,initial, i ¼ 1, 2 (37:10)

37.2.2 BACK-EXTRACTION MODULE

The extraction and back-extraction steps take place consecutively, connected by the concentration of the metal-extractant
complex species in the organic phase. The description of the back-extraction process is carried out using similar equations to
those used in the extraction process. The equilibrium of the interfacial reaction between the organic complex species and the
back-extraction agent is applied in this case.

Aqueous solution back extraction (BEX):

1
vS

@CSi

@t
¼ � @CSi

@z
þ 2pnfrf

FS

Km(COi � COIi ) (37:11)

Boundary conditions for the stripping aqueous phase:

z ¼ 0 CSi ¼ Couti (stripping tank) (37:12)

t ¼ 0 CSi ¼ CSi ,initial, i ¼ 1, 2 (37:13)

with the equilibrium back-extraction reactions

MeiXn(HX)m�n þ nHþ , Mei þ n(HX)m (37:14)
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that with similar assumptions to those made in the extraction reactions would transform into

K 0
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Organic solution back extraction (BEX):

� 1
vO

@COi

@t
¼ @COi

@z
þ 2pnfrf

FO

Km(COi � COIi) (37:18)

Boundary conditions of the organic phase:

z ¼ 0 COi ¼ COi (outlet extraction module) (37:19)

COi ¼ COi ,initial, i ¼ 1, 2 (37:20)
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37.2.3 STIRRED TANKS

In a batch process the dynamic response of the system is determined by simultaneously solving differential Equations 37.1
through 37.20 together with the modeling equations for the three vessels considered as ideal stirred tanks. It is assumed that the
solute concentrations at the reservoir and at the module inlet for both phases are identical.

V
dCouti

dt
¼ F(Cini � Couti ) (37:21)

t ¼ 0 Couti (organic tank) ¼ COi,initial (37:22)

Couti (extraction tank) ¼ CAi,initial (37:23)

Couti ¼ (stripping tank) ¼ CSi ,initial (37:24)

Consequently, the most basic model can be considered to describe the separation of metallic mixtures using HF membranes. It
consists of a set of coupled differential equations corresponding to the mass balances of the metallic solutes in the extraction
and back-extraction modules, a set of algebraic equations corresponding to the description of the chemical equilibrium
reactions, and for batch processes six total differential equations additionally describing the mass balances in the stirred
tanks. The use of the mathematical model would require the knowledge of the design parameters, that is, the membrane mass
transport coefficient and the parameters of the interfacial chemical equilibria. The model can be generalized and applied to the
determination of the response of different systems containing more than one solute.

Case study 1: Separation of cadmium and nickel
The case study of multicomponent solvent extraction using HF modules is the separation of Ni and Cd from concentrated
solutions that simulated those generated during the leaching step of the recycling process of Ni–Cd batteries. Feed solutions
contained the metals in a high concentration range of 0.2–0.4 M, thus an organic phase where the organic extractant has a
high concentration value was also needed. Among the commercial extractants available for the separation of Cd and Ni,
di(2-ethylhexyl) phosphoric acid has been reported to give excellent results; the extractant was diluted in kerosene that acted
as solvent and a third component had to be added to avoid the segregation of a third phase (second organic); tributyl
phosphate (TBP) is one of the most common compounds used for this purpose. Finally, a sulfuric acid solution acted as
back-extraction phase.

For simultaneous extraction (EX) and back extraction (BEX), two HF modules in series are needed; the organic phase flows
from the EX module to the BEX module. In the first module, extraction of solutes is accomplished by the organic phase that
contacts the back-extraction solution in the second module, flows to the homogenization tank of the organic phase, and enters
again the extraction step (Figure 37.1). Aqueous phases flow through the inner side of the microporous HF membranes whose
pores are filled with the organic extractant, and the organic extractant flows concurrently in the shell side in both HF modules.

The mathematical model for the description of the separation kinetics of Cd and Ni in HF modules under non-steady-state
conditions has been explained in detail in the previous section. The competition of both components in the complexation
reaction with the organic carrier is assumed to be the main difference in the permeation rates of the two components (separation
process). This ratio depends on the difference of the individual equilibrium parameters rather than in the different diffusivity of

Organic phase (Fo)

Organic phase (Fo)

Organic tank

Extraction module Stripping module

Stripping tank

Aqueous phase
Effluent (Fe)

Fs

Fp

FIGURE 37.1 Flow diagram of a nondispersive solvent extraction process.
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the resulting complex species in the organic phase. Thus, the value of the pH of the feed phase can be considered as an
optimization variable of the process selectivity.

The determination of the membrane mass transport coefficient can be made by means of the empirical correlation

Km ¼ D«

dt
(37:25)

after estimation of the corresponding diffusivity of the complex species through the organic membrane from well-known
correlations. For simplicity the same value of the membrane mass transport coefficient for both metals can be assumed, equal to
1.57� 10�7 m=s, the value reported previously [32].

The necessary consideration of equilibrium models of the chemical reactions in the overall mathematical model describing
the separation kinetics of both metals involves considerable difficulty since there is no agreement in the literature on the
stoichiometry of the ion-exchange reactions of Cd and Ni with the organic carrier D2EHPA, and on what value the equilibrium
parameters take. The situation is even more complex when working with highly concentrated solutions since D2EHPA has
been reported to exist as a dimer in the organic phase and may form complex species with a metal acting as a dimer. Typical
metal (Me2þ) complexation with n dimers, (HX)2, of D2EHPA could be described by the following equation that represents
also the back-extraction reaction:

Me2þ þ n(HX)2 , MeX2(HX)2n�2 þ 2Hþ (37:26)

The equilibrium model and parameters of the reaction of Cd with D2EHPA have been taken from the literature as n¼ 2 and
K0

EX(Cd)¼ 1.82� 10�5 [31].
In the case of Ni, the situation is even more complex since the stoichiometric equations reported in the literature differ

widely depending on the diluents used, on the aqueous phase compositions, or on the extractant concentrations employed. A
discrimination procedure of the equilibrium models corresponding to the back-extraction reactions has been reported previously
by taking into account the expressions given in Table 37.1 and obtaining the best results with the following equation [59]:

NiX2CdX2 þ 4Hþ , Cdþ2 þ Niþ2 þ 2(HX)2 (37:27)

that considers the formation of a mixed complex species in the organic phase between the extractant and both metals and the
simultaneous back extraction. After integration of the system of Equations 37.1 through 37.24 and incorporating a model that
considers (1) negligible extraction of Ni, (2) the formation of a mixed complex species in the organic phase between the
extractant and both metals Cd and Ni, during the initial loading of the organic phase, and (3) the existence of only one reaction
responsible for the BEX process of Cd and Ni characterized by the corresponding equilibrium parameter, and simulated data are
obtained making use of the set of optimum values of the parameters, K0

EX(Cd)¼ 1.82�10�5, K0
BEX(NiCd)¼ 8.8�10�5 m3=mol,

and Km¼ 1.57� 10�7 m=s. As a representative example, Figure 37.2 shows some comparative results corresponding to an
experiment with the following initial concentrations, 0.2 M of nickel and of cadmium in the feed phase and pH equal to 3.5, and
0.2 M of nickel in the back-extraction phase.

From the curves in Figure 37.2 it is observed that there is a negligible extraction of nickel due to the working value of pH in
the feed phase, thus making the process selective toward Cd. Concerning the back-extraction process, both metals are removed
from the complex species formed with the organic extractant. Finally, a good agreement between simulated and experimental
data is also observed, thus corroborating the validity of the kinetic model for process design and optimization.

TABLE 37.1
Extraction and Back-Extraction Reactions of Cd and Ni

Extraction Reactions Back-Extraction Reactions

Cdþ2 þ 2 HX
� �

2
, CdX2 HXð Þ2 þ 2Hþ NiX2 HXð Þ3 þ 2Hþ , Niþ2 þ 2:5 HX

� �
2

CdX2 HXð Þ2 þ 2Hþ , Cdþ2 þ 2 HX
� �

2

Cdþ2 þ NiX2(HX)3 , NiX2CdX2 HXð Þ þ 2Hþ NiX2CdX2 HXð Þ þ 2Hþ , Cdþ2 þ NiX2(HX)3

NiX2 HXð Þ3 þ 2Hþ , Niþ2 þ 2:5 HX
� �

2

Cdþ2 þ 2 HX
� �

2
, CdX2 HXð Þ2 þ 2Hþ CdX2 HXð Þ2 þ 2Hþ , Cdþ2 þ 2 HX

� �
2

NiX2CdX2 þ 2Hþ , Cdþ2 þ NiX2 HXð Þ2
NiX2CdX2 þ 2Hþ , Niþ2 þ CdX2 HXð Þ2

Cdþ2 þ 2 HX
� �

2
, CdX2 HXð Þ2 þ 2Hþ CdX2 HXð Þ2 þ 2Hþ , Cdþ2 þ 2 HX

� �
2

NiX2CdX2 þ 4Hþ , Cdþ2 þ Niþ2 þ 2 HXð Þ2
Cdþ2 þ 2 HX

� �
2
, CdX2 HXð Þ2 þ 2Hþ NiX2CdX2 þ 4Hþ , Cdþ2 þ Niþ2 þ 2 HXð Þ2
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37.3 MODELING AND OPTIMIZATION OF EMULSION PERTRACTION PROCESSES

As mentioned in the introduction section, an emerging alternative to achieve the separation of metallic pollutants from aqueous
effluents and their concentration in a receiving phase is the emulsion pertraction technology using HF modules.

Figure 37.3 shows an enlarged view of the membrane with the aqueous phase in the lumen side and the continuous organic
phase and dispersed droplets of the stripping solution (emulsion phase) in the shell side. The hydrophobic microporous
membrane is wetted by the organic phase.

The mathematical model needed for process design follows the basis that have been reported for a system with two HF
modules but needs to be adapted to describe all the mass transport processes in the same module. As a representative example, it
will be applied to the recovery of Cr(VI) from polluted waters that may also contain other competitive anions such as sulfate,
chloride, etc.

The extraction reaction of Cr(VI) from acidified solutions using tertiary amines as extractant is represented by the equation

R3Nþ Hþ þ HCrO�
4 , (R3NH)

þHCrO�
4 (37:28)

whereas the back-extraction reaction with hydroxyl ions is represented through

(R3NH)
þHCrO�

4 þ 2OH� , R3Nþ CrO2�
4 þ 2H2O (37:29)

In the proposed model, the mass transfer of Cr from the feed to the stripping phase takes place in four steps: (1) diffusion in
the feed-phase stagnant layer to the interface with the membrane, (2) interfacial reaction of Cr(VI) with the extractant Alamine
336 to form a complex species (Equation 37.28), (3) diffusion within the supported liquid membrane, and (4) chemical reaction
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at the interface of the stripping globules (Equation 37.29). Thus, the main model hypotheses are that the extraction chemical
reaction (Equation 37.28) is considered fast enough to reach equilibrium instantaneously and the chromium mass transfer
resistance in the stripping phase stagnant film is considered negligible [46]. The diffusion of the other species is assumed to be
faster than those corresponding to the Cr compounds.

Then, the mass transfer flux through the feed-phase stagnant layer can be described according to Fick’s equation

j1 ¼ k1 Ce � C*e

� �
(37:30)

and in the organic membrane

j2 ¼ km C*o � Co

� �
(37:31)

where
Ce is the chromium bulk concentration in the aqueous phase

C*e is the aqueous Cr concentration at the membrane interface

C*o is the organic Cr concentration at the membrane interface in equilibrium with C*e
Co is the Cr concentration in the organic phase, as shown in Figure 37.3

Interfacial equilibrium concentrations in the extraction side are related through the expression of the chemical equilibrium
parameter

Keq ¼
(R3NH)

þHCrO�
4

h i*

R3N�* Hþ½ �* HCrO�
4

� �*h (37:32)

where the superscript (*) indicates equilibrium concentrations.
Assuming pseudosteady state, then

j1 ¼ j2 (37:33)

For a general case where the hypothesis of chemical equilibrium at the organic–stripping interphase cannot be considered
owing to fast consumption of the stripping reagents, the kinetic rates of the involved reactions should be considered [46]. By
applying this situation to the back extraction of the chromium–organic complex species, the rates of formation and dissociation
of CrO2�

4 in Equation 37.29 are given by R1 and R�1

R1 ¼ k1OH
2Co (37:34)

R�1 ¼ k�1Cr (37:35)

where Cr is the chromium concentration at the stripping phase.
Thus, the flux of chromium from the organic phase to the stripping phase through the dispersion bubbles interface is

given by

j3 ¼ R1 � R�1 ¼ k1 OH2Co � Cr

Kr

� �
(37:36)

The evolution of the OH� concentration in the back-extraction phase with time can be considered as an empirical function of
the Cr concentration in the same phase of the type

OH ¼ Co � rCr (37:37)

where Co is the initial concentration of OH� in the stripping phase and r is a coefficient that would take the value of 2
(stoichiometric coefficient of OH� according to Equation 37.29) if there would be no competitive reactions between the
extractant Alamine 336 and anions other than that of chromate.
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The value of the mass transfer parameter kl for fluids flowing through tubes in laminar flow may be calculated from the
Levêque equation, neglecting the influence of the concentration changes along the HF [46]

kld

Da

� �
¼ 1:62

d2utube
DaL

� �1
3

(37:38)

where
d is the inside diameter of the HF
Da is the diffusivity of the chromic anion in the aqueous feed solution
utube is the mean velocity of the aqueous feed solution
L is the module length

The membrane mass transport coefficient, km, may be calculated by means of Equation 37.26.
In Equation 37.28, the proton concentration can be expressed according to Cr(VI) concentration in the aqueous phase in the

equilibrium

H*
e ¼ He � Cin

e � C*e

� �
(37:39)

For a system operating at nonsteady state, it is also necessary to describe the change of the solute concentration with time. For
simplicity, the concentration of Cr(VI) in the aqueous and organic phases has been described by means of macroscopic mass
balances of the permeating solute developed in a certain volume of the fiber at a time interval.

Module mass balance
Feed solution:

VM
e

L

dCe

dt
¼ �Fe

dCe

dz
� A

L
j1,

t ¼ 0, Ce ¼ 0
z ¼ 0, Ce ¼ Cin

e

(37:40)

Organic solution:

VM
o

L

dCo

dt
¼ Fo

dCo

dz
þ A

L
j1 � VM

r

L
Avkl OH2Co � Cr

Kr

� �
,

t ¼ 0, Co ¼ C0
o

z ¼ L, Co ¼ CT
o

(37:41)

Stripping solution:

VM
r

L

dCr

dt
¼ Fr

dCr

dz
þ VM

r

L
Avkl OH2Co � Cr

Kr

� �
,

t ¼ 0, Cr ¼ C0
r

z ¼ L, Cr ¼ CT
r

(37:42)

The term on the left-hand side of Equations 37.40 through 37.42 corresponds to the solute accumulation. The first term on the
right-hand side represents the convective transport along the tube length, the second term in Equations 37.40 and 37.41
represents the transfer of solute from the aqueous feed phase to the organic phase, and finally the last term in Equations 37.41
and 37.42 shows the flux of Cr(VI) from the organic phase to the stripping phase contained in the emulsion globules where Av is
the interfacial area of the stripping bubbles by volume of the stripping phase.

For a complete description of the separation process, it is necessary to include the mass balances in the emulsion reservoirs
as well as the interfacial equilibrium expression at the feed-membrane side.

Mass balance of the stripping solution in the stirred tank
Stripping phase:

VT
r

dCT
r

dt
¼ Fr Cr,z¼0 � CT

r

� �
t ¼ 0, CT

r ¼ C0
r (37:43)

Organic phase:

VT
o

dCT
o

dt
¼ Fo Co,z¼0 � CT

o

� �
t ¼ 0, CT

o ¼ C0
o (37:44)
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where
Fr and VT

r are the stripping phase flow rate and stripping volume in the emulsion tank
Fo and VT

o are the organic phase flow rate and volume in the emulsion tank

Case study 2: Separation and concentration of hexavalent chromium from waste waters
The separation and concentration of chromate anions by means of quaternary ammonium salts as extractants and using 2 HF
modules deserve attention in the literature [12,13,17,26]. The use of the pertraction emulsion technology allows reduction
of the required equipment by achieving the separation and concentration processes in the same module. Figure 37.4
shows a flow diagram of the emulsion pertraction process. Feed phase circulates through the inner side of HFs whereas the
emulsion that contains the stripping phase flows through the outer side of the fibers in a recycling mode. Figure 37.5
shows data of a representative run where Cr increases its concentration in the stripping phase whereas it is removed from the
feed solution.

To analyze the behavior of the system with the mathematical model proposed in the previous section, three parameters are
needed: the chemical equilibrium parameters Keq and Kr of the extraction and of the stripping chemical reactions, respectively,
and the product, Avkl, of the interfacial area of the emulsion and the kinetic constant of the forward stripping reaction.
Estimation of the parameter values needs deep experimental analysis; in the literature the following set of parameter values
has been reported: Km¼ 2.25� 10�7 m=s; Keq¼ 1.041 mol�2=m6; Avkl¼ 10.62 m6 mol�2 h�1; and kr¼ 104 [46]. The
mathematical model and parameters can be used to obtain simulated values at different operation conditions.

Feed tank
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Emulsion

Emulsion
stirred tank

Diaphragm pump
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FI PI

PI FI

PI: Pressure indicator
FI: Flow indicator

z = 0 z − LpH = 1.5

FIGURE 37.4 Flow diagram of an emulsion pertraction process.
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37.3.1 OPTIMIZATION OF A PERTRACTION PLANT

In this section, the reported model and the parameters will be used to obtain the optimal operation point that maximizes the
amount of Cr treated in an emulsion pertraction plant. It is considered that the plant operates continuously and the reduction
target value of Cr(VI) in the effluent as well as the concentration levels are fixed values equal to 0.00961 mol=m3 (0.5 mg=L)
and 384.615 mol=m�3 (20,000 mg=L), respectively.

For this purpose a cascade-type plant with two membrane modules is proposed, as shown in Figure 37.6. The effluent enters
the first module, and leaves it with the imposed output concentration level. In the same module, the emulsion runs in
countercurrent mode, and after leaving the module the phases are separated. The organic phase is mixed with fresh back-
extraction phase and returns to the first module, while the aqueous phase is acidified to pH 1.5 and then goes to the second
module.

In the second module, the aqueous phase transfers the metal to a second emulsion batch, and finally it is mixed with the
effluent that enters the first membrane module. The second emulsion concentrates Cr in the back-extraction aqueous phase, and
after the phase separation at the output, the organic phase is mixed with fresh back-extraction solution and returned to the same
module.

There are two reasons for proposing the previous configuration. The first one is related to the desired Cr levels in the output
streams. It is not possible to reach both concentration constraints without a cascade-type configuration in continuous operation.
The second reason concerns the undesired presence of other competitive anions such as sulfate in the concentrated stream. The
importance of mass transfer of competitive anions is low at high Cr(VI) concentrations but can have a significant influence
when the concentration of Cr(VI) is low [44]. Then, in the plant devised, sulfate and other anions are transferred to the stripping
phase in the first module, but there is no significant mass transfer from the aqueous stream to the back extraction in the second
module, as the aqueous stream has a relatively high Cr concentration.

37.3.1.1 Mathematical Formulation

The model for the pertraction process has been explained in the previous section. A system of partial differential equations
describes the behavior of the aqueous and emulsion phases, and ordinary differential equations describe the dynamic behavior
of the tanks. There is also a set of algebraic equations for the chemical equilibrium and connections between the equipment.

As the plant to be optimized considers a process operating at steady state, then the variation of the phase concentrations
with time is zero. For this reason, the mathematical model that describes the plant is a set of ordinary differential equations, as
the phase concentrations depend only on the module axial position. In the tanks, the concentrations are constant. The
differential–algebraic nonlinear optimization (DNLP) problem P1 to be solved includes the ordinary differential equations
that represent the mass balances for the phases in the membrane module. The objective function to be maximized is the amount
of metal processed FeC

in, where Fe is the effluent flow rate whose Cr(VI) concentration after dilution from wastewaters is Cin.
The problem has the following form:

Treated stream

Concentrated
stream

pH adjustment

pH adjustment

Module 1

Effluent
Fe, C 

in

Module 2

Emulsion
Fresh stripping

solution
Emulsion

tank
Organic phase

Emulsion

Fresh stripping
solution

Emulsion
tank

Organic phase

Decanter

Decanter

z = 0 z = L

z = 0 z = L

FIGURE 37.6 Proposed configuration for the pertraction plant.
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Max
v FeC

in

s:t:: h( _x, x,w, v) ¼ 0

g( _x, x,w, v) �¼ 0

I(x(0), x(L)) ¼ 0

xLB � x � xUB

wLB � w � wUB

vLB � v � vUB

x 2 Rn

(P1)

where x represents the set of differential distributed variables such as the aqueous, organic, and back-extraction concentration
profiles along the modules, and _x is the derivative of x with respect to the module axial position z (with z 2 [0, L]). The vector w
is the set of algebraic distributed variables, such as the interface concentration along the modules. The set of nondistributed
optimization variables, such as the aqueous or emulsion flow rates in the network, is represented by v. For all variables types,
upper and lower bounds are imposed.

The mass balances, equilibrium, and interconnection relationships are represented by the set of differential and algebraic
equalities h for the membrane modules, while the restrictions on the effluent output concentrations and the recovered metal
concentration are represented by the inequalities g. The initial conditions for the differential equations are given by I.

The aim in the optimization problem is to maximize the objective function by selecting the optimum values for the
optimization variables v. To solve the optimization problem P1, commercial software tools such as GAMS [61] can be used
after discretization of the differential equations.

37.3.1.2 NLP Formulation

The following is the resulting NLP problem P2, derived from P1 after discretization of the differential equations by using the
orthogonal collocation technique:

Max
v FeC

in

s:t:: h(x, v,w) ¼ 0

g(x)� 0

xLB � x� xUB

wLB �w�wUB

vLB � v� vUB

x 2 Rn

(P2)

The equations included in P2 are described in the next subsections.

37.3.1.2.1 Material Balances for the Membrane Modules
After removing the time derivatives and replacing the differential mass balances given by Equations 37.40 through 37.42 by a
set of algebraic equations applying orthogonal collocation, the mass balances for the membrane module j are as follows:

Aqueous phase:

XNþ1

q¼0

Cj
e,q _wq(zi) ¼ �kL Cj

e,i � Cj,*
e,i

� �
A

LFj
e

, i ¼ 1, . . . , N þ 1, and j ¼ 1, 2 (37:45)

Cj
e,0 ¼ Cj,in

e (37:46)

Organic phase:

XNþ1

q¼0

Cj
o,q _wq(zi) ¼ �kL Cj

e,i � Cj*
e,i

� �
A

LFj
o

þ Avkl OH
j
i

� �2
Cj
o,i

VM
r

LFj
e

, i ¼ 0, . . . , N and j ¼ 1, 2 (37:47)

Cj
o,Nþ1 ¼ Cj

o,0 (37:48)
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Back-extraction phase:

XNþ1

q¼0

Cj
r,q _wq(zi) ¼ �Avkl OH

j
i

� �2
Cj
o,i
VM
r

LFr
, i ¼ 0, . . . , N and j ¼ 1, 2 (37:49)

Cj
r,Nþ1 ¼ 0 (37:50)

The organic and stripping flow rate that constitutes the emulsion stream are related by

4Fj
r ¼ Fj

o, j ¼ 1, 2 (37:51)

37.3.1.2.2 Chemical Equilibrium and Other Relationships
Equations 37.32 and 37.33 and Equations 37.37 through 37.39 are replaced by the following set of equations:

KeqC
j*
e,iH

j*
e,i CT � Cj*

o,i

� �
¼ Cj*

o,i (37:52)

kL Cj
e,i � Cj*

e,i

� �
¼ km Cj,*

o,i � Cj
o,i

� �
(37:53)

OH
j
i ¼ 3000� rCj

r,i (37:54)

Hj*
e,i ¼ Hin

e � Cin
e � Cj*

e,i

� �
(37:55)

where i¼ 0, . . . , Nþ 1 refers to the collocation points along the module axial position, and j¼ 1, 2 refers to the module number.

37.3.1.2.3 Material Balances for Mixers and Tanks
The mass balance for any mixer or a tank of Figure 37.6 is given by

Fout
k ¼

X
n

Fin
k,n, k ¼ e, o, r (37:56)

where k represents the organic, stripping, or organic phase, whose inlet streams are represented by Fk,n
in and the output

stream by Fout
k .

The chromium balance for the phases that constitute the emulsion is given by

Fout
k Cout

k ¼
X
n

Fin
k,nC

in
k,n, k ¼ e, o, r (37:57)

37.3.2 OPTIMIZATION RESULTS

Let us consider a process that treats an effluent having Cr(VI) using two membrane modules of 19.3 m2 each. After the
optimization procedure that starts with discretization of the differential equations using 10 collocation points in each membrane
module, formulation of the NLP problem P2, and solution with the optimization code GAMS using the NLP solver CONOPT2,
the solution reported in Table 37.2 was obtained. Both the treated effluent and the concentrated Cr solution for reuse are at their
upper and lower bound, respectively. 99.5% of the metal is removed from the wastewater and concentrated for reuse. The Cr
concentration profiles along the membrane modules are shown in Figures 37.7 and 37.8. The stripping phase is then
concentrated up to nearly 20 mol=m3 in the first module and then goes to the second one, where its relatively high Cr level
allows the mass transfer to the stripping phase at 384.615 mol=m3, as shown in Figure 37.8.

It can be seen in Figure 37.7 that almost all the metal is removed from the effluent in the first half of the module. As a
consequence, in the second half of Module 1 the effluent concentration remains constant. However, this fact does not imply
that the portion of the module is idle, but only that the mass transfer from the effluent to the organic phase is null. In all
the modules there is mass transfer from the organic to the stripping phase. This is the reason why the stripping phase
increases its concentration as it flows from z¼ L to z¼ 0. The organic phase concentration decreases as it flows from z¼ L
to a given point located more or less in the middle of the membrane module. This happens as the mass transfer from the
effluent to the organic phase is nearly zero, while the mass transfer from the organic to the stripping phase is not null.
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Mathematically, this occurs because the second term in the right-hand side of Equation 37.47 dominates the first term,
which is close to zero.

As the emulsion continues flowing from the middle of the module to z¼ 0, the mass transfer from the effluent to the organic
phase increases and outnumbers the mass transfer from the organic to the stripping phase. In other words, the first term on the
right-hand side of Equation 37.47 compensates the second, which has an opposite sign.

As the organic phase is reused after separated from the emulsion in a decanter, the organic concentrations at z¼ 0 and z¼ L
are the same. The same happens in Module 2, as its organic phase is also separated from the emulsion and reused. The modeling
procedure that has been applied to the Cr system allows an understanding of the main phenomena involved in the process and it
is recommended to be applied to other systems of practical interest.

37.4 CONCLUDING REMARKS AND FUTURE DIRECTIONS

Membrane-assisted solvent extraction processes have known an increasing number of applications in the last decades. The
technique not only overcomes the limitations of conventional liquid extraction, such as flooding, intimate mixing, limitations
on phase flow rate variations, and requirement of density difference but also provides a large surface area of mass transfer per
volume of contactor. Simultaneous extraction and stripping of the solute has been developed using two HF modules in series,
one for the extraction and the other for the back-extraction processes.

An important number of references have been published dealing with many applications of supported liquid membranes.
Mathematical modeling of the process has been developed and it can be generalized and applied to the determination of the
response of different systems containing more than one solute. After evaluation of the parameters, process optimization can be
applied using common optimization procedures, as described in the text.

According to previous explanations, the technique is prepared to be managed as more common chemical engineering
processes. Previous results indicate that intensification of the processes can be reached leading to new conceptual and practical
design of many industrial separations. Special effort should be devoted in the near future to the development of practical
applications of the technology.

TABLE 37.2
Optimal Operating Conditions of an Emulsion Pertraction Plant for Chromium(VI) Recovery

Nonlinear Optimization (NLP) Solution Lower Bound Upper Bound

Objective function
Cr(VI) treated (mol=h) 0.311 0.005 1

Optimization variables
Effluent flow rate, Fe (m

3=h) 0.131 0.020 0.200

Effluent input concentration, Cin (mol=m3) 2.37 1.92 7.77
Emulsion flow rate (Module 1) (mol=m3) 0.116 0.020 0.200
Emulsion flow rate (Module 2) (mol=m3) 0.004 0.001 0.020

Constraints
Output stripping concentration (mol=m3) 384.615 384.615 500
Output aqueous concentration (mol=m3) 0.00961 0.001 0.00961
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38.1 INTRODUCTION

The process intensification theory, devoted to the development of new systems of production able to work, with respect to
conventional operations, with higher efficiency and flexibility, lower energy consumption and waste production, higher
capacity=size ratio, is well satisfied by membrane engineering. Beside the well-known membrane operations such as micro=
ultra=nanofiltration and reverse osmosis, also membrane contactors (MC) that are gaining particular attention during the past
years, as promising alternative systems to be used for the rationalization of industrial cycles, well satisfy the process
intensification approach. Membrane contactors are a relatively new class of membrane operations particularly interesting for
performing mass transfer between phases. The field of application covers many unit operations such as scrubbing, stripping,
extractions, and concentration processes [1]. Membrane contactors are able to efficiently treat diluted streams and this aspect
makes them very interesting for the purification of streams containing traces of pollutants that sometimes are difficult to remove
up to the desired levels by conventional operations. This contribution would like to point out the potentialities and the
drawbacks of membrane contactors, particularly for the treatment of gaseous streams, by presenting and discussing all research
efforts made in this field. The role of the membrane properties and of the module design on the membrane contactors
performance is underlined.

38.2 WHAT IS A MEMBRANE CONTACTOR?

Membrane contactors are membrane systems usually based on microporous membranes that keep two phases in contact. The
presence of the membrane and the right choice of the operating pressures avoid the mixing of the phases. This implies that the
flow rates of the phases can be varied independently over a wide range without any problem of flooding, loading, channeling,

1041

Pabby et al./Handbook of Membrane Separations 9549_C038 Final Proof page 1041 13.5.2008 6:02pm Compositor Name: BMani



or entrainment. Depending on the particular application, membranes can be hydrophobic or hydrophilic, but in both the cases they
do not present any selectivity for the species involved in the mass transport: a generic compound i is transferred through the
membrane micropores by only diffusion. The driving force for the permeation is related to a difference of concentration=partial
pressure between the phases. Membrane distillation is the only operation that occurs thanks to a difference of temperature across
the membrane. Usually the mass-transfer coefficients achievable in these systems are not higher than those related to conventional
devices; however, the extremely higher interfacial area available for the mass transport leads to a higher mass transfer. The typical
interfacial area per unit of volume of membrane contactors varies between 1500 and 3000 m2=m3, whereas for conventional
contactors this ratio is in the range of 100–800 m2=m3 [2]. Their performance is strongly related to the membrane properties.
Important parameters that influence the transport are porosity, pore size, thickness, degree of hydrophobicity, breakthrough
pressure, stability, thermal, mechanical, and chemical resistance. The mass transport can be enhanced by also acting on the
module design and flow configurations. An uniform and turbulent flow is, in fact, preferred for avoiding fluid bypass or stagnant
zones and for reducing the mass-transport resistances. However, pressure drops have to be also carefully controlled. Species that
can foul the membrane have to be removed before sending the streams to be processed to the membrane units. The main
advantages and disadvantages of membrane contactors are reported in Table 38.1. The following section discusses the basic
principles of membrane contactors when applied in gaseous streams treatments.

38.3 BASIC PRINCIPLES OF MEMBRANE CONTACTORS FOR GAS TREATMENTS

The removal of species from gaseous streams in membrane contactors is usually accomplished by means of absorbent solutions.
The type of absorbent liquid and its temperature, as the concentration of species to be removed in the gas and in the liquid
phase, influence the mass transport. The selectivity of separation can be determined by selecting the absorbent solution; making
this choice, the eventual production of toxic by-products and the impact on the environment have to be taken into account.

When hydrophobic membranes are used (olefins are preferred because of their low cost), the aqueous absorbent cannot
penetrate through the pores and the membrane is gas filled; whereas if hydrophilic membranes are employed, the membrane is
liquid filled (Figures 38.1 and 38.2). Latter situation is preferred only if the reaction between the gaseous species and the
absorbent solution is fast or instantaneous; if not, it is better to work with a gas-filled membrane, to reduce mass-transfer
resistances. Themodule design and flow configuration also play an important role in defining themembrane contactors efficiency.
This aspect is discussed in detail in Section 38.5.

38.3.1 MASS-TRANSFER RESISTANCES

The resistances to the mass transport that a species encounters when is transferred from the gas to the liquid phase are reported in
Figure 38.3. Gas and liquid phases contribute to the overall resistance because of the formation of boundary layers close to the
membrane surface. This implies that the concentration of a generic species i in the bulk of the two phases is different from its
concentration at the membrane surfaces. The resistance offered by the membrane with gas-filled pores will be different (generally
lower) than that with liquid-filled pores, due to the different effective diffusion coefficients. The overall mass-transport coefficient is
given by

1
KL

¼ 1
kl
þ 1
km � H þ 1

kg � H (38:1)

TABLE 38.1
Main Advantages and Disadvantages of MC with respect
to Conventional Systems

Advantages Disadvantages

Higher interfacial area per volume Operative pressures dependent on breakthrough ones
No dispersion between phases Additional resistance to mass transfer due to the membrane
Wide range of operative flow rates Shell side bypassing
No loading or flooding limitations Membrane fouling

No foaming Pretreatments to reduce fouling
No separation of phases after the operation Limited lifetime
Low-pressure drop

Constant interfacial area between phases
Flexibility and compactness
Reduced size and weight

No moving parts
Easy scale-up due to a modular design
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where
KL denotes overall mass-transfer coefficient (m=s)
kl denotes liquid mass-transfer coefficient (m=s)
kg denotes gas mass-transfer coefficient (m=s)
km denotes membrane mass-transfer coefficient (m=s)
H denotes Henry’s constant

Membrane section
Gas–liquid interface

I j i j

i k

k i i 

i k

j i i j

k i

i i i

j k i

Gas phase Liquid phase

FIGURE 38.1 Contact between gas and liquid in a hydrophobic membrane contactor. The species i diffuses through the membrane gas-
filled micropores from the gas phase to the liquid absorbent.
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FIGURE 38.2 Contact between gas and liquid in a hydrophilic membrane contactor. The species i diffuses through the membrane
absorbent-filled micropores from the gas phase to the liquid absorbent.
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kg and kl can be calculated by using correlations that are function of fluid properties and flow rates, such as

Sh ¼ aRebScc (38:2)

where
Sh denotes the Sherwood number
Re denotes the Reynolds number
Sc denotes the Schmidt number

The constants (a, b, and c) that appear in the above expression are available in literature and are specific for the particular
system employed for carrying out the experiments [1,3–5].

km is usually derived by

1
km � H ¼ dt

Deff«H
(38:3)

where
d denotes membrane thickness (m)
t denotes membrane tortuosity (dimensionless)
« denotes membrane porosity (dimensionless)
Deff denotes effective diffusion coefficient of i through the membrane (m2=s)

For enhancing the removal, it is important to reduce those resistances as much as possible by acting on the fluid dynamic
(for kg and kl) and on the membrane properties (for km). Increments of the liquid and gas flow rates, as a module design that
promotes turbulent flow, lead to a reduction of gas and liquid boundary layers, with consequent improvements of the mass
transport.

The expressions above reported for describing the mass transport are relative to inert membranes; sometimes phenomena of
interfacial absorption between the species to be transferred and the membrane material could happen. In these cases, other
parameters have to be considered and the equations become more complex.

38.3.2 MEMBRANE REQUIREMENTS

From Equation 38.3, it results that the mass-transport coefficient in the membrane increases as the porosity increases and as the
thickness and tortuosity decrease. These parameters are related to each other; the tortuosity, for instance, is a function of the
porosity of the membrane and the specific porosity–tortuosity relationship depends on the manufacturing method [6].

The two parameters can be correlated by the empirical expression [6]:

t ¼ (2� «)2

«
(38:4)

Boundary layers

Membrane micropore
(filled with gas or liquid phase)

1/(kgH ) 1/(kmH ) 1/kl

Gas phase Liquid phase

FIGURE 38.3 Resistances to the mass transport offered by the gas, membrane, and the liquid. The resistance offered by the membrane will
depend on the phase presents into the micropores.
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Fractal theories of random walks developed a different expression [6]:

t ¼ 1
«

(38:5)

Iversen et al. [6] found that for a polymer structure similar to the interstices between closely packed spheres (phase inversion
membrane), Equation 38.4 is able to well describe the tortuosity–porosity relationship; whereas for a polymer structure similar
to random spheres or clusters (stretched membrane), Equation 38.5 has to be used.

Other important properties to consider in membrane manufacturing are the degree of hydrophobicity, the pore size and the
pore size distribution, the chemical, thermal, and mechanical stability. The hydrophobicity is fundamental for preventing
the presence of liquid through pores. It can be determined by contact angle measurements (CAM). The technique measures
the angle formed between the liquid and the membrane pore. The obtained results are dependent on the morphology of the
membrane surface, such as the roughness, that strongly influences these types of measures [7]. Higher pore size leads to higher
fluxes but also to lower breakthrough pressures (pressures at which liquid starts to penetrate into the pores and the membrane
loses its hydrophobic character). The breakthrough pressure for gas=liquid operations is given by the Laplace’s equation:

Dp ¼ (2s cos u)

r
(38:6)

where
s denotes surface tension
u denotes contact angle
r denotes pore radius

The pore size distribution has to be carefully controlled to ensure the same performance along the membrane; moreover,
to avoid coalescence of bubbles, a particular distance among adjacent pores is required. The chemical stability of the
membrane also plays an important role when using absorbent solutions. Hydrophobic membranes in contact with absorbents
can interact with them, changing their structure and morphology and losing hydrophobicity. The resistance to the mass
transport increases and also the influence of operating conditions on the system can vary. Malek et al. [8], for example,
found that under partially wetted conditions, by increasing the liquid flow rate, there is a maximum for the overall mass-transfer
coefficient; whereas for both wetted and nonwetted conditions, the overall mass-transfer coefficient always increased with
liquid velocity.

The problem of the interactions between membrane and absorbent solution interests, for instance, the removal of CO2.
Reactive absorption liquids, such as amines, that are used for this type of removal, usually wet polyolefin membranes.
Wettability depends on the surface tension of the liquid, membrane material, contact angle, and pore properties of the
membrane. Possible solutions to this problem are to employ more resistant membrane materials, to use different absorbent
liquids, and to deposit a nonporous layer on the membrane surface that prevents any passage of the liquid through pores. In
order to do not increase too much the resistance to the mass transport, the layer has to be thin and highly permeable to the
gaseous species. The dense skin can be useful also for avoiding any possible contamination of the feed gas by the absorbent
(Figure 38.4).

Once the absorbent exits from the contactor, it can be regenerated in another membrane contactor unit both by stripping
with vacuum or by sweep and by heating. Figure 38.5 reports a simplified scheme for an absorber–desorber flow sheet with the
desorber operating under vacuum.

38.3.3 FACILITATED TRANSPORT

Beside the systems until now described, facilitated transport membranes can be also used for gas streams treatments [9,10]. Due
to the presence of carriers specific for the species to be removed, these types of membrane contactors are characterized by very
high selectivity. In supported liquid membranes (or immobilized liquid membranes [ILMs]), a carrier solution is impregnated in
the micropores; Figure 38.6 shows the mechanism of these systems. The support properties are certainly important for the
overall performance (higher porosity and lower thicknesses, for example, lead to higher fluxes; the substrate structure affects
also the minimum thickness needed to maintain the ILM integrity). Membrane instability due to the loss of the carrier solution
and the long-term stability of the carrier-self are the main drawbacks of these systems and different solutions have been
attempted by researchers to improve their efficiency. Sirkar [11] placed the solution between two porous membranes, but the
thickness was too high to guarantee high fluxes. A reduction of the diffusional resistance has been obtained by Teramoto et al.
[12] by moving the solution between the two microporous membranes. However, a reduction of selectivity and a wetting of the
micropores by the liquid have been registered.
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FIGURE 38.4 Composite membrane with a dense skin coated on the microporous surface.
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FIGURE 38.5 Schematic absorption–desorption flow sheet with the desorber operating under vacuum.
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FIGURE 38.6 Example of a supported liquid membrane. The carrier (C) contained in the membrane micropore selectively transports the
species i from the gas to the strip phase.
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A novel polymeric bicontinuous microemulsion (PBM) membrane, consisting of an interconnecting network of nanometer
pore size water channels, was employed as liquid membrane support [13] for the immobilization of new porphyrin carrier
[14] for facilitated oxygen transport. Although the membrane resulted to be stable due to the nanoporous structure, a modest
(2.3–2.4) O2=N2 selectivity was achieved.

In Section 38.4, studies and results obtained by applying membrane contactors to processes of industrial interest are
reported and discussed. In particular, the research efforts made to improve membrane contactors performance are furnished for

. CO2, H2S, volatile organic compounds (VOCs), SOx, NH3, and Hg removal

. Olefin=paraffin separation

. Air dehumidification

Results on the use of membrane contactors for the sparkling water production are also presented.

38.4 POTENTIALITIES OF MEMBRANE CONTACTORS IN GAS TREATMENTS

Industrial productions lead to substantial emissions of gaseous streams containing pollutants such as acid gases, VOCs, SOx,
NH3, and Hg. Each of them is responsible for severe impact on the environment. CO2 is the main responsible gas of
greenhouse; VOCs are one of the main sources of photochemical reactions in the atmosphere; H2S, SOx, NH3, and Hg are
toxic compounds. Traditional techniques more often employed for their recovery are absorption in liquid solvents and
adsorption on zeolites or activated carbon. These operations present some drawbacks such as reduced contact area, large-
sized equipment, high energy consumption, and regeneration of spent carbon and zeolite beds. Furthermore, on the basis of the
more stringent regulations, the desired removals are not easily achieved. When the compounds to be removed are present in
the gas stream in ppm, gas separation by membranes can also be not effective because of the low driving force available. On the
contrary, membrane contactors in membrane-based absorption process are able to drastically reduce their amount also acting
on a very diluted feed.

Results on their performance for the olefin=paraffin separation are also of interest. This type of separation is highly
energy intensive because the boiling points are extremely close and conventional cryogenic distillation is difficult and
expensive. Another interesting field for membrane contactor applications is the humidity control of air. This process is
extremely important in both living and working spaces. The direct-contact systems employed for carrying out this operation
suffer from different problems, such as the carryover of solution droplets and the reduced contact area that depends on the
relative flow rates.

Membrane contactors can be applied also to the sparkling water production. In beverage industry, the sparkling water is
usually produced in two towers of large size (stripper and absorber); on the contrary, membrane contactors are able to carry out
the process in the same unit with a substantial reduction in size.

38.4.1 CO2 AND H2S REMOVAL

The removal of CO2 by membrane contactors has been investigated by several authors. Aqueous solutions of amines are
commonly used as absorbers. The complexes that these solutions create with CO2 are weak and can be easily broken
by heating (regeneration step). Mavroudi et al. [15] used a commercial hollow fiber membrane contactor for absorbing CO2

from a 15% CO2–85% N2 mixture simulating a typical composition of flue gases from a coal combustion power plant. Both
water and aqueous DEA were used as absorbents. At low gas flow rates, an increase in the water flow rate led to a higher
removal, due to the reduction of the mass-transport resistance, whereas for high gas flow rates, the same removal can be
achieved only in a higher volume module that provides more gas–liquid contact area. At low liquid DEA flow rates, the
solution is saturated with CO2 and there is a reduction in the mass transfer; the removal is increased by operating at high
flow rates. Higher removals are achieved also at higher DEA concentration, due to the increase in the reaction rate. The
removals obtained varied from 75% (water) to 99% (DEA). From a comparison with packed towers, it resulted
that membrane contactors have HTU values significantly smaller, representing very compact and efficient systems. The
compactness of these systems has been also pointed out by Falk-Pedersen and Dannstrom [16]. Authors studied
the separation of CO2 from offshore gas turbine exhaust by amine absorption. The work was related both to an absorption
and a desorption membrane-based unit. The possible wetting of the membrane has been analyzed for different membranes
(PP, PES coated with PDMS, PP coated with PDMS, GORE-TEX ePTFE). Among them, only GORE-TEX and PTFE
were not wetted. The membranes were chemically stable in both absorber and desorber units. By comparing the conventional
absorbers and desorbers and the gas=liquid contactors, for 86% of removal, it resulted in 72% and 78% size reduction
for absorber and desorber, respectively and 66% weight reduction for both absorber and desorber. The effect of the
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membrane wetting on the mass transfer has been studied also by Rangwala [17] who used water, aqueous NaOH, and DEA
for absorbing CO2 from an air stream in a hollow fiber membrane module equipped with polypropylene fibers. The feed CO2

concentrations were in the range of 1–10 mol%. Due to the partial wetting of the pores, the mass-transfer resistance offered
by the membrane increased significantly. Author calculated that even for less than 2% wetting of pores, the membrane
resistance can be the 60% of the total mass-transfer resistance. The effect of DEA on two types of polypropylene
microporous membranes (Celgard X40-200 and Celgard X50-215) has been investigated by Wang et al. [18]. The membrane
surface morphology and surface tension were monitored with and without CO2 loading. Both membranes suffered from
changes in pore structure and surface roughness and hydrophobicity reduction. However, the Celgard X50-215, due to its
thicker microfibrils, presented less morphological and hydrophobic changes. When CO2 was loaded, carbamate ions were
formed from interactions between CO2 and DEA and the micropores deformation was reduced for both membranes. This
result suggests that the use of a membrane with high porosity could lead to an enhancement of the system efficiency, due to
the larger contact area between DEA and CO2.

CO2 has been removed from flue gas of thermal power plants by using a PTFE hollow fiber gas–liquid membrane contactor
[19]. MEA absorbent (5 mol=L) flowed inside a PTFE hollow fiber membranes while the gas stream (CO2, 15%; O2, 5%; N2,
80%) was fed outside. The membrane was stable for more than 6600 h and the overall volumetric mass-transfer coefficient for
the membrane system was more than five times larger than that of the packed bed device. PTFE fibers are usually not available
in small diameters and are more expensive than polyolefin membranes. Authors analyzed also the performance of a PE
membrane that resulted more susceptible to wetting. By modifying its surface with fluorocarbonic materials, its hydrophobicity
was increased. Researches of new absorption liquids for CO2 have been carried out. TNO, The Netherlands, patented a new
absorption aqueous liquid, called CORAL, based on amino acids and alkaline salts. With respect to conventional amines, the
new absorber allows to operate for long time with cheaper membranes, such as polyolefins, because it does not wet them, has
high oxygen stability, corrosion resistance, and better degradation properties. Furthermore, the vapor pressure of the active
component is zero; therefore, its losses due to evaporation are avoided. Kumar et al. [2] reported on the wetting of microporous
membranes by different classes of alkanolamines and amino acid salt solutions. The stability of the membrane absorber was
tested in a single PP fiber reactor for 72 h. During this period, the CO2 flux dropped by only 6% in the first 30 min. Feron and
Jansen [20] carried out CO2 absorption and absorber regeneration experiments to verify the feasibility of the process. CO2 and
air were mixed and fed to a prototype transversal-flow membrane absorber equipped with PP fibers. The liquid stream was fed
through the membrane lumen and the gas fed outside the fibers. The CO2 flux increased with the CO2 partial pressure and the
temperature and decreased when the cyclic liquid loading was increased. The CORAL liquid showed a higher mass transfer
with respect to other membrane gas absorption systems reported in literature.

Quinn et al. [21] investigated as absorbents for CO2 melts of salt hydrates such as tetramethylammonium fluoride
tetrahydrate [(CH3)4N]F � 4H2O and tetraethylammonium acetate tetrahydrate [(CH3)4N]CH3CO2 � 4H2O. They found that
the CO2 absorption capacity of salt hydrates is dependent on the water content of the salt, decreasing as the water content
increases. The salts showed a large and reversible acid gas absorption capacity and when melts containing CO2 were cooled to
temperatures of solidification, the CO2 was spontaneously desorbed [22]. This implies that the absorbent can be easily cycled
by acting on temperature. Quinn et al. [23] immobilized the melts of salt hydrates in a hydrophilic Celgard 3401 membrane and
studied their performance for the separation of CO2 from H2 and CH4 by varying feed and sweep gas (helium) dew point,
temperature, and CO2 partial pressure. For the [(CH3)4N]F � 4H2O melt, the CO2=CH4 selectivity ranged between 12 and 120,
whereas the CO2=H2 selectivity was extremely low. This result has been attributed to the hydrogen permeability of the Celgard
membrane. To reduce the permeation of hydrogen, the liquid melt has been supported on the surface of a film of poly
(trimethylsilylpropyne). The new system led to CO2=CH4 and CO2=H2 selectivity ranging between 140–800 and 30–360,
respectively, depending on the CO2 partial pressure. Chen et al. [24] studied the performance of glycerol-based immobilized
liquid membranes (ILMs) in the micropores of hydrophilic hollow fibers for the selective separation of CO2 from N2 for space
suit applications. Two carriers have been considered: sodium carbonate and glycine–Na. The latter carrier is more soluble in
glycerol than sodium carbonate, providing more carriers for CO2 transport and decreasing N2 permeance. Glycine–Na–glycerol
has been immobilized in polysulfone microporous hollow fibers. Due to the low volatility of glycerol, the membranes showed a
good stability after 300 h of prolonged runs. Tests have been carried out by feeding the mixture at the tube side and helium at
the shell side. CO2 permeance is increased with the carrier concentration and decreased with an increase of CO2 partial pressure
difference. Feed=sweep relative humidities (RHs) also influenced the performance, by acting on the species solubilities and
diffusivities: lower permeance and higher CO2=N2 selectivities were achieved at lower feed stream RHs. The highest obtained
selectivity was over 5000. However, to achieve the CO2 permeances needed for the application, the ILM thickness has to be
reduced. The facilitated transport of CO2 through liquid membranes has been also investigated by Teramoto et al. [25]. To
overcome the typical drawbacks of supported liquid membranes, authors propose a system where a carrier solution (liquid
membrane) is supplied to the feed side (at high pressure) and permeates through the membrane at the low-pressure side. In these
conditions, the membrane is always wetted and its surface is covered with a thin layer of the membrane liquid. A poly(ether
sulfone) ultrafiltration membrane and an aqueous solution of DEA as carrier have been chosen for the experiment. The feed
mixture was CO2 and CH4 and the sweep gas was helium. An interesting result is that by increasing the carrier solution
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circulation rate the CO2 permeance increases, due to the convective flow. The CO2=CH4 selectivity was 1970 and the
membrane kept its stability for more than 2 months.

As for carbon dioxide, several absorbents can be used for removing hydrogen sulfide from gaseous streams. A comparison
among different extractants has been reported by Qi and Cussler [26]. They used a microporous symmetric polypropylene
hollow fiber module with the liquid pumped at the tube side and the gas fed outside the fibers. The investigated aqueous
solutions were NaOH, MEA, DEA, triethanolamine (TEA), 2-amino-2-methyl-1-propanol (AMP), and 2-(ethylamino)-ethanol
(EAE). The mass-transfer coefficients were higher for the strong base (0.0073 m=s), but due to the fast reaction, the main
resistance to the transport was located in the membrane. When using amines, the reaction is slower and the mass resistance
offered by the liquid becomes more important. This solution is preferred also because amines are cheaper with respect to strong
bases. Amine solutions can be effective also for the CO2 absorption. Often both gases are present in mixture, and when H2S is
the species to be preferentially absorbed, the H2S=CO2 selectivity of the extractants has to be taken into account. Authors
studied the simultaneous absorption of the two gases from air (20% H2S, 17% CO2). From the experiments, the H2S=CO2

selectivity was over 30 for TEA, 11 for AMP, and 5 for EAE. Li et al. [27] used a 10% NaOH solution for the removal of H2S
from a nitrogen stream (H2S concentration, 16–24 ppm). The solution was fed into the shell side of an asymmetric hollow fiber
membrane module, while the gaseous stream flowed countercurrently into the fibers. Two types of asymmetric membranes
were prepared: asymmetric polysulfone (microporous) and asymmetric poly(ether sulfone) (dense). The former showed a mass-
transport coefficient higher than the one obtained by Qi and Cussler [26] (0.0125–0.025 vs 0.0073 m=s), while the latter showed
much lower values (5� 10�4 m=s), due to the dense layer formed. However, the membrane resistance controlled the process for
both membranes. To improve the removal, it is important to increase the porosity of the layer and to reduce the substrate
resistance, keeping the mean pore size of the membrane small to avoid the membrane wetting. Beside these problems, the
authors pointed out that the reduction of the mass-transfer rate can be compensated by increasing the driving force (an increase
of the feed gas pressure does not lead to bubble formation in the liquid side, due to the presence of the skin layer). Wang et al.
[28] reported complete removal of H2S from a nitrogen stream containing 17.9–1159 ppm H2S, by using an asymmetric porous
PVDF hollow fiber membrane and 2 M NaCO3 aqueous solution. The process was strongly influenced by the gas-phase
pressure: a small pressure gradient across the membrane resulted in a viscous flow through the membrane that reduced the
membrane resistance. Authors compared the results achieved by feeding the gas mixture to the lumen side with those obtained
for a feed to the shell side. Due to channeling in the shell side, the gas-film resistance was significant in the latter configuration
and the mass-transfer coefficient resulted to be half of that in the lumen side. Furthermore, the resident time is about eight times
longer. The absorbent capability for H2S of [(CH3)4N]F � 4H2O has been investigated by Quinn et al. [29], who immobilized it
in a microporous hydrophilic membrane (Celgard 3401). H2S was preferentially absorbed with respect to CH4 (selectivities
ranging from 34 to 140) and CO2 (selectivities of 6–8). The presence of H2S in the feed stream strongly reduced the CO2

permeation (e.g., from 1300 to 100 Barrer), due to the competition for the same carrier.

38.4.2 VOCS REMOVAL

The removal of VOCs from air and gaseous streams can be effectively carried out by membrane contactors. Poddar et al. [30]
investigated the performance of a combined absorption-stripping process for removing VOCs from air. The considered VOCs
were toluene, dichloromethane, acetone, and methanol. The absorber was a polypropylene microporous hollow fiber where
contaminated air was fed at the lumen side and the absorbent was countercurrently sent at the shell side. Two absorbents
(silicone oil and Paratherm), water insoluble and nonvolatile, were used. The silicone oil had higher diffusivities but lower
stability. The spent absorbent was sent to a desorber, where it was regenerated by applying vacuum and recycled to the absorber
unit. The membranes used in the desorber were hydrophobic polypropylene hollow fibers with an ultrathin and highly VOC-
permeable plasma-polymerized nonporous silicone skin on the outer surface. The vacuum was applied at the tube side. The
VOC concentration in the feed was around 1000 ppmv and the operative temperature was around 228C. The investigated
system resulted to be able to remove VOC. An interesting result achieved was that for dichloromethane, the coupled
absorption–desorption system led to a lower removal than the absorption alone with fresh absorbent; whereas for methanol,
the performance was almost the same. This difference can be related to the lower Henry’s value for methanol that can be
desorbed more effectively than dichloromethane. Possible ways for improving the regeneration step are to operate at higher
temperatures and=or with a larger membrane area.

VOCs can also be removed by applying vacuum and using composite membranes as, for example, in the VaporSep process
commercialized by the MTR, where a porous support is used for a silicone membrane coating in a spiral wound configuration.
Hydrophobic polypropylene hollow fibers with an ultrathin and highly VOC-permeable plasma-polymerized nonporous
silicone skin on the outer surface can be also effective [31–33].

As the membrane-based absorption process is usually efficient if the VOC concentration in the feed is ranging between
300 and 100 ppmv, whereas the membrane-based vapor permeation process is more effective at higher VOC concentrations,
Poddar and Sirkar [34] studied the potentialities of a hybrid system where the two processes are coupled. The vapor permeation
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and the desorber operated with the polypropylene having the ultrathin dense layer coating, whereas the absorber employed
microporous polypropylene hollow fibers. The hybrid system was effective and led to very high removal of methylene chloride
(99.97%).

As for CO2, VOCs can also be removed by using immobilized liquid membranes. Obuskovic et al. [35] immobilized a thin
layer of silicone oil in the microporous of the hollow fiber polypropylene membrane beneath the dense-coated skin. The
performance of the system has been proved for toluene, methanol, and acetone removal from N2. With respect to the simple
hollow fiber, the presence of the oil layer led to a 2–5 VOC more enriched permeate (due to the reduction of nitrogen flux)
with a separation factor of 5–20 times higher (depending on the VOC and the feed gas flowrate). The membrane was stable
for 2 years.

38.4.3 SO2 REMOVAL

The removal of SO2 from gaseous streams can be achieved by absorption in hydrophobic membrane contactors. When strong
bases, such as aqueous solutions of NaOH, are used, the main resistance to the mass transport is offered by the membrane [26].
Jansen et al. [36] used Na2SO3 as reactive absorbent and studied its efficiency for removing SO2 from both nitrogen and real
flue gas coming from a coal-fired boiler. In both cases, high recoveries were obtained. The system kept its performance after a
period of 500 h, without any problem of fouling or interactions with other flue gas components. On the basis of these results, the
TNO group built a pilot plant with a capacity of 100 N m3=h in Holland; over 95% of recovery was obtained.

Pilot plant studied have also been performed by Larsen et al. [37], who obtained stable operation and more than 95% SO2

removal from flue gas streams with a gas-side pressure drop of less than 1000 Pa. The importance of the membrane structure on
the SO2 removal has been studied by Iversen et al. [6], who calculated the influence of the membrane resistance on the
estimated membrane area required for 95% SO2 removal from a coal-fired power plant. Authors performed experiments on
different hydrophobic membranes with sodium sulfite as absorbent to measure the SO2 flux and the overall mass-transfer
coefficient. The gas mixture contained 1000 ppm of SO2 in N2. For the same thickness, porosity, and pore size, membranes
with a structure similar to random spheres (typical of stretched membranes) showed a better performance than those with a
closely packed spheres structure.

38.4.4 AMMONIA REMOVAL

Qi and Cussler [26] investigated the removal of ammonia by H2SO4. H2SO4 being a strong acid, the mass resistance offered by
the membrane controlled the process. An industrial membrane gas absorption unit for ammonia recovery from an ammonia
containing off-gas stream produced in a dyes intermediates production plant has been installed by TNO. The membrane plant is
able to remove 99.9% of ammonia and produces aqueous solutions of 27% ammonia that can be reused in the dyes process [38].

38.4.5 MERCURY REMOVAL

Free metallic mercury vapor contained in waste-incineration and soil thermal treatment off-gas, natural gas and the glycol-
overhead in a natural gas dryer has been removed by van der Vaart et al. [39] by an oxidative gas absorption. Their study
included the selection of the oxidizing agent and the selection of the most suitable membrane material. H2O2 and K2S2O8 were
chosen for carrying out tests on the basis of their impact on environment and the materials used, the mercury solubility, and the
reaction products formed. The stability of several membranes with these oxidizers was also analyzed and the PTFE membrane
was selected. The experimental tests were performed in a device patented by TNO, equipped by hollow fibers. At low oxidation
potential (H2O2), the mass-transfer coefficient resulted to be dependent on the liquid flow rate, but at high oxidation potential
the mass-transfer coefficient was higher and independent on it. The regeneration of the absorbent liquid was obtained by the
precipitation of mercury sulfide. Authors estimated also the membrane area and the costs related to the process for obtaining
the target removals of the three streams analyzed and they found that for the glycol-overhead stream, the economy of the
process is controlled by the mercury removal step.

38.4.6 OLEFIN/PARAFFIN SEPARATIONS

The olefin=paraffin separation has also been studied in membrane contactors, mainly by using as absorbent a solution
containing silver nitrate [40,41]. To prevent the wetting of pores by the aqueous solution, efforts have been made for
developing a stable composite hollow fiber membrane to be used for ethylene=ethane separation [42]. Polypropylene hollow
fibers were used as support material while different top layer materials (ethylene propylene diene terpolymer, EPDM;
sulfonated poly(ether ether ketone), SPEEK; polyethylene oxide, PEO; and poly(butylene terephthalate), PBT) were tested
and compared in terms of permeability, selectivity, and stability. The experiments included an absorption step coupled to a
desorption by stripping gas. The EPDM offered high permeabilites but low selectivities (14.7–72.5), whereas the SPEEK
resulted in high selectivities (>2700) and low permeabilities. PEO=PBT top layers gave permeabilities (40–50 Barrer) similar
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to EPDM and selectivities of 165. The last system seems to be attractive mainly because it presents the advantage of a constant
selectivity even at high liquid flow rates, where the ethylene permeability may exceed the permeability of EPDM.

Tsou et al. [43] removed efficiently ethylene from a mixture of 74=26 ethylene=ethane by using a hydrophilic hollow fiber
membrane module with the silver nitrate solution at the tube side.

Selectivities of around 850 for 1-butene=n-butene have been achieved by Kovvali et al. [44] by using a glycerol-based
immobilized liquid membrane.

38.4.7 AIR DEHUMIDIFICATION

Hydrophobic microporous membranes have been applied to the air dehumidification by Isetti et al. [45]. The moisture contained
in the air stream was removed by using absorbent solutions such as LiCl and Ca(NO3)2. Desiccant reactivation can be achieved in
a similar device with warm air. In particular, by operating the regeneration stepwith a thinmembrane, the temperature required for
obtaining a certain desorbed vapor flux is reduced. With a polyethylene membrane (thickness, 170mm) vapor fluxes of 200 g=m2

h are reached at a solution temperature of 323 K, whereas with a PTFE membrane (thickness, 28 mm), the solution temperature
can be reduced of 10 K, with a consequent energy saving. Bergero and Chiari [46] used a cross-flow contactor equipped by
polypropylene hollow fibers for air humidification with water and air dehumidification with LiCl-saturated solutions. For both
cases, high mass-transfer efficiency has been achieved. As important result, they reported that the variation in the specific
humidity of the air reduced as the air flow rate increased and was independent on the liquid flow rate; as the air flow rate increased,
the contactor reduced its efficiency. GVS SpA (Italy) manufactures and commercializes flat membrane contactors to control air
humidity. They are based on microporous hydrophobic materials such as supported (on polyester nonwoven) films in PTFE,
PVDF, or PP superficially treated to increase the hydrophobicity. Typical absorbents used are LiCl, TEG, and CaCl2. The water
vapor exchange achievable in these systems is 1.5 kg=m2 h. The regeneration step can occur by dry air stripping or by heating the
absorbent solution. Among various positive aspects, these membrane contactors have lower capital and operating costs, up to
50% less than traditional dehumidifiers, low-pressure drops, and low noise emissions [47].

38.4.8 SPARKLING WATER PRODUCTION

Membrane contactors can be efficiently used also for the sparkling water production. In this case, the water is sent at one side of
the hydrophobic membrane and the CO2 stream is sent at the other side for simultaneously removing the oxygen contained in
the water and performing the carbonation. With respect to conventional systems that use two separate columns for the oxygen
stripping and the CO2 injection, membrane contactors are able to carry out the two processes in a single device. Criscuoli et al.
[5] analyzed the performance of a commercial hollow fiber module (LiquiCel, Hoechst Celanese), when varying different
operating conditions (temperature, pressure, flow rates, oxygen concentration in the water, etc.), in terms of degree of water
carbonation, oxygen removal, mass-transport resistances involved. Experimental tests have been coupled to a mathematical
model, developed with the aim to establish an appropriate correlation for the calculation of the mass-transfer coefficient at the
shell side. In all experimental runs, the system kept its hydrophobicity and the liquid flow rate offered the highest mass-transfer
resistance, controlling the transport of both gases between the two phases. Authors applied the model to calculate the membrane
area required for treating, with the same efficiency, industrial flow rates. The achieved results were used for determining the
costs related to membrane contactors and comparing them with those of traditional devices (Table 38.2). Membrane contactors
are more compact, consume less CO2, and are less expensive in terms of investment costs, while having higher operating costs
related to the membrane replacement voice (about e25,000=year). However, because both capital and operating costs have been
calculated on the basis of the unitary cost of a single commercial module, their significant reduction in large-scale applications

TABLE 38.2
Comparison between Traditional
Systems and MC

Traditional=MC

Equipment cost (e) 2.24
CO2 consumption (kg=h) 1.73
Membrane replacement (e=year) 0
Volume (m3) 12

Source: Adapted from Criscuoli, A., Drioli, E., and
Moretti, U., Ann. N.Y. Acad. Sci., 984, 1, 2003.
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can be expected. Table 38.3 summarizes the main improvements achieved by membrane contactors for some of the applications
described in this contribution.

38.5 MODULE DESIGN

The design of membrane contactors is extremely important for improving their efficiency in mass transfer. A long module, for
instance, leads to higher membrane area, but implies also an increase of pressure drop. Similarly, higher fibers packing fractions
mean higher membrane area, but can result in nonuniform packing with a consequent bad distribution of flow; the difference of
fibers diameters (they are not exactly the same) can also deal with an un-uniform flow. Furthermore, the module has to be
designed in such a way that the breakthrough pressure is not exceeded.

The most used design for gas–liquid operations is the tube-in-shell configuration with shell side flow parallel (cocurrent
or countercurrent) to the lumen side one (Figure 38.7a). However, this type of module suffers from the un-uniform packing
and bad flow distribution at the shell side (Figure 38.7b). To guarantee uniform distribution of the flow and to improve the
mass-transfer coefficients, alternative geometries and changes in the original parallel configuration have been investigated.

Wickramasinghe et al. [3] studied the performance of different modules for the removal of oxygen from water. The removal
of 7% offered by a parallel flow cylindrical module was increased up to 72% with a crimped flat plate, to 82% with a cylindrical
bundle, to 86% with a helical bundle, and to 98% with a rectangular bundle; all these configurations operated in cross-flow. The
use of woven fibers has been also investigated by Wickramasinghe et al. [48] who claimed the superior performance of this
system with respect to the modules built with individual fibers, due to the higher uniformity of fiber spacing.

The strip process has been studied in hollow fiber contactors containing a woven fabric of fibers also by Wang and Cussler
[49]. The modules (one rectangular and one cylindrical) contained baffles for increasing the mass transfer, but the rectangular
one offered lower mass-transfer coefficients because of stagnant liquid zones between adjacent fibers.

Bhaumik et al. [4] demonstrated the efficiency of transverse flow hollow fiber devices equipped with fibers in a mat
wrapped around a central tube (distributor of the liquid) for the absorption of CO2 in water.

TABLE 38.3
Summary of the Main Improvements Achieved by MC for Some of the Investigated Applications

Application

CO2 removal Overall volumetric mass-transfer coefficient more than five times larger than that of the packed bed device [19]
72% reduction in size and 66% reduction in weight for the absorption step, and 78% reduction in size and 66% reduction
in weight for the desorption step [16]

H2S removal Complete removal from a nitrogen stream containing 17.9–1159 ppm H2S in one stage [28]

VOCs removal 99.97% removal of methylene chloride [34]
NH3 removal 99.9% removal of ammonia and production of aqueous solutions of 27% of ammonia that can be reused in the dyes

process [38]

Olefins=paraffins separations Lower energy consumption because there is no need to operate at very low temperatures and high pressures
Air dehumidification Elimination of carryover effects; prevention of any pollution of the hygroscopic solution

Lower capital and operating costs, up to 50% less than traditional dehumidifiers; low-pressure drops; low noise emissions [47]

Sparkling water production Water deoxygenation and carbonation carried out simultaneously in the same device; lower capital cost and CO2

consumption; over 10 times reduction in size [5]

(a) (b)

Flow in the shell Flow out of the shell

Flow out of the lumen Flow in the lumen

Hollow fiber

FIGURE 38.7 Scheme of a tube-in-shell configuration with shell side flow parallel to the lumen side one. (a) Module and (b) un-uniform
packing=section view.
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Vladisavljevic and Mitrovic [50] developed a three-phase hollow fiber membrane contactor with frame elements. The
module consists of stacks of polygonal plates containing internal frames packed with hollow fibers and an external frame where
headers for the inlet and outlet of the fluids flowing inside the fibers are provided. Plates can be monoaxial or biaxial, allowing
two- and three-phase contact, respectively. Authors calculated, both at tube and shell side, the pressure drops of this system. At
the same fluid flow rate, the pressure drop at the shell side was lower than that of the tube side and proportional to the gas flow
rate. The pressure drops at the tube side were mainly related to the local obstacles in the module rather than the resistance in the
fibers.

The efforts in the research led to the commercialization of different modules. Some of them are described below.
The Liqui-Cel Extra Flow module of the CELGARD LLC (Charlotte, North California) is characterized by a higher mass-

transport coefficient than parallel flow configurations because of the presence of a central buffle that forces the liquid stream
(sent to the shell side) to flow perpendicular to the hollow fibers. The central buffle also minimizes the shell side bypassing; the
system has been designed for avoiding large pressure drops.

Membrane Corporation (Minneapolis, Minnesota) developed a bubble-free gas–liquid mass-transfer module that contains
various fiber bundles. To have 100% of gas transfer, the fibers are sealed at one end. The liquid flows outside the fibers that
are fluidized. Low-pressure drops, high turbulence, and no plug for suspended solids eventually contained in the liquid
stream are ensured by a quite low packing density.

For a bubble-free ozonation of water, W.L. Gore & Associates (Elkton, Maryland) commercializes the DISSO3LVE
module made of ozone-resistant fibers in PTFE. A helix arrangement of the fibers leads to higher shell side mass-transfer
coefficients than the parallel configuration.

TNO (Holland) designed a rectangular module (TNO transversal-flow membrane module) containing hollow fibers. The
system performs with high mass-transfer coefficients and low-pressure drops. Furthermore, it shows a good scale-up potential.
The module is commercialized by XTO Membrane Technology.

Patents on new module designs have been recently presented. Nitto Denko (Japan) patented a spiral wound design
for membrane contactor applications [51]. The system includes a central feed pipe around which one or more membranes
are wound. Tests on water ozonation demonstrated that it is possible to achieve a concentration of ozone 10% higher than in
hollow fiber.

TNO housed hollow fiber membranes inside a pressure vessel, to be able to operate with gaseous streams at high pressures
[52]. This system is useful for treating (by absorbent liquid) natural gas or petrochemical streams containing species such as
CO2 and H2S.

38.6 CONCLUDING REMARKS

Membrane contactors result to be effective for the treatment of gaseous streams. With respect to conventional operations, they
are able to optimize the use of absorbent solutions (it is ensured a constant interfacial area for the all length of the unit and the
carryover of droplets is reduced) and to lead to the desired removal (up to 99%) by using modules of reduced size and weight.
Sparkling water can be also efficiently produced in modules of reduced size at lower capital costs and CO2 consumption than
conventional operations. Air dehumidification=humidification in membrane contactors is starting to be commercialized;
some pilot plants for CO2, SO2, and NH3 abatement are also in operation. Efforts made in the research of more stable
membrane materials, more efficient module design, and new absorbent solutions deal with a significant improvement of
the membrane contactors performance. However, further research needs to be done to overcome some of the drawbacks still
present. For example, the mass transport has to be further enhanced by reducing the mass-transfer resistances involved; the
relationships among the parameters that determine the membrane performance have to be more deeply studied for improving
the membrane preparation techniques; the permeability and selectivity of coated membranes have to be increased; in supported
liquid membranes higher permeability, more stable carriers and a reduced loss of the carrier solution have to be obtained; more
general correlations for calculating the mass-transfer coefficient in the modules have to be developed, to facilitate the design
and scale-up of the membrane units.

All these improvements coupled to further enhancements in the lifetime of the membranes and their compatibility with
absorbents, as well as in the mass-transfer design, will allow to extend the use of membrane contactors in industrial productions.
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39.1 INTRODUCTION

Increasingly high demands are being placed on new separation technologies due to stricter product quality requirements,
environmental legislation, energy efficiency demands, and the need to reduce costs [1]. To meet these increasing demands,
there is a tendency to combine processes into hybrids. In a membrane contactor, separation is fully integrated—with an
extraction with stripping or an emulsion liquid membrane (ELM) operation with hollow fiber (HF) contactor or absorption
process—into one piece of equipment. This allows the advantages of both processes to be fully exploited [2].

Interestingly, a large number of works have been published that deal with applications of supported liquid membranes
[3–7]. When HF modules are used as contactors in this type of technology, the organic phase fills the pores of the HF and the
aqueous phases flow along the fibers through the inner side and through the outer side. The main drawback of the technology is
the instability of the supported liquid membrane (SLM), which can produce undesirable results [8–10]. Although an SLM
process is very effective in reducing trace contaminants to very low levels owing to its ability to circumvent equilibrium
limitations [11] and its use has been hampered by a lack of stability. The traditional SLM suffers from a gradual loss of the
organic membrane phase to the aqueous feed and strip solutions because of emulsification (e.g., resulting from lateral shear
forces) at the membrane–aqueous interfaces, and to the osmotic pressure difference across the membrane [12–13]. The osmotic
pressure difference displaces the organic membrane phase from the micropores of the support, which ultimately allows the feed
and strip solutions to mix and leads to the complete failure of the separation unit. An improved process is needed that can not
only remove metal ions but also recover them.

39.2 WHY IS A NEW STRIP DISPERSION TECHNIQUE NEEDED?

Membranes are flexible, modular, energy-efficient devices with a high specific surface area. The extraction or absorption
process offers a very high degree of selectivity and a high driving force for transport, even at very low concentrations. As a
result, a technique is required that provides all the benefits of the SLM but without stability problems (as discussed in the
previous section). HF modules have therefore been used with different process configurations based on similar fundamentals
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that aim to minimize the required membrane area by providing better stability and high mass transfer due to a large area per unit
volume (advantages of the HF contactor), while incorporating the advantages of highly efficient ELMs. This new technique is
known as supported liquid membrane with strip dispersion (SLMSD), pseudo-emulsion based hollow fiber strip dispersion
(PEHFSD), or emulsion pertraction technology (EPP). In this case, the organic (extractant dissolved in diluent) and back-
extraction phases are emulsified before injection into the HF module and can be separated at the module outlet. Although there
are few references to this alternative method in the literature, there are reports on its viability for the recovery of hexavalent
chromium and copper from polluted waters [14–17] and for the removal of hydrocarbons [18]. Nevertheless, this technique
still needs to be tested in specific applications to evaluate the suitability of the technology for commercial use. Wiencek and
his coworkers [19–20] described the use of microporous HF contactors as an alternative method to the direct dispersion of
ELMs to minimize membrane swelling and leakage. HF contactors do not have the high shear rates that are typical of the
agitators used in direct dispersion. This technique has been successfully demonstrated for the removal and recovery of metals
from wastewaters and process streams [21–24]. PEHFSD provides the following advantages over normal extraction and other
membrane process:

. Extraction and stripping can be carried out in one operation

. No possibility of emulsion formation in water phase

. Volume of extractant is relatively small

. Process parameters are very flexible

. Phase separation is not necessary

. Large specific surface area is provided by HF membranes

. Diffusion paths are short

. Modular equipment is compact

. Energy consumption is low

39.3 WORKING FUNCTION OF PSEUDO-EMULSION BASED HOLLOW FIBER STRIP DISPERSION

The schematic representation of PEHFSD is shown in Figure 39.1. An aqueous strip solution is dispersed in an organic
membrane solution containing one or more extractants in a mixer; the water-in-oil dispersion formed is then pumped to contact
with one side of a microporous support, which is passed through the shell side of a microporous polypropylene HF module. The
aqueous feed solution, which contains a targeted species to be extracted, is on the other side of the support and is passed
through the tube side. The continuous organic phase of the dispersion readily wets the pores of a hydrophobic microporous
support, and a stable liquid membrane (the organic phase) is formed in the pores of the support. Figure 39.2 shows an enlarged
view of the SLM with strip dispersion. A low pressure (less than ~55.1 kPa [8 psi]) is applied to the aqueous feed solution side
(Pa, which is greater than Po for the strip dispersion side) to prevent the organic solution of the strip dispersion from passing
through the pores into the feed solution side. The dispersed droplets of the aqueous strip solution—with a typical size of 80–800
mm—are orders of magnitude larger than the pores of the microporous polypropylene support employed for the SLM, which
range from 0.01 to 0.2 mm. Therefore, these droplets are retained on the strip dispersion side and cannot pass through the pores
to the feed solution side. This PEHFSD technique has a constant supply of the organic membrane solution in the pores, which

PI FI

PI
FI

PI

PI

Feed tank
pH = 3.0

Module

Emulsion tank

FIGURE 39.1 PEHFSD setup; continuous line: feed stream; dotted line: emulsion stream. (From Urtiga, A., J. Membr. Sci., 257, 161, 2005.
With permission.)
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ensures stable and continuous operation. In addition, the direct contact between the organic and strip phases (with high-shear
mixing, if necessary) on the strip dispersion side provides an additional area for stripping, which results in very efficient mass
transfer. The stripping is more efficient than that achieved with the conventional SLM. As shown in Figure 39.1, PEHFSD
combines extraction and stripping, which are normally carried out in two separate steps in conventional processes such as
solvent extraction.

39.4 APPLICATION OF PSEUDO-EMULSION BASED HOLLOW FIBER STRIP DISPERSION
TECHNOLOGY IN METAL SEPARATION

39.4.1 PEHFSD IN METAL SEPARATION

Table 39.1 gives the details of a recently published study that analyzes the use of the pseudo-emulsion based hollow fiber strip
dispersion (PEHFSD) technique for different metal ions [25–38]. In another recent study, Urtiaga et al. [39] described
a methodology for modeling separation processes based on the use of emulsion pertraction technology. This work gives a
comparative analysis of two types of separation process aimed at the recovery of metallic compounds from residual waters
using HF modules as membrane contactors: emulsion pertraction (EPP) extraction and nondispersive solvent extraction
(NDSX). The recovery of copper, which is the homogeneous catalyst in wet peroxide oxidation (WPO) processes, is analyzed
from both an experimental and a theoretical perspective. The separation of the metal was enhanced by using LIX622N as a

Feed solution out

Dispersed

Pa >Po

Pa

Droplets of
strip solution

Continuous
organic
phase

Hollow fiber
pores filled
with organic

Hollow fiber
wall

Feed solution in

Po

FIGURE 39.2 An enlarged view of the PEHFSD. (From Ho, W.S. and Poddar, T.K., Environ. Prog., 20, 44, 2001. With permission.)

TABLE 39.1
Details of Recent Published Work on Different Metals Using Strip Dispersion Technique

Metal
Ion

Feed
Conditions Extractant

Strippant (Strip Dispersion
with Extractant) References

Cr [Cr]¼ 1500 ppm,

pH 1.5

10 wt% Amberlite LA2, 1 wt% 1-dodecanol

(modifier for the extractant), diluent Isopar L

3 M NaOH and extractant

at ratio of 1:2

[25,26]

Cu [Cu]¼ 150 ppm,
pH 2

15 wt% LIX973N, 2 wt% 1-dodecanol,
(modifier for the extractant), diluent n-dodecane

3 M H2SO4 and extractant
at ratio of 1:19

[11,27–32]

Zn [Zn]¼ 4600 ppm,

pH 2

8 wt% Cyanex 301, 2 wt% dodecanol (modifier

for the extractant), 90 wt% Isopar L

3 M H2SO4 and extractant

at ratio of 1:5.7

[33,34–37]

Sr Sr-87 and Sr-90 C12 BOPPA (2-butyloctyl phenylphosphonic acid),
C16 HDPPA (2-hexyldecyl phenylphosphonic acid),

C18 ODPPA=HDPPA (2-octyldecyl phenylphosphonic
acid), C20 ODPPA (2-octyldecyl phenylphosphonic acid),
2wt% dodecanol (modifier for the extractant), diluent

n-dodecane

1 M HCl and extractant
at ratio of 1:3

[33,38]

Co [Co]¼ 492 ppm,
pH 2

8 wt% Cyanex 301, 2 wt% dodecanol (modifier
for the extractant), 90 wt% Isopar L

5 M HCl and extractant
at ratio of 13.3

[33,37]
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selective extractant and the concentration took place in a concentrated sulfuric acid phase. These pertraction results were then
compared with the results of the separation-concentration of copper obtained in a previous study [40] performed with NDSX
and similar HF membrane contactors. The latter case used two HF modules, with an effective membrane area of 1.4 m2 each.
The first module was used for the extraction operation, in which copper is separated from the feed phase, and the second
module was used for the back-extraction operation, in which the organic extractant is regenerated and copper is concentrated in
the stripping phase. Comparative results are given in Figure 39.3. It is observed that the evolution of copper concentration in the
feed phase (Figure 39.3a) is very similar in both techniques. Figure 39.3b shows the mass of copper in the stripping phase,
which follows a similar trend with both techniques. The main difference is observed in Figure 39.3c, which shows that the
copper concentration in the stripping phase after four experimental cycles is 5.2 times higher when the pertraction process is
used. This value is approximately equal to the ratio of stripping volumes used in both techniques: VNDSX=Vpertraction¼ 5. The
small difference was attributed to experimental error and the slight modification of phase volumes produced during the
collection of samples. The experimental results therefore demonstrate that, for the present application, emulsion pertraction
technology offers significant practical and financial advantages over NDSX technology since the cost of acquiring the
membranes—considered to be the most significant cost in membrane contactor operation—is reduced by half.

Similarly, Ho and Poddar [25] developed new SLM technology for the removal and recovery of chromium from waste-
waters. The technology not only reduces Cr(VI), ranging from approximately 100 to 1000 ppm, to less than 0.05 ppm in the
treated effluent allowable for discharge or recycle but also recovers the chromium product at the high concentration of about
20% Cr(VI) (62.3% Na2CrO4), which is suitable for resale or reuse. In other words, the authors claimed to have achieved the
goals of zero discharge and no sludge. This technology is based on their finding that sulfuric acid flux depends on the Cr(VI)
concentration in the feed (at pH 1.5). The sulfuric acid flux decreases significantly as the Cr(VI) concentration in the feed
increases. The sulfuric acid flux at a feed Cr(VI) concentration of greater than ~100 ppm is far less than at a lower
concentration. The stability of the SLM was ensured by adding the strip dispersion methodology, in which the aqueous strip
solution is dispersed in a mixer and the strip dispersion formed is circulated from the mixer to the membrane module so that
there is a constant supply of the organic solution in the membrane pores. The chromium flux over its entire range—from low
Cr(VI) concentrations in the feed solution to high feed concentrations at which the carrier saturation of the facilitated transport
mechanism occurs—showed good agreement with a film model that takes into account mass transfer resistances, both in the
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Pabby et al./Handbook of Membrane Separations 9549_C039 Final Proof page 1060 14.5.2008 2:20pm Compositor Name: VAmoudavally

1060 Handbook of Membrane Separations



feed solution and in the membrane phase. The mass transfer coefficient for the feed solution in the tube side of a HF module
was calculated from the well-known Leveque correlation with the estimated diffusivity. The mass transfer coefficient for the
membrane phase was governed by the distribution coefficient, the diffusivity, and the thickness, porosity, and tortuosity of
the membrane support. The model used the distribution coefficient calculated from a measured equilibrium constant and the
diffusivity and tortuosity obtained from the flux data at the carrier saturation. In addition, the distribution coefficient calculated
was in very good agreement with that measured for a very wide range of aqueous feed Cr (VI) concentrations from
approximately 20–18,000 ppm.

In another study, Ho and Bang [38] proposed a strip dispersion system that removes strontium (nonradioactive Sr-87) to an
acceptable level in treated water suitable for discharge or recycling, i.e., 8 pCi=L or lower. For this system, the authors used
newly synthesized extractants, branched alkyl phenylphosphonic acids, that proved to be more effective than D2EHPA at low
feed pH (e.g., pH 2.5). Figure 39.4 shows the results for all four extractants with 1M HCl as the stripping solution. As can be
seen, all four extractants removed strontium from the aqueous feed solutions and recovered it in the aqueous strip solutions. The
strontium concentration in the aqueous strip solutions was approximately 40 ppm, which is almost the maximum concentration
that can be achieved for a feed-to-strip solution volume ratio of 8. Therefore, the stripping achieved with hydrochloric acid was
very satisfactory and nearly quantitative. The aqueous feed solutions also contained approximately 80 ppm of calcium, 20 ppm
of magnesium, 50 ppm of zinc, and strontium to simulate ground water. Having tested the performance with nonradioactive
Sr-87, experiments were conducted with radioactive Sr-90. Table 39.2 shows the results for Sr-90 removal from aqueous feed
solutions at pH 3 with 1 M HCl as the stripping solution. As can be seen, the strip dispersion technique containing C20 ODPPA
(2-octyldodecyl phenylphosphonic acid) removed Sr-90 to the target concentration of 8 pCi=L (the drinking water standard) or
lower from feed solutions containing 317–1000 pCi=L of Sr-90. This target concentration was also achieved using a feed
solution containing 1000 pCi=L of Sr-90 in the presence of approximately 80 ppm of calcium, 20 ppm of magnesium, and 50
ppm of zinc. Figure 39.5 shows a comparison with the results for Sr-87 removal. As can be seen, the C12 BOPPA (2-butyloctyl
phenylphosphonic acid) extractant decreased the Sr-87 concentration in the feed solution to lower values (for a given time): that
is, it removed Sr-87 more effectively than D2EHPA. For example, C12 BOPPA reduced the Sr-87 concentration in the feed
solution by more than a factor of 2 less than D2EHPA at 30 min. Another drawback of D2EHPA is that it typically requires a
feed pH of 4.5, which is difficult to maintain because of the proton transfer due to extraction. D2EHPA also requires the
removal of zinc before strontium can be removed at a feed pH of 4.5, as the extractant forms a precipitate with zinc in the feed
solution.

The same strip dispersion technology was used by Klaassen and Jansen [42] under the new name of ‘‘emulsion pertrac-
tion.’’ The authors tested the strip dispersion technique on site at Rogal in Enschede, the Netherlands, to extend the lifetime of
their passivating bath (Figure 39.6). The installation was equipped with Celgard Liquid-Cel membrane contactors. Passivating
is an operation frequently used in the galvanic industry to improve the corrosion resistance of galvanized objects. The lifetime
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FIGURE 39.4 Strontium (Sr) concentrations in the feed and strip solutions as a function of time in recycle operation for four extractants
(C12 Feed is the concentration in the feed solution or the C12 BOPPA extractant, C12 Strip is the concentration in the strip solution for the
C12 BOPPA extractant, and similarly for the C6 HDPPA, C18 ODPPA=HDPPA, and C20 ODPPA extractants; the aqueous feed solutions
also contained about 80 ppm of calcium; 20 ppm of magnesium, and 50 ppm of zinc in addition to Sr-87, respectively). (From Ho, W.S. and
Wang, B., Ind. Eng. Chem. Res., 41, 381, 2002. With permission.)
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of the passivating bath liquid is limited due to the accumulation of zinc and iron. Once the zinc and iron concentrations reach a
certain limit, the color and corrosion resistance of the passivated objects no longer meet specifications and the bath liquid has to
be replaced. Selective removal of iron and zinc from the passivating bath with an emulsion pertraction installation can extend
the lifetime of the bath. Klaassen and Jansen suggested that care must be taken to ensure that neither of the active elements,
chromium or cobalt, is removed. On-site tests have shown that the emulsion pertraction installation is easy to operate and that
no more than 20 min a week is required. Zinc and iron (III) are removed from the passivating bath with high selectivity. There is
a negligible loss of chromium and cobalt. The membranes are resistant to the on-site conditions, and transport rates are
sufficiently high that a compact installation can be built. Due to a reduction in the use of raw materials (fresh bath liquid) and in
the amount of metal sludge that requires disposal, the installation generates an annual profit of $10,000, whereas the total
annual operation costs is only $6,000.

In a recent study, Sonawane et al. investigated the strip dispersion technique, with a new name, PEHFSD, for the extraction
separation of Au(I) from alkaline cyanide media using LIX79 as an extractant [43–46]. In PEHFSD used for Au(I) extraction
from cyanide media, the feed solution containing the target species is circulated through the tube side of a microporous

TABLE 39.2
Radioactive (Strontium) Sr-90 Removal Using C20 ODPPA
(2-Octyldodecyl Phenylphosphonic Acid) Extractant

Run
Sr-90 Concentration

in Feed (pCi=L)
Time
(min)

Sr-90 Concentration
in Treated Feed (pCi=L)

1 317 120 3.3

2 317 120 3.5
3 317 120 3.3
4 317a 240 4.0

5 1,000a 240 5.5
6 1,000a 360 1.0
7 30,000 60 1171

120 352

8 30,000a 300 84

Source: From Ho, W.S. and Wang, B., Ind. Eng. Chem. Res., 41, 381, 2002.
With permission.

a The feed solution also contained about 80 ppm calcium, 20 ppm magnesium,
and 50 ppm zinc.
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hydrophobic polypropylene HF membrane contactor and a dispersion, prepared by continuous stirring of the organic phase and
the aqueous stripping phase to form a water-in-oil pseudo-emulsion, is passed continuously through the shell side in counter
current mode, using a single HF membrane contactor [43]. Figure 39.7a shows the Liquid-Cel HF contactor used in the present
study. As a case study, the extraction of gold cyanide using PEHFSD was carried out using an LIX79=heptane system. The
PEHFSD setup (Figure 39.7b) was used for gold recovery and chromium extraction. Figure 39.7c shows the extraction
mechanism of Au(I) from alkaline cyanide media with LIX-79=n-heptane in a HF membrane module in which a pseudo-
emulsion of LIX-79=n-heptane and 0.2 M NaOH flows in the shell side, and feed containing gold cyanide flows in the tube side.
Experimental results are given in Figure 39.8a and are expressed as the Au(I) concentration in the feed, strip, and organic
phases against time obtained in the HF module. Au(I) was almost completely transported from the feed to the organic phase
within 100 min, whereas the transfer from the organic phase to the stripping solution took place in 2.5 h (150 min). In this
study, the feed was continuously replaced with fresh solution but the stripping solution was recirculated (without replacing with
a fresh solution). The extension of this work deals with Au(I) separation from alkaline cyanide media in presence of base metals
using a single HF module for both extraction and stripping [44]. The setup described in [43] was used to circulate the feed
solution containing Au(CN)2

� with other base metals in a cyanide medium through the tube side. A dispersion was prepared by
continuous stirring of the organic phase (12% LIX-79 dissolved in n-heptane) and the aqueous stripping phase (0.2 M NaOH)
to form a water-in-oil pseudo-emulsion, which was passed continuously through the shell side in countercurrent mode. The
influence of different hydrodynamic and chemical parameters was investigated, such as the feed pH, cyanide concentration in
the feed, LIX-79 concentration in n-heptane, NaOH concentration in the pseudo-emulsion phase, and initial Au(I) concentration
in the feed. A detailed evaluation was made of the selectivity of Au(I) against different metal cyanide salts such as Fe(II), Cu(I),
Ni(II), Zn(II), and Ag(I) ions. This study is of particular importance as all the chemical parameters were examined using a
synthetic hydrometallurgical alkaline solution containing a mixture of gold with other metal cyanide salts and base metals. This
was done to optimize the conditions, which are similar to those encountered in the recovery of gold from hydrometallurgical
leach solutions containing mixtures of other metal cyanide salts such as Fe(II), Cu(I), Ni(II), Zn(II), and Ag(I). The present
study demonstrates that LIX-79=n-heptane can be used effectively as a carrier in Au(I) permeation through PEHFSD. This
PEHFSD technique was found to be a promising option for the simultaneous separation and concentration of Au(I) from
synthetic alkaline cyanide media in the presence of other metal cyanides such as Ag(CN)2

�, Cu(CN)4
3�, Zn(CN)4

2�,
Ni(CN)4

2�, and Fe(CN)6
4� using LIX-79=n-heptane. The use of a stripping solution containing NaOH in the pseudo-emulsion

phase provided fast and efficient stripping of Au(I). To achieve a clean separation of Au(I) in the presence of other metals,
several experiments were performed with a synthetic hydrometallurgical solution under optimum conditions. A high degree of
selectivity was found. The separation of Au(I) based on the experimental results obtained for the cyano ions using 12% LIX-79
(v=v) with 0.2 M NaOH as a stripping agent, a feed pH of 10.3, and a feed linear flow velocity of 1.23 cm=s gave the following
order of selectivity: Au(CN)2

�>Zn(CN)4
2�>Ag(CN)2

�>Ni(CN)4
2�> Fe(CN)6

4�>Cu(CN)4
3�. The validity of this model

was evaluated using experimental data and the results were found to tie in well with theoretical values. This technique was also
applied to chromium extraction from 1 M HCl solution using 0.35 M CYANEX 921=solvesso-100 and 20 g=L hydrazine
sulfate as stripping solution [45]. Figure 39.8b shows the performance of PEHFSD expressed as transport of Cr(VI) as a
function of varying concentration of HCl in the feed in recycle mode.

FIGURE 39.6 Emulsion pertraction installation at Rogal, Enschede, the Netherlands. (From Klaassen R. and Jansen, A.E., Environ. Prog.,
20, 37, 2001. With permission.)
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In another study, Bringas et al. [46] attempted to separate and recover anionic pollutants using emulsion pertraction
technology and advised the remediation of polluted groundwater with C(VI). Polluted groundwater with the following
composition (Table 39.3) was treated using emulsion pertraction technology, with Alamine 336 as the extractant and NaOH
as the stripping agent, to reduce the concentration of chromate compounds and recover them in a concentrated solution. In the
range of studied conditions, the concentration factors achieved were 18,733 for chromium, 29 for sulfate, and 59 for chloride.
Kinetic experiments were carried out to analyze the behavior of the separation and concentration process over time. The kinetic
model, which consists of a set of coupled differential equations and the solute mass balances of the fluid phases, was solved
using the equilibrium expressions of the interfacial chemical reactions between the aqueous solutes and the organic extractants.

(c)

Aqueous feed
phase

Fiber lumens

Pseudo-emulsion

[LIX-79]org + NaOH (pseudo-emulsion)

[LIX-79]org + NaOH (pseudo-emulsion)

HF Membrane immobilized with [LIX-79]org

(HAuCN)2R (complex
at interface)

Metal casing

HF Membrane immobilized with 
[LIX-79]org

Reaction in tube side

Au(CN)2− + Rorg + H+ = HAu(CN)2R

HAu(CN)2R + NaOH = Au(CN)2− + Rorg + H+

Reaction in shell side in pseudo-emulsion

(a) (b)

Cross-flow contactor

Parallel flow contactor

FIGURE 39.7 (a) Commercial hollow fiber (HF) membrane contactor (Liqui-Cel, Hoechst, Charlotte, New Carolina). (From Cussler, E.L.,
Membrane Separation and Technology, Principles and Applications, Noble, R.D. and Stern, S.A., Elsevier, Amsterdam, 1995. With
permission.) (b) NDSX setup used for gold recovery (setup contains two gear pumps, two flow meters, two pressure gauges, and one
Liqui-Cel hollow fiber contactor). (From Liqui-Cel, Charlotte, North Carolina. With permission.) (c) Extraction mechanism of Au(I)
from alkaline cyanide media with 12% LIX-79=n-heptane impregnated in a hollow-fiber membrane module, flowing pseudo-emulsion of
12% LIX-79=n-heptane, and 0.2 M NaOH as receiving phase in the shell side and feed containing gold cyanide flowing in the tube side.
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Under the experimental conditions, it was concluded that the kinetic control is shared between the feed and the membrane mass
transport phenomena, while the resistance associated with the organic phase contained in the emulsion globules can be
considered negligible. This situation was found to be consistent with the large interfacial area of the droplets of the stripping
phase, which allowed the concentration process to take place at a higher rate than the other separation process. The authors also
suggested that the interfacial resistance in the aqueous phase can be reduced by increasing the Reynolds number (Re) to values
that produce an acceptable pressure drop in the HFs (3.8 bar). The following important findings were made from the analysis of
the results obtained: (a) the pseudo-steady state of the system is reached rapidly (<0.2 h), (b) the carrier used, Alamine 336, has
a high selectivity for chromium species, and (c) the total chromium concentration decreases from 9.62 mol=m3 at the module
inlet to 0.015 mol=m3 (0.8 mg Cr=L) at the module outlet in one pass when the residence time in the module is 0. 0.014 h.

39.4.2 PEHFSD IN THE SEPARATION=REMOVAL=CONCENTRATION OF ACTINIDES

On the basis of performance of the PEHFSD technique in hydrometallurgy, a comprehensive program was prepared in the
laboratory of the author to use PEHFSD with a hydrophobic microporous HF contactor for the recovery of actinides from
process effluents. Roy et al. [47–50] carried out a detailed study of actinide transport using PEHFSD. The objective was to
evaluate the effect of various chemical and hydrodynamic parameters in optimizing the performance of PEHFSD for the
extraction of U(VI), Pu(IV), and Am(III) from nitric acid media. The authors also attempted to apply this technique to the
recovery of actinides from the different streams of low-level and medium-level acidic waste. As in hydrometallurgic
applications, an organic solution is dispersed in an aqueous strippant and the resulting pseudo-emulsion is then pumped into
the shell side of a microporous polypropylene HF module. The aqueous feed solution containing the U(VI), Pu(IV), or Am(III)
to be extracted is passed through the tube side of the fibers. The continuous organic phase of the dispersion readily wets the
pores of the hydrophobic microporous support and a stable liquid membrane (the organic phase) is formed in the pores of the
microporous support. This ensures stable and continuous operation. In addition, the direct contact between the organic and strip
phases on the strip dispersion side provides an additional surface area, which results in very efficient stripping.

39.4.2.1 U(VI), Pu(IV), and Am(III) Extraction

The extraction of U(VI) was performed by Roy et al. using the PEHFSD technique with TBP as an extractant [47–48].
A schematic view of the PEHFSD process for U(VI) (as a representative case 0.01 M HNO3) in recirculation mode (using a
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TABLE 39.3
Composition of Polluted Ground Water

Component Concentration Component Concentration

Cr(VI) 26.1 mol m�3 CO3
� 1.6 mol m�3

SO4
2� 33.5 mol m�3 Si 0.5 mol m�3

Cl� 29.1 mol m�3 Al 2.1 mol m�3

Ca 13.6 mol m�3 TOC 4.3 mol m�3

pH 7.3
Conductivity 11.8 mS cm�1

Source: From Bringas, E. et al., Ind. Eng. Chem. Res., 45, 4295, 2006. With permission.
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peristaltic pump) is shown in Figure 39.1. In recirculation mode, the feed aqueous phase (300 cm3) flowed through the lumen of
the fibers at a flow rate of ~12 L=h, and the pseudo-emulsion phase (prepared by stirring [~600 rpm] and the organic phase,
TBPþ strip solution at a ratio of 1:2) flowed through the shell side at a flow rate of ~5 L=h. In the present setup the pseudo-
emulsion phase was 100 cm3 of TBP diluted in normal paraffin hydrocarbon (nph) plus 200 cm3 of 0.01 M HNO3 aqueous
stripping solution. By maintaining these conditions, the appearance of the organic phase on the aqueous side of the membrane
was prevented as the pressure on the lumen side was higher than on the shell side. Since the emulsion is passed through shell
side of HFC, the extraction of metal ions takes place at the pores of the hydrophobic membrane, which is wetted with the
organic extractant. Once the pseudo-emulsion is loaded with metal ions, these are recovered instantaneously in the stripping
phase (as stripping takes place due to an equilibrium shift caused by 0.01 M HNO3). Because of the pseudo nature of the
emulsion, the organic and strip phases are separated after the experiment is stopped. This overcomes some of the deficiencies
of conventional ELMs, such as the breaking and swelling of the emulsion. In addition, it is difficult to recover metal from the
loaded emulsion as the techniques suggested for this purpose (for example, coalescence) are complicated. The transport of
U(VI) through the HF membrane contactor was monitored by periodically sampling the feed=strip solution.

The experimental results in Figure 39.9 revealed that when the flow rate of the aqueous phase is higher than that of the
organic phase in a hydrophobic membrane and with feed in 4 M HNO3 and 20% TBP as an extractant, the transport of uranium
across the membrane is fast. Therefore, a HF contactor in strip dispersion mode with 20% TBP in nph as an extractant could be
successfully used for the separation and concentration of U(VI) from nitric acid media. The feasibility of this technique for the
separation of U(VI) from dilute solutions using 0.01 M HNO3 solution as strippant even in the presence of fission products from
waste streams makes it a viable alternative to conventional methods.

The same PEHFSD setup was used for Pu(IV) extraction [49]. The extractant was TBP in nph. The transport proceeds
through complexation at the feed phase=membrane interface and the formation of neutral solvated complex species
(Pu(NO3)4 � 2TBP), which dissolve in the organic phase. Experiments were performed at concentrations ranging from 5% to
50% of TBP in nph. As can be seen in Figure 39.10, the extraction of Pu increased up to a concentration of 30% and then
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decreased at concentrations above this value. The diffusion-limited flux increased linearly with the carrier concentration, but
at higher carrier concentrations the viscosity of the membrane phase also increased.

Similarly, Am(III) extraction was studied by Roy et al. using the same setup but with a different extractant, i.e., TOPO
(trioctylphosphine oxide) in nph [50]. This study analyzed the effect of the concentration of nitric acid, the strippant used, and
the variation in the organic–aqueous (O–A) phase ratio on Am(III) transport. The maximum permeation of metal ions was
achieved with 6% TOPO in nph as the extractant and 5 M HNO3 as the strippant. The optimum performance of the TOPO=nph
system was attained with an O–A ratio of 0.5. To enable the stripping of metal ions, the nitric acid molarity was varied from 1 to
6 M. The results reveal (Table 39.4) that stripping reaches a maximum at 5 M HNO3 and then remains steady above this value.
Further experiments were carried out with O–A ratios from 0.09 to 0.5 and it was discovered that an O–A ratio of 0.5 gave the
maximum permeation of Am(III) (78.5%). Figure 39.11 shows the effect of extractant concentration on Am(III) transport from
nitric acid media. When the volume of strippant was decreased, metal recovery also decreased under similar experimental
conditions.

39.4.2.2 U(VI) and Pu(VI) Recovery from Oxalate Supernatant Waste

During plutonium reconversion in a reprocessing plant, oxalate supernatant is normally generated during plutonium precipi-
tation by oxalic acid as plutonium oxalate. This is further converted into plutonium oxide. This waste solution will have the
following composition: uranium (U): 5 gm dm�3, plutonium (Pu): 25 mg dm�3, ruthenium (Ru106): 0.0032 mCi dm�3, cesium
(Cs137): 0.003 mCi dm�3, nitric acid: 3 M, and H2C2O4: 0.1 M.

Using the same PEHFSD setup (similar to Figure 39.1), Roy et al. [51] carried out a series of experiments with treated
(oxalate ion destroyed by KMnO4and H2O2) and untreated (without oxalate decomposition) waste to recover uranium and
plutonium from these acidic solutions using TBP as an extractant in pseudo-emulsion form with nitric acid. The aqueous feed
phase flowed through the lumen of the fibers at a flow rate of ~12 L=h and the pseudo-emulsion phase (prepared by stirring
[~600 rpm] the organic plus strip solution at a ratio of 1:2) flowed through the shell side at a flow rate of ~5 L=h. The uranium

TABLE 39.4
Effect of Strippant Concentration
on Am(III) Transport

S. No. HNO3 (M) % Recovery

1 1.0 39.7

2 2.0 65.4
3 3.0 74.1
4 4.0 75.2

5 5.0 78.5
6 6.0 78.9

Note: Final value of transport measured after
90 min.
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FIGURE 39.11 Effect of extractant concentration on Am transport. Feed acidity: 0.3 M HNO3, extractant: TBP, strippant: 5 M HNO3, feed
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and plutonium recovery was well above 80% in the case of untreated waste and over 90% in the case of treated waste
(Figure 39.12). The presence of important fission products such as 137Cs and 106Ru did not affect the recovery of uranium. This
clearly indicates that the present method could be successfully applied to the recovery of both U(VI) and Pu(IV) from oxalate
supernatant waste.
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40.1 INTRODUCTION TO WATER TREATMENT TECHNOLOGIES INVOLVING
MEMBRANES AND ELECTRODES

Membranes are employed in various industrial processes because these materials provide an efficient and economical way to
separate specific compounds from specific process streams. Membranes and membrane processes are developed and optimized
to suit the needs of the separation process where they are to be implemented. The main parameters of membranes are selectivity
and permeability toward specific compounds and membrane stability in the process environment. Organic membranes are
usually more economical than inorganic membranes unless specific properties of inorganic membranes are required such as
chemical inertness, high radiation resistance, or high thermal and mechanical stabilities. Organic and inorganic membranes
offer a wide range of applications and occupy an important place in modern process industry, including food, biotechnology,
environmental control, and electronics and petrochemical industries [1]. However, membranes have their limitations and many
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impurities or pollutants cannot be efficiently or economically removed by the selective properties of ceramic or polymeric
membranes only.

Electroseparation is defined as ‘‘the use of electricity or electromagnetic fields to produce and enhance chemical or physical
separation’’ [2]. Tsouris and DePaoli [3,4] have presented brief reviews of this topic. Essentially the electrical potential applied
between two electrodes is used to promote physical or chemical processes that are not favorable or are too slow under
nonelectric process conditions. In the past few decades, scientists have tried to combine the advantages of both electrical and
membrane processes. Electrodes with the porosity of a membrane (i.e., electromembranes) offer an advantage in terms of
contact: pollutants that are forced through the pores of an electromembrane are more likely to be adsorbed, decomposed,
oxidized, or reduced than when passing along the relatively low surface area of a dense electrode.

Electromembranes are commonly made from porous carbon, metals, or metal oxides. Originally, nonconductive ceramic
materials such as Al2O3 and TiO2 were modified into electrodes by deposition of electroconductive materials such as (1) carbon
by pyrolysis of methane [5] or natural gas [6], (2) RuO2–TiO2 via solgel techniques [7], (3) metals via electroless plating [6,7],
or (4) electromagnetic sputtering [6]. Ebonex ceramic (Ti4O7), the most common of the ceramic-based anode materials, is
reported to exhibit electrical conductivity similar to that of graphite (6.3� 10�4 V cm) [8]. Ebonex is nonstoichiometric
titanium oxide comprised of Magneli phase titanium oxides, Ti4O7 and Ti5O9 [9–10]. A significant amount of research has also
been conducted on the deposition of platinum onto Ebonex as well as the characterization of platinum-coated Ebonex
electrodes [11–13].

This chapter describes water purification processes where an electrode process is combined with a membrane process.
Special emphasis is placed on processes where the membrane acts as an electrode. Porous electrodes or electrodes that could
potentially be used as membranes are also included in this chapter. The last two sections describe two case studies of
electrosorption of ions from wastewater and anodic decomposition of phenol, respectively.

40.2 ELECTRICALLY ENHANCED MEMBRANE PROCESSES FOR WATER PURIFICATION

References on electrochemical=electrostatic enhanced water purification processes using ceramic membranes can be divided
into two main groups; papers dealing with pollutants that are either

1. electrochemically modified, meaning that the pollutant takes part in an electrochemical reaction, or
2. removed largely by electrostatic attraction=repulsion

Sections 40.2.1 and 40.2.2 highlight the advantages and disadvantages and the role of ceramic membranes in both
approaches.

40.2.1 ELECTROCHEMICAL MODIFICATION OF POLLUTANTS

Water purification can be achieved by decomposition or destruction of the pollutant on contact with an electrically charged
surface. In several cases permeable electrodes are used in a flow-through mode to ensure contact between the pollutant and the
electrode. The type of electrode ranges from metal meshes and carbon cloths to ceramic membrane supports coated with a
porous layer of electroconductive material.

Ceramic membranes in these kinds of processes are often desirable due to their thermal and chemical stabilities in
the oxidative and reducing environment. The types of processes discussed here can be divided into three groups, namely
electrochemical oxidation, electrochemical reduction, and electrochemical disinfection and are discussed in Sections 2.1.1,
2.1.2, and 2.1.3, respectively. Jüttner et al. [14] reviewed examples of each group with particular emphasis on anodic oxidation
of phenol, aliphatic acids, cyanide, thiocyanide, and sodium dithionite, employing different electrodes, i.e., packed bed and
electrodes of graphite, titanium-supported oxides (IrO2, RuO2, PbO2, and SnO2), and Bi- or Fe-doped PbO2.

40.2.1.1 Electrochemical Oxidation

Anodic oxidation was shown to be a useful method for the removal of organic pollutants from aqueous solutions [15]. Partial
decomposition of hazardous organic compounds to biodegradable compounds or complete decomposition to H2O and CO2 can
be achieved by the electrochemical treatment of waste [14]. Two different categories of electrochemical treatment of waste-
water or waste can be distinguished:

. Direct anodic oxidation, whereby organics are oxidized at the electrode surface.

. Indirect oxidation, whereby electrochemically generated oxidants, such as ozone, hydrogen peroxide, hypochlorite,
Fenton’s reagent, or peroxodisulfate are applied for oxidation [16,17].
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Mediated electrochemical oxidation (MEO) is a special case of indirect oxidation whereby metal ions with high oxidation
potential (e.g., Ag(II), Ce(IV), and Co(III)) are electrochemically generated in a closed cycle [14].

40.2.1.1.1 Direct Oxidation at the Anode
A generalized pathway for anodic oxidation of organics as described by Comninellis [18] is illustrated in Figure 40.1.

The pathway described in Figure 40.1 assumes that six major steps are involved:

1. Electrolysis of water, forming an adsorbed hydroxyl species
2. Electrochemical oxidation of physisorbed hydroxyl radicals (H2O=H2O2 redox couple)
3. Electrochemical oxidation of the surface (M=MO redox couple)
4. Release of oxygen during chemical decomposition
5. Electrochemical oxidation mediated by physisorbed (*OH) radicals
6. Heterogeneous catalytic oxidation at electrooxidized active sites

The Ebonex ceramic anode has been used to study the electrolytic oxidation of trichloroethylene to CO2, CO, Cl
�, and

ClO3
� [19]. Ebonex and PbO2-coated Ebonex electrodes were used for the electrochemical treatment of phenolic pollutants

in water [20].
It was also reported that porous ceramic-based membranes, made from stainless steel supported Al2O3=ZrO2, were

employed as electrodes for the direct oxidation of methanol [21–22]. The electromembranes were prepared by electrodeposition
of active materials such as tungsten and molybdenum. Aqueous effluents containing mainly phenol were passed through a flow-
through electrochemical reactor equipped with an alumina-based ceramic membrane. The obtained permeate was analyzed and
fed back into the reactor for 10 consecutive cycles. During the first three cycles, the phenol concentration was reduced from 100
ppm to 5 ppm. It was clear that p-benzoquinone was the most important intermediate product and its concentration increased
considerably during the first few cycles. When most of the phenol was converted, a reduction in p-benzoquinone concentration
could be observed on further cycles. After the tenth cycle the p-benzoquinone concentration was 20 ppm [23]. It should be
noted that these low concentration could be more harmful than the initial concentration of phenol and full analysis of treated
water is therefore recommended.

40.2.1.1.2 Indirect Oxidation
In aqueous waste liquids containing low concentrations of undesired organic compounds (generally less than 100 ppm) only a
limited selection of these compounds can be oxidized. Direct electrochemical oxidation at the anode would be an uneconomical
option because of the low concentration of the organic compounds to be treated [24]. Hence electrochemically generated
oxidants are suitable for these waters.

Chlorine or hypochlorite has been reported as a widely used electrochemically generated oxidant [14]. The ClO�=Cl� pair
acts as an electron transfer agent that destroys organic pollutants [25]. Electrochemically generated ClO� anions proved to
have a positive influence in the fractional conversion of phenol by enhancing degradation over shorter electrolysis periods [26].
Phenol degradation can be carried out near the electrode surface by hypochlorite formed through the oxidation of chloride
[27]. H2O2 can also be used as an oxidizing agent and can be electrogenerated via the two electron reduction of O2 at the
cathode [17]. The oxidative power of the H2O2 molecules can be enhanced when the reaction conditions favor the Fenton
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FIGURE 40.1 Oxidation mechanism on active and non-active anodes. (From Comninellis, CH., Electrochim. Acta, 39, 1858, 1994. With
permission.)
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reaction where the highly reactive one-electron oxidizing agent, the hydroxyl radical (OH.), can be produced. Wang et al. [17]
described how the TOC of a simulated dye waste was reduced to 30% by indirect electro-oxidation using the electro-Fenton
reaction. The electrode in this case was an activated carbon.

40.2.1.2 Electrochemical Reduction

Metal ions such as nickel, iron, copper, and zinc are those pollutants most readily treated by an electrochemical reduction
method. Metal reduction becomes feasible at concentrations above 0.05 ppm if relatively costly metals can be recovered. In the
case of electrochemical reduction the function of the membrane is usually limited to that of a diaphragm and the electrodes used
are usually solid.

Another application where the reduction of metallic impurities is possible is in the purification of plating solutions
containing negatively charged metal oxides, e.g., chromium plating baths [28]. In this application, negative metal oxide ions
migrate away from the cathode where the positive impurities (Cuþ, Zn2þ, Fe2þ) are reduced.

Bunce et al. [29] employed ion-selective membranes in the reduction of a synthetic acid mine drainage solution containing
FeSO4 and CuSO4. 50% current efficiencies were reached when the anion-exchange membrane was used as separator between
the cathode and the anode compartments. However, as the conductivity of the catholyte solution decreases, increasingly higher
potentials are needed to overcome the ohmic losses, and therefore higher energy costs are incurred. This is the case particularly
where metal ions are reduced at the cathode and no new source of ion conductivity (such as OH� ions) is generated [29].
A promising application of electrochemical reduction was described by Juang and Lin [30] in which case an electrochemical
Cu reduction and citrate recovery system was tested. More than 50% current efficiency and 95% Cu recovery were obtained for
concentrations above 20 mmol �L�1 at a current density of 139 A �m�2. Patent US4948489 [31] describes an electrochemical
cell in which heavy metals can be removed from wastewater in the form of oxides. By applying potentials up to 25 V the oxides
of heavy metals (having a standard reduction potential more negative than that of hydrogen) were formed. The oxides can be
removed by filtration.

It is not always the direct reduction of metal ions that may lead to their removal. Some metal ions, especially Fe2þ, are
removed by precipitation as a result of an increase in the pH near the cathode [28].

40.2.1.3 Electrochemical Disinfection

Potential applied over granular-activated carbon [32] and compacted activated carbon [33] can be used to kill bacteria, and a
potential usually between 0.6–1 V versus the saturated calomel electrode is required. Desorption of dead bacteria from
electrode cells can be accomplished via electrostatic repulsion by applying negative potentials. The work of Matsunaga et al.
[32] concentrated on the electrochemical oxidation of intracellular coenzyme A and not on the generation of disinfectants by
electrochemical oxidation. However, the release of carbon from the electrode was mentioned as one of the drawbacks. In a more
recent article, Matsunaga et al. [34] described the application of an alternating positive potential to a titanium nitrate (TiN) mesh
electrode that resulted in effective disinfection of water containing several types of bacteria. The TiN films employed exhibited
low electrical resistance and good chemical and thermal stabilities. An applied potential of 1.2 V versus the saturated calomel
electrode reduced the survival ratio of microorganisms to between 0% and 38% depending on the type of microorganism.

40.2.2 ELECTROSTATICALLY DRIVEN POLLUTANTS

Processes whereby purification results by the use of an electrical field, which is not accompanied by decomposition or
destruction of the pollutant, can be divided into four different groups: electrodialysis (ED), electrofiltration, electrosorption,
and electroremediation. The main electrochemical reaction in these types of processes is decomposition of water.

The process of ED is, by definition, a membrane-based separation process in which ions are driven through an ion-selective
membrane under the influence of an electric field [35]. Conversely, in electrofiltration a charged pollutant particle is prevented
from moving through a membrane by the influence of an electric field. Electrosorption is an electrically enhanced ion-exchange
process and electroremediation is a process developed for the decontamination of polluted soil. Each different process is
discussed separately.

40.2.2.1 Electrofiltration

Membrane fouling is an important phenomenon that has a significant effect on the efficiency of a membrane system.
This fouling increases the energy consumption of water purification process. The problems associated with fouling are
commonly reduced by the following main membrane antifouling strategies: (1) modification of the membrane material, (2)
changing of the hydrodynamic conditions in the flow channel, and (3) application of an external force, e.g., electrical field [36].
Most biological colloids in nature possess a small surface charge that will allow small drift velocities when placed in an
electrical field [37]. Under the right conditions these drift velocities can help prevent fouling. This principle is schematically
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represented in Figure 40.2. The force caused by the flow of permeate toward the porous surface accumulates the particles at the
pore entrance. With an additional electrophoretic force applied, the net force upon the particle toward the surface decreases and
the formation of a ‘‘cake layer’’ (i.e., a layer comprised of rejected particles at the upstream face of the membrane) can be
prevented or significantly delayed.

Several researchers have shown that the application of an electrostatic field over the cross section of a membrane leads to a
significant reduction in the energy cost per unit of permeate for microfiltration [38–40], ultrafiltration [41–44], and nanofiltra-
tion systems [45].

In conventional filtration systems the cake layer adds significantly to the resistance of flow through the membrane, and
therefore to the overall operating costs. Several articles [36–40] and some reviews [2,46] describe electrofiltration in more
detail. In particular the focus is on specific aspects of electrofiltration for different membranes or pollutant surface charges, and
the influence of the magnitude of the imposed field gradient, as well as the role of cross-flow velocity and particle sizes of
pollutants. Application of the correct electrical potential can prevent the formation of the cake layer, allowing the steady-state
flux to be 10 times higher than the same membrane process without the applied potential [39,41,46]. Electrofiltration becomes
especially important for the treatment of effluents with a high total solid content. Such effluent is for example produced during
the post-chemical mechanical polishing (CMP) process, an essential step in the production process of integrated circuit (IC)
chips. Large volumes of ultrapure water (UPW) are used to remove impurities from wafer surfaces, specifically fine particles
from the polishing slurry resulting in wastewaters with a high solid content. Wang and Yang [47] found that this effluent could
be treated with electrofiltration very efficiently.

Electrofiltration was investigated using both organic membranes (such as polyamide [41] and polyether sulfone [39]) and
inorganic membranes [40]. The main advantage of inorganic membranes when used in electrofiltration is that the membrane
can act as the membrane and electrode simultaneously. This not only makes the system simpler but also reduces the distance
between electrodes and therefore the necessary potential difference. Robinson et al. [43] investigated the use of alternating
current to reach optimum performance of electrofiltration units and argued that direct current is only needed when the particles
are uniformly charged (for example, in biological suspensions at relevant pH values). Theoretical models that describe the
membrane permeability under the influence of an electrical field are presented in several papers [36,40,46].

40.2.2.2 Electrodialysis

Electrodialysis (ED) is the electrochemical separation process in which an electrical potential difference and ion-selective
membranes are used to separate ionic species from an aqueous solute and other uncharged components. A schematic
representation of the ED system is given in Figure 40.3. ED systems usually consist of a large number of compartments
between two electrodes. The compartments are separated using alternate anion-exchange membranes (AEM) and cation-
exchange membranes (CEM), and compartments are filled with polluted water. When a sufficiently large potential difference is
applied between the anode and the cathode to start an electrochemical reaction (usually the reduction of water at the cathode
and oxidation of water or chloride at the anode), cations are driven through the CEMs into adjacent compartments in the
direction of the cathode. Conversely, anions migrate through the AEMs toward the anode. As a result, adjacent compartments
will contain either concentrated or diluted solutions, respectively [48]. Note that the rate of the oxidation and reduction
reactions on the electrodes is directly coupled to the transport of charges through the ion-exchange membranes to maintain
electrical neutrality in each compartment. During the past three decades, a polarity reversal process known as electrodialysis
reversal (EDR) has been developed. In this process the polarity is reversed on a regular basis in order that scale is broken up and
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flushed out. This makes EDR less sensitive to scaling than ED. However, the complexity of EDR systems leads to relatively
high capital and process costs [49].

Major ED=EDR applications include desalination of brackish water, recovery of metals and water from electroplating rinse
waters, and demineralization of whey, wine, and sugar process waters [49]. Of all the electroseparation processes, ED has
received the most attention and is one of the few electrically assisted membrane technologies to find large-scale industrial
applications. Many publications consider different aspects of ED, for example, fouling [50,51], modeling [51,52], use of
bipolar membranes [53], ion-selective membranes, and ED-hybrid systems (ion exchange-ED [54], and combined systems such
as ED with a bioreactor for denitrification [55,56]). In this chapter, attention will be given to less common, ceramic-based ion-
selective membranes. For further information on ED using organic membranes refer to Chapter 12 of Ref. 49.

40.2.2.2.1 Ceramic Ion-Selective Membranes
Sodium super ion-conductors (NaSICON) containing rare earth elements (RE-NaSICON) are commercially available for
processes such as the chloro-alkali process. These membranes can also be used in wastewater treatment. Kurath et al. [57]
described the electrochemical salt splitting process based on sodium-selective ceramic membranes (i.e., NaSICON containing
dysprosium and neodymium). Sodium was removed selectively at 38 mA � cm�2 with a current efficiency over 90% from
nuclear waste streams to reduce disposal volumes. The ceramic membrane investigated was specifically suitable due to its
resistance to radiation damage, superior Naþ selectivity, and resistance to fouling owing to its tendency to exclude di- and
trivalent cations that can precipitate during salt splitting. Hobbs [58] compared the properties of the NASID inorganic
membrane from Ceramatec with the NAFION 324 membrane from DuPont in the recovery of caustic waste from nuclear
waste. NASID exhibited superior selectivity toward Na but lower Na conductivity than NAFION 324. One of the drawbacks of
the above-mentioned ceramic membranes is their high price. Linkov and Belyakov [59] described a zirconium phosphate based
membrane with cation-selective properties suitable for ED. These membranes are much cheaper.

40.2.2.3 Electrosorption

The electrosorption process can be viewed as an ion-exchange bed process in which the resin is regenerated using electrical
current. When DC voltage is applied between two electrodes, protons and hydroxyl ions are generated by electrolysis on the
surface of the anode and cathode, respectively. As a result of the local change in pH, active sites in the ion-exchange material
are produced and may adsorb cations at the cathode and anions at the anode. Subsequent reversal of the voltage enables the
adsorbed ions to be eluted so that the working electrode can be regenerated. A schematic representation of electrochemically
activated sorption is illustrated in Figure 40.4 [60].

Researchers have described the electrosorption of organics, ions, and bacteria onto carbon [61–65] and polypyrrole
composite [66]. Electrosorption electrodes are usually porous since their sorption capacity relates to their surface area; the
electrodes do not normally fulfill any separation function. Bladergroen and Linkov described the tubular electrosorption
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membrane prepared from a ZrO2=Al2O3 microfiltration membrane, which was first modified with electroconductive carbon
coating and subsequently impregnated with inorganic ion-exchange materials (ZrO2 and Zr(HPO4)2) to produce electrosorption
membranes [60,67]. Activation and regeneration of ion-exchange sites was accomplished by the products of water electrolysis.
Synonyms found within the literature for electrosorption include electro-ion-exchange (EIX), electro-deionization (EDI), and
capacitive deionization (CDI).

40.2.2.4 Electroremediation

Electroremediation using electrical current is the final purification method discussed in this chapter. Here, an array of anodes are
placed in the soil opposite an array of cathodes. When electric potential is applied the following processes occur: electrolysis of
water in the soil, dissolution of polluting ions, migration of ions under the influence of the applied potential field, and reduction
or pH based precipitation at the cathode [68,69]. This technique, also known as electroreclamation or electrochemical soil
decontamination, does not require a membrane; however, improved electroremediation has been reported when ion-exchange
membranes were incorporated into the system [70]. The function of the membrane is to retain OH� ions produced at the
cathode. Migration of these OH� ions is prevented to avoid precipitation of the heavy metal ions in the soil.

40.3 DISCUSSION

In the previous section examples are presented where the application of an electrical potential difference between two
electrodes resulted in a degree of water purification, by a decrease in concentration of organic compounds, pathogens, or
ions. These effects are usually more pronounced when the electrode is porous due to its larger surface area compared to that of
flat electrodes. When the pollutants are pumped through a membrane electrode the degree of purification may again be
increased because of the more intense interaction between the electrode surface and the pollutant. The combination of
membrane and electrode processes has been developed into new or advanced purification processes such as electro dialysis
and electrofiltration. All separation techniques using a combination of electrodes and membranes have specific advantages
dependent upon the specific types of effluent and wastewaters. In this section the following three points are discussed
separately:

1. Which electrically enhanced separation process treats which effluent most efficiently?
2. Which new water treatment applications can be identified specifically for electrically enhanced separation processes?
3. Future of electrically enhanced separation processes.

40.3.1 WHICH ELECTRICALLY ENHANCED SEPARATION PROCESS TREATS WHICH EFFLUENT MOST EFFICIENTLY?

In many cases, membrane processes seem to be the most energy efficient separation processes available for industry. However,
the costs related to cleaning or replacement of membranes, the need for skilled personnel, and the associated turn down costs
determine their economical feasibility. Table 40.1 lists the various electrically assisted membrane processes with the type of
effluents that could be treated most efficiently by each process. For most of the electrically assisted membrane processes (1–4),
it is expected that the treatment of effluents would be most feasible when ion or particle concentration is high. These are also the
effluents where alternative purification processes require a significant part of the process cost to be spent upon membrane
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cleaning, fouling prevention, or replacement. Besides, at high levels of impurities the electrical resistance of the effluent and
parasitic currents are minimal. Both result in higher energy efficiency of the process.

Electrochemical oxidation becomes a viable option if biological systems cannot utilize a specific organic compound as
energy source. Incineration is in most cases the least cost effective option. The process of indirect or direct electrochemical
oxidation has to compete with chemical oxidation processes where the purchase cost of oxidizing agents, their transport,
storage, and the required dosing systems determine the process cost. If the electrocatalytic system is sufficiently optimized,
electrochemical oxidation could become a feasible treatment process for various types of effluents. However, it should be
noted that the water should be adequately conducting, and that power consumption is proportional to concentrations of organics
to be oxidized.

In contrast with all other electrically enhanced processes, electrochemical disinfection can be employed at low concentra-
tion of pollutants (in this case microorganisms). No highly conductive electrolyte is required for effective disinfection.
Electrochemical disinfection will have to compete with chemicals normally used for water disinfection, such as chlorine, or
ultrafiltration membrane systems. In remote areas (such as rural village water supply) the electrochemical disinfection system,
which does not necessarily need a pump, is competitive especially for small-scale processes [71].

40.3.2 WHICH NEW WATER TREATMENT APPLICATIONS CAN BE IDENTIFIED SPECIFICALLY FOR ELECTRICALLY ENHANCED

SEPARATION PROCESSES?

Many existing water purification processes not enhanced by an electrical field are potential interesting fields of research.
Li et al. described promising results for the adsorption of fluorine on amorphous alumina supported on carbon nanotubes [72].
It is possible that their method can be enhanced by the use of electric field, as other researchers have shown with other
electrically enhanced adsorption processes.

The catalytic reduction of nitrates using H2 or NH4 as reducing agent was investigated [73–75] using Pd–Cu catalysts
supported on g-alumina. The direct electrochemical reduction of nitrate or indirect reduction by electrochemically produced
hydrogen has not received much attention and could be an interesting area of research.

40.3.3 FUTURE OF ELECTRICALLY ENHANCED SEPARATION PROCESSES

With the rapid increase and activities in nanotechnology it may be expected that the volume of effluents containing stabilized
nanoparticulates will increase. Electrofiltration processes are specifically suited to treat effluents with nanoparticulates of one
specific kind. Because the contaminant particulates will have comparable surface charges, electrical field strength can
effectively be optimized to prevent cake formation.

Since the electrical resistance of the effluent and parasitic currents are minimal at high level of impurities, specific interest in
electrically assisted membrane processes could increase due to more strict laws and legislation around effluents. The depletion
of freshwater resources and the necessity to process brackish or seawater to produce potable water could promote the use of
electrically assisted membrane processes in the future. Electrodialysis will have to compete with pressure-driven membrane
processes such as reverse osmosis. The growing awareness of the unique cleaning ability of electrically ionized water
(EIW) [47], a byproduct of electrodialysis, may be a factor to consider in the choice between ED and RO systems. 17O
NMR relaxation measurements were used to determine the water cluster size of electrically ionized water EIW. It is known that
the water cluster size of EIW is significantly smaller than that of tap water. The smaller water cluster size is believed to enhance
the penetration and extractive properties of EIW. Recently, EIW has been produced and used in several cleaning processes [47]
in industry.

TABLE 40.1
List of Electrically Assisted Membrane Processes and the Type of Effluents That Will Be Treated Most Efficiently

Electrically Assisted
Membrane Process

Specification of the Most Suitable
Effluent to be Treated Possible Application

Electrofiltration Effluent with high solid particle content Effluent from CMP. Chip manufacturing industry

ED Effluent with high ion content Potable water production from sea or brackish water
Electro-sorption Effluents from plating industry with high ion content Valuable metal recovery and toxic metal removal
Electrochemical reduction Effluents from plating industry with high ion content Valuable metal recovery
Electrochemical oxidation Effluents containing organic pollutants Decomposition of relatively stable organic

compound such as phenol
Electrochemical disinfection Relative clean surface water containing pathogens Potable water production

Pabby et al./Handbook of Membrane Separations 9549_C040 Final Proof page 1078 13.5.2008 6:04pm Compositor Name: BMani

1078 Handbook of Membrane Separations



The success of indirect electrochemical oxidation and disinfection lies in the production of safe drinking water especially in
rural areas where the necessity for skilled maintenance personnel should be avoided. The simplicity, stability, and low power
consumption of devices such as the sodium hypochlorite generator described by Bashtan et al. [71] and the TiN reactor
described by Matsunaga et al. [34] make these devices most cost effective for small-scale applications in remote locations.

The potential of electrosorption of various ions and anodic decomposition of organic compounds is evident from the results
of the case studies in Sections 40.4 and 40.5, respectively.

40.4 CASE STUDY: ELECTROSORPTION MEMBRANES FOR WASTEWATER TREATMENT

The objective of this case study is to show the potential of electrosorption membranes and their application in the treatment
of industrial wastewater. A complete report on this study was submitted to the Water Research Commission of South Africa
who funded the research (Report number 964=1=02) [76]. A procedure for the preparation and testing of electrosorption
material in the form of plates was established by Belyakov, who optimized the following properties of the plate electrosorption
membranes [77]:

. Electroconductivity

. Porosity

. Good mechanical properties

. Ability to adsorb cations and anions in an ion-exchange process

40.4.1 PREPARATION OF THE ELECTROSORPTION MEMBRANE

Sorption electrodes in the form of plates were prepared using nonwoven ceramic-based material, Kaowool 700 Grade Paper
(Thermal Ceramics, United States), prepared from oxides of multivalent metals. The main characteristics of the ceramic
paper are presented in Table 40.2.

To confer electroconductivity upon porous ceramics these materials were coated with a layer of pyrolytic carbon. The
deposition of carbon was carried out in the gas phase by pyrolysis of natural gas. The ceramic materials were placed in a quartz
reactor under 50 mL=min flow of natural gas. The pyrolysis took place at 9008C for 30 min.

Phosphates of zirconium were selected as additional active sorption components to be introduced into the porous matrices
of the sorption electrodes. This choice was justified by the following reasons:

(a) Phosphates of zirconium are well known inorganic ion exchangers, which possess relatively high ion-exchange
capacity.

(b) Phosphorus-unsaturated materials based on phosphates of zirconium are capable of adsorption of both anions and
cations from aqueous solutions.

(c) Phosphates of zirconium possess high ionic conductivity, which is a very important property for their effective
application in the process of electrochemically activated sorption.

The following laboratory method was used for the introduction of zirconium phosphate into ceramic porous structures. The
method is based on impregnation of the porous materials with crystalline sol of zirconium dioxide.

For the preparation of sol, 25% solution of NH3 was added in small portions (2 mL) to 1 L of 1 M solution of ZrOCl2 while
heating under mechanical stirring. The temperature of solution did not exceed 908C. Each following portion of NH3 solution
was added only after complete dissolution of the zirconium hydroxide precipitate. The addition of the NH3 solution was
terminated once the zirconium hydroxide precipitate did not dissolve within 20 min. The raw sol obtained was boiled using a
reflux condenser for 25 h to allow the formation of the crystalline structure. Thereafter the sol was cooled to ambient
temperature and filtered. Ceramic materials were immersed in 1 M sol of zirconium dioxide that was prepared as described

TABLE 40.2
Main Characteristics of Kaowool 700 Grade Paper That Was Used for Preparation
of Electro-Sorption Membranes

Trade Mark of
Ceramic Paper

Chemical Analysis (wt%) Nominal
Density (kg �m�3)

Fiber
Index (%)Al2O3 SiO2

Kaowool 700 Grade Paper 47 53 175–210 55
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above. The immersion time was 12 h. After removal from the sol, the membranes were wiped with filter paper and placed
into 15% solution of phosphoric acid for 15 h. This operation was aimed at the transformation of zirconium dioxide into
zirconium phosphate.

After phosphoric acid treatment the membranes were washed with distilled water, air-dried for 24 h at room temperature,
and then dried for 3 h at 2008C.

To achieve the maximum density of zirconium phosphate deposition inside the membrane porous matrices, the impreg-
nation operations described above were repeated up to three times. A phosphorus–zirconium molar ratio of 1 in the impregnated
material was found to be optimal for both cation and anion adsorptions.

40.4.2 METHODS OF ANALYSIS

The concentration of sodium ions was determined by flame photometry. Analysis of nickel, calcium, and magnesium ion
concentration was carried out by atomic absorption spectrophotometry (Pye Unicam 8800, United Kingdom). The concentra-
tion of sulfate ions was determined by titration with barium chloride (BaCl2) solution in the presence of rhodizonate as
indicator. Chloride ions were determined using ion-selective electrodes (manufactured by Radelkis, Hungary).

40.4.3 TESTING OF ELECTROSORPTION MATERIALS

The sorption electrodes with a total surface area of 315 cm2 (15 cm� 21 cm) were placed in an electrosorption cell for sorption
capacity measurements. A schematic drawing of this cell is given in Figure 40.5. The design of the electrosorption cell allowed
good contact of the electrosorption membranes with the graphite current collectors. Working solutions were pumped through
the cell at a flow rate of 100 mL � h�1 using a peristaltic pump. The internal free volume or working volume of the module was
100 cm3. The module was sealed with rubber washers.

The polarization of the electrosorption membranes was carried out at a potential difference of 5 V and 10 V. Electrosorption
tests were carried using a simulated solution of an industrial nickel effluent and a mine water source. The chemical composition
of both solutions is given in Table 40.3.

3. Graphite electrodes

2. Sorption electrodes

1. Model solution

V

2

1

3

2

3

FIGURE 40.5 Schematic representation of the electro-sorption experiment.

TABLE 40.3
Chemical Composition of Two Model Effluent Solutions Used
in Electro-Sorption Experiments

Solution
Industrial Nickel
Effluent (mg � L�1)

Mine Water
Effluent (mg � L�1)

Sodium 183 1150

Sulfate 1739 1920
Chloride 210 230
Nickel 635 —
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The results of the electrosorption experiments with the simulated nickel effluent are summarized in Table 40.4. Nearly
100% of Ni and> 90% of Naþ, SO4�2, and Cl� ions were removed during the electrosorption experiment running at 10 V.

The results of the electrosorption experiments with the simulated mine effluent solution are summarized in Table 40.5.
Between 50% and 83% of ion removal was observed depending on the flow rate and the total amount of feed solution.

40.4.4 CONCLUSION

The case study showed a successful method for manufacturing composite sorption materials for ion removal by electro-
sorption. The prepared electrosorption membranes that were electrochemically activated at 10 V and removed approximately
100% of Ni and> 90% of Naþ, SO4�2, and Cl� ions from a simulated nickel effluent solution. The energy consumption at
6.4 kW � kg�1 removed matter at dU¼ 5 V and at 11 kW � kg�1 removed matter at dU¼ 10 V. No membrane fouling was
observed. For a mine water model solution, 83% of ion removal was observed. At the optimal feed flow rate the energy
consumption was 4 kW � kg�1 removed matter.

40.5 CASE STUDY: ELECTROCATALYTIC MEMBRANES FOR DECOMPOSITION
OF ORGANIC POLLUTANTS

In this case study, ceramic-based flexible sheets impregnated with electrocatalysts were used for the treatment of industrial
effluents polluted with phenols. The technological objective of this study was to develop a novel purification system in which a
feed solution containing organic compounds is passed through an electrochemically charged ceramic-based membrane whereby
the organic compounds are decomposed on contact with the electromembrane surface. A simplified explanation of the process
is illustrated in Figure 40.6.

The electrocatalytic materials were deposited onto ceramic sheets in the form of nanosized particle-containing inks. The
electrocatalytic ink was prepared from carbon black-supported antimony-doped tin oxide. Comparisons were made between the
commercially available Sb-doped SnO2 as well as the Sb-doped SnO2 prepared by a solgel method.

40.5.1 PREPARATION OF ELECTROCATALYTIC MEMBRANES

Commercially available composite ceramic sheets (Lydall, United States), with properties listed in Table 40.6, were used as the
catalyst support. The Sb-doped SnO2 solutions were prepared from two alkoxides [23] obtained directly from chlorides. 8.37 g
of SnCl2 � 2H2O was dissolved in 100 mL of absolute ethanol. The antimony solution was simultaneously prepared from a

TABLE 40.4
Chemical Composition of Ni Effluent before Electro-Sorption, after
Electro-Sorption, and after Desorption Experiment (mg � L�1)

Constituent Initial

After Electro-Sorption at

RegeneratedU¼5 V dU¼10 V

Sodium 183 103 18 1,490

Sulfate 1,739 998 65 17,200
Chloride 210 98 5 220
Nickel 635 424 <1 6,430

Note: dU¼The applied potential difference between the electrodes.

TABLE 40.5
Purification Degree of Mine Effluent Model Solution as a Result
of Electro-Sorption Experiment

Flow Rate
(mL �h�1)

Passed Volume
(mL)

Purification
Degree (%)

Energy Consumption
(kW � kg�1)

200 100 83 5.16
400 150 72 4.06
800 200 50 4.38
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given amount of SbCl3 dissolved in 20 mL of absolute ethanol. Both mixtures were separately stirred and heated in a closed
vessel. The vessels were then opened and the solvent completely evaporated to yield two powders. The resulting powders were
mixed together in 50 mL of ethanol. The doped mixture was finally stirred and heated at 508C for 2 h.

For the preparation of the electrocatalyst or catalytic ink, a predetermined amount of carbon black (VULCAN XC 72) was
added to the Sb-doped SnO2 sol and stirred at room temperature for several hours. The carbon black was then washed
thoroughly with water and dried at 1008C for 1 h followed by further drying at 5008C under nitrogen for 30 min.

The ceramic sheets were cut into the correct shape to fit in the electromembrane reactor and then impregnated with the
electrocatalyst. A slurry or ink of the carbon black-supported Sb-doped SnO2 was prepared in an appropriate solvent followed
by ultrasonic treatment for 30–60 min. The resulting ink was sprayed onto the ceramic membrane surface by using
commercially available spray guns. The resulting membranes were then dried at room temperature overnight.

40.5.2 TESTING OF ELECTROCATALYTIC MEMBRANES

The electromembrane reactor used in the study was a flow-through undivided electrocatalytic cell. The principal feature of the
cell is the ceramic-based sheet, which was coated with the carbon-supported catalyst on one side. The coated side was used as
the anode and the cathodic side was not coated with any electroconductive substance or catalyst. Current was supplied to the
anode and cathode by means of backing layers, which are connected, to the external power source by means of a conducting
wire. The backing layers that were used in this study are carbon cloths 6100–200 purchased from Lydall, United States.

The untreated water was pumped into the electromembrane reactor through the inlet where the feed is guided by means of a
stainless steel flow channel. The water came into contact, first, with the carbon cloth on the anodic side and then with the
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FIGURE 40.6 Schematic of the ceramic-based electromembrane process for the oxidation of phenol.

TABLE 40.6
Properties of Unmodified Composite Ceramic Sheets Used
for Preparation of Electro-Catalytic Membranes

Property=Variation
Ceramic Sheet 1P-397–2

(40% Glass)

Basis weight (kg �m�2) 0.267

Caliper at 4 PSF (mils) 64.00
Density (kg �m�3) 164.20
Caliper at 8 PSI (mils) 46.9

MD tensile (kg �m�1) 124.68
CD tensile (kg �m�1) 95.47
Resistance at 32 L min �m�2 (mm �H2O) 284.00

Estimated composition (wt%)

Al2O3 23.6
SiO2 51.2
Other metal oxides 25.2
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electrocatalyst on the surface of the ceramic support. The feed was subsequently pumped through the membrane and
the oxidized or ‘‘treated’’ water was collected as permeate and analyzed. After collection of the entire batch, the collected
water was reintroduced into the reactor and, depending on the nature of the catalyst and experimental conditions, a number of
runs were carried out and phenol concentration, oxidation products, and COD were monitored with each run. The geometric
surface area of the electrocatalytic membrane in the reactor was 320 cm2.

p-Benzoquinone was the sole aromatic intermediate detected in the collected samples. The degradation of phenol was
improved by applying a higher voltage with phenol completely degraded in nine runs through the electromembrane reactor. The
concentration of p-benzoquinone increases as the concentration of phenol decreases but since phenol is oxidized simultane-
ously with its intermediates, p-benzoquinone concentration also decreases with time.

Several experiments were conducted to study the influence of feed flux through the electromembrane reactor. The fluxes
were varied in the region of 50–200 L �m�2 � h�1 and the variation in the flow rate of the feed solution through the electro-
membrane reactor had a significant effect on the phenol degradation, formation of intermediates, and COD removal. The best
results were achieved at fluxes of 150� 20 L �m�2 � h�1 for phenol degradation (complete degradation) and formation of
aromatic intermediates (p-benzoquinone<20.0 mg �L�1). COD reduction of 60% was achieved under these conditions.

40.5.3 INFLUENCE OF CHLORIDE IONS ON THE ELECTROCHEMICAL OXIDATION OF PHENOL

The need to study the influence of chloride ions on the electrochemical oxidation of phenol was necessitated by the fact that real
(industrial) effluents contained chlorides in significantly high concentrations. Chloride ions, in solution, have the ability to
produce chlorinated organic products, especially in acidic media. Halocompounds are usually more harmful to the environment
than the organic compounds they result from. It has been reported that under certain conditions, electrogenerated chlorine
converts to hypochlorite, which is a powerful oxidant but weak chlorinating agent [78].

For the results shown in Figure 40.7, an experiment was conducted using a feed solution of 0.1 g �L�1 phenol in 0.1 M NaCl
electrolyte at flux of 150 L �m�2 � h�1 and applied potential of 2.5 V. 87% degradation of phenol was achieved but what is worth
noting and of extreme importance is that there were no aromatic intermediates detected in the resulting permeate. This can also be
supported by the fact that the initial COD was reduced by 85%.

40.5.4 CONCLUSION

The reduction of COD is one of the most challenging tasks for any water treatment process. Electrochemical water treatment is
no exception, and even though phenol could be completely degraded, COD as high as 40% can present itself in the form of
reaction byproducts. When NaCl was used as electrolyte solution, no aromatic intermediates were detected at the end of the
treatment process. The reduction of COD by 87% shows that most of the phenol was degraded to CO2. The presence of Cl

�

improved COD reduction, possibly due to the action of hypochlorite formed through oxidation of chloride.
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41.1 INTRODUCTION

Industries dedicated to the treatment of skins are big consumers of water and, as a consequence, big producers of liquid
effluents. These effluents are characterized by their high chemical oxygen demand (COD), as well as colors and a high content
of salts, oils and fats, and solids, due to the reagents used during the production process. As a result, these effluents have a high
pollutant potential and need to be treated before their discharge or elimination.

Effluents from the leather industry of the city of Lorca (Murcia, Spain) have long been a serious problem for this province,
because they were commonly discharged into the river Guadalentín, without previous treatment, causing serious environmental
problems. The effluents in question contain a great number of polluting products that are impossible to eliminate by standard
wastewater treatment processes, which, together with the large volumes involved, increase the difficulty of the purification
process.

In an attempt to solve these problems, the Aquagest Levante SA company, belonging to the AGBAR Group (Spain), has
constructed a plant in the industrial estate of The Serreta (Lorca) designed to treat the effluents produced by the above
mentioned leather industries (5000 m3=day) and, in the future, all the effluents from the other industries of the estate.

1087
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In the research and development phase, before the design and assembly of the industrial-scale installation, treatment of the
effluents of the tanneries concerned was studied in pilot plant units, via collaboration with the Department of Chemical
Engineering at the University of Murcia (Spain). The pilot plant was composed of several units: first, a physical–chemical
treatment step; then, secondary treatment of the effluent from the first stage in an ultrafiltration tubular membrane bioreactor;
followed by a third stage of reverse osmosis basically to eliminate the salts of the ultrafiltration permeate, complying with the
specifications concerning the conductivity of wastes; and in the final stage, the brines generated by the concentrate from
the reverse osmosis unit were evaporated. The industrial installation was completed with sludge centrifuges and drying tunnel.
The data obtained in these pilot plants served as a basis for the design of the industrial plant. A flow diagram of the industrial
plant is shown in Figure 41.1.

In this plant, wastewater to be treated is transmitted from the pumping station to the treatment plant. An initial
pretreatment eliminates the fats (96%) and the largest solids before the water enters the mixing tank (4000 m3 capacity),
into which oxygen is injected (3500 kg=day) producing a desulfurization process; in this tank the sulfide is converted into
sulfate and there is a 30% reduction of the organic matter content. From the tank, the water flows to the settler, where the
sludge and the clarified liquid are separated, before the process splits into two differentiated lines: the sludge and the clarified
water line.

The sludge passes to the thickeners, where flocculants and coagulants are added to concentrate it. Once thickened, the
sludge is treated in the centrifugal system (two centrifuges, with a capacity of 60 m3=h) with the objective of separating any
remaining fractions of water and to dry the sludge, which, after conditioning, is taken to a secure dump.

The clarified water from the settlers still possesses a high organic load and high conductivity, so that it must be treated
before it can be used or disposed of.

The waters in question are pumped to a membrane bioreactor equipped with an air injection system, where part of the
feed is recycled, making it move across a membrane ultrafiltration system, to prevent the presence of suspended microele-
ments in the later phase of reverse osmosis. From the ultrafiltration process, two streams are obtained: a concentrated
stream of salts and microbial mass, which is recycled to the bioreactor, and a permeate stream that passes to the reverse
osmosis plant.

In the reverse osmosis stage of the plant, the water passes through the membranes and is again separated into two streams:
one with a high salt concentration destined for the brine evaporation stage and the other clarified, which is directed to a tank of
clean water mixture, where other streams of the process meet.

The highly saline stream from the reverse osmosis unit, together with a fraction of the concentrated stream from the
ultrafiltration process, undergoes an evaporation stage. Furthermore, this produces two streams: one that goes to the tank
containing the clean water and the other, a sludge, which passes to the drying tunnel. Studies carried out in the membrane
bioreactor and reverse osmosis pilot plants are described below.
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FIGURE 41.1 Flow diagram of the industrial plant.
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41.2 MEMBRANE BIOREACTOR PILOT PLANT

41.2.1 LAYOUT

The principal part of the pilot plant comprises a biological reactor (bioreactor) in whose interior the biomass is placed, and two
external modules of ultrafiltration membranes placed in series. Figure 41.2 depicts a flow diagram of this pilot plant, which is
described in more detail below.

The reactor of the pilot plant has a volume of 2900 L and it is built of a hard plastic material. The feed enters the biological
reactor directly from the settlers used in the physical–chemical process of the industrial plant.

An opening in the top of the reactor allows samples to be obtained from the interior, the corresponding analyses to be
carried out and the behavior of the biomass to be followed. The level inside the reactor is controlled by means of a differential
controller, while the appropriate oxygen concentration is maintained by means of a blower that blows air into the reactor,
although there is also a connection with a pure oxygen supply in case of failure in the blower. The air enters by means of two
pipes: one, a venturi and the other linked to four diffusers. Both can be regulated by manual valves.

Oxygen levels were regularly measured in samples taken from the bioreactor by means of a portable oximeter, to maintain
the oxygen inside the bioreactor at 2–4 mg O2=L. The exit stream of the reactor is impelled to the membranes by a centrifugal
pump located at the exit (see Figure 41.2), at a rate of 56 m3=h at 4 bar.

The ultrafiltration membranes have the following characteristics:

Length 3 m
Material Poly(ether sulfone)
N8 modules 2
Surface 3 m2=module
Transversal flow rate 6 m=s
Pore size 0.1 mm
Maximum working temperature 458C

The two sequentially connected modules are composed of Berghof tubular membranes, which allow a tangential flow through
their interior. Each module is formed of 31 tubes of 10 mm diameter.

The water from the reactor is pumped to these membranes, where two streams are formed: the permeate, which is the water
that has passed through the pores and the concentrate, in which biomass remains and which is recycled to the reactor. The
entrance pressure at the membranes is 4 bar and the exit pressure is approximately 2 bar.
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FIGURE 41.2 Flow diagram of the membrane bioreactor pilot plant.
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At the exit of the pump that impels the water from the reactor to the membranes, a filter retains the largest solids to prevent
obstruction of the membranes.

The main problem arising with the membranes is that they become fouled and it is therefore necessary to flush them daily
with water and to occasionally use chemical products. The plant has a 0.5 m3 cleaning tank of hard plastic that is used for daily
cleaning of the membranes with clean water. After stopping the plant, this tank is filled with water several times and the water is
pumped through the plant to clean the membranes. The same tank is used for cleaning with chemical products.

The pilot plant is equipped with two gauges: one at the membrane entrance and the other at the exit. The plant is also
equipped with two flowmeters: one located at the entrance to the membranes to record the pumped flow and the other in the
permeate stream to measure the discharge flow. The plant has a control panel, for starting and stopping the process and for
controlling the blower and pump that feeds the bioreactor. The control panel can be set to automatic and the level inside the
reactor is kept constant by means of the differential control.

41.2.2 OBJECTIVES AND WORKING PLAN

The objective of the experiments carried out in this pilot plant was to determine the optimal values of some operational parameters,
such as biomass concentration, transmembrane pressure, flow rate, and hydraulic retention time, the last defined as the
relationship between the volume of the bioreactor and the daily flow discharge of permeate. The working plan was as follows:

The pilot plant was started daily during the 113 days of the experimentation. Samples were taken from the permeate stream,
from the bioreactor, and from the water reaching the bioreactor after the physical–chemical treatment. A series of daily, weekly,
and monthly analyses were carried out on these samples. The daily analyses included pH, conductivity, temperature, dissolved
oxygen in the reactor, COD, and permeate turbidity. The weekly analyses included BOD5, suspended solids, volatile solids,
ashes, ammonium, nitrates, nitrites, total nitrogen, and total ortho phosphorus. The monthly analyses included sulfides, total
chromium, and salts, all referred to as sodium chloride.

Throughout the experiments, the hydraulic retention times varied in light of the values obtained for the different parameters
analyzed, which reflected the degree of purification of the wastewaters studied.

41.2.3 RESULTS AND DISCUSSION

As an example of all the results obtained, Table 41.1 summarized the operational data for five working days of the plant, while
Table 41.2 shows the results of one of the analyses carried out weekly.

The hydraulic retention time was gradually reduced, with the purpose of acclimatizing the biomass to the bioreactor
entrance fluid. The criteria used to reduce this parameter and so increase the discharge flow were mainly based on the reduction
in the values of COD, BOD5, and concentration of suspended solids in the bioreactor. The retention times for the different
periods of operation were the following:

Days 1–13 3 days Days 55–58 15 h
Days 14–30 2 days Days 59–70 12 h
Days 31–35 1 day Days 71–113 19 h
Days 36–54 18 h

TABLE 41.1
Operational Data of the Membrane Bioreactor Pilot Plant

Parameter Day 1 Day 2 Day 3 Day 4 Day 5

Inlet pressure, bar 4 4 4 4 4

Outlet pressure, bar 2 2 2 2 2
Permeate flow rate, L=h 1113.5 1115.5 1105.2 1098.5 1050
Reactor pH 7.45 8.06 8.27 8.37 8.33

Feed pH 8.16 7.73 7.83 7.97 7.42
Reactor conductivity, mS=cm — 13,400 13,500 14,000 13,600
Permeate conductivity, mS=cm 9,500 12,600 13,100 13,600 13,100
Feed conductivity, mS=cm 15,000 15,000 16,600 16,000 13,900

Reactor oxygen concentration, mg=L 2.8 3.01 3.5 4.15 4.3
Temperature reactor, 8C 16.1 18 19.6 21.2 21
Discharged permeate flow rate, L=day 980 980 980 980 980

Note: The transmembrane pressure was optimized at 2 bar (4 bar at the entrance and 2 bar at the exit).
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41.2.3.1 Chemical Oxygen Demand

Figure 41.3 shows the COD in the feed, bioreactor, and permeate during the 113 days of experimentation. The results show
that, for a hydraulic retention time of 19 h, low levels of COD were obtained in the permeate and in the bioreactor. This time
was therefore selected for the operation. The maximum percentage of COD elimination obtained for this period was 91.5%,
with a mean value of 86.3%.

41.2.3.2 Suspended Solids and Volatiles

The concentrations of suspended solids and volatiles in the permeate are depicted in Figure 41.4, where it can be seen that levels
stabilized with the same hydraulic retention time of 19 h, already considered as suitable. The concentrations reached were
approximately 6500 mg=L for the suspended solids and 4600 mg=L for the volatile solids.

41.2.3.3 Biological Oxygen Demand (BOD5)

Figure 41.5 represents the evolution of the organic load in the form of BOD5 in the permeate stream, bioreactor, and feed. As
can be seen, the reactor began working with oxygen levels of 400 mg=L, which were decreased in both reactor and permeate to

TABLE 41.2
Weekly Analyses of the Membrane Bioreactor Pilot Plant Streams

Magnitude Feed Permeate Bioreactor

COD, mg=L 2630 788 844
BOD5, mg=L 1600 80 80
Suspended solids, mg=L 207 39 704
Volatile solids, mg=L 180 35 398

Ashes, mg=L 27 4 306
Total nitrogen, mg=L 303 176 —

Ammonium, mg N=L 131.8 122 —

Nitrates, mg N=L 1.9 1.5 —

Nitrites, mg N=L 0.007 0 —

Organic nitrogen, mg=L 169.3 52.5 —

Total phosphorous, mg=L 1.35 40.6 —

Ortho phosphorous, mg=L 0.29 39.4 —

Turbidity, NTU — 1.1 —
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FIGURE 41.3 COD evolution in the plant streams.
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reach minimum values of 10 mg O2=L. The BOD5 values of the feed during the 7 months of experimentation varied between
600 and 1800 mg O2=L. A maximum BOD5 elimination of 99.3% was obtained with the hydraulic retention time of 19 h, the
average for this period being 93%.

41.2.3.4 Nitrogen

A beginning to nitrification was achieved after 81 days of operation with a retention time of 19 h. However, nitrification was not
complete since the nitrite values remained high, probably due to factors such as temperature, pH, chemical product content of
the entrance water, and dissolved oxygen within the reactor, among others. The most appropriate values to achieve nitrification
were a pH of between 7 and 7.6 and a temperature of around 378C. Figure 41.6 shows the time-course concentrations of total
nitrogen, nitrogen in ammonium form, nitrates, nitrites, and organic nitrogen in the permeate stream. As can be seen,
nitrification began on day 81 of operation, leading to a decrease in the quantity of N��NH4

þ and organic nitrogen; the
quantity of N��NO�

3 and, particularly, N��NO�
2 increased, this last due to the inhibition previously mentioned. Ammonium

elimination of around 97% was reached.
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41.2.3.5 Chrome and Sulfides

With reference to the monthly monitored parameters, a good degree of chromium and sulfide elimination can be observed in
Figures 41.7 and 41.8.

The chromium, Figure 41.7, which showed great variations in the feed stream, was almost totally eliminated from the
permeate due to its retention in the sludge, since it is not metabolizable by microorganisms.
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The sulfides that may be contained in the feed stream and which have not been eliminated in the previous physical–
chemical process become sulfates, as a result of the aerobic-oxidant conditions of the process. Figure 41.8 shows that they
disappear in the bioreactor or in permeate.

41.2.3.6 Phosphorus

Phosphorus is a nutrient and therefore influences the elimination of BOD5. For biological aerobic processes, BOD=N=P ratio of
100=5=1 can be considered sufficient for the normal development of microorganism’s metabolism and growth in wastewater.

The industrial waste from the Lorca tanneries that enters the bioreactor has a low concentration of phosphorus (2–4 mg=L),
making it necessary to add a certain quantity of orthophosphoric acid daily, to maintain an appropriate concentration of
phosphorus in the bioreactor.

41.2.3.7 Chlorides and Sodium

The chlorides and the sodium, which are responsible for most of the conductivity, together with the sulfates, are not altered in
the process, since they are not retained by the biological sludge or by the ultrafiltration membranes, which is why the following
reverse osmosis stage is necessary to lower the salinity to levels approved for subsequent dumping.

41.3 REVERSE OSMOSIS PILOT PLANT

41.3.1 DESCRIPTION OF THE PLANT

The reverse osmosis plant, Figure 41.9, had a feed tank of 100 L. The feed was impelled by means of a centrifugal pump toward
the external part of the cartridge containing the reverse osmosis membrane, passing first through the pressure pumps (modules)
to reach a pressure above osmotic pressure. The polyamide membrane had a spiral configuration, and the permeate was
collected by the centre of the same before being stored in a 25 L tank, while a similar tank served as cleaning tank.

The pilot plant contained three flowmeters (FI) to measure the permeate, concentrate, and recirculation streams. The flows
of the recirculation and concentrate streams could be controlled by means of valves to provide the flows wanted for the
experiment, while the permeate stream was a function of the other two. The recirculation flow was fixed at 2.4 m3=h and it
remained constant in all the experiments.

The centrifugal feed pump provided a flow of 3 m3=h at 5 bar. The operating pressure was adjusted with the help of three
sequential pressure pumps, each one providing a pressure of 12 bar and able to work in a range of 5–30 bar.

The feed into this plant is the permeate of the ultrafiltration pilot plant, to which antiscalant at a concentration of 16 g=m3

was added to modify the solubility point of the salts and to prevent their precipitation on the membrane. The ultrafiltration plant
effluent has a conductivity of around 14,000 mS=cm.

Recovery from the permeate stream is defined as the ratio between the permeate flow and the total flow of permeate plus
concentrate.
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The pilot reverse osmosis unit worked with a recovery of 30%–80%, which was obtained by manipulating the valve of the
concentrate stream. In this way, the stages that take place in the industrial plant can be simulated. The pilot plant worked
8 h=day, providing continuous streams of permeate and concentrate.

The permeate flow tended to decrease with the operating time due to progressive fouling of the membrane. Depending on
the quality of the feed, a film was formed on the surface of the membrane that reduced permeate flow and the quality of the exit
water, causing an increase in the pressure difference. To prevent this and the consequent pollution, the membranes were cleaned
periodically with acids and alkaline detergents, as well as antiscalant and biocides. Several different membranes from Toray and
Osmonics were assayed to choose the most suitable one.

41.3.2 OBJECTIVES AND WORKING PLAN

The objectives of the experiments carried out in this pilot plant were to select a membrane and to simulate industrial operation,
varying the percentage of permeate recovery.

According to the foreseen design for the industrial plant of reverse osmosis, this would be formed by three blocks of
membranes, each block containing two filtering stages: the first working at a pressure of 15 bar and the second at about 23 bar.
Each stage comprises several modules, each of which is formed by six membranes in series. The first unit shows a permeate
recovery of 50%, which continues to increase until a value of 80% in the sixth unit.

To attain the above objectives, and bearing in mind the design of the industrial plant, the following experimental steps were
followed:

. First, having established a recovery of 80%, long-term experiments were carried out with two membranes, one from
Toray and other from Osmonics, to select the most appropriate based, fundamentally, on the permeate and concentrate
flows, and on the conductivity of these streams.

. Second, using the selected membrane, a wide sweep of the permeate recovery percentage was made, to simulate the
different units of the industrial modules.

In all the experiments, the permeate and concentrate flows leaving the system were measured, as well the conductivities of
these streams. Similarly, in the experiments to select the membrane, the following were measured to check whether the
permeates complied with dumping specifications: COD, BOD5, suspended solids, total solids, total nitrogen, ammonium,
nitrates, nitrites, and organic nitrogen, in the feed, permeate, and concentrate streams.
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FIGURE 41.9 Flow diagram of the reverse osmosis pilot plant.
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41.3.3 RESULTS AND DISCUSSION

41.3.3.1 Membrane Selection

As mentioned, two membrane modules, Toray and Osmonics, were compared. The technical characteristics of these reverse
osmosis modules are detailed in Table 41.3.

Operating conditions for the Toray membrane

Entrance pressure 18.3 bar
Exit pressure 17.5 bar
Temperature 25.28C
Recovery 80%
Operating time 12 days

The permeate and concentrate flows, and their respective conductivities, are depicted in Figure 41.10 for Toray membrane.

Operating conditions for the Osmonics membrane

Entrance pressure 18.8 bar
Exit pressure 17.8 bar
Temperature 22.28C
Recovery 80%
Operating time 17 days

Figure 41.11 shows the variation with time of the flows and the conductivities for the permeate and concentrate for
Osmonics membrane.

The permeate flow obtained with the Osmonics membrane was lower than that obtained with the Toray membrane. Better
separation was observed with the Osmonics membrane, as the conductivity graph indicates, although a bigger decrease of the
permeate flow was observed over the whole operating time. It was therefore concluded that the Osmonics membrane presented
a bigger risk of fouling.

Table 41.4 presents the analytical results obtained for one of the days of operation, using the Toray and Osmonics
membranes. It can be seen that both membranes provided a permeate stream that fulfilled the dumping specifications.

After studying the performance of these two membranes, the Toray membrane was selected to continue the study, since it
permitted a bigger permeate flow than the Osmonics membrane. Although its separation performance was worse, its separation
potential was considered acceptable and priority was given to obtaining bigger permeate flows.

The permeate flow obtained by these membranes was 20 L=h �m2 for the Toray membrane, and 16.36 L=h �m2 for the
Osmonics membrane.

41.3.3.2 Variation of the Recovery Percentage

In this study, four experiments were carried out varying the recovery percentage between 30% and 70%. The entrance pressure
was set at 18–19 bar, and the exit pressure at 17–18 bar, while the temperatures varied between 328C and 368C. The results
obtained in these experiments are shown in Table 41.5.

TABLE 41.3
Technical Characteristics of the Reverse Osmosis Modules

Characteristics Toray Osmonics

Configuration Spiral Spiral
Material Polyamide Polyamide
Superficial area, m2 7 5.5
Molecular weight cut off (MWCO), Da <100 <100

Operation pressure, bar 18.5–26 18.5–26
Maximum temperature, 8C 45 45
pH range 2–11 1.5–10.5

Axial flow rate, m3=h 2.4 2.4
Permeate flow, L=m2 � h 26 23
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FIGURE 41.10 Flow rate and conductivities obtained with the Toray reverse osmosis membrane.
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FIGURE 41.11 Flow rate and conductivities obtained with the Osmonics reverse osmosis membrane.
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In view of the results, it can be concluded that conductivity increases with permeate recovery, that is, the higher the ratio
between the permeate and concentrate flows, the lowest the quality of the permeate stream. As a consequence of this, there was
a concentration of salts in the concentrate stream, because a higher flow of permeate than of concentrate was being separated
from the feed.

41.4 BRIEF DESCRIPTION OF THE INDUSTRIAL PLANT

From the results obtained in the ultrafiltration membrane bioreactor and reverse osmosis pilot studies, the industrial plant was
designed with the following general characteristics.

The aerobic bioreactor is a tank measuring 32 m in diameter by 6 m in height, which gives a useful volume of about
5000 m3. It has four ABS pumps, each with a power of 45 kW, by means of which the content of the reactor is constantly
recirculated at a rate of 1400 m3=h per pump, with the objective, obtaining perfect homogenization inside the reactor.

The aeration is produced by diffusion through the pipes that transport the air to four horizontal tubes submerged in the
reactor. Three blowers of between 75 and 110 kW inject the air into the sludge or mixture when this is being recycled, just
before it returns to the bioreactor. To obtain correct aeration, the bioreactor has an automated system for recording and
controlling the quantity of dissolved oxygen that is present in the mixture at each moment. The bioreactor is also equipped with
meters to continuously monitor the level and pH.

The ultrafiltration plant is composed of seven blocks of membranes, each with a length of 4.2 m, a width of 3.1 m, and an
approximate height of 2.2 m. The length of each module is 3000 mm with a tube diameter of 210 mm and an area of 27 m2, the
internal diameter of the membranes being 8 mm. The number of modules per block is 14, so that the total membrane surface
area installed is 2646 m2.

TABLE 41.4
Analytical Results of an Operation Day in the Reverse Osmosis Pilot Plant

Membrane Magnitude Feed Permeate Concentrate

Toray COD, mg=L 297 60.01 237
BOD5, mg=L 20 5 15
Suspended solids, mg=L 33.2 6.4 20
Total solids, mg=L 8096.7 1253.3 7321

Total nitrogen, mg=L 310 64.1 248.3
Ammonium, mg �N=L 80 15.21 70.3
Nitrates, mg �N=L 2.4 0.397 2.336

Nitrites, mg �N=L 1.21 0.26 1.04
Organic nitrogen, mg=L 226.39 48.233 174.624

Osmonics COD, mg=L 241 41.1 149

BOD5, mg=L 50 11 38
Suspended solids, mg=L 14.4 2 13.8
Volatile solids, mg=L 9520 2026.7 8840

Total nitrogen, mg=L 327 63.2 257.8
Ammonium, mg �N=L 163 10.7 89.2
Nitrates, mg �N=L 2.64 2.004 0.864
Nitrites, mg �N=L 0.68 0.16 0.52

Organic nitrogen, mg=L 160.7 50.336 167.216

TABLE 41.5
Results of the Recovery Percentage Variation

Parameter Assay 1 Assay 2 Assay 3 Assay 4

Permeate flow rate, L=h 75 105 110 175
Concentrate flow rate, L=h 40 85 105 400
Permeate conductivity, mS=cm 1,331 700 667 400

Concentrate conductivity, mS=cm 25,000 22,000 20,300 18,000
Recovery, % 65.2 55.3 51.1 30.4

Pabby et al./Handbook of Membrane Separations 9549_C041 Final Proof page 1098 13.5.2008 6:06pm Compositor Name: BMani

1098 Handbook of Membrane Separations



The membrane is made of organic, poly(ether sulfone), with a separation limit of approximately 100 kDa, and a transversal
flow rate of 1–6 m=s. The entrance pressure to the module is from 6 to 7.5 bar and that of exit is 0.5–1 bar.

The reverse osmosis plant is formed by three blocks of Toray polyamide membranes rolled in spiral, each 7.5 m long, 2.4 m
wide, and 2.35 m high. Each block contains two filtering stages: the first composed of eight membrane modules that work at
15 bar and the second composed of five membrane modules at 23 bar. In total, there are 13 pressure tubes, each formed of six
membrane units.

In total there are 234 units, providing an average of approximately 75% permeate production, and 99% retention of salts, at
308C–408C.

The quality of the effluent obtained by these two treatments can be summarized as follows:
In the membrane bioreactor, there is a reduction of 81% COD, 97.5% BOD5, 93% suspended solids, and 80% sulfides. In

the reverse osmosis plant, there is a reduction of 96.2% COD, 97% BOD5, 80% sulpides, and 93% suspended solids. The
conductivity decreased by 98%.

To date, the industrial plant is working satisfactorily, treating the effluent for 30 tanneries at a rate of approximately 5000
m3=day. The effluent obtained is suitable for agricultural irrigation purposes.
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42.1 OVERVIEW OF NANOFILTRATION

42.1.1 INTRODUCTION

Separation processes as a whole have grown in importance because of increasingly stringent requirements for product purity
[1]. Among the different membrane techniques, pressure-driven processes such as microfiltration (MF), ultrafiltration (UF),
nanofiltration (NF), and reverse osmosis (RO) were the first to undergo rapid commercialization [2–4]. These processes
basically differ in pore size distribution of membranes used and the types of compounds recovered. A typical schematic of the
exclusion of various compounds through different membrane processes is illustrated in Figure 42.1.

Nanofiltration is a rapidly advancing membrane separation technique for concentration=separation of important fine
chemicals as well as treatment of effluents in pharmaceutical industry due to its unique charge-based repulsion property [5].
Nanofiltration, also termed as loose reverse osmosis, is capable of solving a wide variety of separation problems associated with
bulk drug industry. It is a pressure-driven membrane process and indicates a specific domain of membrane technology that lies
between ultrafiltration and reverse osmosis [6]. The process uses a membrane that selectively restricts flow of solutes while
permitting flow of the solvent. It is closely related to reverse osmosis and is called ‘‘loose RO’’ as the pores in NF are more open
than those in RO and compounds with molecular weight 150–300 Da are rejected. NF is a kinetic process and not equilibrium
driven [7].

The NF process has the advantage of lower operating pressures compared to RO and higher rejection of organics compared
to UF. NF is generally used to separate water from multivalent ions and organic components with relatively low-molecular
weights (200–1000 g=mol). It is generally expected to remove between 60% and 80% of hardness, greater than 90% of color,
and all the turbidity if applied in a water treatment plant.

42.1.2 BACKGROUND

The history of NF dates back to the 1970s when RO membranes with a reasonable water flux operating at relatively low
pressures were developed to avoid high pressures traditionally used in RO, which resulted in a considerable energy cost. Thus,
membranes with lower rejections of dissolved components, but with higher water permeability, would be a great improvement
for separation technology. Such low-pressure ROmembranes came to be known as NF membranes [8]. By the second half of the
1980s, NF had become established, and the first applications were reported [9,10]. In the last two decades, considerable effort
has been invested in the development of membranes that combine the high retention of RO with the lower pressures of UF. This
has resulted in the development of nanofiltration membranes. To date, NF is becoming increasingly important, filling the niche
between UF and RO. The pore diameter of NF membranes is ~2 nm or smaller and therefore species in an intermediate range can
be retained as a result of their larger size. Additionally, NF materials are charged, and by means of electrostatic effects they can
partly retain charged species that are about one order of magnitude smaller than their pore size. By controlling these electrostatic
effects, the effective pore size of NF membranes can, to some degree, be regulated and therefore the separation of charged
species can be performed without having to resort to smaller pore sizes and, consequently, higher pressures.

42.1.3 THEORY

Nanofiltration is a pressure-driven process where the solvent is forced through the membrane by pressure, and other feed
constituents randomly pass through the membrane by diffusion. The relative rates of solvent and solute passage determine the
quality of the product. Nanofiltration membranes are adept at the separation of small, neutral, and charged solutes in aqueous
solutions because they allow the passage of monovalent ions and retain multivalent ions due to their charge. Nanofiltration
membranes exhibit two important features in their actual applications. They provide

1. Intermediate molecular weight cutoff (MWCO) [11]
2. Solute rejection caused by the charge effect [12]

In aqueous solutions, NF membranes become charged, allowing separation of specific ionic species. It is believed that
sieving (steric hindrance) is the dominant rejection mechanism in NF for colloids and large molecules, while the physico-
chemical interactions of solute and membrane become increasingly important for ions and low-molecular-weight organics [13].
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Figure 42.2 shows a hypothetical polymeric NF membrane with carboxylic groups attached to the surface of the membrane,
which is brought in contact with an aqueous solution of electrolytes. The presence of dissociated carboxylic groups on the
membrane surface causes the occurrence of membrane charge.

Based on the above factors separation occurs by the following mechanisms:
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42.1.3.1 Sieving Effect due to Steric Hindrance

The NF membranes have an intermediate MWCO between reverse osmosis and ultrafiltration membranes, which ranges from
200 to 1000. The solutes having larger molecular weight than the MWCO value of a membrane are almost completely rejected
by the membrane and the ones having lower molecular weight will permeate easily through the membrane [14]. This is called
sieving effect. Thus, solutes can be separated based on the differences in molecular sizes and shapes.

42.1.3.2 Donnan Effect due to Electrostatic Nature

The Donnan effect of a membrane refers to the electrostatic interactions between the ions and the membrane [15]. The
membrane is mostly negatively charged, since the thin film of NF membranes is made of polyelectrolytes. Ions having the same
sign of charge as the membrane are excluded and the ions having the opposite sign of charge can be attracted. Separation of ions
having different signs and valencies can be manipulated according to the rejection characteristics of the membrane.

42.1.4 TERMINOLOGY

1. Nanofiltration: According to the International Union of Pure and Applied Chemistry (IUPAC) recommendations [16]
nanofiltration is a ‘‘pressure-driven membrane-based separation process in which particles and dissolved molecules
smaller than about 2 nm are retained.’’

2. Diafiltration: Diafiltration [17] is a step in addition to nanofiltration wherein the retentate is further diluted
with water and re-nanofiltered to reduce further the soluble components and concentrate further the retained
components.

3. Osmotic pressure: The osmotic pressure, P, represents the amount of pressure that can be created between a
concentrated solution and pure water separated by a permeable membrane. The equation given below represents the
osmotic pressure for a single electrolyte solution [18].

P ¼ CTRTf

where
CT is the total anionic and cationic molar concentration
R is the ideal gas constant (8,312 Pa=M�K)
T is the temperature (K)
f is the molar osmotic coefficient

When considering solutions near infinite dilution, the molar osmotic coefficient, F, reaches unity. The osmotic
coefficient will vary for different membrane materials [19].

4. Transmembrane pressure: Transmembrane pressure, Ptm, refers to the amount of pressure applied across the
membrane filter [20].

Ptm ¼ Pi þ Po

2

� �
� Pp

where
Pi is the element inlet pressure
Po is the element outlet pressure
Pp is the permeate pressure

5. Transmembrane flux: At any given temperature or pressure for a given NF module, permeate flow can then be
used to determine the amount of water crossing a membrane surface. The transmembrane flux, Jt, can be defined
as [20]

Jt ¼ Qp

Am

where
Qp is the permeate flow rate
Am is the membrane surface area
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6. Specific flux: The specific flux, Js, allows for the normalization of the transmembrane flux with the transmembrane
pressure [20].

Js ¼ Jt
Ptm

7. Solute Rejection: For individual components of the feed solution, the solute rejection, Xi, is given by

Xi ¼ 1� Cp

Cf

where
Cf is the solute concentration in feed
Cp is the solute concentration in permeate

8. Concentration polarization: Concentration polarization is important for membrane operation and modeling. It
represents increased concentrations of rejected solutes near the membrane surface. The concentration-polarization
layer is described with the classic film model [19].

Cw � Cp

Cf � Cp

¼ exp
Jvd

D

� �

where
D is the molecular diffusion coefficient
Cw is the solute concentration at membrane wall
Jv is the water flux
d is the thickness of concentration-polarization layer at membrane surface

The performance of membrane operations is diminished by polarization phenomena (concentration and temperature
polarization), although the extent to which these phenomena can occur differs considerably.

With all polarization phenomena, the flux at a definite time is always less than the original value. When steady-
state conditions have been attained a further decrease in flux will not be observed, i.e., the flux will become constant as
a function of time. Polarization phenomena are reversible processes, but in practice, a continuous decline in flux can be
observed. Such continuous decline is a result of membrane fouling, which may be defined as the irreversible
deposition of retained particles, colloids, emulsions, suspensions, macromolecules, salts, etc. on or in the membrane.
This includes adsorption, pore blocking, precipitation, and cake formation.

9. Membrane fouling: Fouling is the deposition of solute constituents on the surface of the membrane [21–23].
Membrane fouling is a complicated phenomenon and typically results from multiple causes. In spite of its complexity,
electrostatic and hydrophobic=hydrophilic interactions that involve both the membrane and the fouling materials are
recognized to have significant bearing, especially for the more-difficult-to-clean membrane fouling dominated by
natural organic matter (NOM) and microbial activities. Figure 42.3. shows the influence of concentration polarization
and fouling on flux.

Fouling

Time

F
lu

x

Concentration
polarization

FIGURE 42.3 Pictorial representation of variation of flux with time due to concentration polarization and fouling. (Adapted from Mulder,
M., Basic Principles of Membrane Technology, Kluwer Academic, Dordrecht, The Netherlands, 1996.)
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42.1.5 MEMBRANES

In nanofiltration, an array of feed streams must be dealt with for which three relevant areas such as material selection,
membrane synthesis, and system configuration must be integrated.

Right from the early 1960s, when work on membrane separations began, a wide range of materials including metals,
zeolites, polymers, ceramics, and biological materials are being used for the manufacturing of membranes. However, polymers
form the most widely used material for membrane manufacturing at present.

A major consideration in this section will be the selection of polymer materials, membrane synthesis, and modifications,
which can be made to such structures that have enabled them in being the most appropriate membranes for nanofiltration.
Before exploring the membrane materials used for NF, the preferable membrane morphologies that yield optimum separation
must be envisaged. Generally the membranes used for laboratory scale setup for the aqueous mixture filtration by NF are
always homogeneous and symmetric, however to attain commercial viability, the membranes successful on the laboratory scale
are prepared in asymmetric or composite form [24–26]. These two morphologies offer a possibility of making a barrier with a
thin effective separation layer, which enables high flux while maintaining desirable mechanical strength.

42.1.5.1 Membrane Materials

Most MF, UF, RO, and NF membranes are synthetic organic polymers. NF membranes are made from cellulose acetate blends,
cellulose triacetate (CTA), or polyamide composites such as the RO membranes, or they could be modified forms of UF
membranes such as sulfonated polysulfone [27]. On the other hand, poly(vinyl alcohol) (PVA) is a significant polymer for
nonaqueous applications. Chemical structures of a few of the prominent polymers are shown in Figure 42.4.

FILMTEC=Dow has commercialized the NF55, NF70, and NF90 (water flow of NF55>NF70>NF90) membranes
[28–33], which work in the range of nanofiltration, being able to reject at least 95% magnesium sulfate. The top layer of
these membranes is fully cross-linked aromatic polyamide. FilmTec NF50 membranes [28], which were used to replace
coagulation, filtration, and ammonia treatment processes in water treatment plants, yielded 96% color removal, besides a
reduction of total organic carbon (TOC) by an average of 84% and reducing trihalomethane formation to regulatory levels.

The authors have studied the recovery of sodium thiocyanate, which is used in the manufacture of acrylic fiber, an
imperative raw material employed in the textile industry. For this study, the application of the highly advanced hydrophilized
polyamide (HPA); a derivative of PA was considered. PA-300 was prepared by interfacial polymerization technique, while the
HPA membranes were prepared by coating a novel proprietary copolymer onto a microporous polysulfone substrate followed
by cross-linking of the top layer. Thus, the morphology of these membranes was thin-film composite (TFC). Commercial PA
and CTA membranes in India were generally available with only one particular MWCO each, 300 and 700, respectively, while
the availability of HPA series range has changed the scenario with more widely distributed membranes in the MWCO range of
50–400. Table 42.1 lists the standard nanofiltration membranes available worldwide [1]. The table shows that the maximum
extent of rejection of monovalent NaCl through NF membranes is only 50%, while for bivalent salts such as MgSO4 and
Na2SO4 the rejection is as high as 95%–98% on a consistent basis. The table also shows that NF has the potential for
concentrating organics such as glucose.
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FIGURE 42.4 Chemical structures of polymers for nanofiltration (a) cellulose triacetate, (b) aromatic polyamide, (c) polyvinyl alcohol, and
(d) polysulfone.
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42.1.5.2 Membrane Modules

The central part of any membrane plant is the module, i.e., the technical arrangement of the membranes. Some important aspects
to be taken into consideration for the module design include packing density, cost-effective manufacture, easy access for
cleaning, and cost-effective membrane replacement. Based on the above, the modules can be distinguished into five major types:

1. Tubular module: The membrane here is in hose form [34] on the inside of pressure-tight tubes having 12–24 mm
internal diameter (Figure 42.5a). If the material of the support tube is impermeable, then a thin porous tube is fitted
between the support tube and the membrane. In many cases, several tubular membranes are assembled in a common
support block to increase the packing density. Nanofiltration membranes were developed first in this kind. Though the
manufacturing cost of these modules is high, these modules offer excellent resistance to fouling with low-pressure
drop, but are not suitable for high-pressure operations.

2. Hollow fiber module: Essentially this module consists of a pressure vessel containing a bundle of individual fibers
(Figure 42.5b) [34]. The open ends of the fibers are potted into a head plate. The feed solution flows radially or parallel
to the hollow fibers. The permeate is collected at the open end of the fibers and hence the parallel flow can be cocurrent
or countercurrent depending on the direction of permeate flow with respect to the feed. According to Gill and Bansal
[35,36], countercurrent flow is always superior to cocurrent flow in parallel flow conditions. The module lends the
membrane higher packing density, enabling production of modules at a lower cost per unit product. These modules
offer poor resistance to fouling and are not suitable for high-pressure operations [37].

3. Plate and frame systems: Here the feed solution flows through flat, rectangular channels (Figure 42.5c) [34]. Packing
densities of about 100–400 m2=m3 are achievable. For NF, plate and frame design has been excluded due to their
expensive nature. They are primarily used to treat fouling-prone feed streams and to produce potable water in small-
scale applications.

4. Spiral wound modules: These are characterized by high packing density (>900 m2=m3) and a simple design.
Essentially, two or more membrane pockets are wound around a centrally located permeate collecting tube with a
special mesh used as spacer (Figure 42.5d). The membrane pocket consists of two membrane sheets with a highly
porous material in between, which are glued together along three edges. The fourth edge of the pocket is connected to
the collecting tube. Several such pockets are spirally wound around the perforated permeate tube with a feed-side
spacer placed between the pockets [38]. Usually several such membrane elements are arranged in one pressure vessel.
The feed-side flow is strictly axial, while the permeate flows through the porous support inside the pocket, along the
spiral pathway to the collecting tube [39]. This module is simple, and is also resistant to fouling at higher pressures.

Most of the commercially available NF membranes are made in spiral wound configuration.

42.1.5.3 Membrane Synthesis

The different procedures for synthesis of NF membranes are listed below:

1. One of the oldestmethods in preparingNFmembranes is the phase inversion technique involving precipitation of a polymer
film from its solution cast film in a nonsolvent bath. The prerequisite for this method is that the solvent of the polymer and
the nonsolvent must be thoroughly miscible, while the polymer should not dissolve in the nonsolvent [40–45].

TABLE 42.1
Characteristics of Commercially Available Nanofiltration Membranes

Commercial Name Company Solute Test Conditions Flux (L=m2 h) Rejection (%)

NF-40 Filmtec, Minneapolis NaCl 2,000 ppm, 258C, 16 bar 43 45
NF-70 Filmtec, Minneapolis MgSO4 2,000 ppm 258C, 5 bar 36 95
NTR-7250 Nitto Denko Co. Ltd., Tokyo, Japan MgSO4 2,000 ppm 258C, 20 bar 85 98
UTC-20HF Toray, Japan NaCl 1,500 ppm 258C, 15 bar 146 50

MPT-20 Membrane Products, Korntal-Münchingen, Germany Glucose 10,000 ppm 258C, 25 bar 70 75
Desal-5 Desalination Systems, Vista, California NaCl 1,000 ppm 258C, 10 bar 46 47
DRC-1000 Celfa, Seewen, Switzerland NaCl 3,500 ppm 258C, 10 bar 50 10

PERMA-250 Permionics, Vadodara, Gujarat, India Na2SO4 2,000 ppm 358C, 7 bar 60 98
M-N2521A3 Applied Membranes Inc, Vista, California NaCl 2,000 ppm 258C, 10 bar 264 30
4040-XN45-TSF TriSep Corp., Goleta, California NaCl 500 ppm 258C, 7 bar 362 20

NE 4040-40 Saehan Industries Inc., Gumi-Si, South Korea NaCl 2,000 ppm 258C, 5 bar 200 60
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2. Interfacial polymerization between a piperazine, or an amine-substituted piperidine, or cyclohexane, and a polyfunc-
tional acyl halide [46,47].

3. Contacting an RO membrane with a strong mineral acid such as phosphoric acid at 1008C–1508C, followed by
treatment with a rejection enhancing agent, such as tannic acid, to plug microscopic leaks and defects [48].

4. Contacting the cross-linked RO polyamide membrane with ions to form a membrane ion complex, treating the
membrane ion complex with an aqueous solution of alkali metal permanganate to form manganese dioxide crystals in
the membrane, and finally dissolving the crystals [49].

5. Opening the pores of an RO membrane by treatment with triethanol amine. RO cellulose acetate membranes can also
be opened by hydrolysis at very high and very low pH [50].

6. Coating of ultrafiltration=microfiltration membrane supports such as polyvinylidene fluoride (PVDF) or polysulfone
(PSF) with solutions of polymers such as poly(ether-block-amide) [51].

7. Low-temperature plasma-induced grafting modifications of ultrafiltration membrane to yield hydrophilic nanofiltration
membranes. In an investigation by Zhao et al. [52], preparation of hydrophilic nanofiltration membranes has been
successfully accomplished using a procedure consisting of plasma irradiation and subsequent grafting in gas of acrylic
acid monomers on poly(acrylonitrile) UF membrane.

42.1.5.4 Membrane Modification

From the aforesaid study, it is clear that polyamide membranes have become the main type of membranes used for NF.
Despite their excellent performance and superior economics the TFC-based technology is prone to severe organic fouling [53].
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FIGURE 42.5 Membrane modules. (a) Tubular module, (b) hollow fiber module, (c) plate and frame, and (d) spiral wound module. (Photo
courtesy of Genesis Membanes Pvt. Ltd. With permission.)
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The problem seems to have no easy solution and necessitates the use of expensive pretreatment and cleaning systems. The
propensity of TFC to undergo fouling arises primarily from the hydrophobicity of the polyamide active layer, onto which many
natural organic compounds easily adsorb, eventually leading to irreversible deterioration of the performance. Periodic cleaning
does not solve the problem completely and the membranes eventually have to be replaced. Unfortunately, as far as the
performance is concerned, no substitute to polyamides has been found so far. A potential way to circumvent the problem is the
surface modification. Surface modification is a versatile process to design membranes with tailor-made filtration properties [54].
Nanofiltration membranes can be modified to change their adsorption and solute rejection properties and their susceptibility to
fouling.

42.1.5.4.1 Modifications for Improving Performance
Ion implantation: This study involves modifying the surface of nanofiltration membranes by ion implantation for increased
salt rejection [55]. F� ions at two different intensities—1E10 and 5E10 atoms=cm2

—were implanted on the surface of
commercially available nanofiltration membranes to increase the negativity of the membrane surfaces. The objective was to
increase the Donnan exclusion effect to improve salt rejection by the modified membranes. It was also noted that this
modification did not significantly damage the semipermeable membrane surface.

Deposition of polyelectrolytes: Lajimi et al. [56] explored the surface modification of nanofiltration cellulose acetate (CA)
membranes by alternating layer-by-layer deposition of acidic chitosan (CHI) and sodium alginate (ALG) as the cationic and
anionic polyelectrolyte, respectively. The supporting CA membranes were obtained by a phase separation process from
acetone=formamide. The permeation rate of salted solutions was found to be higher than that of pure water. The rejection of
monovalent salt was decreased, while that of divalent salt remained constant so that the retention ratio increased. Increasing the
concentration of feed solutions enhanced this selectivity effect.

Polymer grafting: Surface modification using grafting of a hydrophilic polymer onto the membrane surface is a possible route
to improving the fouling properties of polyamide TFC membranes. One way of carrying out this technique would be to graft a
hydrophilic polymer onto the polyamide surface making it more hydrophilic and decreasing or weakening the adherence of the
organic matter. This approach could be particularly attractive, if one could modify the existing commercial membranes in situ,
e.g., inside a module using an inexpensive procedure. It has been shown that the fouling resistance of membranes could be
improved without significantly affecting the retentive properties [57–62]. Freger et al. [63] employed grafting of monomers
with focus on the acrylic acids. The chemical changes produced an active layer on the membrane surface and they also noted
that the effect of modification on the surface roughness was negligible.

Ultraviolet-photografting: With this technique [64,65], the chemical bonds in the membrane polymer can be cleaved to form
radical sites. In the dip photografting method [66], the monomer to be grafted is present in the superficial liquid film and inside
the membrane pores. For a given solution concentration, the quantity of monomer available for grafting depends on the liquid
film thickness and on the monomer concentration profile inside the pores. It, therefore, depends on the operating rate and on the
contact time in the monomer solution during the dipping. An increase in rate gives an increase in superficial film thickness and a
decrease in the amount of monomer in the pores. These phenomena, coupled with the light power of the radiation received and
the UV residence time, influence the final permeability.

Blending: Ferjani et al. [67] experimented and found that the addition of a small amount of polymethylhydrosiloxane (PMHS)
in the dope formulation of CA membranes drastically changed the performance by increasing the NaCl rejection factor and
decreasing the permeation rate. This effect can be explained by the morphological changes due to the presence of PMHS. For
similar retention values, the blend membranes exhibited better productivity. A thin PMHS top layer coated on the surface of
asymmetric CA films produced composite membranes having a similar NaCl rejection factor to that of CA membranes used in
RO. This effect stresses out the role played by the hydrophobic nature of PMHS in salt retention. However, the composite
membranes were less permeable to the solvent than the corresponding asymmetric membranes.

42.1.5.4.2 Modifications for Improving Fouling Resistance
Surfactants: The usage of surfactants for enhancing the fouling resistance of the membranes has also been suggested by
Wilbert et al. [68]. Commercial samples of cellulose acetate and polyamide reverse osmosis, and nanofiltration membranes
were treated with a homologous series of polyethylene-oxide based surfactants to improve fouling resistance. The fouling
solution degraded the untreated cellulose acetate (CA) blend membrane. Triton Xl00 and Pluronic P84 provided significant
protection. Polyamide (PA) membranes treated with surfactant experienced a severe flux decline. A similar decline was caused
by fouling of the untreated PA membrane. The treated PA membrane did not have further flux decline with fouling.

Improvement in hydrophilicity: A large number of attempts have been made to improve the fouling behavior of available
membranes by increasing the hydrophilic character of the membrane surface. The logic behind this approach is clear: for any
protein or cell to adsorb (or adhere) to the membrane, it must first displace the water molecules that are chemically associated
with the surface groups on the membrane. Several studies have specifically demonstrated that increased hydrophilicity can
result in a significant reduction in both protein adsorption and cell adhesion [69,70] and in turn biofouling.
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Introduction of negative charges: Most proteins and cells are negatively charged in aqueous solution, thus the introduction of
negative charges on the membrane surface should (at least in principle) increase the electrostatic repulsion between the membrane
and the cells=proteins.Most studies of surfactant-modifiedmembranes provide very clear evidence for this general phenomena,with
negatively charged surfactants being much more effective at reducing fouling than the corresponding cationic surfactants [71].

42.1.6 APPLICATIONS

Nanofiltration membranes allow partial permeation of monovalent salts such as sodium chloride, while they completely reject
bivalent salts and hardness from aqueous solutions. This has led to the use of NF membranes as water softeners by removal of
total hardness and sulfates from seawater and for removal of NaCl from cheese whey. NF membranes have also been
successfully utilized for treating textile dye and olive processing wastewaters to recover recyclable water. Another common
application is removal of color from effluents and process solutions. One such example is the separation of color causing
compounds such as lignin sulfonates from paper pulping wastewater.

Treatment of groundwater: The removal of pesticides and some micropollutants from groundwater has been studied by many
researchers [72–75]. The NF70 membranes tested on well water in Iowa showed 98% rejections of calcium and magnesium,
and 90% and 100% rejections of strontium and barium, respectively. Chloride, alkalinity (CaCO3), fluoride, sulfate, iron,
silicon, phosphorous, and boron rejections were 45%, 59%, 29%, 98%, 100%, 28%, 60%, and 4%, respectively. The separation
of nitrate from well water was another application suggested by Rautenbach and Groschl [31]. Nitrate rejections of the NF40
membrane were low for feed containing sulfate. Sulfate added to well water containing nitrate would result in nitrate passing
through the membrane, while sulfate and other highly charged species would be rejected. The permeate could then be treated
with ion exchange to remove the nitrate. The NF70 membrane was also used for fluoride removal and for reducing feed levels
from 4 to 0.4 mg=L yielding a fluoride rejection of 90%. Kettunen and Keskitalo [76] studied the removal of fluoride and
aluminum from groundwater sources in Finland. In addition to the removal of the hardness of nitrates, iron, and strontium,
fluoride removal was also mentioned by Pervov et al. [77].

Treatment of surface water: The use of NF70 TFC membranes as water softener in removing organics was reported by Cadotte
et al. [30]. The low-pressure RO system can lower hardness and TDS, reduce organics that impart color and odor in a single
step, thereby replacing multiple processes such as lime softening followed by activated carbon adsorption. Removal of organic
micropollutants was also investigated by other researchers [78,79]. Koyuncu and Yazgan [79] had good results in treating salty
and polluted water from Kucukcekmece lake in Istanbul using the TFC-S NF membrane. Using a novel NF membrane (NF
200), removal of organics (up to 96%) in a large NF plant in Paris [80] was achieved. NF has also been used to remove both
arsenic(V) and arsenic(III) from surface water [81]. These studies showed that (using NF membranes) the rejection of As(V) is
relatively high, up to 90%, while As(III) is just around 30%.

Treatment of wastewater: Trihalomethanes (THM) such as chloroform, bromodichloromethane, and tribromomethane are
carcinogens present in finished drinking water from many treatment plants. The exclusion of these renders them disposable
without causing significant harm to environment. High rejections of humic acids (THM precursors) using NF40 membrane
were indicated by Bhattacharya and Williams [32]. These membranes gave high rejections even at high water recoveries (80%)
with little drop in permeate flux. Hafiarle et al. [82] investigated the removal of chromate from water using a TFC-S NF
membrane as a possible alternative to the conventional methods of Cr(VI) removal from an aqueous solution. The results
showed that the rejection depended on the ionic strength and pH. Better retention was obtained at basic pH (up to 80% at a pH
of 8). Results also showed that NF is a very promising method of treatment for wastewater charged with hexavalent chromium.
The same membrane was used by Koyuncu [83] to treat opium alkaloid processing industry effluents. Application of NF in the
treatment of textile wastewater has also been conducted by many researchers [84,85].

Treatment of seawater: Desalination has been the interest of many researchers [86–89]. The application of NF50, NF70, NF40,
and NF40HF for partial water desalination was reported by Eriksson [29]. Studies on surface water treatment in Florida using
the NF50 membrane at 0.45 MPa produced a TOC rejection of 94%, color rejection of 96%, 76% alkalinity (as CaCO3)
rejection of 76%, chloride rejection of 52%, and TDS rejection of 84%. The high rejections rendered this membrane suitable for
water softening. Pontie et al. [90] studied the possibility of obtaining a partial demineralization of seawater using two
successive NF stages. The treated water (salinity 9 g=L) could be used in the field of human health (i.e., preparation of nasal
sprays, medical dietetics, and hot mineral springs).

Industrial applications: Nanofiltration has the potential to reduce COD and BOD of industrial effluents, especially those from
distilleries and textile industry. Simpson et al. [33] reported the use of nanofiltration for the removal of hardness and organic
impurities from a textile mill wastewater. Rejections of the membrane included 29% of conductivity, 33% of sodium, 48% of
calcium, 67% of magnesium, and 47% of soluble organic carbon present in the waste stream.

An overview of the possible applications of NF is given in Table 42.2 [72–164]. Except for the removal of solvent from
sunflower oil, all applications are in the treatment of aqueous systems. Table 42.2 shows the diversity of opportunities for
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nanofiltration and it can be expected that many are to follow or already exist. However, most of the examples mentioned are
developed on a trial-and-error basis and not from basic process knowledge. This means that these processes can run at
suboptimal conditions and even membranes with better properties for the application might be available. Improvement of these
processes either by finding the optimal conditions or using better membranes will result in economic gain. Additionally, current
development times for new pressure-driven membrane processes are typically between 1 and 2 years, which is relatively short
and at this moment often results in suboptimal solutions.

42.1.7 FUTURE PROSPECTS

With respect to the aforementioned discussions, it can be noted that even though researchers have attempted to synthesize=use
different types of membranes for effective separations, some restrictions for its applications are still encountered. The research
direction for NF membranes is mentioned below:

(i) Development of high performance NF membranes: A thorough understanding of the interrelation between mem-
brane chemical characteristics and membrane performance is of paramount importance in membrane research.
Improvement of membrane productivity by higher flux membranes has been achieved through the development of
TFC with a very thin selective skin layer. In addition, Kurihara and Fusaoka [165] attribute the higher productivity

TABLE 42.2
Overview of Possible Applications of Nanofiltration in Industries

Industry Application

Water production

Groundwater Removal of pesticides [72–75]
Hardness removal [76,77]

Surface water Removal of natural organic matter (acridine orange [ao] color) [78,79]

Removal of heavy metals (As, Pb), Fe, Cu, Zn, and Si [80,81]
Wastewater Removal of trihalomethanes (THM) [82]

Removal of degreasing agents from water [83,84]

Seawater Treatment of brackish water [85]
Desalination of water [86–90]

Food Demineralization of sugar solutions [91]

Demineralization of whey [92–95]
Recycle of nutrients in fermentation processes [96]
Separation of sunflower oil from solvent [97]

Recovery of cleaning-in-place solutions [98,99]
Recovery of regeneration liquid from decoloring resins in sugar industry [100–103]
Effluent treatment [104,105]
Purification of organic acids [106–108]

Textile Separation of amino acids [109,110]
Removal of dyes from wastewater [111]

Clothing and leather Recovery of water and salts from wastewater [112–119]

Recovery and reuse of chromium(III) and chromium(II) [120–122]
Paper and graphical Recovery of wastewater from effluent [123–127]
Chemical Recovery of bleaching solution [128–130]

Sulfate removal preceding chlorine and NaOH production [131–133]
CO2 removal from process gases [134–136]
Preparation of bromide [137]
Recovery of caustic solutions in cellulose and viscose production [138]

CaSO4 precipitation [139]
Metal plating and product=electronic and optical Removal of metal sulfates from wastewater [140]

Cleaning of machine rinsing solutions [141]

Removal of nickel [142]
Recovery of Cu2þ ions from ore extraction liquids [143–145]
Al3þ removal from canning industry wastewater [146]

Landfills agriculture Removal of phosphate, sulfate, nitrate, and fluoride [147–151]
Removal of algal toxins [152,153]
Purification of landfill leachate [154–164]

Removal of selenium from drainage water [165]
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of current membranes to an increase in surface roughness. Other methods which have been used to improve membrane
performance include development of mixed-matrix membrane materials including hybrid organic–inorganic materials
and surface modification of membranes [166]. These improvements are not only limited to higher flux at lower
operating pressures, but also in terms of less fouling propensity, higher chlorine tolerance, and increased solvent
resistance [167]. For NF membranes, in particular, the role of membrane charge in separations of ions has also been
studied considerably. Further understanding of the exact nature of charge formation as well as how they contribute
toward rejection [168] will definite lead toward significant improvement on NF membrane performances.

(ii) Reduction in fouling: Fouling refers to the deposition of impermeable substances, present in the feed, on the membrane
surface. The suitability of a membrane material for a specific separation problem is also limited by possible interaction
with aggressive components in the feed. This can cause reduction in the flux and ultimately renders the membrane
useless. Fouling can be prevented by
a. Using a highly turbulent flow regime
b. Cleaning the membrane semicontinuously
c. Using surface modification techniques to change the membrane structure that reduces the interaction between the

membrane surface and microorganisms
(iii) Development of accurate and practical characterization methods: The separation mechanisms in NF membranes have

been attributed to steric and charge effects as well as the transport mechanisms of diffusion, convection, and electro
migration [169,170]. Other factors that may also contribute indirectly include surface roughness, pore size distribution,
flow channels, and hindrance mechanisms within the membrane. Identifying and relating the membrane characteristics
with all of the above-mentioned effects are not easy to do and, therefore, present NF membranes are normally
characterized in terms of pore radius, effective charge, thickness, and porosity. For pore radius, the most common
method currently used is fitting solute rejection data of uncharged solute [171]. Several researchers have also
attempted to use AFM [172] to determine the pore size distribution. Bubble point method used in UF is not suitable
for NF membranes due to the nanometer-range pore sizes [173]. For effective charge, the method used is by
measurement of zeta=streaming potential [168,174,175]. Other techniques include fitting of salt rejection data using
models such as those based on Nernst–Planck equation [171]. To obtain more accurate characteristics of NF
membrane, more innovative and practical approaches should be proposed.

(iv) Development of good predictive modeling technique: A good predictive model will allow users to obtain membrane
characteristics, to predict process performance, and to optimize the process. The ability to successfully develop such
modeling technique will result in a smaller number of experiments and subsequently save time and money in the
developing stage of a process. For NF membranes, the most commonly adapted models have been those based on
extended Nernst–Planck equation [169,171]. The Donnan–steric pore model (DSPM) proposed by Bowen and
coworkers [171] is one model, which describes rejection in terms of steric and Donnan effects. In addition, the
transport of ions through the membrane depends on hindered diffusion and convection as well as electro migration.
The model requires the membrane to be characterized in terms of pore radius, effective charge density, and effective
membrane thickness over porosity.

From the above descriptions, it is obvious that an understanding of the basic mechanisms underlying the separation is
necessary. With this understanding a translation to the development of industrial applications should be made, a step, which is
currently not in practice. Keeping in view these research guidelines along with the attempts to enhance membrane life, the
application level of NF will definitely rise beyond RO in the near future.

42.2 CASE STUDY

42.2.1 DESCRIPTION OF THE PROCESS

Acrylic fiber is a vital raw material used in textile industries to manufacture polyester and silk. Several industries worldwide
manufacture acrylic fiber by a process where an aqueous solution of 55% sodium thiocyanate (dope) is used for dissolution of
polyacrylonitrile (PAN) polymer for spinning the fiber. During the dope-making step, which involves dissolution of the polymer
in sodium thiocyanate (NaSCN) solution with addition of a small amount of sodium metabisulfite as oxygen scavenger, the
monomer reacts with sodium metabisulfite to form organic impurities such as b-sulpho propionic acid (b-SPA) and b-sulpho
propio nitrile (b-SPN). During coagulation of the fiber in the spinnerets, NaSCN gets released and is sent for solvent recovery at
20% concentration. This spent NaSCN solution picks up impurities such as color, sodium sulfate, b-SPA, b-SPN, iron, calcium,
sodium chloride, low-molecular-weight compounds, and some other unknown impurities.

The conventional techniques applied to recover thiocyanate are solvent extraction, distillation, and gel filtration. These
processes suffer disadvantages. The process that resorts to solvent extraction needs a large amount of energy for cooling.
The process that utilizes distillation under pressure also needs a huge quantity of energy and gives off toxic thiocyanate gas,
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although it yields a pure thiocyanate [176]. The separation of thiocyanate by gel filtration [177] varies from one process to
another. One method employed [178] consists of supplying an impure aqueous solution of thiocyanate to a layer of cross-linked
dextran, and eluting impurities and then the thiocyanate. Sometimes activated carbon is also employed before gel filtration
[179]. The processes that involve gel filtration columns (GFC) are not only expensive (the gel being an imported product), but
also slow and inefficient in handling larger feed capacities.

Therefore, the need of the hour was to develop an economical alternate separation technology capable of replacing the GFC
system by providing rejection of all impurities in a single step with permeation of NaSCN and water. The membrane-based
nanofiltration technique appeared to be a suitable alternative based on some of the aspects discussed in the scope of the work
[180–184].

Pilot-scale NF experiments were carried out with intermittent feed dilution using spirally wound membrane modules to
extract at least 98% of NaSCN free of most impurities. Among the membrane types tested, PERMA-250 gave optimum results
and was chosen for detailed studies. Pilot-plant data were consolidated and fed into a simulation software developed in
Microsoft Excel to provide design of a commercial NF plant capable of handling 8 m3=day of 10% NaSCN feed solution
containing 2%–4% impurities.

42.2.2 SCOPE AND OBJECTIVES

42.2.2.1 Scope of the Work

The aqueous process stream from acrylic fiber industries generally contains 10% sodium thiocyanate besides 2%–4% of
impurities which impart undesired yellow color and cause fiber degradation. The composition of 10% NaSCN process solution
is given in Table 42.3. NaSCN needs to be isolated and then concentrated to 60% for spinning of acrylic fiber. Since the
impurities present in the aqueous solution are mostly bivalent salts (Na2SO4, salts of Fe and Ca) or larger compounds (b-SPA,
b-SPN, and low-molecular-weight polymer), there is considerable feasibility to extract the monovalent NaSCN using an NF
membrane. If successful, NF could offer advantages such as operational flexibility, faster rate of purification (for increased
plant capacity), low water consumption, nearly complete removal of color and impurities in a single step, high NaSCN
concentration (>3.5%) in purified solution besides low capital and operating costs.

42.2.2.2 Objectives of the Pilot-Plant Study

1. Identification of the best polymeric membrane, which not only removes color but also gives maximum rejection of
impurities at optimum flux

2. Production of a permeate containing at least 3.5% NaSCN at a flux ranging between 20 and 45 L=m2 h to minimize
membrane fouling

3. Recovery of at least 98% of NaSCN present in the feed and generating a final reject concentration of <0.25% NaSCN
for disposal in accordance to environmental regulations

4. Optimization of experimental conditions such as dilution ratios, stage cut, feed pressure, etc. in achieving the above
objectives

5. Designing of a commercial membrane system for feed capacity of 8 m3=day of 10% NaSCN solution

TABLE 42.3
Composition of 10% Sodium Thiocyanate Process Solution

Impurity Chemical Structure Negative Impact Present Concentration Acceptable Level

b-SPA CH2 CH2

SO3Na COOH

Deterioration of solution color 0.3%–0.5% 0.1%

b-SPN
CH2 CH2 

SO3Na CN
Deterioration of solution color 0.8%–1.5% 0.2%

Sodium sulfate Na2SO4 Scaling, increased steam consumption 0.4%–2.0% 0.1%
Iron FeCl2 Deterioration of solution color 1–2 ppm Traces

Calcium CaCl2 Corrosion of evaporator tubes 30–40 ppm 10 ppm
Sodium chloride NaCl Corrosion of pipelines 0.3%–0.4% 0.1%
Other impurities Low-molecular-weight polymer,

unreacted monomer
Deterioration of solution color 0.7%–1.0% 0.2

Color — Degradation of fiber quality 200–300 APHA 25 APHA
Total impurities 2.0%–4.0% 0.8%
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42.2.3 EXPERIMENTAL PROCEDURES AND PROTOCOLS

42.2.3.1 Materials

The aqueous process solution containing sodium thiocyanate with impurities was provided by a local industry. All the
membrane modules, pressure vessels, and accessories for the nanofiltration pilot plant used in this study were purchased
from Permionics Membranes Pvt. Ltd. (Baroda, India) and assembled in the laboratory. Citric acid, tetra sodium salt of ethylene
diamine tetraacetic acid (EDTA), trisodium phosphate (TSP), and sodium metabisulfite for cleaning and maintenance of the
membranes were procured from Loba Chemie (Mumbai, India).

42.2.3.2 Types of Membranes and Their Preparation

The spiral wound membranes tested for extraction of impurity-free NaSCN from aqueous process solution were polyamide
(PA-300), CTA-700, PERMA-400, and PERMA-250. PA-300 was prepared by interfacial polymerization technique, while the
PERMAmembranes were prepared by coating a novel proprietary copolymer onto a microporous polysulfone substrate followed
by cross-linking of the top layer. Thus, the morphology of these membranes was TFC. CTA-700 was asymmetric in nature and
was prepared by solution casting and phase inversion method.

42.2.3.3 Description of Pilot-Scale Nanofiltration System

A pilot-scale membrane system (Figure 42.6) was assembled in-house with incorporation of a commercial spiral membrane
module of 2.5 m2 effective area in a stainless steel (SS316L) pressure housing. The system was skid mounted along with a
polypropylene feed tank of 100 L capacity and constituted a low-pressure prefiltration pump (2 bar) for continuous transport of the
feed through a micron filter cartridge of 0.2 mm pore size, installed upstream of the spiral NF membrane module to prevent
entry of suspended particles that could damage the membrane. A high-pressure pump (run by a 1.5 HP single-phase motor)
capable of maintaining pressure up to 25 bar and feed flow rate of 17 L=min was installed at the exit end of the micron filter to
facilitate the transport of NaSCN feed solution through the membrane module and the entire NF system. A restricting needle
valve was provided at the outlet of the concentrate (reject) pipeline to pressurize the feed liquid to a desired value indicated
by the pressure gauge installed upstream of the needle valve. A coil-type heat exchanger was introduced in the reject line to
minimize the heat generated by the reject stream due to continuous pressurization and recirculation during the batch operation.
Though the membranes can withstand temperatures up to 458C, long-term operation would reduce membrane life, while low
temperatures (<158C) could cause salt precipitation and low flux. The heat exchanger thus enables determination of
percentage recovery by continuous removal of water until the flux remains within acceptable limits. Permeate and reject flow
rates were measured by means of two glass rotameters containing metal floats. All other connections were made with 1

2
00 outer

diameter stainless steel 316 piping in the high-pressure region, while the low-pressure lines comprised PVC braided tubing for
permeate flow and reject recycle.
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FIGURE 42.6 Schematic view of pilot-scale nanofiltration system.
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42.2.3.4 Nanofiltration Procedure

The plant was operated in batch mode with complete recycle of reject at a constant feed rate of 17 L=min. The description here
focuses mainly on multistage batch operation with intermittent dilution of the feed (diafiltration) [185]. Initially 50–100 L of the
original 10% NaSCN feed mixture containing 2%–4% total impurities was charged into the feed tank and initially pumped with
complete recycle of reject and permeate for 5–10 min to ensure homogeneous concentration after which a sample was drawn to
note the feed conductivity and temperature. The needle valve in the reject line is throttled to obtain a suitable pressure value in
the range of 10–25 bar depending on the type of membrane module used and its MWCO. The initial permeate was recycled
until a steady permeate flux was obtained. On the other hand, the reject was continuously circulated back to the feed tank
through the heat exchanger. Permeate collection was then begun and conductivities of the feed and permeate were noted for
every 5 L of permeate collected. The process was continued until a stage cut of 50%–60% was achieved. The system was
stopped and 1 L sample each of the permeate and reject was collected for analysis of NaSCN, color, and other impurities. From
the second stage onwards, the reject of the previous stage was diluted with known quantity of demineralized (DM) water and
the procedure was repeated.

To obtain better fluxes, lower membrane fouling, and thereby longer membrane life another set of experiments were
conducted where the original feed in the first stage (containing 10% NaSCN) was diluted with DM water and the stagewise
process was repeated. Permeates for Stages I–III were mixed and the average concentration was noted. Material balance was
carried out after thorough analysis to assess percentage recovery of NaSCN.

42.2.3.5 Analytical

The collected feed, permeate, and reject samples were analyzed for sodium thiocyanate, sodium sulfate, b-SPA, b-SPN, Fe, and
Ca concentrations and also the total impurity by procedures described in literature [186]. The chemical methods being too
lengthy for instantaneous analysis during the course of the experiment, the approximate concentration of sodium thiocyanate
especially in the permeate was determined by plotting a graph (Figure 42.7) between known concentrations of NaSCN in DM
water and the respective conductivities. The conductivities of the various unknown samples were used to find the corresponding
thiocyanate concentrations from the graph.

42.2.3.6 Membrane Cleaning and Maintenance

General cleaning: At the end of the operation the membrane was initially washed everyday for 10 min with tap water to
displace most of the sodium thiocyanate and impurities present in the pressure housing as well as feed, permeate, and reject
lines. The system was operated at a pressure of about 10 bar with total disposal of permeate and reject for 5 min to flush out the
dissolved solids present in the pipelines. For the remaining period the exiting streams were recycled back to the feed tank with
repeated pressurizing and depressurizing to ensure efficient cleaning.

Acid=Alkali wash: To remove mineral scales and metal salt precipitates from the membrane surface, washing with a 1.0%
solution of citric acid (or hydrochloric acid) prepared in 25 L of DM water was carried out at a pressure of 10 bar for a 10 min
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period everyday with complete recycle of permeate and reject streams after the tap water wash. This was followed by daily
washing with a 1.0% solution of TSP for another 10 min at the same operating pressure.

1. EDTA wash: To remove organic foulants, a biweekly washing at 20 bar for 15 min with 1.0% aqueous solution of tetra
sodium salt of EDTA is recommended. EDTA is a strong chelating agent, which has proven to be capable of flushing
out very stubborn organic impurities.

2. Membrane storage: Finally at the end of washing, the membrane was stored in 0.5% solution of sodium metabisulfite
(SMBS) preservative prepared in DM water. This helps to prevent biological fouling and irreversible destruction of the
membrane.

It is worth mentioning that membranes affected by severe chemical fouling can be cleaned using aforementioned reagents
but biological fouling causes permanent damage, which on most occasions requires membrane replacement [187]. The
membrane is always stored in a horizontal position to prevent it from becoming dry. The above procedures were quite
efficient in restoring flux and separation properties of the NF membranes to help them last their stipulated life span.

42.2.4 RESULTS AND DISCUSSION

Table 42.4 exhibits the comparative performance of the four modules (PA-300, CTA-700, PERMA-400, and PERMA-250) in
terms of average flux, rejection, NaSCN concentration, and enrichment factor. Operating conditions such as feed pressure, stage
cut, and degree of dilution were varied to suit the MWCO of each membrane. From Table 42.4, it can be seen that although the
highest pressure followed by initial dilution has been employed for PA-300, the overall flux is still poor, which meant that the
commercial viability was quite poor. However, PA-300 gave the highest color and impurity rejections as well as maximum
enrichment of NasCN in permeate. The pore size distribution of CTA-700 was a bit too open for this particular process stream,
which consisted of components having molecular weights in the range 50–200, which meant that impurity rejection would be
poor in spite of high flux. To strike a balance, the PERMA NF membranes were then tested.

PERMA-400 yielded reasonable results in terms of separation at high flux, even without initial feed dilution. At 18 bar
pressure and dilutions of 1:05 and 1:0.75 in the second and third stages, PERMA-400 gave high average flux of 43 L=m2 h, an
impurity rejection of 57.5%, and a color rejection of 64.3%, which meant that Fe compounds were rejected to a greater extent.
However, the acrylic fiber spun from a concentrated permeate of PERMA-400 still possessed a light yellow tinge, which meant
that further improvement in impurity rejection was to be achieved to make NF truly competitive to the conventional purification
processes.

PERMA-250 was found to be ideal for this purpose as it gave excellent impurity and color rejections of almost 80% and
90%, respectively, along with a moderate average flux of 27.3 L=m2 h at 21 bar, even without initial dilution. To further
enhance its performance, dilution was introduced in the first stage itself, so that an improvement of the thiocyanate
enrichment factor to 1.28 could be obtained. It is thus vivid that PERMA membranes comprised numerous polar moieties
in the polymer matrix, which not only improves the water sorption but also its interaction with NaSCN rendering its
enhanced transport. The bivalent salts Fe, Ca, and Na and organic impurities such as b-SPA and b-SPN could not penetrate
the barrier to a larger extent. On the basis of optimum performance, PERMA-250 was considered as the right candidate for
further studies. A five-stage process was employed to achieve the remaining objectives. Table 42.5 summarizes the five-stage
process results for HPA-250 membrane. In Stage I, a batch time of 2.3 h was sufficient to obtain 60 L of permeate from a
feed of 100 L. The initial flux was 45 L=m2 h and at a stage cut of 60% the final flux was 7.6 L=m2 h. High degree of

TABLE 42.4
Comparative Performance of Four Membranes Studied for Sodium Thiocyanate Extraction in Three Stages

Membrane
Type

Feed
Pressure
(bar) Degree of Dilution Stage Cut (%) I–III

Average
Flux

(L=m2 h)

Impurity
Rejection

(%)

Color
Rejection

(%)

Average %
NaSCN in
Permeate

NaSCN
Enrichment

Factor

PA-300 24 1:0.5 1:1 1:1 60 50 50 5.8 91.3 97.0 4.35 1.38
CTA-700 15 1:0 1:0.5 1:0.75 60 50 60 25.7 42.1 47.6 6.9 1.25

PERMA-400 18 1:0 1:0.5 1:0.75 50 50 60 43.0 57.5 64.3 7.0 1.15
PERMA-250 20 1:0 1:0.5 1:0.75 60 50 60 26.3 78.8 89.4 7.1 1.1
PERMA-250 21 1:0.5 1:0.75 1:0.75 60 60 60 38.6 85.1 98.3 3.6 1.28

Note: Stage cut: 50%–60%.
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dilutions of 1:3 and 1:5 were applied in the last two stages to counter the effect of increasing impurity build up in the reject.
To prevent substantial damage to the membrane, occurring due to fouling, the current five-stage process was made more
commercially feasible by employing an initial dilution ratio of 1:0.5 in the first stage. From Table 42.5, it can be seen that the
average concentration of NaSCN of 7.1% is achievable in three stages without dilution in Stage I. This reduces the
evaporation cost, but leads to increased fouling on the membrane surface due to high TDS concentration in Stage I.
Sufficient care was to be taken to avoid excessive dilution of the feeds to prevent a drop in the average concentration of
NaSCN below the desirable value of 3.5% to match the conventional technology. Table 42.6 exhibits the performance of
PERMA-250 over a five-stage process with initial dilution. Based on the results, a scheme was planned where the permeates
of Stages I–III were collected and sent for concentration and spinning, while the permeates from Stage IV to V would be
recycled back to the system to obtain 98% NaSCN recovery along with >3.5% NaSCN product concentration and <0.25%
NaSCN in final reject (fifth stage) for disposal. It is, therefore, clear from the studies that higher degrees of dilutions produced
greater flux as well as higher NaSCN enrichment factors. Figure 42.8 depicts the influence of feed impurity concentration on
flux and rejection through PERMA-250 membrane at a constant pressure of 21 bar. Different concentrations of the feed were
prepared by dilution with DM water as well as evaporation. As the impurity concentration increased from 0.6% to 3.64%, the
flux reduced from 76.7 to 8.4 L=m2 h for a single stage operation with 60% recovery. The corresponding impurity rejection
lowered from 94.2% to 65.7%. Increasing feed concentration results in a rise in the osmotic pressure, which effectively
reduces the transmembrane pressure gradient leading to reduced rate of mass transfer. It may be noted that though NaSCN is
a permeable component, its presence definitely adds to the osmotic pressure value. The corresponding NaSCN concentration
in the feed increased from 2.5% to 15.3%.

The influence of feed pressure on performance of PERMA-250 membrane is depicted in Figure 42.9. Increasing pressure
caused enhancement of flux as well as NaSCN enrichment, due to exertion of increasing driving force on the movement of
H2O and NaSCN molecules, which are preferentially sorbed by the hydrophilic membrane. The permeation rate of the
noninteracting impurities remains relatively constant. Figure 42.9 shows that the flux increased from 8.7 to 34.2 L=m2 h,
while the impurity rejection improved from 72.1% to 77.4%. The NaSCN enrichment (not depicted in the figure) increased
from 1.23 to 1.30. The effect of feed flow rate was also studied through PERMA-250 and better separation was observed at a
feed rate of 17 L=min compared to 2 L=min since greater cross-flow minimizes concentration polarization of solutes near the
membrane surface.

TABLE 42.5
Summarized Results for Five-Stage Process without Initial Feed Dilution

Stage
Dilution
Ratio

Volume
Recovery (%)

Feed Total
Impurity (%)

Permeate Total
Impurity (%)

Impurity
Rejection (%)

Flux
(L=m2 h)

I 1: 0 60 2.43 0.60 75.3 26.3

II 1:0.5 50 3.45 0.65 81.0 27.0
III 1:0.75 60 3.60 0.71 80.2 28.5
IV 1:3 70 2.01 0.17 91.5 30.5
V 1:5 80 1.03 0.05 95.0 54.3

Note: Membrane: PERMA-250, feed pressure 21 bar.

TABLE 42.6
Summarized Results for Five-Stage Process with Initial Dilution

Stage
Dilution
Ratio

Volume
Recovery (%)

Feed Total
Impurity (%)

Permeate Total
Impurity (%)

Impurity
Rejection (%)

Flux
(L=m2 h)

I 1: 0.5 60 1.62 0.28 82.9 45
II 1:0.75 60 2.10 0.31 85.3 38
III 1:0.75 60 2.73 0.35 87.0 33
IV 1:3 70 1.57 0.18 88.3 52

V 1:5 80 0.80 0.052 93.4 82

Note: Membrane: PERMA-250, feed pressure 21 bar.
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42.2.5 PROCESS DESCRIPTION FOR OPERATION OF COMMERCIAL NANOFILTRATION PLANT

Figure 42.10 represents the process flow sheet consisting of membrane module equipment sufficient for one stage. The figure
shows the 12 modules arranged in three pressure housings each containing four spiral modules. Two pressure housings are
arranged in parallel and the third in series such that the feed is split into two streams while entering the parallel pressure
housings and the rejects from these two parallel housings are again combined to form a single stream, which enters as the feed
to the third housing. Such an arrangement is self-controlling and leads to constant input and output flow rates making the entire
membrane assembly appear as one single membrane module.

The process operation involves five stages in a cycle that is to be completed in a total duration of 12 h; which includes 10 h
for the five-stage operation, 1.5 h for reject recycle to feed tank, and 0.5 h for membrane cleaning and storage. The detailed
explanation of the process in accordance is given below.

42.2.5.1 Cycle 1

It is assumed that 8 m3 of 10% sodium thiocyanate feed solution is available in the feed tank and DM water is available at a
tapping source at a pressure of 1.5–2 bar. The feed is continuously drawn with the help of a centrifugal pump (feed transfer
pump or prefiltration pump) at the rate of 4 m3=h, while the DM water for diluting the feed is drawn at a rate of 2 m3=h. Both the
streams are forced through the static mixer to form a homogeneous solution, which then enters the prefilter assembly consisting

F
lu

x 
(L

/m
2 

h)
 (

B
)

Im
pu

rit
y 

re
je

ct
io

n 
(%

) 
(C

)

Feed impurity concentration (wt%)

0.5 1.0 1.5 2.0 2.5 3.0 3.5 4.0

100

80

60

40

20

0

100

90

C
B

80

70

60

50

FIGURE 42.8 Effect of impurity concentration on flux and rejection.

35
C

B

78

77

76

75

74

73

72

30

25

20

15

10

5

0

5 10 15 20

Feed pressure (Kg/cm2)

25 30

Im
pu

rit
y 

re
je

ct
io

n 
(%

) 
(C

)

F
lu

x 
(L

/m
2
h)

 (
B

)

FIGURE 42.9 Influence of feed pressure on flux and rejection.

Pabby et al./Handbook of Membrane Separations 9549_C042 Final Proof page 1118 14.5.2008 3:49pm Compositor Name: VAmoudavally

1118 Handbook of Membrane Separations



of iron filter, bag filter, and micron filter placed in series. The feed is then drawn by the high-pressure pump, and fed into the
membrane assembly at 6 m3=h. The feed is recirculated for 10 min before the control valve placed on the reject line is throttled
to obtain the desired operating pressure (15–25 bar), which signals the beginning of Stage I. The reject is now collected at 2.4
m3=h in the reject tank, while the product is collected at the rate of 3.6 m3=h in the permeate product tank. Stage I gets
terminated in 2 h of operation during which a total feed quantity of 12 m3 constituting 8 m3 of original 10% feed is emptied
from feed tank and 4 m3 of DM water is consumed for dilution. A permeate quantity of 7.2 m3 gets accumulated in product tank
and a reject of 4.8 m3 is separately collected.

Stage II is instantaneously started with 4.8 m3 of feed (reject of Stage I) being drawn by a centrifugal pump at a decreased
rate of 2.4 m3=h and DM water drawn at an increased rate of 3.6 m3=h. The fluid flow pattern is similar as in Stage I except for
the fact that feed and DM water flow rates entering the static mixer are now different. However, the diluted feed flowing into the
membrane assembly is once again maintained at 6 m3=h. The permeates and rejects are once again collected at rates and
quantities similar to Stage I.

Stages III–V follow exactly the same pattern as Stage II. Permeates from Stage I to III constitute a total quantity of 21.6 m3,
which is the product containing >3.5% sodium thiocyanate. This product is sent to the evaporator for concentration and
spinning. However, the permeates for Stages IV and V are collected in the permeate recycle tank for use as diluting liquid from
cycle 2 onwards. The reject after Stage V is sent for disposal. It may be noted that the dilution ratio for Stage I is 1:0.5, while it
is 1:1.5 for all the subsequent stages. This holds good for all the cycles of operation.

Feed
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tank

DM water

Prefilter

Static mixer

Recycle

Final reject to ETP

Evaporator
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Membrane assembly
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FIGURE 42.10 Process flow diagram for commercial nanofiltration plant of 8 m3=day capacity.
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42.2.5.2 Cycle 2

The process for cycle 2 is similar to that of cycle 1 except for the fact that initially the 14.4 m3 of recycle permeate available in
the permeate recycle tank is used for feed dilution during a couple of stages. The recycle permeates are used for diluting feeds in
Stages II and III, while DM water is tapped for the other stages.

42.2.5.3 Membrane Cleaning and Storage

A tank of polypropylene make of 200 L capacity is generally provided along with the membrane system for cleaning in place
(CIP). Tap water is collected in the CIP tank and the NaSCN feed present as dead volume in the system is displaced using high-
pressure pump. A 200 L of DM water is then filled in the CIP tank to which 2 kg of one of the cleaning agents is added and
dissolved. The membrane is thus washed in two or three separate steps using citric acid and TSP on a daily basis and EDTA on
a weekly basis for a duration of 10 min each. The membrane is finally stored in 1% sodium metabisulfite (SMBS) aqueous
solution prepared in DM water. At the beginning of a fresh cycle of operation the dead volume of 1% w=v SMBS solution
present in the membrane and pipeline is removed by displacement with NaSCN feed solution.

42.2.6 SIMULATION AND DESIGN

A simulation program was prepared using excel functions based on the results obtained with PERMA-250 membrane in
a five-stage process scheme with initial and intermittent dilution. The purpose of simulation [188] was to determine the
material balance, membrane area requirement, and compositions of the exiting permeate and reject streams in response to
different feed inputs comprising NaSCN concentration, impurity concentration, enrichment factors, quantity of demineralized
water required for dilution and permeate percentage recovery in each stage (stage cut). For this study, Table 42.7 describes
the base case operating conditions and membrane specifications considered for designing a commercial NF system
capable of processing 8 m3=day of 10% sodium thiocyanate feed containing 2%–4% of impurities including color, which
must be processed to an output product solution containing at least 3.5% NaSCN besides negligible color and other
impurities (<0.8%).

TABLE 42.7
Base Case Operating Conditions for Process Design and Membrane
Specifications for Commercial Nanofiltration Plant

Operating Condition=Parameter Specification

Feed capacity 8 m3=day

Feed concentration 10% NaSCNþ 3% total impurity
Feed pressure 21 bar
Feed temperature Ambient

Number of stages 5
Initial feed dilution ratio 1:0.5
Subsequent dilution ratios 1:1.5

Total feed quantity per stage 12,000 L
Stage cut 60% (7,200 L)
Duration of operation per stage 2 h
Total time of operation=day 12 h

Minimum NaSCN recovery 98%
Minimum NaSCN concentration in product 3.5%
NaSCN concentration in final reject <0.25%

Recommended range of flux 20–45 L=m2 h
Membrane type PERMA-250
Modular configuration Spiral wound

Total membrane area requirement 90 m2

Dimension of each module 400 dia� 4000 length
Effective area in each module 7.5 m2

Total number of spiral modules 12
Number of FRP housings 3
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The design (for the first cycle of operation) was made as simple as possible to enable easy understanding and effortless
operation as shown in Table 42.8. The total membrane area required for processing a feed of 12 m3 in 2 h was also stipulated
from the simulation program. It is a well-known fact that the area required is a function of the flux [14]. Figure 42.11 shows
the variation of area with the average flux for a five-stage process. Flux between 20 and 45 L=m2 h is within the acceptable
range, while a rate below 20 L=m2 h would be uneconomical and a value higher than 45 L=m2 h is preferentially avoided to
minimize membrane fouling. The membrane area required for every two hourly stage, in the present case, was found to vary
from 180 to 80 m2 as the flux increased from 20 to 45 L=m2 h. Thus, the area required to obtain a permeate of 7.2 kg in 2 h at
a flux of 40 L=m2 h is 90 m2. Five stages would require a total operation time of 10 h. It may be noted that the same
membrane area of about 90 m2 can be utilized to operate each stage individually. As per the standard modular configurations
(Table 42.7) available with the supplier (Permionics Membranes Pvt. Ltd., Baroda, India), the spiral membrane module of 400

diameter� 4000 length was chosen, which gives an effective area of 7.5 m2 each. Hence 12 such modules would provide an
area of 90 m2.

42.2.6.1 Material Balance

The material balance for the first cycle of operation in the present study is shown in Figure 42.12. The present material balance
shows a total input of 12 m3 of 10% NaSCN feed containing 3% impurities. A total amount of 18.4 m3 of DM water is added
for dilution of feeds during the five stages from cycle 2 onwards. The output product is 21.6 kg of 3.6% NaSCN, which is free
of color and contains only 0.06% of impurities since a dilution of 1:1.5 is employed from Stage II onwards. The other output is
a final reject quantity of 4.8 m3 containing <0.1% NaSCN and 4.7% impurities for disposal. The total NaSCN recovery is
99.4% and impurity rejection 94.2%.

TABLE 42.8
Optimized Five-Stage Process Scheme for Feed Capacity of 8 m3=day (Second Cycle of Operation
Onwards [Steady State])

Stage
Feed Solution

(Liters) and Source
Demineralized
Water Added (L)

Total Feed
Volume

Permeate Volume (L)
and Recovery Reject Volume (L) Flux (L=m2 h)

I 8,000 4,000 12,000 7,200 4,800 40

Fresh feed Fresh DM water 60%
II 4,800 7,200 12,000 7,200 4,800 40

Reject of Stage I Permeate of Stage IV, cycle 1 60%

III 4,800 7,200 12,000 7,200 4,800 40
Reject of Stage II Permeate of Stage V, cycle 1 60%

IV 4,800 7,200 12,000 7,200 4,800 40
Reject of Stage III Fresh DM water 60%

V 4,800 7,200 12,000 7,200 4,800 40
Reject of Stage IV Fresh DM water 60%
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FIGURE 42.11 Variation of membrane area requirement per stage with average flux.
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42.2.7 ECONOMIC ESTIMATION

42.2.7.1 Capital Investment

The two most important as well as expensive equipments in an NF system are the membrane assembly and the high-pressure
system pump [189]. Most of the equipment shown in Figure 42.10 are listed in Table 42.9. These include membrane assembly,
static mixer, prefilter assembly, besides fiber-reinforced plastic (FRP) tanks for storage of feed, permeate, and reject. The
accessories that are not shown in Figure 42.10, but which form an integral part of the NF system are the low- and high-pressure
pumps besides piping and instrumentation. The cost of each equipment was estimated in Indian rupees, but presented in U.S.
dollars assuming an exchange rate of Rs 50 per U.S. dollar.

NaSCN solution being highly corrosive, the material for tanks and membrane housings was FRP, while piping and other
contacting parts were made from stainless steel 316 L. The FRP feed tank (1 no.), permeate tanks (2 nos), and reject tank
(1 no.) of 15 m3, 25 m3, and 15 m3, 5 m3 capacities respectively, were purchased at the rate of $216 per cubicmeter. The total
capital investment for the NF system came to $38,000 excluding expenditure for site preparation. The space required for
installation of the NF system was 10� 8 m.

NF system

DM water
Capacity
NaSCN
Inp

18,400 L
0%
0%

Permeate
Capacity
NaSCN
Inp

21,600 L
3.68%
0.06%

Feed
Capacity
NaSCN
Inp

8,000 L
10%
3%

Reject
Capacity
NaSCN
Inp

4,800 L
0.1%
47%

FIGURE 42.12 Overall material balance diagram for commercial nanofiltration system.

TABLE 42.9
List of Equipment and Capital Cost for Commercial Nanofiltration Plant

Description Capacity=Size Quantity Material of Construction Unit Price ($)

Prefilter assembly 75 L=min 01 MS epoxy 1,600

PERMA-250 membranes, pressure
vessels, piping and skid

400 � 4000 01 set — 9,700

Static mixer 2 m long 01 SS316L 800

System pump (high pressure) 50 L=min 01 SS316L 6,000
Feed transfer pump 75 L=min 01 PP 700
Permeate recycle pump 100 L=min 01 PP 1,000

Reject recycle pump 200 L=min 01 PP 1,200
Storage tanks for feed,
permeate, and reject

5–25 m3 05 FRP 13,000

Piping, instrumentation — 01 set SS316L 4,000
Total 38,000
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42.2.7.2 Operating Cost

Power cost for running a high-pressure pump of reasonable capacity and periodic membrane replacement account for a major
proportion of the operating costs in NF [190]. Other contributors to the operating cost include consumables such as dosing
chemicals for pretreatment of feed before NF, cleaning chemicals and utilities such as DM water, etc. The basis for calculation
was a membrane life span of 2 years taking into consideration a 11 h=day period of operation. The number of working days per
annum was assumed to be 325. From calculations, the power consumed by the high-pressure pump was 3,1736.25 kWh per
year amounting to $2540 per annum. The feed transfer pump, permeate, and reject recycle pump were expected to incur annual
power consumptions of 6303.7, 1212.25, and 775.8 kWh, respectively. Hence the total power consumed was 40,028 kWh,
which costs $10 per day and $3200 per year.

42.2.7.2.1 Membrane Replacement
The cost of 12 modules (1 module of 7.5 m2 effective area costing $600) was $7200. The membrane life is expected to be
2 years for 11 h duration of operation per day.

42.2.7.2.2 Dosing Chemicals for Feed Pretreatment
The dosing chemicals such as antiscalant, SMBS (to consume free chlorine), and HCl used cost $3 on a daily basis.

42.2.7.2.3 Cleaning Chemicals
Cleaning agents, such as citric acid, EDTA, and TSP, and preservatives such as sodium metabisulfite costed $2 per week.

42.2.7.2.4 Utilities
Demineralized water for feed dilution and membrane storage, besides raw water for cleaning purpose, constitutes the main
utilities. Raw water costs $0.18 per cubicmeter while DM water is three times costlier. The quantity of raw water required is
0.5 m3=day and that of DM water is 19 m3=day. Other consumables, such as pump oil and spares, were negligible compared to
the above costs and are not included. Existing Labor for conventional purification equipment was expected to operate NF plant.
The total operating cost was determined to be $11,700 per annum. Table 42.10 gives the total operating cost for the commercial
NF plant.

42.2.8 CONCLUSIONS

Nanofiltration appears to be a promising process to recover impurity-free sodium thiocyanate from aqueous industrial process
solution due to removal of color and most impurities in a single step at a reasonably high rate. Among the membranes tested,
PERMA-250 was found to exhibit the optimum performance in terms of flux and impurity rejection with the permeate
generated being practically colorless. PERMA-250 also showed sufficient affinity for sodium thiocyanate, which enabled the
permeate to be enriched in NaSCN and the feed to be completely stripped off the same compound. Under the same operating
conditions PERMA membranes gave 5–6 times higher flux compared to ordinary polyamide membrane of similar MWCO
owing to greater sorption of water. A five-stage process design involving initial and intermittent dilution of the feed with
recycle of the fourth and fifth stage permeates was ideal in achieving objectives including >98% NaSCN recovery in the
permeate and <0.25% NaSCN in the final reject for disposal. Simulation using Excel functions enabled determination of output
characteristics such as overall material balance, permeate and reject compositions, percentage recovery, expected fluxes, and
most significantly the membrane area requirements for input characteristics such as feed capacity, stage dilution ratio, NaSCN

TABLE 42.10
Operating Cost Estimate for Commercial NF Plant

Type of Cost Details Cost=Day ($) Cost=Year ($)

Power 2 Pumps-1 Hp 10 3,200
1 Pump-2 Hp
1 Pump-12.5 Hp

Dosing chemicals Anti-scalant, SMBS 3 1,150
HCl

Cleaning chemicals EDTA, citric acid 2 400

TSP
Membrane replacement PERMA-250 spiral

modules (9 nos)
10 3,600

Utilities DM water 10 3,350
Raw water

Total 35 11,700
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enrichment factor, and feed pressure. The commercial plant incurred a capital investment of $38,514, while the operating cost
was $11700 per annum. The life of the PERMA-250 membrane was expected to be 2 years for a 12 h period of operation per
day. Maintenance of the NF membrane through daily washing with citric acid and TSP followed by storage in aqueous solution
of sodium metabilsulfite was necessary to extract maximum life.
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43.1 MEMBRANE ENGINEERING FOR PROCESS INTENSIFICATION

It is well understood today that our society has to face the challenge of modifying the traditional industrial growth to a
sustainable growth, if we want to continue developing for generations. In principle, adverse environmental impact can be
notably reduced by optimizing the existing activities. Present design methods are effectively devoted, in most cases, to manage
wastes better, to introduce methods for pollution abatement, and to realize cleaner processes for cleaner products. Nevertheless,
these positive effects are expected to be offset by the ongoing growth. Traditional environmental management and pollution
prevention will not suffice in the long run; newer approaches, which are radically innovative and integrated, are needed. The
chemical and engineering community are already paying significant attention to the quest for technologies that would lead us to
the goal of technological sustainability.

A promising example with a lot of interest by process engineers is the strategy of process intensification. It consists of
innovative equipment, design, and process development methods that are expected to bring substantial improvements in
chemical and any other manufacturing and processing, such as decreasing production costs, equipment size, energy consump-
tion, waste generation, and improving remote control, information fluxes, and process flexibility.

In this frame, an interesting and important case is the continuous growth of modern membrane engineering whose basic
aspects satisfy the requirements of process intensification [1]. Membrane operations, with their intrinsic characteristics of
efficiency and operational simplicity, high selectivity and permeability for the transport of specific components, compatibility
between different membrane operations in integrated systems, low energetic requirement, good stability under operating
conditions and environment compatibility, easy control and scale-up, and large operational flexibility, represent an interesting
answer for the rationalization of chemical productions.

Many membrane operations are practically based on the same hardware (materials), only differing in their software
(methods). The basic properties of membrane operations make them ideal for industrial production: they are simple in concept
and operation; they are modular and easy to scale-up; and they are low in energy consumption with a remarkable potential for a
more rational utilization of raw materials, and recovery and reuse of by-products.

Practically, there is a lot of opportunities for membrane separation processes in all areas of the modern industry. The most
interesting developments for industrial membrane technologies are related to the possibility of integrating various membrane
operations in the same industrial cycle, with overall important benefits in terms of product quality, plant compactness,
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environmental impact, and energetic aspects. At present, redesigning important industrial production cycles by combining
various membrane operations suitable for separation and conversion units, thus realizing highly integrated membrane
processes, is an attractive opportunity because of the synergic effects that can be attained [2].

43.2 FUNDAMENTAL STUDIES ON MEMBRANES ENGINEERING

A continuous research work on membrane properties and fundamental aspects of transport phenomena in the various membrane
operations is important for the future of membrane science and technology. There is a need for both basic and applied research
to develop new membranes with improved properties and new membrane processes. These research efforts must take into
account the studies done in other areas such as supramolecular chemistry, molecular imprints materials, nanotechnology,
nonlinear optics, studies on biological membranes and biological phenomena, etc.

Progress in better understanding of fouling phenomena and their prevention, improving of membrane selectivity, and
development of new enantioselective membranes, are some examples of sectors where basic research can contribute.

More progresses on anticipating and predicting relationship between membrane chemical properties, their morphology and
configuration, with the overall membrane phenomena, are still necessary, as well as, the role of interfacial phenomena and the
influence of the properties and phenomena in the solution upstream and downstream the membrane surfaces.

Computational strategies will be key tools for the understanding of properties and behavior of materials to exploit the
potential use of novel highly complex composite systems, new molecules and new multifunctional materials, also in membrane
technology.

The possibility to design, using molecular dynamics tools, new organic or inorganic materials having selectivity for
different chemical species similar to the palladium for hydrogen or to the perovskite for oxygen, might be an interesting area for
future research activities.

43.3 REVERSE OSMOSIS IN SEAWATER AND BRACKISH WATER DESALINATION

Desalination of seawater and brackish water has been at the origin of the research efforts on reverse osmosis (RO). Today, the
scarcity of potable water resource is in fact one of the main worldwide problem. Membrane technology had contributed and can
further contribute in the future for the resolution of water scarcity emergency. Membrane technology is nowadays well
recognized as the most convenient approach in desalination, producing daily more water than any thermal systems. More
progresses can be anticipated in terms of overall costs reduction and quality improvement, by the growing integration of
different membrane operations in the same desalination system. Microfiltration (MF) and ultrafiltration (UF) are becoming
standard in the feeds pretreatment alternative to the traditional sand filters, active charcoal, and similar.

MF is a low energy-consuming technique that can be used to efficiently remove suspended solids and to lower COD=BOD
(chemical oxygen demand=biological oxygen demand) and silt density index (SDI) [3,4]. UF is able to retain suspended solids,
bacteria, macromolecules, and colloids thus reducing the potential of fouling and biofouling; despite of the larger pressure
gradient with respect to MF, this membrane separation method remains competitive against conventional pretreatments. The
introduction of nanofiltration (NF) pretreatment step leads to significant improvement in the reliability of RO; hardness is
strongly reduced, as well as the most part of multivalent ions; monovalent species are also retained by 10%–50% depending on
the membrane properties. As consequence, the osmotic pressure of the RO feed stream is decreased, thus allowing the unit to
operate at high recovery factors without scaling problems.

Membrane contactors (MCs) represent another interesting frontier in the application of membrane technology in seawater
desalination. Gas–liquid application for addition=extraction of selected gasses or operation like membrane crystallization has
been recognized in some new experimental works, as important ways for improve efficiency and get some advantages for the
overall desalination processes [5,6].

The increase of the low values of the recovery factor in the RO step by the introduction of membrane contactors stages on
the brines of both NF, if used, and RO, has been recently proposed in literature (Figure 43.1). The use of gas–liquid membrane
contactors can lead to a better and specific control of the gases dissolved in the feeds, thus preventing corrosion problems,
reducing posttreatment operations, and providing optimal conditions for possible selective crystallization. Membrane con-
tactors, in the form of membrane crystallizers, have been also recently tested as an innovative application in reducing the
polluting charge and recovery some valuable salts of commercial relevance from the high concentrated brine of NF or RO
plants in desalination installations (Figure 43.1) [5,6].

Presently, about 48% of all desalination facilities discharge their concentrate waste stream into surface waters or the ocean.
This disposal method represents currently the most-effective and less-expensive option for both smaller and larger systems
located near coastal regions. However, the promulgation of more and more stringent environmental protection regulations will
reduce progressively this opportunity. In particular, the study of alternative design pathways for brine concentration is
encouraged as viable opportunity to obtain value from saline waste streams, with consequent benefits in terms of overall
costs reduction. In this respect, a membrane crystallization step for recovery of commercial solid substances that are present in
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the concentrated streams of the desalination plants, can improve the whole desalination process. The spontaneous precipitation
of calcium carbonate from NF retentate has resulted in the formation of both NaCl and MgSO4 � 7H2O salts using a membrane-
based crystallization unit. In particular, it has been showed that 8.4 kg of MgSO4 � 7H2O can be obtained per cubic meter of NF
reject. When a membrane crystallizer follows an RO stage, the highly concentrate brine does not represent waste but rather the
mother liquor in which sodium chloride crystals could nucleate and grow. The presence of the NF as pretreatment allows
increasing the water recovery of the RO unit up to 50%. Moreover, introduction of a membrane crystallizer leads to a 100%
recovery and elimination of the brine disposal problem, representing the pure crystals produced a valuable product
(Figure 43.1).

The progress made in membrane-based desalination has lead to the substitution of evaporation plants with RO systems in
different part of the world. For example, the United States holds the second position in worldwide desalination capacity (15.2%
of the world production) and the 78% of their production come from RO treatments. Mediterranean countries, including Spain,
Malta, Cyprus, and Israel, have also reverted from traditional multistage flash (MSF) to RO during the past two decades.
The water production by reverse osmosis desalination plants passed from 36% of the global desalting capacity in 1996 to 42%
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FIGURE 43.1 Integrated membrane system proposed for seawater desalination. (Adapted from Drioli, E., Curcio, E., Criscuoli, A., and
Di Profio, G., J. Membr. Sci., 239, 27, 2004.)
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in the 2000; the opposite trend was evident for the thermal plants. In particular, MSF processes passed from the 54% in 1996 to
the 44% in 2000. In 2002, total installed or contracted desalting capacity based on RO processes reached the value of MSF-
based plants at 43.5% of the world-installed capacity [7]. Currently the water production by membrane techniques has exceeded
that of the traditional thermal systems, thanks to the construction of new systems. One of the Europe’s largest seawater reverse
osmosis (SWRO) plant was realized in the 2002 at Carboneras in Spain; this plant has a capacity of 120,000 m3=day. Moreover,
many large plants are under construction. Particularly, in April 2003 began the realization on the South Israel (Ashkelon) of a
SWRO plant which, once fully completed, will be the largest in the world. This plant alone will contribute to 100 million
m3=year; the design will use advanced SWRO technology and state-of-the-art energy recovery systems to reduce operating
costs and achieve one of the lowest water prices for this kind of operation ($0.527=m3). A more ambitious project is the
realization of a desalination plant between Red Sea and Dead Sea, using the process of hydrostatically supported reverse
osmosis to provide a desalinated seawater (Figure 43.2). Hydrostatic energy potential of 300 m elevation difference between
Red Sea and Dead Sea will be used for desalination by hydrostatically supported SWRO. On completion, this plant will
produce 26 m3=s of water.

The need for even more cost-effective and efficient systems for water recovery was, and continues to be, the driving force
for the research and development in RO technology.

43.4 MEMBRANE-BASED GAS SEPARATION

The membrane-based gas separation (GS) processes are characterized by lower energy consume and capital investments
compared to traditional gas separation systems. Both porous and nonporous membranes can be used in GS. Generally, porous
membranes exhibit high level of gas flux but low selectivity. On the contrary, dense membranes generally provide high
selectivity and low flux values compared to porous ones [8]. In a porous membrane, gas with different size can be separated; in
a dense membrane, even gas having similar size can be separated. Membrane-based gas separation can be used as a single
separation unit, or as part of an integrated separation system.
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FIGURE 43.2 The three alignments suggested for the realization of a seawater reverse osmosis (SWRO) desalination plant between Israel
and the Hashemite Kingdom of Jordan. (From http:==www.mfa.gov.il=mfa.)
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Theoretical infinite selectivity can be achieved for hydrogen separation by Pd or Pd-alloy membranes. Hydrogen is one of
the most important gases for industrial applications and its production is principally based on steam reforming of methane. The
reaction is carried out at high temperature, about above 1000 K, because of the equilibrium of the endothermic reactions
involved in the process:

CH4 þ H2O , 3H2 þ CO (DG and DH at 1000 K are�28 and 225 kJ mol�1, respectively)

and

CH4 þ 2H2O , 4H2 þ CO2 (�30 and 191 kJ mol�1, respectively) [9]

Many studies demonstrate that Pd-based membranes with ideally infinite selectivity for H2 can be used to increase the
equilibrium conversion of steam reforming of methane by H2 removal [10,11]. The driving force in this process is the partial
pressure difference.

The high cost, limited lifetime, and low permeability are relevant limits of Pd and Pd-alloy membranes. To overcome these
drawbacks, many studies have been carried out for the preparation of supported metallic membranes in which a thin metallic
layer is supported on a thicker sublayer. However, the preparation technology of metallic membranes is still today not
sufficiently mature and more work is necessary to produce defect free and stable membranes at acceptable costs.

Hydrogen separation can also be carried out using electrochemical method in an electrolysis cell. By applying a direct
current to a proton-conducting membrane, hydrogen can be electrochemically dissociated at the anode, transported through the
membrane as hydrated and protons, and recovered at the cathode. In this process, the electrochemical potential difference
provides the driving force, and the separation rate can be easily controlled acting on the applied current [12].

In fuel cells systems, as reported in recent patents [13,14], membranes will be present not only as PEM (proton-exchange
membrane), which allows protons to pass from the anode to the cathode where they are combined with oxygen and electrons to
produce water, but also for the production and purification of the H2 (Figure 43.3). This system provides a CO2-selective
membrane process for the purification and water gas shift reaction of a reformed gas, generated from on-board reforming of a
fuel, e.g., hydrocarbon, gasoline, diesel, methanol, or natural gas, to hydrogen for fuel cell vehicles.

Membranes have interesting application also in oxygen separation. In many gas-fired power plants for electricity
generation, the oxygen for combustion is produced by very expensive cryogenic air separation techniques. This technology
requires large plants to cool air to several 1008 below zero to separate the component gases. Nitrogen and oxygen are then
distributed to customers in liquid form by tanker trucks. About noncryogenic air separation, membrane technology offers
interesting opportunities. Recent advances in the development of ion-transport membranes using dense mixed-conducting
ceramic membranes to separate oxygen from air [15] will contribute to the complete replacing of cryogenic air separation
techniques.

Perovskite-structured oxides with high electronic and oxygen ion conductivities could be used as a membrane alternative to
solid electrolytes for oxygen separation. In such materials, both oxygen ions and electronic defects are transported in an internal
circuit in the membrane material.

Perovskite membranes are interesting systems not only for their possible applications (e.g., fuel cells, oxygen generators,
oxidation catalysts) but also for the fundamental fascination of fast oxygen transport in solid-state ionic.

43.5 CATALYTIC MEMBRANE REACTORS

Catalytic membrane reactors (CMRs) are an interesting example of integrated system in which molecular separation and
chemical conversions are combined in one unit.
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FIGURE 43.3 One of the integrated system proposed in a U.S. Patent, ExxonMobil property. (Adapted from U.S. Patent No. 6 579 331 B1.)

Pabby et al./Handbook of Membrane Separations 9549_C043 Final Proof page 1135 13.5.2008 6:08pm Compositor Name: BMani

Future Progresses in Membrane Engineering 1135



The heterogenization of catalysts in membrane is particularly suitable for catalyst design at the atomic and molecular level.
One of the main advantages of the membrane reactors, compared to traditional reactors, is the possibility to recycle easily the
catalyst. Moreover, the selective transport properties of the membranes can be used to shift the equilibrium conversion (e.g.,
esterification reaction), to remove selectively products and by-products from the reaction mixture, to supply selectively the
reagents (e.g., oxygen for partial oxidation reactions).

The scientific literature on CMRs is significant today; however, practically only few large-scale industrial applications have
been reported so far because of the relatively high price of membrane units. However, current and future advancements in
membrane engineering might significantly reverse this trend. CMRs are today successfully applied in small-scale operations,
but for their use on large industrial scale, additional efforts mainly related to the optimization of membrane materials, modules
manufacturing and reactors design, are required.

The application of CMRs appears of particular interest in several areas such as hydrogen production, oxidation reactions,
and enantiomeric productions.

A special category of membrane reactors exists when the membrane defines the reaction volume, e.g., by providing a
contacting zone for two immiscible phases (phase-transfer catalysis) excluding solvents and thus making the process
environmentally more attractive.

The first applications of CMRs have concerned high temperature reactions. The employed inorganic membranes, charac-
terized by higher chemical and thermal stability with respect to polymeric membranes, still today suffer from some important
drawbacks: high cost, limited lifetime, difficulties in reactor manufacturing (delamination of the membrane top-layer from the
support due to the different thermal expansion coefficients).

On the other hand, the use of polymeric membranes in CMRs is increasing in interest [16]. The cost of polymeric
membranes is generally lower in comparison with inorganic ones, and the preparation protocols allow a better reproducibility;
moreover, the relatively low operating temperatures are associated with a less stringent demand for materials used in the reactor
construction [16].

In general, polymeric membranes are less resistant to high temperatures and aggressive chemicals than inorganic or metallic
membranes. However, polymeric materials resistant under rather harsh conditions, namely polydimethylsiloxane, Nafion,
Hyflon, polyvinylydene fluoride, are today available. Moreover, many reactions of relevant interest in fine chemical synthesis
or in water treatment take place under mild conditions.

For biological applications, syntheticmembranes provide an ideal support for catalyst immobilization due to their wide available
surface area per unit volume; enzymes that are retained in the reaction side do not pollute the products and can be continuously
reused. Biocatalytic membrane reactors can also be used in production, processing, and treatment operations. The trend toward
environmentally friendly technologies makes these units particularly attractive because of their ability to operate at moderate
temperature and pressure, and reduce the formation of by-products. Enzymes, compared to inorganic catalysts, generally permit
greater stereospecificity, and higher reaction rates undermilder reaction conditions. Relevant applications of biocatalyticmembranes
reactors include production of new or better foodstuffs, in which desired nutrients are not lost during thermal treatment; novel
pharmaceutical products with well-defined enantiomeric compositions; wastewater treatment. The catalytic action of enzymes is
extremely efficient, selective and highly stereospecific when compared with chemical catalysts; moreover, immobilization proced-
ures have been proven to enhance the enzyme stability. In addition, membrane bioreactors are particularly attractive in terms of eco-
compatibility because they do not require additives, are able to operate at moderate temperature and pressure, and reduce the
formation of by-products. Potential applications have been at the origin of important developments in various technology sectors,
mainly concerning: induction of microorganisms to produce specific enzymes, techniques of enzymes purification, bioengineering
techniques for enzyme immobilization, and design of efficient productive cycles.

One of the most interesting aspects of catalyst heterogenization in membranes is the effect of the membrane environment on
the catalyst activity. Membrane composition (hydrophobic or hydrophilic characteristics of the membrane material, presence of
chemical groups with acid or basic properties, etc.) and membrane structure (dense or porous, symmetric or asymmetric) can
positively influence the catalyst performance, not only by the selective sorption and diffusion of reagents or products, but also
influencing the catalyst activity by electronic (electron-donating and electron-withdrawing groups) and conformational effects
(stabilization of the transition states). These effects are similar to those occurring in biological membranes.

A membrane-induced structure-reactivity trend that may be exploited to achieve selective processes has been recently
observed in polymeric catalytic membranes prepared embedding polyoxotungstates, W(VI)-oxygen anionic clusters having
interesting properties as photocatalysts, in polymeric membranes [17]. These catalytic membranes have been successfully
applied in the photooxidation of organic substrates in water providing stable and recyclable photocatalytic systems.

Membrane reactors using biological catalysts can be used in enantioselective processes. Methodologies for the preparation
of emulsions (sub-micron) of oil in water have been developed and such emulsions have been used for kinetic resolutions in
heterogeneous reactions catalyzed by enantioselective enzyme (Figure 43.4). A catalytic reactor containing membrane
immobilized lipase has been realized. In this reactor, the substrate has been fed as emulsion [18]. The distribution of the
water organic interface at the level of the immobilized enzyme has remarkably improved the property of transport, kinetic, and
selectivity of the immobilized biocatalyst.
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An innovative potential application of membrane technology in catalysis and in CMRs might be the possibility to produce
catalytic crystals with a well-defined size, size distribution, and shape by membrane crystallization [19,20] (Figure 43.5).
Membrane crystallization is particularly attractive for the preparation of heat-sensitive catalysts such as enzymes.

43.6 MEMBRANE-BASED ARTIFICIAL ORGANS

The progress made in the last years in membrane science and technology has a positive fall out, not only in separation industrial
processes but also in biotechnology and medical applications.

In particular, membrane bioartificial organs are promising means of treating acute organs failure in alternative to
transplantation this is not an option for many patients.

Membrane, with appropriate permeability characteristics, as well as, physicochemical properties, is used in bioartificial
organs as selective barriers to compartmentalize isolated cells while allowing the transport of nutrients and metabolites to cells
and the transport of catabolites and specific metabolic products to blood. Moreover, the membrane avoids the contact between
immune system components with xenogenic cells to prevent immunological response and rejection of xenograft.

Currently, the main areas of interest in membrane bioartificial organs include the bioartificial kidney, the bioartificial
pancreas, and the bioartificial liver. Very interesting is also the study of artificial membrane retina, where an artificial membrane
is used to convert the light signals to electric signals through the structural change of the membrane [21]. Membrane technology
has also relevant potentiality in neural engineering [22] for the development of brain-implantable biomimetic devices.

Cytocompatibility is a key issue for membrane in bioartificial organs. In this respect, the development of new materials with
physicochemical properties that provide improved blood=cell compatibility is strictly related to the progress in this promising

(S)-naproxen methyl ester

(R)-naproxen methyl ester (R)-naproxen

Membrane

Lipase

H2O

COOH
COOCH3

COOCH3
COOH

CH3O

CH3O

CH3O

CH3O

(S)-naproxen

FIGURE 43.4 Scheme of the S- and R-naproxen isomer production in the enzyme-emulsion membrane reactor. (From Li, N., Giorno, L.,
and Drioli, E., Ann. N.Y. Acad. Sci., 984, 436, 2003.)

20 mm

(a) (b)

FIGURE 43.5 Lysozyme (a) (Reprinted from Di Profio, G., Curcio, E., and Drioli, E., J. Cryst. Growth, 257, 359, 2003. With permission
from Elsevier.) and trypsin (b) (Adapted from Drioli, E., Curcio, E., and Di Profio, G., Chem. Eng. Res. Des., 83(A3), 223, 2005.) crystals
grown on PP microporous hydrophobic membrane.
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area. Polymer-based materials have numerous applications in medicine for their relative inertness and possibility of controlled
degradation to harmless by-products.

A recent study has shown that membranes made of a modified polyetheretherketone (PEEK-WC) are interesting materials for
biomedical applications [23,24]. The cytocompatibility of PEEK-WC membranes was evaluated by culturing hepatocytes
isolated from rat liver (Figure 43.6). The properties of PEEK-WC membranes were compared to polyurethane membranes
prepared using the same technique, and commercial membranes (made of Nylon, polyethersulphone, and polyester). The results
have shown that PEEK-WCmembranes promoted hepatocyte adhesion most effectively and metabolic activities of cells cultured
on these membranes improved significantly.

The interesting results obtained, not only with PEEK-WC but also with other materials, encourage further research work to
better understand and improve the potentialities of membranes in biomedical applications.

In cell encapsulation, ultrathin polymeric membranes microcapsules are used for the immunoprotection of transplanted
cells. The membrane must allow the selective passage of some molecules but must act as a barrier to others. As a consequence,
a careful material design is fundamental.

Membrane capsules containing dopamine-secreting cells have been investigated for treating of Parkinson’s disease.
Immunoprotective membrane cell transplants are also being used in the treatment of other nervous system disorders [25].

Although the interesting results obtained in many studies, the lack of clinical-grade polymers and the difficulties in the
production of uniform capsules with excellent repeatability and reproducibility, still limits the clinical applications of this
technology [26].

Membrane emulsification has been recently proposed for the preparation of stable and uniform-sized microcapsules [27].
Membrane emulsification is a technology that allows to obtain uniform emulsions at low energy input compared to the
emulsion prepared using high-pressure homogenizers and rotor=stator systems; therefore, it is very useful for the preparation of
emulsions containing labile compounds such as bioactive molecules sensitive to shear stress [28].

Membranes have been also used in the antisolvent solidification process wherein a liquid medium containing organic or
inorganic compounds which have to be solidified, is forced through a membrane into one or more antisolvent. Alternatively,
one or more antisolvent can be forced through a membrane into a liquid medium containing the compounds, which are to be
solidified, yielding a composition comprising these organic or inorganic compounds [29].

For many industrial applications, the particle size of the solidified compounds is very important. This issue is of particular
interest in the area of pharmaceutical product development. For example, in low dosage forms it might be difficult to obtain a
good homogeneity if the particle size is too large. Moreover, a large particle size can make the pharmaceutical compound
difficult to process into a pharmaceutical end product. The particle size also influences the ease of segregation in a mixing
process, which takes place before tabletting. The controllability of the particle size is also important because a wide variation in
particle size of the pharmaceutical compounds can lead to insufficient control of its concentration. Moreover, if
the pharmaceutical compounds are prepared in a crystalline form, the purity, crystal size distribution, and polymorphy of the
crystals can be very important. For example, differences in crystal structure can lead to a difference in physicochemical
parameters such as stability, rate of dissolution, melting point, etc., which frequently are strongly influenced by the crystal
forms of a polymorphous compound.

20 mm

FIGURE 43.6 Liver cells after 48 h of culture onmicroporous PEEK-WCmembranes. (Reprinted fromDeBartolo, L.,Morelli, S., Rende,M.,
Gordano, A., and Drioli, E., Biomaterials, 25, 3621, 2004. With permission from Elsevier.)
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By using a membrane for the dosing of the antisolvent to the liquid medium containing the compounds of interest or vice
versa for dosing the liquid medium in the antisolvent, an improved solidification process can be obtained.

This patented device allows to obtain a controlled solidification process, in many cases crystallisation, yielding a
composition comprising solid particles which are in general nonagglomerated and which have an improved quality (e.g., an
improved shelf life) [29]. Moreover, with this process higher product yields can be achieved. In other words, the antisolvent
solidification process can allow a more efficient use of (starting) materials or solvents and, therefore, a decrease in energy
consumption can be achieved compared to conventional evaporative or antisolvent processes [29]. Furthermore, the process can
easily be scaled-up to a higher volume and enables a robust control of the particle size [29].

43.7 CONTRIBUTIONS OF MEMBRANE TECHNOLOGIES TO THE LIFE IN THE SPACE
AND IN OTHER PLANETS

Membrane technology is also an ideal technology for application in the space because process intensification strategy is a more
imperative request in the space than on the Earth, today. Volumetric efficiency, optimal remote control, energy, and waste
saving are fundamental aspects in the space. Membranes could efficiently solve some of the problems of life in the space such
as energy production and water and air purification, fulfilling these requirements.

Recently different research projects on membrane technology have been funded by NASA. In one of these, researchers are
working for the production of rocket fuel from the Martian atmosphere using membrane-based gas separation [30]. The Martian
atmosphere is composed mainly of 95% CO2 (95%) that mixed with H2 yields, when heated, methane, a useful propellant for
rockets or rovers. This process, called Sabatier process, gives water as by-product that can be electrolyzed into oxygen, for
breathing, and hydrogen, which can be used to produce another round of methane. However the Martian atmosphere is not pure
enough for the Sabatier process, and CO2 must be separated from the other atmospheric components, mostly nitrogen and
argon, before its processing. In this project, specialized polymers engineered to increase CO2 solubility are used for membrane
preparation, and tested in a special chamber that simulates the Martian environment. The researchers want to design a device
that produces CO2 pure at 99.8% at a rate of 2.5 L=min.

These membranes could be also used to remove CO2, which is a waste product of human metabolism, from the atmosphere
of a self-contained spacecraft. Moreover, these or similar membranes could also offer possible solutions to the problem of the
CO2 control emission also in the Earth.

Another import international project in which membranes are proposed as interesting tools for space life-support systems is
the Space2Tex [31]. The Space2Tex project has been originally conceived within the framework of the European Space Agency’s
Technology Transfer Program, inspired by theMELiSSA (Micro-Ecological Life Support SystemAlternative) research activities
on membrane bioreactors. MELiSSA has been conceived as a microorganisms and higher plants-based ecosystem intended as a
tool to gain understanding of the behavior of artificial ecosystems, and for the development of the technology for a future
regenerative life-support system for long-term manned space missions, e.g., a lunar base or a mission to Mars [32].

The Space2Tex project aims at developing a novel concept of compact high efficiency and cost-effective wastewater treatment
plant for water recycling in textile finishing. The project final objective is the application of membrane bioreactors for the
biodegradation of textile-finishing pollutants, often hardly biodegradable, in small wastewater system plants to be inserted end-
of-pipe of textile-processing plants, with the final aim of 100% water recycling in micro-ecological space life-support systems.

It is important to note that the new membranes and membrane systems that have been, or will be developed for the life in
the space in the next years could also help people to live in the Earth. Because of the more and more rapid growth of the
worldwide population, the Earth is becoming a sort of big spacecraft where billions of people live together, and the problems of
the life in the Earth are becoming very similar to the problem of the life in the space.

43.8 NANOSTRUCTURED MATERIALS

Development of innovative materials with improved properties is a key issue for the application of membrane technology in
industrial processes. Significant progresses have been made in the study and realization of new organic and inorganic
membranes with controlled structure.

The ability to control pore sizes is an important topic for membrane technology development. Membranes with controlled
morphology can be used not only in separation process but also in chemical conversion supplying highly ordered and confined
geometries for chemical reactions.

Nanoscale control of membrane architecture can further extend the field of application of membrane technology. With
regard to this aspect, nanotechnologies have been used to create membrane structures by the typical methods used for electronic
component construction using lasers and etching. Track etch membrane technology is an example of industrial application of
track etching technique (Figure 43.7) [33].

In these membranes, pore size, shape, and density can be varied in a controlled way and, as a consequence, a membrane
with the required transport and retention characteristics can be produced.
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Microporous alumina membranes electrochemically grown by anodizing of aluminium can be also produced with an
excellent controlling of pore size distribution and porosity [34].

Membrane made of precisely sized nanotubes also hold great potential for filtration and separation processes. The
nanometer-scale sized and hollow-, cylindrical-shaped nanotubes suggest that they may be used as membranes with pores
on the order of 1–100 nm.

Nanotube membranes prepared via the template method are also of particular interest [35]. For example, gold nanotube
membranes have been successfully synthesized using a template-based electroless plating technique [36] (Figure 43.8). Human
serum albumin, which acts as an enantiomer selector, was immobilized on the inner surface of the nanotubes through a reactive
thiol, obtaining a bio-nano device for chiral resolution. However, for large-scale application of nanotubes membranes
improving in their preparation technique are request (lower costs, higher stability and reproducibility, etc.).

Preparation of membranes by phase separation performed on mould having a micrometer-sized surface profile has been also
reported for the production of membranes with microstructure structure [37].

Self-assembling is another innovative research field in membrane technology. Self-assembly process consists in the regular
assembly of small molecular entities into larger supramolecular structures exhibiting new functions that can not be exhibited by

(A) (B)

(C) (D)

FIGURE 43.7 Examples of porous structures produced in thin polymeric films using various methods of irradiation and chemical treatment.
(Reprinted from Apel, P., Radiat. Meas., 34, 559, 2001. With permission from Elsevier.) (A) Cross section of a polycarbonate membrane with
cylindrical nonparallel pore channels; (B) polypropylene membrane with slightly conical parallel pores; (C) polyethylene terephthalate
membrane with cigar-like pores; and (D) polyethylene terephthalate membrane with ‘‘bow-tie’’ pores.

FIGURE 43.8 Gold nanotube synthesized by using a 50 nm polycarbonate membrane template. (Reprinted from Shao, P., Ji, G., and Chen, P.,
J. Membr. Sci., 255, 1, 2005. With permission from Elsevier.)
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the isolated units. The interaction between subunits is generally due to noncovalent bonds, such as hydrogen bonds, van der
Waals interactions, and electrostatic forces. Recently, Massachusetts Institute of Technology researchers have patented stable
macroscopic membranes formed by the self-assembly of amphiphilic peptides, peptides with alternating hydrophobic and
hydrophilic residues [38]. The membranes result stable in aqueous solution, serum, ethanol, and are highly resistant to heat,
alkaline and acidic pH, chemical denaturants, and proteolytic digestion. They are also noncytotoxic. Potential uses include
biomaterial applications such as slow-diffusion drug delivery systems and artificial skin and separating filters. The invention
further provides scaffolds comprising the self-assembling peptides and methods of using the scaffolds including for cell culture,
tissue engineering, and tissue repair.

43.9 MEMBRANES IN ELECTRONIC DEVICES

Membranes applications in sensors and microelectromechanical systems (MEMS) are increasing in importance in our society.
The development of new device able to give rapid detection of chemical and biological species is central to many areas of life
science and industrial production. In particular, conducting polymeric materials show major potentiality in this field, and are
replacing classical inorganic semiconductor materials because of their better selectivity and rapid measurements, low cost, and
easy manufacture for their preparation as films [39]. Moreover, appropriate molecular design of polymer properties can increase
the efficiency of the system.

Membrane technology has enormous potentiality in gas detection, ion-selective sensors, biochemical analyzes, medical
applications, and quality control on industrial manufacturing processes, food and beverages. Polymeric membranes are used in
sensor device, either participating in sensing mechanism or immobilizing the substance responsible for sensing. Membranes are
applied today also for mimic natural sense organs. An electronic tongue using membranes based on conducting polymers
(polypyrrole and polyaniline) and a lipid-like material components (stearic acid) has been already realized [40]. The device is
able to distinguish salt, sweet, bitter, and acidic solutions.

Very promising can be the use in sensors field of molecular imprinted membrane [41,42], where the memory of a specific
substance is imprinted in a polymeric material.

Membranes fabricated using the MEMS technology are finding an increasing number of applications in sensors, actuators,
and other sophisticated electronic device. However, the new area of application of MEMS is creating new materials demands
that traditional silicon cannot fulfill [43]. Polymeric materials, also in this case, are the optimal solution for many applications.
Microfabrication of polymeric films with specific transport properties, or micromembranes, already exists, and much work is in
progress [44–50].

Membranes made or filled with ferromagnetic materials have special features making them useful to MEMS applications.
In a recent work [51] a micro-magnetic membrane for biological separation has been proposed. Magnetic beads have been
engineered to bind to specific biological system (molecules, proteins, viruses, bacteria) and mixed with the biological solution
of interest (Figure 43.9). After the binding process, the solution is passed through a nanoporous membrane with cylindrical
pores partially filled with ferromagnetic material. An external magnetic field is applied parallel to the membrane surface to
magnetize the ferromagnetic cylinders perpendicular to the wires’ long axis. Inside the pores, the biological system, bound

FIGURE 43.9 Magnetic membrane proposed for biological separation. (Reprinted from Barbic, M., J. Magn. Magn. Mater., 249, 357,
2002. With permission from Elsevier.)
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to the magnetic bead, is trapped on the walls of the capillaries while the unbound units are passed through. The trapped particles
can later be released simply by removing the external magnetic field. The magnetic forces depend inversely on the diameter of
the ferromagnetic wires, and, therefore, smaller the pore diameter, stronger the magnetic field gradients and magnetic forces
will be [52].

This method is well suited to be implemented into the microfluidic and MEMS designs.

43.10 MEMBRANE CONTACTORS

In the field of membrane technology, membrane contactors (MCs) represent a very important branch of new devices having a
wide range of applications with a high charge of innovation. Membrane contactors are expected to play a decisive role in the
design of alternative production systems appropriate for a sustainable growth [53,54]. Membrane contactors are systems where
the membrane function is to facilitate diffusive mass transfer between two contacting phases (liquid–liquid, gas–liquid, gas–
gas, etc.) without dispersion of one phase within another. This is accomplished by passing the fluids on opposite sides of a
microporous membrane. By controlling the pressure difference between the fluids, one of them is immobilized in the pores of
the membrane so that the fluid–fluid interface is located at the mouth of each pore (Figure 43.10).

In a membrane contactor, generally, microporous hydrophobic membranes are used to promote mass transfer between
phases.

These membrane systems, mainly provided in the form of low cost hollow fibres, offer a high interfacial area, significantly
greater than most traditional absorbers, between two phases to achieve high overall rates of mass transfer. Furthermore, whereas
the design of the conventional devices is restricted by limitations in the relative flows of the fluid streams, membrane contactors
give an active area which is independent of the liquid fluid dynamics.

Membrane crystallization has been recently proposed as one of themost interesting and promising extension of the membrane
contactors concept [19,20]. This innovative technology uses the evaporative mass transfer of volatile solvents through micro-
porous hydrophobic membranes to concentrate feed solutions above their saturation limit, thus attaining a supersaturated
environment where crystals may nucleate and grow (Figure 43.5) [19,20]. In addition, the presence of a polymeric membrane
increases the probability of nucleation with respect to other locations in the system (heterogeneous nucleation).
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Membrane contactor offers potential solution in a wide range of gas=liquid and liquid=liquid applications: gas adsorption
and stripping, liquid=liquid extraction, dense gas extraction, fermentation and enzymatic transformation, pharmaceutical
applications, protein extraction, wastewater treatment, chiral separations, semiconductor manufacturing, carbonation of bever-
ages, metal ion extraction, protein extraction, and VOCs removal from waste gas [55].

Membrane crystallizers, membrane emulsifiers, membrane strippers and scrubbers, membrane distillation systems, mem-
brane extractors, etc. can be devised and integrated in the production lines together with the other existing membranes
operations for advanced molecular separation, and chemical transformations conducted using selective membranes and
membrane reactors, overcoming existing limits of the more traditional membrane processes (e.g., the osmotic effect of
concentration by reverse osmosis).

A number of commercial applications of MCs have been already successfully realized. A bubble-free membrane-based
carbonation line, using Liqui-Cel equipment, is in operation by Pepsi in West Virginia since 1993. MCs are also used in beer
production: the CO2 removal stage is followed by nondispersive nitrogenation to obtain a dense foam head. Another important
field of application of MC is the production of ultrapure water for semiconductor manufacturing.

43.11 CONCLUSIONS

Membrane science and technology is expected to play an increasingly important role in the future for various industrial sectors.
The availability of new membrane with tailor-made properties and new membrane processes offers important tools for the
design of alternative production systems appropriate for a sustainable growth.

The traditional membrane separation processes (reverse osmosis, micro-, ultra- and nanofiltration, electrodialysis, perva-
poration, etc.), already largely used in many different applications, are today combined with new membrane systems such as
CMRs and membrane contactors. Membranes are applied not only in traditional separation processes such as seawater
desalination but also in medicine, bioengineering, microelectronics, the life in the space, etc.

The biological systems well represent what are the new trends in membrane technology. The integration of membrane
operations allows in prospective the possibility to redesign important industrial processes. Petrochemical plants, complex
artificial organs such as the brain, etc. can be more and more conceived as based on integrated membrane systems simulating
the analogous biological ones. The possibility to produce self-repairing membranes is also an interesting possibility.

Despite its success and undoubtedly great potential, membrane technology is still quite far from fulfilling all the
expectations of its role in intensification of a large variety of processes. Actually, membrane-based hybrid separation methods
cannot be proven to be significantly better than conventional techniques, and the use of catalytic membranes is just recently
becoming effective for large-scale industrial applications. To overcome these barriers, more systematic analyzes of possible
advantages or drawbacks due to the introduction of a membrane stage instead of a conventional unit, clear protocols and
comparison indexes for the choice of the best membranes and optimal operative conditions, accurate modelling for an easy
scale-up or scale-down, and significant multidisciplinary research efforts are needed.

However, these efforts need to be combined with new research works in the process dynamics and in the study of advanced
control systems applied to integrated membrane systems. These multidisciplinary studies will offer interesting opportunities for
the future development of membrane engineering.
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Index
A
Acid caseinate in food industry, production of,

598–603; see also Food industries,
EDBM applications in

Acid digestion process, 947
Acidified milk, 645
Acid recovery, membrane in, 974
Aciplex membranes, 794–796
Actinides recovery, by PEHFSD technique

Am(III) extraction, 1067
Pu(IV) extraction, 1066–1067
U(VI) extraction, 1065–1066

Actinides separation
bulk liquid membranes, 889–890
emulsion liquid membranes, 890–894
grafted membranes, 907–909
hollow fiber supported liquid membranes, 903–904
polymer inclusion membranes, 904–907
and removal of, 939–943
supported liquid membranes, 894

acidic extractants, 894–897
neutral donor, 897–902

track-etched membranes, 904
Activated process, 71
Activated surface diffusion, 291
Active sites, 47
ADMF, see Acidified milk
Adsorbable organic halogens, 982
Adsorptive membrane geometry and operation modes, 51–52
Adsorptive membranes preparation

in affinity chromatography
microporous membrane modification, 34–35
phase inversion process, 34

affinity ligands
biospecific ligands, 44
combinatorial synthetic, 45

materials used in
acrylate- and methacrylate-based polymers, 33
cellulose, 28–29
chitin and chitosan, 29
dextran, 29–30
EVAL hollow fiber membranes, 31
inorganic supports, 33
polyacrylamide gels, 30–31
polyamides and nylon, 30
polyethylene and polypropylene membranes, 31
polysulfone and polystyrene, 32

membrane activation and ligand coupling, reactions, 40
aldehyde and acetal functional groups, 43
amino groups, 43–44
carboxyl groups, 42–43
hydroxyl groups, 40–42

monolithic stationary phases, 35
polymeric, 36–38
silica monoliths, 36

particle-loaded membranes
dispersion of particles in, 40
in sheet form, 38–39

spacer molecules, 45–46
Adsorptive processes, separation efficiency in, 47

ADUF, see Ammonium diuranate filtrate
Affinity column bed

geometry of, 26
mass transfer in, 47

Affinity columns, mass transfer in
axial diffusion, 48
flow patterns, 48
matrix and active sites, interaction with, 51
RTD of, 49–50
separation efficiency, 47
variance, 50

Affinity ligands, classification of, 44; see also Ligands
Affinity membrane chromatography

advantages of, 46–47
applications of

recombinant protein G isolation, 54
membrane preparation in

microporous, 34
modification techniques, 34–35

principle of, 27
using immobilized metal ions, 45

Affinity purification, 54
Aggressive gases, membrane for recovery of, 101
AGMD, see Air gap membrane distillation
Air gap membrane distillation, 526–528
Air purification, using ceramic filters, 160
Air separation, membrane for

high-purity nitrogen production, 98
high-purity oxygen, 99–100
oxygen-enriched air production, 98–99

Alcohol dehydration, 291
using zeolite A, 292–293
using zeolite MOR and T (OFF structure), 293

Allentown Water Treatment Plant, 960
Alum recovery, DMP application for, 946–947

fundamentals of, 953–955
membrane structure role in, 957–958
modeling protocol of, 955–957
from WTR, 963

Americium, extraction of, 941–943
Ammonium diuranate filtrate, 832–833
Ammonium molybdophosphate, 829
AMP, see Ammonium molybdophosphate
Anion-exchange chromatography, 54–55
AOX, see Adsorbable organic halogens
Apple juice in food industry, production of, 603–606;

see also Food industries, EDBM applications in
Applications, membranes of, see Membrane applications
Aroma compounds, recovery of, 127–128
Asymmetric membranes, 450–452; see also Drug delivery, membranes in
Attenuated total reflection (ATR)-Fourier transform infrared (FTIR)

spectroscopy, 332
Au(I) extraction from cyanide media, by PEHFSD technique,

1062–1063
Average residence time, 50
AWTP, see Allentown Water Treatment Plant
Axial dispersed plug flow model

Kozeny–Carman equation, 49
Peclet number, 48

Azimuthal Reynolds number, 215
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B
Bacillus cereus, 646
Ballard Advanced Materials (BAM), 797
BAM membranes, 797–799
BAT, see Best Available Technology
Batch filtration system, schematic representation of, 156
Batch system membrane plant

for fermentation broth microfiltration, 163
Beer industry, membrane separation=application

role in, 553–556
alcohol removal, 576–577
economic prospects of, 577–578
factors affecting

composition, 556–558
membrane characteristics, 558
membrane fouling, 558–560
process parameters, influence of, 560–565

filtration of, 568–573
permeate flux in, 566–568
RO role and microbiological quality control in, 577
spent beer recovery, 573–576

Best Available Technology, 1001
Beverage processing, using ceramic

membranes, 161–162
Bioaffinity separation, 54
Biocatalytic membrane reactors, 171–172
Bioindustries, BPM in

lactic acid, production and isolation
of, 617–620

phospholipids, production of, 620–623
Biological membranes, importance and usages of, 495
Biomimetic membranes, 80
Biomolecule purification methods, 25
Biospecific ligands, 44
Biot number, 715
Bipolar membrane, 582–583

electrodialysis and
EDBM configurations, 588–589
Hþ and OH� generation, 584
water dissociation, catalysts role in, 587–588
water dissociation in, 584–587

parameters of, 591–593
BLM, see Bulk liquid membrane
Block copolymers, separation mechanism in, 78
Blood oxygenator, 671

CFD methods in, 685–688
design of, 676–677

hemoglobin, oxygen binding to, 682–685
lumped parameter, value of, 685
non-newtonian blood rheology,

effects of, 682
water, oxygenation and deoxygenation

of, 677–682
future prospects of, 688
history of, 673–676

BO, see Blood oxygenator
Boiler plant, schematic diagram of, 18
Boiler water degasification system, 18
Borsig envelope-type membrane module, 89
BPM, see Bipolar membrane
Breakthrough curve, visual representation of, 47
Brevundimonas diminuta, 410
Brownian diffusion model, 196
Brownian motion, 50–51
Bubble BOs, 673; see also

Blood oxygenator
Bulk liquid membrane, 885, 889–890

C
Caffeine=SC CO2 separation

by molecular-sieving mechanism
drawback of, 185
solute permeability, 184

schematic representation of, 182–183
solute rejection rate, 183
through adsorption mechanism, 183–184

Cake depolarization, mechanisms of, 222
Calcium alginate membranes, in theophylline

permeation, 444–446
Capillary liquid membrane systems, 391–392
Carbamoyl methyl phosphonate, 899
Carbamylation reactions, 43–44
Carbonaceous removal, membrane bioreactor in, 1012
Carbon dioxide (CO2) removal

membrane modules for
from biogas, 95–97
from exhaust gas, 96–97
in life support systems, 98
from natural gas, 94–95

Carbon dioxide hydrogenation, 299–300
Carbon molecular sieving membranes, 67

production process of, 80–81
regeneration, importance in, 80–81, 83
separation properties for

permeance and selectivity, 81–82
Carbon nanotubes, template-synthesized, 694–695
Carbonylation reaction

with carbonyldiimidazoles, 42
schematic representation of, 41

Carboxymethyldextran hydrogel, 476
Cardopolymers, 79
Carrier facilitated transport, 710
CAS, see Conventional activated sludge process
Catalytic membrane reactors, 1135–1137

biocatalytic membrane reactors, 171–172
as contactor, 296
in flow-through configuration, 297
gas–liquid–solid membrane contactors, 170–171
high-temperature configurations of, 172
roles of membrane in, 169–170

Catalytic zeolite-membrane reactors
in fine chemicals industry

enzyme immobilization, 305
selective liquid-phase hydrocarbon oxidation,

305–306
for selectivity enhancement

i-butene, 303–304
thermal treatment, 305
VOC degradation, 304

Cation-exchange membranes, 55
CED, see Cohesion energy density
Cell membrane, electroporation in; see also Electroporation

biophysical basis of, 746–747
factors affecting efficiency

biological factors, 748
electrodes and pulsing medium, 749
field strength and pulse shape, 748
post electroporation incubation, 748
pulsing and incubation medium, 748

mechanical breakdown model, 747–748
pore model, 747
principle of, 745–746
resealing characteristics, 748
resting and induced transmembrane potential, 746
threshold value, 747
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Cell plasma membrane, 742
electroporation, 745–749
fluid mosaic model, 744
membrane proteins, 744
molecular transport, 745
permeability barrier, 745
phospholipid bilayer in, 743–744
physical organization of, 744–745

Celullose
commercially available, 29
description of, 28
membranes, 29

Ceramic ion-conducting membranes, 152
Ceramic ion-selective membranes, 1076
Ceramic membrane disks, and membrane holder, 153–154
Ceramic membranes

applications of
in catalytic membrane reactors, 169–173
gas separation, 166–167
liquid processing, 160–162
liquid–solid separation, 163–164
membrane emulsification, 165–166
nanofiltration, liquid media, 164–165
ozonation, 166
pervaporation and vapor permeation, 167–169
pharmaceutics and bioproducts recovery, 162–163
products manufacturing and recycling, 163–164
waste liquids and gases, treatment of, 158–160
waste oils, recovery of, 164

characteristics of, 863
commercially available

competitiveness of, 156–157
modules and disks, 153–154
modules arrangement, 154–156

dense membrane structure, 145–146
ionic transport mechanism, 152
mass transfer and separation properties, 146

gas and vapor separation, 151–152
ion-conducting membranes, 152
liquid filtration, 147–150

membrane elements
filtration mode, 153, 155
geometrical and structural characteristics of, 140–142

multichannel, 141
porous structure

bottleneck geometry, 145
inorganic, 142, 144
micropores, 145–146

Ceramic oxygen-transporting membrane, 88
Cetyl-trimethyl-ammonium bromide, 660
CFD, see Computational fluid dynamics
CFLME, see Continuous flow liquid membrane extraction
CFMF, see Crossflow microfiltration
CFP, see Creeping film process
Chemical industry waste treatment, membrane application in, 823–824
Chemical process industries

mode of consumption of NRS in, 107–108
Chemi-thermomechanical pulp mills, 993
Chiral crown ether, 55
Chitin, 29
Chitosan membranes, 29
Chromatographic separation and columns

based on membrane (see Membrane chromatographic system)
disadvantages of, 47
packed beds, 25–26
pressure drop problem, 26
types of interactions involved in, 53
using flat sheet membranes, 27

Chromium recovery, by SLM technique, 1060–1061
Cibacron blue, 45
Cibacron Blue F3GA dye membranes, 53–54
CICMs, see Ceramic ion-conducting membranes
Classical bed chromatography, active sites in, 47
CLMs, see Contained liquid membranes
Clostridium sporogenes, 644
Clostridium tyrobutyricum, 644
CMAS, see Completely mixed activated sludge
CM-dextran hydrogel, see Carboxymethyldextran hydrogel
CMP, see Carbamoyl methyl phosphonate
CMPO, see Octyl(phenyl)-N,Ndiisobutylcarbamoylmethylphosphine oxide
CMRs, see Catalytic membrane reactors
CMS membranes, see Carbon molecular sieving membranes
Coagulation systems, for pretreatment process, 335
Coating technique, for membrane modification, 34–35
Cohesion energy density, 239
Colon drug delivery systems, 452–454; see also Drug delivery, membranes in
Column chromatography, 25
Combinatorial synthetic ligands, 45
Commercial Parr autoclave, 271–272
Competitive pertraction system, 380
Completely mixed activated sludge, 1011
Composite cellulose membranes, 29
Composite ionomer membranes

CREAFlLTER membranes, 810
electrolyte-filled microporous membrane, 809–810
heteropolyacid additive, 806–807
hydrophilic fillers and ormosil networks, 801–804
phosphate and phosphonate additives, 807–809
recast membranes, properties of, 805–806

Composite membranes
of cellulose and acrylamide polymer, 31
fabrication techniques, 118
support layer, importance in, 117–118

Composite nylon membranes, 30
Computational fluid dynamics, 685
Concanavalin A (ConA), 475
Concentration polarization, 1105

at membrane surface, 326–327
of permeants, 114

Configurational diffusion, see Activated surface diffusion
b�Conglycinin protein, 614
Conical nanotubes, 704–706
Contact angle

interface between liquid and solid substrate, 8
for materials in water, 9

Contained liquid membranes, 1024
Continuous beds, see Monolithic stationary phases
Continuous flow liquid membrane extraction, 360
Continuously stirred reactor, 48
Conventional activated sludge process, 1008

membrane bioreactor in, 1011–1012
Copper recovery, by PEHFSD technique, 1059–1060
Cordierite monolith, EDX mapping of, 272–273
Corrugated membrane

effect of pulsations on oxygen transfer, 209
and pulsatile flow, 209

Coupling reagents activation method, 42–43
CP, see Concentration polarization
CPI, see Chemical process industries
CPS, see Competitive pertraction system
Creeping film process, 387
Critical flux

back transport mechanism, 196
different mechanisms, coefficient of, 196
hydrodynamic techniques, 198
stepped TMP increase protocols, determination of, 197
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Cross-flow filtration, 158
Crossflow filtration system, in beer filtration, 570
Cross-flow membrane emulsification, 165
Crossflow microfiltration, 636, 639, 643, 647, 650

in beer industry, 558–560
Cross-flow operation mode, modules, 155
CSTR, see Continuously stirred reactor
CTAB, see Cetyl-trimethyl-ammonium bromide
CTMP, see Chemi-thermomechanical pulp mills
Curtis azide rearrangement, 42–43
Cyanogen bromide reaction, 40–41
Cyclic trans-2,3-carbonate method, 40–41
Cystinuria, 693

D
DAF, see Dissolved air flotation
Dairy industry

cleaning and sanitation in, 657–660
membrane applications in

cheese manufacturing, 640–646
cheese whey, pretreatment of, 639
development and limitations of, 660–663
lactose and minerals, recovery of, 649
microorganisms, removal of, 646–648
milk fat, fractionation of, 649–651
milk, standardization of, 648–649
whey proteins, concentration of, 637–639

membrane performance in
energy consumption, 656–657
fouling and flux prediction, 651–656

microfiltration role in, 636
RO and nanofiltration role in, 637
ultrafiltration role in, 636–637

Dairy wastewater treatment, 609–611; see also
Food industries, EDBM applications in

Damköhler number, 715, 718
DBOA, see N,N-di-n-butyloctanamide
DCMD, see Direct contact membrane distillation
Dead-end operation mode, 154–155; see also Ceramic membranes
Dean flow-enhanced membrane filtration, 200
Dean numbers, 199
Decontamination factor, 828, 844
Dehydration of organics, see Organics, dehydration of
DF, see Decontamination factor
DHDECMP, see Dihexyl-N,N-diethyl

carbomoyl methyl phosphonate
Diafiltration, 1104
Dialkyl amides, in actinide separation, 900–901
Diazotization activation, 43–44
DIDPA, see Di-iso-decyl phosphoric acid
Diethylenetriamine-N,N,N0,N00,N00-pentaacetic acid, 892
Differential-algebraic nonlinear optimization, 1033
Diffusion

dialysis
application of, 958–960
and radioactive waste treatment, 838–839

process
multicomponent, 113–114
single-component, 113
transport equation through membrane, 114

selectivity, definition of, 116
Diffusivity, in pervaporation, 291
Dihexyl-N,N-diethyl carbomoyl methyl phosphonate, 839
Di-iso-decyl phosphoric acid, 899
Di-1(1-methylheptyl) phosphoric acid, 892
Direct coating, 118

Direct contact membrane distillation
heat and mass transfer in, 516–524
models and parameters in, 525

Direct flow filtration, in pharmaceutical industry, 410–411
Direct membrane cleaning, 849
Direct methanol fuel cells, 304, 307

membrane requirements for, 773–774
Direct observation through the membrane

particle deposition pattern, 195, 207
Dispersion, 49–50
Dissolved air flotation, 997
Dissolved organic carbon, 947
Distillation and membrane separations, 108
DLS, see Dynamic light scattering
DMC, see Direct membrane cleaning
DMFCs, see Direct methanol fuel cells
DMHPA, see Di-1(1-methylheptyl) phosphoric acid
DMP, see Donnan membrane process
DNLP, see Differential-algebraic nonlinear optimization
DOC, see Dissolved organic carbon
Donnan dialysis, and radioactive waste treatment,

838–839, 947, 976
Donnan effect, in NF membranes, 1104
Donnan membrane process, 945, 947–950, 976

in WTR coagulants recovery, 947
applications and modeling protocols of, 955–957
assumptions of, 953
concentartion of, 949–950
Donnan equilibrium conditions, 950–951
fundamentals of, 948–949
future perspective of, 977
importance of, 976–977
kinetics and transport equations of, 951–953
membrane structure in, 957–958
techniques in, 960–962

Donnan-steric pore model, 1112
DOTM, see Direct observation through the membrane
Drinking and domestic water processing; see also Water

purification systems
ceramic membranes for, 161
membrane processes, problems in, 160

Drug delivery, membranes in, 428–431
drug diffusion coefficient measurement, 438–446
future perspectives of, 461–464
implantable delivery systems, 459–461
mechanism of, 431–438
oral administration, 446–454
responsive membranes in, 488–489
transdermal administration, 454–458

Dry gel method, 274
DSPM, see Donnan-steric pore model
DTPA, see Diethylenetriamine-N,N,N0,N00,N00-pentaacetic acid
Dual-mode model, 75–76
Du Pont membrane, 874
Dyes, 45
Dye-zeolite systems, 311
Dynamic light scattering, 438

E
Ebonex ceramic electrodes, 1072–1073
ECF, see Elemental chlorine free
ECM, see Extracellular matrix
E-curve, 49–50
EDBMs, see Electrodialysis with bipolar membranes
EDC, see 1-ethyl-(3-3-dimethylaminopropyl) carbodiimide hydrochloride
EDR, see Electrodialysis reversal
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EDTA, see Ethylendiaminetetraacetic acid
EIW, see Electrically ionized water
Electrically assisted membrane process

and effluents types, 1077–1078
future of, 1078–1079

Electrically ionized water, 1078
Electrocatalytic membranes, for organic pollutants decomposition,

case study, 1081–1083
Electrochemical disinfection, 1074
Electrochemical oxidation, for organic pollutants

removal, 1072–1074
Electrochemical reactions, electrofiltration process, 226
Electrochemical reduction, for metal ions, 1074
Electrochemical treatment, of waste, 1072

direct anodic oxidation, 1073
indirect oxidation, 1073–1074

Electrodialysis (ED), 1075–1076
principle of, 836–837
process in pulp and paper industry, 1000–1001

Electrodialysis reversal, 1075–1076
Electrodialysis with bipolar membranes, 582; see also

Bipolar membrane
applications of, 593–594
case studies of, 624–627
cell design and process configuration in, 590–591
characteristics of, 589–590
configurations, 588–589
in food industry

acid caseinate, 598–603
apple juice, enzymatic reaction in, 603–606
dairy wastewater, purifying of, 609–611
passion fruit juice, deacidification in, 606–609
soybean protein fraction, fractionation of, 614–615
soy protein, 594–598
STW, protein extraction in, 615–617
whey protein, separation of, 611–614

history of, 623–624
principle of

catalyst role in, 587–588
EDBM configurations, 588–589
Hþ and OH� generation, 584
water dissociation in, 584–587

usage of, 623
Electrofiltration, 1074–1075

electric field, filtration enhancement, 225
pressure-driven membrane filtration, 224
schematics of, 225

Electrokinetic, 225–226
Electrolyte-filled microporous membrane, 809–810
Electromembrane processes principles;

see also Electrodialysis
with bipolar membranes

bipolar membrane and electrodialysis, principle of, 584–589
BPM technology, parameters of, 591–593
conventional electrodialysis, principle of, 583–584
ion-exchange membranes, 582–583

Electromembranes, 1072
Electronic devices, membranes applications in, 1141–1142
Electropermeabilization, see Electroporation
Electrophoretic mobility, 225
Electroporation, 742

applications of
cell fusion and hybridoma technology, 750
cells electroloading, 751–752
electro cell manipulation, 751
electrochemotherapy (ECT), 752
electroinsertion of proteins, 753–754
electroporative gene delivery, 753

electrotransfection, 750
ex vivo applications, 755
food sterilization, 755
overcoming chemoresistance, 750–751
radio-electrochemotherapy (RECT), 752
radioiodine incorporation into tumor cells, 754
therapeutic applications, 750
transdermal drug delivery, 755
transgenic plants and animals, 755
in vivo applications, 753
water sterilization, 754

in cell membrane (see Cell membrane, electroporation in)
devices

cuvettes and electrodes, 749–750
electric pulse generators, 749

Electroremediation, 1077
Electroseparation, definition of, 1072
Electrosorption, 1076–1077
Electrosorption cell, 1080
Electrosorption membranes, for wastewater treatment,

case study, 1079–1081
Elemental chlorine free, 992
ELM, see Emulsion liquid membranes
EMB, see Extractive membrane bioreactor
Emulsion liquid membranes systems and process, 709, 890–894

and actinides transport, 890–894
advantages and disadvantages of, 710
applications of

for acids and bases separation, 728
for anions separation, 727
biochemicals separation, 732
commercial applications of, 727, 733
for metal ions separation, 724–727
mixtures separation, 729–731

demulsification, methods for
chemical treatment, 723
physical treatments, 723–724

emulsification, components of
carriers, 719
diluents, 718–719
internal phase, 719
surfactant, 718

model parameters
Biot number, 715, 718
Damköhler number, 718
emulsion globule size, 712, 715–717
internal droplet size, 712

models for type 1 facilitation, 711–713
models for type 2 facilitation, 712, 714–715
permeation and settling, parameters of

composition, 720–721
membrane leakage, 722–723
swelling, 721–722

process of
demulsification, 723–724
emulsification, 718–719
permeation and settling, 719–723

theory and mechanism
type 1 facilitation, 710
type 2 facilitation, 710–711

Emulsion pertraction
modeling, 1029–1036
technology, 824, 1058–1061

Entrainment swelling, see Swelling, in ELM systems
Enzymatic membrane reactors, 171–172
Enzyme-emulsion membrane reactor, 1136–1137
Epoxide activation, 42
EPP, see Emulsion pertraction technology
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Essential oils=SC CO2 separation, 185
1-Ethyl-(3-3-dimethylaminopropyl) carbodiimide

hydrochloride, 474
Ethylendiamine tetraacetic acid, 849, 855, 897, 1114
Ethylenevinyl alcohol membranes, usages of, 428
ETS-10, 278, 293, 307
EVAL, see Polyvinyl alcohol-co-ethylene
EVAL hollow fiber membranes, 31
Ex situ hydrothermal synthesis, zeolite membrane

crystal growth mechanisms, 276–277
preferential orientation, 275
seeds, 274–275

Externally regulated delivery systems, 428–429;
see also Drug delivery, membranes in

Extracellular matrix, 456, 459–460, 475, 746
Extractive membrane bioreactor, 1018

F
Facilitated transport, 74, 80, 109, 248, 373, 391, 710–714, 887;

see also Membrane contactors
Facilitated transport membranes, and gas separation, 79
Feed recirculation modules stage, schematic representation of, 157
Ferric salts recovery, 963–965
FHA, see Fuel handling area
Fick’s law, 68
Film BOs, 673; see also Blood oxygenator
Fixed-site carriers membranes

carrier mobility in, 74, 79
facilitated transport of CO2 in, 75

Flat-sheet devices, 347; see also Membrane extraction
Flat sheets membrane module, 500
Flat-sheet supported liquid membrane, 886
Flemion membranes, 789–794
FLM, see Flowing liquid membrane
Flow channel spacers

CFD simulations, 206
flux vs. transmembrane pressure, 204
net-type spacers

cost estimation for filtration, 205
geometrical characteristics of, 203
spacer geometry, characteristics of, 204

turbulence promoters
corrugated membranes, 208–210
flux-time profiles, with HB, RB, and NB modes, 208
helical baffle, schematics of, 207
helical inserts, 206–208

Flowing liquid membrane modules, 389
Fluid mosaic model, of plasma membrane, 744
Fluorinated ionomers, partially

Ballard Advanced Materials (BAM) ionomers, 797–799
FuMA-Tech membranes, 796–797
radiation-grafted membranes, 799–801

Flux enhancement
effect of gas velocity, 223
with vertical hollow fibers, 222

Food industries, EDBM applications in
acid caseinate, 598–603
apple juice, 603–606
dairy wastewater, purifying of, 609–611
fruit juice, 606–609
soybean protein fraction, fractionation of, 614–615
soy protein, 594–598
soy tofu whey, protein extraction, 615–617
whey protein, separation of, 611–614

Food processing
membrane distillation and applications, 540–544

using ceramic membranes
pasteurization and sucrose crystallization, 162
valuable milk components, fractionation, 161

Fouling, 147, 155–157, 161, 164; see also Membrane fouling;
Reverse osmosis technology

definition of, 1105
Donnan exclusion and, 963
effect of spacers on permeate flux, 335
empirical models in, 655
flux prediction and, 651–652
layers and effect of humic acid on, 329–330
limitations of, 194–195
at membrane surface, 326–327
methods to control membrane, 197–198
prevention of, 1112
in radioactive waste treatment, 848–
resistance, modifications for improvement, 1109–1110
resistance of hydrophilic and hydrophobic membranes, 336
schematics

for Pore construction and blocking, 195
Four-component condensation reaction, 43–44
Free volume diffusion model, 76
FSC membranes, see fixed-site carriers membranes
FSSLM, see Flat-sheet supported liquid membrane
Fuel cell applications, membrane requirements

automotive applications
cooling requirements, 762
humidification requirements, 762–766

catalyst utilization and interfacial aspects, 770–773
for direct methanol fuel cells, 773

methanol crossover, 774
water permeation, 774

porous structure and permeability requirements, 768–770
portable applications (H2-fuelled PEMFC), 767–768
specific conductivities of electrolytes in, 761–762
stationary application

chemical and electrochemical degradation, 766–767
mechanical degradation, 766
thermal degradation, 766

Fuel cells
market predictions for, 94
structure of, 760–761
working principle of, 93

Fuel handling area, 934
Fuel reprocessing, perfluorinated membrane in, 938–939
FuMA-Tech membranes, 796–797

G
Gaseous stream treatment, membrane contactors in

advantages of, 1053
designing of, 1052–1053
performance of, 1047–1052
principles of, 1042–1047

Gases, solubility and diffusivity of
in natural rubber, 70

Gas–liquid contact, use of, 12–13
2D-Gas model, 72
Gas separation membranes

carbon molecular sieving membranes
regeneration, 83
separation mechanism for, 80
separation properties for, 81–83

development of, 66
industrial application of, 91

aggressive gases, recovery of, 101
air separation, 98–99
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CO2 removal, 94–98
hydrocarbon separation, 100
hydrogen recovery, 91–94
natural gas dehydration, 101
VOC recovery, 100

inorganic membrane, 67
modified, 85–86
structure and morphology, 85
transport mechanisms in, 84

ion-conducting (see Ion-conducting membranes)
mixed matrix membranes=nanocomposites

with CMS and nanoparticles, 84
composition of, 83

module design
flat sheet plate and frame=envelope type, 89
flow patterns, 88
hollow fiber membranes and membrane contactors, 90
spiral-wound membrane, 89

polymeric membranes
composite, 74
gas sorption isotherms for, 76

transport mechanisms (see Gas transport mechanisms)
Gas transport mechanisms; see also Facilitated transport

facilitated transport, 74
Fick’s law, 68
ion-conductive transport, 73
Knudsen diffusion, 71
molecular sieving, 72–73
selective surface flow, 71–72
solution diffusion, 69–71
through fuel cell, 87
through porous membranes, 151–152

GDL, see Gluconodelta-lactone
Gentle sterilization method, in milk processing, 646
Glassy polymer membrane, hydrocarbon separation and removal

aromatic=alicyclic, and aliphatic
aromatic=alicyclic, separation of, 257
aromatic isomers, separation of, 257–258
diffusion, component of, 258–260
sorption, component of, 260–262

olefins and paraffins
chemical composition, effect of, 249–254
gases mixture, time dependence of, 256
permeability coefficients of, 249–250
permeability, diffusion and sorption coefficients, 250–251
permeation process, kinetics of, 256
polyphenylene oxides, 252
pressure dependence of, 254–255
separation of, 248
temperature dependence of, 255–256
unsaturated bonds, effect of, 248

Glassy polymers
flux and selectivity in, 76
solubility in, 75

Globulins 7 S protein, 614
Gluconodelta-lactone, 645
Glycerin dehydration, 121
Glycinin protein, 614
Gold nanotube membranes, 699, 1140
Gore-Select membranes, 786–789
Grafted membranes, 907–909
Grafting polymerization, 35
Groundwater treatment, by NF membranes, 1110

H
Heaviside step function, 50
Heavy water reactors moderator, 874

HEDPA, see 1-hydroxyethane-1,1-diphosphonic acid
HEH(EHP), see Mono-2-ethylhexyl 2-ethylhexylphosphonate
Helium recovery, 101
HFC, see Hollow fiber contactor
HFCLM, see Hollow-fiber contained liquid membrane
HFLM, see Hollow-fiber liquid membrane
HFSLM, see Hollow fiber supported liquid membrane
HHT, see High heat treatment
HI, see Hydrophobicity index
High-Energy Accelerators Research Organization, 874
High heat treatment, 641
High milk protein powders, 648–649
High-purity nitrogen

applications, 98
membrane designs for producting, 99

High-purity oxygen, 99–100
High shear devices

rotating systems
boundary layer, radial gradient, 216
rotating disk dynamic membrane systems, 215–216

vibratory systems
vibrating flat sheet membrane module, 217
vibrating submerged hollow fiber membrane, 218
vibratory hollow fiber membranes, 217–218
vibratory shear-enhanced process, 216–217

High-temperature catalytic membrane reactors
configurations of, 172
integrated distributor=extractor membrane reactor, 173

HLM, see Hybrid liquid membrane
HMPP, see High milk protein powders
Hollow fiber contactor, 939
Hollow-fiber contained liquid membrane, 385–386
Hollow fiber devices, 347–348; see also Membrane extraction
Hollow-fiber liquid membrane modules, 390–391
Hollow fiber membranes

alternative configurations for, 90
module, 500–501

Hollow fiber module, 1107–1108
Hollow fiber supported liquid membrane, 885–886, 903–904
Hot gas filtration, using ceramic filters, 160
HPBI, see 3-phenyl-4-benzoyl-5-isoxazolone
H2-separating membrane technology, for CO2 capture, 97
HTM, see Hydrogen transport membrane
HTTA, see 2-thenoyl trifluoroacetone
Hybrid liquid membrane, 372; see also Liquid membranes

model of, 374–379
modules, 388

Hydrocarbon permeation in glassy and rubbery polymers
kinetic factor of permeability

CED, diffusion coefficient of, 239
diffusing molecules, effective sizes of, 237
diffusion coefficients, concentration dependencies of, 240
polybutadiene, diffusion coefficients of, 238

thermodynamic factor
dual-mode sorption model, 234, 237
gases and vapors, physical properties of, 235
glassy polymers, solubility coefficient of, 236
Henry’s solubility coefficient, 236
natural rubber, solubility coefficient of, 235

Hydrocarbon separation and removal, industrial
aromatic, alicyclic, and aliphatic, 264
gases and vapors, 262
process of, 263

Hydrodynamic techniques, 198
Hydrogel membranes

preparation of, 478
production and usages of, 474–476
properties of, 473
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responsive membranes, 476–478, 488–489
theories for, 479–488

Hydrogen applications
in fuel cells, 93–94
in transport sector, 94

Hydrogen-fuelled PEMFC, 767
Hydrogen recovery

membrane system for
Pd membrane and MMMs, 93
performance of, 92

Hydrogen transport membrane, 173
Hydrophilic membrane applications

in esterification reactions, 121
Hydrophilic perfluoromembranes, 79
Hydrophilic polymers

dehydration applications, 121
Hydrophobically modified water-soluble polymer

(HMWSP), 226
Hydrophobic chromatography, 55
Hydrophobicity index, 290
Hydrophobic=organophilic polymers

dissolved organics removal, 123–127
1-Hydroxyethane-1,1-diphosphonic acid, 896
Hyflon AD

permeability and selectivity, 79
structure of, 78

Hyflon ion, 783–784
H-ZSM-5 membrane

direct in situ hydrothermal synthesis, 274
esterification reactions, 299

I
IAEA, see International Atomic Energy Agency
IDA, see Iminodiacetic acid
IDF, see International Dairy Federation
IEMs, see Ion-exchange membranes
ILM, see Immobilized liquid membrane
Iminodiacetic acid, 45
Immobilized dyes, as pseudo-affinity ligands, 45
Immobilized liquid membrane, 372
Immunoaffinity techniques, 53
IMR, see Inert membrane reactor
INCT, see Institute of Nuclear Chemistry and Technology
Industrial plant, for tannery effluents treatment, 1088,

1098–1099
Industrial solvents, dehydration of, 294
Industrial waste management, membrane application in, 823–825
Inert membrane reactor, 296
Inorganic membrane reactors, 295

applications of, 296–297
classification of, 296

Inorganic membranes
applications in catalytic reactors, 169

biocatalytic membrane reactors, 171–172
gas–liquid reactions, 170–171
high-temperature catalytic membrane reactors, 172–173

for gas separation, 67–68, 84
modified, 85–86
preparation using supercritical fluids, 189
supercritical fluid separation, 181
transport regimes in, 85

Inorganic supports, 33
In situ copolymerization

for membrane modification, 35
In situ hydrothermal synthesis, zeolite, 274
Institute of Nuclear Chemistry and Technology, 849

Insulin delivery
membranes in, 429–431
responsive membranes in, 488–489

Integrated Pollution Prevention and Control, 1001
Interdiffusion coefficient, variation of, 969–971
Interfacial polymerization

thin layer deposition, 118
International Atomic Energy Agency, 856
International Dairy Federation, 648
Ionac MC 3470 transport property, heterogeneity on, 972
Ion-conducting membranes, 152

oxygen-conductive membranes, 87–88
Pd membranes

hydrogen permeation through, 87
preparation methods, 86

proton-conducting polymeric membranes, 87
Ion-exchange chromatography, 54
Ion-exchange membranes, 582; see also Electromembrane processes

principles
in electrodialysis, 582–583

Ion transport membrane, 99
IPPC, see Integrated Pollution Prevention and Control
Isobutane dehydrogenation, 298
ITM, see Ion transport membrane

J
JAERI, see Japan Atomic Energy Research Institute
Japan Atomic Energy Research Institute, 838

K
Kaowool 700 Grade Paper, 1079
KEK, see High-Energy Accelerators Research Organization
Knudsen diffusion, in microporous inorganic membrane, 71
Knudsen flow, 71
Kozeny–Carman equation, 49

L
Lactobacillus sp., 617–618
Large volume parenteral, 424
Layered bulk liquid membrane modules, 387
Levonorgesterol, 460
LIE, see Liquid ion exchange
Ligand–ligate complexes, 45
Ligands

classification of, 44
coupling reactions, polymers containing

amino groups, 43–44
carboxyl groups, 42–43
hydroxyl groups, 40–42

coupling, supports for, 44
and ligates, 45

Light water reactor, 836, 838, 874
Liquid filtration

nanofiltration with ceramic membranes, 164–165
in porous media

Donnan exclusion, 148
in nonaqueous liquids, 150
permeation flux, 147
retention mechanisms, 149
solvent flux, 148
transport of solute, 148–149

Liquid–gas contact system
mass transfer resistance in, 10
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Liquid ion exchange, 947
Liquid–liquid contact

use of liquid–liquid extraction, 13
Liquid–liquid extraction, 9, 346, 372
Liquid membranes

classifications of, 885–886
extraction techniques

three-phase liquid membrane extraction techniques,
349–350

two-phase liquid membrane extraction systems, 350
integrity of, 909–910
stability of, 909–910
theory of, 372–374
transport

classification of, 887–889
numerical model, 379–385

Liquid–phase inversion method, see Wet-phase inversion method
Liquid radioactive wastes, 824, 850, 856, 862, 866, 872
Liquid radioactive waste treatment, membrane

application in, 824
137Cs liquid wastes, 927–928
future prospects of, 931
125I liquid wastes, 924–926
membrane distillation, 866–872
membrane performance, radiation influence, 920–923
microfiltration, 866
nanofiltration, 854
radiological protection, 928–930
reverse osmosis, 850–854
ultrafiltration, 854–857

and complexation method in, 860–863
pilot plant experiments, 863–866
radionuclides removal, 858–860

LLE; LLX, see Liquid–liquid extraction
LMPS, see Low-moisture part-skim
LNG, see Levonorgesterol
Loose reverse osmosis, see Nanofiltration
Low-active liquid waste, electrodialysis for, 937–938
Low-moisture part-skim, 645–646
LRWs, see Liquid radioactive wastes
LVP, see Large volume parenteral
LWR, see Light water reactor

M
MABR, see Membrane-aerated biofilm reactor
MALDI-MS, see Matrix-assisted laser desorption ionization mass

spectroscopy
MASE, see Membrane-assisted solvent extraction
Mass transfer resistance, 10
Matrix-assisted laser desorption ionization mass spectroscopy, 332
MBR, see Membrane bioreactor
MC, see Membrane contactors
MCH, see Microcrystalline chitosan
MCM-41 and MCM-48, 278
MD, see Membrane distillation
MDF, see Medium density fiberboard
Mechanical pulp mill effluents, membranes usages in, 993
Mediated electrochemical oxidation, 1073
Medium density fiberboard, 1000
Membralox membranes, in radioactive waste treatment, 858–859
Membrane activation, reactions for

polymers containing
amino groups, 43–44
carboxyl groups, 42–43
hydroxyl groups, 40–42

Membrane-aerated biofilm reactor, 1018

Membrane applications
in actinides separation (see Actinides separation)
in beer industry (see Beer industry, membrane separation=application

role in)
in blood oxygenator (see Blood oxygenator)
in dairy industry (see Dairy industry)
in drug delivery (see Drug delivery, membranes in)
electrically enhanced membrane processes (see Electrically assisted

membrane process; Water purification, by ceramic membranes)
in electroporation (see Cell membrane, electroporation in;

Electroporation)
ELM (see Emulsion liquid membranes systems)
in food and bio-industries (see Bipolar membrane; Electrodialysis with

bipolar membranes)
in gaseous stream treatment (see Gaseous stream treatment, membrane

contactors in)
industrial tannery effluents treatment (seeMembrane bioreactor ; Reverse

osmosis pilot plant, for tannery effluents treatment)
in industrial waste management, 823–825
liquid radioactive waste, treatment of (see Liquid radioactive waste

treatment, membrane application in)
in membrane engineering, 1131–1132 (see also Reverse osmosis

technology)
in metallic pollutants treatment (see Metallic pollutants treatment,

membrane-assisted solvent extraction)
in nanofiltration technology (see Nanofiltration; Nanofiltration

membranes)
nanotube membranes (see Nanotube membranes, for bioseparations)
in organic hybrid liquid membrane (see Organic hybrid liquid membrane)
in pharmaceutical industry (see Pharmaceutical industry, membrane

application in)
proton-conducting membranes, for fuel cells (see Fuel cell applications,

membrane requirements; Perfluorinated sulfonic acid membranes)
in pulp and paper industry (see pulp and paper industry)
in radioactive nuclear plant waste (see Radioactive nuclear plant waste,

membrane application in)
radioactive waste, treatment of (see Radioactive wastes, treatment of)
strip dispersion technique

(see Pseudo-emulsion based hollow fiber strip dispersion; Strip
dispersion technique)

in wastewater treatment (see Wastewater treatment)
water treatment residuals, DMP in coagulants recovery (see Water

treatment residuals, DMP in coagulants recovery)
Membrane-assisted solvent extraction, 350

in metallic pollutants treatment, 1023
emulsion pertraction processes, modeling, 1029–1036
future perspectives of, 1036–1037
nondispersive solvent extraction modeling, 1024–1029

Membrane-based gas separation, 1134–1135
Membrane bioartificial organs, 1137–1139
Membrane bioreactor, 196, 982

biological unit and membrane module of, 159
pilot plant, for tannery effluents treatment, 1089–1090

biological oxygen demand (BOD5) evolution, 1091–1092
chemical oxygen demand (COD) evolution, 1091
chromium and sulfide elimination, 1093–1094
nitrogen evolution, 1092–1093
phosphorus concentration in, 1094
suspended solids and volatiles, in permeate, 1091–1092

potential applications of, 159–160
in pulp and paper industry, 996–998
role in chemical industry, 823
in wastewater treatment, 1007

advantages of, 1008, 1019–1020
mechanisms of, 1014–1018
membrane-aerated biofilm reactor, 1018–1019
operating principle of, 1008–1009
performance of, 1009–1014
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Membrane chromatographic system
advantages of, 46–47
applications of

cation-exchange membranes, 55
immunoglobin preparation, 55
ion-exchange chromatography, 54
proteins, purification and analysis, 53
supercoiled plasmid DNA separation, 54

commercially available supports in, 51–52
loading capacity, 46
membrane layers, 27
stationary phase, 26

Membrane contactors, 4, 1142–1143
applications of, 7

absorption of gaseous species, 12–13
air=gas streams, treatment and conditioning, 13
in liquid–liquid extraction, 13–14
ozonation, 166
VOC separation, 12

commercial installations
for carbonation and deoxygenation, 19
central ultrapure water degasification system, 17
for liquid–liquid extraction, 20
membrane degasifier system, 17–18
for osmotic distillation, 19
semiconductor plant ultrapure water production process, 16
in water purification systems, 17–18

commercial installations of, 15
definition of, 1041–1042
designs

module, CO2 removal, 90–91, 97
parallel-flow and transverse-flow, 14
variation with baffle, 15

in gaseous stream treatment
advantages of, 1053
designing of, 1052–1053
performance of, 1047–1052
principles of, 1042–1047

mass transfer process in
mass transfer coefficients, 11
mass transfer resistance, 10–11

membranes used in, 8
principle of operation

capillary force, 8–9
liquid–gas interface, 9–10

rectangular, 15
supercritical fluid, 187

Membrane contactor technology, benefits of, 10
Membrane degasification, 17
Membrane distillation, 13, 867

plant effluent
chemical composition of waste in, 869
radiochemical composition of, 869

Membrane electrode assembly (MEA), in fuel cells,
760–761, 766

Membrane emulsification, 1138
advantages of, 165
application areas of, 166

Membrane engineering, 1131–1132
Membrane extraction with a sorbent interface

technique, 360
Membrane fabrication methods, 116–117
Membrane filtration

concentration polarization boundary layer, 194
constant flux mode, 195
module cost, 198
performance enhancement, Methods of, 197

Membrane flow channel equipped, schematics of, 210

Membrane fouling, 195, 504, 566, 1014–1015, 1074, 1105;
see also Membrane bioreactor

analytical strategies
bacterial cells passage, through membrane pores, 331
cell adhesion kinetics assessment, 331
concentration polarization measurement, 332
flux decline, models for, 332–333
fouling layer measurement, 331
gel-layer thickness variations, 333–334
membrane surface deposits, analysis of, 332
microbial adhesion, hydrodynamic studies on, 331
pore blockage and cake formation, 334

effect of spacers on permeate flux, 335
and gas separation processes, 338–339
humic acids fouling, 329–330
hydrodynamic methods, 197–198
inorganics, proteins, and colloids fouling, 330
in membrane separation of beer, 558–560
microbiological fouling, 327–329
minimization methods for

critical flux, control of, 336–337
hydrophilic membranes resistance, 336
membrane cleaning, by cleaning agents, 337
membrane surface modification, 336
pretreatment process, of feed water, 334–335
spacer thickness effects, 335

transition from reversible adsorption, to irreversible fouling, 330
Membrane gas separation

driving force of, 66
potential and limitations of, 66
recycled gas, system design, 91

Membrane materials, for gas separation, see Gas separation membranes
Membrane module

ceramic membrane
filtration mode, 153, 155
transmembrane pressure, 154

composite membranes, 117–118
in membrane distillation, 535–538
pervaporation, 118–119
role in chemical industry waste treatment, 823–824
selection of, 119

Membrane processes
flow channel spacers

net-type spacers, geometrical characteristics of, 203–206
tubular membrane, 206–210

limitations and enhancement
concentration polarization and fouling, 194–195
critical flux and sustainable flux, 195–197
methods to control, 197–198

membrane fouling, 195
pressure-driven, 195
pulsed flow

hydrodynamic characteristics of, 210–212
pulsatile flow-enhanced, 212–214
transmembrane pressure backshock technique, 214–215

secondary flow
Dean flow, characteristics of, 198–199
membrane performance, enhancement of, 199–201
Taylor flow, characteristics of, 201–202
Taylor flow, membrane filtration, 202–203

two-phase flows
gas–liquid mixture, 218–223
solid–liquid, by particle addition, 223–224

Membrane proton conductivity, and interaction with water, 774–776
Membrane(s), 195; see also Membrane applications; Membrane processes;

Membrane technologies; specific membranes
bioseperation, ultrafiltration in

bioseparation engineering in, 497–498

Pabby et al./Handbook of Membrane Separations 9549_C044 Final Proof page 1156 15.5.2008 11:06am Compositor Name: VBalamugundan

1156 Handbook of Membrane Separations



clarification and macromolecular fractionation in, 509–511
concentration process in, 504–505
desalting in, 505–509
membranes in, 499–502
ultrafiltration in, 498–499

cell technology, 938–939
classification of, 427–428
distillation, 513–514

air gap membrane distillation, 526–528
direct contact membrane distillation, 515–525
in food processing, 540–544
future perspectives of, 544
historical perspectives of, 514–515
membrane module for, 535–538
membranes in, 533–535
osmotic membrane distillation, 531–532
sweeping gas membrane distillation, 529–531
transmembrane flux enhancement in, 538–539
vaccum membrane distillation, 528–529

element types of, 500
extraction

apparatus for, 357–361
applications of, 361–362
liquid membrane extraction techniques, 349–350
membrane devices for sample preparation, 347–349
sample preparation and techniques of, 346–347
solid=polymeric membrane extraction techniques, 350
theory and principles of, 351–357

gas permeability measurements, 769–770
importance in industrial processes, 1071–1072
separation processes, 1102–1103

industrial applications, 4
Membrane separation systems, module design for, 387–393
Membrane technologies, 3, 409–410

and applications of
bioartificial organs, 1137–1139
catalytic membrane reactors (CMRs), 1135–1137
electronic devices, 1141–1142
membrane-based gas separation, 1134–1135
membrane contactors (MCs), 1142–1143
in nanotechnology, 1139–1141
seawater desalination, 1132–1134
in space and other planets, 1139

and desalination, 1132–1134
direct flow filtration, 410–411
tangential flow filtration, 411–415

Membrane transfer coefficient, 11
MEMS, see Microelectromechanical systems technology
MEO, see Mediated electrochemical oxidation
MESI technique, see Membrane extraction with a sorbent

interface technique
Metal affinity chromatography, applications of, 54
Metal ion removal, from wastewaters, 710–711
Metal ion transport, mechanism of, 888–889
Metallic pollutants treatment, membrane-assisted solvent extraction, 1023

emulsion pertraction processes, modeling, 1029–1036
future perspectives of, 1036–1037
nondispersive solvent extraction modeling, 1024–1029

Methyl-tert-butyl ether, 295, 299
Methyl tertiary-butyl ether, 1012
MF, see Microfiltration
MF ceramic Membralox membranes, in dairy industry, 663
MFGM, see Milk fat globule membrane
MHS, see Multimembrane hybrid systems
Microchemical systems, 309
Microcrystalline chitosan, 857
Microelectromechanical systems technology, 1141
Microfiltration, 844, 1102–1103, 1132

Microfiltration membrane
process in pulp and paper industry, 985–986
and radioactive waste treatment, 836

Micropollutant removal, membrane bioreactor in, 1011–1012
Microporous hollow fiber membrane

in membrane contactor, 8
Microporous membrane BOS, 673; see also Blood oxygenator
Microporous membrane liquid-liquid extraction, 350

mass transfer of, 354
Microporous membranes

single-gas transport through, 280–282
transport mechanisms in, 69

Microtechnologies, membranes in, 464
Milk fat globule membrane, 649
Milk microfiltrate WPI, 646
MIP, see Molecular imprinted network
Mixed liquor suspended solids, 996, 1008
Mixed matrix membranes

with CMS and nonporous nanoparticles, 84
with microporous filler, 83
molecular separation by, 83

Mixed office waste, 998
MLSS, see Mixed liquor suspended solids
3M membranes, 784, 786
MMLLE, see Microporous membrane liquid-liquid extraction
3M modules, 52
Molecular imprinted network, 462
Molecular imprinting technique,

principle of, 38
Molecular imprinting technique, principle of, 38
Molecular sieving

molecular size, 72
temperature effects on, 73

Molecular weight cut-off, 410, 636, 835; see also Nominal
molecular weight cut-off

Mono-2-ethylhexyl 2-ethylhexylphosphonate, 890
Monolithic molecularly imprinted polymers, preparation of, 38
Monolithic stationary phases, 27

preparation of, 35
organic polymer monoliths, 36–38
silica monoliths, 36

Monolith membrane elements, 141; see also Ceramic membranes
Mosaic Systems, 52
MOW, see Mixed office waste
MTBE, see Methyl-tert-butyl ether; Methyl tertiary-butyl ether
Multichannel ceramic membranes, 141
Multimembrane hybrid systems, 388–389
Multistage chromatography, 55
Municipal carbonaceous removal, membrane bioreactor in, 1009–1010
MWCO, see Molecular weight cut-off
MWPI, see Milk microfiltrate WPI

N
NaA zeolite membrane

etherification reactions, 299
optical fiber coated with, SEM images of, 311
pervaporation performance for, 292
synthesis on a-alumina tubular supports, 308
XRD spectra of, 272

Nafion 117 alum recovery, kinetic treatment, 968–969
Nafion membrane, 304–305, 762, 769, 772, 774, 777, 782, 794,

806, 810, 874, 963
Nafion 117 transport property, heterogeneity on, 972
Nanocomposites, separation efficiency, 83
Nanofiltration

applications of, 1110–1111
with ceramic membranes, 164–165
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commercial nanofiltration plant operations
cycle 1, 1118–1119
cycle 2, 1120
membrane cleaning and storage, 1120

coupling with SCF extraction, 185–186
definition, given by IUPAC, 1104
future research in, 1111–1112
history of, 1102
liquid radioactive waste treatment by, 854
membrane materials, 1106–1107
membrane modification, 1108–1110
membrane modules, 1107–1108
membrane process, in pulp and paper industry, 986
radioactive waste treatment by, 833
sodium thiocyanate extraction in acrylic

fiber industries(case study)
commercial nanofiltration plants, 1118–1120
concentration vs. conductivity analysis, 1115
economic estimation, 1122–1123
materials required, 1114
membrane cleaning and maintenance, 1115–1116
membranes and their preparation, 1114
nanofiltration procedure, 1115
performance analysis, of different membranes, 1116–1117
pilot-scale nanofiltration system, 1114
process description, 1112–1113
scope and objectives, 1113
simulation and design, 1120–1121

synthesis of membranes, 1107–1108
theory of, 1102–1103

Donnan effect, 1104
sieving effect, 1104

Nanofiltration membranes
commercial types and characteristics, 1107
polymers, chemical structures of, 1106

Nanoporous proton-conducting membranes, 810
Nanostructured materials and membrane

technology, 1139–1141
Nanotechnologies, membranes in, 464
Nanotube membranes, for bioseparations

amino acids separation, by apoenzymes, 702–704
antibody-functionalized membranes, for enantiomeric

separations, 698–699
DNA-functionalized nanotube membranes, for DNA

separations, 699–702
Nanotubes, template synthesis of, 694–695
NASA and membrane technology projects, 1139
Natural gas

dehydration using membranes, 101
sweetening, 96

Natural organic matter, 825, 946
NCN, see Noncasein nitrogen
NDM, see Nonfat dry milk
NDSX, see Nondispersive solvent extraction technology
NF, see Nanofiltration
NF membranes, surface modification of

for improving fouling resistance, 1109–1110
for improving performance, 1109

NMR, see Nuclear magnetic resonance
NMWCO, see Nominal molecular weight cut-off
N,N-di-n-butyloctanamide, 892
Noble gases separation, in radioactive waste, 875
NOM, see Natural organic matter
Nominal molecular weight cut-off, 504
Noncasein nitrogen, 645
Nondispersive solvent extraction, 939

modeling of, 1024–1029
Nondispersive solvent extraction technology, 1059–1060

Nonfat dry milk, 642
Nonporous membrane BOs, 673; see also Blood oxygenator
NP-PCMs, see Nanoporous proton-conducting membranes
Nuclear Energy Agency of the Organisation for

Economic Co-operation and Development, 873
Nuclear industry waste treatment, membrane application in, 824–825
Nuclear magnetic resonance technique, 332, 438
Nuclear technology, future of membrane processess in

application of, 873–875
liquid radioactive waste processing, 872–873

Nutrient removal, membrane bioreactor in, 1010–1011
Nylon membranes, 30

O
OCC, see Old corrugated containers
Octyl-phenyl acid phosphate, 896
Octyl(phenyl)-N,Ndiisobutylcarbamoylmethylphosphine oxide, 899, 900
OECD=NEA, see Nuclear Energy Agency of the Organisation for

Economic Co-operation and Development
OHLM, see Organic hybrid liquid membrane
Old corrugated containers, 998
OMD, see Osmotic membrane distillation
OPAP, see Octyl-phenyl acid phosphate
Optical sensors, 310–311
Ordered microporous structures, 278
Organic compounds=SC CO2 separation, 185
Organic dehydration, with zeolite membranes, 294
Organic hybrid liquid membrane, 372

applications of, 393–398
membrane usage in, 392–393
theory of, 372–374

Organic–organic separations, 129–131
azeotropic mixture, 128, 131
parameters influencing membrane polymer

selection in, 128
Organic polymer monoliths

preparation of, 36
polymethacrylate-based monoliths, 37–38
polystyrene-based monoliths, 37

Organics
dehydration of, 122–123

glycerin, 121
Poly(vinyl alcohol) for, 120

removal from aqueous phase
by hydrophobic membranes, 123–127
by liquid–liquid separator, 127

removal from water, 294–295
Organic separation, 295
Organosilicon polymers

effect of chemical structure of, 241
hydrocarbon=nitrogen permselectivity, 243
mass transfer properties of, 242
permeability coefficients, dependence of, 242

Organosilicon polymers, effect of chemical structure of, 241
Osmotic distillation, 13
Osmotic evaporation, see Osmotic distillation
Osmotic membrane distillation, 514–515, 531–532
Osmotic pressure, 1104
Osmotic swelling, see Swelling, in ELM systems
OTM, see Oxygen transport membrane
Oxygen-conductive membranes, 87–88
Oxygen-enriched air, 98
Oxygen-ion conducting membranes

membrane concepts for, 146
Oxygen separation and membrane technology, 1135
Oxygen transport membrane, 173
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P
PAA, see Polyacrylic acid
Packed beds, chromatographic column

diffusion process, 46
drawback of, 25
pressure drop and bed height, 25–26

Parallel-flow design, 14–15; see also Membrane contactors
Particle-loaded fiber module, 52–53
Particle-loaded membranes, 40

with embedded C8 hydrophobic adsorbents, 55
preparation of

in cast form, 38–39
disadvantages of, 39
phase inversion, 40

Passiflora edulis f. flavicarpa, 606
Passive transport, 109
PBI, see Poly(2,20-[mphenylene]-5,50-bibenzimidazole)
PCDCs, see Pressure-controlled delivery capsules
PDMS, see Poly(dimethyl)siloxane
PE, see Polyethylene
Peclet number, definition of, 48
PEHFSD, see Pseudo-emulsion based hollow

fiber strip dispersion
PEI, see Polyethyleneimine
PEMEAS (Celanese) membranes, 811–814
PEMFCs, see Polymer electrolyte membrane fuel cells
Penicillin acylase enzyme, 419
Perfluorinated membranes

application of, 938–939
mechanically reinforced

Aciplex membranes, 794–796
Flemion membranes, 789–794
Gore-Select membranes, 786–789

Perfluorinated polymers, 78
Perfluorinated sulfonic acid membranes, 776

commercial membranes, trade name, 776–777
DuPont nafion membranes, performance of, 777–780
Nafion PFSA membranes, 777
PFSA monomers and polymers, synthesis of, 780–782
properties of, 776
short side chain perfluorinated sulfonic acid

membranes, 782–786
Perfluorosulfonylfluoride ethyl propyl vinyl ether, 780–782
Perfusion chromatography, particles for, 26
Periodate oxidation, of polysaccharide supports, 42
PERMA membranes

PERMA-250, 1114, 1116–1117, 1120, 1123–1124
PERMA-400, 1114, 1116

Permeance, 68
Permeants, concentration polarization and permeation, 114–115
Permeation

concentration polarization and, 114–115
gas, 151
measurements, 273–274

Perovskite membranes, 1135
Pervaporation

applications of
aroma compounds, recovery of, 127–128
in biotechnology industry, 128
dehydration of organics, 120–123
effluent treatment, 123–127
organic–organic separations, 128–131

ideal membrane for
characteristics of, 116
methods to prepare, 117

mechanism, classification of, 109
potential applications and advantages, 108

problems in industrial use of
membrane fouling, 119
salt ingress, 120

PSCF model (see Preferential sorption-capillary flow model)
selectivity in, 115–116
solute tansport in

chemical potential gradient, 109
preferential sorption–capillary flow model, 109–110
solution diffusion model, 110–114

solution diffusion model (see Solution diffusion model)
turbulence rates, membrane surface, 115

PFR, see Plug flow reactor
PFSA, see Perfluorinated sulfonic acid
Pharmaceutical industry, membrane application in

direct flow filtration, 410–411
enzymes and antibiotics, 419–423
future prospects of, 425
ingredients of, 423–424
parenterals solution, 424
plasma fractionation, 415–419
tangential flow filtration, 411–415

Phase inversion, 29, 116
in membrane formation, 34
technique in NF membranes, 1107–1108
for UF and RO processes, 117

Phase separation process, 189–190
PHEMA, see Polyhydroxy 2-ethyl methacrylate
Phenol removal, from wastewaters, 710
3-phenyl-4-benzoyl-5-isoxazolone, 895
Phosphocaseinate, 643
Photomechanical wave drug delivery devices, 458;

see also Drug delivery, membranes in
PHWR, see Heavy water reactors moderator
PIM, see Polymer inclusion membranes
Plate and frame systems, 1107–1108
PLGA, see Poly(lacticacid-co-glycolic acid)
Plug flow reactor, 48
Plutonium, separation and extraction of, 940–941
PMMA, see Poly(methyl methacrylate)
PNIPAAm, see Poly(N-isopropylacrylamide)
Polishing loop degasification system, 17
Polyacrylamide gels

advantage in chromatographic processes, 31
synthesis of, 30

Polyacrylamide monoliths, preparation of, 37
Polyacrylic acid, 447, 857
Polyamides, 29–30
Polycarbonates

permeabilities and selectivities for, 70, 78
structures of characterized families of, 77

Polydimethylsilmethylene, hydrocarbon activity, 243
Poly(dimethyl)siloxane

for organics removal, 123–127
Polyetheretherketone (PEEK-WC) membranes, 1138
Polyetherurethane-urea membranes, 33
Polyethylene, 535

and polypropylene membranes, microporous
surface modification, 31

Polyethyleneimine, 836, 857–858
Poly(glycidyl methacrylate-co-ethylene

dimethacrylate), 38
Poly(GMA-co-EDMA)-based monoliths, 38
Polyhydroxy 2-ethyl methacrylate, 541
Polyimides

Matrimid, 79
permeabilities and selectivities of, 78
structures of characterized families of, 77

Poly(lacticacid-co-glycolic acid), 461
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Polymer electrolyte membrane fuel cells
design and working, 760–761
uses of, 761

Polymeric membranes
aminated, facilitated transport of CO2, 80
basic transport mechanism through, 75
block copolymers, 78–79
cardopolymers, 79
fixed-site carrier polymers, 79–80
flux and selectivity, 76
gas sorption isotherms for, 76
preparation by

phase separation process, 189–190
wet-phase inversion method, 189

selectivity and permeability, relationship between, 84
Tg of, 76

Polymer inclusion membranes, 904–907
in actinide separation, 904–907

Polymer membranes, with inorganic acid
impregnation, 810–814

Polymethacrylate-based monoliths, preparation of
poly(GMAco-EDMA) monoliths, 38
polymerization mixture, 37

Poly(methyl methacrylate), 429
Poly(2,20-[mphenylene]-5,50-bibenzimidazole), 810–811
Poly(N-isopropylacrylamide), 474
Polypropylene, 535
Polystyrene, 32
Polystyrene-based monoliths, preparation of, 37
Polysulfone and polyethersulfone, 32
Polytetrafluoroethylene, 535, 866

microporous composite membranes, 33
structure of, 32

Polyvinyl alcohol, 541
cross-linking with maleic anhydride, 120–121
for organics dehydration, 120

Polyvinyl alcohol-co-ethylene, 31
Polyvinyl chloride membranes, 33
Poly(vinylidenefluoride), 447, 535, 867
Polyvinylpyrolidone, 857
Polyvinyltrimethylsilane, 875
Porous support, zeolite membranes, 270–271, 306–307
Posttreatment processes, zeolite membranes, 277
PP, see Polypropylene
PPCN, see Phosphocaseinate
Preferential sorption-capillary flow model

forces acting on permeants, 109–110
limitiations of, 110

Pressure-controlled delivery capsules, 454
Pressurized heavy water reactors, 831
Pretreatment processes, zeolite membranes, 277
Procion Red HE-3B, 53–54
a–1–Protease inhibitor protein, 417
Protein immobilization

EVAL hollow fiber membranes for, 31
polymeric supports for, 43
reactions for, 44

PSCF model, see Preferential sorption-capillary flow model
PSEPVE, see Perfluorosulfonylfluoride ethyl

propyl vinyl ether
Pseudo-biospecific ligands, in membrane

chromatography, 44
Pseudo-emulsion based hollow fiber strip dispersion, 824

advantages of, 1058
application of

actinides extraction, 1065–1068
in metal separation, 1059–1065

working function of, 1058–1159

PTFE, see Polytetrafluoroethylene
Pulp and paper industry, 981–982

case studies of membrane application
with biological treatment, 995–998
in board, recycling paper mill and deinking,

998–999
in coating and MDF effluents treatment, 1000
freshwater treatment, 999–1000
in paper and pulp mill, 989–995

electrodialysis in, 1000–1001
future perspectives of membrane application, 1001
membrane modules and filters, importance in, 986–988
membrane processes in

microfiltration membranes in, 985–986
ultrafiltration and nanofiltration membranes in, 986

membrane separation features in
membrane properties, 983–984
solution and filtration properties, 984–985

Pulsed flow
pulsatile flow-enhanced

cake-resistance reduction, 213
collapse-tube pulsation generator, 214
mechanisms of, 212
pressure waveforms, 213

pulsatile flow, hydrodynamic characteristics of
plasma flux, flow deflector-equipped channel, 210
pulsed pressure gradient, 212
simulated waveforms, 211
between two points, 211

transmembrane pressure backshock technique, 214–215
PUREX process and radioactive waste treatment, 840
PV, see Pervaporation
PVA, see Polyvinyl alcohol
PVC membranes, 33
PVD, see Polyvinylpyrolidone
PVDF, see Poly(vinylidenefluoride)
PVTMS, see Polyvinyltrimethylsilane

R
Radiation-grafted membranes, 799–801
Radiation-initiated grafting, of polymer films, 118
Radioactive nuclear plant waste, membrane application in

electrodialysis in, 937–938
NDSX in separation and removal of actinides, 939–943
perfluorinated membrane in, 938–939
ultrafiltration and reverse osmosis, 933–936

Radioactive wastes
characteristics of, 861
MD distillation advantages for, 867
origin of, 920
sources and characteristics of, 828
treatment of

chemical, sorption and ion exchange, 829
complexation ultrafiltration, 834–836
diffusion and donnan dialysis, 838–839
electrodeionization, 838
electrodialysis, 836–838
evaporation, 828
liquid membranes, 839–840
membrane methods, 844–850
membrane processes, 829–831
microfiltration, 836
nanofiltration, 833
osmotic concentrator, 836
polymeric membranes, 840
precipitation ultrafiltration, 834
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RO, 831–833
ultrafiltration, 833–834
uranyl nitrate, production of, 840

Radioimmunoassay liquid waste treatment, 924–926
Radionuclides removal, in liquid radioactive waste

treatment, 858–860
Recovery, isolation, purification, and polishing scheme, 497
Residence time distribution, 49
Responsive hydrogel membranes, 476–478

in drugs delivery, 488–489
Reverse osmosis, in radioactive waste treatment

137Cs contaminated water, 927–928
125I liquid wastes treatment, 924–926
membrane performance, radiation influence, 920–923
radiological protection, 928–930

Reverse osmosis membranes, 185
Reverse osmosis pilot plant, for tannery effluents treatment, 1094

Osmonics reverse osmosis membrane, 1096–1098
Toray reverse osmosis membrane, 1096–1098

Reverse osmosis technology, 844, 1102–1103
and desalination, 1132–1134
in waste streams treatment, 934–937

RIA, see Radioimmunoassay
RIPP scheme, see Recovery, isolation, purification, and polishing scheme
RO, see Reverse osmosis
Robeson plot, 67
Rotating disc modules, 387
RTD, see Residence time distribution
RTD measurement, 50
Rubbery polymer membrane

hydrocarbon separation and removal from aqueous solutions
application of, 246–247
PTMSP, aging effects of, 247

hydrocarbon separation and removal from gas mixture
block copolymer plasticization, 244
organosilicon polymers, chemical composition effect of, 240–243
organosilicon polymers, chemical structure effect of, 241
organosilicon polymers, mass transfer properties of, 242
plasticization effects, 243–245
polytrimethylsilylpropyne, gas mixtures, 246
temperature dependence of, 245
thermal effect of, 245–246

S
Sabatier process, 1139
SBR, see Sequenced batch reactor
Scanning electron microscopy, 331–332
SC CO2, see Supercritical carbon dioxide
Schiff base formation reaction, 43
Schroeder’s paradox, 772
SDI, see Silt density index
Seawater desalination, membrane system for, 1133
Seawater reverse osmosis plant, 1134
Seawater treatment, by NF membranes, 1110
Secondary flow

Dean vortices
coiled helical tube, Dean flow, 199
Dean flow, characteristics of, 198–199
Dean generator test cell, configuration of, 200
enhancement of membrane performance, 199–201
permeation flux-time profiles for filtration, 200

Taylor flow
axial rotatory membrane module, 201
Characteristics of, 201–202
membrane filtration with, 202–203
rotation speed for filtration, 202

Selective surface flow
mechanism of, 71–72
selective adsorption, 72

Self-regulated delivery systems, 428–429; see also Drug delivery,
membranes in

SEM, see Scanning electron microscopy
Semiconductor plant ultrapure water production process, 16
Separation factor for gases, 68
Sequenced batch reactor, 998
SGMD, see Sweeping gas membrane distillation
Short interfering RNA and electroporation, 753
SHP, see Super high permeation
Sieving effect, in NF membranes, 1104
Silicalite-1 membranes

for catalyst retention, 306
hydrophilic acid-proof, 294
organic separations by, 295
preparation of, 310
SEM images of, 275–276
Si=Al ratio, 290

Silica monolithic supports, 33
preparation of, 36

Silica nanotubes
chemical and biochemical extractions by, 696–697
differential functionalization in, 695–696
in drug detoxification, 697

SIL-1 microcrystals
monolayer assembly of, 275
SEM analysis of, 276

Silt density index, 998
Simple-pass modules stage, 155–156
Simulated milk ultrafiltrate, 650
Simulated oxygenator, schematics of, 209
Single-cell electroporation, 755–756
Single-gas permeation experiments, 273
Single-gas permeation, on zeolite membranes

qualitative model of, 280
hydrocarbon permeance, 281–282
thermal effects, 281

quantitative model of, 282
siRNA, see Short interfering RNA
SLM, see Supported liquid membrane
SLMSD, see Supported liquid membrane with strip dispersion
Small volume parenteral, 424
SMUF, see Simulated milk ultrafiltrate
Sodium polyacrylate (NaPAA), 863
Solid-phase extraction, 346
Solid-phase microextraction, 346
Solid=polymeric membrane extraction techniques, 350
Solids retention time, 1008
Solute rejection, 1105
Solution-diffusion mechanism, 69

activated process, 71
thermodynamic parameter, 70

Solution diffusion model
assumptions in, 110
diffusion process

multicomponent, 113–114
single-component, 113
transport equation through membrane, 114

sorption process
in amorphous and cross-linked polymers, 112
concentration of component, 111
in semicrystalline polymer, 112–113
solubility, permeants, 110–111
sorption isotherms, 111–112

Sorption selectivity
definition of, 115
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SOTE, see Standard oxygen transfer efficiency
Soybean protein fraction fractionation, in food industry, 614–615;

see also Food industries, EDBM applications in
Soy protein in food industry, production of, 594–598; see also Food

industries, EDBM applications in
Soy tofu whey

and protein extraction in, 615–617 (see also Food industries, EDBM
applications in)

Space, membrane technology application in, 1139
Spacer molecule, 27

enzyme immobilization, 46
molecular interactions, 46

Space2Tex project, 1139
SPE, see Solid-phase extraction
Specific flux, 1105
Spiral-wound membrane

module design, 89
for natural gas sweetening, 96

Spiral wound module, 203, 1107–1108
SPME, see Solid-phase microextraction
SRT, see Solids retention time
Stacked column, visual representation of, 49
Standard oxygen transfer efficiency, 1012
Strip dispersion technique, 1057–1058
Strontium recovery, by strip dispersion technique, 1061–1062
STW, see Soy tofu whey
Submerged hollow fiber membrane system, 221
Sulfate and sulfite pulp mill effluents, membranes in, 990–992
Supercritical carbon dioxide

assisted ultrafiltration, 188
in membrane preparation, 188

inorganic membranes, 189
polymeric materials, 189–190

membrane reactor with, 186–187
and organic membranes, 182
properties of, 181
in supercritical extraction

of caffeine, 182–185
coupling with nanofiltration, 185–186
of essential oils and organic compounds, 185

transfer mechanisms in, 181
Supercritical fluid membrane contactors, 187
Supercritical fluids, 181; see also Supercritical carbon dioxide

membrane reactors with
free and fixed catalyst, 186
synthetic activity of, 187

Super high permeation, 874
Supported liquid membrane, 346, 894, 1024, 1057

in actinides separation, 839, 886, 894
acidic extractants, 895–897
basic extractants, 902–903
neutral donors, 897–902

analyte trapping in, 353–354
principles and chemistry of, 351–353

Supported liquid membrane with strip dispersion, 824, 1058
Surface water treatment, by NF membranes, 1110
SVP, see Small volume parenteral
Sweeping gas membrane distillation, 529–531
Swelling, in ELM systems, 721–722
SWM, see Spiral wound module
SWRO, see Seawater reverse osmosis
Synthetic hydrogels, synthesis of, 474
Synthetic membranes, phases of, 428

T
Tangential flow filtration, 411–415
TBP, see Tributyl phosphate

TCF, see Total chlorine free
TEM, see Track-etched membranes
Temperature polarization, 115
Tetrafluroroethylene, 535
Tetrahydrofuran, 294
TFE, see Tetrafluroroethylene
TFF, see Tangential flow filtration
2-Thenoyl trifluoroacetone, 895
Thermally accelerated short time evaporation, 514
Thermodynamic network analysis, 381
Thermomechanical pulp plant, 993
Thermostatic sweeping gas membrane distillation, 531
THF, see Tetrahydrofuran
Thiocarbamylation reactions, 43–44
THMFP, see Trihalomethane formation potential
TMP, see Thermomechanical pulp plant;

Transmembrane pressure
TNA, see Thermodynamic network analysis
TOA, see Tri-n-octyl amine
Total chlorine free, 992
Tracer impulse method, 50
Track-etched membranes, 904
Track etch membrane technology, 1139
Transfer coating, 118
Transglutaminase enzyme, 663
Transmembrane flux, 1104

enhancement, in membrane distillation, 538–540
Transmembrane pressure, 410, 500, 560–562, 1104

and flux profiles for, 195
Transport through membranes

concentration polarization and permeation, 114–115
PV process (see Pervaporation)

Transverse-flow design, 14–15; see also Membrane contactors
Triazine activation method

for polysaccharides, 42
schematic representation of, 41

Triazine dyes, 46
Triazine-linked dyes, 45
Tributyl phosphate, 839, 899
2,2,4-Trifluroro-5-trifluoromethoxy-1,3-dioxole, 535
Trihalomethane formation potential, 947
Tri-n-octyl amine, 394–395, 714, 892–893, 902
Tritium removal, in nuclear waste, 873–874
TSGMD, see Thermostatic sweeping gas membrane distillation
TTD, see 2,2,4-trifluroro-5-trifluoromethoxy-1,3-dioxole
Tubular membrane module, 500–501
Tubular module, 1107–1108
Two-phase flows

gas–liquid mixture
bubbling enhanced flux for, 220
bubbling with submerged membrane systems, 221–223
filtration with tubular membranes, 218
in tubular duct, 219
vibratory shear-enhanced process (VSEP) system, 221

solid–liquid, by particle addition
fiber diameter, effect of, 223
fluxes and the mass transfer coefficients, 223–224
tubular membrane, schematics of, 224

Two-step composite membrane process, 947

U
UF, see Ultrafiltration
UHT, see Ultra-high temperature-treated
Ultrafiltration, 1102–1103, 1132–1133

in liquid radioactive waste treatment, 854–857, 860–863
pilot plant experiments, 863–866
radionuclides removal, 858–860
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in protein bioseparation
bioseparation engineering in, 497–498
clarification and macromolecular fractionation

in, 509–511
concentration process in, 504–505
desalting in, 505–509
membranes in, 499–502
ultrafiltration in, 498–499

in pulp and paper industry, 986
in radioactive waste treatment, 833–834
SC CO2-assisted, 188
separation process, 498–499

theory of, 502–504
systems, functions of, 933–936
techniques of, 947

Ultra-high temperature-treated, 641
Ultrapure water degasification system, central, 17
Ultrasound membrane filtration systems, 226–227
Umbite, 307
Uniform transmembrane pressure, 645–647, 656
Uranium, separation and extraction of, 940–941
Uranous nitrate solution, usages of, 938–939
UTMP, see Uniform transmembrane pressure
U(VI) and Pu(IV) recovery, from oxalate supernatant

waste, 1067–1068

V
Vaccum membrane distillation, 528–529
Vapor transport

through ceramic membranes, 151–152
Variance, 50
Vibrating shear enhanced processing filter, 988
Vibratory shear-enhanced process, 216–217
VMD, see Vaccum membrane distillation
VOC, see Volatile organic compounds
Volatile organic compounds

recovery using membranes, 100
removal of dissolved, 12

Volume reduction factors, 828, 832, 938
Volume reduction ratio, 643
VRFs, see Volume reduction factors
VRR, see Volume reduction ratio
VSEP, see Vibrating shear enhanced processing filter;

Vibratory shear-enhanced process

W
Waste liquids treatment

air purification and hot gas filtration, 160
cross-flow filtration, 158–159
membrane bioreactor, 159–160

Waste streams, radionuclides removal in, 907
Wastewater treatment

membrane bioreactor in, 1007
advantages of, 1008, 1019–1020
mechanism of performance of, 1014–1018
membrane attached biofilms, 1018–1019
operating principle of, 1008–1009
performance of, 1009–1014

by NF membranes, 1110
Water purification, by ceramic membranes

electrostatically driven pollutants
electrodialysis, 1074–1076
electrofiltration, 1074–1075
electroremediation, 1077
electrosorption, 1076–1077

pollutants modification
electrochemical disinfection, 1074
electrochemical oxidation, 1072–1074
electrochemical reduction, 1074

Water purification systems
ceramic membranes for, 161
for drinking and domestic water, 160–161
electrically enhanced membrane processes for, 1072–1081
PTFE matrix use, 33
pulsed electric field (PEF) technology, 754
RO for, 577

Water removal in acid solutions
with zeolite MOR, 293
with zeolite T, 294

Water treatment residuals
DMP in coagulants recovery, 947–948

applications and modeling protocols of, 955–957
assumptions of, 953
concentration of, 949–950
conditions of Donnan equilibrium, 950–951
fundamentals of, 948–949
future perspective of, 977
importance of, 976–977
kinetics and transport equations of, 951–953
membrane structure in, 957–958
techniques in, 960–962

Wet-phase inversion method, 189
Wet process phosphoric acid, 891, 893
Whey protein concentrate, 617, 639
Whey protein isolate, 639
Whey protein separation, in food industry, 611–614;

see also Food industries, EDBM applications in
WPC, see Whey protein concentrate
WPI, see Whey protein isolate
WPPA, see Wet process phosphoric acid
WTR, see Water treatment residuals

Z
Zeolite A

for alcohol dehydration, 292–293
industrial solvents, dehydration of, 294, 309
Si=Al of, 290

Zeolite-based microreactor
fabrication approach, 310
and zeolite growth, 309

Zeolite-based microsensors
chemical microsensors, 310
dye-zeolite systems, 311
optical sensors, 310–311

Zeolite-based microseparators
methods for manufacturing, 310

Zeolite-coated IDCs, 311
Zeolite-membrane reactors

advantages of, 295
alternative supports and configurations for, 306

monoliths, 307–308
zeolite nanoparticles, 308

applications, 297
challenges for industrial, 308–309
conversion enhancement by catalyst poisons=inhibitors

removal, 300–301
conversion enhancement by product removal, 298–300
hydroisomerization of alkanes, 303
microchemical systems, 309–311
as reactant distributors, selectivity enhancement, 301
selectivity enhancement, 301–302
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catalytic (see Catalytic zeolite-membrane reactors)
cyclohexane, catalytic dehydrogenation of, 298

Zeolite membranes, 67
applications, gas separation, 283

competitive adsorption, 285–286
hydrogen separation, syngas production, 298
molecular sieving and preferential adsorption, 284–285

disadvantage of, 288
in esterification reactions, 299
experimental techniques to assess

permporometry, 273–274
SEM and SEM-EDX, 271–272
single-gas permeation experiments, 273
XPS and XRD, 272

gas separation mechanism, 278
conceptual schemes for, 279–280
multicomponent permeation, 282–283
single-gas permeation, 280–282
variables influencing, 279

membrane area, increasing, 277–278
pervaporation using, 286

alcohol dehydration, 291–293
aromatics separation, 288

diffusion, 289, 291
distribution of publications about, 288–289
factors influencing performance, 287
hydrophobicity and hydrophilicity, 290
organic dehydration, 294
organic separations, 295
removal of organics from water, 294–295
water removal in acid solutions, 293–294

quality enhancement, pre- and posttreatments
for, 277

reaction–product separation by, 298
supported NaA, XRD spectra of, 271–272
synthesis

commercial Parr autoclave, 271–272
ex situ hydrothermal growth

methods, 274–277
inside porous support, 270
in situ crystallization, 274
template removal, 271

Zeolite micromembranes, 309
Zeolite-related materials, 278
ZSM-5 coatings, 307
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Pretreatment Reverse
osmosis (RO)

Polishing
beds

Electro
deionization (EDI)

Total gas control and
final polishing of O2

O2 and CO2
removal to

recycle back
into loop

O2 removal
hybrid or

stand alone
system

UV

Final
filter

Point of
use

UV

RO tank
Vacuum tower

CO2 removal to improve
EDI performance

O2 removal and N2 control for
megasonic cleaning efficiency

TankReclaim
water

COLOR FIGURE 2.6 Part of semiconductor plant ultrapure water production process.

Contactors
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COLOR FIGURE 2.9 Polishing loop degasification system.
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1 additional contactor in polishing loop

System performance spec:
3 Parts per billion dissolved O2

COLOR FIGURE 2.10 Small-scale ultrapure water supply system.
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Contactors

System capacity: 308 gpm (70 m3/ h)

System design: 4 large contactors in series
System performance spec: <10 parts per billion dissolved O2

COLOR FIGURE 2.13 Boiler water degasification system using membrane contactors.

COLOR FIGURE 2.15 Membrane contactor for fruit juice concentration using membrane distillation process.
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Banks of
contactors

COLOR FIGURE 2.16 Membrane contactors for liquid–liquid extraction.
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Mg Ka1_2 Al Ka1

Cordierite MOR

COLOR FIGURE 10.4 EDX mapping of the cross section of a cordierite (Mg2Al4Si5O18) monolith coated with a mordenite layer
(Si=Al¼ 10).
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COLOR FIGURE 10.8 Schematic representation of a c-oriented MFI zeolite crystal.
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COLOR FIGURE 10.12 Transport mechanisms in porous materials.
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COLOR FIGURE 10.13 Experimental system for the calculation of single-gas permeances on zeolite tubular membranes.
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COLOR FIGURE 10.17 Schematic diagram of pervaporation.
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COLOR FIGURE 10.18 Steps involved in pervaporation: (1) adsorption, (2) diffusion, and (3) desorption.
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COLOR FIGURE 10.19 Distribution of publications about zeolite membranes in pervaporation during the last 10 years. (From ISI Web of
Knowledge. Web of Science.)
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Support

COLOR FIGURE 10.20 Transport through intercrystalline and intracrystalline pathways.
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COLOR FIGURE 10.21 Traditional applications of inorganic membrane reactors for (a) conversion enhancement by product removal, (b)
permeation of products and reaction coupling, and (c) selectivity enhancement by reactant distribution.
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COLOR FIGURE 10.22 Applications of catalytic membrane reactors as (a) contactors using opposing reactant mode, (b) interfacial
contactors for triphasic reactions, and (c) efficient gas–solid contactor using forced flow mode.
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COLOR FIGURE 10.23 Ethanol esterification with acetic acid: comparison performances of different reactor types.
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COLOR FIGURE 10.25 SnO2 sensors modified with zeolitic filters: (b) Front and back view of the as-received SnO2 sensors.
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COLOR FIGURE 10.26 ZSM-5=Anodisc membrane system used in the enantioselective asymmetric hydrolysis of racemic epoxides.
(Adapted from Choi, S.D. and Kim, G.J., Catal. Lett., 92, 35, 2004.)
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COLOR FIGURE 16.1 Displacement of ConA bound glycosylated insulin by free glucose.
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Insulin
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Insulin
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no glucose–gel
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Responsive phase—
glucose–sol state

Ultrafiltration membranes

COLOR FIGURE 16.5 Diagram showing the structural elements of a responsive sol=gel release system.

(a) (b)

(c) (d)

COLOR FIGURE 16.6 Mode of action of a glucose responsive hydrogel based on ligand–receptor interactions (bold lines denote covalent
links). (a) Gel porosity reduced by affinity cross-links that exclude large molecules, e.g., insulin (blue), (b) glucose (red) diffuses in and
competitively displaces affinity cross-links, (c) insulin is able to diffuse into the more highly porous gel, and (d) insulin diffuses through the
gel providing the concentration gradient and glucose concentration is maintained.
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COLOR FIGURE 21.37 Organic acid production in France. (From Eurodia Co.)

COLOR FIGURE 21.38 Acetic acid production in Germany. (From Eurodia Co.)
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(a) (b)

COLOR FIGURE 21.41 Electrodialysis stacks. (a) Aqualyzer EDC (conventional ED) and (b) aqualyzer EDBP (EDBMs). (From
Eurodia Co.)
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Liquid film

x = d

x = 0

Gas-phase inside
membrane

Liquid-phase
outside
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Bulk liquid
solution

Membrane wall

Oxygenated hemoglobin

COLOR FIGURE 23.11 Schematic representation of liquid film at the surface of a hollow fiber. (From Wickramasinghe, S.R. and Han, B.,
Chem. Eng. Res. Des., 83(A3), 256, 2005. With permission.)
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(A) (B) (C)

COLOR FIGURE 24.3 Photographs of vials containing nanotubes modified with two different fluorophores in two different solvent
medium. (A) Cyclohexane (upper) and water (lower) under UV light excitation after addition of 10 mg of nanotubes with dansylamide on
inner and C18 on outer surfaces, (B) quinineurethan on inner and no silane on outer surfaces, (C) 10 mg of both (A) and (B) nanotubes. 200 nm
diameter nanotubes were used. (From Mitchell, D.T., Lee, S.B., Trofin, L., Li, N., Nevanen, T.K., Söderlund, H., and Martin, C.R., J. Am.
Chem. Soc., 124, 11864, 2002. With permission.)
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COLOR FIGURE 24.5 Enantioseparations. (A) 3-Dimensional structures of the RS enantiomer (left) and the SR enantiomer (right) of the
drug FTB. The black, white, blue, red, and yellow balls are carbon, hydrogen, nitrogen, oxygen, and fluorine, respectively, and * denotes the
chiral centers. The geometry optimization was done by ab initio calculation with minimal basis set in HyperChem 6.03. The drug is in clinical
trials by Hormos Medical Corp., Turku, Finland. (From Lee, S.B., Mitchell, D.T., Trofin, L., Li, N., Nevanen, T.K., Söderlund, H., and
Martin, C.R., Science, 296, 2198, 2002. With permission.) (B) Chiral HPLC chromatograms for racemic mixtures of FTB before (I) and after
(II, III) extraction with 18 mg=mL of 200-nm Fab-containing nanotubes. Solutions were 5% dimethylsulfoxide in sodium phosphate buffer,
pH 8.5. (From Mitchell, D.T., Lee, S.B., Trofin, L., Li, N., Nevanen, T.K., Söderlund, H., and Martin, C.R., J. Am. Chem. Soc., 124, 11864,
2002. With permission.)
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COLOR FIGURE 24.13 (A) I–V curves for nanotubes with mouth diameter 40 nm containing no DNA (black) and attached 12-mer (blue),
15-mer (red), 30-mer (green), and 45-mer (orange) DNAs. (B,C) Schematics showing electrode polarity and DNA chain positions for on (B)
and off (C) states. (From Harrell, C.C., Kohli, P., Siwy, Z., and Martin, C.R., J. Am. Chem. Soc., 126, 15646, 2004. With permission.)
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COLOR FIGURE 27.4 Conductivity of different membranes as a function of humidity. Requirements for an advanced membrane. (Data
from Alberti, G. et al. Solid State Ionics, 145, 249, 2001; Ma, Y.L., Wainright, J.S., Litt, M.H., and Savinell, R.F., J. Electrochem. Soc., 151,
A8, 2004; Wainright, J.S., Litt, M.H., and Savinell, R.F., in W. Vielstich, H.A. Gasteiger, and A. Lamm (Eds.), Handbook of Fuel Cells:
Fundamentals, Technology and Applications, J. Wiley & Sons, Chichester, 2003.)
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COLOR FIGURE 27.9 Performance of the Gore 58 series in completely dry conditions. (From W.L. Gore & Associates, Elkton, Maryland.)
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COLOR FIGURE 27.11 H2 permeability as a function of temperature and RH. Upper limit (solid line) defined by crossover losses
(assuming no contribution from O2 crossover), lower limit (dotted line) defined by electrode ionomer film-transport requirements, and data are
for wet and dry Nafion 1100 EW-based membranes. (Reproduced from Gasteiger, H.A. and Mathias, M.F., in Proceedings of the Symposium
on Proton Conducting Membrane Fuel Cells III, 2003. The Electrochemical Society of America. With permission from The Electrochemical
Society, Inc.)
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COLOR FIGURE 27.13 O2 permeability as a function of temperature measured using an electrochemical method (microelectrodes, EC)
and a gas permeation (gas analysis, GA) method. Permeability calculated for a partial pressure gradient of 100 kPa. (From Vielstich, W.,
Gasteiger, H.A., and Lamm, A. (Eds), Handbook of Fuel Cells: Fundamentals, Technology and Applications, J. Wiley & Sons, Chichester,
2003; Masten, D.A. and Bosco, A.D., in Vielstich, W., Gasteiger, H.A., and Lamm, A. (Eds.), Handbook of Fuel Cells: Fundamentals,
Technology and Applications, J. Wiley & Sons, Chichester, 2003; Gasteiger, H.A. and Mathias, M.F., in Proceedings of the Symposium on
Proton Conducting Membrane Fuel Cells III, The Electrochemical Society of America, 2003; Gasteiger, H.A., Panels, J.E., and Yan, S.G.,
J. Power Sources, 127, 162, 2004; Alberti, G., Casciola, M., Massinelli, L., and Bauer, B., J. Membr. Sci., 185, 73, 2001; Ma, Y.L.,
Wainright, J.S., Litt, M.H., and Savinell, R.F., J. Electrochem. Soc., 151, A8, 2004; Watanabe, M., Satoh, Y., and Shimura, C.,
J. Electrochem. Soc., 140, 3190, 1993; Ge, S.H., Li, X.G., and Hsing, I.M., J. Electrochem. Soc., 151, B523, 2004; Ge, S.H., Li, X.G.,
and Hsing, I.M., Electrochim. Acta, 50, 1909, 2005.)
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(ZSW measurements: Internal publication).
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Cell temperature 70�C
Hydrogen: 1.2X, 100% RH, 0 psig

Air: 2.0X, 100% RH, 0 psig

Ongoing test

COLOR FIGURE 27.39 PRIMEA Series 56 MEA validation life test. Hydrogen fuel—high current density (800 mA cm�2).
(From W.L. Gore & Associates, Elkton, Maryland.)
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COLOR FIGURE 27.40 PRIMEA Series 57 low-loading MEA. (From W.L. Gore & Associates, Elkton, Maryland.)
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COLOR FIGURE 27.44 Pictorial depiction of the development activities of Asahi Glass. (From Yamada, K. et al. Abstracts of the 2003
Fuel Cell Seminar. 2003.)
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COLOR FIGURE 27.46 Oxygen and hydrogen permeabilities of Flemion membranes in comparison with Nafion membranes. (From
Pasaogullari, U. and Wang, C.Y., Electrochim. Acta 49, 4359, 2004; Stonehart, P., Berichte der Bunsengesellschaft fur Physikalische Chemie
94, 913, 1990.)
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COLOR FIGURE 27.72 Celtec P MEA, active cell area: 45 cm2, air:l¼ 2; 0 bar, H2:l¼ 1.2; 0 bar, humidification: none. (From
Celanese AG, www.celanese.com.)
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COLOR FIGURE 30.4 Three-stage RO plant for radioactive waste processing at Institute of Atomic Energy in Swierk.

COLOR FIGURE 35.3 Principle of the CR filter. (From Kreutzman, E. and Sutela, T., Ippta J., p. 15, 2004; Courtesy of Metso Paper. With
permission.)
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(a) (b)

COLOR FIGURE 36.2 The MEMBRIGHT process from Brightwater Engineering (United Kingdom) showing (a) a typical plant and (b)
the membrane module.
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